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A B S T R A C T

The earlier proposed two-step process, consisting of hydrogenation followed by hydrothermal gasification, for
the conversion of carbohydrates is further developed by increasing its productivity, through the use of Pt and Ru
catalysts in series. Aqueous sucrose is used as a model system to represent carbohydrate-rich waste water
streams. In the first step, stabilisation, sucrose in a mass fraction of 10% in water is treated in a 45 cm3 batch
autoclave reactor with H2 and is fully converted to sorbitol and mannitol at 413 K using a Ru catalyst with a 5%
metal loading on a carbon support. A pseudo-first order kinetic model is developed and parameterised to support
process development. In the second step, the stabilised mixture is gasified at 573 K using Pt and Ru catalysts with
mass fractions of 5% on γ-Al2O3 and carbon supports respectively. The novel sequential combination of these
two catalysts for gasification provides high H2 yields as well as high carbon to gas conversion (XCG). The carbon
based weight hour space velocity (WHSVc) is increased from ca. 0.04 h−1 in previous work to 1 h−1 in this work.
An energy balance shows that the ratio of the useable energy to the energy import, also termed ‘Energy Return
On Energy Investment’ (EROEI) is ca. 5. This process provides an opportunity to simultaneously obtain clean
water (TOC∼ 4.7 gm−3) and produce valuable fuels (H2 and CH4) from carbohydrate-rich waste streams such
as wastewaters from potato processing, fruit and vegetable processing industries.

1. Introduction

Hydrothermal conversion of biomass streams has attracted con-
siderable attention in the past few decades as a possible route for
production of energy and chemicals [1–3]. One route of conversion is
hydrothermal gasification, in which biomass reacts with water to pro-
duce gaseous products. Depending on the temperature range, processes
are divided into three main types: supercritical water gasification
(SCWG), near critical gasification and low temperature aqueous phase
reforming (APR). While the hydrothermal gasification of numerous wet
biomasses has successfully been achieved [4], an issue with the gasi-
fication of sugars derived from biomass at sub-critical temperatures is
the production of coke, which leads to lower gas yields [5,6]. In the
two-step process, this problem is circumvented by utilising a pre-
treatment step prior to gasification in order to stabilise the sugars,
making them less prone to form coke and char. This process of stabi-
lisation has been widely studied in the upgrading of pyrolysis oil in
which lower temperatures were found to favour hydro-treating reac-
tions over polymerisation reactions [7,8]. Stabilisation prior to gasifi-
cation would be useful especially in the treatment of aqueous carbo-
hydrate streams derived from agricultural and food residues. Such
wastewater streams are present in several industries, such as fruit

processing industries, with COD values of 1–20 kgm−3 and 75% of the
organic fraction being composed of sugars and hemicelluloses [9], po-
tato processing wastes, with COD values of 6–8 kgm−3 majorly re-
presented by carbohydrates [10,11], fruit juice wastewaters, with COD
values of 5–21 kgm−3 [12,13] etc.

The two-step approach was first introduced by Davda and Dumesic
[14]. They reported the gasification of glucose and sorbitol solutions
with a mass fraction of 10% at 393 K in a hydrogenation reactor fol-
lowed by a reforming reactor using a Pt–Al2O3 nanofibre catalyst at
538 K. For both cases of sorbitol and glucose feeds, similar H2 yields
(YH2) of 6.5 and 5.8 mol mol−1 and similar carbon to gas conversions
(XCG) of 100% and 93% respectively were obtained. The used WHSVc

was very low (0.036 h−1). Although no further publications on the two-
step process for gas production are present since the work of Davda
et al., this is part of a patented technology called BioForming® by
Virent, Inc for the conversion of sugars, starches and carbohydrates into
liquid fuels [15].

The main goal of this work is to further develop and evaluate the
two-step approach in order to assess its feasibility on an industrial scale.
With respect to stabilisation, the objective is to describe and para-
meterise the one-pot kinetics of sucrose stabilisation. This is the subject
of the first section of the paper. In the gasification step, the main
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objective is to increase the productivity of both H2 production and
carbon to gas conversion in order to make the process attractive for
industrial scale application. In addition to increasing the temperature of
operation, the utilisation of reforming catalysts Pt, Ru, and a sequential
combination of Pt and Ru is investigated for increased productivity.
While the physical mixture of Pt and Ru catalysts has been studied
previously [16], it suffers from low H2 productivity (2.9 mol kg−1 h−1).
It is proposed here that a spatial separation between a reforming cat-
alyst selective for H2 production (Pt) and a catalyst that is selective for
CH4 production (Ru) could enable the optimisation of H2 productivity
at high carbon to gas conversions. This is the focus of the second section
of the paper. The third section of the paper assesses the process for
industrial scale implementation by providing an analysis in terms of
mass and energy balances.

2. Literature

2.1. Stabilisation

Stabilisation is a complex hydrotreating step that involves hydro-
lysis, hydrogenation and hydrogenolysis reactions. During stabilisation
of sugars, in the presence of hydrogen and a suitable catalyst, hydro-
genation and hydrogenolysis reactions occur that produce sugar alco-
hols. Mechanistic studies on both hydrogenation of sugars to sugar al-
cohols and polyol hydrogenolysis [17–19] are extensive in previous
work. Sugar hydrogenation involves the addition of hydrogen to the
hemiacetal or hemiketal in the ring of the sugar molecule, and proceeds
at mild conditions (80–120 °C) in the presence of a catalyst. Extensive
parameterisation studies using kinetic data are available on the hy-
drogenation of C5 and C6 sugars, such as xylose, glucose and fructose
over Ru [20–23], Ni [24–28] and Rh [29] catalysts. Polyol hydro-
genolysis typically requires more severe conditions than hydrogenation,
and involves hydrogen enabled C–C and C–O cleavage reactions,
breaking larger polyols to smaller polyols. Reaction mechanisms in-
volved in the hydrogenolysis of glycerol and sorbitol to glycols has been
proposed based on studies at temperatures of 160–260 °C using Ni, Cu
and Ru catalysts [30].

Fewer mechanistic studies [31–33] on the one-pot hydrolytic hy-
drogenation of polysaccharides are present. Studies with poly-
saccharides such as starch and cellulose suggest a step-wise process
involving hydrolysis to glucose prior to catalytic hydrogenation to
sorbitol, or hydrogenolysis to smaller polyols depending on the targeted
liquid product [30].

Sucrose is selected as a model compound representing carbohy-
drates in fruit and vegetable processing wastewaters. Under hydrogen
pressure and in the presence of a hydrogenation catalyst, sucrose un-
dergoes hydrolysis followed by hydrogenation to produce sorbitol and
mannitol, as illustrated in Fig. 1(a). The parameterisation of reaction
kinetics of combined hydrolysis and hydrogenation of sucrose in hot
compressed water over Ru and Ni based catalysts has only been re-
ported by a few authors [34–36]. To the authors knowledge, there is no
temperature dependent kinetic model for the one-pot stabilisation
process. Castoldi et al. [35] developed autocatalytic kinetic models to
describe the formation of sorbitol and mannitol from mixtures of glu-
cose and fructose using Ru–Al2O3 and Raney-Ni catalysts at 403 K.
Barbosa et al. [36] studied sucrose hydrogenation at 408 K using
modified Ru catalysts. They described the kinetics using a pseudo-first
order model. However, no indication of the influence of H2 pressure on
the reaction rates was investigated. Maranhã et al. [34] described the
kinetics of sugar hydrogenation at 413 K using a Ni catalyst with a
metal loading of 14.75% on a carbon support. Complete conversion of
sucrose was not achieved under the studied operating conditions.

2.2. Gasification

Aqueous phase reforming of polyols derived from biomass sugars

has been extensively studied [37–40]. Under APR conditions, H2 is
primarily produced via a reforming reaction. Various other reactions
occur including dehydration and subsequent hydrogenation, producing
alkanes, as well as decarbonylation/decarboxylation and hydro-
genolysis reactions that producing smaller alkanes. With respect to
sorbitol, over 80 intermediates in the liquid phase were identified
[41,42], which can potentially undergo further reforming and gasifi-
cation to produce H2, CO2 and C1–C6+ alkanes. The development of the
first temperature-dependent path-lumped kinetic and mass transfer
model to describe the conversion of sorbitol to H2, CO2 and alkanes is
described in our previous work [43].

One of the main challenges at APR conditions is the low H2 pro-
ductivity and carbon to gas conversion obtained due to the low tem-
peratures used (473–553 K). Davda et al. conducted experiments of
sorbitol at mass fractions of 10% in Milli-Q water and achieved a
maximum H2 productivity of 3.25mmol kg−1 h−1 at complete carbon
to gas conversions at 538 K over a Pt on nanofiber Al2O3 catalyst at a
mass fraction of 3%. In order to develop the process for industrial scale,
higher H2 productivities are required (see Section 5).

The utilisation of bimetallic catalysts containing Pt and Ru has been
studied quite extensively in the field of APR [16,44,45]. Although such
catalysts have been found to improve reactivity and reaction rates, this
comes at the cost of reduced H2 production due to its consumption in
the formation of methane [16]. Studies on improving the H2 yield using
a microchannel reactor or N2 as a stripping agent have shown that it is
possible to achieve higher yields of H2 by stripping it out of the reactor
before it can be consumed in side reactions [43,46]. By combining this
with the use of a bi-metallic Pt–Ru catalyst, a higher reactivity and a
neutral effect in terms of H2 production were obtained [46]. Physical
mixtures of Pt and Ru, at 5% metal loading on carbon supports and in a
mass ratio of 1:5 were used for the complete conversion of sorbitol at
220 °C. A mass fraction of 1% sorbitol in water was used as feed. 100%
carbon to gas conversion was achieved at a WHSVc of 0.16 h−1, with H2

and CH4 productivities being 2.9 and 5.9mol kg−1 h−1 respectively
[16].

With respect to catalyst development, studies on a tin promoted
Raney-Ni catalyst were found to show comparable performance to Pt
for the production of H2 from sugar alcohols [47].

In this work, the complete gasification of polyols derived from the
stabilisation of sucrose is studied by utilising a sequential combination
of Pt and Ru catalysts at higher WHSV. While it is known that both Pt
and Ru are expensive catalysts, the focus of this work was to use ex-
isting commercially available catalysts in the development of a process
for the hydrothermal gasification of sugars. With respect to the stability
of the supports, while carbon supports are stable under hydrothermal
conditions [4], γ-Al2O3 degrades to boehmite (AlOOH) with a drastic
reduction in surface area [48]. However, the use of γ-Al2O3 as a support
for the Pt was necessary in order to quantify the coke deposited on the
catalyst during the direct gasification of sucrose. Further improvements
in catalyst affordability and stability under hydrothermal conditions is
necessary in order to consider the long-term application of catalysts for
hydrothermal processes.

3. Experimental section

3.1. Experimental setup

Both stabilisation and gasification experiments were conducted in a
45 cm3 autoclave reactor (L= 12 cm, ID=2.2 cm) made of Inconel
alloy. The setup is shown in Fig. 2. The (exchangeable) reactor was
equipped with two orifices, one for a thermocouple and the other to
connect a pressure indicator and a gate valve. A thermocouple was
placed at the bottom of the reactor and was used to measure the tem-
perature of the liquid inside. For pressure measurement, a pressure
sensor was placed on the gas line at the top of the reactor.

The pressure and the temperature of the reactor were recorded
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during the run. A pneumatic arm was used to immerse and raise the
reactor from a hot fluidized sand bed, move the reactor and quench it in
a cooling water bath. The sand bed was heated by an electric oven (with
preheated fluidization gas). The set-up was equipped with a cylinder
piston that enables the reactor to be moved from the sand bed to the
water bath and vice versa. The autoclave was operated with a hollow
shaft mechanical stirrer (impeller diameter= 1.2 cm). For safety rea-
sons, the setup was placed in a high pressure box with controls located
outside the box so that experiments were carried out in a safe manner.

3.2. Experimental procedure

Stabilisation experiments were conducted using a Ru catalyst with a
5% metal loading on a carbon support, obtained from Sigma-Aldrich.
Sucrose, obtained from Sigma-Aldrich, at a mass fraction in Milli-Q
water of 10% was used as a feedstock. A temperature range of
373–413 K, residence times between 15 and 180min, catalyst mass of
20–100mg, inlet H2 pressures of 1–12MPa at room temperature, and
stirring frequencies of 0–32 s−1 were considered. Preceding a

Fig. 1. (a) Reaction scheme for sucrose stabilisation [36] (b) Simplified scheme for kinetic model.

Fig. 2. Scheme of the experimental setup.
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stabilisation test, the reactor was purged with N2. This created an inert
environment for reaction and pressurised N2 was also used to ensure
that there were no gas leaks through the fittings. The reactor was then
purged with H2 before a suitable pressure was applied prior to reaction.
With respect to the influence of the heating rate on stabilisation ki-
netics, the reactor temperature reaches 90–95% of its set point value
within 5min, at a heating rate of ca. 24 Kmin−1, as illustrated in Figure
A.1 in Appendix A. It is assumed that this initial heating rate has a
negligible effect on the reaction rate, considering that the data obtained
for varying residence times proceeded from 15min onwards.

Gasification experiments were conducted using Pt and Ru catalysts,
with metal loadings of 5% on γ-Al2O3 and carbon supports respectively,
obtained from Sigma-Aldrich. γ-Al2O3 was used as a support in order to
quantify the coke deposition on the catalyst during gasification of su-
crose. Gasification experiments were conducted at 573 K at varying
residence times (15–180min) using a 0.3 g of catalyst. Prior to a gasi-
fication catalytic test, the reactor was purged with N2 and an initial
pressure of 0.3 MPa N2 was used. Following the experiment, gas pro-
ducts were collected and analysed. Since N2 did not participate in the
reaction, a N2 balance was considered by calculating the total moles of
N2 before and after the gasification test. A N2 balance closure of> 95%
ensured that no gas leaks took place during the experiments.

3.3. Analysis

3.3.1. Stabilisation
Mass balances were closed using weighing scales (KERN DS

8K0.05). Concentrations of liquid products obtained from stabilisation
tests were measured using High Pressure Liquid Chromatography
(Agilent 1200 series HPLC system equipped with Agilent Hi-Plex Pb
column (300× 7.7mm) and Agilent 1200 series refractive index de-
tector) with an error margin of 2%. Carbon balance closures were found
to be> 97% for all stabilisation experiments.

3.3.2. Gasification
Gas products were collected in a 2 dm3 glass U-tube manometer

using a 75% saturated acidified NaCl solution (pH 2) as a barrier so-
lution [49]. Gas compositions were measured using a Rapid Refinery
Gas Analyser (Varian), with an error margin of 2% in the volume
fraction of gas products. The RGA consists of three channels. Channel 1
is used for the separation and detection of H2 using Hayesep Q 80 and
Molsieve 5A 80 columns. The column is equipped with a thermal
conductivity detector (TCD) using N2 as carrier gas. Channel 2 is used
for the separation and detection of permanent gases (CO2, CO, O2 and
N2) using Hayesep Q 80, Hayesep N 80 and Molsieve 13× 80. It is
equipped with a TCD detector using Helium as carrier gas. Channel 3 is
used for the separation and detection of gaseous hydrocarbons using
Cp-sil5 CB and Select Al2O3-MAPD. The column is equipped with a
flame ionisation detector (FID) and uses Helium as carrier gas.

Mass balances were closed using weighing scales (KERN DS 8K0.05)
and using the U-tube manometer for the total volume of gas produced.

Carbon balances were closed by using a Flash 2000 Elemental
Analyser. The elemental analyser reproduces results with an error
margin of 1–2% in carbon mass fraction. The elemental analyser was
used for the determination of carbon content of the liquid product as
well as the spent Pt–Al2O3 catalyst. The amount of coke deposited on
the Ru–C catalyst was determined by the difference in weight of the
(dried) catalyst before and after the experiments. Carbon in the gas
phase was calculated from the composition of the product gas stream
obtained from RGA analysis. Carbon balance closures were found to
be> 90% for all the gasification experiments considered.

3.4. Calculations

Error bars represent the standard deviation of the mean at 95%
confidence levels. Triple measurements for the stabilisation

experiments at a temperature of 413 K and a residence time of 15min
were used to represent the errors of the whole population at all tem-
peratures and residence times. Further information can be found in
Appendix A-3.

For gasification of polyols, quadruple measurements for the ex-
periments conducted using Pt–Al2O3 at a temperature of 573 K and a
residence time of 60min (Run # 1) were used to represent the errors of
the whole population at all temperatures and residence times. For ga-
sification of sucrose, duplicate measurements were conducted with
both Pt and Ru catalysts (Run # 7 and 9) and used to represent errors of
all sucrose gasification experiments. Experimental data and associated
errors are tabulated in Table 4.

The following equations were used for the calculation of feed con-
version, selectivity, carbon to gas conversion, product carbon yield, H2

yield, and WHSV. For experiments using Pt–Ru in series, only the
carbon content of the intermediate species is known. Therefore, the
WHSV in this work is calculated in terms of the mass of carbon in the
feed, rather than in terms of the total mass of feed, and is referred to as
WHSVc.
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4. Results

4.1. Stabilisation of sucrose

4.1.1. Mass transfer and H2 concentration effects
Prior to kinetic measurements, it was ensured that mass transfer

limitations could be excluded in order to obtain intrinsic kinetic data.
Details of this analysis can be found in Appendix A-4. The absence of
gas-liquid mass transfer was confirmed by varying the agitation speed
of the stirrer until invariance in the conversion was achieved, as well as
by the found linear dependency of the reaction rate on the catalyst
loading. A stirrer frequency of 20 s−1 and a catalyst mass of 0.1 g were
considered for kinetic experiments. In addition to the experimental
observations on the absence of gas-liquid mass transfer limitations,
common theoretical criteria were checked to ensure the absence of li-
quid-solid and intra-particle mass transfer limitations. This evaluation
also showed that mass transfer limitations were absent.

With respect to the effect of H2 concentration, the difference in H2

pressure (at room temperature) before and after the experiment at
maximum conversion (conducted at 413 K and a residence time of
60min) was 1MPa. It was found that a H2 pressure larger than 4MPa
resulted in a constant polyol production rate. Experiments aiming at
parameterizing a pseudo-first order kinetic model (first order in su-
crose) were therefore performed at a H2 pressure of 10MPa.

Fig. 3 illustrates the degradation of sucrose with varying residence
times and temperatures. As depicted, the maximum conversion
achieved at 373 K and 180min was 12%, whereas complete conversion
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is achieved within 15min at 413 K. It can be inferred from this data that
the hydrolysis of sucrose has a high activation energy.

4.1.2. Kinetic model
Within the experimental conditions considered in this study, negli-

gible quantities of glucose and fructose were detected. This showed that
the hydrolysis of sucrose was the rate limiting step of stabilisation,
while the hydrogenation of glucose and fructose occurred much more
rapidly. From experimental observation, it was shown that the se-
lectivity towards mannitol production was unaffected by residence
time, and was found to mildly increase with increasing temperatures
(Refer Figure A.4 in Appendix A-6 for selectivity data). Based on these
observations the reaction path scheme was simplified as shown in
Fig. 1(b). Under the experimental conditions considered in this work,
sorbitol is produced by both glucose and fructose, while mannitol is
exclusively produced by fructose. Therefore, the production of sorbitol
and mannitol do not follow a 1:1 M ratio. In order to account for the
deviation in the 1:1 M ratio, α is introduced. For sorbitol, (1 + α) re-
presents the total moles produced, while for mannitol, this is re-
presented by (1 – α). α and kSu were fitted for data from each tem-
perature set. Table 1 lists the equations used.

Table 2 presents the calculated parameters along with 95% con-
fidence intervals and correlation coefficients.

Fig. 4 illustrates the effect of varying residence time on the con-
centration of feed and final products. The model provides a very good
fit to the data. As can be seen, at 413 K, complete conversion of sucrose
is obtained in 60min with> 99% selectivity towards the desired pro-
ducts.

Fig. 5(a) displays a parity plot of experimental and model fitted
yields of sucrose, sorbitol and mannitol at all temperatures. The legend
indicates the product yields (Sucrose (Su), Sorbitol (Sb) and Mannitol
(Mn) as well as the reaction temperatures. Fig. 5(b) shows the Ar-
rhenius plot of the rate constant kSu, fitted per reaction temperature.
The activation energy calculated is 149 kJmol−1, higher than the value
of 110 kJmol−1 obtained in studies by Tombari et al. in which enthalpy

and heat capacity were measured during the HCl catalysed hydrolysis of
sucrose [50].

The value of α provides insight into the selectivity towards the
polyols. What can also be seen is that with an increase in temperature,
the selectivity towards mannitol production increases by 20% under the
range of temperatures considered. This observation is consistent with
previous work in which glucose and fructose mixtures were hydro-
genated under similar operating conditions [29].

The calculated value of 4.7 h−1 (46.8 g−1 h−1 times 0.1 g catalyst)
for the first order rate constant kSu at 413 K is five times higher than the
rate constant of 1 h−1 determined by Barbosa et al. at 408 K using Ru
on a zeolite support [36], and three times higher than the value of 1.5
h−1 determined by Maranhã et al. at 413 K using a Ni–C catalyst [34]. A
comparison of the experimental procedures revealed that the kinetics in
these studies were conducted using H2 pressures of 1.2 and 2.4MPa
respectively. While the model developed by Barbosa et al. was also a
pseudo-first order kinetic model, no verification of the effect of varying
H2 pressures on the kinetics was conducted. This could be a reason for
the slower kinetics. The model developed by Maranhã et al. was based
on kinetics over a Nickel catalyst. Although Ni has a lower reactivity
towards C–C cleavage reactions than Ru does, Ni was selected for ex-
periments for economic reasons.

Fig. 3. Experimental data points and model fitted curves for the temperature
effect on the degradation of sucrose. Experiments conducted using an initial
mass fraction of sucrose in Milli-Q water of 10%, 0.1 g of Ru–C and an initial H2

pressure of 10MPa at room temperature. Corresponding WHSVc's range from
2.8 to 33.7 h−1.

Table 1
Modelling equations for reaction system presented in Fig. 1.

System of equations = −m k C. .dCSu
dt cat Su Su = +m α k C(1 ). .dCSb

dt cat Su Su = −m α k C(1 ). .dCMn
dt cat Su Su

Initial conditions = = =C C C, 0, 0Su
mSu
Vf

Sb Mn

Table 2
Fitted parameters with 95% confidence intervals.

T kSu α Correlation

K g−1 h−1

373 0.43 ± 0.04 0.53 ± 0.01 −0.4
393 5.8 ± 0.7 0.51 ± 0.01 −0.4
413 46.8 ± 3.6 0.47 ± 0.02 −0.3
Ea (kJ mol−1) 149 ± 6

Fig. 4. Experimental data points and modelled curves for the concentration of
feed and products at varying residence times. Experiments conducted at 413 K
using an initial mass fraction of sucrose in Milli-Q water of 10%, 0.1 g Ru–C and
an initial H2 pressure of 10MPa at room temperature. Corresponding WHSVc's
vary from 8.4 to 33.7 h−1.
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4.2. Gasification

4.2.1. Unstabilised vs stabilised feed
The validity and justification of the two-step process was tested by

comparing the direct gasification of sucrose to the gasification of
polyols derived from the stabilisation of sucrose. Fig. 6 depicts the
carbon distribution among different gas products (CO2, CH4 and C2+),
as well as the carbon remaining in the liquid phase (Aqueous), oil phase
(Oil) and as coke deposition on the catalyst (Catalyst) for experiments
conducted at a WHSVc of 1 h−1.

As illustrated, experiments conducted with the unstabilised feed
(Runs # 8 and 10 as shown in Table 4 and Fig. 6) led to the production
of coke on the catalyst and an acetone soluble phase hereon referred to
as ‘oil’. This result of high coking and poor gasification is consistent
with previous works on gasification of sucrose and glucose at sub- and
super critical conditions [1,5,51]. This is however inconsistent with the
work of Davda et al. [14], in which no coke formation was seen. Their
publication contains no information on the production of coke, and at a
WHSVc of 0.009 h−1, carbon gasification obtained from glucose re-
forming was 92%.

Table 3 shows the mass fraction of carbon on the spent catalyst after

experiments with the unstabilised and stabilised feeds.
Experiments conducted with the stabilised feed (“polyol” mixture of

sorbitol and mannitol in ratios obtained from the stabilisation step)
show better overall performance in terms of gas yields with both cat-
alysts (Runs # 2 and 4). It important to notice that no oil formation was
observed. A single aqueous phase with dissolved organics was obtained
in all experiments conducted with the stabilised feed using both cata-
lysts. With respect to coke deposition on the surface of the catalyst,
spent Pt on γ-Al2O3 catalysts were found to contain carbonaceous de-
posits regardless of the choice of feed. It can be seen from Table 3 that
the quantity of coke deposited is an order of magnitude higher in the
case of experiments with the unstabilised feed compared to the stabi-
lised feed.

It is clear that the gasification of more stable sugar alcohols in
comparison to their sugar counterparts increased the total carbon to gas
conversion (XCG) significantly.

4.2.2. Effect of residence time
Table 4 also displays the effect of the residence time on the H2 yield

and total carbon gasification. Overall, for both catalysts and both feeds,
an increase in residence time leads to an increase in gas production.

Gasification of the stabilised feed using the Pt–Al2O3 catalyst pro-
ceeds very slowly (Runs # 1 and 2). Studies on Pt catalysts in the re-
forming on glycerol have shown that its activity is decreased due to the
interaction of CO and adsorbed hydrogen with Pt [52]. Gasification of
the stabilised feed using the Ru–C catalyst proceeds at a higher rate
(Runs # 3 and 4), achieving (near) complete gasification within
120min. This is in good agreement with catalytic studies on the re-
forming of sugar alcohols and can be attributed to the increased C–C
scission activity and higher activity of Ru compared to Pt catalysts [39].

With respect to the unstabilised feed, gasification using both cata-
lysts at varying residence times showed that the fraction of oil pro-
duced, is again reduced at longer residence times (Runs # 7 and 8). It
can therefore be concluded from this observation that the oil represents
intermediate species that can undergo further gasification at longer
residence times.

4.2.3. Effect of catalyst
Fig. 6 also illustrates the influence of the type of catalyst on the

Fig. 5. (a) Parity plot of experimental vs fitted values for concentrations of Sucrose (circles), Sorbitol (triangles) and Mannitol (squares) at indicated temperatures of
373 K (filled), 393 K (empty) and 413 K (grey). (b) Arrhenius plot of rate constant kSu.

Fig. 6. Molar distribution of carbon in gaseous products (CO2, CH4, C2+),
aqueous phase, oil and as coke on the catalyst for sucrose and polyol feeds using
Pt–Al2O3 and Ru–C. Experiments conducted at 573 K for 120min (WHSVc 1
h−1) using 0.3 g of catalyst.

Table 3
Elemental analysis of spent Pt–Al2O3 catalysts.

Spent catalyst Run # Mass fraction of coke on catalyst (%)

Sucrose 8 17.0 ± 2.0
Polyols 2 2.0 ± 0.1

V.R. Paida, et al. Biomass and Bioenergy 126 (2019) 130–141

135



product distribution. For the stabilised feed, experiments show that
utilising Ru–C resulted in higher CH4 yields and therefore better carbon
gasification (> 95%) under similar experimental conditions. Pt and Ru
based catalysts have both been found to be efficient reforming catalysts.
As illustrated in Fig. 8 and in Table 4 (Runs #1 to #4), similar CO2

yields were observed using both catalysts. However, Ru catalysts also
showed high activity in hydrogenolysis and methanation reactions,
thereby increasing the yield of CH4 by consuming H2 produced in re-
forming reactions [46]. Therefore, the high activity of the Ru catalyst is
reflected in the increased carbon to gas conversion. Considering the
stabilised feed, at the same WHSVc of 1 h−1, the carbon to gas con-
version over Pt–Al2O3 was 54% in comparison to the value of 97%
achieved using Ru–C.

In this work the aim is two-fold; production of a relatively clean
water stream (TOC<10 gm−3) by complete gasification of sugars,
while realizing a high yield of H2 at higher temperatures and feedstock
concentrations. In order to obtain high carbon gasification as well as
high H2 yields, experiments were conducted using both gasification
catalysts in series. By running the polyols over a Pt catalyst, high H2

yields can be obtained at lower reactivity. The remainder of the organic
carbon present in the liquid phase can be converted over the Ru catalyst
to produce CH4. Fig. 7 compares the hydrogen yield and total carbon
gasification for experiments using Pt–Al2O3, Ru–C and the combination
of Pt–Al2O3 and Ru–C in series, keeping the total residence time and
WHSV constant (Runs # 2, 4 and 6). As shown, the low carbon gasifi-
cation of Pt–Al2O3 (Run # 2) is balanced by the high methane pro-
duction of Ru–C (Run # 4) leading to high overall carbon gasification
with no compromise on the H2 yield (Run # 6).

The successful achievement of both objectives, complete gasifica-
tion and high hydrogen yield is possible, as evidenced by Runs # 5, 6
and 11. Therefore, the proposed scheme of stabilisation followed by a
stepwise hydrogen production and complete gasification is attractive
for further evaluations.

5. Discussion on productivity

Fig. 8 illustrates reported H2 yields (YH2) and carbon to gas con-
version (XCG) of the aqueous phase reforming of sorbitol at mass frac-
tions of 10% or higher using a Pt catalyst, in comparison to our previous
work. Further information is tabulated in Table A.1 in Appendix A.
Other studies on APR of sorbitol at lower mass fractions (1–10%) have
been studied [46,53], but not considered for the comparison. It can be
seen that the XCG and associated high YH2 as obtained by Davda et al.
[14] (solid purple diamonds in Fig. 8) have not been reproduced in
subsequent work. The key reason for this is the low WHSVc of 0.036
h−1 utilised. Such a WHSVc would require large reactors. As a quick
calculation, consider a flow rate of 2.8 kg s−1 (10 t h−1) of aqueous
sorbitol solutions at mass fractions of 10%. Using a WHSVc of 0.036 h−1

results in a catalyst requirement of> 11 tonnes. Considering a catalyst
particle density of 1400 kgm−3 and a bed voidage of 0.5, this would
require a reactor with volume 158m3. Using a H2 yield of 6.5 mol per
mole sorbitol then leads to a calculated H2 productivity of
3.25mmol kg−1 h−1, significantly lower than the value of
26mol kg−1 h−1 achieved in our previous work [43]. From Fig. 8(b) it
can be concluded that while the complete carbon to gas conversion of
sorbitol over Pt–Al2O3 is possible, long residence times (and therefore
small WHSVc's) are required, especially at APR temperatures.

6. Process concept

In this section, the two-step process with heat integration is eval-
uated in terms of its energy efficiency. Experimental data are used to
determine if this process is energetically favourable. Fig. 9 shows a

Table 4
Experimental data along with standard deviations of the mean at 95% confidence levels for hydrothermal gasification of sucrose and polyols at mass fractions of 10%
in Milli-Q water, at 573 K using Pt–Al2O3, Ru–C, and a sequential combination of Pt–Ru.

Run # Feed Catalyst Time (min) WHSVc
a Carbon distribution %b YH2

c XCG
d

%
(h−1) CO2 CH4 C2–C6 Aqueous Oil Cat

1 Polyol Pt–Al2O3 60 2 37 ± 2 5 ± 1 7 ± 1 50 ± 2 – 0.85 ± 0.10 0.44 ± 0.02 50 ± 2
2 Polyol Pt–Al2O3 120 1 41 ± 2 5 ± 1 9 ± 1 43 ± 2 – 0.86 ± 0.10 0.48 ± 0.02 55 ± 2
3 Polyol Ru–C 60 2 33 ± 2 29 ± 2 7 ± 1 29 ± 1 – – 0.04 ± 0.01 70 ± 3
4 Polyol Ru–C 120 1 39 ± 2 49 ± 3 9 ± 1 2.1 ± 0.1 – – 0.02 ± 0.01 98 ± 5
5 Polyol Pt + Ru 60 2 50 ± 3 26 ± 1 10 ± 1 12 ± 1 – 1.0 ± 0.10 0.42 ± 0.02 87 ± 4
6 Polyol Pt + Ru 120 1 53 ± 3 27 ± 1 11 ± 1 6.4 ± 0.1 – 0.9 ± 0.10 0.52 ± 0.03 93 ± 4
7 Sucrose Pt–Al2O3 60 2 18 ± 1 1.6 ± 0.1 5.7 ± 0.5 27 ± 1 38 ± 4 9 ± 1 0.08 ± 0.01 27 ± 1
8 Sucrose Pt–Al2O3 120 1 20 ± 1 1.9 ± 0.1 6.0 ± 0.5 33 ± 1 30 ± 3 8 ± 1 0.05 ± 0.01 29 ± 1
9 Sucrose Ru–C 60 2 8.0 ± 0.4 0.31 ± 0.02 0.03 ± 0.01 18 ± 1 34 ± 3 40 ± 10 – 8.4 ± 0.4
10 Sucrose Ru–C 120 1 10.7 ± 0.5 0.81 ± 0.05 0.20 ± 0.01 17 ± 1 30 ± 3 42 ± 10 – 11.8 ± 0.5
11 Polyol Pt + Ru 180 0.67 59 ± 3 25 ± 1 15 ± 1 0.010 ± 0.005 1.0 ± 0.10 0.54 ± 0.03 99 ± 5

a WHSVc: gram of carbon in feed per gram of catalyst per hour (g g−1 h−1).
b Carbon distribution % = moles of carbon in product per mole of carbon in feed * 100.
c YH2: moles of hydrogen produced per mole of carbon in feed (mol mol−1).
d XCG %: total moles of carbon in gas per mole of carbon in feed * 100.

Fig. 7. H2 yield, CH4 yield and carbon to gas conversion XCG as a function of
type of catalyst. Experiments conducted using the polyol feed at a mass fraction
of 10% in Milli-Q water, at 573 K for 120min using a mass fraction of catalyst
on organics of 20%.
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mass balance scheme of the two-step process considering a feed stream
of 2.8 kg s−1 of aqueous sucrose at a concentration of 100 kgm−3. The
scheme is based on experimental results (Run # 11 in Table 4). The
following assumptions have been made for the energy balance.

1) C2+ gases represent a small fraction of the total gases produced. For
the energy balance equation, the carbon content of this fraction is
collectively represented by ethane. Therefore, the molar mass and
HHV of ethane are used for the calculation of the energy content of
the C2+ fraction in the streams.

2) Since the composition of the organics in water in stream 4 is

unknown and only the carbon content of the stream is known, for
the mass balance, the organics are collectively represented by pro-
pylene glycol, a key intermediate in the reforming of sorbitol over a
Pt–Al2O3 catalyst [41].

3) The specific heats of all the materials are independent of tempera-
ture.

4) It is assumed that the yields of the gasification reactions remains the
same with changing feedstock concentrations from 1 to 250 kgm−3.

Table 5 shows the mass and energy content of the components in
each stream. The energy content of a stream is calculated by only
considering the higher heating value (HHV) of the components in the
stream.

As tabulated, it can be seen that 3.2 g s−1 of H2 is recycled from
gasification for stabilisation (8.6–5.4), constituting 30% of the total H2

produced. The current work demonstrates that the two-step process can
be sustained without the requirement of an external supply of H2. By
increasing the H2 yield from 3.2 mol mol−1 obtained in this work to the
theoretical maximum of 13mol mol−1, the H2 requirement can be re-
duced from 30% to 8%. While a yield of 13mol mol−1 has not been
achieved, it is possible to improve this by enhancing the separation of
H2 from the gas mixture before its consumption in side reactions that

Fig. 8. Influence of WHSV on (a) YH2 and (b) XCG of sorbitol at a mass fraction of 10% from batch experiments (triangles) [43], continuous experiments (circles)
[43], other published work (diamonds) over Pt catalysts at metal loadings of 3% on γ-Al2O3 nanofibres [14], 5% on γ-Al2O3 [54] and 7% on mesoporous carbon [55],
and this work, employing Pt and Ru catalysts in series (squares) at metal loadings of 5% on γ-Al2O3 and carbon supports respectively.

Fig. 9. Block scheme with stream numbers. Refer to Table 5 for mass and en-
ergy flows of streams.
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produce alkanes or dissolved oxygenates. This has been studied in our
previous work through the use of N2 as a stripping agent [43], and in
previous work by utilising a membrane reactor [56].

The enthalpy of reaction ΔHr (kJ mol−1) is estimated for both sta-
bilisation and gasification steps using Aspen Plus V10. The reactions
considered are shown below. The hydrogenation of sucrose to sorbitol
and mannitol is an exothermic reaction with a calculated reaction en-
thalpy of −56.3 kJmol−1. This is calculated by combining the reaction
enthalpy of hydrolysis of sucrose, determined to be −19.4 kJmol−1

which is consistent with that determined by Tombari et al. [50], and the
reaction enthalpy of hydrogenation of glucose, determined to be –
40.5 kJmol−1. Considering the enthalpy change associated with the
phase change of water, this leads to a ΔHrs of – 56.3 kJmol−1

(=-19.4 + 2·(-40.5) – (−44.1)).

+ →

= − −

C H O H O g C H OSucrose hydrolysis: ( ) 2 ΔH

19.4 kJ mol
12 22 11 2 6 12 6 r

1

+ → = − −C H O H C H OGlucose hydrogenation: ΔH 40.5 kJ mol6 12 6 2 6 14 6 r
1

→ = − −H O g H O lWater: ( ) ( ) ΔH 44.1 kJ mol2 2 r
1

+ + →

= − −

C H O H O H C H O ΔHStabilisation: 2 2

56.3 kJ mol
r s12 22 11 2 2 6 14 6 ,

1

With respect to the gasification reactions, the stoichiometry is based
on the yields obtained from experimental work. This overall reaction
comprises of reforming reactions that are endothermic, and methana-
tion and alkane formation reactions that are exothermic, rendering the
overall reaction mildly endothermic. Sorbitol reforming was calculated
to be strongly endothermic considering H2O in the aqueous phase. This
is in line with recent work on the thermodynamics of reforming of sugar
alcohols [57].

+ → +

= −

C H O H O H CO ΔHSorbitol reforming: 6 13 6

722.8 kJ mol
r6 14 6 2 2 2

1

+ → +

+ +

= −

C H O H O H CO

CH C H

Experimental Gasification: 3.22 3.5

1.51 0.52 ΔH

63.5 kJ mol

6 14 6 2 2 2

4 2 6 r,g

1

Table 6 shows the calculated values for energy requirements for
each step of the process. The calculated data for the experimental re-
sults (Case A) are compared to the theoretical scenario (Case B) in
which no H2 is consumed in side reactions, i.e, the H2 yield is
13 mol mol−1. The ‘Total energy required’ is calculated as the sum of the
heating duty and reaction enthalpy from each step of the process. The
‘Total energy produced’ is calculated based on the HHV of all the gases
produced. The heat of the water stream available at 573 K after

gasification is exchanged with an exchange efficiency of 85% and is
used to heat the feed streams. ‘Energy import’ is calculated by summing
up the remaining 15% energy requirement along with the pump power
requirements, and reaction enthalpies. The ‘Useable energy’ is calculated
as the difference between the Total energy produced, after considering a
boiler efficiency of 85%, and the Energy import
(11.58=0.85·16.39–2.35 for Case A).

Two indicators are used to determine the feasibility of the process
on an energy basis: efficiency and EROEI (Energy Return On Energy
Investment). The efficiency η is calculated as the ratio of the Useable
energy produced to the energy content of the feed (HHV of
sucrose= 16.49MJ kg−1). This parameter is used as a performance
indicator of the process. For the experimental and theoretical cases, it
was calculated to be 0.7 (= 11.58·16.49−1) and 0.66 (=
10.86·16.49−1) respectively. The EROEI is calculated as the ratio of
Useable energy obtained from the process to the energy provided to
deliver the useable energy, i.e, the Energy import. While EROEI values
typically include energies association with construction and decom-
mission of a project, in this case, the EROEI is calculated based only on
the energy required to operate the plant. Based on the values presented
in Table 6, the EROEI was found to be 4.9 (= 11.58·2.35−1) for the
experimental case and 1.75 (= 10.86·6.2−1) for the theoretical case. A
value lower than 1 indicates that the process requires more imported
energy to run the process than is obtainable as useable energy.

Considering the experimental results obtained in this study, the
production of methane and light alkanes reduces the overall ΔHr,g in
comparison to the enthalpy of the reforming reaction (63.5 kJmol−1

compared to 722.8 kJ mol−1). Fig. 10 compares the effect of the ex-
perimental H2 yield of 3.2mol mol−1 and the theoretical yield of

Table 5
Mass (g s−1) and energy flows (MJ s−1) of streams. (Energy flows in bold italics).

Component Stream 1 Stream 2 Stream 3 Stream 4 Stream 5 Stream 6 Stream 7

Sucrose 278
4.58

Sorbitol 216
3.57

Mannitol 80
1.32

Organics 139 1.2
Water 2500 2485 2456 2456
H2 9.82

1.4
9.82
1.4

8.6
1.23

8.6
1.23

5.4
0.77

1.9
0.27

CO2 171 171 171 79
CH4 7.9

0.44
7.9
0.44

7.9
0.44

31.4
1.75

C2+ 11.3
0.59

11.3
0.59

11.3
0.59

14.4
0.75

Table 6
Energy balance (MJ kg−1) for experimental (Case A) and theoretical (Case B)
scenarios, considering a mass fraction of sucrose in water of 10%. The energy
content of the feed is calculated as the HHV of sucrose and equals
16.49MJ kg−1.

Stabilisation
413 K

Gasification
(Experimental)
573 K
Case A

Gasification
(Theoretical)
573 K
Case B

Heating duty of
feed stream

4.74 6.05 6.05

Reaction enthalpy −0.16 0.37 4.22
Total energy required 11.00 14.85
Total energy produced 16.39 20.07
Hydraulic power required to pump

water from 1 to 15MPa
0.21 0.21

Energy import 2.35 6.20
Useable energy 11.58 10.86
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13molmol−1 on the thermal efficiency η and EROEI of the process.
There is an decrease in η from 70% to 66% and EROEI from 4.9 to 1.75
when considering that the polyol is converted only to H2 and CO2. As
tabulated in Table 6, although the Total energy produced is higher in the
theoretical case (Case B), the Useable energy is lower than in Case A.
This can be attributed to the increase in Energy import required for the
process in order to account for the endothermic reforming reaction. It
must be noted that in Case B, the total energy produced is from a pure
H2 stream, which is more valuable as a fuel than the mixture of H2, CH4

and light alkanes produced in reality, represented by Case A.
Fig. 11 illustrates the effect of feed concentration on the efficiency

and EROEI of the process. As illustrated, a minimum value of 30 kgm−3

is required for an EROEI of 1, i.e, an energy neutral process. This value
of 30 kgm−3 can be further lowered by increasing the H2 productivity
as discussed previously. This translates to a COD of 49 kgm−3, which is
in the range of COD from food industry wastewaters [58]. Dilute sugary
streams from wastewater industries can therefore be processed without
the requirement of additional energy. For a feed concentration of
100 kgm−3, as considered in this work, the EROEI was estimated to be
4.9 while the thermal efficiency was 70%.

To summarise, the two-step process concept evaluated for
100 kgm−3 aqueous sucrose was found to be promising in terms of
efficiency and EROEI. Improvements in catalyst development and re-
actor design to enhance H2 productivity must be taken into account in
order to improve the overall energy feasibility of the process.

7. Conclusions

This work presents a two-step process for the complete hydro-
thermal gasification of sucrose. Sucrose was selected as a model com-
pound to represent aqueous carbohydrate streams, e.g. derived from
wastewaters from the food and feed industries. The stabilisation of

sucrose in hot compressed water was achieved under the range of op-
erating conditions considered. Higher WHSV's of 2.8–33.7 h−1 were
successfully implemented in the one-pot process for the complete con-
version of sucrose to produce a mixture of sorbitol and mannitol
with> 99% conversion and yield. A pseudo-first order kinetic model
was developed that shows good agreement with experimental data and
that can be used for further process development.

Gasification of the stabilised feed is enhanced by exploiting both Pt
and Ru catalysts in series, thereby achieving complete carbon to gas
conversion as well as high H2 yield. Higher productivity was attained
through the use of the successive combination of Pt and Ru catalysts,
therefore permitting operations at higher WHSVc (1 h−1) compared to
earlier reported studies (0.036 h−1). This improvement makes the
process more desirable on an industrial scale.

Overall, the process concept is considered attractive based on mass
and energy balances. The process is self-sustaining in terms of its H2

requirement and overall net H2 production. An analysis of the effect of
feed concentration on the efficiency and EROEI of the process showed
that the process is energy neutral for feed concentrations of 30 kgm−3.
Additionally, the effect of enhanced H2 productivity on the efficiency
and EROEI is demonstrated. These preliminary estimates are promising
from the point of view of both cleaning wastewater streams rich in
carbohydrates and simultaneously obtaining energy in the form of H2

and CH4.
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Notation

CaLS Carberry number for L-S mass transfer
Cb Bulk concentration of species mol m−3

CH2 H2 concentration in liquid phase mol m−3

CMn Mannitol concentration mol m−3

Cs Concentration at the catalyst surface mol m−3

CSb Sorbitol concentration mol m−3

CSu Sucrose concentration mol m−3

D Diffusion coefficient m2 s−1

De Effective diffusivity m2 s−1

dp Diameter of particle m
Dt Diameter of turbine m
Hr Enthalpy of reaction J mol−1

kLa Volumetric G-L mass transfer coefficient s−1

kS L-S mass transfer coefficient m s−1

kSa Volumetric L-S mass transfer coefficient s−1

kSu Rate constant for sucrose hydrolysis g−1 h−1

l Stirrer diameter m
mcat Mass of catalyst g
mSu Mass of sucrose g
n Order of reaction
N Stirrer speed Hz
nc Moles of carbon out mol
nc,in Initial moles of carbon mol
nf Moles of feed out mol
nf,in Initial moles of feed mol
rp Radius of particle m
rvobs Observed rate of reaction mol m−3 s−1

t Residence time min

Fig. 10. Energy evaluation of experimental (Case A) and theoretical (Case B)
scenarios based on H2 yield.

Fig. 11. Influence of feed concentration on the efficiency and EROEI for ex-
perimental scenario.
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Vf Volume of fluid m3

XCG Carbon conversion to gas %
Xf Conversion of feed %
YC,i Carbon yield of species i mol C in i (mol C in feed)−1

Yi Yield of species i mol mol−1

Greek letters

α Molar deviation parameter
ε Energy dissipation J kg−1 s−1

ϑ Kinematic viscosity of fluid m2 s−1

μf Dynamic viscosity of fluid Pa·s
ρf Density of fluid kg m−3

σ Surface tension of fluid N·m
Dimensionless numbers

Np Power number
Re Reynolds number
Sc Schmidt number
Sh Sherwood number
We Weber number
Abbreviations

APR Aqueous phase reforming
COD Chemical oxygen demand
EROEI Energy return on energy investment
HHV Higher Heating Value
RR Reforming ratio
SCWG Super-critical water gasification
TOC Total organic carbon
WHSV Weight hour space velocity
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