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ABSTRACT: A novel condensing reactor for conversion of CO2
to methanol is characterized under forced convective conditions,
both experimentally and by modeling. The goal of the study is to
optimize the operation conditions and identify limitations of the
reactor concept. Experimental results show that productivity is
limited by reaction equilibrium and mass transport at high
temperature (>250 °C), while reaction kinetics limit productivity
at low temperature (<220 °C). Further analysis of the liquid out/
gas in concept is performed by an adiabatic 1D-reactor model in
combination with an equilibrium flash condenser model. To
enable autothermal operation, internal heat exchange is required.
It was found that a condenser temperature below 70 °C is
required to avoid excessive heat exchange areas. Increasing the length of the catalyst section, and with this the overall reactor
size, will increase the conversion per pass, until equilibrium is reached. On the other hand, the internal recycle ratio is decreased
and thus less heat exchange and condenser area is required, decreasing overall reactor size. With the model developed, overall
reactor performance can be optimized by finding the most optimal combination of reactor and condenser conditions in the
recycle system.

1. INTRODUCTION

In view of increasing production of renewable electricity,
storage methods for renewable electricity have to be found
because of its fluctuating character.1 Storage is required for
different time scales, as fluctuations will occur both on a daily
basis and on a seasonal basis. For longer term storage, for
example, seasonal storage, storage of renewable energy in
chemicals or hydropower is the preferred option.2 One of the
chemicals used to store renewable energy is methanol.3−5

Methanol can be produced from renewable energy and the
abundant materials CO2 and H2O.

6,7 Methanol is in the liquid
state at standard conditions and thereby easily transported and
stored. Another advantage is the versatility of methanol as
product. It can be used in fuel cells for electricity production,
as a gasoline substituent and upgraded to a diesel replacement
(DME). Moreover, methanol is a chemical building block and
can be used for syn gas production for production of a wide
range of chemicals. Using the methanol to olefins (MTO)
process, olefins such as ethylene and propylene can be
produced.8

For the reasons above, methanol is gaining interest in the
literature, and multiple review papers evaluating CO2 hydro-
genation to methanol have been published.9−11 The major
problem of the hydrogenation reaction of CO2 to methanol is
the low equilibrium conversion of CO2

12−14 at industrial
operating conditions. In literature the equilibrium limitations
have been circumvented by operating at high pressure15−18 or

by the use of a temperature gradient12,19,20 inside the reactor to
induce product condensation. Furthermore, shifting the
equilibrium by product removal is shown by the use of
membranes,21−24 solvents,25−28 and sorbents.29

In previous work12 we introduced a new reactor concept for
CO2 hydrogenation to methanol. In this reactor the
equilibrium is shifted by the use of two temperature zones.
One zone operates at reaction conditions and one zone
operates at a reduced temperature to condensate products in
situ, but not on the catalyst sites. Unconverted gas is recycled
between both sections, based on natural convection due to the
density differences induced by temperature and composition
differences. Methanol yields greater than 99.5% were
demonstrated. However, while showing great potential, the
reactor was operated as a blackbox. Feed gases are fed to the
reactor and liquid products were extracted, but little is known
about the realized internal flow and gas compositions, making
it difficult to optimize and upscale the concept.
Therefore, in this study more insight is given in the novel

condensing CO2 to methanol reactor. Experimental deter-
mined internal gas compositions and gas flows will be
presented. Furthermore, modeling of the reactor and
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optimization of the concept will be discussed. First, the
experimental details will be discussed, followed by the
equations of the constructed reactor model. In the discussion
section, the results of the model for the experimental
conditions under forced convection will be discussed.
Subsequently, the novel reactor concept will be discussed in
a more general way.

2. EXPERIMENTAL SECTION
2.1. Materials. The premixed feed gas is supplied from a

bottle provided by Linde, The Netherlands. The purity of the
mixture was 23.9% ± 2% rel. of CO2 in H2.
The catalyst is a commercial Cu/ZnO/Al2O3 (CP-488)

methanol catalyst supplied by Johnson Matthey. The catalyst is
used, as supplied, in cylindrical tablets with diameter 6 mm and
height 5 mm. The amount of catalyst present in the reactor is
52.2 g. Before first use, the catalyst is activated by hydrogen
according to the procedure of the manufacturer. First, the
catalyst temperature is increased to 130 °C while purging
nitrogen, not exceeding a rate of 50 °C/h. Next the
temperature is increased to 160 °C, at a rate not exceeding
20 °C/h. Next a diluted stream of hydrogen is introduced
(<2%). The bed temperature is monitored to not exceed 230
°C. If required, the hydrogen flow is reduced. Once the
reaction front has passed through the bed, the temperature is
increased to 240 °C. Next, the conditions are kept constant for
1 h. This ensures that any formed water, which may stick on
the catalyst surface, is drained out of the reactor. Finally, the
catalyst is purged with pure hydrogen to ensure full reduction
of the catalyst surface.
2.2. Liquid Out/Gas In Concept Reactor and Setup. In

Figure 1 the reactor is shown which is operated in the so-called

LOGIC modus: liquid out/gas in concept. Feed gas is fed from
the buffer vessel into the central tube of the reactor. Next, the
gases react on the catalyst bed in the annulus spacing of the
reactor. Following, the products are condensed on the spiral
condenser in the top of the reactor. Liquid products are
collected in the “basket” and can be removed from the reactor
by the tube inserted in the basket. Noncondensed gases are

recycled to the catalyst. The concept is discussed in more
detail in a previous work.12

For interpretation and discussion of the results it is
important to note the location and labeling of the various
thermocouples. Four thermocouples measure the in- and
outgoing temperatures for both the condenser and catalyst
section. The catalyst inlet (Tcat,in, TI-2, Figure 1) and catalyst
outlet (Tcat,out, TI-3, Figure 1) temperatures are measured just
before and after the catalyst bed. The condenser inlet (Tcond,in,
TI-5, Figure 1) thermocouple is located between the top of the
reactor and condenser, for a better view see Figure S3 in the
Supporting Information. The condenser outlet temperature
(Tcond,out, TI-4, Figure 1) is measured at the inlet of the central
tube. Note that this location is not directly below the
condenser and therefore the measured temperature might
not represent the true temperature at the end of the condenser.
Next to that, the temperature of the cooling water inlet (Tcw,in,
TI-6, Figure 2) and outlet (Tcw,out, TI-7, Figure 2) are
measured.
Compared to the setup of the previous work12 a few changes

have been made. To be able to determine the internal gas flow
rate, the pressure drop over the catalyst section has been
increased by adding a layer of 1 mm spherical stainless steel
particles (Figure 1). Now, the pressure drop can be
determined using a differential pressure sensors (dP-1, Figure
2). Previously, the pressure drop over the catalyst bed was too
small to measure. A gas chromatograph (downstream of V-
201/V-202) is connected to the gas samples points of the
reactor to determine the internal gas composition. The liquid
products are removed from the reactor by opening V-203.
Closing of V-203 is automated by the use of a conductivity
sensor. As soon as gas breakthrough occurs, conductivity of the
product stream will decrease and the valve is closed by the
software.
The pressure in the reactor is controlled by a pressure

control valve (PCV-1, Figure 2). The temperature of the
catalyst section is controlled by a electric oven (E-3, Figure 2).
The condenser is cooled using water. The temperature of the
water is regulated by a water bath (E-6, Figure 2). The water
flow is controlled by a needle valve in a bypass line (detailed
PFD in Figure S1 in the Supporting Information). More details
about the other equipment is given in the Supporting
Information.

2.3. Experimental Method. Before each experiment the
reactor is purged using the feed gas and subsequently the
buffer vessel is pressurized with feed gas mixture. Next, the
reactor is heated and pressurized up to the experimental
conditions. The experiments are run in semicontinuous mode.
Gas will be fed continuously to keep the reactor pressure
constant, as the reactor pressure decreases due to the reaction
and condensation of the products. Liquid products are
removed from the collection basket periodically. The time
between samples is constant per experiment and depending on
the production speed. The production speed can be followed
by keeping track of the pressure of the buffer vessel. It is
known that 2 bar of pressure drop in the buffer vessel means
that the liquid basket is almost full. Productivity of the reactor
is determined by the liquid production over time. Productivity
is determined over a minimum of five liquid samples under
steady-state conditions.

2.4. Chemical Analysis. Gas composition was determined
using gas chromatography (Varian 450-RGA). The GC is
equipped with three channels. Channel 1 analyzes hydrogen

Figure 1. Schematic overview of the LOGIC reactor (E2 in Figure 2).
Important for discussion of the results are the locations of the
temperature indicators of the catalyst in (TI-2), catalyst out (TI-3),
condensor in (TI-5), and condensor out (TI-4). Note that the catalyst
is randomly packed in the experimental setup.
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using TCD detection on a Hayesep Q column (Agilent
CP1305) and a Molsieve 5A column (Agilent CP1306) using
N2 as carrier gas. Channel 2 detects permanent gases using
TCD dectection on a Hayesep Q column (Varian CP1308),
Hayesep N column (Varian CP1307), and a Molsieve 13X
column (Varian CP1309) using helium as carrier gas. Channel
3 detects hydrocarbons using FID detection on a CP-Sil 5CB
column (Varian CP1310) and a Select Al2O3/MAPD column
(Varian CP7433) using helium as carrier gas. The reactor is
directly connected to the GC, and the tubing between the GC
and setup are flushed using N2 between gas samples. Any N2

detected is therefore considered to be purge gas and, if present,
removed from the gas composition. Calibration of the GC is
performed with gas mixtures from gas bottles containing
predefined gas mixtures.
The liquid product was analyzed in a HPLC (Agilent

Technologies 1200 series) using RID detection and a GROM
Resin H+ IEX column equipped with a precolumn. The
injected volume was 10 μL, the temperature was 65 °C, and
the mobile phase was 5 mM H2SO4 at 0.6 ml min−1.
Calibration curves were obtained by injecting mixtures of
known composition (Sigma-Aldrich HPLC grade methanol
and Milli-Q ultrapure water) in the range of interest.

2.5. Error Analysis and Reproducibility. In the results
section error bars are shown for the altered parameter and for
productivity. The error in the altered parameter is represented
by error bars and are two standard deviations (95% confidence
interval) determined over the experimental steady state period.
The error in productivity is composed of two errors. First, an
experiment at Tcat,out = 200 °C, Tcond,out = 100 °C, Tcw,in = 60
°C and vs = 0.019 ms−1 was performed three times. The
average value in productivity of these three experiments is
found to be 14.0 ± 0.9 mmol/(gcat h). Second, the standard
deviation of the measured productivity is taken into account.
However, this standard deviation of the measured samples is
usually small (about 0.2 mmol/(gcat h)). The total error in
productivity is the sum of the error in the triplet experiment
and the error in the measured samples. The error in the
superficial velocity is a result of error propagation of the
standard deviation in the measured pressure drop.

3. REACTOR MODEL

Up to the start of this study the LOGIC reactor was a black-
box as illustrated by the dashed box in Figure 3. Only, the
amount of gas fed, liquid produced and four internal
temperatures (Figure 1) were measured. All internal gas

Figure 2. Process flow diagram of the setup. Equipment on the PFD: buffer vessel (E-1), LOGIC reactor (E-2), electric heater blocks (E-3), fan (E-
4), and cooling water bath (E-6). Indicators installed: temperature indicators (TI-1 to TI-7), pressure indicators (PI-1/PI-2), flow indicator (FI-1),
and differential pressure indicator (dP-1).

Figure 3. Schematic overview of the LOGIC reactor. The reactor internals are given within the dashed line.
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compositions and flows were unknown. In the experimental
section the changes to the setup to measure the internal gas
flow and a gas composition are discussed. By construction of a
reactor model more insight into the dynamics and internal
flows, conditions, and compositions is created. The model
consists of three main parts: (1) a fixed bed model for the
catalyst section, (2) a condenser model calculating vapor liquid
equilibria, and (3) equations to calculate the recycle and feed
flow. In Figure 3 a schematic overview of the model is given. In
the following section the model sections are discussed in more
detail.
3.1. Reaction Section. Three reactions are occurring in

the system: eq 1 is the CO2 hydrogenation to methanol, eq 2 is
the CO hydrogenation to methanol, and eq 3 is the reverse
water gas shift (RWGS) reaction. The most widely used
equilibrium constants for the reactions are determined by
Graaf et al.30 Recently, Graaf and Winkelman published a
reassessment31 using over 300 experimental data points of the
equilibrium constants. The equilibrium constants are deter-
mined for eq 2 and 3. By a combination of these two, the
equilibrium constants of eq 1 can be found. The recent values
from Graaf and Winkelman31 have been used in this study.

HCO 3H CH OH H O ( 49.5 kJ mol )2 2 3 2 r
1+ + Δ = − −F

(1)

HCO 2H CH OH ( 90.5 kJ mol )2 3 r
1+ Δ = − −F (2)

HCO H CO H O ( 41.0 kJ mol )2 2 2 r
1+ + Δ = −F (3)

Methanol kinetics has been widely studied in the literature.
However, consensus about reaction pathways has not been
reached. Bozzano and Manenti32 gave an overview of kinetics
models in the literature. The most widely used models are the
kinetic rate equations of Graaf et al.30,33 and Bussche and
Froment.34 The model of Bussche and Froment is used in this
work, unless mentioned otherwise. Intraparticle resistances are
included by the effectiveness factor calculated by a Thiele
modulus approach, as discussed by Lommerts et al.35 For more
details about the equations used see the Supporting
Information.
The catalyst section is modeled by a set of 2D-

pseudohomogeneous equations as shown in Table S3. Mass
fractions are used to account for the change in the amount of
moles during the reaction.36 Radial dispersion is taken into
account and calculated by the recommended equation in the
review by Delgado.37 The effective thermal conductivity of the
combined gas and solid phase is calculated by a Zehner/
Bauer/Schlunder type of equation38 in which the thermal
conductivity of both gas and solid phase, the effect of particle
size, pressure, and the heat transport by radiation and
convection are included.38,39 More details about calculation
of the radial dispersion coefficient and thermal conductivity
can be found in the Supporting Information. The equations are
solved using the built-in Matlab function PDEPE. The outlet
properties (temperature and mass fractions) of the reaction
section are volume-averaged and used as input for the
condenser section.
3.2. Condenser Section. The condenser section is

modeled by a combined differential enthalpy balance and a
constant enthalpy equilibrium flash at every differential
position.40 The set of equations and boundary conditions are
shown in Table S4. The condenser is modeled as cocurrent
heat exchanger between the gas phase and cooling water.

However, in reality the condenser is partially cocurrent and
counter current. The differential equations are solved using a
forward-Euler discretization algorithm.
The gas and liquid compositions at every differential

position are assumed to be in phase equilibrium at the local
temperature and pressure. The vapor liquid equilibria (VLE)
are calculated using the fugacities by the Soave−Redlich−
Kwong (SRK) equation of state (EoS) as described by van
Bennekom et al.15 Because of the presence of polar
components a polarity correction parameter41 is used. The
enthalpy of the streams is calculated using the standard
enthalpy of formation and the gas phase heat capacity.
Included is the enthalpy correction calculated by the equation
of state.42 For detailed information about the equations see the
Supporting Information.
The gas to cooling tube heat transfer coefficient is

determined by a Nusselt correlation for cross-flow over a
tube bundle. The wall to cooling water heat transfer coefficient
is fitted to a constant value of 255 W m−2 K−2 for all
experiments. The volume flow is determined by the gas density
calculated by the equation of state.

3.3. Gas Flow. The internal gas flow rate is determined by
the pressure drop over the catalyst section as discussed in
section 2.2. The pressure drop over the catalyst section is
converted to a gas velocity by the Stokes-Ergun composite
solution.43 In Figure 4 the importance of using the composite

solution compared to the normally used Ergun equation is
shown. The pressure drop in Figure 4 is calculated using the
conditions of a typical experiment. In our experiments,
Reynolds numbers of 1−200 have been seen. Thereby, using
the Ergun equation only would give a significant under-
prediction of the velocity as shown in Figure 4. For the velocity
calculation, it is assumed that the pressure drop is fully
generated by the stainless steel particles while pressure drop
over the catalyst particles is negligible.
The amount of feed gas flow is controlled by the pressure

controller in the experiments. In the model a PID-type of
control loop ensures a constant pressure by changing the feed

Figure 4. Pressure drop versus superficial flow rate over the stainless
steel particles. Composition and properties were determined by a
model run with a catalyst outlet temperature of 200 °C. The
composition was [CO2, CO, H2, CH3OH, H2O] = [0.626, 0.125,
0.107, 0.110, 0.032] in mass fraction.
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gas flow rate of the model while ensuring numerical stability.
For this, the number of moles in the reactor are evaluated at
the conditions of the catalyst outlet. The composition after the
mixing point is based on the mass averaged composition of the
condenser and feed gas. In the Supporting Information more
detailed equations are shown.
3.4. Energy Analysis. For analysis of the energy efficiency

of the reactor concept the heat flows involved are calculated.
The heat analysis is performed using enthalpy balances. In
Figure 5 the definitions of the enthalpies are shown. The
equations to determine the heat flows are summarized in Table
S11. The condenser outlet temperature and catalyst inlet
temperature are controlled parameters and are therefore
known. The required heating of the feed gas and recycle gas
from the condenser is shown by Qfeed and Qheater. In the heat
analysis, the reactor is assumed to operate adiabatically and
thereby the catalyst outlet temperature can be calculated by the
standard reaction heat. For analysis purposes, the gases are
cooled to the condenser outlet temperature in a virtual cooler.
For the cooler duty, only the sensible heat of the gas is
included and latent heat is extracted in the condenser
completely. In reality, the cooler and condenser are combined
into one piece of equipment.
When the heat exchanger is evaluated, the duty of the heat

exchanger is assumed equal to the heater duty of the recycle
gas. Since the catalyst outlet temperature is known because of
adiabatic operation, the condenser inlet temperature can be
calculated based on the heat exchanger duty. The condenser
duty will included both the sensible and latent heat of the gas
stream out of the heat exchanger.
3.5. Material Properties. In the model the gas phase

density is determined by the mSRK Equation of State by the
molar volume. The liquid density is calculated by the
COSTALD method.44 Note that, for correct prediction of
the liquid density, the polarity correction factor ω for water
isonly for liquid density calculationstaken from Hankin-
son and Thomson44 instead of van Bennekom et al.15 The
enthalpy of the mixture is determined by the mSRK equation
of state.42 The pure component standard enthalpies are taken
from Gmehling.45 The heat capacities are determined by
Shomate equations for which the constants are taken from
Gmehling45 for the liquid phase and from Yaws46 for the gas
phase.
The material properties for the mixed components are

determined by mixing rules. The mixed viscosity47,48 and
thermal conductivity49 are determined by semiempirical
equations. The pure components are taken from NIST

Webbook50 for the conditions at 200 °C and 50 bar. More
details are given in the Supporting Information.

3.6. Parameter Overview. An overview of the model
parameters is given in Table 1. For the catalyst section the

boundary conditions including the values used in the base
model are given. The values of Y1 and Y2 will be changed in a
sensitivity study in section 4.4. For the condenser section, the
inlet gas temperature is taken from the experiment and the
outlet temperature is calculated. The cooling water flow is
regulated to match the model and experimental value of the
condenser water outlet temperature. The direct heat transfer
by radiation from the oven to the cooling water is included by
the αwall parameter.

4. RESULTS AND DISCUSSION
In the experimental study the reactor performance was
measured, while varying respectively catalyst bed outlet
temperature, condenser temperature, and gas flow rate, while
keeping as much as possible the others constant by changing
the oven temperature, cooling water flow rate, and temperature
and fan speed. Reactor pressure and feed gas composition were
kept constant for all experiments. The model results presented
in this section are based on the parameter values in Table 1.

4.1. Catalyst Temperature. The reactor productivity as a
function of the catalyst temperature is shown in Figure 6. The
experiments were performed by increasing the catalyst outlet
gas temperature, as measured, from 180 to 240 °C by steps of
10 °C. The catalyst outlet temperature is increased by

Figure 5. Schematic overview of enthalpies for heat flow analysis of the LOGIC reactor. Proposed heat exchange between gas from the condenser
and the catalyst section is indicated by the dashed line.

Table 1. Overview of the Parameters for the Model and
Values of the Base Model

variable base model

Tcat,in experiment
Tcat,out calculated
Toven experiment
T|x,r=rinner assumption

(Y1Tcond,out + (1 − Y1)Tcat,in)
Y1 = 1

T|x,r=router calculated, fitted (Y2Toven) Y2 = 0.92

Tcond,in experiment
Tcond,out calculated
Twall assumption

(Y3Toven + (1 − Y3)Tcond,in)
Y3 = 0.5

Tcw,in experiment
Tcw,out experiment
ϕVcw

calculated, fitted (αwall) αwall = 255 W m−2 K−1

vs experiment vs = 0.019
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increasing the oven temperature. The condenser outlet
temperature is regulated at a constant value of 100 °C by
changing the cooling water flow. The pressure is kept constant
at 50 bar. The productivity in Figure 6 is plotted as a function
of the catalyst inlet temperature because the calculated catalyst
outlet temperature does not necessarily match the actual
experimental value.
Because of the increased reaction kinetics with temperature,

an increase in reactor productivity is seen with temperature.
However, an optimum in productivity can be identified in
Figure 6 as the equilibrium conversion at high temperatures
here limiting the methanol production. At the same time, the
selectivity of the CO2 conversion reaction is shifting from
methanol to CO at higher temperatures. Thereby, the fraction
of methanol in the outlet gas is reduced. Consequently, at a
constant condenser temperature the fraction of the produced
methanol that is condensed is lower. As a result, the reactor
productivity is reduced. It can be concluded that productivity
is increased initially, due to improved reaction kinetics. At
higher temperature, limitations by reaction equilibria and loss
in selectivity reduce the reactor productivity.
The line of the base model in Figure 6 shows that the trend

in productivity is predicted in reasonable agreement with the
experimental data. The increase in productivity by increased
reaction kinetics and reduction in productivity due to
equilibrium limitations are predicted correctly. However, the
absolute numbers do not match with experiments. While at
low catalyst temperature, the productivity is underpredicted by
the model, at high temperature the productivity is over-
predicted. This indicates that the local temperatures as
calculated by the model are not correct. When the volume-
averaged outlet temperature of the catalyst bed in the model is
compared with the actual measured gas temperature this
hypothesis is confirmed. It is seen that the model calculates too
low gas temperatures for the first three experiments, while for
the last four experiments the calculated temperatures were too
high. Apparently, the (axial and/or annular) temperature
profile in the catalyst annulus zone is not predicted correctly.
To speculate, the factor (Y2)determining the outer wall

temperaturemight be a function of the oven temperature,
with the (experimental) heat losses being larger at higher
temperatures.
At first sight, the catalyst temperature seems low enough

(<230) to ignore intraparticle mass transfer. However, a clear
increase in reactor productivity is seen in Figure 6 by assuming
an effectiveness factor of unity. A closer look into the reactor
temperatures reveals that significantly higher temperatures are
present in the catalyst bed. While the experimental gas
temperatures are relatively low (<240), the oven temperature
is significantly higher (>260). This results in a high outer wall
(r = 0.024 m) temperature, as shown in Figure 7 for a typical
experiment. For this reason, close to the outer wall the reaction
kinetics are fast and local diffusion inside the particle limits
overall production rates.

Moreover, in Figure 7 it can be seen that the temperature of
the inner wall (r = 0.012 m) is low because of cold gas
returning from the condenser. As a consequence, part of the
catalyst bed is inactive in the methanol synthesis. Because of
the hot outer wall and cold inner wall a strong radial
temperature gradient is present in the catalyst section.
Although, the gradient is predicted steep due to the
assumptions for the boundary values, in reality the gradient
might be less steep. Because of the radiative heat the inner wall
might have a higher temperature, and heat transfer between the
oven and reactor might be worse, resulting in a lower outer
wall temperature. Consequently, the temperature gradient will
be less steep. The temperature gradient makes optimization of
the catalyst temperature difficult, as either the outside wall is
too hot or the inside wall is too cold. Therefore, such a
temperature gradient should be prevented in a next generation
reactor. Increasing the radial heat transfer rate by a high-heat
conductive catalyst material51,52 might be a solution. Another
improvement could be raising the temperature of the returning
nonconverted gases from the condenser, consequently raising
the temperature of the inner wall. Heat exchange between hot
gases leaving the catalyst section and cold gases returning from
the condenser could be an effective way of increasing the inner
wall temperature. This heat exchange concept is further
discussed in section 5.2.

4.2. Condenser Temperature. Initially, the effect of
varying the condenser outlet temperature was evaluated by

Figure 6. Productivity as a function of the catalyst inlet temperature.
(Catalyst outlet temperature varies between the model and the
experiments.) The effectiveness factor indicates the effect of
intraparticle mass transfer resistance. Lines are added to guide the
eye. Experimental conditions: P = 50 bar, Tcond,out = 100 °C, Tcw,in =
60 °C, average vs = 0.019 m s−1.

Figure 7. Typical radial temperature profiles in catalyst section at
different axial positions. P = 50 bar, Tcat,in = 165.4 °C, Toven = 298 °C,
Tcat,out = 201 °C, Tcond,in = 158 °C, Tcond,out = 100 °C, average vs =
0.019 m s−1.
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changing the cooling water flow and temperature, while
keeping the measured gas outlet temperature of the catalyst
constant. However, at a cooling water temperature of 75 °C
the oven temperature had to be increased to maintain a
constant measured catalyst outlet temperature. In Figure 9 it is
shown that the increase in oven temperature had a strong
effect on the productivity of the reactor. Therefore, the
experimental points with increased oven temperature have also
been remeasured with a constant oven temperature, resulting
in a reduced catalyst outlet gas temperature. Equal to the
previous experimental series the pressure is kept constant at 50
bar. In Figure 9 the productivity is plotted against the cooling
water outlet temperature as it enables comparing experimental
and model values. The gas condenser outlet temperature
differs significantly between experimental and model values,
which will be discussed in more detail below.
The effect of the condenser temperature on the reactor

productivity is shown in Figure 9. By reducing the condenser
temperature the productivity of the reactor is increased
because a larger fraction of methanol is condensed. For the
constant oven temperature series, the productivity levels
around 16 mmol g−1 h−1, at low condenser temperature.
This indicates that the maximum production rate, limited by
kinetics, in the catalyst section is reached, as condensing more
methanol does not increase productivity. For the current
design, the productivity levels off for condenser temperatures
below 80 °C, although by increasing the length of the catalyst
bed this point will be found at a lower condenser temperature.
Limitations by kinetics are also confirmed by the series with
increased oven temperature. Because of increased catalyst
temperature the kinetics increase and the reactor productivity
increases significantly.
When looking at the temperature profile in the condenser in

Figure 8 it is seen that the cooling capacity is not limiting

productivity. For the low flow experiment, at one-third of the
condenser length the final gas temperature is already reached.
This indicates that in the current experimental reactor
configuration the cooling water side of the condenser section
is not limiting production, since more cooling capacity is
available. Note that the gas is reheated by the direct thermal
radiation from the oven to the condenser. Because of the
assumptions made for the condenser model (i.e., all the
thermal radiation by the oven is directly adsorbed by the

water) the gas and water temperature cross, although being
modeled as cocurrent heat exchange. Moreover, it is shown
that the calculated condenser gas outlet temperature is lower
than the experimental measured gas temperature (100 °C). As
discussed in the experimental section, this may be related to
the location of the thermocouple. The thermocouple (TI-4,
Figure 1) is not located directly at the condenser outlet.
Consequently, the gas might already be reheated, due to
thermal radiation from the oven, at the point of measuring in
the experimental setup.
The model predicts the trend in experimental data with fair

agreement in Figure 9. For both series, the slope of the model

line is slightly larger than for the experimental data. Comparing
experimental and model temperatures, it was found that the
model-based catalyst outlet temperature is lower than the
experimental temperatures for all simulated operating points.
At the same time, the predicted condenser outlet gas
temperature by the model is lower than the experimental
value for all points. This difference in model and experimental
values decreases with increasing cooling water outlet temper-
ature. Concluding the two sections above, it is not possible to
pinpoint the error in temperature prediction to one section of
the model. In both the description of the catalyst temperature
and condenser temperature, deviations between model and
experimental trends are found.

4.3. Internal Flow. The gas flow rate in the reactor has
been changed by the rotational speed of the fan at the bottom
of the reactor. The effect of flow rate on the reactor
productivity can be seen in Figure 10. In line with results
from the previous work12 the productivity reduces at higher
flow rates. This is mainly an effect of reduction in catalyst inlet
temperature at higher velocity. The reduction in inlet
temperature results in a lower average temperature of the
catalyst section. Because of reduced kinetics, the production of
methanol is lower.
The strong decrease in catalyst inlet temperature by

increased flow is a result of the design of the experimental
setup. Since no heat exchanger is included in the reactor, no

Figure 8. Typical axial temperature profile in the condenser for a low-
and high-velocity experiment. P = 50 bar, Tcat, in = 165 °C, Toven = 298
°C, Tcat,out = 201 °C, Tcond,in = 158 °C, Tcond,out = 100 °C, average vs =
0.019 m s−1.

Figure 9. Productivity as a function of the condenser temperature
with constant oven temperature. The effect of increasing the oven
temperature to maintain a constant measured catalyst outlet
temperature is shown by the gray series. Experimental conditions: P
= 50 bar, Tcat,out = 200 °C, Tcw,in = 60 °C, Tcw,in = 60 °C.
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effective means of reheating the gas from the condenser before
re-entering the catalyst section is present. However, when
installing a heat exchanger in a next generation reactor, heat
transfer will be a function of gas flow rate. Therefore, even in a
reactor with more effective heat transfer, the catalyst inlet
temperature might be a function of gas flow rate. Hence,
during design of a next generation reactor a broad range of
flow rates should be investigated.
Moreover, by an increase of velocity the residence time in

the catalyst and condenser section is reduced. This might lead
to reduced conversion in the catalyst section, especially in
combination with lower temperatures at increased flow. Of
course, also the residence time in the condenser is decreased.
However, as shown for the high velocity in Figure 8 the
experimental cooling rate in the condenser is still sufficient.
An increase in the heat transfer rate during experiments by

increasing velocity is seen by the oven temperature required to
maintain the same experimental catalyst outlet temperature. At
a high gas flow rate the oven temperature had to be reduced,
which is unexpected since more power is required because of
the higher flow rate.
The trend in model predictions is in agreement with

experimental data. However, the absolute values predicted by
the model are lower than the experimental productivity. Once
again, the prediction of the temperature profile in the catalyst
seems to raise an error. While the experimental catalyst outlet
temperature is kept constant at 200 °C, the model predicts
volume-averaged catalyst outlet temperatures from 205 °C at
the lowest flow to 168 °C at the highest flow. A more thorough
description of heat transfer is required to match the absolute
values for the productivity.
4.4. Sensitivity Study. From the previous section it can be

concluded that the predicted productivity by the model is
strongly correlated with the temperature profile in the catalyst
zone. Therefore, a model sensitivity study is performed on the
assumptions for both wall boundary conditions.
The effect of the temperature of the inner wall of the catalyst

section can be seen in Figure 11. With a higher temperature
the productivity is increased. However, although not clearly
visible in the graph, also the slope of the lines changes.
Compared to base model line, the slope increases by 10% for
Y1 = 0.5 and 28% for Y1 = 0, respectively. The slope of the line

for the lowest temperature is closest to the experimental value
(−48%, compared to base model), although the absolute
values do not match for the whole temperature range. The
sensitivity on the catalyst outer wall shows the same trends as
shown in Figure 12. Lower temperature leads to lower

productivity and higher temperatures to higher productivity.
Again, the slope of the lines changes (−4.5% and +6.5%) with
the temperature of the outer wall.
A sensitivity of the condenser water outlet temperature is

performed. Effectively this is a sensitivity on the condenser
outlet gas temperature as the gas and water temperatures are
(almost) at equilibrium. The effect of changing the condenser
temperature on the reactor productivity is shown in Figure 13.
A shift in productivity is seen while the trend in predicted
productivity remains the same. Consequently, if productivity is
matched at low catalyst temperature, the mismatch at higher
temperature becomes larger. Therefore, it can be concluded
that changing the water outlet temperature will not improve
the model prediction.
However, a shift in the trend of predicted productivity is

seen when the gases in the condenser are flashed at the
experimental condenser outlet gas temperature, as shown by
the dashed line in Figure 13. In this run no detailed condenser
model is used but only a phase equilibrium flash calculation is
performed. As shown by the dashed line in Figure 13 the
predicted trend for this model run is in better agreement with

Figure 10. Effect of superficial velocity over the catalyst bed on the
productivity. Experimental conditions: P = 50 bar, Tcat,out = 200 °C,
Tcond,out = 100 °C, Tcw,in = 60 °C.

Figure 11. Sensitivity of the catalyst inner wall temperature (Tw,I) of
the catalyst section.

Figure 12. Sensitivity of the catalyst outer wall temperature (Tw,o) of
the catalyst section.
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the experimental data. However, again the absolute values do
not match the experiments. This might be a result of the
location of the thermocouple as discussed above. A match of
absolute values might be found when a temperature difference
between the experimental gas temperature and the flash
temperature is assumed.
4.5. Summary. Experimental results show that an optimum

in productivity can be found when increasing the catalyst
temperature. At higher temperatures, productivity increases by
improved kinetics; however, at too high temperatures
equilibrium limitations limit productivity. Lower condenser
temperatures increase productivity, although for the current
reactor design, below 80 °C the experimental productivity is
limited by the methanol production rate in the catalyst section.
Depending on catalyst bed and condenser dimensions other
optimal temperatures might be found. At increased flow rate,
productivity is reduced because of reduction in catalyst inlet
temperature. This shows the importance of considering heat
exchange during design. By heat exchange, the catalyst inlet
temperature can be increased and consequently productivity is
increased.
The model is able to predict the trends in experimental data

correctly. However, matching absolute values is difficult
because of the description of the temperature gradient in the
catalyst section. Moreover, the sensitivity study showed that
the prediction of the absolute numbers is strongly related to
the assumptions made for the internal temperatures.

5. CONCEPT OPTIMIZATION
The LOGIC reactor will be further analyzed under forced
convection conditions in the section below. In the previous
section, it is confirmed that the reactor model describes trends
in productivity correctly. The radial temperature gradient
complicates analysis and should be avoided in a next version of
the reactor. Therefore, for further analysis and concept
optimization, a simpler approach is taken. The reactor is
modeled as a 1D-fixed bed reactor, either isothermal or
adiabatic. The dimensions of the catalyst section are kept equal
to the one in the current experimental setup. The condenser
will be modeled by a phase equilibrium flash at a certain
temperature. In this way, the reactor concept can be analyzed
independent of limitations in the current experimental setup.

5.1. Operating Conditions. Adiabatic or isothermal
operation of the catalyst section has an effect on the optimal
catalyst inlet temperature, as shown in Figure 14. For

isothermal operation the optimal productivity is reached for
catalyst inlet temperatures between 250 and 270 °C,
depending on the condenser temperature. The amount of
methanol in the catalyst inlet is dependent on the condenser
temperature; therefore, the equilibrium conversion will change
with the condenser temperature. For adiabatic operation, the
highest productivity is reached for inlet temperatures between
210 and 240 °C. The productivity reaches a maximum at
different inlet temperatures because of accumulation of the
reaction heat when operating adiabatically. Therefore, the
difference between adiabatic and isothermal operation is
smaller at a condenser temperature of 100 °C, because less
reaction heat is released at a lower conversion.
Lower productivity at high condenser temperatures is also

seen in Figure 15. Moreover, at low catalyst inlet temperatures
the productivity is limited because of slow kinetics at all
condenser temperatures. The productivity at high catalyst inlet
temperature levels off at low condenser temperature because
the system is limited in the catalyst section. Condensation of a
larger fraction of the methanol does not increase productivity

Figure 13. Sensitivity of the condenser outlet temperature (Tcw =
cooling water temperature). Note that the fourth line is flashed at the
experimental gas temperature.

Figure 14. Productivity for an adiabatic and isothermal 1D-reactor
model with phase equilibrium flash as the condenser model given as a
function of the catalyst inlet temperature for three different condenser
temperatures. P = 50 bar and vs = 0.019 m s−1.

Figure 15. Productivity as a function of the condenser temperature
for an adiabatic 1D-reactor model for four catalyst inlet temperatures.
P = 50 bar and vs = 0.019 m s−1. Symbols added to distinguish among
the curves.
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because the maximum production is achieved in the catalyst
section already. The condenser temperature at which the
production levels off depends on the dimensions of the catalyst
bed. At constant conditions, with an increase in residence time
in the catalyst section the conversion will be higher and a lower
condenser temperature will be required to condensate all
methanol. Therefore, productivity will increase with longer
residence time in the catalyst section and lower condenser
temperature, as long as the equilibrium conversion is not
reached.
Overall, it can be concluded that, when operating adiabati-

cally and for the current dimensions of the catalyst section, at
50 bar a catalyst inlet temperature of 230−250 °C combined
with an condenser temperature below 70 °C ensures optimal
productivity. Moreover, it is seen that high catalyst outlet
temperatures limit productivity in the reactor. Therefore,
(partial) removal of the reaction heat from the catalyst bed
might be beneficial for productivity of the reactor.
5.2. Conversion and Heat Flows. The per pass and

equilibrium conversion as a function of catalyst inlet
temperature for adiabatic operation are shown in Figure 16.

The equilibrium conversion is evaluated at the catalyst outlet
temperature. It is seen that with lower condenser temperature
the equilibrium conversion is increased. Since more methanol
is condensed at lower condenser temperature, a larger
equilibrium conversion can be achieved. Moreover, it is seen
thatfor the current experimental catalyst bed dimensions
the equilibrium conversion is reached between 240 and 250
°C. The selectivity to methanol is, at steady state, above 99.7%
for all temperatures. Selectivity loss to CO is only a result of
CO dissolved in the condensate. Increasing the residence time
in the catalyst section would further enhance conversion per
pass, if not limited by equilibrium. Increasing conversion per
pass over the catalyst, would decrease heat exchange and
cooler duty because of reduced recycle ratio. Therefore,
increasing the dimensions of the catalyst section (and increase
conversion pass) would reduce the dimensions of the heat
exchange and condenser section. Hence, the operating
conditions could be optimized by considering the combined
dimensions of heat exchanger and catalyst section.
The heat flows, as defined in Figure 5 in section 3.4, in the

reactor as a function of the condenser outlet temperature are
shown in Figure 17 for a simulation at a catalyst inlet
temperature of 220 °C. The amount of heat required to reheat

the gas from the condenser to the catalyst inlet temperature is
shown by the heater line in Figure 17. Because the required
heater duty is significantly larger than the reaction heat (1.5 MJ
kg−1), without heat exchange the recycle heater is required to
keep the catalyst at the right temperature. However, since the
reaction is exothermic, a heater in the recycle loop is not
preferred. Therefore, adding a heat exchanger to exchange heat
between hot gas from the catalyst section and cold gas from
the condenser is required. It is seen that for all temperatures
the cooler duty is larger than the heater duty. This shows that
no net energy supply is needed, only net cooling. An analysis of
the temperature approach of the proposed heat exchanger
shows that a condenser temperature of maximal 100 °C can be
used, to ensure a minimal temperature approachthat is the
difference between catalyst inlet and outlet temperaturein
the heat exchanger of 10 °C. However, when operating the
condenser at 70 °C the difference between catalyst inlet and
catalyst outlet temperature is already more than 30 °C,
sufficient to enable efficient heat exchange.
Looking at the heat flows in Figure 17 it can be seen that the

required heat exchanger duty per kilogram of methanol
stabilizes below 70 °C. For condenser temperatures above 70
°C the single pass conversion decreases significantly, thereby
increasing recycle ratios and heat exchanger duties. Therefore,
it is advised to operate at condenser temperatures below 70 °C
to prevent unreasonable large heat exchange areas. Moreover,
the duty of the heat exchanger and condenser are on the same
order of magnitude. Accordingly, it is not expected that adding
a heat exchanger would increase reactor dimensions
excessively.
Further heat integration in the reactor can be performed by

integration of the feed heater. As shown in Figure 17, below 70
°C, the difference between the heater and cooler duty is larger
that the feed heater duty. This shows that the cooler duty is
large enough to heat the recycle gas and the fresh feed.
Combining both heaters can easily be done by feeding the feed
stream after the condenser but before the heat exchanger. It
would only increase the required heat transfer area for heat
exchange.
Using both opportunities for heat exchange it is clear that

the reactor concept can operate without external heat input.
Only during start-up external heat input might be required to
start the reaction. For optimal heat exchange areas, condenser
temperatures below 70 °C are required. Optimization of
dimensions of the catalyst section and heat exchanger can be

Figure 16. Single-pass conversion over the catalyst bed as a function
of the catalyst inlet temperature for two condenser temperatures. P =
50 bar and vs = 0.019 m s−1.

Figure 17. Heat flows as a function of the condenser temperature. P =
50 bar, Tcat,in = 220 °C and vs = 0.019 m s−1.
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done by tuning the catalyst inlet temperature and conversion
per pass.
5.3. Natural Convection. In the two subsections above

the LOGIC concept is evaluated under forced convective
conditions. However, ideally the reactor is operated under
natural convection conditions. Thereby, the need for moving
parts in the reactor is absent, significantly reducing complexity
of reactor construction. Moreover, no external recycle loop is
required thereby saving on opex and capex for a recycle
compressor.
However, implementing heat exchange, as discussed in the

section above, would affect the driving force for gas circulation
flow under natural convection. When the average temperature
in the reactor increases, the difference in gas phase density
between the cold and hot tubes in the reactor will become
smaller. In Figure 18A the situation without heat exchange is

shown. The tube above the catalyst section is at high
temperature and low density of the gas, while the tube
below the condenser is at low temperature and high density of
the gas. In this situation the driving force for natural
convection is at its maximum.
When heat exchange is applied between the up and down

going gases directly, the average temperature in the hot tube
will become lower. At the same time, the temperature in the
cold tube becomes higher. This situation is illustrated in Figure
18B. Because, the average gas density in the hot tube is
increased, while the gas density in the cold tube is decreased,
the driving force for natural convection will be reduced.
Therefore, the flow rate will be lower compared to the
situation without heat exchange. Depending on the amount of
heat exchange, the flow by natural convection can become
minimal. Moreover, additional pressure drop by the heat
exchanger will decrease flow further.
Therefore, heat exchange should be performed carefully

without losing the driving force for natural convection and
without excessive heat exchange area. One solution can be to
apply heat exchange in the horizontal section between the
tubes. This method is illustrated in Figure 18C as external heat
exchange. In this way the driving force for natural convection is
similar to the situation without heat exchange. However, the
flow will be lower because of the increase in pressure drop due
to the heat exchange area required. A disadvantage of this

method is the need for an external heat transport medium. To
design and optimize a reactor performing with the combina-
tion of heat exchange and flow by natural convection more
research is needed. Especially, more research on the effect of
heat exchange and design of the heat transfer method on
natural convection flow is required and is the subject of
ongoing work.

5.4. Other Design Considerations. Since only gas is fed
to the reactor and only liquid is removed, any gaseous inert will
build up in the reactor. Therefore, gaseous inerts should be
removed upstream of the reactor. If the inert can be
condensed, it might be fed to the reactor. In this case the
inert will condense and leave the reactor with the condensate
product. It should then be removed from the condensate
downstream of the reactor. If any gaseous impurity is
accumulating, a (periodic) small gas purge will solve the issue.
The co-feeding of carbon monoxide is not a problem for the

reactor concept. As long as the stoichiometric number of the
reactor feed is met, both CO and CO2 will be fully converted
to methanol. Of course, during design the composition of the
feed should be taken in to account. For example, increasing
CO content in the feed will increase equilibrium conversion in
the catalyst section. Also the dew point of the mixture is
influenced because of the reduction of the water content in the
gas.
Another issue is the significant higher solubility of CO2 in

the condensate compared to H2. Therefore, more CO2 leaves
the reactor by the condensate, when compared to H2.
Consequently, stoichiometry in the reactor is shifted, and
some buildup of hydrogen will occur. A solution is to feed
slightly more CO2 to the reactor than required by
stoichiometry to compensate for CO2 losses through the
condensate. A method to recover the CO2 from the
condensate might be stripping with the hydrogen feed.53

6. CONCLUSION

A model has been developed to describe the current
experimental LOGIC reactor with gas circulation between a
catalyst and condenser section. Experimental results show that
an optimum in productivity can be found with an increase of
catalyst temperature. At higher temperatures reaction kinetics
increase, but equilibrium limitations may limit productivity. It
should be noted that, although in the current experimental
setup the catalyst temperature can be controlled, in a proposed
future autothermal concept only the condenser temperature
can be controlled and the catalyst temperature is a result of
heat exchange. Lower condenser temperatures increase
productivity, although below 80 °C the experimental
productivity is limited by the methanol production rate in
the catalyst section. At increased flow rate, the reactor
productivity is reduced because of lower average catalyst
temperature. This effect can be reduced by sufficient heat
exchange in a next generation design.
The model developed is able to predict the trends in

experimental data correctly. However, matching absolute
numbers of methanol production rates need further refinement
of the model. By modeling it was found that a radial
temperature gradient is present in the catalyst section,
complicating optimization and leaving scope for design
improvements. A sensitivity study showed that the prediction
of absolute numbers strongly depends on the assumptions for
temperature boundary conditions.

Figure 18. Effect of heat exchange on natural convection flow.
Catalyst section (bottom left) and condenser section (top right): red
= high temperature, blue = low temperature, orange = medium
temperature.
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Further analysis of the LOGIC concept without the
limitations of the experimental setup was performed by an
adiabatic 1D-reactor model in combination with an equili-
brium flash condenser. The analysis showed that at 50 bar and
fixed residence time in the catalyst zone a catalyst inlet
temperature of 230−250 °C combined with an condenser
temperature below 70 °C ensures optimal productivity and
heat exchange areas. Moreover, analysis of the heat flow
showed that operation without external heating is possible by
the heat exchange between gas from the condenser and catalyst
section.
The most important design parameter is found to be the

conversion per pass over the catalyst. Increasing dimensions of
the catalyst section will increase conversion per pass and
reduce heat exchange and condenser area, because of a lower
recycle ratio. Consequently, overall reactor dimensions can be
optimized by finding the most optimal sum of the dimensions
of the catalyst section and the heat transfer area required.
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