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� Hydrothermal gasification is a promising route for H2 production and water clean-up.

� The two-step approach is promising for carbohydrate-rich wastes and wastewaters.

� Feedstock price, concentration and quantity influence the H2 price significantly.
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A two-step approach to hydrothermal gasification of carbohydrate-rich wastes and

wastewaters is a promising route for H2 production and simultaneously as a water clean-

up technology. Experimental data and kinetic models are used to further develop the

process for industrial scale. In this work, a preliminary process design is conducted in

order to assess the market potential of the two-step process. For stabilisation, two cases

are considered: the use of excess vs. stoichiometric H2, and for gasification, the utilisation

of sequential reactors for gasification housing Pt and Ru catalysts is compared to a single

reactor with Pt alone. A total of four options are conceptually designed and economically

evaluated. Using state-of-the-art insights and process techniques and the current market

scenario, a minimum H2 selling price of 3.4 $ kg�1 was obtained.

A sensitivity study showed that the feedstock price, concentration and quantity, played

a crucial role in the selling price of H2. These variables are all correlated and are dependent

on the industry from where the feedstock is obtained. Industrial wastewater streams rich

in carbohydrate residues and associated with gate fees were found to be promising feed-

stock for the process.

Further advancement in the areas of catalyst development (hydrothermal stability,

affordability) as well as increased H2 yields are necessary in order to improve the eco-

nomics of this process on industrial scale.
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Introduction

Hydrothermal conversion of biomass streams has attracted

considerable attention in the past few decades as a possible

route for production of energy and chemicals [1e3]. One route

of conversion is hydrothermal gasification, in which biomass

reacts with water to produce gaseous products. While the

hydrothermal gasification of several wet biomasses has suc-

cessfully been achieved [4], an issue with the gasification of

sugars derived from biomass at sub-critical temperatures, is

the production of coke, which leads to lower gas yields [5,6].

This problem is circumvented by utilising a pre-treatment

step called stabilisation prior to gasification in order to stabi-

lise the sugars,making them less prone to form coke and char.

Stabilisation has been widely studied in the upgrading of py-

rolysis oil in which lower temperatures were found to favour

hydro-treating reactions over polymerisation reactions [7,8].

In our previous work, this two-step approach, as depicted in

Fig. 1, was successfully tested using sucrose as a model car-

bohydrate [9].

Stabilisation prior to gasificationwould be useful especially

in the treatment of aqueous carbohydrate streams derived

from agricultural and food residues. Suchwastewater streams

are present in several fruit processing industries (Refer Table

1), and have COD values of 20e120 kg O2 m
�3 [9]

While bench-scale studies on hydrothermal gasification

have been conducted for a wide variety of feedstock [2,10,11],

to date, there has been limited pilot-scale studies on H2 pro-

duction from real feedstock at sub-critical temperatures. Most

studies focus on obtaining clean water by producing CH4,

similar to biological routes like aerobic and anaerobic diges-

tion, which treat organic wastes to produce biogas. Challenges

include poor H2 selectivity at lower temperatures using het-

erogeneous catalysts, and poor yields due to microbial inhi-

bition using fermentation. The two-step approach potentially

offers an economical attractive route to hydrothermal gasifi-

cation, by focussing on the production of H2. Because H2 is a

more energetically valuable fuel than biogas, application of

the process has the potential to reduce the costs associated

with water clean-up technologies.

The objective of this work was to evaluate the two-step

approach to hydrothermal gasification for hydrogen produc-

tion and water clean-up on an industrial scale. Complex

feedstock including starch and sugar beet pulp were the focus

of experimental work. This, along with published kinetic data

[9,12] were used to design the process. The economics of the

process are assessed by calculating a minimum H2 selling
Fig. 1 e Scheme of the two-step appro

Please cite this article as: Paida VR et al., A two-step approach to the
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price. The market potential of the process is estimated by

comparing it to competitive renewable H2 production

technologies.
Feedstock

The type and composition of feedstock is crucial for the pro-

cess design and economics. Depending on the source of ma-

terial, biomass can vary in its carbohydrate, lignin and ash

content. Hydrothermal biomass processing focusses on

aqueous biomass streams that have a moisture content of

70e95%. Wastes and wastewater streams from food and feed

industries are therefore valuable feedstock for the process, as

well as sewage sludge, domestic and agricultural residues.

More specifically, the process under consideration is most

advantageous for highly coking feeds such as wastewater

streams rich in sugars and carbohydrates, for instance from

the fruit and vegetable processing sectors. An example is

apple pomace, a fruit waste containing 80e90%moisture with

a large carbohydrate content. While this is currently used as

animal feed, its high moisture, low protein and low vitamin

content limit its nutritional value, making it a suitable feed-

stock for hydrothermal processing [13]. Table 1 provides an

overview of the typical composition of industrial wastewaters

relevant as feedstock for the process.

In order to mimic the industrially relevant feedstock

shown in Table 1, in addition to previous work on sucrose [9],

the feedstock studied in this work include starch (model

polysaccharide) and sugar beet pulp (SBP). Sucrose was

selected as a model compound representing monomeric

sugars and short-chain oligosaccharides. Starch was used as a

model polysaccharide representing a biomass polysaccharide

such as hemi-cellulose. Sugar beet pulp was selected as a real

biomass feed due to its high hemi-cellulose and cellulose

fractions and lower lignin content [22].

Sugar beet pulp was obtained as wet pulp fibres (moisture

content 75%). Table 2 presents the composition of the two

feeds, in comparison to sucrose which was studied in our

previous work [9]. The ultimate analysis of the feedstock after

dryingwas determined using a Flash Elemental Analyser 2000.
Experimental section

Experiments were conducted in a 45 ml batch autoclave

reactor. The required experimental procedure, methods of

analysis and calculations are discussed in our previous work
ach to hydrothermal gasification.

hydrothermal gasification of carbohydrate-rich wastes: Process
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Table 2 e Feedstock studied for the two step process. *
Refer [9] for experimental work with sucrose.

Ultimate analysis
(mass %)

Sugar beet pulp
(after drying)

Sucrose Starch

C 30.1 42.1 44.4

H 4.5 6.4 6.2

N 0.8 0 0

O 64.6 51.4 49.4

Feed concentration (wt%) 10 10 10

Carbon mass % (used in

experiments)

0.75 4.2 4.4

i n t e r n a t i o n a l j o u r n a l o f h y d r o g en en e r g y x x x ( x x x x ) x x x 3
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in which the kinetics of sucrose stabilisation were studied [9].

Stabilisation experiments for starch were conducted at vary-

ing residence/holding times (30e120 min) and temperatures

(200e240 �C) using a 5 wt% RueC catalyst, which was found to

be superior than Raney-Ni in terms of activity and lifetime for

the hydrogenation of sugars [23,24]. Therefore, it was selected

as the stabilisation catalyst in this work. Duplicate measure-

ments for starch stabilisation at 220 �C and 60 min were used

to represent the errors of the whole population at all tem-

peratures and residence times. Table A.1 in Appendix A pre-

sents the standard deviation of the mean at 95% confidence

levels. Carbon balance closures were found to be above 95%

for all stabilisation experiments.

Experimental results

Starch
The key reactions occurring in the stabilisation of starch are

the hydrolysis of starch to glucose monomers (rH2O), cata-

lysed by water, the hydrogenation of glucose monomers to

sorbitol (SB) (rH2,G) and the hydrogenolysis of sorbitol to

smaller alcohols that are further converted to CH4 (rH2,S), both

catalysed by the RueC hydrogenation catalyst.

Preliminary stabilisation experiments were conducted

with a 10 wt% aqueous starch solution using a H2 inlet pres-

sure of 50 bar at room temperature at varying temperatures

(200e240 �C), RueC concentrations (5 and 10 wt% based on

organics) and residence times (30e120min). Experimentswith

a 10wt% catalyst concentration, based on organics, resulted in

gasification of over 20% of the feed carbon into the gas phase

as CH4, meaning that rH2,G and rH2,S were occurring rapidly,

steering the reactants towards CH4 production. The catalyst

concentration was therefore lowered to 5 wt% for further ex-

periments. Even lower catalyst concentrations may be

feasible, but were not explored.

Fig. 2(a) depicts the influence of residence time and tem-

perature on the yield of sorbitol. The decrease in sorbitol yield

at higher temperatures is due to the hydrogenolysis of sorbitol

to smaller polyols [25], as confirmed by liquid phase analysis.

Hydrogenolysis and hydrogen consuming reactions are fav-

oured at higher temperatures, as illustrated in Fig. 2(b),

meaning that rH2,S > rH2,G. The H2 consumption was calcu-

lated as the absolute difference in the quantity of H2 before

and after the experiments. A figure of the HPLC spectrum of a

stabilised starch product can be found in Figure A.1 in

Appendix A-2. Higher temperatures also favour the hydrolysis

reaction rH2O, leading to glucose and its unstable
hydrothermal gasification of carbohydrate-rich wastes: Process
nergy, https://doi.org/10.1016/j.ijhydene.2019.08.027
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Fig. 2 e The effect of residence time and temperature on (a) sorbitol yields and (b) H2 consumption. Experiments were

conducted with an initial H2 pressure of 50 bar at room temperature, and 5 wt% RueC based on organics.
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decomposition products which are precursors for coke for-

mation. This leads to a colouring tendency of the liquid, and

can be visualised in Figure A.2 in Appendix A-2.

Fig. 3 depicts the gas phase composition for experiments

conducted at 220 and 240 �C. Using a RueC catalyst at higher

temperaturesand longer residence times leads tomethanation

and reforming reactions, therefore producing CH4 and smaller

amounts of H2 andCO2. Itmust be noted that the production of

H2 can’t directly be monitored since H2 is a reactant for stabi-

lisation. While H2 can also be produced via dehydrogenation

reactions, the low yields of CO2 (<0.5% mol mol C�1) via

reforming do indicate that H2 production is also low.

Preliminary gasification experiments of stabilised starch

showed that the coking tendency was present in the dis-

coloured samples as well as partially hydrolysed samples.

This is understandable, as the discolouration in the samples

stabilised at higher temperatures occurred due to the

increased rate of hydrolysis (rH2O > rH2,G), thereby producing

glucose monomers that degraded to coke precursors before

they could be hydrogenated to sorbitol. In the case of partially
Fig. 3 e Gas phase composition of carbon constituents.

Experiments were conducted using an initial H2 pressure

of 50 bar at room temperature, and 5 wt% RueC based on

organics. The colours represent CH4 (white) and CO2 (grey).

The patterns represent 220 �C (pattern empty) and 240 �C
(pattern fill).

Please cite this article as: Paida VR et al., A two-step approach to the
design and economic evaluation, International Journal of Hydrogen
hydrolysed stabilised samples at lower temperatures (rH2-

O < rH2,G), the coking tendency is caused by the glucose

monomers released from the hydrolysates during the gasifi-

cation at higher temperatures. The success of a stabilisation

experiment was therefore not based on the sorbitol yield

alone, but based on the visual appearance of the liquid

effluent and on the requirement of complete conversion of the

polysaccharide to stable alcohols.

Fig. 4 illustrates the chemistry of the stabilisation of starch

in comparison to the hydrolysis of starch in hot compressed

water. In the case of starch hydrolysis experiments, a

maximumglucose yield of 50%was achieved at 220 �C and at a

residence time of 15 min. This yield is comparable to previous

work on the hydrolysis of starch in hot compressed water,

with and without the use of CO2 [26]. Unfortunately the hy-

drolysis of starch was accompanied by severe coke formation.

An analysis of the liquid effluent revealed glucose degradation

products including 5-HMF, furfural and 1,6-anhydroglucose,

compounds that are precursors to polymerisation reactions

[27].

Experiments showed that themost ideal situation is one in

which the rate of hydrolysis of starch to glucose monomers is

much slower than the rate of hydrogenation of glucose to

sorbitol (rH2O « rH2,G), making it the rate limiting step of the

reaction. This eliminates the decomposition of glucose to

coking products. This can be achieved by operating at lower

temperatures. In addition, controlling the concentration of the

RueC catalyst is necessary in order to avoid the conversion of

sorbitol to CH4. No coke formation was observed during the

one-pot process, presenting a significant advantage over the

non-catalytic hydrolysis of starch in hot compressed water.

Although typically enzymatic and acidic methods are uti-

lised for the degradation and hydrolysis of starch and other

ligno-cellulosic biomasses with >90% recovery of mono-

saccharide (reducing) sugars [28e30], in this work hot com-

pressed water was more suitable because of its simple

processing. Additionally, since stabilisation with sufficient H2

pressure and a catalyst satisfactorily converts poly-

saccharides to stable compounds that can be gasified without

coke formation, obtaining reducing (mono)sugars prior to

stabilisation is no longer a requisite for the process.
hydrothermal gasification of carbohydrate-rich wastes: Process
Energy, https://doi.org/10.1016/j.ijhydene.2019.08.027
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Fig. 4 e Starch degradation in hot compressed water.
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Sugar beet pulp
Stabilisation experiments with sugar beet pulp were conduct-

edafter an initial extractionstepat 200 �C for 2min to solubilise

the sugars. In this extraction step 55e60% of the initialmass of

the pulp was dissolved into an extracted liquid effluent. The

residual 40e45% remained as a cake after filtration. These re-

sults can be visualised in Figure A.3 in Appendix A-3. An ulti-

mate analysis of the samples showed that the hydrolysate

contained none of the nitrogen present in the feed, meaning

that the proteins were not dissolved and remained in the res-

idue. The extracted hydrolysate therefore consisted of the

hemi-cellulosic and pectin components of the pulp.

Following the hydrolysis step, stabilisation experiments of

the hydrolysates were conducted to produce clear solutions

with water soluble compounds, also shown in Figure A.3 in

Appendix A-3. No coking formation was observed during the

stabilisation step. With respect to carbon distribution, 48% of

the carbon in sugar beet pulp was extracted into the liquid

phase. Due to the large amount of water utilised to dissolve

the pulp, this resulted in the extracted stream containing

0.3e0.4 wt% carbon. Stabilisation was found to be successful
Please cite this article as: Paida VR et al., A two-step approach to the
design and economic evaluation, International Journal of Hydrogen E
based on the colour of the stabilised liquid and by the lack of

polysaccharide peaks in the corresponding HPLC curves.

Fig. 5 compares gasification results of the mixtures pro-

duced from the stabilisation of starch and sucrose, to the

gasification ofmodel compound sorbitol in water over a 5 wt%

PteAl2O3 catalyst. It is important to note that while a slightly

lower temperature for sorbitol gasification is used for com-

parison (290 �C), a lower weight hour space velocity (WHSV) of

1 hr�1 is also used. It can be seen that the total carbon gasifi-

cation (XCG) of starch stabilised for 120min is similar to that of

stabilised sucrose under the studied-, comparable, conditions.

Therefore, the kinetics of sucrose stabilisation [9] and sorbitol

gasification [12] are used in this study for the process design

and economic evaluation.

Process design

Plant size

The total flow of wastewater in the current design is selected

to be 200,000 kg h�1 at a concentration of 100 g L�1. This
hydrothermal gasification of carbohydrate-rich wastes: Process
nergy, https://doi.org/10.1016/j.ijhydene.2019.08.027
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Fig. 5 e Comparison of gasification efficiencies of stabilised starch to stabilised sucrose and sorbitol. Experiments were

conducted using 5 wt% PteAl2O3.
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corresponds to a COD of 47 g O2 L�1, similar to wastewater

streams tabulated in Table 1. The process is designed based on

experimental work with 100 g L�1 aqueous sucrose.

The process described here focusses on the production of

H2 from aqueous biomass streams via a two-step process. The

process is divided into the following sections, as shown in the

block diagram in Fig. 6. The inside battery limits (ISBL) for the

process design are enclosed in the red border.

Techno-economic approach

From our previous work, kinetic models developed in Matlab

R2017a based on experimental studies were used to design

and size the reactors for both stabilisation and gasification

steps [9,12]. The desired conversions and gas yields were

incorporated in yield reactors in Aspen Plus V10, integrated

within process flow diagrams to obtain thermodynamically

feasible material and energy balances for unit operations in
Fig. 6 e Block diagram of

Please cite this article as: Paida VR et al., A two-step approach to the
design and economic evaluation, International Journal of Hydrogen
the process. This data is used in determining the size and bare

equipment cost of the unit operations involved, by utilising

Aspen Process Economic Analyzer (APEA). Peters et al. [31] and

Seider et al. [32] are used to double check the bare equipment

costs. The results obtained were in the same order of magni-

tude, as tabulated in Table A.2 in Appendix A-4. Therefore, the

determination of the total capital investment (TCI) and total

production cost (TPC) is based on the bare equipment costs

obtained from APEA. A discounted cash flow analysis is used

to calculate the minimum selling price for H2 at zero net

present value (NPV).

This study uses ‘nth-plant’ economics, assuming that

this is not a pioneer plant, rather, one of n plants using the

same technology. This assumption avoids risk financing,

longer start-ups, equipment overdesign and additional

costs typically associated with a pioneer plant, thereby

inhibiting these costs from influencing the economics of the

process [33].
the overall process.

hydrothermal gasification of carbohydrate-rich wastes: Process
Energy, https://doi.org/10.1016/j.ijhydene.2019.08.027
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Table 3 e Stabilisation reaction conditions.

Overall modelling parameters

Total feed flow rate 200 tons hr�1

Feed concentration 10 wt %

H2 flow 260 kg hr�1

Temperature 140-144

(inlet-outlet)

�C

Pressure 120 bar

Reaction parameters

WHSV 40 hr�1

Catalyst type 5 wt% RueC

Total catalyst requirement 500 kg

Polyol yields

Sorbitol 1.46 mol (mol Sucrose)�1

Mannitol 0.53 mol (mol Sucrose)�1

i n t e r n a t i o n a l j o u r n a l o f h y d r o g en en e r g y x x x ( x x x x ) x x x 7
Aspen Plus property method

The property method in Aspen Plus is used to determine the

thermodynamic properties of the components of the system.

Keeping in mind the system under consideration, the choice

of property method can significantly influence the partial

pressures of the gases inwater. High pressure systems require

the use of an equation of state (EOS) model since activity co-

efficient models are not suitable for pressures over 10 bar.

Previous comparative studies of hydrothermal biomass sys-

tems in near-critical and super critical conditions show that

using an EOS method along with a suitable mixing rule (alpha

function), led to less than 2% difference in hydrogen produc-

tion between the different suitable combinations [34]. One of

the considered EOS methods and alpha functions, RKS-BM

was therefore selected in this study.

Stabilisation

Stabilisation, a low temperature hydrotreating step, has been

studied extensively in the upgrading of pyrolysis oils derived

from biomass [7,8]. Stabilisation was introduced in order to

reduce the reactivity towards polymerisation and condensa-

tion reactions, that lead to coking and plugging of reactor

lines. In the field of pyrolysis, stabilisation involved hydroge-

nation, hydrogenolysis and hydrodeoxygenation (HDO) type

reactions.

In the process concept considered, stabilisation is utilised

as a pre-treatment step prior to gasification in order to convert

aqueous sugars or carbohydrate streams derived from

biomass to H2 and CH4. Experimental work with three types of

feedstock confirm that stabilisation of sugars and poly-

saccharides produces more stable mixtures of polyols and

alcohols, which have improved gasification efficiencies and

show no coke formation in comparison to their carbohydrate

counterparts.

Experimental work confirms that stabilisation of both

starch and SBP hydrolysate was successful. For design pur-

poses the kinetics of sucrose stabilisation will be utilised to

size the reactor [9].

Design
In the stabilisation step, the feed stream is hydrogenated with

H2 recycled from the gasification reactions. Hydrogenation

reduces ringed sugars to linear sugar alcohol forms, which

were found to be more stable in hot compressed water and

lead to reduced coke formation. Typical catalysts for hydro-

genation of sugars, organic acids, aldehydes and ketones

include Raney-Nickel, titania, carbon, or alumina supports

doped with group VIII metals including ruthenium, platinum

or rhenium [33].

The hydrogenation of sucrose over 5 wt% RueC in the

presence of an excess amount of H2 was studied between 100

and 140 �C in batch autoclave tests [9]. In these experiments,

100% conversion and selectivity towards polyol production

was achieved. Additionally, no gas products were formed,

indicating that the excess H2 used for stabilisation could

directly be recycled. For larger polysaccharides, further opti-

misation of stabilisation is necessary in order to minimise gas

production. A pseudo-first order kinetic model was developed
Please cite this article as: Paida VR et al., A two-step approach to the
design and economic evaluation, International Journal of Hydrogen E
in order to describe the kinetics of the reaction. The overall

reaction stoichiometry for the hydrolysis of sucrose and sub-

sequent hydrogenation of its monomeric sugars is shown

below.

C12H22O11 þH2Oþ 2 H2/2 C6H14O6 (3.1)

The enthalpy of reaction DHr (kJ mol�1) is estimated for

both stabilisation and gasification steps using Aspen Plus V10.

The reactions considered are shown below. The hydrogena-

tion of sucrose to sorbitol and mannitol is an exothermic re-

action with a calculated reaction enthalpy of �56.3 kJ mol�1.

This is calculated by combining the reaction enthalpy of hy-

drolysis of sucrose, determined to be �19.4 kJ mol�1 which is

consistent with that determined by Tombari et al. [35], and the

reaction enthalpy of hydrogenation of glucose, determined to

be�40.5 kJmol�1. Considering the enthalpy change associated

with the phase change of water, this leads to a DHrs of

�56.3 kJ mol�1.

Sucrose hydrolysis:

C12H22O11 þH2OðgÞ/2 C6H12O6 DHr ¼ �19:4 kJ mol�1

Glucose hydrogenation:

C6H12O6 þH2/ C6H14O6 DHr ¼ �40:5 kJ mol�1

Water:

H2O ðgÞ/ H2O ðlÞ DHr ¼ �44:0 kJ mol�1

Stabilisation:

C12H22O11 þH2Oþ 2H2/2 C6H14O6 DHrs ¼ �56:3 kJ mol�1

Considering an adiabatic tubular reactor, this translates to

an adiabatic temperature rise of 4 �C. Table 3 presents the

kinetic information used to design the stabilisation reactor

(see Table 4 for summary).

For design purposes, two cases for stabilisation are

considered, as depicted in Fig. 7.

In Case A, as in the work of Westerterp et al. [36], the sta-

bilisation step is designed in such a way that the H2 supply is

minimised to a little over the stoichiometric requirement.

While the use of an excess amount of H2 is useful in terms of

enhanced reaction rates, the separation of H2 post stabilisa-

tion, followed by re-compression of the recycle H2, becomes
hydrothermal gasification of carbohydrate-rich wastes: Process
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Table 4 e Reactor sizing summary for the stabilisation
reactor.

Parameter Value Units

Reactor specifications

Tube length 6 m

Tube OD 0.03 m

Number of tubes 283 e

Catalyst load 500 kg

Catalyst bulk density 600 kg m�3

Catalyst lifetime 2 years

Time between regeneration 0.5 years
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expensive. The supply of a stoichiometric quantity of H2 at

high system pressures ensures that there is a high partial

pressure of H2 in the liquid, therebymaintaining high reaction

rates and minimising H2 consumption in consecutive side

reactions. In Case B, the use of an excess amount of H2 for

stabilisation is considered, followed by H2 separation, recycle

and recompression.
Fig. 7 e Stabilisation cases A an

Please cite this article as: Paida VR et al., A two-step approach to the
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Sizing
The stabilisation reactor is designed as an adiabatic multi-

tubular reactor. Due to the higher temperatures considered

in comparison to typical hydrogenation reactions, a smaller

reactor was required due to the increased reaction rates. A

largeWHSV ensures goodwetting of the catalyst particles, and

therefore, the packed bed reactor is operated as a co-current

down-flow trickle flow reactor since this best approaches

plug flow behaviour.

A commercial 5 wt% RueC catalyst is considered for sta-

bilisation. The target 2-year lifetimes of the catalysts is similar

to standard lifetimes of catalysts used in refineries. Regener-

ation of the catalyst by standard combustion techniques is

typically conducted once or twice a year in the petroleum

industry. For catalysts supported on carbon however, the

catalyst is regenerated by hot hydrogen stripping [33].

Considering the low molecular weight of H2, and the

requirement for a large discharge pressure, the H2 compressor

is designed as a reciprocal compressor with a polytropic effi-

ciency of 75%. The high pressure feed pump is designed as a

centrifugal pumpwith an inlet feed flowrate of 200m3 h�1 and
d B considered for design.
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Fig. 8 e Reactor configuration options 1, 2 and 3.
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an efficiency of 70%. A static mixer is used to mix the pres-

surised H2 and liquid feed.

Gasification

This section begins with an aqueous polyol stream consisting

of sorbitol and mannitol (10 wt% in water) entering the gasi-

fication reactor. From experimental findings and literature

work, it is known that the productivity of H2 can be enhanced

by improving its separation from the gas mixture as soon as it

is produced.What is also known in terms of catalyst activity is

that platinum catalysts show high selectivity towards H2

production, but lower reactivity in terms of CeC cleavage.

Ruthenium catalysts on the other hand are highly active in

terms of CeC cleavage and consume H2 in methanation re-

actions. Additionally, RueC catalysts have been found to show

improved stability and negligible coke formation in compari-

son to the other supports and that the carbon retained its

surface area and pore volume after exposure to supercritical

conditions [37]. Keeping these insights in mind, three options

are considered for the gasification reactor configuration in

order to simultaneously maximise carbon gasification and

obtain optimum H2 yields. Fig. 8 depicts the options.

Design
In the gasification step, a hydrogenated mixture of polyols is

heated to the inlet reactor operating temperature of 300 �C.
The polyols are reformed to produce H2, CO2, and light al-

kanes, through multiple pathways that involve intermediate

oxygenates dissolved in water. Typical reforming catalysts

include titania, zirconia, carbon and oxide supports like silica

alumina doped with metals including platinum (Pt), nickel

(Ni), ruthenium (Ru), copper (Cu), palladium (Pd), cobalt (Co)

[33].

For Option 1 (gasification over a platinum catalyst), a path

lumped model was developed based on experimental results

to describe the conversion of sorbitol to gases in a tempera-

ture range of 270e350 �C [12]. This model developed in Matlab

2017a was used to determine the yields of H2 and CO2 pro-

duced at 300 �C using a design constraint of >95% carbon

conversion to gas. 5% of the carbon remains as dissolved ox-

ygenates inwater, represented as Coxy in Eq (4.1). In the kinetic

model, all the gaseous alkanes produced (C1eC6) were

assumed to be represented by propane. However, for the

design, experimental yields of CH4 were considered, while the

rest were lumped as C2þ gaseous alkanes and were repre-

sented by C2H6. It must be noted that the carbon representa-

tion in gaseous alkanes in order to calculate the total carbon

gasification XCGwas the emphasis of this work rather than the

contribution of each individual alkane detected. The stoichi-

ometry considered for the gasification reactions over 5 wt% Pt

on g-Al2O3 for Option 1 are as follows:

C6H14O6 þH2O/3:4 H2 þ 3 CO2 þ 0:3 CH4 þ 1:2 C2þ þ 0:3 Coxy

(4.1)

For the second case, the path lumped model was used for

the partial gasification of sorbitol at 300 �C under which con-

ditions maximum H2 was produced. This was achieved at a

total carbon gasification of 77%. The yield of the gases
Please cite this article as: Paida VR et al., A two-step approach to the
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obtained from the gasification of the remaining dissolved or-

ganics over the ruthenium catalyst were based on experi-

mental data [9]. The stoichiometry of the overall gasification

reaction over the 5 wt % PteAl2O3 and 5 wt % RueC series for
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nergy, https://doi.org/10.1016/j.ijhydene.2019.08.027

https://doi.org/10.1016/j.ijhydene.2019.08.027


Table 5 e Gasification reaction conditions for options 1, 2 and 3 depicted in Fig. 8.

Overall modelling parameters Operating condition Units

Total feed flow rate 200 tons hr�1

Feed concentration 10 wt %

Temperature 300 �C
Pressure 115 bar

Reaction parameters Option 1 Option 2 Option 3

WHSV 0.25 0.45 0.54 0.33 0.54 kg C fed (kg cat hr)�1

RGL 0 0 0 50 0 m3 N2 m
�3

l NTP

Catalyst type 5 wt% Pt on

g-Al2O3

5 wt% Pt on

g-Al2O3

5 wt% RueC 5 wt% Pt on

g-Al2O3

5 wt% RueC

Total catalyst requirement 31,810 17,495 2250 23,856 980 kg

Gas yields

H2 3.4 5.2 8.0 mol (mol SB)�1

CO2 3 3.6 4.6 mol (mol SB)�1

CH4 0.3 0.9 0.38 mol (mol SB)�1

C2þ alkanes 1.2 1.5 1 mol (mol SB)�1

Carbon balance %

Gaseous alkanes 45 40 24

CO2 50 60 76

Intermediate oxygenates 5 0 0

Total carbon gasification 95% 100% 100% mol C gas*100 (mol C)�1

H2 productivity 11.7 28.8 35.5 mol H2 (kg cat hr)�1
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Option 2 based on experimental results alone, and optimised

using the path-lumped model for H2 production over PteAl2-
O3, are shown below as Eqs. (4.2) and (4.3) respectively.

C6H14O6 þH2O/3:22 H2 þ 3:5 CO2 þ 1:51 CH4 þ 0:52 C2þ (4.2)

DHrg ¼ 63:5 kJ mol�1

C6H14O6 þ1:21 H2O/5:18 H2 þ 3:6 CO2 þ 0:9 CH4 þ 0:75 C2þ
(4.3)

In option 3, the utilisation of an ideal industrial catalytic

(packed bed) membrane reactor that can be used for the hy-

drothermal gasification of clean aqueous polyol streams

derived from biomass is envisaged. Gas yields for option 3 are

calculated based on experiments conducted in a fixed bed

reactor using N2 as a stripping agent in order to increase H2

yields. The underlying principle of the extraction of a desired

product before its consumption in the reaction environment is

synonymous in the case of a catalytic membrane reactor and

the use of an inert sweep gas as a stripping agent. While this

by no means suggests an exact similarity between the two

reactor types, experimental data using N2 can provide insight

into the advantages of increasing H2 yields at the cost of a

more expensive separation unit.

The path lumped model developed for the hydrothermal

gasification of sorbitol taking into account the inlet N2 to

liquid feed ratio (RGL ¼ 50 m3 N2 m�3
l NTP) is used to

determine the reaction parameters and gas yields for the

partial gasification of sorbitol over PteAl2O3 in Option 3. The

calculation of gas yields for the resulting stream that is

treated with RueC is performed in a manner similar to that

conducted for option 2. The overall stoichiometry is given as

follows:

C6H14O6 þ3:25 H2O/8:02 H2 þ 4:62 CO2 þ 0:38 CH4 þ C2þ (4.4)
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While it is difficult to study the consumption and produc-

tion of water in the gasification reactions under hydrothermal

conditions, due to the excess amount of water, it is known

that dehydration reactions promote the production of al-

kanes, while reforming reactions that consume water pro-

mote the production of H2 [38].

Membrane reactors for the production and separation of H2

have been studied extensively [39]. Pd-based membranes and

zeolites have been utilised successfully for steam reforming

reactions at high temperatures (>600 �C) and

pressures > 10 bar. However, the application of catalytic

membrane reactors in the field of hydrothermal gasification

has been limited. D’Angelo et al. [40] utilised a carbon coated

ceramic membrane reactor under aqueous phase reforming

conditions (200 �C and 25 bar) for the production and separa-

tion of H2 from the reforming of sorbitol. The membrane

reactor yielded 2.5 times more H2 than a reference tubular

reactor when operated at low residence times. The successful

implementation and economic viability of membranes on an

industrial scale requires improvements in hydrothermal sta-

bility and high pressure operation.

Of the three options considered, it can be seen from Table 5

that options 2 and 3 provide significant improvements with

respect to H2 productivities. This is due to the higher H2

selectivity obtained at lower residence times and lower carbon

gasification XCG over the PteAl2O3 catalyst. Larger residence

times leads to the increased production of alkanes [12].

Additionally, the advantage of utilising RueC instead of

PteAl2O3 for the carbon to gas conversion is the high reactivity

of the former towards CeC cleavage reactions.

Sizing
Based on the reactor configuration options depicted in Fig. 8,

the downstream recovery and separation steps vary. Options

1, 2 and 3 tabulated in Table 5 are evaluated in this section.

Reactor sizing is tabulated in Table 6. In all cases a catalyst
hydrothermal gasification of carbohydrate-rich wastes: Process
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Table 6 e Reactor sizing and cost summary for
gasification reactors.

Parameter Option 1 Option 2 Units

Tube length 10 10 6 m

Tube OD 0.051 0.051 0.03 m

Number of tubes 2000 1100 320 e

Catalyst load 31,810 17,495 563 kg

Catalyst bulk density 1000 1000 600 kg m�3
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lifetimes of two year is assuming with catalyst reactivation

every 6 months.

For the membrane reactor option, the required area was

determined by calculating the H2 flux (mol H2 m�2 s�1) using

Sievert’s law, which relates the solubility of a diatomic gas in

metal to the square root of the partial pressure of the gas in

thermodynamic equilibrium, as shown in the following

equation [41]:

NH2
¼k*ðP0:5

H2;ret
� P0:5

H2;perm
Þ

Permeation data from different types of membranes show

that the permeance of H2 varies from 10�2 to 10�8 mol H2 m
�2

s�1 Pa�0.5 [41]. Considering a permeance (k) of 10�3 mol H2 m
�2

s�1 Pa�0.5, a realistic H2 retentate-side partial pressure of 6 bar

(30 vol% of gas considering a total system pressure of 115 bar

and a water saturation pressure of 86 bar at 300 �C), a H2

permeate-side partial pressure of 4 bar gives a H2 flux of

4.5*10�4 mol H2 m�2 s�1. This value is orders of magnitude

lower than the DOE target H2 flux of 1.135 mol H2 m
�2 s�1 due

to the low partial pressures of H2 present under hydrothermal

conditions. Increasing the flux would require extremely large

quantities of sweep gas to reduce the PH2;perm
, or the utilisation

of thinner membranes in order to increase the permeance k

through the membrane. Using the calculated NH2
of

4.5*10�4 mol H2 m�2 s�1, an area of 542,000 m2 would be

required to meet the flux demand of 244 mol H2 s�1. Consid-

ering the 2015 DOE target costs of <5400 $ m�2 for a palladium

membrane [41], this would lead to a significant installed cost

of 3 billion $. The membrane reactor option is, considering

current cost estimates, not considered for further economic

calculations.
Table 7 e Costs of raw materials and utilities.

Item Cost Unit Source

Raw materials

Feedstock 75 $ ton�1 (organics) Assumed

Pt 30,333 $ kg�1 [45]

Ru 2167 $ kg�1 [45]

Ni 11 $ kg�1 [49]

Activated carbon/Alumina 33 $ kg�1 [44]

Utilities

Electricity 0.0775 $ kWh�1 APEAa

Cooling water 0.0317 $ m�3 APEA

MP steam 2.2 $ GJ�1 APEA

Fired heat 4.25 $ GJ�1 APEA

a APEA e Aspen Process Economic Analyser.
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The reactors are designed as adiabatic multi-tubular fixed

bed reactors. Considering the reactions presented in Section

Design, the combined endothermicity of the reforming re-

actions and exothermicity of the methanation reactions leads

to an adiabatic temperature change of ±5 �C.
By selecting a tube diameter and length, the inside volume

of the tubes are calculated. A 2 inch outside diameter is

selected, ensuring good flow distribution and minimal wall

effects [31]. For cost estimation, the cost of a shell-and-tube

heat exchanger is estimated, taking into account the high

pressure (~120 bar). The costs are estimated using Aspen

Process Economic Analyzer V10.

Recovery and separation

This section involves the separation of the gases from the

water, followed by the separation of pure H2 from the gas

mixture including CO2, CH4 and light alkanes. High purity H2

is required for recycling to the stabilisation step. The sepa-

ration of H2 from gas mixtures on an industrial scale is

typically achieved using pressure swing adsorption, cryo-

genic distillation, and more recently, through the use of

membranes [42]. The choice of separation technology de-

pends on the composition of the gas stream, as well as the

pressure and temperature requirements of the stream prior

and post gas separation. In this work, the state-of-the-art

commercial technology of pressure swing adsorption is

selected because H2 is recovered at high pressure. Mem-

branes, on the other hand, require a positive H2 partial

pressure driving force, which limit recovery and lead to

lower pressures of recovered H2, thereby increasing recom-

pression costs [43].
Process economics

The economic evaluation of the two-step hydrothermal gasi-

fication process is conducted in order to assess its potential as

ameans of cleaningwastewater streams and, simultaneously,

producing useful energy. Four different options are consid-

ered for the economic study, by combining the stabilisation

cases A and B, with the gasification options 1 and 2 leading to

options A1, A2, B1 and B2. Appendix A-5 provides the process

flow diagrams for the four options.

Appendix A-6 lists the purchased- and installation cost

of each piece of equipment in the process. All purchased

equipment costs are determined using Aspen Process

Economic Analyzer (1Q 2016) and installation factors are

taken from Peters et al. [31]. The exceptions are installa-

tion factors for the PSA package unit and the fired heater,

for which values of 2.47 and 1.21 were considered respec-

tively [44].

The cost-year of 2017was chosen in this analysis, using the

Chemical Engineering Plant Cost Index (CEPCI) of 562.1. All

equipment cost determined in a year other than 2017 were

adjusted using the CEPCI index. The equipment cost obtained

from APEA in the year 1Q 2016 were considered to have a

CEPCI of 541.7. The cost of utilities remains unchanged from

the Aspen Process Economic Analyser, that uses costs from 1Q

2016. The costs of catalysts were determined based on the
hydrothermal gasification of carbohydrate-rich wastes: Process
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price of precious metals in the year 2017 [45], with an addi-

tional 20% considered for regeneration costs. The PSA package

cost is calculated based on the costs provided in literature [44]

using a scaling factor of 0.8.

Table A.2 in Appendix A-4 tabulates the bare equipment

costs calculated on APEA, in comparison to equipment costs

calculated from Peters et al. and Seider et al. [31,32]. It can be

seen that on the basis of certain equipment, the differences in

the costs are large. However, the sum of the costs based on

APEA (6328 k $) are ± 30% of the totals estimated using the

methods of Peters et al. (5672 k$) and Seider et al. (7815 k$).

The total bare equipment costs obtained from APEA are

therefore considered for the process economics.

For the heat exchanger tubes, reactor tubes, H2 compressor

and pumps, the material of construction was considered to be

stainless steel. For the other auxiliary equipment, carbon steel

was used. The material of construction and pressure adjust-

ment factors were taken into consideration when using Peters

et al. and Seider et al.

Total capital investment

The Total Capital Investment (TCI) is determined as a per-

centage of delivered equipment cost, based on themethods of

Peters et al. [31]. The expected accuracy of this estimate is

±30%. Delivered equipment costs are based on a delivery

allowance of 10% of the purchased equipment cost. Fig. 9

compares installed equipment costs for all the cases (A1, A2,

B1 and B2).

A comparison between cases A and B show that the larger

costs associated with cases B are primarily due to larger

compressor requirements. Additionally, options 2 (dual PteRu

reactors) reduce the reactor costs by 40% due to the combined

desired results of high H2 yields and high carbon gasification

achieved by the dual catalysts. The higher H2 yields obtained

in options 2 translate to larger PSA costs for its recovery.
Fig. 9 e Contribution of unit operations t
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The additional direct and indirect costs as well as a

breakdown of the Total Capital Investment for each of the

cases is tabulated in Table A.11 in Appendix A-7. The initial

charge of catalysts for the reactors are added to the TCI.

Total production cost

The total production cost (TPC) is calculated based on Peters

et al. and Seider et al. [31,32]. It is comprised of manufacturing

costs, as well as general expenses. A breakdown of the TPC for

each of the options is tabulated in Table A.12 in Appendix A-7.

The cost of feedstock is dependent upon its source. The

clean-up of a wastewater stream or waste is typically associ-

ated with a gate fee, the cost of which varies depending on

geography, feed composition, and the type of treatment

required [46,47]. Gate fees for composting, landfills and

anaerobic digestion in the Netherlands vary from 20 to 85 V

tonorganics
�1 [47]. On the other hand, costs of aqueous sugar

streams derived from ligno-cellulosic biomass vary from 280

to 350 $ per ton organics considering upstream operations

including biomass deconstruction, solids removal and

optional sugar concentration [33]. Therefore, for all cases, a

constant value of $75 tonorganics
�1 as the cost of the feedstock is

considered. A reflection of the varying feedstock cost and its

implications on the minimum selling price of H2 can be found

in the sensitivity analysis.

The prices of the catalysts are estimated, based on price

charts of the precious and base metals used from 2017 and an

additional 20% for regeneration costs. Replacing Pt with more

affordable base metals such as Ni and Sn for aqueous phase

reforming has been widely studied. Studies have demon-

strated that base metals in combination with a lower loading

of precious metals also show high H2 selectivity [38,48].

Therefore, in this work, the price is calculated based on a bi-

metallic PteNi (0.5 : 4.5 wt%) system, leading to a cost for

the catalyst of 220 $ kg�1. Further improvements in the area of
o the total installed equipment cost.
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Table 8 e Summary of key costs and yields (details in
Tables A.11 and A.13).

A1 A2 B1 B2

Bare equipment costs (BEC) MM $ 8.3 8.9 9.6 10.7

Delivered equipment costs (DEC) MM $ 9.1 9.8 10.6 11.8

Total Capital Investment (TCI) MM S 53.1 53.8 60.3 63.3

Raw materials MM $ yr�1 16.3 14.6 16.3 14.6

Utilities MM $ yr�1 3.5 4.3 4.2 5.8

Total Production Cost MM $ yr�1 29.0 28.5 30.6 31.3

Co-product sales MM $ yr�1 15.8 14.3 15.8 14.6

H2 yield mol mol C�1 0.57 0.87 0.57 0.87

H2 production rate kg hr�1 460 810 420 770

Minimum H2 price $ kg�1 5.6 3.4 6.9 4.2

Note: TCI ¼ (5.4e6)$DEC. This is consistent with the expected Lang

factor of 6 for fluid operations, for the estimation of TCI from DEC

[31].

i n t e r n a t i o n a l j o u r n a l o f h y d r o g en en e r g y x x x ( x x x x ) x x x 13
catalyst development are required to make commercial cata-

lysts more affordable before the process can successfully be

scaled up.

Spent catalysts are recycled in order to recover precious

metals. The annual revenue obtained from spent catalysts is

assumed to be 75% of the price of the precious metal.

A summary of the yields, costs and selling price of H2 for

each of the cases considered, is presented in Table 8. The

minimum H2 selling price is calculated based on a discounted

cash flow analysis. More information can be found in

Appendix A-8. The cost of feedstock is a major portion of the

raw material costs, amounting to 12 MM $ year�1. The differ-

ences in the cost of rawmaterials among the options is due to

the costs of the catalysts required. Differences in the cost of

utilities among options A compared to B are due to additional

electricity requirements for compression and pumping in case

of the latter, due to the use of excess H2.

A comparison of H2 yields shows that the dual-reactor

options A2 and B2 show improved H2 yields and pro-

ductivities in comparison to A1 and B1. Discrepancies be-

tween productivities for the cases A1 and B1 are due to H2 that
Fig. 10 e Cost comparison
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is unrecovered during separation and recycling when using it

in excess. These losses are however considered in the co-

product sales, which is calculated based on the calorific

value of the off-gases. The off-gases contain methane, C2þ
alkanes, and small amounts of H2. Considering a thermal ef-

ficiency of 30%, the energy from the off-gases is used to pro-

duce electricity for the process and any excess electricity is

sold to the grid at a price of 0.0775 $ kWh�1. As a double check,

the off-gas sales were also calculated based on the price of

energy at 6 $ GJ�1, and considering the HHV of CH4 as

55 MJ kg�1. The off-gas sales calculated using these two

methods were within ±10% of each other.
Discussion

Cost comparison among alternatives

Fig. 10 compares the cost breakdowns for all the alternatives

considered. The two main cost drivers are the cost of raw

materials and the off-gas sales. As mentioned previously, the

cost of raw materials is driven by the cost of the feedstock

considered. While the production of alkanes (primarily CH4)

upon gasification is undesirable due to the consumption of H2

required for its production, it can be seen that it still presents a

significant benefit to the H2 price.

The advantage of utilising a combination of catalysts for

gasification in options A2 and B2 (Pt followed by Ru) is that the

process effluent is a disposable water stream due to complete

gasification. In comparison, options A1 and B1 that utilise only

a Pt catalyst show a 95% carbon gasification which results in

an aqueous effluent with 2e3 g carbon per litre water (COD of

6e7 g O2 L�1). This is orders of magnitude above the effluent

discharge standards of 125 mg O2 kgwater
�1 compliant with the

EU [50]. For the Pt followed by Ru case the gasification is

essentially complete and an effluent is obtained that complies

with the COD discharge standards [9]. Considering an error of

±30% on the TCI, the error associated with the calculated H2

price is ±0.4 $ kg�1.
among alternatives.
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Sensitivity

A sensitivity analysis is conducted for option A2, which is

considered most promising. Realistic ranges for varying the

parameters are considered in order to assess the resulting

impact on the selling price of H2. The change in each variable

was conducted keeping in mind the other variables that could

be affected. Table 9 lists the parameters varied and assump-

tions made for the sensitivity.

Fig. 11 depicts the sensitivity charts for option A2. The high

H2 selling price upon consideration of a feedstock price of 280

$ tonorganics
�1 shows that the process is not economical for

mono saccharide sugars derived from ligno-cellulosic

biomass. Focus should therefore be on using the process to

clean wastewater streams that have a sufficient high organic

loading, such as those listed in Table 1. Considering a trade-off

between feedstock price and feedstock concentration from

the sensitivity, wastewaters associated with gate fees or

negligible costs and lower feedstock concentrations (<5 wt%)

can also be handled by the process, making it promising for

industrially relevant wastes and wastewaters.

Fig. 11 also depicts the influence of plant capacity on the

minimum price of H2. The bare equipment costs are calcu-

lated using typical scaling exponents from Peters et al. [31]. It

can be seen that for a smaller plant capacity of 20 tons hr�1,

the minimum price of H2 is 8.7 $ kg�1. The selection of this

technology for the treatment of a relevant wastewater stream

therefore depends not only on the feedstock price and

composition, but also on the available volume of wastewater

that requires treatment.
Table 9 e Parameters varied for the sensitivity analysis.

Assumption Minimum

Plant capacity tons hr�1 20,

100

Raw materials Feedstock price ($ ton�1 dry

matter)

�20

Feedstock concentration (wt%) 5

Catalyst Platinum in bi-metallic

reforming catalyst (wt%)

0

Lifetime 0.5

H2 H2 yield (mol mol C�1) 0.5

Recovery from PSA (%) 75

Products Electricity price ($ kWh�1) 0.054

Economics IRR (%) 5

TCI (%) �30

Values in bold represent the base values considered in the calculations.

Please cite this article as: Paida VR et al., A two-step approach to the
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These three variables are dependent on the industry and

the availability of the wastewater stream. In order to illustrate

the combined effect of these three variables, a few cases are

considered and compared to the base case, as shown in Fig. 12.

It must be emphasised that there is a correlation between

feedstock price and concentration. Therefore, the likelihood

of the cases must be evaluated based on real data. For

example, wastewaters from the potato industry are large in

quantity (17 m3 per ton potatoes processed) but low in con-

centration (1e2 wt%) and are available without additional

costs [51]. Dilute wastewaters from the potato industry or fruit

and vegetable processing will need a drying step in order to

concentrate the stream to ~5 wt%. This can be done by using

evaporators, or reverse osmosis (RO) and nanofiltration (NF)

membranes. The costs of such pre-treatment will need to be

taken into consideration.

On the other hand, sugar beet pulp is a more expensive

feedstock because it is pelletised and used as animal feed, but

contains higher concentration of sugars (5e8 wt%) and is also

produced in large quantities (0.5 tons per ton of sugar beet).

The extraction in hot compressed water leaves behind a solid

residue, mostly composed of lignin. This solid residue can be

combusted to provide energy to the system.

An assessment of the pre-treatment methods will be

required before the incorporation of the process for a certain

industrial feed. The pre-treatment depends on the type of

feedstock being considered, and therefore, further analysis is

not conducted in this work.
Baseline Maximum Comments

200 Smaller plant sizes

considered by using scaling

factors for all equipment

75 280

10 20 WHSV changes in same

ratios. Gas yields remain the

same.

0.5 5 No Pt: 5 wt%Ni catalyst at 32

$ kg�1.

Only Pt: 5 wt% Pt catalyst at

1549 $ kg�1.

2 5

0.87 2.2 The maximum is the

theoretical maximum yield

that can be obtained from

1 mol of sorbitol. Change in

stoichiometry affects the

co-product revenue.

90 95 The unrecovered H2 is

added to the off-gas for

calculation of co-product

sales.

0.078 0.1 ±30%. Affects co-product

sales.

10 30

0 30
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Mass and energy balances

An overview of the mass and energy balances is shown in

Fig. 13 for option A2. Itmust be emphasised that the process in

consideration starts with an aqueous carbohydrate-rich

stream. Depending on the type of feedstock considered, pre-

treatment steps such as grinding and extraction in hot com-

pressed water might be necessary, leaving behind solid resi-

dues. The additional costs and energy required for the pre-

processing of specific feedstock are not considered in this

work. Of the carbon input, 56% exits the process as gaseous

CO2. Theoretically, all the carbon can be converted to CO2

when the maximum amount of H2 is produced. Realistically

however, this varies from 48 to 60% based on choice of catalyst

and reactor design. While the process produces significant

amounts of carbon-neutral CO2, it is recovered as a rich-

stream and carbon negative emissions can be obtained by its

sequestration or alternatively the CO2 can be used e.g. as feed
Fig. 12 e Influence of combinations of feedstock pri

Please cite this article as: Paida VR et al., A two-step approach to the
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to algal farms. In general, the more efficient the process, the

more CO2 is produced. The non-CO2 part of the carbon leaving

the process exits as alkanes, 40% of which is methane.

With respect to hydrogen, roughly 6% of the total hydrogen

is available in the input as dissolved oxygenates, the rest being

water. The realistic values of H2 obtained as product gas vary

from 3.8 to 7.2% of the total hydrogen present in the system,

or, for the options A1, A2, B1 and B2. A further increase in H2

gas production is associated with the consumption of H2O via

the reforming reaction. As mentioned earlier, part of the

produced H2 gas will be consumed in side-reactions leading to

gaseous alkanes.

When inspecting the energy balance it is noticed that 32%

of the energy of the feed is recovered as H2 product. The rest of

the energy present in the off-gas is used to generate steam,

electricity and fired heat for the process. Excess energy is sold

as electricity (co-product) to the grid. In these calculations

thermal efficiencies of 75%, 30% and 75% for boiler, turbine
ce, concentration and capacity on the H2 price.
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Fig. 13 e Mass and energy balances for option A2.
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and fired heaters respectively are assumed. The residual off-

gases contain 114 GJ h�1 of energy, as shown in Fig. 13, lead-

ing to an overall energy recovery to marketable products of

65% (32% as H2 and 32% as calorific off-gas). This can be

increased by enhancing the H2 yield or by considering higher

feedstock concentrations as discussed in more detail in our

previous work [9].

Comparison to competing technologies

H2 production
Table 10 presents the minimum H2 selling price obtained in

this study in comparison to renewable H2 produced from

other technologies, as well as the current technology of steam

methane reforming. It must be emphasised that the values

reported for H2 production from biomass gasification/pyroly-

sis are based on pilot-scale results of gasification for power

generation combined with information from similar pro-

cesses. Currently, there is no biomass gasification process

designed specifically for H2 production at any scale.

Presently, 4% of the world H2 production is produced via

electrolysis. Significant technology advancements including
Table 10 e Comparison of H2 production costs to costs from co

Technology H2 cost $ kg�1 Energy efficien

SMR 2.1 74e85

Biomass gasification/pyrolysis 2.2 46

(2.0)

3.1e3.4

48

45e55

Electrolysis 4.2 40e60

(2.3) 75

4.15

Ethanol reforming 6.6 68

(2.3) 75

Two-step approach 3.4 70

Please cite this article as: Paida VR et al., A two-step approach to the
design and economic evaluation, International Journal of Hydrogen
reduced capital costs and increased efficiencies have reduced

costs, making the 2020 DOE target of 2.3 $ kg�1 attainable. The

technology of fermentation for the production of H2 has also

been employed for renewable organic wastes [54,55]. Howev-

er, the economics of the process are limited by the inhibitory

effect of metabolites in the fermentation medium, leading to

poor H2 yields [56].

Themost promising option A2 requires a H2 selling price of

at least 3.4 $ kg�1, which is still markedly higher than the

current H2 price of 2.1 $ kg�1 as obtained from natural gas

SMR. It should be realised that local conditions (feedstock

price and availability) and additional technology development

may further increase the attractiveness of the TSHG process

developed here, next to the sustainability benefits in com-

parison with the current fossil fuel based H2 production.

Wastewater treatment
As discussed previously, the current technology of hydro-

thermal gasification can be utilised for both, H2 production,

and as a water-clean up technology for relevant industrial

wastewater streams that are rich in carbohydrate residues.

Therefore, a comparison ismade between this process and the
mpeting technologies.

cy % Source Assumptions

[52]

DOE 2011 status Feedstock cost: 63 $ ton�1

Feedstock cost: 100 $ ton�1DOE 2020 (target) [53]

DOE 2011 status Electricity cost: 0.037 $ kWh�1

DOE 2020 (target)

[52] Nuclear electrolysis

DOE 2011 status Ethanol price: 652 $ m�3

DOE 2020 (target) Ethanol price: 225 $ m�3

This work Refer Tables 7 and 9
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production of biogas from organic waste through aerobic and

anaerobic methods.

The advantage of anaerobic digestion is in its ability to

handle a wide range of wastes as substrates for biogas pro-

duction. However, biogas production in anaerobic digesters

typically lasts for days. A comparison between anaerobic

digestion and this study can be made by considering the

electricity produced from each process. Electricity produced

from anaerobic digestion per ton of freshmatter range from 20

to 1690 kWh [57]. In comparison, the current process considers

the production of H2 as the primary product, in addition to the

production of electricity from off-gases at a thermal efficiency

of 30% leading to 530e1130 kWh electricity produced per ton

of organics in feed.

Considering similar capacities (3500e8000 m3
water day�1),

typical capital costs for water treatment technologies

including activated sludge, reverse osmosis are between 10

and 15 MM $ [58]. While this is significantly lower than the

capital required for this process, the unit cost of water is

0.5e1 $ m3
water, which is similar to that obtained from this

process considering a H2 price of 3e3.5 $ kg�1. Therefore,

for wastes that contain a large carbohydrate fraction, hy-

drothermal gasification would be a promising economical

option in comparison to other wastewater treatment

technologies.
Conclusions

In this work, a process design and economic evaluation of a

two-step hydrothermal gasification process is made, which

offers a promising route towards H2 production and simul-

taneous water clean-up. The design is based on experimental

findings and the concept is shown for three different feeds.

Different processing options for the design are considered

and the economic evaluation of each of these options shows

that the calculated H2 selling price for a typical feed can be

reduced to 3.4 $ kg�1 by utilising a stepwise combination of

catalysts.

The economics of the process were found to be strongly

dependent on the feedstock price, concentration and quan-

tity. Most promising feeds are carbohydrate-rich organic

wastes and wastewaters, which could potentially reduce the

H2 selling price to <0.6 $ kg�1 for wastewater streams associ-

ated with a gate fee.

Further advancement in the areas of catalyst development

(affordability) as well as increased H2 yields from gasification

(through in-situ hydrogen removal or sweep gases) may in-

crease the attractiveness even further.
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