
EPIC, A SOFTWARE TOOL FOR THE CONTROL ENGINEER
IN EARLY PROCESS DESIGN

P. BEKKERS and J.E. RIJNSDORP

TNO Institute of Production and Logistics Research
Horsten 2, Building 0, 5612 AX Eindhoven, The Netherlands

ABSTRACT

In the process industries, the trend to more efficient and environment-friendly
production leads to processes with more energy and material recycling. In case of
high levels of integration, serious doubts arise about process stability, operability and
controllability. Here, cooperation between process control engineer and process design
engineer is essential. This cooperation is already needed in the early phase of process
design when the choice of the process structure is still open. A prototype software
system has been developed, containing a library of dynamic models for some common
unit operations (CSTR's, binary distillation columns, heat exchangers). Further, tools
have been developed for the evaluation of process stability, process controllability,
control system interaction, control loop performance, control structure and overall
control performance. The Process Information Matrix offers an overall view of the
control structure. Ultimately, the commercial version of the software system has to be
linked to flowsheeting packages for achieving smooth cooperation between process
design engineer and process control engineer.
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1 INTRODUCTION

Presently process designers utilize advanced techniques (e.g. pinch-technology,
Douglas, 1988) in combination with flowsheeting packages to obtain the optimal
design in terms of efficiency and reduced load on the environment. However, these
techniques tend to lead to more integrated designs which can turn the flowsheets into
bowls of spaghetti. This raises serious doubts on process stability, operability and
controllability. From literature (Barton and Perkins, 1987) it is known that the most
efficient steady-state design is not necessarily the most suitable design when
controllability is taken into account. Further, there is also a trend towards multi
purpose plants: plants which are designed to cope with a variety of feedstocks,
specifications etc, resulting in different 'modes of operation'. In both cases, the
process design engineer needs help from the process control engineer who in his turn
needs tools to help him evaluate the dynamic behaviour of the design.

The ESPRIT program of the European Community is focussed on development and
application of information technology. Within this program, ESPRIT project 2090 was
elaborated from February 1989 until February 1992 under the title 'Early Process
Design Integrated with Control' (EPIC). Within this EPIC project, tools have been
developed for evaluating the controllability and for choosing the most suitable control
structure. For these assessments, a description of the dynamic behaviour of the
design is needed. In the design stage, this description must be obtained from
fundamental models (based on physical and chemical relationships). Generic models
can be used for common unit operations (such as continuous stirred chemical
reactors, heat exchangers, distillation columns), but taylor-made modelling is, of
course, unavoidable for unique units (such as many chemical reactors).
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This paper will briefly describe the following parts of EPIC :
- library of dynamic process models, and the relation w ith the (static) models in

the flowsheeting packages;
- The "PIM" (Process Instrumentation Matrix),
- tests for controllabil ity analysis
- tools for designing regulatory control structures.

2 DYNAMIC MODEL LIBRARY

Analogous to what is common in flowsheeting packages, dynamic plant models are
built upon models for unit operations. The model library is as yet in its infancy. It only
contains models for binary distillation columns, compressors, four types of heat
exchangers and CSTR's. As many units are of a multi-stage or distributed-parameter
nature (e.g. heat exhangers and tray columns, respectively), models in the frequency
domain are more straightforward than those in state space. Further, many convenient
techniques for assessing plant controllability and for control system design also
operate in the frequency domain.

As a consequence, a choice has been made for frequency response models. The
complete plant is then characterized by an overall set of linear relationships, which
can be solved by standard system software. The result is the overall set of frequency
responses, between all relevant inputs and outputs. Of course, linear models are only
valid in a small region about operating points, but complete nonlinear analysis is
difficult and would anyhow take too much t ime in early design phases.

3 INTERFACE WITH FLOWSHEETING PACKAGES.

It would be very time consuming and very user-unfriendly if a design which has been
prepared in the flowsheeting package has to be 'fed' manually into the EPIC software
prototype. Therefore, link ing the EPIC prototype to the already commercially available
flowsheeting packages is currently being investigated. The interface with the
flowsheeting package should not only be able to retr ieve the available information
needed for evaluation of the dynamic behaviour of the design , but also detect which
informat ion is not available. In some cases, additional effort is needed to obtain
properties related to the dynamic behaviour, e.g. in determining the sensit ivity of the
liquid overflow in tray columns to changes in gas or vapour flow.

4 THE PROCESS INSTRUMENTATION MATRIX

In the EPIC prototype, the interaction between all relevant inputs and outputs are
represented in the Process Instrumentation Matrix (PIM), see figure 1. Some process
inputs are potential sources of disturbances, other ones are correcting variables. The
process outputs are the process variables of which some will be regulated. The
actuators as well as sensors in the PIM can be represented by their dynamic models,
ranging from simple default models in the early design phases to more elaborate ones
for later phases.

Each cell on the lef t -hand side shows the inf luence (in the form of frequency response
data) of a process input on a measured process output variable. Each cell on the right
hand side gives similar informati on, together with data about the regulatory control
quality, for the correspond ing actuator-sensor pair. Initially, each pair is characterized
by two quality measures of single-loop control: control power and control speed. The
former is the effect of one percent change of the nominal value of the manipulated
variable -which nominal value usually is designed to be about 70% of its max imum
value- on the controlled variable. The latter is the resonance frequency of the control
loop for a well tuned PID-controller (a straight forward algorithm has been developed
for this purpose).

The system user can study the frequency response from Nyquist and Bode plots on
the computer display. The control quality data are necessary for the design of the
basic control system (with as many control loops as there are actuators). In addition,
the control power data indicate a partitioning of the overall regulatory control system
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into single-variable and multivariable subsystems (see section 6). Further, the left-hand
and the right hand side are used together for computing the overall performance of
the regulatory control system.

process inputs actuators,
(source of process associated with
disturbances) correcting variables

sensors, associated
with process
variables possibly
to be regulated

Fig. 1. Outline of the Process Instrumentation Matrix (PIMI. the central
representation for regulatory control analysis and design in the ESPRIT
project EPIC.

5 STABILITY AND CONTROLLABILITY ANALYSIS

A tool for stability analysis is based on Bode's minimum-phase relationship (1947). If
the response can be well approximated by a pole-zero configuration, a phase lag less
than minimumphase indicates unstable behaviour.

As has already been indicated in the introduction, there is a trade-off between
efficiency and operability aspects in process design. The latter become more and more
important due to the increasingly integrated designs with respect to energy and
material recycling. That efficiency should be balanced with respect to operability has
been shown by Barton and Perkins (1987). In this example, the steady state
controllability analysis proved valuable in choosing the most suitable flowsheet.

Thus far, two techniques for controllability analysis have been implemented in the
EPIC prototype: the Singular Value Decomposition (SVDl. and Refined Singular Value
Decomposition (RSVD, Skogestad and Morari, 1987). The former provides a worst
case assessment, valid for the most unfavourable disturbance source. The latter takes
into account how disturbance sources affect the process, hence it shows that some
sources are more innocent than others.

6 CONTROL STRUCTURE SELECTION

After choosing the most suitable location for sensors and actuators, the next step is
the choice of the most suitable basic control structure (which process variable to
control with which correcting variable). For the assesment of the most suitable control
structure, two techniques have been developed.

One of these techniques is the Block Relative Gain Array (BRGA, Manousiouthakis et
al., 1986). This technique finds the suitable control loops corresponding to a block
order (block order 1 corresponds to SISO loops) and the requirements, and takes the
dynamic interaction between the manipulated and controlled variables into account.
The requirements indicate the desired control behaviour and thus provide criteria for
using SISO or MIMO control schemes.

An other technique is the combination of the previously mentioned control power and
control speed. The matrix of control power is used to find the largest permutation,
and to see if this permutation is 'diagonal dominant' (Rosenbrock. 1974), This yields
the SISO (Single Input Single Output) system with least interaction, or where MIMO
subsystems are desirable, respectively. The matrix of control speeds gives information
about single-loop control quality, and provides additional information about the
severity of interaction, (loops with equal resonance periods interact more severely
than those with widely different ones).
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Especially in cases with complicated interactions it is not unlikely that, for a given
mode of operation and product specification, the requirements cannot be met with
only conventional Single-Input/Single-Output (SISO) control loops. In these and other
cases Advanced and/or Multivariable Control methods will be necessary. One has
already been incorporated in the EPIC software prototype (Karcanias, 1992).

7 OPTIMUM PROCESS OPERATION

Optimizing the efficiency of process operation is becoming more and more important
due to the fact that seller's markets are transformed into buyer's markets. Apart from
flexibility, this has an impact on the market price of products and therefore, also on
the profit margins . In view of the increased competition, evaluating flexibility in the
design phase can be very valuable.

The most common way to analyze optimum process operation is by minimizing or
maximizing an economic cost or profit function. For a given situation (design, mode of
operation and operating conditions) this leads to an optimal operating point. In existing
production processes, usually the optimum operating point is lies on one or more
constraints. These constraints depend not only on the mode of operation, but also on
the operating conditions and on the design of the plant. Also, these constraints
provide valuable information for the control engineer for selection of the most suitable
control structure. This is why optimization in the design stage can be very worth
while: constraints can be detected and the design can be adjusted accordingly.

Flexibility can be evaluated by the evaluation of of process stability and controllability
for optimum operating points with various product specifications and market
conditions. For critical cases control structures can be designed and control quality
can be assessed as well.

8 EXAMPLE

The controllability analysis and control design cycle will be illustrated with the
example of a distillation column . It is a butans/iso-butane splitter (Rademaker et el.,
1975) with 44 theoretical trays, the feedtray in the middle, and provided with a
steam-heated reboiler and water-cooled condenser.

For this splitter, there are five process variables to be controlled. Assuming the
column is operated at maximum load, the differential pressure in the column has to be
controlled to prevent 'flooding'. When the bottom product purity has to meet a strict
specification, the composition of the liquid flow from the lowest tray has to be
controlled as well. Finally, there are also the levels of top and bottom accumulator and
pressure to be controlled .

We also have five correcting variables to control the process: the top and bottom
product flow, the steam flow into the reboiler, the water flow into the condenser and
the reflux into the column . Three disturbance sources were included in the evaluation:
the liquid and vapour feed flow, as well as disturbances in the feed compos it ion feed .

With the dynamic model, the physical data and the operating point of the column, its
dynamic behaviour can be assessed. Once this information is available, the (R)SVD
can be used to evaluate the controllability of the design. It should be mentioned here,
that the result also depends on the location of pressure and differential pressure
measurement. In this case, it is assumed that the pressure will be measured at the
feed tray and the differential pressure will be measured in the rectifying section.
For simplicity, the dynamic behaviour of sensors and actuators has not been taken
into account.

For this case, the PIM is shown in figure 2.
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Top ac level (Lt)

Bottom ac level (Lb)

presssure (p)

diff. pressure (dp)

camp . tray 1 (xl)
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fl: feed liquid flow
fv: feed vapour flow
fx: feed composit ion

Ft: Top product flow
Fb: Bottom product flow
Fs: Steam flow (reboiler)
Fw: Water flow (condenser)
R : Reflux flow

Fig. 2. The PIM for a butane/iso-butane splitter.

The result of the SVD as w ell as RSVD can be found in f igure 3.

Here the decision has to be made if process and control system are acceptable from
the controllability point of view. Clearly, the column is most sensitive to disturbances
in the feed liquid flow . In case this flow comes directly from another unit operation,
the design could be changed e.g. by introducing a vessel to smoothen the liquid flow.
If these results are not acceptable , it makes sense to modify the control system, very
probably incorporating a feed-forward system.
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Fig. 3.The SVD and RSVD applied to the butane /iso-butane splitter . A higher condition
number indicates a less controllable system. This f igure shows the condition
number of the process G, and the disturbance condit ion numbers for the
disturbance sources fl . fv and fx .
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Fig. 4. Actual and minimumphase behaviour of dp/R (cell [4,5))

Additional information can be obtained from comparing the actual phase lag with the
minimum-phase lag, which can be done for all cells in the PIM. There are no cells
which have a smaller phase-lag than the minimum-phase one, hence the column is
inherently stable. Figure 4 shows the evaluat ion of a cell w ith non-min imum phase
behaviour. Here, the difference between actual and minimum-phase shows that this
deviation can be characterised with one zero in the right half of the complex plane.
The control speed will be poor in this case.

The next step is the select ion of the most suitable control structure. For this purpose,
various techniques have been implemented. The SRGA-method indicates that to
achieve optimum control performance, only the levels of top and bottom accumulator
can be controlled with Single Input/Single Output loops. The remaining 3x3 block
shows interaction and is a candidate for Advanced Multivariable Control techniques.

A complementary approach for selection of the most suitable control structure is to
evaluate the control power and control speed of each cell. The control power is
shown in table 1. To evaluate the degree of interact ion, the control power can be
used to check on diagonal dominancy. It is clear that the top and bottom product flow
only have an effect on the levels of the top and bottom accumulator respectively. The
remaining 3x3 block indeed shows much interaction. In the determinant of the 3x3
matr ix, each term represents a given set of connections for single-loop control of the
3 process variables . The largest permutation is the pressure control by the cooling
water flow of the condenser and differential pressure control by the reboiler steam
flow. Rearranging columns and normalizing the diagonal elements yields
table 2.

Table 1. Control Power of the butane/iso-butane splitter (symbols see fig . 2).

Ft (%) Fb (%) Fs (%1 Fw (%) R (%)

dLt/dt (kmole/%l 0.0540 0 .103 0 .047 0.301

dLb/dt (kmole /%) 0.0540 0 .103 0.047 0 .301

p (bar/%l 0.614 2.24 6.37

dp (bar/%) 0.00124 0.000562 0.00150

x1 (comp.l%) 1.01 0.458 2.42
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Table 2. Control Power of the butane/iso-butane splitter (symbols see fig. 2).

dLt/dt (kmole/%)

dLb/dt (kmole/%)

P

dp

x1

(bar/%)

(bar/%l

(comp.J%)

Ft (%) Fb (%) Fw (%)

0.14

0.14

0.011

0.20

Fs (%)

13

13

12

18

R (%)

0.83

0.83

2.7

0.027

The matrix is not diagonal dominant, hence the interaction is rather strong. It makes
sense to consider a Multivariable Control solution.

The control speed (table 3) indicates that all three remaining process variables can
best be controlled with the steam flow. For the pressure and differential pressure, also
the water flow in the condenser is acceptable, and for the pressure also the reflux is
acceptable as a correcting variable.

Table 3. Control Speed of the butans/iso-butane splitter (symbols see fig. 2).

Ft (krnole/s) Fb (kmolets) Fw (kg/sl Fs (kg/s) R (kmole/sl

Lt (kmcle) 36 104 87 36

Lb (kmolel 36 426 41 411

P (bar) 78 38 67

dp (bar) 33 19 396

x1 (comp) 442 121 396

This example shows the subsequent steps for evaluating the controllability aspect of a
design. At various stages, it could be decided that the design is not suitable for
further consideration, for example when doubts arise on process stability or
controllability. Of course, this is only a simple example of what can be done with the
EPIC prototype. More complicated processes will be evaluated in the near future.

CONCLUSIONS

The ESPRIT project EPIC had a three year subsidized period to develop methods and
tools to evaluate process designs on controllability aspects. Within these three years a
software prototype has been realized which contains aids for an integrated approach
of process design and process control design. To be able to do so, dynamic models of
unit operations as well as tools to evaluate the dynamic behaviour have been
developed. Interfaces with flowsheeting packages will be needed to improve the
software and to transform it into a commercial software package.
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