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H I G H L I G H T S

• Classical two-phase fluidization model
is used to describe adsorption.

• Independent experiments for hold-
ups, mixing, intraparticle mass
transfer and kinetics.

• Experimental adsorption rates are fast:
41–76% removal of CO2 in 0.2–0.8 s.

• Shallow fluidized beds are optimal for
fast mass transfer.
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A B S T R A C T

This study characterizes mass transfer processes in a multi-stage fluidized bed (MSFB) using shallow fluidized
beds. Multi-stage fluidized beds are of interest for sour gas removal using adsorption, examples are H2S/CO2

removal from natural gas and CO2 capture by amine sorbents. A phenomenological model based on the classical
two-phase fluidization model is used to study the mass transfer process. Independent measurements and lit-
erature data are used to describe mixing, hold-ups, intraparticle mass transfer and adsorption kinetics. The
bubble hold-up was experimentally measured. Mixing was investigated with a temperature response measure-
ment. The mixing in the emulsion gas phase varies between plug flow and ideal mixing with increasing su-
perficial gas velocity, while the solid phase is always ideally mixed. The presented fluidized bed model is able to
describe the effects of superficial gas velocity, solid flux, bed height and inlet concentration. Mass transfer was
further studied using a sensitivity analysis, which showed that the used shallow fluidized bed is already fairly
optimized with respect to mass transfer. Shallow fluidized beds benefit from fast gas interchange because
bubbles do not have the chance to grow. Optimal mass transfer and gas interchange conditions can be achieved
in shallow fluidized beds for application in MSFBs.

1. Introduction

The benchmark process for removal of sour gas such as carbon di-
oxide (CO2) and hydrogen sulfide (H2S) at an industrial scale is

absorption in aqueous alkanolamine solutions. Two examples of such
processes are (a) the removal of H2S and CO2 from natural gas using an
aqueous methyl diethylamine (MDEA) solution and (b) post-combus-
tion CO2 capture by absorption of CO2 in an aqueous

https://doi.org/10.1016/j.cej.2019.123931
Received 23 October 2019; Received in revised form 19 December 2019; Accepted 23 December 2019

⁎ Corresponding authors.
E-mail addresses: r.t.driessen@utwente.nl (R.T. Driessen), d.w.f.brilman@utwente.nl (D.W.F. Brilman).

Chemical Engineering Journal 388 (2020) 123931

Available online 22 January 2020
1385-8947/ © 2019 Elsevier B.V. All rights reserved.

T

http://www.sciencedirect.com/science/journal/13858947
https://www.elsevier.com/locate/cej
https://doi.org/10.1016/j.cej.2019.123931
https://doi.org/10.1016/j.cej.2019.123931
mailto:r.t.driessen@utwente.nl
mailto:d.w.f.brilman@utwente.nl
https://doi.org/10.1016/j.cej.2019.123931
http://crossmark.crossref.org/dialog/?doi=10.1016/j.cej.2019.123931&domain=pdf


monoethanolamine (MEA) solution. These processes have a high energy
consumption because of heating and cooling an aqueous mixture with a
high heat capacity. Moreover, during regeneration a part of the solvent
is evaporated [1]. This is one of the main drivers for current research to
focus on sour gas removal by adsorption: adsorbents have a lower heat
capacity than aqueous streams and solvent evaporation is eliminated. In
addition, mass transfer of the sour gas to the functional sites at the
sorbent in a gas-solid system is faster than mass transfer of the sour gas
in a gas-liquid system. Hence, the equipment will potentially be smaller
than gas-liquid contactors [2].

Supported amine sorbents (SASs) are frequently investigated and
proposed as adsorbent for sour gas removal. SASs are sorbents func-
tionalized with amines on which sour gas can chemisorb. Considerable
experience has been established with Lewatit VP OC 1065 (the ‘amine
sorbent’), a commercially available ion exchange resin [3,2,4–6]. This
work also uses this amine sorbent because it is available on a bulk scale
which is required for bench scale research.

Besides a good adsorbent, a technology also requires a suitable re-
actor. The authors of this work earlier proposed a multistage fluidized
bed (MSFB) as suitable reactor type in the context of sour gas removal
from natural gas [4]. There are three considerations to choose a MSFB
for adsorptive sour gas removal: (a) fluidized beds have a relatively
high solids hold-up yielding equipment of small size, (b) counter-cur-
rent contacting is required to obtain high removal efficiencies because
the leanest sorbent is contacting with the lowest gas concentration
enabling multiple equilibrium stages, and (c) good heat transfer is re-
quired because adsorption is an exothermic process. For a more detailed
argumentation we refer to our earlier published work [4].

The primary focus of this work is sour gas removal from natural gas,
but the second application of MSFBs is post-combustion CO2 capture.

There are a number of authors who researched MSFBs for this appli-
cation experimentally. Nelson et al. show results from a bench-scale
CO2 capture plant using a polyethyleneimine (PEI) based adsorbent and
assess the techno-economic feasibility of such a process [7]. The group
of Meikap is working on CO2 capture in MSFBs using various sorbents
including lime [8], diethanol amine impregnated activated carbon
[9,10] and mono-ethanolamine impregnated activated carbon [10].
Schöny et al. and Dietrich et al. invesigated a MSFB with an amine
sorbent for post-combustion CO2 capture [11,12]. The authors of this
work investigated the deep removal (<3 mol ppm) of sour gas in a MSFB
[4]. In the latter work we indicated that gas-solid contacting is good
and that the apparent adsorption kinetics are fast. However, underlying
phenomena could not be identified nor quantified and are therefore
addressed in the present paper.

Previous research focused on investigating the effects of various
process parameters, such as gas velocity and solid flux on gas removal.
All previously mentioned studies report the outlet concentration of the
MSFB and some also the concentration at each stage. This implies that
the current understanding of a MSFB is still at a column level (that is,
multiple stacked stages). Understanding the adsorption process on a
tray level with experimental validation is not present in literature and
will be the focus of this paper.

Already some authors investigated a single stage of an adsorptive
fluidized bed employing phenomenological models. Hymore and
Laguerie propose a two-phase model (bubble and emulsion phase),
based on the Kunii and Levenspiel model for fine particles, for drying
moist air using an alumina sorbent [13–15]. These authors conclude
that such a model can predict experimental results, especially when
assuming a perfectly mixed emulsion phase. Using a similar model to
Hymore and Laguerie, Mohanty et al. investigated the removal of sulfur

Nomenclature

Symbol Description (Unit)
b Equilibrium parameter (1/bar)
b0 Equilibrium parameter at infinite temperature (1/bar)
C C C, ,1 2 3 empirical constants (–)
c concentration (molCO2/mg

3 or mol ppm)
DAB molecular diffusion coefficient (mg

2/s)
DKn Knudsen diffusion coefficient (mg

2/s)
D D,ax

g
ax
S axial dispersion coefficient of the emulsion gas or solid

phase (mR
2 /s)

Dp effective pore diffusion coefficient (mg
3/(ms s))

DaII second Damköhler number (–)
dp particle diameter (ms)
dpore pore diameter (mp)
f f f, ,b e s hold-up of the bubble, emulsion gas or solid phase

(mb
3/mR

3 , me
3/, ms

3/mR
3 )

H bed height (mR)
H0 heat of adsorption in the Toth isotherm/adsorption rate

(J/mol)
Kbe gas interchange coefficient (mg

3/(mR
3 s))

kpe particle-emulsion gas mass transfer coefficient (mg
3/(ms

2 s))
kT reaction rate constant ((mol/(kgs barCO2 s)))
MCO2 Molecular weight of CO2 (kgCO2/molCO2)
n gas phase reaction order (–)
PCO2 partial pressure of CO2 (Pa)
Pe Péclet number (–)
q sorbent loading (molCO2/kgs)
qs maximum sorbent loading (molCO2/kgs)
qs0 maximum sorbent loading (molCO2/kgs)
R gas constant (J/(mol K))
RA intrinsic adsorption rate (molCO2/(kgs s))
S solid flux (kgs/(mR

2 s))

T temperature (K)
T0 reference temperature (K)
t time or heterogeneity parameter (s or -)
t0 reference heterogeneity parameter (–)
u u,0 mf superficial gas or minimum fluidization velocity

(mg
3/(mR

2 s))
u u,b e bubble or emulsion gas velocity (mR/s)
z axial position (mR)

Greek symbols

temperature parameter for heterogeneity (–)
voidage (mg

3/mR
3 )

s particle porosity (mg
3/ms

3)
ads effectiveness factor for adsorption (–)
s particle density (kgs/ms

3)
tortuosity (mg/ms)

ads Thiele modulus for adsorption (–)
temperature parameter for the number of adsorption sites
(–)

Subscripts/superscripts

b bubble
e emulsion gas
exp experimental
g gas
in inlet
mf minimum fluidization
out outlet
p particle
R reactor
s solid
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dioxide from flue gases [16]. They conclude that an emulsion phase in
plug flow yields better predictions compared to perfect mixing, al-
though their models still underpredict removal efficiencies. Lee and
Miller also use a model based on the Kunii and Levenspiel model con-
sisting of a bubble, cloud-wake and emulsion phase [17]. They assume
that every phase is in plug flow. However, their model is not validated
with experiments. Modekurti et al. use this model to study control with
a dynamic model [18]. Yu et al. use the model for process control ap-
plications [19]. Based on this literature review, a number of conclusions
can be drawn. First, all authors base their model on the Kunii and Le-
venspiel model. Second, only a part of the authors support their model
with experiments and, moreover, some found that the experiments do
not fit the model. Third, the extent of mixing for each phase is always
assumed at one of its limits, plug flow or perfect mixing, but was never
quantified.

This paper aims at establishing a phenomenological model which
describes a single adsorptive fluidization stage with shallow beds in the
context of sour gas removal from natural gas (that is, concentrations
<1%). The proposed model may also be applicable to other processes
involving shallow fluidized beds, such as post-combustion CO2 capture
in MSFBs. The input parameters of this model such as mixing, gas in-
terchange and adsorption kinetics are estimated by independent

experiments or literature. Furthermore, dedicated adsorption experi-
ments are performed to investigate if this model is able to predict re-
moval efficiencies as function of various process parameters. This en-
ables us to identify the key mass transfer processes in MSFBs with
shallow fluidized beds, which provides guidelines for MSFB design.

2. Materials and methods

2.1. Materials

A commercially available ion exchange resin is used as amine sor-
bent: Lewatit VP OC 1065, obtained from Lanxess. This amine sorbent
has a polystyrene backbone which is cross-linked with 8–10% of divi-
nylbenzene. Benzylamine sidegroups functionalize the backbone so it
can adsorb sour gases such as CO2 and H2S. More information on the
physical properties of the amine sorbent are found in Alesi and Kitchin
and Veneman et al. [2,3]. The amine sorbent is mixed with graphite
powder (0.3 wt%) to reduce electrostatic effects in the fluidized bed.
Regarding fluidization properties, the amine sorbent is classified as a
Geldart B (sand-like) powder [4].

The particle density and the fixed bed voidage of the amine sorbent
are measured. The particle density is ±861.4 2.8 kgs/ms

3 and the fixed

Fig. 1. Schematic of the experimental setup for the single stage fluidized bed. The sorbent enters the fluidized bed through rotary valve V1.
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bed voidage is ±0.382 0.002 m /mg
3

R
3 . Experimental details of these ex-

periments can be found in Section 1 of the Supporting Information. The
volume averaged particle diameter is 668 µm [20].

The minimum fluidization velocity umf of the used batch of amine
sorbent is determined via a pressure drop experiment and found to be

±0.079 0.003 mg
3/(mR

2 s). The corresponding bed porosity at minimum
fluidization mf is ±0.49 0.02 mg

3/mR.
3 . The errors represent the 95 %

confidence interval using the Student’s t-distribution based on error
propagation of the measurements. For experimental details we refer to
earlier work [4].

With respect to the used gases, nitrogen (N2, grade 4.7, purity >
99.997 vol %) and CO2 (grade 2.7, purity >99.7 vol %) are used. Both
methane (CH4) and N2 do not adsorb on the amine sorbent [6,21] and,
therefore, N2 can be used to mimic methane in natural gas. Considering
that hydrodynamics and mass transfer in fluidized beds are often not a
pronounced function of gas properties, but more of convective pro-
cesses, we expect similar behavior between N2 and CH4. In this re-
search, only CO2 is used as sour gas component. H2S is not used because
of its toxic and hazardous nature. Analogous to sour gas absorption in
aqueous amines, it is expected that H2S adsorbs faster than CO2 [22]:
H2S adsorption only involves a hydrogen bonding with the amine and
CO2 adsorption involves the formation of a carbamate - if aqueous
amine chemistry is assumed – which is a slower process [23,24]. Con-
sequently, adsorption experiments with CO2 are conservative.

2.2. Single stage adsorption

Adsorption experiments were carried out in a single stage fluidized
bed (SSFB), shown schematically in Fig. 1. This experimental setup and
the operating procedures and parameters are largely identical to the
MSFB setup published before. Therefore, we refer to this work for more
detailed information about the experimental setup [4]. Compared to the
MSFB setup, the adsorber has been replaced by a single stage. The
adsorber (0.10 m inner diameter) is equipped with a metal sintered
plate as gas distributor. The overflow height of the standpipes (13 mm
inner diameter) could be adjusted between 50 and 250 mm. The SSFB is
fed with a CO2/N2-mixture using Brooks Instrument mass flow con-
trollers. The amine sorbent is fed at the top of the SSFB through rotary
valve RV-1. The fluidized bed is equipped with a K-type thermocouple
located 20 mm above the metal sintered plate to measure the bed
temperature. The sample point in the freeboard is connected to a LI-
COR LI-840A CO2 analyzer, calibrated in the range 0 10 000 mol
ppm. The superficial gas velocity was varied between 0.19 and 0.44

mg
3/(mR

2 s), the solid flux between 0.052 and 0.222 kgs/(mR
2 s) and the

inlet concentration between 0 and 10 000 mol ppm. All reported su-
perficial gas velocities are corrected for temperature. Typically, the
system required about 30 minutes to reach steady state which is in the
same order of magnitude as the sorbent residence time.

The rich amine sorbent is fed to the desorber. The desorber is a five-
stage MSFB (0.10 m inner diameter). The desorption is realized by in-
creasing the temperature to 100 °C and purge it with N2. The lean
sorbent loading leaving the desorber is assumed to be 0 molCO2/kgs,
which is supported by experiments of Veneman et al. who showed that
the amine sorbent can be fully desorbed in N2 at 100 °C in 5 min [3].
The sorbent residence time for the highest solid flux (14 min) is ap-
proximately three times higher and, thus, it supports the assumption
that the amine sorbent leaving the desorber has zero sorbent loading.
Our earlier work quantifies the effect of a possible error in the lean
sorbent loading [4].

2.3. Hold-up of the bubble phase

The hold-up of the bubble phase is determined by measuring the bed
height while fluidizing compared to the bed height at minimum flui-
dization. Adhesive measuring tape is placed to the inner wall of the
fluidized bed. The top of the fluidized bed is left open for visual ob-
servation of the bed height. Assuming that the emulsion phase remains
at minimum fluidization conditions and that the bubble phase does not
contain solids, the increase in bed height at fluidization is attributed
only to the bubble phase. This assumption leads to the definition of the
bubble hold-up:

=f H H
Hb

mf

mf (1)

The fluidization gas is N2. The standpipes were blocked with two
corks to prevent the amine sorbent from outflowing. The initial packed
bed height was 78 mm. The superficial gas velocities were varied be-
tween 0.08 m/s (umf ) and 0.29 m/s. The measurements were performed
where both the superficial gas velocity was increased and decreased; no
hysteresis was observed.

2.4. Estimation of solids axial dispersion

The axial dispersion of the solid phase is estimated with a hot tracer
experiment. The amine sorbent is heated in an oven at 160 °C. A known
mass of amine sorbent is added to the fluidized bed, corresponding to a

Fig. 2. Schematic of the measurement principle to estimate the axial dispersion of the solid phase.
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certain hot layer thickness on the top of the bed. The thermal response
at different axial positions in the bed is measured. This is schematically
shown in Fig. 2.

The thermal axial dispersion coefficient is estimated by fitting the
experiments to a transient two-phase (gas and solid) heat transfer
model (see Section 2 of the Supporting Information). The key as-
sumption in this approach is the similarity between the thermal axial
dispersion coefficient and the mass axial dispersion coefficient. This
assumption is in line with the analogy between heat and mass transfer
and supported by the poor thermal conductivity of the amine sorbent.
Furthermore, Liu and Chen developed a similar thermal response
measurement using Geldart B particles and concluded that the thermal
and mass dispersion coefficient are similar [25].

The main features of the thermal model will be described here, but a
more detailed description including the equations, initial and boundary
conditions is available in Section 2 of the Supporting Information. The
transient and one-dimensional gas phase heat balance consists of terms
describing (a) convection, (b) axial dispersion, (c) the heat transfer
from the solid to the gas phase using a correlation for the gas-solid heat
transfer coefficient [15] and (d) the heat loss to the environment be-
cause the fluidized bed was not insulated. The transient and one-di-
mensional solid phase heat balance includes (a) axial dispersion and (b)
heat transfer from the solid phase to the gas phase [15]. The heat loss to
the environment is characterized by an overall heat transfer coefficient
Uw which consists of three resistances in series: bed-to-wall heat
transfer described by the correlation of Molerus et al. [26], conduction
through the wall of the vessel and free convection to the surroundings.
The latter is characterized with a heat transfer coefficient. In this ap-
proach, two parameters are unknown and will be used as fit parameter:
the axial dispersion coefficient and the free convection heat transfer
coefficient.

The experimental setup shown in Fig. 1 is used as basis for this
experiment. The adsorber is fitted with three or four (dependent on bed
height) additional K-type thermocouples. The thermocouples were
placed vertically in the radial center of the fluidized bed at different
axial positions (50 mm spacing). All thermocouples were calibrated
with a Testo 720 temperature meter using a Pt100 resistance tem-
perature detector (accuracy: ± 0.2 °C) by measuring the temperature of
tap water at different temperatures. This ensures that one single cali-
bration is used for all thermocouples. Since a transient model is used, it
is important to account for the response time of the thermocouple: This
works uses a time constant to account for the response time of the
thermocouple analogous to the work of Roffel and Betlem [27] and Liu
and Chen [25]. This time constant is a parameter which lumps the heat
transfer processes around the thermocouple. The derivation of the time
constant together with its determination is explained in Section 2.3 of
the Supporting Information. The standpipes were set at a height of 250
mm and were blocked with corks. N2 fluidized the bed at superficial
velocities between 0.08 (umf ) and 0.22 m/s. The fixed bed height was
varied between 133 and 208 mm.

3. Model

3.1. Single stage framework

The single stage experiments are interpreted with a 1D phenom-
enological model based on the two-phase model after May and Van
Deemter [28,29]. The classical two-phase model of May and Van
Deemter consists of the bubble phase and the emulsion gas phase. This
model uses an extra third phase representing the solid phase because
CO2 is adsorbing on the sorbent. A conceptual impression of a single
adsorbing stage is shown in Fig. 3 and a schematic of this adsorptive
fluidized bed model is shown in Fig. 4. The model is isothermal. The
bubble gas phase is assumed to be plug flow. Furthermore, it is assumed
that the bubble phase does not contain any solids and, thus, no ad-
sorption takes place in this phase. The gas interchange between the

bubble gas and emulsion gas phase is assumed to be proportional to the
difference in the bubble and emulsion gas concentration using the gas
interchange coefficient Kbe as proportionality constant. More details on
the proportionality constant Kbe can be found in Section 3.5. This yields
the following differential equation with the corresponding boundary
condition:

= ==f u c
z

K c c c cd
d

( ) with |zb b
b

be b e b 0 in (2)

The emulsion gas phase has some extent of axial mixing, re-
presented by an axial dispersion term. An adsorption term is added to
account for the flux of CO2 from the emulsion gas phase to the sorbent:

=f u c
z

f D c
z

K c c f Rd
d

d
d

( )e e
e

e ax
G

2
e
2 be b e s s ads A (3)

The effectiveness factor ads accounts for intraparticle mass transfer
as explained in Section 3.4. More information on the adsorption kinetics
is given in Section 3.3. The adsorption rate RA is defined at emulsion gas
conditions: =R R c q( , )A A e . The corresponding Danckwerts boundary
conditions for the emulsion gas phase are:

= =
=

=
=

D c
z

u c c c
z

d
d

( | ) and d
d

0
z

z
z H

ax
G e

0
e e 0 in

e

(4)

The emulsion gas and solids are contacted co-currently because the
emulsion gas and solids in the bed both have a net upward flow di-
rection as shown in Fig. 3. The solid phase uses an axial dispersion term
to account for mixing:

=S q
z

f D q
z

f Rd
d

d
ds s ax

S
2

2 s s ads A (5)

In this equation S is the solid flux, which is the solid mass flow
normalized on the cross-sectional area of the bed (kgs/(mR

2 s)). The
corresponding Danckwerts boundary conditions for the solid phase are:

= =
=

=
=

f D q
z

S q q q
z

d
d

( | ) and d
d

0
z

z
z H

s s ax
S

0
0 in (6)

With respect to the axial dispersion of the emulsion gas and solid
phase1, we assume that the axial dispersion coefficient of both phases
(Dax

G and Dax
S respectively) are equal. Although this is not necessarily

true from a physical point of view, the two axial dispersions do ap-
proximate each other and, hence, this is a common assumption in
fluidization engineering [28,29].

External mass transfer (that is, from emulsion gas to the sorbent
particle) is not considered in the model because it can be neglected.
Mears presents a criterion based on the second Damköhler number to

Fig. 3. Conceptual impression of a single adsorbing stage. The arrows denote
the flow direction of the solids. The gas flows from bottom to top.

1 Please note that the unit of the axial dispersion is different than its con-
vention. The conventional unit of the axial dispersion is D *ax

S [ms
3/(mR s)],

whereas May and Van Deemter use Dax
S [mR

2 /s]. To keep this work in line with
May and Van Deemter we also use the latter unit. The two units can be con-
verted into each other using the solids hold-up as scaling factor: =D f D*ax

S
s ax

S .
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test if external mass transfer can be neglected [30,31]:

= <
R d

c k n
Da

2
0.15

II
exp p

e pe (7)

In this equation Rexp is the experimentally observed reaction rate per
volume of sorbent, kpe is the external particle-emulsion gas mass
transfer coefficient and n is the reaction order which is equal to unity in
this case because the reaction order is first order in the gas con-
centration. The second Damköhler number was calculated based on a
worst-case scenario meaning (a) 76% removal of CO2 - the largest re-
moval efficiency observed - with an inlet concentration of 1% CO2, (b)
the highest superficial velocity (0.22 m/s) and (c) the lowest bed height
(50 mm) experimentally used. The particle diameter of the amine sor-
bent is 668 µm. A typical Sherwood number for external mass transfer
was calculated using a Sherwood-Reynolds dependency for fluidized
beds from Kunii and Levenspiel [15]. The second Damköhler number
was found to be 0.10, so the condition in Equation 7 is fullfilled,
confirming that external mass transfer can be neglected for any re-
ported experiment.

3.2. Velocities and hold-ups

The flow of gas through the emulsion gas phase is assumed to be
equal to the gas flow at minimum fluidization [28,29]. Therefore, the
linear velocity in the emulsion gas phase ue is equal to: =u u /e mf mf .
From a total mass balance it can then be reasoned that the velocity
through the bubble phase ub can be calculated with:

=u
u f u

f
(1 )

b
0 b mf

b (8)

The hold-up of the bubble phase is experimentally measured

(Section 2.3). Regarding the hold-up of the emulsion gas phase, it is
assumed that the fraction of emulsion gas in the emulsion phase (that is,
the emulsion gas and solid phase) is equal to the bed porosity at
minimum fluidization which results from the assumption that the
emulsion phase is kept at minimum fluidization conditions [28,29]:

+
=

f
f f

e

e s
mf

(9)

The system of equations is closed by summing all hold-ups to unity:

+ + =f f f 1b e s (10)

The total gas hold-up g can be calculated with:

= +f fg b e (11)

The outlet concentration cout is calculated as the mixed cup con-
centration from the bubble and emulsion gas phase:

=
+

c
f u c f u c

uout
b b b e e e

0 (12)

3.3. Intrinsic adsorption kinetics

The intrinsic adsorption kinetics for the adsorption of CO2 on the
amine sorbent are taken from Bos et al. [5]. The intrinsic adsorption
kinetics have the shape of the Toth adsorption kinetics [32]. The
equations are shown in Equation 13 and the used parameters are shown
in Table 1.

Fig. 4. Schematic of the adsorptive fluidized bed model.
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=

=

= +

=

=

( )

( )
( )

( )

( )
( )

( )

R k P

b b

t t

q q

k k

1

exp 1

1

exp 1

exp

q
q

t t

CO
q

bq

H
RT

T
T

T
T

T
T

E
RT

A T

1/

0

0

s s0

T 0

s 2 s

0
0

0

0

0

act
(13)

At equilibrium, implying a net zero adsorption rate ( =R 0A ),
Equation 13 yields the Toth adsorption isotherm indicated by =q q :

=
+

q
q bP

bP(1 ( ) )
CO

CO
t t

s
1/

2

2 (14)

The partial pressure of CO2 is related to the gas concentration via
the ideal gas law:

=P cRTCO2 (15)

3.4. Intraparticle mass transfer limitations

Intraparticle mass transfer limitations are approximated via a Thiele
modulus approach with a uniform loading approximation as recently
presented in earlier work [33]. This method uses a Thiele modulus for
adsorption (Equation 16) from which an effectiveness factor for ad-
sorption can be derived (Equation 17):

=
( )

L
k RT

D

1 q
q

t t

ads

s T

1/

p

s

h h

(16)

= 3 ( coth( ) 1)
ads

ads

ads ads

ads (17)

For more information about this method, its validity and the re-
levant material properties of the amine sorbent, we refer to our earlier
work [33].

3.5. Bubble-emulsion gas interchange

The gas interchange between the bubble and emulsion gas is the
only remaining parameter unknown. Many authors derived correlations
for the gas interchange coefficient in the limit where the bubble rises
much faster than the emulsion gas: the so-called fast clouded bubble
where the bubble gas stays in the bubble due to circulation in the
bubble and the cloud. The best known correlations are those from
Davidson and Harrison [34], Kunii and Levenspiel [14,15], and Chiba
and Kobayashi [35]. However, these correlations may not be valid since
gas can flow through the bubble, so-called gas throughflow [36]. This
happens just above the gas distributor and if the bubble and emulsion
have a similar velocity [36,37]. Sit and Grace [38] present a correlation

for the bubble-emulsion gas interchange corrected for gas throughflow
based on the description of Davidson and Harrison. Second, Hernandez
et al. [39] and Medrano et al. [40] present a correlation for gas
throughflow in 2D fluidized beds. Lastly, Xie and Sun present a corre-
lation for throughflow in 2D and 3D fluidized beds [41].

The variety of correlations shows that no consensus in literature
exists in describing bubble-emulsion gas interchange. Also, for the re-
ported gas throughflow correlations the spread between them is large
[38–41]. All in all, a comprehensive relation for the gas interchange
does not exist. Furthermore, a lot of correlations have the bubble size as
one of their inputs. The bubble size is not measurable in our experiment
and, thus, we would rely on correlations for the bubble size. Therefore,
a rather empirical approach is taken by correlating the gas interchange
coefficient to experimental parameters to describe our system. With a
set sorbent particle and bed diameter, the gas interchange coefficient is
only a function of the excess gas velocity and the bed height. Using a
mechanistic approach, Krishna derived scale relations for the gas in-
terchange coefficient based on the Davidson’s model for transfer from a
hemi-spherical bubble [42,43]. For example, Krisha states that
K f u u/ ( )be b 0 mf

0.4 to 0.5 and K f H/be b
4/5 to 1. This work uses

these insights and fits the gas interchange coefficients in the form:

=K
f

C H u u· ·( )C Cbe

b
1 0 mf2 3

(18)

In this equation C1 , C2 and C3 are empirical constants. The exact
fitting procedure is explained in the section Results and Discussion,
Section 4.3.

3.6. Numerical solution and verification

The equations above are solved in gPROMS ProcessBuilder 1.4.0
using its custom modeling functionality. The centered finite difference
method was used for spatial discretization. In the model initialization
we specified that first the model was solved for the special case where
the effectiveness factor for adsorption equals unity ( = 1ads ) and this
solution was used as an initial guess for the model where the full Thiele-
modulus approach was incorporated. Three equidistant meshes are
tested (75, 150 and 300 grid points) and all numerical solutions are
identical. Therefore, 75 grid points are used while solving the equa-
tions. The model is verified with analytical solutions of some extreme
model cases for each phase. For example, the emulsion gas phase is
verified by assuming plug flow (D 0G

ax mR
2 /s) and constant values for

cb and q. The numerical solutions did correspond to the analytical so-
lution for each extreme case and this ensures that the model is im-
plemented and solved correctly.

4. Results and discussion

4.1. Bubble hold-up

Fig. 5 shows the hold-up of the bubble phase as function of the
excess superficial velocity u u0 mf . For a Geldart B powder, bubbles
form just above the minimum fluidization velocity and, therefore, the
bubble hold-up is plotted as function of the excess superficial velocity.
The bubble hold-up increases with increasing excess superficial velo-
cities but levels off at high excess superficial velocities. The experi-
mental data are fitted to an exponential function, yielding the following
correlation:

= ±f u u1 exp( 1.378 0.052( ))b 0 mf (19)

The indicated error of the exponential constant in Equation 19
corresponds to the 95% confidence interval according to the Student’s t-
distribution. Geldart also reported a correlation for the bubble hold-up
which is also plotted in Fig. 5 [44]. This correlation underpredicts the
measured bubble hold-ups, although it is just inside the experimental
error. The deviation becomes larger at higher excess velocities.

Table 1
Parameters for the kinetic description of CO2 adsorp-
tion on the used amine sorbent by Bos et al. [5].

Parameter Value

qs0 (mol/kg) 3.40
(–) 0

T0 (K) 353.15
b0 (1/bar) 93.0

H0 (kJ/mol) 95.3
t0 (–) 0.37
(–) 0.33

k0 (mol/(kgs bar s)) 3.5·103

Eact (kJ/mol) 15.2
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Geldart’s correlation uses various other correlations as input para-
meters, such as correlations for the bubble rise velocity, bubble dia-
meter and initial bubble size [44]. Each correlation has its own error
margin and propagation of these errors may explain the observed de-
viation.

4.2. Axial dispersion of the solid phase

A typical measurement of the transient hot tracer response experi-
ment is shown in Fig. 6. The temperature increase at each thermocouple
can clearly be seen. At first the temperature at the top thermocouple
( =z 170 mm) increases. Thereafter, the temperature at the other
thermocouples ( =z 120mm, =z 70 mm and =z 20 mm respectively)

increase. In the first seconds ( <t 20 s) there is a clear difference be-
tween the temperature of the thermocouples. After 20 s the temperature
is independent of the height because of mixing and the bed cools down
due to heat losses to the gas and environment. Although care was taken
to gently pour the hot amine sorbent on the fluidized bed, it was im-
possible to add the hot amine sorbent as a stagnant layer: the hot amine
sorbent always has some velocity downwards. Furthermore, it can be
observed that the model predicts the same trend as the experiment.

The obtained values for the solid axial dispersion for various fixed
bed heights (H0) are shown in Fig. 7. At low excess velocities the bed is
not well fluidized and, thus, the solid axial dispersion model (Section 2
of the Supporting Information) cannot accurately describe the mixing
behavior. This results in larger errors for the solid axial dispersions
compared to higher excess velocities. The solid axial dispersion

Fig. 5. Experimentally obtained bubble hold-up including the prediction of the
obtained correlation. The initial packed bed height of the amine sorbent is 81
mm. The error bars represent the propagated measurement errors from the
experiment. The dotted line represent the correlation for bubble hold-up of
Geldart [44].

Fig. 6. Typical experimental and model results for the axial dispersion at varying fluidization velocities. =H 1680 mm (four thermocouples were placed in the bed,
=z 0 is defined as the bottom of the bed), = = ±u u D2.14 , 7.77·10 0.86·100 mf ax

S 4 4 mR
2 s 1 (95% confidence interval, Student’s t-distribution).

Fig. 7. Experimental results (data points) and correlations (lines, Esin and
Altun [45] and Equation 21) for the solid axial dispersion. The experimental
error bars indicate 95% confidence intervals using the Student’s t-distribution
from every single thermal response experiment.
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increases with the excess velocity, which means that increased gas
velocities lead to enhanced mixing which is also supported by Kunii and
Levenspiel [15]. Furthermore, it is shown that there is no clear effect of
fixed bed height, although this is expected [15]. This may be explained
by the shallow beds (50 mm < <H 250 mm) used: within this narrow
range the solid circulation patterns in a bed do not change much [15].

Esin and Altun propose a correlation (Equation 20) which relates
the solid axial dispersion to the superficial gas velocity [45]. The shape
of the equation is based on a theoretical analysis by Kunii and Leven-
spiel [15].

=D u
u

u u0.051 ( )ax
S 0

mf
0 mf

1.471
(20)

This correlation is also plotted in Fig. 7. One can see that this cor-
relation overpredicts the experimental obtained solid axial dispersions.
Therefore, a new correlation was fitted using a non-linear least-squares
fit from the MATLAB 2017b Curve Fitting Toolbox, yielding the following
correlation which is also plotted in Fig. 7:

=D u
u

u u0.0627 ( )ax
S 0

mf
0 mf

2.022
(21)

To emphasize, the purpose of this experiment is to obtain an esti-
mate for the axial dispersion, not a precise value. Therefore, we can
accept an error in the fitted axial dispersion as indicated by the error
bars. This is also the reason why no 95% confidence intervals are given
for the pre-exponential factor and exponent in Equation 21.

The movement of solids in a fluidized bed is strongly dependent on
the length-over-diameter (H D/ ) ratio of the fluidized bed [15]. In
MSFBs typically shallow fluidized beds are used on each stage, implying
small H D/ -ratios in large scale (that is, large diameter) units. The
H D/ -ratio in this work is typically unity. Therefore, care has to be taken
when Equation 21 is used for large scale units, but it is useful for in-
terpretation of experiments.

The Péclet number for the solid phase is defined as:

= SH
D f

PeS

ax
S

s s (22)

With respect to the solid phase, for the single stage adsorption ex-
periments the largest Péclet number is 0.083 (for =H 0.25 m, =S 0.222
kgs/(mR

2 s), =f 0.39s ms
3/mR

3 , and =D 1.5·10ax
S 3 mR

2 /s). The value is low

enough that the solid phase can be approximated by a continuously
stirred ideal tank reactor (CISTR) [46]. Note that any smaller Péclet
number will resemble a CISTR even more and, hence, the entry point of
the solids on a tray does not matter from a model point of view.

When assuming that the axial dispersion coefficient of the emulsion
gas phase equals the axial dispersion coefficient of the solid phase, one
can also calculate the Péclet number for the emulsion gas phase (as-
suming =u u /e mf mf ):

= =u H
D

u H
D

PeG e

ax
G

mf

mf ax
G (23)

The minimum Péclet number for the single stage adsorption ex-
periments is 0.2 and the maximum Péclet number is 22.8. These Péclet
numbers corresponds respectively to =N 1 and =N 12 CISTRs in series
[46]. This means that the extent of mixing for the emulsion gas phase is
somewhere between ideal mixing and plug flow, dependent on the axial
dispersion of the emulsion gas phase, which is again a function of the
superficial velocity. The variety in the extent of mixing shows the im-
portance of characterizing mixing for the emulsion gas phase.

4.3. Bubble-to-emulsion gas interchange

Only the bubble-to-emulsion gas interchange is not quantified yet,
but it is the only unknown parameter. Therefore, the single stage ad-
sorption experiments are used to obtain the gas interchange coefficient
Kbe.

The presented single stage model does not include an energy bal-
ance. However, the temperature between the single stage adsorption
experiments will differ. For the sake of simplicity, the temperature was
averaged within each measurement series. This averaged temperature is
used as input temperature to the model. For clarity, the temperature of
each experiment will be reported in the various figures, together with
the averaged input temperature.

The empirical coefficients of Equation 18 are fitted using the Model
Validation tool of gPROMS ProcessBuilder 1.4.0. Only the experimental
data sets where the superficial gas velocity and the bed height were
varied, are used to fit the empirical coefficients. The correlation found
is:

Fig. 8. Single stage adsorption experiments with varying superficial gas velocities for two different bed heights ( =S 0.101 kgs/(mR
2 s), =c 10000in mol ppm). (Left)

Comparison of experimental outlet concentrations with the model. (Right) Measured temperatures with model input temperatures (horizontal lines). The figures
share the same legend.
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= ± ± ±K
f

H u u(6.1 0.8)· ·( )be

b

1.07 0.04
0 mf

0.75 0.06

(24)

The indicated errors are 95% confidence intervals using the
Student’s t-distribution. The exponents in Equation 24 were checked by
fitting the individual exponents for the bed height H and the excess gas
velocity u u0 mf to the individual experimental data sets where re-
spectively the bed height and the superficial gas velocity were varied.
Very similar exponents were obtained, which confirms that the fitted
relations describe the influences of bed height and superficial gas ve-
locity well. One has to realize that the model predictions for the ex-
perimental data where the solid flux and the inlet concentrations are
varied, are not used in the data set for fitting the bubble-emulsion gas
interchange: they provide external validations of the presented model.

The negative exponent shows that the bubble-emulsion gas inter-
change decreases with increasing bed heights. This observation is
confirmed by many correlations for the gas interchange coefficient
present in literature: due to bubble growth the gas interchange dete-
riorates [14,15,34,35,38–40,42]. Furthermore, it has the same order of
magnitude as Krishna’s scale relationship [42]. The positive exponent
for the excess gas velocity is more interesting and, hence, deserves
further explanation. For fast clouded bubbles many gas interchange
correlations show that the gas interchange deteriorates if the excess gas
velocity is increased, because this promotes bubble growth, completely
neglecting gas throughflow [14,15,34,35,47]. In our system the ratio
between the bubble velocity and the emulsion gas velocity varies
roughly between < <u u5 / 6b e indicating a fast clouded bubble, so
there must be another explanation because we obtained a positive trend
with respect to the excess gas velocity. This work employs shallow
fluidized beds where the near distributor zone becomes very relevant
for gas interchange, in contrast to higher fluidized beds. Discrete par-
ticle simulations of Tan et al. [37] show that just above the gas dis-
tributor there is a significant throughflow in the bubble for Geldart B
particles. This throughflow will only be enhanced by a larger superficial
gas velocity. Altogether, this may explain the positive exponent for the
excess gas velocity.

4.4. Single stage adsorption experiments

All reported concentrations are averaged over a period of at least

120 s. The 95% confidence intervals using the Student’s t-distribution
were calculated for the measured concentrations: the confidence in-
tervals were smaller than 0.6% so no error bars are shown in the
graphs. For the temperature measurement, K-type thermocouples are
used, meaning a measurement error of ± 1.5 °C based on thermocouple
standards. Furthermore, the reproducibility of the experiments was
checked. To confirm reproducibility, 20% of the experiments were
performed twice. The largest observed deviation in the outlet con-
centration between two identical experiments was only 3.6%, which
confirms reproducibility. The used model is isothermal, the input
temperatures (which is the averaged temperature within each mea-
surement series) are depicted by horizontal lines in all figures.

Fig. 8 shows the outlet concentrations and bed temperatures when the
superficial gas velocity is varied. It is clearly observed, as expected, that
lower superficial gas velocities yield lower outlet concentrations. The gas
residence time in the bed is only 0.2 0.8 s while in this time 41 76 %
of the CO2 is adsorbed. This shows that the apparent adsorption rate is
very fast. Furthermore, larger superficial gas velocities lower the bed
temperature: the inlet gas is at room temperature so supplying more gas
yields lower temperatures. With respect to the model, one can conclude
that there is a slight difference between the experimental data points and
the model prediction, but the agreement is still good.

The overflow height was varied by adjusting the height of the
downcomers as shown in Fig. 9. By increasing the overflow height both
the gas and solid residence time are increased: larger overflow heights
result in lower outlet concentrations. The overflow height does not have
a significant influence on the bed temperature and the correspondence
between experiment and model is still good.

The effect of solid flux is shown in Fig. 10. By increasing the solid
flux more sorbent is available to adsorb the same CO2 amount in the
feed. This lowers the sorbent loading and, thus, increases the adsorption
rate. Considering temperature, larger solid fluxes result in higher bed
temperatures. The amine sorbent which enters the bed is hot because
the desorber is operated at approximately 100 °C and the riser cooling is
not sufficient to cool the amine sorbent. If the solid flux is increased,
more hot amine sorbent enters the bed and, therefore, the bed tem-
perature is increased. For describing this data set, which was not part of
the parameter fitting set, no additional fitting was performed, this
means that with the presented model we can predict our own experi-
ments.

Fig. 9. Single stage adsorption experiments with varying bed height for two different superficial gas velocities ( =S 0.101 kgs/(mR
2 s), =c 10000in mol ppm). (Left)

Comparison of experimental concentrations with the model. (Right) Measured temperatures with model input temperatures (horizontal lines). The figures share the
same legend.
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The effect of inlet concentration is investigated with two measure-
ment series: one series at bulk concentrations (Fig. 11,

=c 1200 10000in mol ppm) and one at trace concentrations (Fig. 12,
=c 350 1400in mol ppm). The latter series was specifically conducted

to investigate deep removal of sour gas. The effect of inlet concentra-
tion is trivial: lower inlet concentrations lead to lower outlet con-
centrations. The exothermic nature of adsorption can be observed in
Fig. 11: larger inlet concentrations show higher bed temperatures be-
cause more CO2 is adsorbed and so more exothermic heat is released.
This effect is less pronounced in Fig. 12 because the concentrations are
much lower.

The model is able to predict the outlet concentrations for bulk
concentrations quite well (Fig. 11, =c 1200 10000in mol ppm).
However, predictions for deep removal become challenging (Fig. 12,

=c 350 1400in mol ppm) for the model. It can clearly be observed that
the model conservatively overpredicts the outlet concentrations. Three
hypotheses are presented to explain this observation which will be
discussed and, is possible, falsified. First, the used approach for the
effectiveness factor for adsorption may be inaccurate. However, earlier
work shows that it overestimates the effectiveness factor for adsorption
and, thus, this cannot explain the observed overprediction for deep
removal [33]. Second, the intrinsic adsorption kinetics as reported by
Bos et al. were not experimentally validated in the concentration range
for deep removal [5]. As a test, the adsorption rate has been increased
by two orders of magnitude in this model, but also then the model did
not predict the outlet concentrations for deep removal. Therefore, the
cause is most likely also not in the intrinsic adsorption kinetics. Third,
the adsorption isotherm may predict lower sorbent loadings. Earlier

Fig. 10. Single stage adsorption experiments with varying solid fluxes for two different bed heights ( =u 0.340 mg
3/(mR

2 s), =c 10000in mol ppm). (Left) Comparison of
experimental concentrations with the model. (Right) Measured temperatures with model input temperatures (horizontal lines). The figures share the same legend.

Fig. 11. Single stage adsorption experiments for bulk removal with varying inlet concentrations for two different bed heights ( =u 0.380 mg
3/(mR

2 s), =S 0.101 kgs/(mR
2

s)). (Left) Comparison of experimental concentrations with the model. (Right) Measured temperatures (horizontal lines). The model input temperatures are shown as
horizontal lines in the right figure. The figures share the same legend.
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work reported an adsorption isotherm specifically for deep removal [4]
and compared to the adsorption isotherm used to describe the intrinsic
adsorption kinetics by Bos et al., it predicts higher sorbent loadings
especially at lower concentrations. In conclusion, the deviation is
caused by the used adsorption isotherm in the intrinsic adsorption ki-
netics of Bos et al. [5]

4.5. Model sensitivity analysis

To improve the understanding of the various mass transfer re-
sistances in this system, a sensitivity analysis is performed. In this
analysis three parameters are varied: the axial dispersion of the gas and
solid phase, the gas interchange between the bubble and emulsion gas
phase and the adsorption rate. A fictive experiment is defined as base
case in Table 2. This base case experiment is used as basis for the
sensitivity analysis. The gas conversion is used as output parameter:

= c c
c

in out

in (25)

To disentangle the effect of intraparticle mass transfer on the ad-
sorption rate by the sorbent, the effectiveness factor is kept constant.
The axially averaged effectiveness factor of the base case experiment is

= 0.69ads and this value is kept constant in the sensitivity analyses.
This enables the study of the effects of axial dispersion, gas interchange
and adsorption rate individually.

Fig. 13 shows the sensitivity analysis where the gas interchange
coefficient and the axial dispersion of the gas and solid phase are
varied. Again the axial dispersion of the gas and solid phase have
identical values. At low gas interchange coefficients ( <K 10be

1

mg
3/(mR

3 s)) the gas conversion is clearly limited by the gas interchange:
there is no mass transfer from the bubble to the emulsion gas phase,
meaning that only the CO2 present in the emulsion gas phase is ad-
sorbed. At large gas interchange coefficients ( >K 10be

2 mg
3/(mR

3 s))
other processes such as mixing and the adsorption kinetics become
limiting. The gray box in Fig. 13 shows the range of gas interchange
coefficient for the presented system. It can be concluded that the gas
interchange is quite good: not much improvement in gas conversion can
be obtained by improving the gas interchange. The latter can be rea-
lized by putting obstacles in the fluidized bed which will break bubbles
[15]. We recommend to use shallow fluidized beds in this application to

facilitate fast gas interchange by preventing excessive bubble growth.
Fig. 14 shows the sensitivity towards the adsorption rate and gas

interchange. Please note the parameter on the x-axis: k·ads T. When the
intrinsic adsorption kinetics (Equation 13) is substituted in the gas and
solid mass balance (Equation 3 and 5), it can be concluded that k·ads T is
a unique parameter. Hence, k·ads T is used to investigate the net ad-
sorption rate by the sorbent without cross-correlation of intraparticle
mass transfer. Obviously, at low k·ads T the gas conversion approaches
zero. When k·ads T is increased roughly above 100 molCO2/(kgs bar s),
the system is clearly limited by gas interchange. The dashed line re-
present the base case experiment. It can be concluded that the gas in-
terchange still keeps up with the adsorption rate: if the adsorption ki-
netics are increased, the gas conversion also increases.

4.6. Applicability of the model

The presented model with the given parameter set for shallow
fluidized beds may also be applied to other shallow fluidized bed pro-
cesses using Geldart B particles. Please note that the basis of this model,
the two-phase fluidization model after May and Van Deemter is of
course more widely applicable [28,29]. This work uses Geldart B par-
ticles and, thus, we think that every aspect related to hydrodynamics
including the hold-up of the bubble phase, the axial dispersion and
bubble-emulsion gas interchange is also valid for other Geldart B

Fig. 12. Single stage adsorption experiments for deep removal with varying inlet concentrations ( =u 0.360 mg
3/(mR

2 s), =S 0.132 kgs/(mR
2 s)). (Left) Comparison of

experimental concentrations with the model. (Right) Measured temperatures. The model input temperatures are shown as horizontal line in the right figure. The
figures share the same legend.

Table 2
Base case experiment for sensitivity analysis.

Parameter Value

u0 (mg
3/(mR

2 s)) 0.30

T (K) 313
S (kgs/(mR

2 s)) 0.15

H (m) 0.15
cin (mol ppm) 10000

ads
a 0.69

a The effectiveness factor is kept constant in
the sensitivity analysis. This value is the averaged
value when one would run the model with the
base case parameters above.
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particles or can be used as a first approximation. The only thing that is
specifically meant for adsorption are the adsorption kinetics (Equation
13). For other processes, either adsorptive or catalytic, this term differs.
For catalytic processes the solid mass balance(Equation 5) can be
eliminated. This work is placed also in the context of sour gas removal
from natural gas. In such process the adsorption most likely takes place
at elevated pressures which will influence the fluidization and, hence,
the hydrodynamics. At elevated pressures, the fluidization becomes
more homogeneous and the bubble size decreases for example. This
possibly contributes to the bubble-emulsion gas interchange, but this
has to be experimentally confirmed [48]. To conclude, the model with
the given parameter set may be used for shallow fluidized beds at (near-
)atmospheric pressures with Geldart B particles, but experimental va-
lidation at increased pressures is required.

5. Conclusion

A phenomenological model for shallow MSFBs for continuous ad-
sorption processes employing an amine sorbent was established for
interpretation of experiments in a shallow fluidized bed. The model is
based on the classical two-phase model for fluidized beds. Independent
measurements for the hold-up of the bubble phase and for mixing
support the model. The mixing in the emulsion gas phase varies
somewhere between plug flow and ideal mixing, dependent on the
superficial gas velocity used. This highlights the necessity of char-
acterizing mixing for modeling. However, the solid phase can be de-
scribed by ideal mixing in any case, which simplifies modeling because
the entry point of the sorbent does not matter from a model point of
view.

Fig. 13. Sensitivity analysis for varying gas interchange coefficients and axial dispersions for the gas and solid phase. The gray box represents the range of gas
interchange coefficients used in this work. The axial dispersion coefficient Dax

G,S ranges between 1.4·10 3 and 3.5·10 2 mR
2 /s in the experiments.

Fig. 14. Sensitivity analysis for adsorption kinetics and various gas interchange coefficients. The dashed lines indicates the reference of the base case experiment. The
bubble-emulsion gas-interchange coefficient Kbe ranges from 4.7 to 38.1 mg

3/(mR
3 s) in the experiments.
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The experiments show that the adsorption rate is fast: the gas re-
sidence time in the bed is below 0.8 s while a major part (41 76 %) of
the CO2 is adsorbed in that time. This already shows the potential of
this application. The model is able to predict the effect of various
process parameter variations such as superficial velocity, solid flux, bed
height and inlet concentration for bulk removal. The model prediction
for deep removal (<1500 mol ppm CO2) is challenging, most likely
because of the adsorption isotherm used or CO2 adsorption while the
sorbent falls in the fluidized bed.

Intrinsic adsorption kinetics being faster than expected. For the
variations of varying solid flux and bulk inlet condition, we are able to
predict are own experiments without additional fitting.

A sensitivity analysis shows that gas interchange between the
bubble and emulsion gas phase is sufficiently fast, which is certainly not
trivial for fluidized beds. Even when the intrinsic adsorption kinetics
would be faster, gas interchange is still able to keep up. Shallow flui-
dized beds have the advantage that bubbles cannot grow excessively,
thereby promoting gas interchange. The importance of the near dis-
tributor zone deserves further attention. The presented system is al-
ready fairly optimized with respect to mass transfer processes: the gas
interchange can be improved upon, for example by installing obstacles
in the bed or using larger particles, but it will not increase gas con-
version significantly, certainly not if shallow fluidized beds are used. To
conclude, shallow fluidized beds provide optimal mass transfer and gas
interchange characteristics for application in MSFBs.
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