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"Nothing in life is to be feared, it is only to be understood. Now is the time to 
understand more, so that we may fear less"

Marie Curie
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Summary

Supercritical water desalination (SCWD) is a promising zero liquid discharge (ZLD) 
technology for the treatment of concentrated brine waste streams found in industry.  
This method of desalination utilises the non-polar nature of water under supercritical 
conditions (T > 374 °C and P > 220 bar), to separate freshwater from a saline feed.  
Under supercritical conditions, a saline mixture containing salts such as NaCl, KCl, 
CaCl2 and MgCl2 (salts typically found in industrial brines) will form a pseudo-
vapour-liquid equilibrium (VLE) with the low concentration supercritical water 
(SCW) stream representing the vapour phase and the concentrated hydrothermal 
brine representing the liquid phase. The SCWD process of this study was designed for 
the separation between the low-density SCW phase and high-density hydrothermal 
brine phase. The high-density hydrothermal brine phase was then expanded to 
obtain steam and salt. The goal of this thesis was the further development of the 
SCWD process, aimed at the application for the treatment of concentrated brine 
waste streams.  

In Chapter 1 an introduction is given to the global brine production and the current 
brine discharge and management strategies. The main drivers for the development 
of ZLD processes are mentioned and conventional ZLD schemes are discussed. The 
property changes of water and low solubility of inorganic components in SCW are 
discussed and a brief layout of the SCWD process, developed in this research, is 
given.  

The layout and operation of the large laboratory-scale SCWD set-up (5 kg/h) is 
present in Chapter 2. The process is operated in a semi-batch operation, with the 
removal of the SCW phase from the hydrothermal brine phase being continuous. The 
expansion of the hydrothermal brine is batch-wise.  Experiments were performed 
for different feed concentrations of NaCl ranging, from 3.5 wt.% (seawater) to 16 
wt.% (concentrated brine). The experiments were repeatable and the measured SCW 
and hydrothermal brine concentrations were comparable with the calculated phase 
equilibria of various models and equations.  For low concentration feeds (3.5 wt.%) 
the recovery of fresh drinking water was ~ 91 % for a temperature of 430 °C and 
pressure of 270 bar.  The recovery was much higher in comparison to the freshwater 
recovery of conventional desalination process, which is ~ 50 % for seawater feeds.   
The results for the brine expansion showed that a single-stage expansion of the 
brine is not sufficient for achieving ZLD as the enthalpy of the brine is too low for 
complete separation into steam and salt.  Instead water is also retrieved in which the 
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salts dissolved to form a liquid brine. The expansion of the brine occurred rapidly   
( > 1 minute) to prevent plugging of the system. The result was that the salt crystals 
did not have time to grow and agglomerate, and the particle size was very small (10 
– 40 µm). This in turn caused the particles to be entrained with the vapours and the 
recovery of salt to be ± 64 %. The experimental results for heat exchange and brine 
expansion was used in further chapters for model validation and to optimise the 
SCWD process through improved heat exchange (energy reduction) and upgrading 
the brine treatment section to achieve ZLD.

For process optimisation and upgrading the brine recovery section to achieve 
ZLD, process modelling is required.  For process modelling, the thermodynamic 
properties of the streams need to be known in both the sub- and supercritical region.  
The models used for the calculation of the sub- and supercritical regions were 
presented and discussed in Chapter 3. Two different models had to be used, one for 
the low-temperature region (ambient – 300 °C) and one for the high-temperature 
region (300 – 500 °C). This was due to the ions re-associating in the high-temperature 
region, because of the dielectric constant of water rapidly decreasing. For the low-
temperature region the well-known electrolyte non-random two liquid (eNRTL) 
activity coefficient model was used. The Anderko & Pitzer equation of state (AP EoS) 
was used for the high-temperature region. The AP EoS  is a Helmholtz free energy 
based model, that assumes complete ion pairing and can be adapted for different 
salt-water mixtures. Using the AP EoS an algorithm was developed to identify the 
phase regions of the mixture for temperatures above 350 °C and pressures above 
the critical pressure of water (220 bar). The algorithm assisted with determining the 
phase regions during operation and could be used for any binary salt-water mixture 
by just adjusting the AP EoS for the relevant mixtures. 

The energy consumption and heat integration of the SCWD process was investigated 
experimentally and theoretically in Chapter 4. The SCWD process is energy 
intensive due to the extreme operating conditions and the energy consumption 
needs to be reduced to be comparable with other ZLD processes. A manner in which 
the energy can be reduced is by increasing the feed concentration of NaCl.  NaCl 
has a lower heat capacity than water and by increasing the concentration, the heat 
capacity of the feed is decreased thereby lowering the required energy to heat the 
feed to the desired separation temperature.  Experimental results from the large 
laboratory-scale SCWD unit for different feed concentrations (0 – 7 wt.%), showed 
that the potential for heat exchange (between the SCW and feed stream) improved 
due to a shift in the pinch point (composite curves) to a higher temperature region.  
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Consequently, higher feed outlet temperatures were achieved in the heat exchanger. 
Further theoretical modelling for higher feed concentrations (up to 20 wt.%) showed 
that as the feed concentration increases, heat exchange will become limited at the 
cold inlet – hot outlet side of the heat exchanger due to the decrease in the SCW 
recovery (pinch point of composite curves shifts to the lower temperature region). 
Pre-heating the concentrated feed will assist with improving the potential for heat 
exchange between the concentrated feed stream and SCW stream.  Comparison of 
the overall SCWD energy consumption showed that the process becomes less energy 
intensive as the feed concentration increases.  This is due to the decrease in the feed 
heat capacity which 1) led to improved heat exchange potential inside the SCW – feed 
heat exchanger, allowing for higher feed outlet temperatures and 2) directly lowered 
the energy requirement of the feed heater to heat the feed to the desired separation 
temperature.  When comparing the energy consumption of the SCWD to the that 
of other ZLD processes it was seen that the energy consumption for concentrated 
feed streams were comparable with the conventional processes, illustrating that the 
SCWD process would be better suited for the treatment of concentrated brine waste 
streams, rather than the recovery of fresh drinking water from low concentration 
(seawater) streams. 

In Chapter 5 it is theoretically shown that ZLD can be achieved through the two-
step flash, flash-evaporation of the hydrothermal brine.  In the first stage the brine 
is expanded and the produced steam was then used in the second stage flash-
evaporation step to dry the salt.  The three retrieved products were steam, solid salt 
and pure water (no liquid brine).  A window of operation was determined – with 
respect to the first and second stage pressure – in which the brine treatment section 
could operate to achieve ZLD. Additionally, the steam exergy of the first and second 
stage was evaluated to determine the optimum operating pressures.  It was decided 
to operate at a first stage pressure where the corresponding second stage pressure 
was at a maximum.  At this point the steam obtained from the first stage was fully 
condensed in the second stage evaporator and the second stage steam exergy was 
at a maximum, meaning that the least amount of useful work was lost.  The steam 
obtained in the second stage was also sufficient for pre-heating the concentrated 
feed steams before entering the SCW – feed heat exchanger, which further reduced 
the overall energy consumption of the SCWD unit for concentrated feeds.  

An economic analysis was performed to evaluate the feasibility of using the SCWD 
process for the treatment of different saline feeds and also comparing the brine 
treatment price with different conventional desalination unit and ZLD processes.  
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The brine treatment price ranged from $ 9.61 to 1.16 /m3
brine for a feed concentration 

of 3.5 to 20 wt.%. The results showed that price of water and steam was too low 
to economically sustain the process. The economic feasibility of the process was 
dependent on the revenue of the solid salt product. Comparing the treatment price 
to that of conventional desalination units and ZLD processes, showed that for high 
feed concentrations (14 and 20 wt.% NaCl) the SCWD process is comparable with 
thermal-based desalination units and ZLD process, while for low concentration 
feeds (3.5 and 7 wt.%) the process is more expensive.  

Brines found in industry consist of a mixture of various salts that exhibit different 
phase behaviours (formation of solid), thereby affecting the applicability of SCWD 
for the treatment of these waste streams.  In Chapter 6, the phase behaviour of two 
model brines consisting of multiple (two) salts, was investigated experimentally and 
thermodynamic modelling was done to predict the phase behaviour of the respective 
binary salt-water mixtures. The two mixtures were NaCl-KCl-H2O (representative 
of a dairy industry waste brine) and NaCl-Na2SO4-H2O (representative of a mining 
industry brine).  As NaCl and KCl both exhibit type I phase behaviour (formation 
of a pseudo-VLE) under supercritical conditions, the mixture also exhibited type 
I phase behaviour and SCWD could be applied for the recovery of fresh drinking 
water and retrieval of a solids salt mixture (NaCl and KCl). Furthermore, it was 
seen that the equilibrium concentration of NaCl and KCl could both be predicted 
using the binary AP EoS for the respective salt-water mixtures and adjusting for 
the concentration of the salt in the feed. For the NaCl-Na2SO4-H2O mixtures, the 
phase behaviour varied depending on the feed ratio of NaCl to Na2SO4. Na2SO4 is a 
type II salt that will directly precipitate from the feed under supercritical conditions 
(no hydrothermal brine formation). For high feed concentrations of NaCl (relative 
to Na2SO4), the precipitated Na2SO4 will fully dissolve in the formed hydrothermal 
brine (from NaCl) and the mixture will be in the VLE region.  However, as the 
concentration of Na2SO4 in the feed increases (relative to NaCl) the solids will no 
longer fully dissolve and solids will be present in the hydrothermal brine. From the 
measured SCW concentrations, it was seen that the phase behaviour of the mixture 
could be divided into three regions.  In the first region the salt concentrations of the 
SCW stream was equal to the feed concentration and no separation occurred.  As 
the temperature increased (region two), the Na2SO4 concentration would decrease 
(precipitation of Na2SO4 inside the separator) while the concentration NaCl would 
remain constant (equal to the feed concentration – no separation).  In the third 
region, the temperature was high enough for the separation between the SCW and 
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hydrothermal phase to occur (based on the NaCl content). The precipitated Na2SO4 
would dissolve in the formed hydrothermal brine to form a VLE. SCWD could thus 
be applied for the recovery of freshwater and a mixed solid salt product, provided 
that the operating conditions were for region three.  The phase region of the mixture 
could be predicted to some extent by adapting the algorithm developed in Chapter 
3 and using the binary AP EoS for the respective salt-water mixtures.

In Chapter 7 the main conclusions of the research were summarised, namely that 
the SCWD process is suitable for the treatment of concentrated waste brines due to 
the decrease in energy consumption and brine treatment price with increasing feed 
concentration. The SCWD process developed in this study is also suitable for the 
treatment multi-component feeds provided that a pseudo-VLE be established under 
supercritical conditions.  The areas of improvement  for further development of the 
SCWD for the application of brine waste treatment were identified and discussed. 
The main points were that process should be made continuous, by automating the 
brine expansion section of the unit and large-scale experiments should be performed 
to investigate the two-stage expansion evaporation of the brine recovery section.  
Furthermore, case specific brines found in industry should be studied to determine 
the phase behaviour and also study the heat transfer and product recovery.    
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Samenvatting

Superkritische water ontzilting (supercritical water desalination – SCWD) is een 
veelbelovende technologie voor de behandeling van geconcentreerde pekel-
afvalstromen in de industrie, waarbij geen vloeibare afvalstroom wordt geproduceerd 
(zero liquid discharge – ZLD). Deze ontziltingsmethode maakt gebruik van de niet-
polaire aard van water onder superkritische condities (T > 374 °C en P > 220 bar) 
om zoet water te scheiden van een zoute voedingsstroom. Onder superkritische 
condities zal een zout mengsel dat zouten bevat zoals NaCl, KCl, CaCl2 en MgCl2 
(zouten die doorgaans worden aangetroffen in industriële pekel-afvalstromen), een 
pseudo – dampvloeistofevenwicht (vapour-liquid equilibrium – VLE) vormen. De 
superkritische waterstroom (supercritical water – SCW) met een lage concentratie 
vertegenwoordigt de dampfase en de geconcentreerde hydrothermische pekelstroom 
(brine) vertegenwoordigt de vloeistoffase. Het SCWD proces dat in deze studie 
centraal staat is ontworpen voor de scheiding van de lage dichtheid SCW–fase en 
de hoge dichtheid pekel-fase. De hydrothermische pekel-stroom wordt vervolgens 
geëxpandeerd om zout en stoom te verkrijgen.  Het doel van dit proefschrift was 
de verdere ontwikkeling van het SCWD proces, gericht op toepassing voor de 
behandeling van geconcentreerde pekel-afvalstromen. 

In Hoofstuk 1 wordt een inleiding gegeven tot de wereldwijde productie van zoute 
pekel-afvalstromen en de huidige afvoer en behandelingsstrategieën van deze 
stromen. De belangrijkste drijfveren voor de ontwikkeling van ZLD processen 
worden genoemd en conventionele ZLD schema’s worden besproken.  De 
eigenschapsveranderingen van water en de lage oplosbaarheid van anorganische 
componenten in SCW worden besproken en er wordt een korte lay-out gegeven van 
het SCWD proces dat in dit onderzoek is ontwikkeld. 

De uitleg en werking van de grote laboratoriumschaal SCWD opstelling (5 kg/h) 
wordt gegeven in Hoofstuk 2. Het proces wordt uitgevoerd in een semi-batch 
operatie. De afvoer van de SCW-fase tijdens de scheiding in de VLE regio is continu, 
terwijl de expansie van de hydrothermische pekelstroom batchgewijs gebeurt. 
Experimenten werden uitgevoerd voor verschillende voedingsconcentraties 
van NaCl (3.5 wt.% (zeewater) tot 16 wt.% (geconcentreerde pekel-afvalstoom). 
De experimentele resultaten waren reproduceerbaar en de gemeten SCW – en  
hydrothermische pekelconcentraties waren vergelijkbaar met de berekende fase-
evenwicht concentraties van verschillende modellen en vergelijkingen. Voor voeding 
stromen met een lage zoutconcentratie (3.5 wt.%) was de terugwinning van vers en 
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schoon drinkwater ~ 91 %, bij een temperatuur van 430 ºC en een druk van 270 bar. 
De terugwinning was veel hoger in vergelijking met de zoetwaterterugwinning van 
een conventioneel ontziltingsproces, wat ~ 50% is voor zeewater voedingsstromen. 
De resultaten voor de expansie van de hydrothermische pekelfase toonden aan dat 
een enkele expansie van de pekelstroom niet  voldoende is om ZLD te bereiken, 
aangezien de enthalpie te laag is voor volledige scheiding in stoom en zout. In plaats 
daarvan wordt ook water gewonnen waarin de zouten zijn opgelost. De expansie van 
de hydrothermische pekelfase werd snel uitgevoerd (> 1 minuut) om verstopping 
van het systeem te voorkomen. Het resultaat was dat de zoutkristallen geen tijd 
hadden om te groeien en te agglomereren, en dat de deeltjesgrootte klein was (10 - 40 
µm). Dit zorgde er weer voor dat de deeltjes met de dampen meegevoerd werden 
en de terugwinning van zout ± 64% bedroeg. De experimentele resultaten voor 
warmte-uitwisseling en expansie werden gebruikt in verdere hoofdstukken voor 
modelvalidatie en om het SCWD-proces te optimaliseren door middel van verbeterde 
warmte-uitwisseling (energiereductie) en het verbeteren van de behandelingssectie 
voor ZLD.

Voor optimalisatie van het proces en het bereiken van ZLD is procesmodellering vereist. 
Voor procesmodellering moeten de thermodynamische eigenschappen van de 
stromen bekend zijn in zowel het subkritische als het superkritische gebied. De 
modellen die werden gebruikt voor de berekening van de sub- en superkritische 
gebieden worden gepresenteerd en besproken in Hoofdstuk 3. Er moesten twee 
verschillende modellen worden gebruikt, een voor het lage temperatuurgebied 
(omgevingstemperatuur - 300 °C) en een voor het hoge temperatuurgebied (300 - 
500 °C). Dit is te wijten aan het feit dat de ionen zich opnieuw associëren in het hoge 
temperatuurgebied, omdat de diëlektrische constante van water drastisch afneemt. 
Voor het lage temperatuurgebied werd het bekende elektrolytische non-random 
two liquid (eNRTL) activiteitscoëfficiënten-model gebruikt. De Anderko & Pitzer 
toestandsvergelijking (AP EoS) werd gebruikt voor het hoge temperatuurgebied.  
De AP EoS is een Helmholtz-model, dat uitgaat van volledige ionenparing en kan 
worden aangepast voor verschillende zoutwatermengsels. Met behulp van de AP 
EoS is een algoritme ontwikkeld om de fasegebieden van het mengsel te identificeren 
voor temperaturen boven 350 °C en druk boven de kritische waterdruk (220 bar). 
Het algoritme hielp bij het bepalen van de fasegebieden tijdens het uitvoeren van het 
proces en kon worden gebruikt voor verschillende binaire zout-watermengsels door 
alleen de AP EoS voor de relevante mengsels aan te passen.  
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Het energieverbruik en de warmte-integratie van het SCWD-proces zijn 
experimenteel en theoretisch onderzocht in Hoofdstuk 4. Het SCWD-proces 
is energie-intensief vanwege de extreme procesomstandigheden en het 
energieverbruik moet worden verlaagd om vergelijkbaar te zijn met andere ZLD-
processen. Een manier waarop de benodigde energie kan worden verminderd, 
is door de voedingsconcentratie van NaCl te verhogen. NaCl heeft een lagere 
warmtecapaciteit dan water en door het verhogen van de concentratie wordt 
de warmtecapaciteit van de voedingsstroom verlaagd waardoor de benodigde 
energie, om de voeding tot de gewenste scheidingstemperatuur te verwarmen, 
wordt verlaagd. Experimentele resultaten van de grote laboratoriumschaal 
SCWD-opstelling, toonden voor verschillende voedingsconcentraties (0 - 7 wt.%), 
aan dat de mogelijkheden voor warmte-uitwisseling (tussen de SCW en de 
voedingsstroom) verbeterden door een verschuiving in het pinch-point (composite 
curves) naar een hoger temperatuurgebied. Als gevolg hiervan werden hogere 
uitgangstemperaturen van de voedingsstroom bereikt in de warmtewisselaar. 
Theoretische resultaten voor hogere voedingsconcentraties (tot 20 wt.%) lieten zien 
dat naarmate de voedingsconcentratie toeneemt, de warmtewisseling gelimiteerd 
zal worden door de koude inlaat- hete uitlaatzijde van de warmtewisselaar als een 
gevolg van de afname van de SCW-terugwinning. Het voorverwarmen van de 
geconcentreerde voedingsstromen helpt bij het verbeteren van de mogelijkheden 
voor warmte-uitwisseling tussen de voeding- en de SCW-stroom.  Een vergelijking 
van het totale SCWD-energieverbruik toonde aan dat het proces minder energie-
intensief wordt naarmate de voedingsconcentratie toeneemt. Dit komt door de 
afname van de warmtecapaciteit van de voedingsstroom die leidde tot een verbeterd 
warmtewisselingspotentieel in de SCW - toevoerwarmtewisselaar, waardoor 
uitgangstemperaturen van de voedingsstroom hoger werden. De verlaging leidt ook 
direct tot een verlaagd energieverbruik van de verwarmer om de voedingsstroom 
tot de gewenste scheidingstemperatuur te verwarmen. Bij de vergelijking van het 
energieverbruik van het SCWD-proces met dat van andere ZLD-processen bleek 
dat het energieverbruik voor geconcentreerde voedingsstromen vergelijkbaar is met 
de conventionele processen. Dit illustreert dat het SCWD-proces beter geschikt zou 
zijn voor de behandeling van geconcentreerde pekel-afvalstromen, in plaats van het 
terugwinnen van vers en schoon drinkwater uit  stromen met een lage concentratie 
(zeewater).

In Hoofdstuk 5 wordt theoretisch aangetoond dat ZLD kan worden bereikt door 
de tweestaps flash en flashverdamping van de hydrothermische pekelstroom. 
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In de eerste stap wordt de hydrothermische pekelstroom geëxpandeerd en de 
geproduceerde stoom werd vervolgens gebruikt in de tweede stap  (flashverdamping) 
om het zout te drogen. De drie teruggewonnen producten zijn stoom, vast zout 
en zuiver water (geen opgeloste zouten). Er werd een werkgebied bepaald - met 
betrekking tot de druk in de eerste en tweede stap - waarin de tweestaps expansie 
zou kunnen werken om ZLD te bereiken. Bovendien werd de stoomexergie van 
de eerste en tweede stap geëvalueerd om de optimale werkdrukken te bepalen. 
Er werd besloten om op een eerste druk te werken die zo gekozen werd dat de 
corresponderende druk in de tweede stap maximaal was. Op dit punt was de 
stoom van de eerste stap volledig gecondenseerd in de verdamper van de tweede 
stap en was de stoomexergie van de tweede stap maximaal, wat betekent dat de 
minste hoeveelheid nuttige arbeid verloren ging. De stoom die in de tweede stap 
werd verkregen, was ook voldoende om de geconcentreerde voedingsstromen 
voor te verwarmen voordat ze de warmtewisselaar voor de SCW-voedingsstroom 
binnengingen. Dit hielp om het totale energieverbruik van de SCWD-opstelling voor 
geconcentreerde voedingsstromen verder te verminderen. Er werd een economische 
analyse uitgevoerd om de haalbaarheid van het gebruik van het SCWD-proces voor 
de behandeling van verschillende zoute voedingen te evalueren.  De prijs voor de 
behandeling varieerde van $ 9.61 tot 1.16 /m3

brine voor een voedingsconcentratie 
van 3.5 tot 20 wt.%. De resultaten toonden aan dat de prijs van water en stoom te 
laag was om het proces economisch haalbaar toe te passen en dat de economische 
haalbaarheid van het proces afhankelijk was van de opbrengst van het vaste 
zoutproduct. Door de behandelingsprijs te vergelijken met die van conventionele 
ontziltingsinstallaties en ZLD-processen, bleek dat voor hoge voedingsconcentraties 
(14 en 20 wt.% NaCl) het SCWD-proces vergelijkbaar is met thermische gebaseerde 
ontziltingsinstallaties en ZLD-processen, terwijl voor voedingsstromen met een lage 
concentratie ( 3.5 en 7 wt.%) de werkwijze duurder is.

Pekel-afvalstromen die in de industrie worden aangetroffen, bestaan uit een mengsel 
van verschillende zouten die een verschillend fasegedrag (vorming van vaste stof) 
vertonen, waardoor de toepasbaarheid van SCWD voor de behandeling van deze 
afvalstromen wordt beïnvloed. In Hoofdstuk 6 werd het fasegedrag van twee 
model zoutstromen met meerdere componenten experimenteel onderzocht en werd 
thermodynamische modellering toegepast om het fasegedrag van de respectievelijke 
binaire zoutwatermengsels te voorspellen. De twee mengsels waren NaCl-KCl-H2O 
(representatief voor pekel-afvalstroom uit de zuivelindustrie) en NaCl-Na2SO4-
H2O (representatief voor pekel-afvalstroom uit de mijnbouw). Aangezien NaCl 
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en KCl beide type I fasegedrag vertonen (vorming van een pseudo-VLE) onder 
superkritische condities, vertoonde het mengsel ook type I fasegedrag en zou SCWD 
kunnen worden toegepast voor het terugwinnen van vers en schoon drinkwater en 
het tegelijkertijd produceren van een vast zoutmengsel (NaCl en KCl). Verder werd 
gezien dat de evenwichtsconcentratie van NaCl en KCl beide kon worden voorspeld 
met behulp van de binaire AP EoS voor het respectievelijke zout-watermengsel en 
door te corrigeren voor de concentratie van het zout in de voedingsstroom. Voor de 
NaCl-Na2SO4-H2O-mengsels varieerde het fasegedrag afhankelijk van de verhouding 
van NaCl tot Na2SO4 in de voedingsstroom. Na2SO4 is een type II zout dat onder 
superkritische condities direct uit de voedingsstroom zal neerslaan (geen vorming 
van hydrothermische pekelstroom). Voor hoge voedingsconcentraties van NaCl (ten 
opzichte van Na2SO4), zal het neergeslagen Na2SO4 volledig oplossen in de gevormde 
hydrothermale pekelstroom (van NaCl) en zal het mengsel zich in het VLE-gebied 
bevinden. Echter, naarmate de concentratie van Na2SO4 in de voedingsstroom 
toeneemt (ten opzichte van NaCl), zullen de vaste stoffen niet langer volledig 
oplossen en zullen er vaste stoffen in de hydrothermische pekelstroom aanwezig 
zijn. Uit de resultaten van de gemeten SCW-concentraties bleek dat het fasegedrag 
van het mengsel in drie gebieden kon worden verdeeld.  In het eerste gebied waren 
de zoutconcentraties van de SCW-stroom gelijk aan de voedingsconcentratie en was 
er geen scheiding. Naarmate de temperatuur toenam (regio twee), daalt de Na2SO4-
concentratie (neerslag van Na2SO4 in de afscheider) terwijl de NaCl-concentratie 
constant zou blijven (gelijk aan de voedingsconcentratie - geen scheiding). In het 
derde gebied was de temperatuur hoog genoeg om de scheiding tussen SCW en de 
hydrothermische pekelfase te laten plaatsvinden (op basis van het NaCl-gehalte). 
Het neergeslagen Na2SO4 lost dan op in de gevormde hydrothermische pekelfase om 
een VLE te vormen. SCWD zou dus kunnen worden toegepast voor de terugwinning 
van zoet water en een gemengd vast zoutproduct, mits aan de condities voor regio 
drie kan worden voldaan. Het fasegebied van het mengsel kon tot op zekere hoogte 
worden voorspeld door het algoritme aan te passen dat is ontwikkeld in Hoofdstuk 
3 en de binaire AP EoS te gebruiken voor de respectievelijke zoutwatermengsels.

In Hoofdstuk 7 worden de belangrijkste conclusies van het onderzoek samengevat, 
namelijk dat het SCWD-proces geschikt is voor de behandeling van geconcentreerde 
pekel-afvalstromen vanwege de afname van het energieverbruik en de 
behandelingsprijs met toenemende voedingsconcentratie. Het SCWD-proces dat in 
deze studie is ontwikkeld, is ook geschikt voor de behandeling van voedingsstromen 
die bestaan uit meerdere componenten, mits onder superkritische omstandigheden 



xii | Samenvatting

een pseudo-VLE wordt vastgesteld. De verbeterpunten voor de verdere ontwikkeling 
van het SCWD-proces voor de toepassing bij de afvalbehandeling van zout zijn 
geïdentificeerd en besproken. De belangrijkste punten zijn het continu maken 
van het proces, door de expansie van de hydrothermische pekelstroom  van de 
installatie te automatiseren en het uitvoeren van grootschalige experimenten om de 
tweestaps flashverdamping van de sectie voor het terugwinnen van de pekelfase te 
onderzoeken. Bovendien is het nodig om specifieke pekel-afvalstromen die in de 
industrie worden gevonden, te bestuderen om het fasegedrag te bepalen en ook de 
warmteoverdracht en productterugwinning te bestuderen.
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Opsomming

Superkritiese water ontsouting (SKWO) is ‘n belowende tegnologie wat ingespan 
kan word vir die behandeling van gekonsentreerde soutwater (of te wel pekelwater) 
afvalstrome wat in nywerhede gevind word. Die voordeel van hierdie tegnologie 
is dat geen vloeibare afvalstroom geproduseer word (zero liquid discharge – ZLD).  
Hierdie ontsoutingsmetode maak gebruik van die nie-polêre aard van water onder 
superkritiese toestande (T > 374 °C en P > 220 bar) om varswater van ‘n soutwater 
voedingstroom te skei. Onder superkritiese omstandighede sal die soutwater-
mengsel, wat soute soos NaCl, KCl, CaCl2 en MgCl2 bevat (soute wat tipies in 
nywerheids-pekel gevind word), ‘n “pseudo” damp-vloeistof ewewig (VLE) vorm.  
Binne hierdie ewewig sal die lae-konsentrasie superkritiese water (SKW)  stroom die 
damp fase voorstel, terwyl die vloeistof fase deur die gekonsentreerde hidrotermiese 
pekelwater verteenwoordig word. 

Die SKWO proses in hierdie studie is ontwerp om die skeiding tussen die lae-
digtheid SKW fase en die hoë-digtheid hidrotermiese pekelwater fase teweeg te 
bring. Daarna word die hoë-digtheid hidrotermiese pekelwater fase geskei om sout 
en stoom te verkry via flitsverdamping. Die doel van hierdie tesis was om die SKWO 
proses verder te ontwikkel met die mikpunt om dit toe te pas vir behandeling van 
gekonsentreerde soutwater afvalstrome.

Hoofstuk 1 bied ‘n inleiding tot die wêreldwye vervaardiging van pekelstrome, 
asook die huidige pekel  uitskeiding- en bestuurstratiegieë. Die hoof katalisators vir 
die ontwikkeling van die ZLD prosesse word gelys, wat gepaard gaan met ‘n oorsig 
van konvensionele ZLD skemas.  Verder word daar uitgebrei op die veranderinge in 
die eienskappe van water, asook die lae oplosbaarheid van anorganiese komponente 
in SKW. Dit bevat ook ‘n kort uiteensetting van die SKWO proses wat in hierdie 
navorsing ontwikkel is.

Die uitleg en werking van die grootskaalse laboratorium SKWO opstelling (5kg/uur) 
word in Hoofstuk 2 voorgelê. Die SKWO proses word op ‘n stuksgewyse (“semi-
batch”) manier bedryf.  Die verwydering van die SKW-fase van die gekonsentreerde  
hidrotermiese pekelwater vind kontinu plaas.  Die uitsetting van die hidrotermiese 
pekelwater vind stuksgewys plaas. Eksperimente was uitgevoer vir verskillende 
voer-konsentrasies van NaCl, wat gestrek het van 3.5 gew.% (seewater) tot 16 
gew.% (gekonsentreerde pekelwater). Die eksperimente was van ‘n herhaalbare 
aard, terwyl die metings van die SKW en die hidrotermiese pekelwater vergelykbaar 
was met die berekende fase ewewig van verskeie modelle en vergelykings. Vir lae-
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konsentrasie voedingstrome (3.5 gew.%) was die herwinning van vars drinkwater 
~ 91 % by ‘n temperatuur van 430 °C en ‘n druk van 270 bar. Die herwinning was 
aansienlik hoër in vergelyking met die varswater herwinning van konvensionele 
ontsoutings prosesse (~ 50 % vir seewater voeding strome). Die resultate vir die 
pekelwater uitsetting toon aan dat ‘n enkel-stap uitsetting nie voldoende is om ZLD 
teweeg te bring nie, omdat die entalpie van die pekelwater te laag is vir ‘n volledige 
skeiding tussen stoom en sout. In plaas daarvan word water ook herwin, waarin die 
sout-kristalle oplos om pekelwater te vorm. Die uitsetting van die pekelwater het 
vinnig plaasgevind (> 1 minuut), om te voorkom dat die stelsel verstop. Die gevolg 
was dat die sout-kristalle nie tyd gehad het om te groei en saam te voeg nie, en die 
deeltjie-grootte was baie klein (10 – 40 µm).  Dit het weer veroorsaak dat die deeltjies 
in die stoom meegesleur word en die sout herwinning was ± 64 %.  Die resultate 
vir die hitte-uitruiling en pekelwater-uitsetting was in verdere hoofstukke gebruik 
vir model bevestiging en die optimisering van die SKWO proses deur verbeterde 
hitte-oordrag (energie vermindering). Laastens is dit ook gebruik om die pekelwater 
behandelings-gedeelte te verbeter om ZLD te bereik.

Om proses optimisering en verbetering van die pekelwater herwinnings-gedeelte (om 
ZLD te bereik) teweeg te bring word proses modellering vereis. Die termodinamiese 
eienskappe van die strome word benodig in beide die sub- en superkritiese streke 
vir proses modellering. Die modelle wat gebruik was vir die berekening van die 
sub- en superkritiese streke was bespreek in Hoofstuk 3. Twee verskillende modelle 
moes gebruik word, een vir die lae-temperatuur streek (aanvoelbare temperatuur 
– 300 °C) en een vir die hoë-temperatuur streek (300 – 500 °C). Twee modelle moes 
gebruik word as gevolg van die ione wat weer in die hoë temperatuur gebied 
geassosieer het, omdat die diëlektriese konstante van water vinnig afneem. Vir 
die lae-temperatuur streek is die bekende electrolyte non-random two liquid (eNRTL) 
aktiwiteitskoëffisiëntmodel gebruik. Die Anderko & Pitzer-staatsvergelyking (AP 
EoS) is gebruik vir die hoë temperatuur streek. Die AP EoS is ‘n Helmholtz-vrye 
energie-gebaseerde model, wat volledige ione-binding veronderstel en aangepas 
kan word vir verskillende binêre soutwatermengsels. Met behulp van die AP EoS 
is ‘n algoritme ontwikkel om die fase gebiede van die mengsel te identifiseer vir 
temperature bo 350 °C en druk bo die kritiese druk van water (220 bar). Die algoritme 
het gehelp om die fase gebiede tydens bedryf te bepaal, en kan vir enige binêre 
soutwatermengsel gebruik word deur net die AP EoS vir die betrokke mengsels aan 
te pas.

Hoofstuk 4 het energieverbruik en die hitte-integrasie van die SKWO-proses teoreties 
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en eksperimenteel ondersoek. Die SKWO-proses is energie-intensief as gevolg van 
die uiterste bedryfsomstandighede en die energieverbruik moet verminder word 
om vergelykbaar te wees met ander ZLD-prosesse. Deur die konsentrasie van 
NaCl in die voedingstroom te verhoog, kan energie verminder word. NaCl het ‘n 
laer hitte-kapasiteit as water en deur die konsentrasie te verhoog, word die hitte-
kapasiteit van die voedingstroom verlaag. Daardeur word die energie wat vereis 
word om die voedingstroom tot die gewenste skeidingstemperatuur te verhit, 
verlaag. Eksperimentele uitslae van die grootskaalse laboratorium SKWO opstelling 
vir verskillende voedingkonsentrasies (0 - 7 gew.%), het getoon dat die potensiaal vir 
hitte-wisseling (tussen die SKW en die voedingstroom) verbeter het as gevolg van 
‘n verskuiwing in die knyppunt (composite curves) na ‘n hoër temperatuur gebied. 
Gevolglik is hoër temperature vir die voedingstroom in die hitte-wisselaar behaal. 
Verdere teoretiese modellering vir hoër voedingskonsentrasies (tot 20 gew.%) het 
getoon dat wanneer die voedingskonsentrasie toeneem, die hitte-wisseling by die 
koue inlaat - warm uitlaat kant van die hitte-wisselaar beperk sal word as gevolg van 
die afname in die SKW-herwinning (knyppunt van composite curves verskuif na die 
laer temperatuur gebied). Voorverhitting van die gekonsentreerde voedingstroom 
sal help om die potensiaal vir hitte-wisseling tussen die gekonsentreerde 
voedingstroom en SKW-stroom te verbeter. 

Deur die totale SKWO-energieverbruik te vergelyk was daar getoon dat die proses 
minder energie-intensief word namate die voedingskonsentrasie styg. Dit is te wyte 
aan die afname in die hitte-kapasiteit van die voedingstroom, wat eerstens gelei 
het tot ‘n verbeterde hitte-wisselings potensiaal binne die SKW – voedings hitte-
wisselaar, wat hoër uitlaat temperature vir die voedingstroom moontlik gemaak 
het. Tweedens is die energievebruik van die voedings-verhitter direk verlaag. Deur 
die energieverbruik van SKWO met ander ZLD prosesse te vergelyk, is bewys dat 
die energieverbruik vir gekonsentreerde voedingstrome vergelykbaar was met die 
konvensionele prosesse, wat illustreer dat die SKWO proses beter geskik sou wees 
vir die behandeling van gekonsentreerde pekelwater-afvalstrome, eerder as die 
herwinning van vars drinkwater uit lae-konsentrasie strome (seewater).

In Hoofstuk 5 word daar teoreties aangetoon dat ZLD bereik kan word deur 
die twee-stap flits en flitsverdamping van die hidrotermiese pekelwater. In die 
eerste stap word die pekelwater uitgeset en dan word die vervaardigde stoom in 
die tweede stap gebruik om die sout uit te droog. Die drie produkte wat verkry 
was, was stoom, soliede sout en suiwer water (geen vloeibare pekelwater nie). ‘n 
Bedryfsvenster is bepaal - met betrekking tot die eerste en tweede stap druk - waarin 
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die pekelwater-behandelingsafdeling bedryf kan word om ZLD te bereik. Verder 
is die stoomeksergie van die eerste en tweede stap geëvalueer om die optimale 
bedryfsdruk te bepaal. Daar is besluit om te werk met ‘n eerste stap druk, waar 
die ooreenstemmende tweede stap druk op ‘n maksimum was. By hierdie druk 
is die stoom wat vanaf die eerste stap verkry is, in die tweede stap verdamper 
volledig gekondenseer. Die tweede stap se stoomeksergie was op ‘n  maksimum, 
wat beteken dat die minste nuttige werk verlore gegaan het. Die stoom wat in die 
tweede stap verkry is, was ook voldoende om die gekonsentreerde voedingstoom 
te verhit voordat dit die SKW-voedings hitte-wisselaar binnegaan.  Dit het bygedra 
tot die verlaging van die algehele energieverbruik van die SKWO-eenheid vir 
gekonsentreerde voedingstrome.

‘n Ekonomiese analise is uitgevoer om die uitvoerbaarheid van die SKWO-proses 
vir die behandeling van verskillende voedingstrome te evalueer, en om die prys 
van pekelwater-behandeling met verskillende konvensionele ontsoutingseenhede 
en ZLD-prosesse te vergelyk. Die prys van pekelwater-behandeling het gewissel 
van $ 9.61 tot 1.16 /m3 voeding vir ‘n voedingskonsentrasie van 3.5 tot 20 gew.%. 
Die uitslae het getoon dat die prys van water en stoom te laag was om die proses 
ekonomies te onderhou. Die ekonomiese uitvoerbaarheid van die proses was 
afhanklik van die inkomste van die vaste sout produk. Die vergelyking van die 
behandelingsprys met die van konvensionele ontsoutingseenhede en ZLD-prosesse 
het getoon dat die SCWD-proses vir hoë-voedingskonsentrasies (14 en 20 gew.% 
NaCl) vergelykbaar is met die termiese ontsoutingseenhede en die ZLD-prosesse, 
terwyl vir lae konsentrasie voedingstrome ( 3.5 en 7 gew.%) die proses duurder is.

Pekelwater wat in industrieë voorkom bestaan   uit ‘n mengsel van verskillende soute 
wat verskillende fase-gedrag toon (vorming van vaste stowwe), wat die toepaslikheid 
van SKWO vir die behandeling van hierdie afvalstrome beïnvloed. In Hoofstuk 6 is 
die fase-gedrag van twee pekelwater-mengsels, wat bestaan   uit veelvuldige (twee) 
soute, eksperimenteel ondersoek en termodinamiese modellering is uitgevoer om 
die fase-gedrag van die onderskeie binêre soutwater-mengsels te voorspel. Die 
twee mengsels was NaCl-KCl-H2O (verteenwoordigend van ‘n pekelwater in die 
suiwelbedryf) en NaCl-Na2SO4-H2O (verteenwoordigend van ‘n pekelwater in die 
mynbedryf).

Aangesien NaCl en KCl beide tipe I fase gedrag (die vorming van ‘n “pseudo”-VLE) 
onder superkritiese kondisies vertoon, toon die soutwatermengsel ook tipe I fase 
gedrag en kan SKWO toegepas word vir die herwinning van vars drinkwater en die 
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herwinning van ‘n vaste soutmengsel ( NaCl en KCl). Verder is daar gesien dat die 
ewewigskonsentrasie van NaCl en KCl voorspel kan word deur gebruik te maak van 
die binêre AP EoS vir die onderskeie soutwatermengsel en om aanpassings te maak 
vir die konsentrasie van die sout in die voedingstroom. Vir die NaCl-Na2SO4-H2O 
mengsels het die fase gedrag gewissel na gelang van die voedingstroom-verhouding 
van NaCl tot Na2SO4. Na2SO4 is ‘n tipe II sout wat direk uit die voedingstroom sal 
neerslaan onder superkritiese toestande (geen hidrotermiese pekelwater vorming 
nie). Vir hoë-voedingskonsentrasies van NaCl (relatief tot Na2SO4) sal die Na2SO4 

neerslag volledig oplos in die hidrotermiese pekelwater (van NaCl) en die mengsel sal 
in die VLE-streek wees. Namate die konsentrasie van Na2SO4 in die voedingstroom 
toeneem (relatief tot NaCl), sal die vaste stowwe egter nie meer volledig oplos nie en 
sal vaste stowwe in die hidrotermiese pekelwater voorkom. 

Vanuit die gemete SKW konsentrasie resultate is gesien dat die fase-gedrag van die 
mengsel in drie streke verdeel kan word. In die eerste streek was die soutkonsentrasies 
van die SKW-stroom gelyk aan die voedingskonsentrasie en het geen skeiding 
plaasgevind nie. Namate die temperatuur gestyg het (tweede streek), sal die Na2SO4 

konsentrasie afneem (neerslag van Na2SO4 binne die skeier), terwyl die konsentrasie 
NaCl konstant sal bly (gelyk aan die voedingskonsentrasie - geen skeiding). In die 
derde streek was die temperatuur hoog genoeg om die skeiding tussen die SKW en 
die hidrotermiese pekelwater fase te laat plaasvind (gebaseer op die NaCl-inhoud). 
Die Na2SO4 neerslag het in die hidrotermiese pekelwater wat gevorm het oplos om 
‘n VLE te vorm. SKWO kan dus toegepas word vir die herwinning van varswater en 
‘n gemengde vaste soutproduk, mits die bedryfsomstandighede vir streek drie was. 
Die fase-streek van die mengsel kan tot ‘n mate voorspel word deur die algoritme 
wat in Hoofstuk 3 ontwikkel is aan te pas en die binêre AP EoS vir die onderskeie 
soutwatermengsels te gebruik.

In Hoofstuk 7 word die belangrikste gevolgtrekkings van die navorsing 
saamgevat, naamlik dat die SKWO-proses geskik is vir die behandeling van 
gekonsentreerde afvalwater as gevolg van die afname in energieverbruik en die 
prys van pekelwaterbehandeling soos wat die konsentrasie van die voedingstroom 
toeneem. Die SKWO-proses wat in hierdie studie ontwikkel is, is ook geskik vir 
die behandeling van multi-komponente soutwatermengsels, mits ‘n “pseudo”-VLE 
onder superkritiese toestande geskep word.  Die verbeteringsareas vir verdere 
ontwikkeling van die SKWO vir toepassing op pekelafvalverwerking is geïdentifiseer 
en bespreek. Die belangrikste punte was dat die proses deurlopend moes plaasvind 
deur die pekel-behandelingsafdeling van die eenheid te outomatiseer en dat 
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grootskaalse eksperimente uitgevoer moet word om die twee-fase verdamping van 
die pekel-herwinningsafdeling te ondersoek. Verder moet spesifieke soutoplossings 
wat in die industrie voorkom, bestudeer word om die fase-gedrag te bepaal en ‘n 
fokuspunt moet ook wees om die hitte-oordrag en produk-herwinning te bestudeer.
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Figure 1.1: Global brine production according to sector [1]

1.1 Global brine production

The global production and discharge of brine waste has increased over recent 
years, with the current global brine production being 142 million m3/d [1]. The 
term brine is a broad term used for saline streams of varying concentrations. For 
this study, a brine stream is characterised as a saline stream containing a total 
dissolved solids (TDS) concentration of ≥ 5 wt.% (50 000 ppm). Brine waste streams 
are the by-product of many industrial processes, with the largest producer being 
the desalination of seawater or brackish water to produce fresh drinking water. In 
Figure 1.1 a breakdown is given of the various industries and their contribution to 
the global brine production.  

It is shown that the municipal sector contributes three quarters of the global brine 
production. This is due to the rising demand for fresh drinking water, with the 
increase in the global population and freshwater scarcity. Existing freshwater 
resources are not able to meet the current and growing demand and therefore 
desalination technologies are employed to convert seawater or brackish water 
into freshwater [2,3]. The main technology globally applied is reverse osmosis 
(RO), which is a membrane-based technique with a freshwater recovery of up to                         
~ 50 %, for a seawater feed (~ 3.5 wt.% TDS) [1,4,5]. Next to RO, thermal desalination 
technologies such as multi-stage flash (MSF) and multi-effect distillation (MED) are 
used, mainly in the Middle East. For a seawater feed the recovery of freshwater is 
22 – 45 % [1,5]. The remaining fraction of the feed (not recovered as freshwater), 
becomes a concentrated brine waste stream that is either further treated and/or 

 

Municipal
75.2%

Industry 
19.4%

Power stations
4.1%

Irrigation; 0.8% Military 0.4% Other 
0.2%



4 | Chapter 1

discarded. For RO, the concentration of the brine waste stream can be up to 7 wt.% 
TDS and mainly contains ions such as Na+, Ca2+, Mg2+, Cl- and SO4

2-, depending on 
the composition of the seawater feed [4,6]. The reject brine stream for MSF and 
MED can reach concentrations up to saturation (± 30 wt.% TDS, depending on the 
composition), however, for seawater feeds the TDS concentration is between 5 and 
8 wt.% [4,7,8]. The composition of the reject brine is similar to that of the RO.  Apart 
from the high salt concentration, brine waste from desalination plants also contains 
other contaminants, such as anti-scalants, flocculants and coagulants which are 
added to the feed stream as pre-treatment for RO, MSF and MED operations [4,9,10]. 

Next to the municipal sector, the industrial sector is the second largest producer of 
brine waste. There are various sectors that make up the total industrial contribution 
to brine production, among which are the oil and gas, textiles and leathers, and 
food-processing industries [11–18]. The characteristics of these brines differ from 
process to process. For the oil and gas sector, brine is produced during hydraulic 
fracturing to extract natural gas from shale reservoirs. In the United States, the brine 
production rate of hydraulic fracturing is estimated to be 6.4 – 8.7 million m3/d [19]. 
The concentration of the brine waste stream ranges between 2 and 30 wt.% TDS, 
depending on the reservoir and flow back period. On average, the concentration is 
between 15 and 18 wt.%, and the composition depends on the reservoir itself [14,20–
23].  

For the textile and leather industry, salt solutions are required for the dyeing of 
fabrics and salting of animal hides. From these processes the brine waste streams 
usually have salt concentrations up to 8 wt.% [17,24–27]. In the food sector, salt 
solutions are required for nutrition and food conservation and brine waste streams, 
varying in salinity (0.3 – 19 wt.%), are discharged afterwards [11,28,29]. Other sectors 
that contribute to the global brine production are power stations (require ultra-pure 
water for high quality steam), the agriculture sector (irrigation), the mining industry 
and the military [1,30,31]. 

1.2 Brine discharge and management

Brine management and the discharge of brine waste streams has gained increased 
attention in the past few years, due to the rise in global brine production. In the past, 
brine waste underwent minimal post-treatment to remove harmful chemicals and 
was then disposed of in the environment. Brine disposal techniques included direct 
discharge into oceans and lakes, sewer discharge, land applications and more costly 
methods such as evaporation ponds and deep-well injection. Recently research is 
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more focussed on developing techniques to further reduce or eliminate brine wastes 
[1,4,6,32–34]. The main drivers, for developing alternative treatment methods to 
brine discharge, are environmental concerns, stricter regulations for waste disposal, 
the increase in freshwater demand and the recovery of precious resources from 
brine waste streams [4,6,22].  

The environmental concerns vary depending on the disposal method and source of 
the brine waste. Desalination plants located in coastal regions discharge the waste 
into the oceans, while plants located inland discharge the brine waste into lakes and 
other bodies of water. As mentioned in Section 1.1, the brine waste streams coming 
from desalination plants have a higher salt concentration (1.1 – 1.7 times higher than 
seawater) and also contain various chemicals used for the pre-treatment of saline 
feeds. In addition, brine waste from thermal-based desalination processes has a 
higher discharge temperature (30 – 40 ᵒC) compared to ocean temperatures. The 
direct discharge of these waste streams has various negative effects on the marine 
ecosystem, which leads to the disruption and destruction of the local fauna and flora 
and their habitats [4,34–36].  

Brine produced during hydraulic fracturing is usually disposed of using deep-well 
injection. The drawbacks of deep-well injection are that it is linked to increased 
seismic activity and soil salinity, as well as groundwater contamination [22,34,37]. 
For evaporation ponds there is also the risk of groundwater contamination. 
However, the risk is low as the ponds are usually well constructed with impervious 
lining [4,38]. The salt is harvested afterwards and, depending on the quality and 
composition, discharged as solid waste or used elsewhere. The stricter regulations 
are a direct consequence of the environmental concerns regarding the discharge of 
brine waste streams. Various governments are revising guidelines and regulations 
for discharge of brine waste streams [6,39]. 

Apart from the environmental concerns and revised legislation, brine waste still 
consists of water and other precious resources that can be retrieved. For example, 
a RO reject brine contains ~ 93 wt.% water and can be further treated using either 
other membrane techniques or thermal methods to increase the freshwater recovery. 
Processes are being developed whereby the brine waste stream is concentrated up 
to saturation (mainly using thermal methods) and then discharged. In this manner 
the volume of the waste stream is reduced and more water is recovered. By reducing 
the volume of the waste, the management and discharge costs of the waste are also 
reduced. These processes are referred to as near zero liquid discharge (near-ZLD) 
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processes [40]. In addition to water, other resources such as minerals can be recovered 
from the brine wastes. Sodium chloride is the most common salt extracted as it is 
the major component present in most waste streams. Apart from sodium chloride, 
other elements such as magnesium, calcium, potassium and bromide can also be 
retrieved from seawater desalination plants. More recently, research has focussed 
on the extraction of uranium and lithium from brine waste streams originating from 
seawater desalination plants [38,41,42].  

1.3 Zero liquid discharge (ZLD) 

One manner in which brine treatment is being improved is through the development 
of zero liquid discharge (ZLD) technologies and processes. ZLD, as the name implies, 
is a process whereby brine streams are treated until no liquid waste remains. The 
water recovered during the process can be recycled into the process or be used 
for another application depending on the quality [6]. The solid salt retrieved can 
be further treated to recover valuable resources, or be sold as low-quality salt, 
depending on the composition. Alternatively, the solid waste can be used for landfill 
applications or be disposed of as a non-hazardous waste [6,43].  

ZLD is achieved through a series of processes, that can be divided into three 
main steps namely; 1) pre-concentration of the brine, 2) brine concentration up to 
saturation and 3) crystallisation/ solid recovery [4,6,40,43]. Depending on the source 
of the brine stream, pre-treatment of the brine waste streams might be required.  

The first step, pre-concentration of the brine, is usually carried out using membranes. 
RO membranes are favourable for concentrating streams up to ~ 7 wt.%, after which 
other technologies (mostly thermal-based) become more favourable [6]. Higher 
discharge concentrations cannot be achieved with RO, as the membranes are 
not suitable for the higher pressures required to overcome the osmotic pressure. 
Recently, research has been done to develop membranes that are able to withstand 
higher pressures (up to 300 bar), thereby increasing the freshwater recovery and 
the concentration of the brine waste stream [4,44]. The energy consumption of a 
conventional RO unit is usually low, as only electricity is required for pumping 
(see Table 1.1). If the incoming concentration of the brine waste is already high (≥ 7 
wt.% TDS), the brine stream is either concentrated using other membrane processes 
such as electro-dialysis, ultrafiltration, nano-filtration, membrane distillation (mix 
between membrane and thermal-based technologies) or directly fed to the thermal-
based units.   
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In order to concentrate the brine up to saturation (~ 30 wt.% TDS, depending on 
the composition), thermal-based methods are employed. The most commonly 
used and well-established technologies include MSF, MED and mechanical vapour 
compression (MVC). The energy consumption of thermal-based units is higher 
in comparison with the RO energy consumption, as energy is required for the 
evaporation of the water. Chung et al. [45] performed a thermodynamic analysis for 
brine management technologies, in which they calculated the least work required for 
brine concentrators and crystallisers. The results showed that, for brine concentrators, 
the feed salinity has a competing effect on the energy consumption. Initially, as the 
feed salinity increases, the energy consumption (based on the amount of brine fed) 
will increase due to the increase in the energy required to evaporate an incremental 
amount of water (boiling point temperature increases with feed salinity). However, 
for a salinity of 10 wt.% NaCl, the required energy consumption will start to decrease, 
as the decrease in the water content will start to have a greater effect than the increase 
in boiling point temperature. Thiel et al. [23] also performed a thermodynamics 
analysis, specifically modelling different desalination technologies. They concluded 
that the energy consumption for thermal-based desalination technologies will 
increase with feed salinity, because of the increase in the boiling point temperature.  
The elevation in boiling point temperature increases the energy consumption and 
also affects the energy recovery and heat integration of the processes. 

Once the brine has been concentrated up to saturation, the last step is crystallisation to 
retrieve the solid salt product. Crystallisation is done using evaporative crystallisers 
(EC), spray dryers and eutectic freeze crystallisers (emerging technology) [4,6,40,43]. 
Crystallisers are usually the most energy intensive step. In the analysis done by Chung 
et al. [45], it was shown that the energy consumption of a crystalliser will increase 
linearly with feed salinity as the least work is directly related to the feed salinity for a 
fixed feed rate. An alternative to using an energy intensive crystalliser is evaporation 
ponds [6]. As mentioned in Section 1.2, the risk of groundwater contamination is low 
due to the strict regulations for the construction of these ponds. The required area of 
the evaporation ponds is also smaller, as the brine is concentrated up to saturation 
(smaller brine volume). The drawbacks of evaporation ponds are that the water is 
not retrieved, it requires a large surface area and a dry arid climate (not applicable to 
all regions). The energy consumption of each ZLD step is summarised in Table 1.1.
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Table 1.1: Energy consumption of different desalination technologies for ZLD

Technology Energy consumption (MJth/m3
drinking water) Reference

Pre-concentration
RO 14 – 43a [4,6,43,46]
Brine concentration up to saturation
MED 40 – 151 [4,13] 
MSF 72 – 173 [4,13]
MVC 166 – 302 (one-stage)b / 144 (two-stage)b [23]
Solid salt retrieval
EC 374 – 475 [4,43]   
a Assuming an efficiency of 50 % to convert the electrical energy to thermal (original values 2-6 kWhelec/m3)

b Assuming an efficiency of 50 % to convert the electrical energy to thermal 

ZLD is thus achieved through a series of steps and usually consists of three to five 
units. Pre-treatment of the brine feed is also required, especially when being fed 
to a membrane-based unit. Apart from the extensive pre-treatment requirement, 
the energy consumption of the thermal units of the ZLD increases with feed 
concentration, which makes the treatment of hypersaline streams more costly.  

1.4 Supercritical water desalination (SCWD)

1.4.1 Phase behaviour of salts in supercritical water 
Above the critical point of water (Temperature > 374 ºC, Pressure > 22.1 MPa, 
supercritical conditions), the properties of water drastically change. This is due to 
the diminishment of the hydrogen bonds between the water molecules, causing the 
bulk structure of water to collapse, which leads to drastic changes in the properties 
of water [43]. Among these changes, is the rapid decrease in the density and  the 
dielectric constant (80 to ~ 5), indicating that the water becomes non-polar in nature 
[48]. Consequently inorganic components, such as salts, become insoluble in water. 
The insolubility of inorganics, under supercritical conditions, usually leads to 
plugging and equipment failure in processes such as supercritical water oxidation 
and gasification [49–52]. The problems arising from plugging and equipment failure 
have been the main drivers for studies investigating the phase behaviour of salt-
water mixtures under supercritical conditions.   

The phase behaviour of different salts and salt mixtures in supercritical water (SCW) 
has been extensively studied using various small-scale laboratory set-ups [49,53–58]. 
The phase behaviour of binary salt-water mixtures can be divided into two classes 
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(type I and II), based on the classification system of Scott and Van Konynenburg 
[59] for binary mixtures. The classification is done according to the configuration of 
three-phase line and critical lines on the P-T diagrams. For a type I system, there is 
no immiscibility region between the two critical points of the pure components. The 
result is that a type I salt-water mixture will form a pseudo-vapour-liquid equilibrium 
(VLE) under supercritical conditions of the mixture. Separation then occurs between 
the low-density fluid (SCW – vapour) and high-density fluid (hydrothermal brine 
– liquid). For type II systems, there exists an immiscibility region below the critical 
temperature of the volatile component (in this case water). For this type of phase 
behaviour, a fluid-solid equilibrium will form and salts will directly precipitate from 
the feed solution, without the formation of a hydrothermal brine [59,60]. Valyashko 
[60,61] later created subdivisions for each type to better classify the behaviour of 
high-pressure, high-temperature salt-water mixtures. Examples of type I salts are 
NaCl, NaNO3, CaCl2, MgCl2 and KCl, while examples of type II salts are Na2SO4, 
Na2CO3 and K2SO4. The presence of multiple salts in a mixture influences the phase 
behaviour of one another and, depending on the composition and conditions, can 
exhibit different types of phase behaviour [56,57,60,61].  

1.4.2 Supercritical water desalination (SCWD) process 
The decrease in solubility of salts in SCW means that the salts can be readily separated 
and retrieved from water. Leusbrock et al. [54,55,62,63] studied the solubilities of 
various binary salt-water mixtures and proposed a method for separating inorganic 
compounds (e.g. salt) from water under supercritical conditions [64,65]. Afterwards,  
Odu et al. [58] further developed and designed a process for desalination, under 
supercritical conditions, using a model NaCl-H2O solution. The process was named 
supercritical water desalination (SCWD). The process, along with the phase diagram 
of NaCl-H2O, is presented in Figure 1.2.



10 | Chapter 1

For NaCl-H2O mixtures (#1), a pseudo-VLE system forms under supercritical 
conditions. Here a SCW (vapour - #2), with a low salt concentration, separates from 
a concentrated hydrothermal brine phase (liquid - #3) with a high salt concentration 
(higher than the subcritical solubility limit of NaCl which is 26 wt.%), based on a 
density difference [15,58,66]. For a separation temperature and pressure of 450 ᵒC 
and 300 bar, respectively, the concentration of the SCW phase is 0.094 wt.% NaCl 
and for the hydrothermal brine, 44 wt.% NaCl. For the designed process, the SCW 
is continuously removed, while the hydrothermal brine accumulates at the bottom 
of the separator. Afterwards, the hydrothermal brine is expanded to retrieve solid 
salt and steam. 

The scheme shows that no liquid brine is retrieved from the process and thus 
SCWD can be viewed as a ZLD technology (only pure water, steam and solid 
salt outlet streams). Another advocated advantage of the process, is that it has a 
high water recovery of up to 93 % (depending of the temperature, pressure and 
feed concentration). Furthermore, it is versatile as different salt-water mixtures 
and concentrations can be fed to the process provided that a VLE system forms 
under supercritical conditions. The disadvantages are that the process is energy-
intensive due to the extreme operating conditions, and the material of construction 
is expensive due to the corrosive environment.  

Figure 1.2: SCWD process with ZLD
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Since the introduction of the process by Leusbrock [65]  and Odu [67], others have 
also investigated the development and application of SCWD for the treatment of 
hypersaline waste streams. Dastgheib & Salih [68], studied the treatment of  high 
saline waste streams from oil fields, using a laboratory-scale SCWD unit (2 mL/min 
feed), in combination with a supercritical membrane separation step, to produce 
pure supercritical steam (< 1 ppm salts). The group of Trembly investigated the use 
of SCWD for the treatment of hypersaline reject brine from hydraulic fracturing 
[15,20,69–71]. Techno-economic and simulation studies were performed to evaluate 
the feasibility of the process, while Ogden & Trembly [20] built and tested a large-
scale unit (6.1 – 6.7 kg/h feed) using model and source brines.  

This study is a continuation on the process development of the SCWD process 
initially designed by Odu [67] at the University of Twente. In this thesis, the 
SCWD process is tested and improved, energy consumption is minimised, product 
retrieval from the hydrothermal brine is studied and the process is technically and 
economically evaluated, for the treatment of brine waste streams. The study was 
carried out both experimentally, using small- and large-scale laboratory set-ups, and 
theoretically through process modelling, using thermodynamic models developed 
for high-pressure, high-temperature salt-water mixtures. 

1.5 Scope and outline of thesis

In the previous  process development study, Odu [67] focussed on the  conceptualisation 
of the SCWD process and the study of the heat transfer for sub-  and supercritical 
water streams. The proposed process was compared with desalination technologies 
for the production of drinking water. Even though the freshwater recovery, for a 
model seawater feed, was greater than for conventional desalination technologies, 
the energy consumption was also much higher and therefore SCWD will not be able 
to compete with conventional technologies as a standalone unit. In contrast SCWD 
is much more favourable at higher feed concentrations. Therefore, in this thesis it 
is investigated if a promising use of SCWD could be the treatment of concentrated 
brine wastes that was discussed in Section 1.1.  As mentioned in Section 1.4.2, some 
studies have already been done to investigate the use of SCWD for the treatment 
of wastewater streams generated during hydraulic fracturing. These studies were, 
however, mainly experimental and focussed on investigating the separation of the 
brine streams and economic feasibility of the process, with no detailed modelling. 
Topics such as the high energy consumption and retrieval of the hydrothermal brine, 
without the production of a liquid waste stream have not been addressed, which 
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is required to further develop the process for industrial application.  Furthermore, 
detailed modelling of the process has not been done, as the thermodynamics of salt-
water mixtures, under supercritical conditions, are quite complex.  

This study will continue with the process development of the SCWD, specifically for 
the treatment of brine waste streams to achieve ZLD. The work aims to 1) demonstrate 
the application of SCWD for the treatment of different saline feed streams on a larger 
scale (5 kg/h), and to investigate 2) heat integration and energy consumption, 3) 
the retrieval of the hydrothermal brine by separation into solid salt, pure steam 
and water, and 4) the treatment of multi-component brine waste streams. These 
topics will be studied through experimental investigation (small- and large-scale 
laboratory studies), as well as detailed theoretical modelling and thermodynamic 
investigation into the phase behaviour of salt-water mixtures (under supercritical 
conditions) and energy recovery.

The outline of this thesis is as follows: In Chapter 2, the layout and first results of a 
large laboratory-scale SCWD unit are presented. Using model NaCl-H2O solutions of 
varying concentrations, the feasibility of SCWD on a large laboratory-scale (5 kg/h) 
is demonstrated. By performing SCWD experiments on a larger scale, heat transfer 
between the SCW stream and feed stream can be studied as well as the product 
distribution after expansion of the hydrothermal brine. The results in turn can be 
used for model verification in further chapters. A detailed description and literature 
validation of the thermodynamic models used for the property calculations is given in 
Chapter 3. In order to investigate the influence of different parameters and optimise 
the process, modelling is required. This in turn requires the accurate description of 
the thermodynamic properties of the process streams and units, in both the sub- and 
supercritical regions of the process. The thermodynamic properties of subcritical 
salt-water mixtures are well known and modelled. However, the properties and 
modelling of supercritical salt-water mixtures is less known and requires a more 
detailed explanation and validation.

Using the experimental results of Chapter 2 and thermodynamic models described 
in Chapter 3, the heat integration and energy consumption of the SCWD process is 
studied in Chapter 4. As mentioned, the energy consumption of the SCWD process 
is high due to the extreme operating conditions. Increasing the NaCl concentration 
would lower the heat capacity of the feed stream and could lead to a decrease in the 
SCWD energy consumption. 

In Chapter 5, the brine recovery section of the unit is modelled and a theoretical 
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two-stage process for obtaining ZLD is developed. A window of operation is drawn, 
in which the SCWD unit can operate to achieve ZLD, and the optimum operating 
conditions are chosen based on the energy recovery. Furthermore, an economic 
evaluation is performed to estimate the cost of brine treatment using SCWD, 
for different feed concentrations and to compare the costs with that of existing 
desalination and ZLD technologies.  

The application of SCWD for the treatment of multi-component brines is investigated 
in Chapter 6. Two model multi-component brines, representing brines from different 
industries, are considered. The first mixture, consisted of only type I salts, while the 
second mixture consisted of a combination of type I and II salts. The phase behaviour 
of the mixtures and separation of the salts are studied. 

The most important conclusions and general outlook of this study are given in 
Chapter 7. Together with the conclusions, recommendations for future work 
regarding the further development to industrial-scale units, are provided. 
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Abstract

The layout, operating procedures and performance of a large laboratory-scale 
supercritical water desalination (SCWD) unit (feed capacity of 5 kg/h) is presented 
in this chapter, along with the first results. The unit was tested for feed streams of 
3.5 wt.% NaCl to evaluate the stability and repeatability of the system. The results 
showed that the mass balance closure was good (≥ 98 %) and that reproducible results 
could be obtained. Furthermore, the results showed that 93 % of the feed could be 
recovered as fresh drinking water, which corresponded with calculated results 
from phase equilibria. The unit was further tested for higher feed concentrations 
of up to 16 wt.% NaCl. For all feed concentrations, the NaCl concentration of the 
supercritical water (SCW) was that of drinking water quality (< 750 ppm). Along 
with low concentration SCW stream, a concentrated hydrothermal brine (38 wt.% 
NaCl) was also generated. The hydrothermal brine was expanded in a single-stage 
to obtain water, salt and steam.

This chapter has been published as: 

S. van Wyk, S.O. Odu, A.G.J. van der Ham & S.R.A. Kersten. Design and results of 
a first generation pilot plant for supercritical water desalination, Desalination. 439 
(2018) 80 – 92.
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2.1 Introduction 

Utilising the unique characteristics of supercritical water (SCW) and the phase 
behaviour of a NaCl-H2O mixture under high-pressures and high-temperatures 
(above the critical point of water), a new method of desalination was proposed, 
namely supercritical water desalination (SCWD). In previous work [1], the potential 
of SCWD was investigated and presented. Proof-of-principle experiments were 
performed on a laboratory-scale set-up (0.2 mL/min), to investigate the phase 
behaviour and separation performance. The next step in the SCWD process 
development, for this study, is the design and construction of a large laboratory-
scale unit, in order to demonstrate the application of SCWD on a larger scale                           
(5 kg/h) for the recovery of freshwater. By performing larger scale experiments, the 
heat transfer from the SCW stream to the feed stream inside the heat exchanger 
(HEX – Figure 2.1), can be investigated more thoroughly for varying conditions, 
such as feed concentration and flow rate, as the SCWD process can be operated for 
a longer period of time, under steady state conditions. The results can be used to 
optimise the heat recovery and thereby reduce the total energy consumption of the 
process (see Chapter 4). In addition to investigating heat recovery, the expansion of 
the hydrothermal brine and product retrieval can be studied.  

As mentioned in Chapter 1, SCWD is a two-stage separation process. The first stage 
is the continuous removal of the SCW from the hydrothermal brine. This occurs 
in the pseudo-vapour-liquid equilibrium (VLE) region of the mixture, where the 
low-density SCW phase separates from the high-density hydrothermal brine phase. 
The SCW has a low salt concentration, while the hydrothermal brine has a high salt 
concentration (higher than the subcritical solubility limit of NaCl in water, which is 
26 wt.%). The second stage is the batch-wise separation of the hydrothermal brine 
into salt and steam under subcritical conditions (100 ᵒC and 1 bar). Under subcritical 
conditions, the hydrothermal brine becomes a supersaturated solution and the salt 
can be easily separated. In addition to heat integration and brine recovery, material 
selection and the controlled removal of salts under supercritical conditions can be 
evaluated.

The design of the SCWD unit is presented in previous work [2,3]. In a separate paper 
[4], the heat transfer mechanism of SCW flow at the mass fluxes and conditions 
expected in the large laboratory-scale SCWD unit was investigated and used 
to design a heat exchanger. Apart from the large laboratory-scale SCWD unit 
presented in this study, large-scale experimental studies have only been done by 
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the group of Trembly. Ogden & Trembly [5] published results of a prototype Joule-
heating desalination system (feed rate 6.1 – 6.7 kg/h), in which they experimentally 
investigated the thermodynamic properties of multi-component brines under 
operating temperatures of 387 to 406 °C and pressures of 230 to 280 bar. The key 
differences between the unit presented in this study and the unit presented in the 
study of Ogden & Trembly [5], are the manner in which the feed was heated to 
supercritical conditions, and the heat integration. In their paper [5], they presented a 
unit based on Joule-heating in which the feed was directly heated inside the reactor, 
in order to reduce the thermal lag, internal scaling and manufacturing costs that 
usually accompany external heating designs. Another key difference, is that Ogden 
& Trembly [5] used the concentrated hydrothermal brine stream to pre-heat the feed 
stream before entering the separation unit. For the unit presented in this study, the 
feed was heated to supercritical conditions in an external heater before entering the 
separator. Internal scaling was not a problem during operations and the temperature 
inside the separator could be readily controlled by adjusting the temperature of the 
external heater. The low-density SCW stream (existing at the top of the separator) 
was used to pre-heat the feed stream instead of the concentrated brine, as it 
contained more energy (higher flow rate and heat capacity). The salt concentration 
of the SCW was also low, thereby minimising the risk of solid deposition inside the 
heat exchanger leading to a reduction of heat transfer.  

Based on the experimental data and findings of previous work [1,4] a large 
laboratory-scale SCWD unit was designed and built. The unit layout and operation 
was discussed, with the focus on the key process units as well as the overall unit 
performance. First experimental results for a feed of 3.5 wt.% NaCl were presented. 
Furthermore, the experimental findings for higher concentration saline feeds                   
(7 – 16 wt.%) were given and discussed. The aim of this chapter was to demonstrate 
the application of the SCWD process on a larger scale for the desalination of different 
concentration brine streams encountered in conventional desalination processes.

2.2 SCWD layout and key units

The SCWD unit was designed and built at the high-pressure laboratory of the 
University of Twente. The unit was located inside a concrete safety bunker and was 
fully automated so that it could be controlled from the outside during operation. The 
maximum feed capacity was 8 kg/h and it was designed to operate at a maximum 
operating conditions of 500 °C and 380 bar. The layout of the unit is shown in Figure 
2.1. 
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From Figure 2.1, it is seen that the unit consist of several operating units, which can 
be divided into three sections, namely the heat exchanger (HEX), gravity separator 
and brine recovery units (salt collector to condensed vapour collector). In addition 
to these units there were two feed vessels and two product vessels. The first feed 
vessel contained demineralised water, fed during the start-up and shut down of 
the system, while the other contained the saline feed. The first product vessel was 
for the collection of the drinking water coming from the gravity separator, while 
the second vessel was for the collection of the condensed vapour (steam) produced 
during hydrothermal brine expansion. All vessels were placed on weighing balances 
to monitor the in- and out flow of the unit and to check the mass balance closure. 
A high-pressure LEWA diaphragm pump LDC1 (LEWA Herbert Ott GmbH & Co 
KG, Germany) was used to pressurise the saline feed. The pump had a maximum 
capacity of 25.0 L/h (with an uncertainty of 1 % in mass flow measurements), a 
maximum operating pressure of 400 bar and was applicable to a wide variety of 
fluids including saline solutions. The feed pressure was set and controlled with a 
back-pressure regulator (BPR-1; TESCOM 26-1762-24A, Tescom Europe GmbH & 
Co. KG, Germany, Cv = 0.14).

2.2.1 Heat exchanger 
Owing to the extreme operating conditions of the SCWD process, it is energy 
intensive and heat integration is required to make a commercial process viable. 
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Figure 2.1: Large laboratory-scale SCWD unit 
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In this unit, heat integration was achieved by utilising the SCW product to heat 
the saline feed in a counter-current heat exchanger that could operate from sub- to 
supercritical conditions. The feed transitioned from sub- to supercritical conditions, 
while the SCW transitioned from super- to subcritical conditions. Prior to the 
design and construction of the heat exchanger, the heat transfer characteristics of 
SCW was investigated through modelling in COMSOL Multiphysics and validated 
with experimental results [4]. From the findings of the COMSOL study, a double 
pipe counter-current heat exchanger was designed and constructed. The inner 
and outer tube of the heat exchanger was constructed from grade 2 titanium, with 
the dimensions listed in Table 2.1. The detailed design calculations can be found 
in the supporting information of [3] and [2]. The double pipe heat exchanger was 
wound into a spiral coil (diameter of 40 cm and height of 40 cm) for stability and 
compactness. In the event of fouling due to salt deposition, the configuration of 
the heat exchanger was such that the saline feed was fed through the tube side, 
while the SCW product flowed through the space between the inner and outer tubes 
(annular space - shell side) in a counter-current manner. Salt deposition from the 
feed could be cleaned easily, by running demineralised water through the system. 
To avoid contact between the inner surface and outer tube, a 0.5 mm titanium wire 
was wound around the outside of the inner tube before inserting it into the outer 
tube. The heat exchanger was also insulated with 20 mm thick glass fibre thermal 
insulation rope to reduce heat loss to the environment. In Figure 2.2 the wound heat 
exchanger and inner tube with the 0.5 mm titanium wire is shown.

Figure 2.2: Pictures of heat exchange section a) Spiral wound double pipe heat exchanger, 
b) Internal construction of the heat exchanger

b)a)
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2.2.2 Gravity separator 
In order to reach the desired feed temperature, additional heat was provided by 
an electrical heater located before the inlet to the gravity separator. The heater was 
constructed of a grade 2 titanium feed tube wound around an aluminium block that 
was electrically heated (applied capacity 2.5 kW).

The first stage of separation takes place in the gravity separator, where the SCW 
fluid phase is continuously separated from the concentrated hydrothermal brine. 
The separator itself was constructed from Incoloy 825 with an inner diameter of 4 
cm (wall thickness, t = 2 cm) and a length of 50 cm.  The separator was placed in a 6 
kW electric oven to ensure that isothermal conditions were maintained. The saline 
feed entered the separator though a dip-tube (di = 3 mm, do = 5 mm, L = 20 cm, grade 
2 titanium), while the SCW fluid exited over the top to the heat exchanger and the 
hydrothermal brine accumulated at the bottom of the separator. 

After passing through the heat exchanger, the SCW was cooled below the temperature 
limit of the back-pressure regulator (70 °C) in water Cooler-1, after which it was 
depressurised and collected in the product water vessel. The dimensions of the 
discussed units are summarised in Table 2.1.

2.2.3 Brine expansion and recovery units
The brine recovery section spans from the valve to the condensed vapour collector. 
For the second stage of separation, which was the expansion of the accumulated 
hydrothermal brine, the high-pressure, high-temperature valve at the bottom of 
the gravity separator, was fully opened to rapidly expand the hydrothermal brine. 
The valve was made from a creep resisting chromium-nickel based alloy. It had 
a high resistance to corrosion and both stable mechanical and thermal properties 
at considerably high temperatures and pressures (up to 600 °C and 1000 bar). It 
was, therefore, suitable to handle the potentially corrosive brine and significant 
instantaneous pressure drop (up to 300 bar) during expansion of the brine. The valve 
was fully opened or closed pneumatically from the outside of the high-pressure 
bunker, using compressed nitrogen. Around both the valve and the capillary, a 1 
kW oven was placed to ensure that the expansion of the brine occurred isothermally 
and to prevent premature formation of solid salt which could result in plugging. 

The brine was expanded in the salt collector, which had the same dimensions as the 
gravity separator.  In the cyclone, which follows the salt collector, the entrained salt 
particles were separated from the vapours into a secondary collector. Originally, the 
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brine was directly expanded into the cyclone with the separated salt collected in the 
salt collector. However, a considerable amount of salt particles were entrained by 
the vapours resulting in high salt concentrations for the flashed vapours. Therefore, 
it was decided to change the sequence to where the brine was directly expanded into 
the salt collector. The vapours formed during the expansion in the salt collector then 
moved to the cyclone for further separation of the entrained salt particles. The salt 
collector, cyclone and cyclone collector were placed inside a 6 kW oven with ceramic 
insulation to reduce heat loss to the environment and also to prevent the premature 
condensation of the formed vapours. The temperature of the oven was set to 100 °C, 
however, some heat was transferred from the 1 kW oven causing the temperature of 
the top section of the salt collector to rise above 100 °C, which may skew the vapour 
recovery results. The expansion occurred within 45 seconds and only the mass 
increase of that time interval was taken as the amount of vapours produced. Any 
mass increase recorded afterwards was taken as vaporisation of the water in the salt 
collector. The vapours passed through three consecutive water coolers (Cooler-2) 
before being collected in the condensed vapour product vessel. The dimensions and 
material of construction of the above discussed units are summarised in Table 2.1.

Unit Description Dimensions Material Volume (L)

HEX Double pipe heat 
exchanger, spiral 
shape.
A = 0.079 m2

di = 3.0 mm
do = 5.0 mm
L = 5.0 m

Inner tube - 
titanium

0.035

Volume of annulus di = 6.2 mm
do = 9.5 mm
L = 5.0 m

Outer tube - 
titanium

0.054

Separator Gravity separator di = 40 mm
do = 80 mm
L = 50 cm

Incoloy 825 0.628

Heater Block heater for feed 
stream. Tube is spiral 
in Al block. 
A = 0.071 m2

di = 3.0 mm
do = 5.0 mm
L = 4.5 m

Tube - titanium 0.032

Table 2.1: Dimensions and material of contruction of SCWD process units
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Cooler-1 Water cooler
A = 0.028 m2

di = 4.0 mm
do = 6.0 mm
L = 1.5 m

Inner tube – SS 
316

0.019

Volume of annulus di = 8.0 mm
do = 10 mm
L = 1.5 m

Outer tube – 
copper

0.033

Capillary To flash brine into salt 
collector

di = 7.0 mm
do = 10 mm
L = 32 cm

Incoloy 825 0.012

Salt collector Salt storage vessel di = 40 mm
do = 80 mm
L = 50 cm

Incoloy 825 0.628

Cyclone Separation of solid salt 
particles from water 
vapour.

di = 20 mm
do = 40 mm
L = 132 mm

Incoloy 825 0.022

Cyclone 
collector

Collection of separated 
salt particles from 
cyclone

di = 24 mm
do = 33 mm
L = 119 mm

Incoloy 825 0.052

3xCooler -2 Water cooler
A = 0.11 m2

di = 4.0 mm
do = 6.0 mm
L =  6.0 m

Inner tube – SS 
316

0.226

Volume of annulus di = 8.0 mm
do = 10 mm
L = 6.0 m

Outer tube – 
copper

0.396

Lastly, all temperature measurements were done with K-type thermocouples 
(uncertainty in temperature measurement was 0.4 % of measured value in °C, 
while the relative difference of measured values between thermocouples was 0.2 
°C). The pressure measurements were done with sputtered thin film type pressure 
transducers (accuracy was 0.25 % full scale).
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2.3 Operation of SCWD unit

2.3.1 Operating conditions
In order to validate the operation of the large laboratory-scale set-up, a set of five 
similar experiments were performed (referred to as the base experiments) to evaluate 
the repeatability and stability. For the base experiments, the feed concentration was  
~ 3.0 wt.% NaCl, which corresponds to the salinity of seawater and is also the typical 
feed stream for seawater reverse osmosis (SWRO) and multi-stage flash (MSF) [6–
9]. Experiments were performed for three higher feed concentrations, namely 7.0, 
13.3 and 16 wt.% NaCl. 7.0 wt.% was selected to represent the reject stream of a 
conventional reverse osmosis (RO) unit and 16 wt.% was selected to simulate a feed 
stream to a multi-effect distillation (MED) plant for salt production [6,7,10].

The temperature and pressure for all the experiments were kept constant at 430 °C 
and 270 bar. 430 °C was selected as this was the maximum temperature in the VLE 
region where no premature salt deposition would occur at the outlet of the gravity 
separator. At higher temperatures a shift to the liquid-solid region occurs upon the 
rapid decrease of pressure, causing salt deposition in the outlet of the separator. This 
hinders the collection of the bottom products and leads to plugging of the system. 
Preliminary experiments were also performed at higher temperatures of 440 and  
450 °C with the results indicating that recovery of SCW was only 1 % higher than for 
430 °C, which further rationalised the use of this temperature.

For the operating pressure, the previous study by Odu et al.[1] stated that the process 
should run at 300 bar, for better operating stability and improved heat integration. 
For the large laboratory-scale unit, the pressure was set to 270 bar as this was the 
maximum pressure that the unit could operate at, without leakages occurring during 
operation. At 300 bar a difference (> 20 %) in the mass balance was seen after some 
time of operation, while for 270 bar the mass balance differences were less than 10 
% for the entire duration of the experiment. Analysis showed that leakages occurred 
due to the failure of a specific connection at 300 bar. With the current materials the 
connection could not be improved.   

The feed rate and run time for the saline feed varied for the different concentrations 
due to faster accumulation of hydrothermal brine for more concentrated feed 
streams. The feed concentrations, flow rates and run times are summarised in Table 
2.2.
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Feed concentration (wt.% NaCl) Feed rate (kg/h) Run time (min)

3.0 5.3 64
7.0 5.5 23
13.3 2.2 33
16.0 1.0 47

2.3.2 Operating procedure 
Prior to operation, all fittings and connections were checked to ensure proper 
closure. The ovens of the gravity separator, flash valve with capillary section and salt 
collector were also switched on, so that the system was heated before pressure was 
increased. The large laboratory-scale unit was operated in a semi-batch mode, with 
the drinking water production being continuous and the salt recovery batch-wise. 
For the start-up, demineralised water was run through the system while pressure 
was gradually increased by adjusting BPR-1. The heater before the gravity separator 
was also switched on to heat the feed to the desired separation temperature before 
it enters the gravity separator. A mass balance was performed throughout, to ensure 
that the system was closed. Once the desired pressure and temperature was reached, 
the system was allowed to stabilise at the set conditions (maximum fluctuation of        
2 bar and 1 °C for all measured temperatures and pressures for a 30 minute period).   

After stabilisation, the saline feed was introduced to the system, by switching 
the three-way valve. The saline feed was prepared using demineralised water 
(Resistivity of 15 MΩ.cm) and pharmaceutical grade NaCl (> 99.0 %; esco API NaCl 
sodium chloride GMP grade) from esco. The pressurised saline feed was heated in 
the counter-current heat exchanger, by the SCW product, with the remaining heat 
supplied by the heater before entering the gravity separator. Inside the separator 
phase separation occurred based on a density difference, with the SCW continuously 
removed at the top and the concentrated hydrothermal brine accumulating at the 
bottom. After passing through the heat exchanger, the SCW was further cooled 
(Cooler-1) before being depressurised and analysed in-line with a conductivity 
sensor (conductivity sensor 1, Figure 2.1). The conductivity sensor was calibrated 
for a concentration range of 10-6 to 10 wt.% NaCl, which was repeated multiple 
times throughout the experimental period.  Linear behaviour was observed for the 
measured range of 0.05 to 0.07 wt.%.

Table 2.2: Feed flow rate and run time for different saline feed concentrations
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The plant was fed with a saline feed until the gravity separator was halfway filled 
with concentrated hydrothermal brine. Depending on the feed concentration and 
flow rate, the time of the operation varied from 20 to 60 minutes (see Table 2.2).  
The run time was pre-determined for the different feed concentrations using the 
correlations developed by Driesner & Heinrich [11] to determine the equilibrium 
concentrations and perform mass balance calculations.  

Once the separator was halfway filled with brine, the feed was stopped and the valve 
between the gravity separator and salt collector was opened to rapidly flash separate 
the brine to 1 bar inside the salt collector. From the salt collector, the vapours and 
entrained salt particles flowed to the cyclone, in which the entrained salt particles 
were separated from the vapours (steam). The vapours were then condensed, 
analysed in-line (conductivity sensor 2, Figure 2.1) and collected in the condensed 
vapour collector. The valve remained open until the pressure of the separator 
stabilised at 1 bara. After stabilisation, the valve was closed and demineralised water 
was once more fed through the system to rinse it, while the pressure was gradually 
decreased and the system was cooled.

Once ambient conditions were reached the salt collector and cyclone of the plant 
were removed and the products were retrieved for further analysis and mass balance 
calculations. The retrieved products consisted of solid salt in both the salt and 
cyclone collector, liquid water and condensed vapours. Dry salt was not obtained, 
due to the enthalpy of the hydrothermal brine being insufficient for complete 
separation into dry salt and steam. Based on calculations made from the correlations 
of Driesner [11,12] the temperature and pressure would need to be 590 °C and 380 
bar respectively, which was beyond the safe operating limits of the set-up. A single-
stage flash will thus not result in a dry salt and steam stream. Calculations showed 
that by expanding the brine in a normal flash, followed by flash-evaporation (using 
the produced steam of the first expansion) it was possible to completely separate the 
brine into dry solid salt and water (see Chapter 5).

The dissolved NaCl concentration of the water retrieved from the bottom section of 
the large laboratory-scale unit was determined by measuring the Na+ concentration 
using ion chromatography (Metrosep C6 - 150/4.0 column on a Metrohm 850 
Professional IC, mobile phase: 0.1 M HNO3 + 0.02 M dipicolinic acid solution, 
column temperature: 20 ± 1 °C, flow rate: 1.0 mL/min). The moisture content was 
determined by drying the wet salt at 105 °C for 24 hours and weighing the sample 
before and after.  
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2.3.3 Performance

2.3.3.1 SCW separation
In Figure 2.3 the flow rates of the feed and the SCW is shown and also the NaCl 
concentration of the SCW product.
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From Figure 2.3a, it can be seen that the flow was stable within 5-15 minutes of 
operation. The NaCl concentration of SCW, for the 7.0 wt.% feed, was lower than 
for the 3.0 wt.% feed (see Figure 2.3b). This is unusual as equal SCW concentrations 
were expected, since the feed concentration should not influence the equilibrium 
NaCl concentration of both products (SCW & hydrothermal brine). This, however, 
could be the result of higher vapour flow rates for lower feed concentrations, causing 
more salt to be entrained. The SCW NaCl concentration for feeds of 3.0 and 7.0 
wt.% appeared to stabilise within the first 15 minutes of operation. For higher feed 
concentrations the NaCl concentration seemed to continue increasing with time, not 
stabilising before expansion of the brine. This could indicate that it takes longer for 
phase equilibrium to be reached for higher feed concentrations.  

2.3.3.2 Brine expansion
In order to retrieve the accumulated brine in the gravity separator, it was expanded 
to 1 bar by opening the high-pressure, high-temperature valve. The expansion 
occurred rapidly, being completed within ± 1 minute.  In Figure 2.4, the pressure 
and temperature change during expansion is shown.
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Figure 2.3: a) Mass flow rates and b) NaCl concentration of SCW for different NaCl feeds  
(─ ─ Feed stream; ── SCW stream;  ● 3.0 wt.%; ♦ 7.0 wt.%; ■ 13.3 wt.%; ▲16 wt.%)
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It is seen that the pressure and temperature inside the separator was stable for the 
duration of the run until the valve was opened. The pressure rapidly drops to 1 
bar, where it stabilised while the valve remained open. Conversely, the pressure of 
the cyclone increases upon flashing of the brine. The temperature of the separator, 
capillary and valve also decreased with expansion of the brine. The capillary 
and valve were set to the same temperature (± 2 °C difference) as the separator, 
and therefore the temperature will decrease due to the evaporation of water as a 
consequence of the pressure drop.  

Premature salt deposition either before, after or inside the valve was the main 
challenge with the retrieval of the hydrothermal brine. During plugging the pressure 
drop was not as rapid as can be seen in Figure 2.5.
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Figure 2.4: a) Pressure and b) temperature change during brine expansion for 3.5 wt.% NaCl 
feed (─ Gravity separator; ─ Capillary; ─ Valve)

Figure 2.5: Pressure drop in gravity separator during plugging a) before valve and b) after 
valve

a) b)
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In Figure 2.5a plugging before the valve is depicted, with the consequence being 
that no bottom products were retrieved due to the brine remaining in the gravity 
separator. This type of plugging was caused by too high separation temperatures. 
Upon rapid expansion, the brine will become a supersaturated solution inside the 
valve (instead of the salt collector), with the solid salt plugging the connection. At 
lower separation temperatures the brine will remain liquid in the separator, before 
flashing over the valve and capillary, and finally separating into the solid salt, 
vapours and water. In Figure 2.5b plugging inside the capillary and valve is shown 
and it can be seen that the initial pressure drop was rapid but that it becomes more 
gradual with time. Consequently, some products were retrieved, but most remained 
in the gravity separator. The main cause of this type of plugging, was the expansion 
of the brine not occurring adiabatically. As a result solid salt started to form inside 
the capillary and moved towards the valve, ultimately plugging the system. It is 
foreseen that on industrial scale such severe plugging will occur less as the size of 
the capillaries will be bigger and solid deposition will not directly lead to a blockage. 
Furthermore, upon salt deposition in the pipes, the system could be periodically 
flushed with water to remove the salt. 

2.3.3.3 Corrosion
Corrosion has been identified as a key obstacle to the commercial success of SCW 
processes such as supercritical water oxidation and supercritical water gasification 
[13–15]. The high-pressure and high-temperature conditions inherent to the SCWD 
process, combined with the presence of salt could result in corrosion problems. 
Due to its good mechanical and stable thermal properties over a wide temperature 
range, as well as its resistance to corrosion, Incoloy 825 (a nickel-iron-chromium 
alloy with additions of molybdenum, manganese, copper, and titanium) was chosen 
as the material of construction for the gravity separator, cyclone, cyclone collector 
and salt collector. Considering cost and material properties such as the corrosion 
resistance and mechanical strength, grade 2 titanium has been chosen as the material 
of construction for the heat exchanger.

Despite the selection of the above materials, signs of corrosion were seen in the form 
of solids (not NaCl) in the condensed vapour samples, as well as in the water retrieved 
from the salt and cyclone collector. The solid deposition could be due to corrosion 
occurring in the separator and the metals forming oxides when exposed to oxygen. 
Scatter electron microscopy with energy dispersive spectroscopy (SEM – EDS; Jeol 
JSM 5600 LV, at 15 kV) was done on the solids separated from the water samples, 
to have an initial indication of the elemental composition. The analysis indicated 
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that the solids mainly contained iron and nickel. Other elements that could also be 
present are chromium, sodium and chloride. Copper and molybdenum were not 
detected. The presence of manganese was only detected for some samples. Lastly, 
there could also be trace amounts of titanium in some samples. From the analysis, 
it was concluded that the source of the metal oxides in the samples was mainly due 
to corrosion of Incoloy 825 and not the grade 2 titanium. A more detailed analysis 
is required to determine the exact composition of the metal oxides. In conclusion, 
it is seen that Incoloy 825 was not resistant enough to the extreme conditions and 
therefore the material of construction needs to be reconsidered. An alternative option 
for the construction of the gravity separator is to construct the vessel from stainless 
steel and line the inside with titanium.

2.4 Experimental results and discussion

In this section the results of both the SCW production and hydrothermal brine 
expansion will be discussed. Firstly, the base experiment results will be presented, 
followed by the results for different feed concentrations. The results and performance 
of the heat exchanger are discussed in Chapter 4. 

2.4.1 Base experiments
The exact conditions for each experimental run as well as the mass balance closure 
for both the overall system and the salt are presented in Table 2.3.

Exp. Feed 
concentration 
(wt.% NaCl)

Temperature 
(°C)

Pressure 
(bar)

Overall mass 
balance diff. 
(%)a

Salt mass balance 
diff. (%)a

1 3.0 430 272 1.0 3.8

2 3.0 431 271 1.1 -1.3
3 3.0 434 271 0.6 3.2
4 3.0 430 271 -0.2 4.8
5 3.6 431 273 0.6 -10.4
a Difference = ((Out – In)/In)*100

The difference in the overall mass balance of the unit was less than 2 %, while that of 
the salt balance was slightly higher but still within acceptable limits for larger scale 
units. The products recovered from the SCWD unit was divided into two sections, 

Table 2.3: Summary of experimental conditions for base experiments and mass balance 
closure
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with the drinking water being retrieved from the gravity separator and solid salt, 
condensed vapours and some liquid water recovered from the bottom section after 
expansion of the brine. In Table 2.4 the results of both the recovery (SCW/feed) and 
quality of drinking water and brine are given. The brine quality is reported on a 
calculated and measured basis. The calculated brine concentration is based on mass 
balance calculations of the overall system and the NaCl over the gravity separator, 
using the conductivity readings of the SCW to determine the NaCl concentrations. 
The measured brine concentration is based on the retrieved products from the 
bottom section.

Exp. SCW recovery 
(% - mass)

SCW 
concentration 
(wt.% NaCl)

Brine concentration – 
calculated (based on 
mass balance) 
(wt.% NaCl)

Brine concentration – 
measured 
(wt.% NaCl)

1 91.6 0.065 34.7 32.4
2 91.4 0.058 33.9 29.7
3 91.1 0.052 32.4 31.4
4 90.6 0.059 31.6 33.7
5 91.4 0.068 39.8 33.3

From the results, it is firstly seen that the recovery of drinking water and NaCl 
concentrations of both the brine and drinking water remained constant for the 
five experiments, indicating that reproducible data can be obtained.  The average 
observed difference was less than 6 % for the NaCl concentration of the SCW and 
hydrothermal brine (within an 95 % confidence level interval for the t-distribution). 
The recovery of drinkable water was ± 91 % (mass basis) of the feed and was 
significantly higher in comparison to conventional drinking water production 
processes such as MSF (15 – 50 %) [8,16] and SWRO (30 – 50 %) [6,17–19]. The NaCl 
concentration of the SCW (520 to 680 ppm) was below the maximum acceptable 
concentration level of total dissolved solids (TDS) for clean drinking water defined 
by UNESCO, which is 750 ppm [20]. When comparing the results to the calculated 
values based on NaCl-H2O equilibrium data, the expected SCW recovery for the 
given temperature and pressure was between 92 and 93 % (mass basis), which was 
in good agreement with the results in Table 2.4. For the SCW NaCl concentration, 
the measured values were compared to the results of the empirical correlations by 
Driesner & Heinrich [11], the solvation model by Armellini & Tester [21] and the 

Table 2.4: Products of the gravity separator both calculated and measured
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thermodynamic model by Anderko & Pitzer [22], as shown in Table 2.5.

Table 2.5: Comparison of experimental equilibrium concentrations at 430 °C and 270 bar 
with literature models

SCW concentration    
(wt.% NaCl)

Brine concentration 
(wt.% NaCl)

Experimentally measured 
(average of exp. 1-5)

0.06 ± 0.01 34.5 ± 3.2a

Armellini & Tester [21] 0.055 -
Anderko & Pitzer [22] 0.069 38.4
Driesner & Heinrich [11] 0.084 37.9
a Brine quality based on the average of the mass balance calculated concentrations

 
From Table 2.5 it is seen that the experimental results and the model generated results 
compare well with one another. Comparison between the calculated and measured 
NaCl concentrations of the brine shows that the latter is generally lower, with the 
maximum difference being 7 wt.% (see Table 2.4). The difference can be ascribed to 
the loss of product when cleaning the bottom section of the large laboratory-scale 
unit, as well as balance errors. Furthermore, it is assumed that all the brine was 
flashed to the bottom section with no salt remaining in the gravity separator. Under 
ambient conditions, the maximum solubility of NaCl in water is 26 wt.%. However, 
under supercritical conditions it was seen that higher brine concentrations could be 
achieved, without the indication of solid formation. 

After expansion of the brine the products (condensed vapour, salt and water) were 
distributed over four units in the bottom section, namely the salt collector, cyclone, 
cyclone collector and condensed vapour collector, with negligible amounts of 
product remaining in the pipes, valve and capillary. The qualitative distribution of 
the products is schematically shown in Figure 2.6, for clarification on the product 
distribution results reported in Figure 2.7 & 2.9.
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In Figure 2.6 it is indicated that wet solid salt was retrieved from both the salt and 
cyclone collector, which forms the dry usable salt (after drying) retrieved from the 
large laboratory-scale unit. The NaCl concentrations of the solutions were generally 
between 15 and 25 wt.%. For the condensed vapours the concentrations were 
between 10 and 18 wt.%. The amount of water, in the salt and cyclone collector, was 
the summation of the water (excluding NaCl) and the moisture in the wet salt. The 
condensed vapours were the amount of water in the condensed vapour collector 
excluding the dissolved NaCl content. The product distribution of the flashed 
products is given in Figure 2.7. The brine content was normalised to a value of 100 
% and the distribution in the bottom units were calculated as a fraction of the brine 
content.  

Salt collector 

Valve

Condensed 
vapour collector

Cooler ‐2
 

Conductivity 
sensor 2

Cyclone

Cyclone collector

Wet solid NaCl (dry usable salt – after drying)

Dissolved NaCl in H2O

Dissolved NaCl in condensed  vapours

BPR‐2

Figure 2.6: Qualitative product distribution in bottom section of large laboratory-scale unit 
(levels and sizes are not to scale)



42 | Chapter 2

For Figure 2.7 the total water content of the brine was equal to the sum of the water 
content of the salt collector, cyclone, cyclone collector and the condensed vapour 
collector. Likewise, the total dissolved NaCl content of the brine was equal to the 
sum of the dissolved and solid NaCl content of the salt and cyclone collector, and 
the dissolved NaCl concentration of the cyclone and condensed vapour collector. 
From the product distribution results, it can be seen that most of the water in the 
brine formed condensed vapours, with ± 14 % forming liquid water in the other 
collectors. Conversely, most of the dissolved NaCl in the brine, formed solid NaCl in 
the salt collector. Together with the solid salt in the cyclone collector, the total solid 
salt recovery (Solid NaCl/NaCl fed to plant) was ± 64 %, which corresponded to                   
± 175 grams of salt. The main reason for loss of salt was due to entrainment of the fine 
salt particles upon flashing. The expansion occurred rapidly (< 1 minute) leaving no 
time for crystallisation or agglomeration of the salt particles. The resulting particle 
size was 10 – 40 µm (see Section 2.5) and the particle were easily entrained with 
the vapours to the condensed vapour collector. The cyclone was also not effective 
in separating the salt from the vapours because of the small particle size. It was 
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Figure 2.7: Product distribution of normalised brine (values based on measured brine from 
collected bottom products)
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estimated from the salt mass balance calculations over the bottom section of the 
SCWD unit, that only 30 – 46 % of the entrained solids were removed from the 
vapour stream.

From Figure 2.7, it can be seen that the condensed vapour collector contained 
the highest amount of dissolved NaCl. The resulting NaCl concentration in the 
condensed vapour was usually between 10 and 18 wt.%. The separation of the steam 
and salt should therefore be improved. Secondary to entrainment, some of the salt 
was dissolved in the liquid water present in the salt and cyclone collector, but these 
amounts were minimal in comparison to that of the condensed vapours and could 
be retrieved through evaporation of the water.

2.4.2 Different feed concentrations 
In order to further test the applicability of SCWD with other desalination or salt 
production processes, feed streams with higher salinities were also investigated. 
For these experiments the temperatures and pressures were kept similar to the 
base experiments, however, the feed rate and run time had to be adjusted to ensure 
that the gravity separator was only halfway filled with hydrothermal brine, before 
expansion. A summary of the experimental conditions is given in Table 2.6, along 
with the mass balance closures.

Feed concentration 
(wt.% NaCl)

Temperature (°C) Pressure (bar) Overall mass 
balance diff. 
(%)a

Salt mass 
balance diff. 
(%)a

3.0 431 272 0.6 2.6
7.0 429 271 -1.9 -8.2
13.3 432 272 1.5 -18.4
16.0 434 271 7.8 -16.9
a Difference = ((Out – In)/In)*100

For the overall mass balance, the closure is within 8 %, while for the salt balance 
the difference increases for higher feed concentrations. The exact cause is not clear 
but a possible reason could be that for higher feed concentrations some of the salt 
precipitated and adhered to the wall of the gravity separator. Consequently, the 
salt then remained in the gravity separator after expansion of the brine and was not 

Table 2.6: Summary of experimental conditions for different feed concentrations and mass 
balance closure
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retrieved. The SCW recovery as well as the SCW NaCl concentrations are reported 
in Figure 2.8.
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From the results, it is seen that the recovery of SCW decreased with feed concentration 
(with the exception of 16 wt.%), while the NaCl concentration of the SCW also seemed 
to decrease. The NaCl concentration of the SCW should not vary for different feed 
concentrations since it is only dependent on the temperature and pressure of the 
system. Only the quantity of SCW should differ with feed concentration. This is 
seen when comparing the results of the model in Figure 2.8a, for the different feed 
concentrations. For the feed concentrations of 3.0 to 13.3 wt.% the SCW recovery 
corresponds adequately with what is expected from phase equilibria calculations 
[22]. The measured NaCl concentration of the SCW was again lower in comparison 
to the results of the Anderko & Pitzer equation of state [22]. For 16.0 wt.% the SCW 
recovery was higher (± 10 %) than expected from NaCl-H2O equilibria. This was 
most likely due to equilibrium not being reached within the experimental run time. 
For this reason the NaCl concentration of the SCW was also lower in comparison. 
Tests with higher feed concentrations were also performed on a laboratory-scale 
set-up and the same SCW recovery was measured as for the large laboratory-scale 
unit [1]. To resolve the problem of equilibrium not being reached a larger vessel is 
required, since the pump’s minimum flow limitations have already been reached. 
The overall product distribution, of the expanded brine, is presented in Figure 2.9.

a) b)

Figure 2.8: SCW results for different feed concentrations a) Recovery b) NaCl concentration 
(■ Experimental; ■ Model [22]; ─ Safe drinking limit for water 750 ppm)
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Upon comparison of the Figure 2.9 a – c and Figure 2.7, it is seen that the water 
content of the salt collector increased, along with the amount of dissolved NaCl. The 
higher water content could be due to equilibrium not being reached for higher feed 
concentrations.

As a consequence of the higher liquid water content, the salt recovery decreased, 
due to more salt being dissolved. The salt recovery decreased to 51 % for a feed of 7 
wt.% and to 42 – 44 % for the higher feed concentrations. For the base experiments, 
the main loss of salt was due to entrainment of salt particles with the vapours. 
However, for higher feed concentrations the solvation of salts in the liquid water 
also contributed significantly to the loss. When comparing the absolute values of 
dissolved salt, the amount increased from 15 g for a feed concentration of 3 wt.% to 
20 – 30 grams for feed concentrations of 7 wt.% and higher. Conversely, the absolute 
amount of entrained salt decreased from 51 g to between 15 and 38 g for higher feed 
concentrations, while the total amount of salt remained constant.  

2.5 Salt formation after expansion 

Expansion of the hydrothermal brine occurred rapidly (within 45 s), leaving no time 

Figure 2.9: Product distribution of normalised brine (values based on measured brine 
from collected bottom products) for different feed concentrations a) 7.0 wt.%, b) 13.3 wt.%, 

c) 16.0 wt.% (■ Water;   Dissolved NaCl; ■ Solid NaCl)

c)
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for crystalline growth. The result was that very fine salt crystals were formed which 
could be easily entrained with the steam. SEM images (Jeol JSM 5600 LV - at 5 kV) 
of the feed salt and the salt retrieved in the salt and cyclone collector, were taken 
and are shown in Figures 2.10 and 2.11. The size (diameters) of the particles were 
measured to given an indication of the size range for each unit.  

The measured diameter of the feed particles was 400 – 750 µm. Expansion reduced 
the size significantly. For particles retrieved from the salt collector, the average 
measured diameter from all the SEM images (13 images) was 20 – 40 µm (maximum 
60 µm). The cyclone collector particles were slightly smaller with the average 
measured diameter (13 images) being 10 – 30 µm (maximum 60 µm). From the 
images it is seen that the expanded NaCl still had a crystalline structure for the most 
part and were clustered together.  

Figure 2.10: SEM images of NaCl feed crystals

Figure 2.11: SEM images of NaCl crystals after brine expansion (Separation conditions    
430 °C and 270 bar, Brine concentration 38 wt.%) a) Salt collector b) Cyclone collector

a) b)
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2.6 Conclusions 

A large laboratory-scale SCWD unit has been constructed and tested for different 
saline concentration feeds. From the evaluation of the unit performance and results, 
it was concluded that operations were stable, the system was closed and that the 
results were reproducible. The recovery of fresh drinking water was higher in 
comparison to conventional desalination processes and corresponded with expected 
phase equilibria results. The quality of SCW adhered to the requirements for 
drinking water, having a NaCl concentration between 520 and 680 ppm (safe limit is                    
< 750 ppm TDS). From the experimental results it was seen that a one-step expansion 
of the hydrothermal brine was not sufficient for complete separation into solid salt 
and steam. The bottom product distribution showed that mainly vapours were 
formed, followed by salt and liquid water. The rapid expansion of the hydrothermal 
brine led to entrainment of fine salt particle (10 - 40µm) with the vapours (steam), 
causing the recovery of the salt to be lower, namely ± 64 %.

For the different feed concentrations, the SCW recovery decreased and corresponded 
with phase equilibria results up to a feed concentration of 13.3 wt.%. For a feed of 
16 wt.% NaCl, equilibrium was not reached within in the allotted run time, and 
the SCW recovery was unexpectedly higher. The solid salt recovery was lower 
(compared to the base experiments), due to the increase in the amount of liquid water 
retrieved after expansion which led to more salt dissolving in the water. Overall, it 
was possible to perform SCWD on a larger scale for the treatment of model saline 
feeds, to recover drinking water and salt.    
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Abstract

A detailed description and validation (based on literature data) of the thermodynamic 
models used for the property calculation of the supercritical water desalination 
(SCWD) process is given. The SCWD process is divided into two regions, namely the 
low-temperature (ambient – 300 ᵒC) and high-temperature region (300 – 500 ᵒC). For 
the low-temperature region the electrolyte non-random two liquid (eNRTL) activity 
coefficient model is used, while for the high-temperature region the Anderko & 
Pitzer equation of state (AP EoS) is used. The focus is on the high-temperature 
region model, as the thermodynamic models of subcritical electrolyte mixtures are 
well known.  
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3.1 Introduction

In order to perform process calculations and optimisation studies for the supercritical 
water desalination (SCWD) process, the thermodynamic properties of the streams 
need to be known. It is not possible to describe the process with a single thermodynamic 
model, as the SCWD operates in both the sub- and supercritical region of water. The 
main difference between the two regions is that in the subcritical region, salts will 
be fully dissociated and dissolved in water and an electrolyte model can be used 
to model the behaviour of the three-component system, i.e. the separate ions (e.g. 
Na+ and Cl-) and water. For the supercritical region, the properties of water change 
significantly. Among the changes is the drop in the dielectric constant of water, 
which leads to the re-association of ions [1]. For this reason, models developed to 
describe the phase behaviour of  salt-water mixtures under high-pressure and high-
temperature conditions, assume that the ions are associated and that the system is a 
two component (e.g. NaCl and H2O) mixture.

For the modelling, the SCWD process is divided into a low-temperature and high-
temperature region. The low-temperature region ranges from ambient (usually 25 
ᵒC) to 300 ᵒC. The high-temperature region (where ion association occurs) extends 
over a temperature range of 300 to 500 ᵒC. In Figure 3.1, a conceptual SCWD process 
is shown. 
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As shown in Figure 3.1, the process consists of two main sections: 1) the heating and 
phase separation section (mainly supercritical), and 2) the brine recovery section 
(mainly subcritical), with which zero liquid discharge (ZLD) is achieved. The low-
temperature region covers the feed stream (#1), cold inlet (#2) and hot outlet (#6) 
streams of the heat exchanger (HEX), together with the brine recovery streams (#9 
- #14). The high-temperature region covers the supercritical section of the SCWD 
process, namely the HEX cold outlet (#3) and hot inlet (#5) streams as well as the 
separator feed (#4) and the concentrated hydrothermal brine (#8).

For the low-temperature region (subcritical conditions), the thermodynamic 
behaviour of the electrolyte systems is well known. There exist various extensively 
validated models (usually activity coefficient models) to calculate the properties 
of the different mixtures. These models cover mixtures from dilute to saturated 
concentrations, under various subcritical conditions. However, they are no longer 
valid near the critical point of the solvent (typically water) [2,3].   

Unlike for subcritical salt-water mixtures, the thermodynamic behaviour of 
supercritical salt-water mixtures has not been as extensively studied. Near and 
above the critical point of water (Tc = 374 ᵒC & Pc = 220 bar), the properties of 
water start to change significantly, rendering water insoluble to salts [4]. Due to 
the significant change in the properties, an alternative formulation (compared to 
subcritical formulation) is required to determine the thermodynamic properties. 
Proposed models for supercritical salt-water mixtures are usually formulated in 
terms of the excess Helmholtz free energy, rather than the excess Gibbs free energy,  
which is traditionally used for subcritical mixtures [5–7].  

The aim of this chapter is to introduce and discuss the thermodynamic modelling 
of salt-water mixtures (mainly NaCl-H2O) for SCWD. The subcritical modelling 
of concentrated electrolyte solutions is briefly discussed, after which the focus is 
on the high-temperature region. The property changes of water and models for 
high-pressure, high-temperature aqueous electrolyte mixtures are discussed.  
For this study, the Anderko & Pitzer equation of state (AP EoS) was used for the 
thermodynamic modelling [5]. The formulation of the AP EoS is given and validated 
using literature data. 

3.2 Thermodynamic models 

3.2.1 Low-temperature (subcritical) region
As mentioned, the thermodynamics of salt-water (electrolyte) mixtures under 
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subcritical conditions have been extensively studied and numerous models, usually 
in the form of activity coefficient models, have been developed. The Debye-Hückel 
limiting law is the starting point for most models [8]. The limiting law describes 
the electrostatic long-range interactions between ions in an aqueous solution for an 
infinite dilution, assuming that the electrolyte is fully dissociated [8,9]. For dilute 
electrolyte solutions up to ionic strengths of ~ 0.01 mol/kg, the Debye-Hückel 
limiting law can be used to calculate the properties [9]. However, as the concentration 
increases short-range interactions such as ion-ion repulsion, dispersive forces and 
ion-solvent solvation also need to be considered [8].  

For concentrated electrolyte solutions, there are two activity coefficient models 
commonly used to calculate the thermodynamic properties, namely the electrolyte 
non-random two liquid (eNRTL) model [10] and the Pitzer model [11–15]. For this 
study, the eNRTL model was used for the calculation of the concentrated subcritical 
streams. The eNRTL model was selected due to its applicability over the entire range 
of concentrations (dilute to saturated), its versatility (different binary and multi-
component mixtures) and also because it has fewer fitting parameters compared to 
the Pitzer model. The eNRTL model is based on two assumptions, namely like-ion 
repulsion and electroneutrality. The like-ion repulsion assumption states that the 
local composition of the cations (or anions) around the cations (or anions) is zero, 
implying that the repulsive forces between the like-interactions are extremely large 
[10]. The electroneutrality assumption states that the distribution of the anions and 
cations, around the central solvent molecule, is such that the net local ionic charge 
is zero. The model consists of two parts to describe the long-range and short-range 
interactions. The excess Gibbs free energy is given as follows [8]:

 (3.1)

The Debye-Hückel limiting law is used to describe the long-range interactions 
(ion-ion). The short-range interactions (ion-molecule and molecule-molecule) are 
described using the local composition model (𝑔𝑔𝐿𝐿𝐿𝐿𝑒𝑒𝑒𝑒) developed for the non-electrolyte 
NRTL model [10]. The short-range interaction contribution has two adjustable 
parameters: the salt-molecule and molecule-salt parameter. The salt-molecule 
parameter is the difference in the dimensionless interaction energies between the 
ion-molecule pair and the molecule-molecule pair. The molecule-salt parameter is 
the difference in the dimensionless interaction energies between the molecule-ion 
pair and the cation-anion pair. For this study the fitted and validated interaction 
parameters reported by Yan & Chen [16], for NaCl-H2O mixtures, were used for the 

𝑔𝑔𝑒𝑒𝑒𝑒 = 𝑔𝑔𝐷𝐷𝐷𝐷𝑒𝑒𝑒𝑒 + 𝑔𝑔𝐿𝐿𝐿𝐿𝑒𝑒𝑒𝑒  
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subcritical calculations. Yan & Chen [16] used a symmetric reference state version 
of the eNRTL model developed by Song & Chen [17]. The model and parameters 
were extensively validated in the study of Yan & Chen [16] and validation will 
not be repeated for this study. The osmotic coefficient (the ratio between osmotic 
pressures of a real solution and an ideal solution) was calculated for 25 and 200 ᵒC 
and compared with different data sets from literature. The comparison is given in 
Figure 3.2.

Figure 3.2 shows that the eNRTL model is able to accurately predict the osmotic 
coefficient for dilute to saturated NaCl solutions.

3.2.2 High-temperature section 

3.2.2.1 Property changes at the critical point
The properties of water undergo significant changes as it approaches the critical 
point (Tc = 374 ᵒC &  Pc = 220 bar). For this study, the supercritical region is defined 
as the region above, both the critical temperature and pressure (T > Tc & P > Pc) of 
water. Around this point the hydrogen bonds between the water molecules diminish 
causing the bulk structure of water to change or collapse [21–23]. Both experimental 
results (Raman spectroscopy, X-ray diffraction, NMR etc.) and theoretical 
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calculations (mainly molecular dynamic simulations) have shown the decrease and 
disappearance of hydrogen bonds, as temperature and pressure increases [23]. The 
change or collapse in the bulk structure of water causes significant changes in the 
properties of water such as density, viscosity, thermal conductivity and the dielectric 
constant [4,21].   

The critical point of a pure fluid is defined as the point where (
𝜕𝜕𝜕𝜕
𝜕𝜕𝜕𝜕)𝑇𝑇

   and (
𝜕𝜕2𝑃𝑃
𝜕𝜕𝑉𝑉2)

𝑇𝑇
                            

becomes zero (inflection point on PV diagram where T is equal to Tc).  This in 

turn causes the compressibility 𝜅𝜅𝑇𝑇 =  −𝑉𝑉−1 (𝜕𝜕𝑉𝑉
𝜕𝜕𝜕𝜕)

𝑇𝑇
  to become infinitely large and

to diverge from its normal path around the critical point [1,24,25].  Consequently, 
other thermo-physical properties such as the thermal-expansion coefficient 
(volume expansivity), heat capacity and thermal conductivity will also diverge 
from their normal path around the critical point [1].  Water transitions from being 
an incompressible fluid with a high density, to a compressible fluid with a lower 
density.  

The dielectric constant also declines rapidly around the critical point, from a value of 
80 to ~ 5.  The dielectric constant is associated with the ability of a solvent to dissolve 
electrolytes and polar compounds [4,25].  Liquid water, under ambient conditions, 
has a high dielectric constant and is therefore able to fully dissociate and dissolve 
electrolytes such as NaCl [4,8].  

As the temperature increases and the dielectric constant drops (insensitive to 
pressure), water starts to behave like a non-polar solvent and is no longer able to 
fully dissociate electrolytes.  Consequently, ions will re-associate to form ion pairs 
and clusters, which are dissolved in supercritical water (SCW).   The re-association 
of ions is evident from the decrease in the electrical conductivity of the solution.  In 
Figure 3.3, the specific conduction of a dilute (0.06 wt.%) and concentrated (23 wt.%) 
NaCl solution is presented at a pressure of 250 bar.
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From Figure 3.3 it is seen that trend in specific conductivity remains the same for both 
dilute and concentrated solutions. The conductivity of the concentrated solution is 
much higher due to the higher concentration of ions in the solution. Initially, as the 
temperature increases the ionic mobility increases (decrease in viscosity and density 
of water) and the specific conductivity will increase. As the temperature continues to 
increase, the number of hydrogen bonds continue to decrease (decrease in density). 
Around the maximum point the decrease in the hydrogen bonds is such that water is 
no longer able to screen the electrostatic interactions between the ions.  Consequently, 
the ions will re-associate and the specific conductivity will decrease [21,22,26,27]. 
The decrease in electrical conductivity was also experimentally measured by others 
and observed from the calculated results of molecular dynamic simulations, with 
the studies also concluding that the decrease in the specific conductivity is due to ion 
re-association and the formation of larger ion clusters [4,21,27–31].  

The electrical conductivity of a NaCl solution (0.5 wt.%) was measured in this study 
for a temperature range of 50 – 440 ᵒC at 250 bar, to support the assumption of 
ion re-association made by some models and to investigate the conductivity of the 
concentrated hydrothermal brine. The electrical conductivity was measured using 
an in-house designed and constructed high-pressure, high-temperature conductivity 
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wt.%).  Graph drawn using the data of Bannard [26]
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cell, which is able to measure the conductivity of the concentrated hydrothermal 
brine formed under supercritical conditions. The set-up and results are described 
in Appendix A. The electrical conductivity of the concentrated hydrothermal brine 
phase was measured and reported for the first time. The results for the hydrothermal 
brine measurement showed that the specific conductivities were higher than 
expected, as it was assumed that ions would re-associate to a large extent to form 
neutral ion pairs and clusters. This was based on the moles of water present in 
the concentrated hydrothermal brine, which were insufficient to fully hydrate the 
Na+ and Cl- ions. The higher conductivity results could be due to the formation of 
charged ion clusters. Compared to the conductivity of concentrated solutions (23 
wt.%) at high temperatures (290 °C), where the ion pairs are fully dissociated, the 
conductivity of the hydrothermal brine was lower and thus it was concluded that 
ion association does occur to some extent [26].  

3.2.2.2 High-pressure, high-temperature salt-water models and correlations
For high-pressure, high-temperature electrolyte mixtures, only a few EoSs and 
empirical correlations have been developed to describe the behaviour, mainly for 
the purpose of investigating geological phenomena in the earth’s crust. In Table 3.1 
the models and correlations are summarised.
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Reference Year Temperature 
(ᵒC)

Pressure 
(bar)

NaCl concentration 
(wt.%)

Type

Pitzer  & Li [32]a 1983 100 - 550 1 - 1000 0 – 26 ( ρ > 0.75 g/cm3) Gibbs EoS

< 26 ( ρ < 0.75 g/cm3)

Bischoff & 
Rosenbauer [33]

1985 200 - 470 1 - 1000 3.2 Tammann EoS

Tanger & Pitzer [6] 1989 250 - 600 1 - 1000 0 - 100 Helmholtz EoS

Levelt Sengers & 
Gallagher [34]

1990 300 - 730 200 - 1200 0 - 27 Helmholtz EoS

Lvov & Wood [35] 1990 0 - 700 1 - 10 000 0 - 50 Empirical EoS 
based on the 
MSAc

Anderko & Pitzer [5] 1993 300 - 926 1 - 5500 0 - 100 Helmholtz EoS

Economou et al. [36] 1995 150 - 450 N/A N/A APACTd

Palliser & McKibbin 
[37–39]

1998 1 - 3127 1 - 5000 0 - 100 Empirical 
correlations

Liu et al. [7]b 2006 350 - 400 180 - 410 0 - 23 Helmholtz EoS

Driesner [40,41] 2007 0 -1000 1 - 5000 0 - 100 Empirical 
correlations

a Excluded the critical region of water

bAdapted from the Anderko & Pitzer [5] model

c MSA - Mean spherical approximation (statistical thermodynamic approach)

dAPACT - Associated-perturbated-anisotropic-chain theory 

The developed thermodynamic models are usually formulated as a Helmholtz 
free energy model (independent variable V and T) and not as a Gibbs free energy 
model (independent variables P and T), typically used for subcritical models. 
Both formulations will give the same results, however, for the Gibbs free energy 

formulation ((𝜕𝜕𝜕𝜕
𝜕𝜕𝜕𝜕)

𝑇𝑇
=  𝑉𝑉)  the calculations are more tedious for a pressure-explicit  

EoS, as the volume first needs to be determined. For the Helmholtz free energy 

formulation ((𝜕𝜕𝜕𝜕
𝜕𝜕𝜕𝜕)

𝑇𝑇
=  −𝑃𝑃)  the free energy and phase equilibria can be easily solved 

using a pressure-explicit EoS [24,42].  

The most commonly used model is the AP EoS developed by Anderko & Pitzer [5] 
in 1993. The AP EoS is frequently used for modelling supercritical water processes, 
such as supercritical water oxidation and gasification. The AP EoS is used for the 
calculation of equilibrium concentrations in the vapour-liquid (VL) region as well as 

Table 3.1: EoS and correlations developed for high-pressure, high-temperature NaCl-H2O 
systems
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the calculation of caloric properties such as enthalpy and heat capacity [43,44]. The 
model has also been adapted for various binary salt-water mixtures (e.g. KCl-H2O, 
CaCl2-H2O and MgCl2-H2O) and extended for ternary mixtures (e.g. NaCl-KCl-H2O, 
CO2-inorganic-H2O and CO2-CH4-H2O) [43–50].  

Next to the AP EoS, the empirical correlations of Driesner [40,41] are also frequently 
used [51–53] as they are formulated in terms of temperature, pressure and NaCl 
mole fraction, making them easier to implement than an EoS. The correlations are 
limited to only NaCl-H2O systems and have a weak theoretical basis as they are only 
empirical fits based on experimental data.  

Analysis of the literature, point towards the AP EoS being the best option and will 
be used for the calculation of thermodynamic properties in the high-temperature 
region. The advantage of an EoS is that by using thermodynamic property relations, 
fundamental properties such as enthalpy and internal energy can be readily 
determined. 

3.3 Anderko & Pitzer Equation of State

The AP EoS is a Helmholtz free energy EoS, originally developed to describe the 
thermodynamic properties of a NaCl-H2O mixture for 300 to 930 °C, 1 to 5000 bar 
and concentrations ranging from pure water to pure NaCl. The AP EoS assumes 
complete ion pairing, therefore, the electrolyte mixture is seen as a single-phase two-
component system, consisting of NaCl (1) and H2O (2), and adopts the ideal gas state 
as the standard state for all components. The assumption of complete ion pairing 
was made due to the dielectric constant of water significantly decreasing under 
supercritical conditions, which will lead to the re-association of ions (see Section 
3.2.2.1) [1,5]. Anderko & Pitzer [5] stated that a term to account for the dissociation of 
ion pairs could be added to the EoS, but did not include it in their EoS, as satisfactory 
results were already achieved. In this section only a brief description of the EoS will 
be given and the basic equations used for the calculations in this study. Detailed 
equations and further information on the AP EoS can be found in Anderko & Pitzer 
[5].       

The AP EoS calculates the residual Helmholtz free energy and consists of two parts, 
namely the reference and the perturbation part. The reference part is further divided 
into the repulsive and dipolar contribution. The equation for the residual molar 
Helmholtz free energy is given as follows [5]:
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(3.2)

The repulsive contribution is described using a hard-sphere model, assuming that 
the size effect of the molecule is much larger than the molecular shape effect of the 
ion pair. The hard-sphere mixture Helmholtz free energy model is given as [54,55]:

(3.3)

With D, E and F being dimensionless parameters that are dependent on the hard-
sphere diameter and the mole fraction of the components. The dipolar contribution 
(attractive forces) is calculated as the difference between the molar Helmholtz free 
energy of the dipolar hard spheres and the simple hard spheres according to the 
perturbation theory developed for dipolar hard spheres [56–58]. The following 
expression was derived, from the original expanded version of the Helmholtz free 
energy formulation for the dipolar contribution, using the Padé approximation:

(3.4)

The parameters A2 and A3 represent the second- and third-order perturbation terms 
and are functions of the reduced dipole moment and density. The last part, which is 
the perturbation part accounts for the deviations from the reference part and is given 
as an empirically fitted truncated virial-type expansion.  

(3.5)

The perturbation part contains all the interactions not accounted for by the dipolar 
and repulsive parts of the model. The perturbation part contains pure component 
and binary interaction parameters, which were fitted. a and b represented the Van 
der Waals attractive term and co-volume respectively, while the parameters c, d 
and e were required to more accurately represent the properties of pure water for 
the application of the equation for mixtures. The parameter groups acb, adb2 and 
aeb3, were determined from the pure component parameters and binary interaction 
parameters αij , γijk , δijkl and ϵijklm according to the mixing rules given in Anderko & 
Pitzer [5].  The pure component parameters of water were fitted separately from the 
NaCl and NaCl-H2O parameters, using data from steam tables and the EoS of Hill 

𝑎𝑎𝑟𝑟𝑟𝑟𝑟𝑟(𝑇𝑇, 𝑣𝑣, 𝑋𝑋) = 𝑎𝑎𝑟𝑟𝑟𝑟𝑟𝑟(𝑣𝑣, 𝑋𝑋) + 𝑎𝑎𝑑𝑑𝑑𝑑𝑟𝑟(𝑇𝑇, 𝑣𝑣, 𝑋𝑋) + 𝑎𝑎𝑟𝑟𝑟𝑟𝑟𝑟(𝑇𝑇, 𝑣𝑣, 𝑋𝑋) 

𝑎𝑎𝑟𝑟𝑟𝑟𝑟𝑟

𝑅𝑅𝑅𝑅 =
3𝐷𝐷𝐷𝐷

𝐹𝐹 ƞ − 𝐷𝐷3

𝐹𝐹2 
1 −  ƞ +

𝐷𝐷3

𝐹𝐹2

(1 − ƞ)2 + (𝐷𝐷3

𝐹𝐹2 − 1) 𝑙𝑙𝑙𝑙(1 − ƞ) 

𝑎𝑎𝑑𝑑𝑑𝑑𝑑𝑑
𝑅𝑅𝑅𝑅 = 𝐴𝐴2

1 − 𝐴𝐴3
𝐴𝐴2

 

𝑎𝑎𝑝𝑝𝑝𝑝𝑝𝑝

𝑅𝑅𝑅𝑅 =  − 1
𝑅𝑅𝑅𝑅 (𝑎𝑎

𝑣𝑣 + 𝑎𝑎𝑎𝑎𝑎𝑎
4𝑣𝑣2 + 𝑎𝑎𝑎𝑎𝑎𝑎2

16𝑣𝑣3 + 𝑎𝑎𝑎𝑎𝑎𝑎3

64𝑣𝑣4) 
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[59]. The pure component parameters of NaCl and the binary NaCl-H2O interaction 
parameters were fitted simultaneously as the activity coefficients of NaCl in the 
solid-saturated solution is dependent on the fugacity coefficients of NaCl in the 
solution and that of pure subcooled NaCl.  In Table 3.2 a summary is given of the 
different data sets used to fit the parameters. 

Parameters Data sets Conditions Ref.

aH2O , bH2O  , cH2O , dH2O  , eH2O P-V-T data T : 100 – 927 ᵒC

P: 1 – 5500 bar

[59]

Vapour pressures T : 100 – 374 ᵒC

aNaCl , bNaCl  , cNaCl , dNaCl  , eNaCl

αij , γijk , δijkl , ϵijklm

VLE compositions and densities T : 300 – 500 ᵒC [60,61]
Liquid densities T : 350 – 550 ᵒC [62]
VLE compositions T: 550 – 900 ᵒC [63]
Liquid densities T: 300 – 900 ᵒC [64]
Pure NaCl Activity coefficients T: 450 – 800 ᵒC [65]

Pure NaCl liquid densities T: > 800 ᵒC [66]

In 2001 Kosinski & Anderko [67] re-fitted the parameters (using the data reported 
in Table 3.2), which resulted in more accurate calculations for the VLE and other 
properties. For this study the interaction parameters reported by Kosinski & 
Anderko [67] were used. These parameters have also been used for calculating 
the thermodynamic properties of supercritical water oxidation [43,44] and for the 
empirical correlations of Driesner [40,41].  

The system pressure, molar volume and other thermodynamic properties are 
calculated from the compressibility factor and residual chemical potential.  The 
compressibility factor and residual chemical potential in turn are calculated from 
the Helmholtz free energy, using the following relations:

k = rep, dip, per (3.6)

k = rep, dip, per (3.7)

Table 3.2: Summary of data sets used to fit parameters for AP EoS [5]

𝑍𝑍𝑘𝑘 =  −𝑣𝑣 [
𝜕𝜕 (𝑎𝑎𝑘𝑘

𝑅𝑅𝑅𝑅)
𝜕𝜕𝑣𝑣 ]

𝑇𝑇

 

(𝜇𝜇𝑖𝑖 −  𝜇𝜇𝑖𝑖
𝑖𝑖𝑖𝑖)𝑘𝑘

𝑅𝑅𝑅𝑅 = (
𝜕𝜕 (𝑛𝑛𝑎𝑎𝑘𝑘

𝑅𝑅𝑅𝑅 )
𝜕𝜕𝑛𝑛𝑖𝑖

)  𝑇𝑇,𝑣𝑣,𝑛𝑛𝑗𝑗≠𝑖𝑖  
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The expressions for the compressibility factor and residual chemical potential 
equations for each contribution of the EoS can be found in Appendix B.  The total 
compressibility factor and total residual chemical potential is calculated as the sum 
of the three contributions:

(3.8)

(3.9)

With:

   
k = rep, dip, per (3.10)

From Eq. 3.8 and 3.9, the system pressure, molar volume and equilibrium 
concentrations can be calculated from which thermodynamic properties such as the 
specific enthalpy can be estimated.  These calculations are discussed in Section 3.4.2 
and 3.4.3.

3.3.1 Further development of the AP EoS
Since the development of the AP EoS for NaCl-H2O mixtures in 1993, further 
adaptions have been made and the predictive range and conditions have been 
extended. One way in which the predictive range was enhanced, was by the 
development of a procedure to adapt the AP EoS for other salt-water systems. Fitting 
the interaction parameters of the AP EoS for different salt-water systems can be 
difficult due to the lack of sufficient experimental data. To overcome the lack of data, 
Kosinski & Anderko [67] proposed that the original NaCl-H2O EoS be transformed 
in order to model other systems, by adjusting three pure component parameters. 
The interaction parameters are thus not adjusted.  The NaCl-H2O EoS is used as the 
“master-EoS” and the three pure component parameters are transformed for other 
salt(MeX)-water system in the following manner [67]:

(3.11)
 

(3.12)
 

(3.13)

The three parameters kMeX , lMeX  and mMeX are temperature-independent proportionality 
constants that can be determined by fitting available experimental data, such as 

𝑍𝑍 = 𝑃𝑃𝑃𝑃
𝑅𝑅𝑅𝑅 =  𝑍𝑍𝑟𝑟𝑟𝑟𝑟𝑟 + 𝑍𝑍𝑑𝑑𝑑𝑑𝑟𝑟 + 𝑍𝑍𝑟𝑟𝑟𝑟𝑟𝑟  

∆𝜇𝜇𝑖𝑖 =  ∆𝜇𝜇𝑖𝑖
𝑟𝑟𝑟𝑟𝑟𝑟 + ∆𝜇𝜇𝑖𝑖

𝑑𝑑𝑖𝑖𝑟𝑟 +  ∆𝜇𝜇𝑖𝑖
𝑟𝑟𝑟𝑟𝑟𝑟  

 

∆𝜇𝜇𝑖𝑖
𝑘𝑘 = (𝜇𝜇𝑖𝑖 −  𝜇𝜇𝑖𝑖

𝑖𝑖𝑖𝑖)𝑣𝑣,𝑇𝑇
𝑘𝑘

 

𝑎𝑎𝑀𝑀𝑀𝑀𝑀𝑀 = 𝑘𝑘𝑀𝑀𝑀𝑀𝑀𝑀,𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑎𝑎𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁 

𝑏𝑏𝑀𝑀𝑀𝑀𝑀𝑀 = 𝑙𝑙𝑀𝑀𝑀𝑀𝑀𝑀,𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑏𝑏𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁   

𝜇𝜇𝑀𝑀𝑀𝑀𝑀𝑀 = 𝑚𝑚𝑀𝑀𝑀𝑀𝑀𝑀,𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝜇𝜇𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁   
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equilibrium compositions and densities. This method has been utilised to adapt the 
AP EoS for various salt-water mixtures such as KCl-H2O, Na2SO4-H2O and Na3PO4-
H2O, to calculate either vapour-liquid equilibria (VLE) or fluid-solid equilibria (VSE) 
[48,67].  In Chapter 6, this method will be applied for calculations for KCl-H2O and 
Na2SO4-H2O mixtures.   

Another adaption of the AP EoS was proposed by Oscarson et al. [7,68,69], in 
which partial ion-pair dissociation was incorporated. The addition of the term 
was mainly aimed at improving the calculation of properties such as the apparent 
molar volume and enthalpy of dilution, for dilute solutions and lower temperatures                                        
(350 – 400 ᵒC). For this study the ion pair dissociation term is not added, as the 
properties (VLE, density and specific enthalpy) of both the low concentration SCW 
phase and the high concentration hydrothermal brine phase can be accurately 
predicted using the original AP EoS. This is concluded from the comparison between 
the calculated results and literature data given in Appendix B.  

3.4 Property calculations and validation based on literature data

For this study the main thermodynamic properties that are of importance for the 
process calculations and optimisation, are the equilibrium concentrations of the 
different phase regions and the specific enthalpy of the streams. 

3.4.1 Predicting the phase region 
In order to calculate the concentrations of the supercritical streams, the phase region 
for the given conditions is determined. The isobaric phase diagram of a NaCl-H2O 
mixture at 250 bar and a temperature range of 360 – 500 ᵒC (operation range of 
interest for this study) is given in Figure 3.4.
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From the phase diagram five phase regions are identified for the given temperature 
range.  Along with the five phase regions two temperatures, namely TSC-VLE and TVLS  
are also identified. TSC-VLE  is defined as the lowest temperature of the VL (4) envelope 
for which VLE is calculated. At this temperature the NaCl concentration of the SCW 
phase and the hydrothermal brine phase is equal (𝑥𝑥𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉 = 𝑥𝑥𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉) . For a pressure of 250 
bar, TSC-VLE  is 393 ᵒC.  This temperature is higher than the pseudocritical temperature 
of water at 250 bar (384 o C), due to the presence of salts in the feed.  The pseudocritical 
temperature (Tpc) is defined as a temperature above the critical temperature (Tpc > Tc) 
which corresponds to the maximum in the specific heat capacity of the fluid, for 
a given pressure above the critical pressure (P > Pc) of the pure solvent [70].  The 
second temperature, namely TVLS is defined as the triple line temperature (vapour-
liquid-solid – VLS).  At this temperature the SCW phase, the hydrothermal brine 
phase and pure solid NaCl (or another salt) are in equilibrium with one another.  

The first phase region in Figure 3.4 is the subcritical liquid region (L – 1).  If the 
concentration of NaCl is above the solubility limit, salt will precipitate from the 
solution. The mixture will thus be in the second region which is the liquid-solid 
region (LS -2). As the temperature increases in this region the salt concentration of 
the liquid (hydrothermal brine if T > TSC-VLE) will increase until TVLS is reached. The 
third region is the low-density supercritical fluid region (V – 3) on the left-hand side 
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Figure 3.4: Isobaric NaCl-H2O phase diagram at 250 bar (drawn using data from ● Bischoff 
[61] and ─ AP EoS)  
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of Figure 3.4. For low concentrations of NaCl and temperatures higher than
 
TSC-VLE, 

the subcritical liquid solution (L – 1) will transition from an incompressible liquid 
with a high density to a compressible supercritical fluid with a low density. The 
fourth region (VL – 4) is the two phase region where separation occurs between a 
low-density SCW phase (denoted a V) and a high-density hydrothermal brine phase 
(denoted a L).  For SCWD, this is the desired operating region for the recovery of 
freshwater.  The fifth region is the vapour-solid  (VS – 5) region where solid NaCl is 
in equilibrium with a low-density supercritical fluid.  For temperatures higher than 
TVLS and depending on the feed concentration of the starting solution, either the two 
phase vapour-liquid region (VL – 4) or the two phase liquid-solid region (LS -2) will 
transition to the VS – 5 region.

Each region is identified based on the temperature, pressure and feed concentration 
by solving the VLE or VSE for the given conditions and comparing the equilibrium 
concentrations with the feed concentration. The calculation procedure used to 
determine the phase region is given in Figure 3.5 and a brief description is provided.

Firstly, TVLS is calculated, for a given pressure, by equating the fugacity of the pure 
solid phase (salt) to that of the hydrothermal brine (liquid phase) and SCW (vapour 
phase):

Input: 
T, P, xFeed

Calculate:
TVLS (P)

Calculate: 
VSE (T,P)

Calculate: 
VLE (T,P)

Region 5: VS Region 3: V 
(Fluid)

Calculate:
LSE (T,P)

Region 1: LRegion 2: LSRegion 4: VL

T > TVLS T < TVLS

No solutionxVVLE> xFeed

x
V

V
LE < x

Feed < x
L V

LE

xLVLE < xFeed

xVVSE < xFeed xVVSE > xFeed

x
L LSE > x

Feed

x
L LSE < x

Feed

 Figure 3.5: Algorithm for determining the phase region for a high-pressure, high-
temperature or supercritical NaCl-H2O mixtures
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(3.14)

If Tinput > TVLS, precipitation can occur depending on the feed concentration. The VSE 
equilibrium concentration is calculated (see Section 3.4.2), for the given temperature 
and pressure, and compared with the feed concentration.  For very low concentrations    
(𝑥𝑥𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 < 𝑥𝑥𝑉𝑉𝑉𝑉𝑉𝑉𝑉𝑉)  the mixture remains a one phase supercritical fluid. 

If Tinput < TVLS, the algorithm attempts to solve the VLE for the given temperature and 
pressure.  If no solution is found, the conditions are below TSC-VLE. The algorithm will 
then continue to calculate the liquid-solid equilibrium (LSE) to distinguish between 
region 1 and 2.  However, if a solution is found for the VLE, the algorithm compares 
the calculated equilibrium concentrations with the feed concentration. Depending 
on the feed concentration, the mixture will either transition to the supercritical fluid 
phase (low NaCl feed concentration), remain in the liquid phase (high NaCl feed 
concentration) or phase separation will occur (VLE).

The above algorithm is applicable for both type I and II salt-water mixtures. The 
algorithm is adjusted by adapting the AP EoS for the different salt-water mixtures 
(see Section 3.3.1).  For type II mixtures, only two regions are present, namely the one 
phase fluid region and the fluid-solid region.  The algorithm will start by calculating 
TVLS.  If Tinput > TVLS the conditions will be for the fluid-solid region (VS – 5), else the 
conditions will be for the one phase fluid region (L – 1).  

3.4.2 Phase equilibria calculations
The concentrations for the VLE are calculated by equating the fugacity coefficients 
of component i for each phase and iteratively solving the equations to calculate the 
vapour (SCW) and liquid (hydrothermal brine) phase as shown in Eq. 3.15: 

(3.15)

The fugacity coefficients are calculated as follow using the AP EoS:

(3.16)

All calculations were performed in MATLAB R2017a and the function fzero was used 
to solve the nonlinear AP EoS for given conditions (T and P). For this study the 
condition range of interest was 300 to 500 ᵒC, 1 to 300 bar and compositions of 0 
to 50 wt.% NaCl. VLE calculations were specifically performed for temperatures 

𝑓𝑓𝑆𝑆 =  𝑓𝑓𝑖𝑖
𝐿𝐿 = 𝑓𝑓𝑖𝑖

𝑉𝑉 

𝜑𝜑𝑖𝑖
𝑆𝑆𝑆𝑆𝑆𝑆 =  𝜑𝜑𝑖𝑖

𝐵𝐵𝐵𝐵𝑖𝑖𝐵𝐵𝐵𝐵            

𝑙𝑙𝑙𝑙 𝜑𝜑𝑖𝑖 = 𝜇𝜇𝑖𝑖(𝑇𝑇, 𝑣𝑣) − 𝜇𝜇𝑖𝑖
𝑖𝑖𝑖𝑖(𝑇𝑇, 𝑣𝑣)

𝑅𝑅𝑇𝑇 − 𝑙𝑙𝑙𝑙 𝑍𝑍 
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of 420 – 440 ᵒC and pressures of 250 – 300 bar, as these were the chosen conditions 
for separation between the SCW and hydrothermal brine phase inside the gravity 
separator.   In Figure 3.6, the calculated VLE compositions are compared with data 
sets from literature for the chosen conditions.
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For the sake of clarity only the vapour composition results for 420 and 450 °C are 
shown. From the results it is seen that there is a good agreement between the literature 
data and the predicted composition for both the liquid and vapour phases. The AP 
EoS is able to accurately predict the large variations in the vapour phase composition 
for the given temperature and pressure range. In Appendix B a comparison with the 
density data is given as well as a full summary of all the evaluated data sets.  The 
average deviation was < 8 % but for some data sets the deviation was larger due to 
the low concentrations of the SCW phase.

For the VSE, the concentrations of the SCW in equilibrium with the pure solid phase 
are calculated.  The equilibrium is solved by equating the fugacities of the SCW and 
pure solid phase for each component i and iteratively solving to calculate the SCW 
concentration:  

(3.17)

The solid phase fugacity was determined by calculating the ratio between the 
subcooled liquid and the solid state fugacities, assuming that the solid state consists 
only of salt, as was proposed by Prausnitz et al. [9]:

Figure 3.6: Vapour-liquid equilibrium composition comparison for 420 – 450 ºC a) Vapour  
b) Liquid (○ Bischoff [61]; □ Parisod & Plattner [71]; ∆ Ölander & Liander [72]; ◊ Khaibullin 

& Borisov [73]; ─ AP calculated)

a) b)

𝑓𝑓𝑖𝑖
𝑓𝑓𝑓𝑓𝑓𝑓𝑖𝑖𝑓𝑓 = 𝑓𝑓𝑠𝑠𝑠𝑠𝑓𝑓𝑖𝑖𝑓𝑓  
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(3.18)

The fugacity of the subcooled liquid is calculated from the AP EoS:

(3.19)

The volume change of melting (∆𝑉𝑉𝑖𝑖
𝑓𝑓)  was calculated from the Clausius-Clapeyron 

equation for solid-liquid equilibrium [74]:

(3.20)

In Chapter 6, the constants for the salts are given as well as further details on the 
conditions and validation with data published in literature. 

3.4.3 Enthalpy 
The specific enthalpy of a supercritical stream is calculated as the sum of the pure 
component enthalpies and the non-ideal mixing (excess) enthalpy:

                                                   
i = NaCl, H2O (3.21)

For water the pure component enthalpy is obtained from the International Association 
for Properties of Water and Steam Industrial Formulation 1997 (IAPWS IF-97) steam 
tables (Matlab XSteam) [75]. The enthalpy of NaCl is determined by integrating 
the isobaric heat capacity correlation fitted by Driesner [41]. This correlation was 
obtained from fitted isobaric heat capacity data [76] and calculated enthalpies from a 
standard thermodynamic expression (heat capacities were then calculated from the 
temperature derivative). The non-ideal mixing (excess) enthalpy is determined from 
the AP EoS using Eq. 3.22, which was derived from the Gibbs free energy equation 
[3,41]:

(3.22)

All partial derivatives of Eq. 3.22 were determined numerically, using the central 

ln ( 𝑓𝑓𝑠𝑠𝑠𝑠𝑠𝑠
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− 1
𝑅𝑅 ∫
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difference method. Afterwards, the excess molar enthalpy was calculated by 
numerically integrating (trapezoidal rule) Eq. 3.22 from pure water (XNaCl = 0) to the 
molar salt concentration of the solution (XNaCl). An analysis was done to determine 
the integration and differentiation grid sizes. The interval size for the integration as 

well as the partial differentiation of the isothermal compressibility and (
𝜕𝜕𝜕𝜕

𝜕𝜕𝑋𝑋𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁
)
𝑃𝑃𝑃𝑃

       
was set to 0.001 and the interval for the partial derivative of temperature was set to 
one Kelvin.

The validation of the specific enthalpy calculations is more challenging due to 
literature data being mostly available in the form of calculated data by previously 
developed EoSs, such as those by Tanger & Pitzer [6] and Bischoff & Rosenbauer [33]  
or in the form of empirical correlations such as those by Driesner [41] and Palliser & 
McKibbin [39]. A comparison of the calculated specific enthalpies for the different 
models is given in Figure 3.7 for the vapour (SCW) and liquid (brine) phase at a 
temperature of 425 ᵒC.
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From the results it is seen that the different correlations and EoSs are comparable 
with one another. However, this is not a validation of the calculations as the 
enthalpy was not compared with experimental data.  For the vapour phase at low 
NaCl concentrations (xNaCl < 0.5 wt.%), the enthalpies are similar but start to vary 
as the NaCl concentration increases.  The results of the AP EoS and the Driesner 
correlations [41] remain similar.  For the liquid phase, the enthalpy values of both the 
correlations and EoS remain similar for the entire concentration range.  Only the AP 
EoS is slightly higher, however, the deviation remains constant and does not increase 

Figure 3.7: Comparison of vapour and liquid phase specific enthalpy at 425 °C for different 
correlations and EoS a) Vapour; b) Liquid (─ ─ Driesner [41]; ···· Palliser & McKibbin [39]; 

─ - - ─ Tanger & Pitzer [6]; ──  AP calculated)

a) b)
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with NaCl concentration. The general trend of all four models and correlations 
is similar. For process calculation the difference in enthalpy is of importance, as 
the enthalpy of a stream is calculated as the change in specific enthalpy between 
two points at different conditions (T and P).  In Appendix B the comparison of the 
specific enthalpy with other EoS and correlations for a fixed pressure is also given, 
with the observed results and trends being similar.      

To ensure unity with regards to the specific enthalpy calculations, the enthalpy of 
the subcritical region is calculated as the sum of the pure component enthalpies 
at the system temperature and pressure and the excess enthalpy (the same as for 
the supercritical section). The excess enthalpy was calculated from the activity 
coefficients determined from the eNRTL equation, assuming complete dissociation 
of the ion pairs. The dissociation enthalpy of NaCl was added to account for the 
ideal mixing term being the associated NaCl and not the ions. The specific enthalpy 
for the subcritical streams is calculated as follow:

i = NaCl, H2O (3.23)

With:

k = Na+, Cl-, H2O (3.24)

For the dissociation enthalpy:

(3.25)

The dissociation enthalpy is -3.8 kJ/mol and dissociation heat capacity is                            
-0.13 kJ/mol/K at 25 °C (Tref) [8].  The contribution of dissociation was minimal, being 
below 6 % of the specific enthalpy for a feed of 20 wt.% (effect of dissociation would 
be highest for higher feed concentrations) in the temperature range 25 – 300 °C.  
Originally, the eNRTL model was fitted for 25 - 200 °C, however, since Yan & Chen 
[16] also fitted caloric data such as dissolution enthalpy, liquid enthalpy and heat 
capacity. The temperature dependence of the model was adequately accounted for 
and reliable results could still be obtained outside the temperature range of the fitted 
data [8]. For this study, the eNRTL model was used to calculate the enthalpies up 
to a temperature of 300 °C. In Figure 3.8 the specific enthalpies for 0.068 - 20 wt.% 
NaCl solutions were compared with the results of the Driesner correlations [41] for 
a temperature range of 20 to 300 °C and a constant pressure of 270 bar.

ℎ𝑠𝑠𝑠𝑠𝑠𝑠 = ∑ 𝑋𝑋𝑖𝑖ℎ𝑖𝑖
𝑖𝑖

 + 𝑋𝑋𝑁𝑁𝑁𝑁𝑁𝑁𝑁𝑁∆𝐻𝐻𝑑𝑑𝑖𝑖𝑠𝑠𝑠𝑠    +  ℎ𝑠𝑠𝑠𝑠𝑠𝑠
𝑒𝑒𝑒𝑒  

ℎ𝑠𝑠𝑠𝑠𝑠𝑠
𝑒𝑒𝑒𝑒 =  −𝑅𝑅𝑇𝑇2 ∑ 𝑋𝑋𝑘𝑘

𝜕𝜕 ln 𝛾𝛾𝑘𝑘
𝜕𝜕𝑇𝑇

𝑘𝑘
 

∆𝐻𝐻𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑(𝑇𝑇) =  ∆𝐻𝐻𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑(𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟) +  ∆𝐶𝐶𝑝𝑝,𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑(𝑇𝑇 − 𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟) 
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Figure 3.8 shows that the calculated enthalpies are in agreement with the results 
from the correlations of Driesner [41] for the given temperature and concentration 
range (same as for the AP EoS at higher temperatures and pressures).  For higher 
concentrations and temperatures, a slight deviation between the model and 
correlation is observed, however, the maximum deviation is only 5 %.  

3.5 Summary

The thermodynamic modelling of salt-water mixtures for the purpose of SCWD 
process calculations was discussed. The models used for the low-temperature 
and high-temperature regions were presented, with the focus being on the high-
temperature region. The AP EoS was selected to calculate the VLE composition, 
density and specific enthalpy of the streams for the high-temperature region.  An ion 
pair dissociation term was not added to AP EoS, as the model was able to accurately 
calculate the properties of both the SCW and hydrothermal brine phase, as evident 
from the comparison with literature data.
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Figure 3.8: Comparison of subcritical specific enthalpy at 270 bar (Circle markers 
- Driesner [41];  Solid line - eNRTL calculated;  ■ 0.068 wt.%, ■ 3.5 wt.%, ■ 7 wt.%,                

■ 16 wt.%, ■ 20 wt.%)



78 | Chapter 3

Appendix A

A.1 Conductivity cell

A high-pressure, high-temperature conductivity cell was constructed to measure 
the electrical conductivity of a high-pressure, high-temperature (subcritical) NaCl 
solution and a concentrated hydrothermal brine phase (formed under supercritical 
conditions). A schematic of the experimental set-up is given in Figure A.1.

A saline solution was pumped to the system using a HPLC pump (LabAlliance 
series 1500, LabAlliance USA) and the pressure was controlled with a back-pressure 
regulator (BPR) (TESCOM 26-1762-24-S, Tescom Europe GmbH & Co. KG, Germany, 
Cv = 0.1, accuracy ± 1 % of the central pressure range). The pressurised feed was pre-
heated and fed to the high-pressure, high-temperature, conductivity cell placed inside 
an oven. The outlet stream was cooled and the conductivity of the depressurised 
outlet stream was measured using an in-house constructed conductivity cell. The 
temperature was continuously measured using K-type thermocouples, located at 
the top and bottom of the cell. The in- and outlet pressures were measured using 
sputtered thin film type pressure transducers (accuracy was 0.25 % full scale). The 
maximum standard deviation in the temperature readings was ± 2 ᵒC and for the 
pressure readings the maximum deviation was ± 1 bar. A schematic of the high-
pressure, high-temperature cell itself is given in Figure A.2.
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Figure A.1: Experimental set-up to measure the conductivity of a sub - and supercritical 
electrolyte mixture
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The cell body was constructed from grade 2 titanium, with an inner diameter of        
10 mm and a length of 85 mm (total volume 6.68 cm3). From Figure A.2 it is seen that 
the cell has four electrodes. One electrode pair to measure the conductivity of the 
hydrothermal brine phase (electrode 2 and 4) and one electrode pair to measure the 
conductivity of the supercritical (SCW) phase (electrode 1 and 3). This is different 
from other high-pressure, high-temperature conductivity cells reported in literature, 
where the body of the cell was used as the other electrode [28,29,77,78]. For this 
set-up the cell body was not used as electrode, as the concentration of the solutions 
were high (concentrated hydrothermal brine) and the surface area of the electrodes 
had to be minimised to avoid electroplating. The electrodes were constructed from 
platinum wire (0.3 mm) and insulated using the quartz glass. Fins were added at 
the end of the electrode for further cooling. The electrode was pressure sealed using 
custom made Teflon ferrules, as shown in Figure A.2.  

The electrical conductivity was measured by applying an alternating current (AC), 
at a frequency of 5000 Hz (Velleman Instruments: PC Oscilloscope & Function 
Generator; 120 Hz to 12 MHz). The applied voltage was 23 V for subcritical 
conditions and 12.4 V for the hydrothermal brine (supercritical conditions). The 
applied resistance varied for the different temperatures and was chosen so that the 
measured voltage was ~ 50 % of the applied voltage. The resistances used for the 
different temperatures are summarised in Table A.1.

TI -1

TI -2

Electrode 1 

Electrode 3

Electrode 2 Electrode 4 

Platinum wire

Quartz glass

Titanium tube

Teflon ferrules

Brass tube

Figure A.2: Schematic of high-pressure, high-temperature conductivity cell and electrode
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Temperature range (ᵒC) Total applied resistance (Ω)

50 - 100 27.3
200 – 370 12.2/18.2
410 – 440 3.00 - 5.45a

a Resistance for probe 2+4

Apart from the applied resistance and the fluid resistance, the impedance of the 
oscilloscope used to measure the voltage (Rigol MSO1000Z/DS1000Z Series digital 
oscilloscope) which was 1 MΩ, was also considered. The resistance inherent to the 
set-up was not considered as it was negligible due to the cell being constructed from 
high conducting materials.

Prior to the measurements, the cell constant was determined by measuring the 
specific conductivity of a 0.1 M KCl solution (Conductance standard A - ISO 7888;                    
κ0.1M,KCl = 12.90 mS/cm at 25 ᵒC; from Sigma Aldrich) at 25 ᵒC and 1 bar. The cell 
constant was calculated as follow (a resistor of 55.6 Ω was used):

(A.1)

Where kcell is the cell constant, R is the resistance of the solution and κ is the specific 
conductivity. The cell constant was periodically measured as the geometry of the cell 
changed due to the extreme operating conditions.  

A.2 Experimental conditions and conductivity calculations
Conductivity measurements were done for a 0.5 wt.% NaCl (> 99.0%; esco API NaCl 
sodium chloride GMP grade) solution, which was prepared using demineralised 
water with a resistivity of 15 MΩ·cm. Prior to the conductivity experiments, the cell 
was rinsed with demineralised water, with the starting conductivity being < 0.0001 
S/cm. Measurements were done under both sub- and supercritical temperatures at 
a constant pressure of 250 bar. The temperature range for the subcritical conditions 
was 50 – 370 o C, under which the mixture was still a high-pressure, high-temperature 
liquid. For the supercritical region the temperature range was 410 – 440 ᵒC, and the 
phase separation between the SCW and hydrothermal brine occurred. The specific 
conductivity of the solution and hydrothermal brine was calculated as follows:

Table A.1: Applied resistances for different temperatures

𝑘𝑘𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 = 𝑅𝑅0.1𝑀𝑀,𝐾𝐾𝐾𝐾𝑐𝑐 · 𝜅𝜅0.1𝑀𝑀,𝐾𝐾𝐾𝐾𝑐𝑐  
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(A.2)

In order to account for the effect of the self-ionization of water on the conductivity 
of the solution, the specific conductivity of water was subtracted from the specific 
conductivity of the solution: 

(A.3)

The conductivity of water was very low and only accounted for 0.01 % of the total 
solution conductivity under subcritical conditions (for the hydrothermal brine 
conductivity the contribution was < 0.01 %). The specific conductivity of water was 
calculated (accuracy of ± 15 %) using the equation derived by Marshall [79] and the 
equation for the ion product of water of Marshall & Franck [80]. From the specific 
conductivity, the equivalent conductivity (Λsol) of the solution was calculated as 
follow:

(A.4)

The equivalent concentration (N) was calculated as:

(A.5)

Where cM is the molarity and zM is charge of the cation Mz+.

A.3 Results 
The specific conductivity for the 0.5 wt.% NaCl solution and the calculated pure 
water conductivities, under subcritical conditions, are presented in Figure A.3.

𝜅𝜅𝑠𝑠𝑠𝑠𝑠𝑠 =
𝑘𝑘𝑐𝑐𝑐𝑐𝑠𝑠𝑠𝑠
𝑅𝑅𝑠𝑠𝑠𝑠𝑠𝑠

 

𝜅𝜅𝑠𝑠𝑠𝑠𝑠𝑠
𝑐𝑐𝑠𝑠𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 =  𝜅𝜅𝑠𝑠𝑠𝑠𝑠𝑠 −  𝜅𝜅𝐻𝐻2𝑂𝑂 

𝛬𝛬𝑠𝑠𝑠𝑠𝑠𝑠 =  𝜅𝜅𝑠𝑠𝑠𝑠𝑠𝑠
𝑐𝑐𝑠𝑠𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐

𝑁𝑁  

𝑁𝑁 =  ∑ 𝑐𝑐𝑀𝑀
𝑐𝑐 𝑧𝑧𝑀𝑀

𝑐𝑐  
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The results show that the specific conductivity of the 0.5 wt.% NaCl solution (of this 
study) and the 0.1 M NaCl solution (0.58 wt.% NaCl) of Bannard [26] increases up to 
a temperature of ~ 300 ᵒC. Above  300 ᵒC the specific conductivity drops indicating 
that the ions re-associate. For the calculated conductivity of pure water, the maximum 
was reached at ~ 250 ᵒC. As the temperature of water increases, the structure of 
water changes, i.e. number of hydrogen bonds decreases, which is evident from 
the decrease in density. The viscosity of water will also decreases, which leads to 
an increase in ionic mobility and thereby the increase in the specific conductivity, 
until the maximum point. Around the maximum point the decrease in the number 
of hydrogen bonds is high enough that the bulk structure of water ‘collapses’, 
causing the ions to re-associate, as water is no longer able to fully dissociate NaCl 
[21,22,26,27]. This in turn leads to the decrease in the specific conductivity of the 
solution.  

The specific conductivity of the hydrothermal brine phase is shown in Figure A.4.

Figure A.3: Specific conductivity of 0.5 wt.% NaCl solution and pure water at 250 bar under 
subcritical temperatures (─ ─ ─ Calculated specific conductivity of water; ■ 0.1 M NaCl 
specific conductivity measured by Bannard [26]; ■ Experimental data for probe 1+3; ■ 
Experimental data for Probe 2+4). Experimental error calculated using the error propagation 

method. 
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From the results it is seen that the specific conductivity of the hydrothermal brine 
increases with temperature (and brine concentration) and appears to have a linear 
trend. For a brine concentration of 37 and 44 wt.%, the measured conductivities were 
higher, which could be due to a change in the cell dimensions during the operation 
under supercritical conditions as the cell constant measured afterwards was slightly 
different from the one measured before the experiments. When taking into account 
the experimental error the data points still fall in line with the general trend. 

In comparison with the specific conductivity of the 0.5 wt.% NaCl solution, under 
subcritical conditions, the specific conductivity is higher. Under supercritical 
conditions, the NaCl concentration is too high for the ion pairs to be fully dissociated 
by water, as Na+ and Cl- require six H2O molecules to be fully hydrated. The ions 
re-associate to form ion pairs and clusters, which in turn leads to a decrease in 
the specific conductivity. For the hydrothermal brine it was expected that most 
of the ions would be associated and neutral clusters would form, leading to low 
conductivity values. The reason for the higher conductivity readings could be due 
to the formation of charged ion clusters. In a theoretical study (molecular dynamic 
simulations) by Driesner et al. [81], a 1 M NaCl solution was simulated and solute 
speciation was studied. From the results it was observed that neutral clusters up 

Figure A.4: Specific conductivity of hydrothermal brine for a temperature of                                                  
405 – 440 °C at 250 bar (the solid line helps to guide the eye).  Hydrothermal brine 
concentrations (wt.% NaCl) indictaed in figure. Experimental error calculated using the 

error propagation method.
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to Na4Cl4
o were formed, but also charged clusters such as Na2Cl+, NaCl2

-, Na4Cl3
+ 

and Na3Cl4
- , which could explain the higher specific conductivity measurements. In 

another theoretical study by Shen et al. [21], the formation of Na2Cl+ clusters were 
also suggested, based on the results of molecular dynamic and quantum molecular 
simulations. 

Bannard [26] measured the conductivity of a 3 M and 5 M (15 and 23 wt.%) NaCl 
solution under subcritical conditions. The maximum measured specific conductivity 
for the  3 M solution was 0.89 S/cm at 275 ᵒC and for the 5 M solution was 1.15 S/cm 
at 290 ᵒC. Both measurements were done at 250 bar. From Figure A.4, the maximum 
measured conductivity was 0.3 S/cm for a brine concentration of 44 wt.% NaCl (at 
431 °C). If the ion pairs were fully dissociated the conductivity would be higher in 
comparison to the results of Bannard [26], due to the higher ion concentration and 
increased ion mobility. By comparing the results it can be concluded that ion re-
association and cluster formation does occur to some degree. Lastly, the equivalent 
conductivity of the hydrothermal brine is presented in Figure A.5.

The equivalent conductivity decreases with temperature. As the temperature 
continues to increase, the density of water continues to decrease, which further 
promotes re-association of ions and cluster formation resulting in a decrease in 
conductivity. 
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Appendix B

B.1 Additional equations of the AP EoS 

The compressibility factor for each part is as follow:

(B.1)

(B.2)

(B.3)

The residual chemical potential for each part is as follow:

(B.4)

(B.5)

(B.6)

𝑍𝑍𝑟𝑟𝑟𝑟𝑟𝑟 =
1 + (3𝐷𝐷𝐷𝐷𝐹𝐹 − 2) ƞ + (3𝐷𝐷

3

𝐹𝐹2 − 3𝐷𝐷𝐷𝐷
𝐹𝐹 + 1) ƞ2 − 𝐷𝐷3

𝐹𝐹2 ƞ3

(1 − ƞ)3  

 

𝑍𝑍𝑑𝑑𝑑𝑑𝑑𝑑 =  ƞ
(1 − 2𝐴𝐴3

𝐴𝐴2
) 𝜕𝜕𝐴𝐴2

𝜕𝜕ƞ + 𝜕𝜕𝐴𝐴3
𝜕𝜕ƞ  

(1 − 𝐴𝐴3
𝐴𝐴2

)
2  

𝑍𝑍𝑝𝑝𝑝𝑝𝑝𝑝 =  − 1
𝑅𝑅𝑅𝑅 (𝑎𝑎

𝑣𝑣 + 𝑎𝑎𝑎𝑎𝑎𝑎
2𝑣𝑣2 + 3𝑎𝑎𝑎𝑎𝑎𝑎2

16𝑣𝑣3 + 𝑎𝑎𝑎𝑎𝑎𝑎3

16𝑣𝑣4) 

∆𝜇𝜇𝑖𝑖
𝑟𝑟𝑟𝑟𝑟𝑟

𝑅𝑅𝑅𝑅 = (
𝜕𝜕 (𝑛𝑛𝑎𝑎𝑟𝑟𝑟𝑟𝑟𝑟

𝑅𝑅𝑅𝑅 )
𝜕𝜕𝑛𝑛𝑖𝑖

)

𝑇𝑇,𝑣𝑣,𝑛𝑛𝑗𝑗≠𝑖𝑖 

+ 𝑍𝑍 − 1 

∆𝜇𝜇𝑖𝑖
𝑑𝑑𝑖𝑖𝑑𝑑

𝑅𝑅𝑅𝑅 =
(1 − 2𝐴𝐴3

𝐴𝐴2 )
𝜕𝜕(𝑛𝑛𝐴𝐴2)
𝜕𝜕𝑛𝑛𝑖𝑖 + 𝜕𝜕(𝑛𝑛𝐴𝐴3)

𝜕𝜕𝑛𝑛𝑖𝑖
(1 − 𝐴𝐴3

𝐴𝐴2)
2  

∆𝜇𝜇𝑖𝑖
𝑝𝑝𝑝𝑝𝑝𝑝

𝑅𝑅𝑅𝑅 = − 1
𝑅𝑅𝑅𝑅 [1

𝑣𝑣 (1
𝑛𝑛

𝜕𝜕(𝑛𝑛2𝑎𝑎)
𝜕𝜕𝑛𝑛𝑖𝑖

) + 1
4𝑣𝑣2 ( 1

𝑛𝑛2
𝜕𝜕(𝑛𝑛3𝑎𝑎𝑎𝑎𝑎𝑎)

𝜕𝜕𝑛𝑛𝑖𝑖
)                                                                 

+ 1
16𝑣𝑣3 (

1
𝑛𝑛3 𝜕𝜕(𝑛𝑛4𝑎𝑎𝑎𝑎𝑑𝑑2)

𝜕𝜕𝑛𝑛𝑖𝑖
) + 1

64𝑣𝑣4 ( 1
𝑛𝑛4

𝜕𝜕(𝑛𝑛5𝑎𝑎𝑎𝑎𝑎𝑎3)
𝜕𝜕𝑛𝑛𝑖𝑖

)] 
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B.2 Literature validation
A comparison was done for VLE composition, density and specific enthalpy using 
the AP EoS. For the quantitative comparison with experimental data, the symmetric 
mean absolute percentage error (SMAPE) was calculated [82]:

(B.7)

B.2.1 VLE and density
For the SCWD unit, the condition range of interest is between 300 and 500 °C, 1 to 
300 bar and compositions of 0 to 50 wt.% NaCl. The AP EoS was originally fitted for 
a wider temperature, pressure and composition range. In Table B.1, a full summary 
is given of all the data sets evaluated for the given range. The largest deviations 
were seen for temperatures lower than 350 °C. This is due to the partial dissociation 
of NaCl for which the model does not account [5]. For temperatures higher than 350 
°C, the deviations were small as can be seen in Figure 3.6 & B.1.  For all data sets 
that were not part of the compilation of Bischoff & Pitzer [60] and Bischoff [61], with 
the exception of the data of Leusbrock et al. [83], the SMAPE was below 3.8 %. These 
data sets were not used to fit the interaction parameters of the AP EoS. 

VLE calculations were performed for the conditions inside the gravity separator, 
where the separation of the SCW and concentrated hydrothermal brine occurs. The 
conditions of the gravity separator is between 420 – 440 °C and 250 – 300 bar [51]. 
The calculated density for a temperature range of 420 to 450 °C is compared with 
literature data in Figure B.1.

𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 = 1
𝑘𝑘 ∑

|𝑆𝑆𝐸𝐸𝐸𝐸 − 𝑆𝑆𝐸𝐸𝐸𝐸|
(|𝑆𝑆𝐸𝐸𝐸𝐸| + |𝑆𝑆𝐸𝐸𝐸𝐸|)

2
 × 100

𝑘𝑘

𝑖𝑖=1
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Figure B.1: Density comparison for 420 – 450 °C a) Vapour b) Liquid  (○ Bischoff  [61]; □ 
Khaibullin & Borisov [73]; ─ AP calculated)
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B.2.2 Specific enthalpy
In Figure B.2, the specific enthalpies for NaCl-H2O mixtures for both the liquid 
and vapour phases are compared with different correlations and EoSs for constant 
pressure at 250 bar.
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Figure B.2: Comparison of vapour and liquid phase specific enthalpy at 250 bar for different 
correlations and EoS a) Vapour; b) Liquid (─ ─ Driesner [41]; ···· Palliser & McKibbin [39]; 

─ ·· ─ Bischoff & Rosenbauer [90]; ──  AP calculated)
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Abstract

An experimental and modelling study was done to investigate supercritical water 
desalination (SCWD) with respect to energy consumption as a function of the 
NaCl concentration (0 to 20 wt.%). Large-scale experiments were performed for 
different flow rates as well as feed concentrations and used for validation of the 
thermodynamic models (eNRTL and Anderko & Pitzer). The results showed that 
lowering the heat capacity of the feed streams, by increasing the feed concentration 
from 0 to 7 wt.%, led to improved performance of the feed-supercritical water (SCW) 
heat exchanger (HEX), as evident from measured higher feed outlet temperatures. 
For feed concentrations of ≥ 14 wt.% pre-heating of the feed, prior to the HEX, was 
recommended due to the decrease in the SCW recovery, in the SCW-brine separator. 
The calculated duty, of the heater bringing the heat-exchanged feed to the separation 
temperature, decreased with NaCl concentration due to the decrease in the feed heat 
capacity. The calculated overall energy consumption of SCWD was between 0.71 
and 0.90 MJth/kgfeed. For higher concentration feeds the energy input was divided 
between low- and high-quality (temperature) heat.

This chapter has been published as: 

S. van Wyk, A.G.J. van der Ham & S.R.A. Kersten. Analysis of the energy consumption 
of supercritical water desalination (SCWD), Desalination. 474 (2020) 114189
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4.1 Introduction

A major drawback for all supercritical water (SCW) based processes, is the energy 
intensive nature of the process, due to the extreme operating conditions [1]. The 
process of supercritical water desalination (SCWD) suffers from the same drawback 
as the operating conditions are well above the critical point of water (Tc > 374 ᵒC 
and Pc > 220 bar) to effectively recover freshwater from a saline feed [2,3]. In their 
conceptual design of the SCWD process, Odu et al. [2] estimated the thermal energy 
requirement to be 450 MJth/m3

drinking water, for a 3.5 wt.% NaCl feed. For this section, 
the thermal energy only refers to the energy required to heat the saline feed to 
the separation temperature (after heat integration) and for the separation itself, 
not the other thermal energy requirements (e.g. cooling) of the process. Lopez & 
Trembly [4] simulated a SCWD unit with pre-treatment (chemical pre-treatment to 
reduce the concentration of scale forming salts) and estimated the thermal energy 
requirement to be between 647 and 726 MJth/m3

feed. In a follow-up study, Ogden 
& Trembly [5] experimentally determined the thermal energy requirement to be 
between 178 and 495 kJ/kgfeed, depending on feed concentration and separation 
pressure. For conventional desalination processes the energy consumption is much 
lower, at 30 MJel/m3

drinking water for seawater reverse osmosis and 300 MJth/m3
drinking water 

for multi-stage flash. However, these processes are not zero liquid discharge (ZLD) 
technologies and produce a concentrated brine waste, which needs to be disposed 
or further treated [6]. Conversely, SCWD has the potential to be a ZLD technology 
as will be shown in Chapter 5.

For the above mentioned SCWD studies, the energy required to heat the feed to 
the desired separation temperature was the main contributor to the overall energy 
consumption of the SCWD process. Reducing the heating requirement should thus 
be the main target for reducing the overall energy consumption of the unit. Steps 
have already been taken by utilising the heat from the produced SCW to heat the 
feed [3]. Another manner in which the energy consumption can be decreased, is by 
increasing the salt concentration of the feed. Salt has a lower heat capacity compared 
to that of water, with the heat capacity of NaCl being 0.88 kJ/kg·K [7] and that of water 
4.19 kJ/kg·K [8] at 25 o C and 1 bar. Lowering the heat capacity of the feed could result 
in lowering the energy required to heat the feed to supercritical conditions. There 
are, however, drawbacks to increasing feed concentration such as lowering the SCW 
recovery, which could alter the heat exchange potential inside the feed-SCW heat 
exchanger (HEX). The aim of this chapter was to investigate the energy requirement 
(specifically the feed heater, see Figure 3.1 – Chapter 3) of SCWD as a function of 
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the NaCl feed concentration. The research approach was based on experiments 
performed on a large laboratory-scale SCWD unit and process modelling. Larger 
scale experiments were aimed at investigating the heat exchange potential as a 
function of feed concentration and results of feed-SCW HEX are presented in this 
chapter. For a full description of the large laboratory-scale SCWD unit the reader is 
referred to Chapter 2. A full description of the thermodynamic modelling is given 
in Chapter 3. 

4.2 SCWD modelling validation

The Anderko & Pitzer (AP) equation of state (EoS) was used for modelling the high-
temperature region (T > 300 ᵒC) and the electrolyte non-random two liquid (eNRTL) 
model was used for the low-temperature (subcritical) section. For validation with 
the experimental data from the large laboratory-scale SCWD unit, experiments were 
performed for feed concentrations of 0 to 7 wt.% NaCl. The SCW NaCl concentrations 
and SCW recoveries (both directly measured) were compared with the model 
calculated results. Experiments were performed for a separation temperature and 
pressure of 430 ᵒC and 270 bar. Therefore, the concentration of SCW stream did not 
vary greatly, but the recovery did change due to variation in the feed concentration. 
The experimental SCW NaCl concentrations and SCW recoveries measured in 
Chapter 2 and this chapter were compared with the AP EoS results, as shown in the 
parity plots in Figure 4.1. The process equations for the SCW recovery are given in 
Appendix C.
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The results show that the AP EoS was able to predict both the SCW concentration 
and recovery within an accuracy of 10 and 8 %, respectively. The SCW concentrations 
were similar because all experiments were performed at a temperature of ± 430 ᵒC 
and pressure of ± 270 bar. The SCW recovery varied because the feed concentration 
ranged from 1 to 16 wt.% NaCl, resulting in high to low recoveries.

As mentioned in Chapter 3, the validation of the specific enthalpy is difficult and 
mostly comparisons were made with other existing models and correlations. In 
order to have an indication that the AP EoS determined enthalpies were correct, 
the feed –SCW HEX (further referred to as just HEX) cold outlet temperature was 
calculated by performing an energy balance over the HEX and using the AP EoS to 
calculate the enthalpy (the calculation procedure is provided in Appendix C). The 
results were compared with temperatures calculated assuming ideal mixing (only 
the pure component enthalpies are summed), to assess the accuracy of the non-ideal 
mixing enthalpy calculated from the AP EoS. Both calculations were compared with 
the experimental temperatures, for a feed rate of 2 and 5 kg/h (feed concentration 1 to     
7 wt.% NaCl). The heat loss of the HEX was determined from pure water experiments 
and the steam tables (IAPWS IF-97) by calculating the difference between the hot 
and cold stream duty. The heat loss was 0.92 MJ/h for a 2 kg/h feed and 1.81 MJ/h for 
a 5 kg/h feed and was assumed to be constant for all concentrations. The parity plot 
is given in Figure 4.2:

Figure 4.2: Parity plot for HEX cold (Feed) outlet temperatures ( ● 2 kg/h – AP EoS ; ● 5 kg/h 
– AP EoS; ▲ 2 kg/h – Ideal mixing ; ▲ 5 kg/h – Ideal mixing)
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The results show that the AP EoS was able to predict the temperatures within a 
2 % deviation from the experimental results. For the ideal mixing calculations 
the deviations from experimental results were larger and the temperature was 
consistently under-predicted, especially for 2 kg/h. This is a strong indication that 
the enthalpies calculated for the AP EoS are more accurate in comparison to an ideal 
mixing approach.

4.3 HEX experimental results

Large-scale experiments were performed for feed flow rates of 2 (0, 1, 3.6 and 7 
wt.% NaCl feed) and 5 kg/h (0, 1 and 3.6 wt.% NaCl feed) respectively, to evaluate 
the performance of the SCWD HEX. Higher feed concentrations could not be used 
as brine accumulation was too rapid for steady state conditions to be reached. All 
experiments were performed for a separation temperature and pressure of 430 ± 1 o C  
and 270 ± 2 bar, respectively. The HEX results are summarised in Table 4.1.

Feed 
(wt.%)

Feed 
rate 
(kg/h)

SCW 
rate 
(kg/h)

Hot side   Cold side
 

Qloss 

(MJ/h)

εHEX 

(%)

Ratio 
(Tcold,out/
Thot,in)T in (ᵒC) T out (ᵒC) T in (ᵒC) T out (ᵒC)

2 kg/h

0 1.798 ± 
0.008

1.76 ± 
0.02

422.8 ± 
0.3

19.86 ± 
0.03

18.0 ±
0.2

390.7 ± 
0.2

0.92 99.7 0.92

1 1.810 ± 
0.006

1.75 ± 
0.003

423.6 ± 
0.4

20.0 ± 
0.2

18.1 ± 
0.2

393.7 ± 
0.2

0.94 99.6 0.93

3.6 1.827 ± 
0.007

1.65 ± 
0.04

420 ± 
2

18.2 ± 
0.4

16.9 ± 
0.5

395.1 ± 
0.8

0.88 99.7 0.94

7 1.918 ± 
0.003

1.71 ± 
0.02

420 ± 
1

19.4 ± 
0.1

18.4 ± 
0.1

397.3 ± 
0.6

0.76 99.8 0.95

5 kg/h

0 4.61 ± 
0.00

4.488 
± 
0.009

425.2 ± 
0.2

28.9 ± 
0.2

17.81 ± 
0.05

393.7 ± 
0.2

1.81 97.8 0.92

1 4.655 ± 
0.005

4.51 ± 
0.01

425.7 ± 
0.1

30.3 ± 
0.1

18.43 ± 
0.02

395.9 ± 
0.3

1.94 97.8 0.93

3.6 4.757 ± 
0.003

4.36 ± 
0.01

423.7 ± 
0.5

29.3 ± 
0.6

18.45 ± 
0.02

397.3 ± 
0.4

2.22 97.8 0.94

The equations used for the calculation of the heat loss and HEX effectiveness are 
given in Appendix C. No pressure drop was measured over the hot and cold side 
of the HEX indicating that solids did not deposit inside the tubes. The measured 

Table 4.1: HEX experimental results (standard error for average experiments (2-4) given)



 Analysis of the energy consumption | 107 

heat loss was ± 20 % of the hot side duty. The heat loss was high, because the hot 
stream ran through the shell side (outer side) of the HEX (see Chapter 2). If the 
sides were switched, the heat loss can be reduced. The experimental HEX cold outlet 
temperatures for feed rates 2 and 5 kg/h are compared in Figure 4.3 for different feed 
concentrations. 

For varying feed rates, the absolute cold outlet temperatures were higher, however, 
the ratio between the cold outlet and hot inlet temperature (values reported in 
Figure 4.3) remained the same. Thus, the feed rate does not increase the HEX cold 
outlet temperatures for the performed experiments. Even though the separation 
temperature was set to 430 °C for each experiment, the hot inlet temperature 
varied and that is why the ratio between cold outlet and hot inlet temperature was 
calculated. The ratios for 2 and 5 kg/h were the same due to the high heat transfer 
effectiveness (~ 99 %) of the HEX, as seen from Table 4.1. 

The temperatures and ratios, however, did increase with NaCl feed concentration. 
As the feed concentration increases, the heat capacity of the feed stream decreases, as 
well as the SCW recovery. These two occurrences have an opposing effect. A decrease 
in heat capacity of the cold stream will improve heat exchange potential, in that less 
energy is required for heating the feed. However, a decrease in the SCW recovery 
will result in less energy available for heat exchange.  From the experimental results, 

Figure 4.3: Experimental HEX cold (feed) outlet temperature for two feed rates as a function 
of feed concentration (● 2 kg/h ; ● 5 kg/h; values reported in graph - Tcold,out/Thot,in)
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it can be seen that for feed concentrations of 1 to 7 wt.% NaCl, the decrease in the heat 
capacity will have the governing effect as the HEX cold outlet temperature increases. 
For higher feed concentrations, the effect of decreased SCW recovery will become 
significant and the heat exchange potential will be less (refer to Section 4.4.2).

To further elaborate on the effect of lowered heat capacity, the composite curves for 
pure water and 7 wt.% NaCl are compared in Figure 4.4. The cold curve was shifted 
so that a minimum temperature difference of 10 ᵒC was maintained at the pinch 
point. Both curves were extended to 430 ᵒC (set-point of the feed heater) and the 
measured cold outlet temperature is indicated with the black dot.
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For pure water, the pinch point is reached in the temperature transition region 
around the pseudocritical temperature (for 270 bar the pseudocritical temperature 
of water is 391 ᵒC). In this region heat exchange becomes less, due to the decrease in 
temperature difference (decrease in driving force) between the hot and cold stream. 
As the NaCl feed concentration increases the critical point, of the feed stream, shifts 
to a higher temperature (pseudocritical temperature is ± 410 o C for 7 wt.% NaCl) and 
the energy required to reach the supercritical state decreases due to the heat capacity 
of NaCl being lower than that of water. Consequently, 1) the plateau area for the 
feed decreases and becomes steeper and 2) the pinch point temperature increases. 
These two factors assisted with improving the heat exchange potential between the 
streams and higher cold outlet temperatures were achieved. 

Figure 4.4: Hot and cold composite curves for 2 kg/h feed at 270 bar a) pure water b) 7 wt.% 
NaCl feed (─ Hot stream (SCW); ─ Cold stream (Feed); ● HEX experimental cold outlet 

temperature)

a) b)
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4.4 Modelling results 

4.4.1 SCWD process calculations
In Figure 4.5 an overview of the process is given along with the corresponding 
equations and models used for the calculation of the unit duties and stream 
temperatures. This was done only for the high-pressure pump, HEX, feed heater and 
gravity separator of the SCWD unit. The brine recovery section will be discussed 
in Chapter 5. Calculations were performed assuming both ideal and non-ideal 
mixing (AP EoS) for a feed stream of 3.5 wt.%. For the HEX calculations, the cold 
inlet temperature of 25 ᵒC was taken and a heat exchange effectiveness of 90 % was 
assumed with no heat loss.

The stream data can be found in Appendix C (Table C.1). From the data it was seen 
that the contribution of the excess enthalpy is minimal for the subcritical region 
and the SCW stream.  However, in the supercritical region for NaCl concentrations 
of 3.5 wt.% and greater the effect of the non-ideal mixing enthalpy contribution, 
to the total enthalpy becomes, more pronounced (up to 44 % for the brine stream). 
The main difference is observed for the HEX-heater section. For ideal mixing, the 
cold outlet temperature is under-predicted (as also shown in Section 4.2). If this 

Figure 4.5: SCWD process flow diagram with corresponding process unit equations
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under-predicted temperature is used to calculate the feed heater duty the value is 
comparable to that of the AP EoS determined duty. However, if the temperature is 
set to 413 ᵒC the ideal mixing duty would be under-predicted (0.15 MJth/kgfeed). This 
is due to the heat of separation, which increases the feed heater duty.  

On a drinking water basis, the feed heater duty (non-ideal mixing basis) was 382, 
528 and 668 MJ/m3

drinking water  for a 3.5, 7 and 10 wt.% feed, respectively. Odu et al. 
[2] calculated the thermal energy requirement (using the Driesner correlations) 
to be 450 MJth/m3

drinking water, to heat a 3.5 wt.% NaCl feed from 415 to 460 ᵒC at                                    
300 bar. Lopez & Trembly [4] simulated a SCWD unit with chemical pre-treatment 
in Aspen Plus using the eNRTL model. The separation occurred at 430 ᵒC and 221 
bar and reasonable results could be obtained, however, when the pressure is further 
increased (to 270 bar) the discrepancies become significant. From the simulation, 
they estimated the energy consumption of the separator (solution was directly 
heated in the separator from 362 to 430 ᵒC) to be 647 – 726 MJth/m3

feed (variation is 
due to difference in pre-treatment step) for a 15.5 wt.% feed stream. In a follow-up 
study Ogden & Trembly [5], experimentally investigated a large laboratory-scale 
SCWD unit and determined (combination of experiments and Driesner correlations) 
the energy requirement to be between 389 and 495 kJ/kg (230 – 280 bar) for a                          
5 wt.%, and between 178 and 422 kJ/kg for a 18 wt.% multi-component feed. They 
also concluded that the eNRTL model was not sufficient in accurately determining 
results. The determined energy consumptions, for this study, are thus in line with 
previously calculated energy consumptions for SCWD.

4.4.2 Composite curves
The effect of NaCl feed concentration on heat exchange and the remaining hot utility 
requirement (feed heater duty) was further investigated for higher concentration 
brines. Four feed concentrations, typically found in industry, were considered 
namely: 3.5 (seawater), 7 (reverse osmosis reject stream), 14 (mining/dairy industry) 
and 20 wt.% NaCl (concentrated brine waste stream). The cold inlet was set to           
25 ᵒC (3.5, 7 and 14 wt.%) and hot outlet to 35 ᵒC. The feed flow rate was set to 10 
kg/h for all feeds and the pressure was set to 270 bar. The SCW (0.068 wt.% NaCl) 
flow rates were calculated for a separation temperature and pressure of 430 ᵒC and 
270 bar, with the values reported in the graphs. It was assumed that the pressure 
drop over the hot and cold side of the heat exchanger was negligible, which was in 
agreement with the experimental results. The cold curve for feed concentrations 3.5 
and 7 wt.% was shifted so that a minimum temperature difference (ΔTmin) of 10 ᵒC 
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was maintained at the pinch point. The composite curves for the four different feed 
concentrations are given in Figure 4.6 a – d. The minimum hot utility requirements 
are also reported in the graphs.
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The results show that the hot utility requirement will decrease for higher 
feed concentrations due to the decrease in feed heat capacity. For higher feed 
concentrations, the pinch point shifts to the bottom of the composite curves, 
namely the inlet of the cold curve. This is due to the decrease in the SCW recovery 
becoming the dominating effect, as opposed to the decrease in feed heat capacity. 
This will limit the heat exchange and lower the cold outlet temperatures for higher 
feed concentrations. To overcome the heat exchange limitation, the feed stream 
should be pre-heated before entering the heat exchanger. Pre-heating the feed will 
shift the pinch point to the higher temperature region. For a feed concentration of                         
14 wt.%, the temperature difference at the inlet was marginally smaller (10 ᵒC), than 

a) b)

c) d)

Figure 4.6: Composite curves and hot utility requirement for different feed concentrations 
of NaCl for a feed rate of 10 kg/h a) 3.5 wt.% b) 7 wt.% c) 14 wt.% d) 20 wt.%  (Arrow - pinch 

point; ─ Hot stream (SCW); ─ Cold stream (Feed))
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the temperature difference at the transition region (12 ᵒC). Even though it seems as 
if the effect of pre-heating the feed and shifting the curves will be minimal, for the 
hot utility requirement, this will have a notable influence on the heat exchanger as 
will be seen in Section 4.4.3. For a feed concentration of 20 wt.%, the feed was pre-
heated to 200 ᵒC and the cold curve was shifted closer to the hot curve (ΔTmin = 10 ᵒC 
at the pinch point), as shown in Figure 4.6d. By pre-heating the feed, the pinch point 
is shifted back to the transition region of the SCW (higher temperature region). The 
required hot utility (to heat the feed to 430 ᵒC) is 1.05 MJ/h, however, 5.60 MJ/h is 
also required to pre-heat the feed to 200 ᵒC. 70 % of this energy can be supplied by 
the remaining SCW energy (3.92 MJ/h) through stream splitting (see Section C.4.2 of 
Appendix C). The remaining heat can be supplied either by utility streams or other 
process streams such as the steam stream produced during brine expansions (see 
Chapter 5) .

From Figure 4.6d, it can also be seen that the cooling requirement for the SCW stream 
will increase.  From the composite curve the cooling requirement is estimated to be 
4.01 MJ/h. However, when referring to the stream splitting scheme in Appendix C, it 
is seen that the SCW is cooled to 38 ᵒC and thus the cooling requirement is minimal. 
Additionally, the SCWD unit would most likely be integrated with another process 
(as a brine waste post-treatment step) for which the SCW stream could also serve as 
a utility stream and further cooling would not be required. 

Increasing the separation pressure will also have an effect, as the critical point 
(where the pinch point is typically located) is shifted to a higher temperature region. 
Increasing the separation pressure (keep the separation temperature constant) 
increases the pseudocritical temperature (similar to the effect of salt addition) and 
the latent heat, required for transition, becomes more distributed over a certain 
temperature interval [9]. The composite curves for a 3.5 wt.% NaCl feed at 250, 270 
and 300 bar are given in Figure 4.7. The cold curve was shifted so that ∆Tmin  is equal 
to 10 ᵒC at the pinch point.
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The minimum required hot utility will decrease, however, the drawback of increasing 
the pressure is that the quality of SCW will decrease (higher NaCl concentration) 
as well as the recovery. The separation temperature would have to be increased 
once more to reach the specified requirements. Increasing the feed concentration 
will also decrease the SCW recovery, but the NaCl concentration of the SCW will 
remain the same as this is only a function of separation temperature and pressure. 
Overall, when comparing the change in the minimum hot utility requirement for 
feed concentration and pressure, it is seen that feed concentration has a greater 
influence on the heat exchange potential.

4.4.3 SCWD HEX and feed heater
Heat recovery plays an important role in making the energy intensive process viable. 
As shown above, heat from the SCW stream is utilised to heat the feed stream before 
it is further heated in the feed heater, which is the main energy consumer of the 
process. Higher cold (feed) stream outlet temperatures at the HEX will translate 
into a lower energy requirement for the heater and can be achieved by increasing 
the heat exchange area of the HEX. There is, however, a trade-off that needs to be 
made between the size of the heat exchanger (capital costs) and the cost of energy 
for the feed heater (operational costs). The trade-off between heat exchange and feed 
heater energy duty is compared in Figure 4.8. The HEX cold outlet temperature is 
plotted as a function of the U.A/mfeed value for different feed concentrations, while 
the feed heater duty, as an indicator for the operational costs, is also shown. The U.A 
values were calculated by using counter-current heat exchanger equations assuming 
no heat loss (See Section C.3 in Appendix C). The pressure was set to 270 bar and 
the hot inlet temperature to 430 ᵒC, while the HEX effectiveness (and consequently 
the hot outlet temperature) was varied. Originally the cold inlet temperature was 

Figure 4.7: Composite curves and hot utility requirement for different separation pressures 
of 3.5 wt.% NaCl feed a) 250 bar b) 270 bar c) 300 bar (─ Hot stream (SCW); ─ Cold stream 

(Feed))

c)b)a)
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set to 25 ᵒC for all feed concentrations. However, for higher feed concentrations                                    
(> 14 wt.% NaCl) the heat transfer becomes limited at the cold feed inlet side (see 
Section 4.4.2). The feed is pre-heated to 100 ᵒC for 14 wt.% and 200 ᵒC for 20 wt.%. 
For these temperatures, the pinch point is once more in the high-temperature 
region. The feed heater duty covers the heating of the HEX cold stream from the 
outlet temperature to the separation temperature (430 ᵒC) as well as the separation 
between the SCW and the concentrated brine phase (see Eq. C.12 in Appendix C). 
The HEX pre-heater duty for higher feed concentrations is not shown in the graph 
but mentioned in the caption of Figure 4.8.

In Appendix C (Section C.4.3) the U.A/mfeed values can be found for the case when the 
cold inlet temperature is 25 ᵒC for all feeds. In that case the cold outlet temperature 
for the 20 wt.% feed was not greater than 340 ᵒC due to the pinch point being at 
the cold inlet side. From Figure 4.8, it is seen that a U.A/mfeed value between 20 and 
25 kJ/kg·K would be the best compromise between the duty of the feed heater and 
the HEX size. Between 20 and 25 kJ/kg·K, the rate of decrease in feed heater duty is 
lower, especially for 20 wt.%, and a larger HEX size will not significantly reduce the 
energy consumption of the feed heater. 

Figure 4.8:  Outlet temperature of cold stream from HEX and feed heater duty as a function 
of the HEX size parameter U.A/mfeed for different feed concentrations (solid line – HEX cold 
stream outlet temperature ; dashed line – feed heater duty; ■ 3.5 wt.%; ■ 7 wt.%; ■ 14 wt.% 
(HEX pre-heater duty:  0.026 MJth/kgfeed) ; ■ 20 wt.% (HEX pre-heater duty: 0.17 MJth/kgfeed))
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From the simulation results of Lopez & Trembly [4], the U.A/mfeed  values were 
calculated for their feed HEX, assuming an overall heat transfer coefficient of 1500 
W/m2·K. The calculated values were 12 and 14 kJ/kg·K (varied with pre-treatment) 
for a 15.5 wt.% multi-component feed.  The values are lower than the range selected 
in Figure 4.8, however, the outlet temperature for their HEX was also lower, being 
362 ᵒC for both cases.

4.5 Total SCWD energy consumption

An overview of the total energy consumption of the SCWD for the four different 
concentrations is given in Table 4.2. A U.A/mfeed value of 20 kJ/kg·K (see Figure 4.8) 
was selected for the calculation of the feed heater duty. The separation conditions 
were set to 430 ᵒC and 270 bar, and the 14 and 20 wt.% feeds were first pre-heated 
from 25 ᵒC to 100 and 200 ᵒC, respectively.

Feed 
conc.
(wt.%)

Pump dutya 
(MJth/kgfeed)

Pre-heating 
of feedb               

(MJth/kgfeed)

Feed 
heater 
inlet temp. 
(ºC)

Feed 
heater duty      
(MJth/kgfeed)

Overall energy 
consumptionc 

(MJth/kgfeed)

Overall energy 
consumptionc 

(MJth/kgdrinking water)

3.5 0.048 - 389 0.81 0.90 0.99

7 0.046 - 390 0.78 0.83 1.01

14 0.042 0.026d 385 0.70 0.77 1.22

20 0.039 0.17e 397 0.50 0.71 1.51
a Thermal energy requirement (50 % efficiency)

b Energy supplied by SCW stream is subtracted. 

c Sum of thermal energy of pump, pre-heater and feed heater

d Heated to 100 ºC

e Heated to 200 ºC

When comparing the results in Table 4.2, it can be seen that the overall energy 
consumption of the SCWD process decreases with increased feed concentration when 
based on the amount of brine fed. This is attributed to the lower heat capacity which 
1) leads to improved heat exchange potential inside the HEX, allowing for higher 
cold (feed) outlet temperatures, and 2) directly lowers the energy requirement of the 
feed heater. For a feed concentration of 14 wt.%, the feed heater inlet temperature is 
lower than for 7 wt.%, however, due to the decrease in the heat capacity, the heater 
duty and total energy consumption is still lower than for a 7 wt.% feed.

Table 4.2: Total SCWD energy consumption for four feed stream concentrations for U.A/
mfeed = 20 kJ/kg·K
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Another advantage of having a higher concentration feed, is that the energy 
requirement can be divided between high- and low-quality heat (temperature). For 
lower concentration feeds, only high-quality energy (e.g. fired heaters) is required to 
heat the feed to supercritical conditions. On the other hand, for more concentrated 
feeds (> 7 wt.% NaCl), only a fraction of the total energy requirement needs to be 
supplied by fired heaters (high quality, expensive energy), the rest can be supplied 
by utilities such as steam (lower quality, less expensive energy). This will be reflected 
in the capital and operational costs of the SCWD unit (see Chapter 5).

On a drinking water basis, the energy consumption of the SCWD process will 
increase with feed concentration, which is due to the reduction in the SCW recovery. 
This shows that SCWD is better suited for the treatment of brine waste streams, 
rather than the production of drinking water from low saline feeds.

4.6 Conventional ZLD comparison

Conventional ZLD processes usually consist of multiple process units, which can be 
divided into two steps namely the brine concentration step and the crystallisation 
step. Brine concentration is usually done using mechanical vapour compression 
(MVC) brine concentrators or thermal concentrators. Membranes are sometimes 
also used, however, for this section only thermal/mechanical units are discussed. 
Crystallisation is usually done through evaporation of the water (Evaporative 
crystallisation – EC), although eutectic freeze crystallisation (EFC) is also sometimes 
applied.  In Table 4.3 the energy consumption of the different units is summarised.
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ZLD 
unit

Feed conc.
(wt.%)

Reported energy         
consumption

Converted thermal energy 
consumptiona

Ref.

1st step: Brine concentration

MVC 4.5 – 8 28 – 39 kWhelec/m3
feed 0.2 – 0.28 MJth/kgfeed [10]

MVC 10 18.5 kWhelec/m3
feed 0.13 MJth/kgfeed [11]

MVC 0.4 – 1.2 20 – 25 kWhelec/m3
feed  0.14 – 0.18 MJth/kgfeed [12]

2nd step: Crystallisation

EC Saturation 33.9 kWhelec/m3
feed 0.24 MJth/kgfeed [11]

EC Saturation 52 - 66 kWhelec/m3
feed 0.37 – 0.45 MJth/kgfeed [12]

EFC 4 22.9 kWhelec/m3
feed – 1st crystalliser 0.16 MJth/kgfeed – 1st crystalliser [13]

0.10 MJth/kgfeed – 2nd crystalliser 0.10 MJth/kgfeed – 2nd crystalliser
aAssuming an efficiency of 50% to convert the electrical energy to thermal

Upon comparing the energy consumption of the units to that of SCWD (Table 4.2), 
it is seen that SCWD has a higher energy consumption than for the conventional 
ZLD standalone units. When looking at the energy consumption of a complete 
ZLD process (energy requirement of brine concentrator and crystalliser together), 
the total energy requirement is 0.37 MJth/kgfeed  [11] and 0.51 – 0.63 MJth/kgfeed  [12]. 
Compared to the values in Table 4.2, the energy requirement of SCWD is still higher 
as a standalone unit. However, if the process were to be integrated as a post-treatment 
step for another process, the energy consumption could be further reduced, as these 
streams will already be partly heated and pressurised. Energy can also be retrieved 
from the ZLD section of the unit and used to pre-heat the feed stream for higher 
concentration feeds, which will be further discussed in Chapter 5.

4.7 Conclusions 

The influence of NaCl feed concentration on the energy consumption of SCWD was 
investigated both experimentally and theoretically. The experimentally measured 
cold outlet temperatures of the large laboratory-scale feed-SCW HEX, showed that 
for feed concentrations of 1 to 7 wt.% NaCl, the reduction in the feed heat capacity 
had the dominating effect (as opposed to the decrease in the SCW recovery). The 
heat exchange potential increased with feed concentration, as evident from the 
increase in the measured cold outlet temperatures. For higher feed concentrations 
(> 7 wt.%), the reduction in SCW recovery became significant enough that the pinch 
point of the composite curves shifted to the lower temperature region. This resulted 

Table 4.3: Comparison of the energy consumption for conventional ZLD units
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in lower cold (feed) outlet temperatures for the HEX. Pre-heating the feed to the 
HEX shifted the pinch point to the higher temperature region once more, which 
assisted with improving the heat exchange potential. Theoretical results showed 
that for higher separation pressures, the heat exchange potential also improved, 
as evident from the calculated minimum hot utility requirement of the composite 
curves. Increasing the pressure, however, increased the NaCl concentration of 
the SCW stream and decreased the SCW recovery (higher feed concentration 
also decreased the recovery). The calculated overall SCWD energy consumption 
decreased with feed concentration. This is due to the lowered heat capacity, which 
contributed to improving the heat exchange potential in the HEX and also directly 
lowering the energy requirement of the feed heater. The energy requirement for 
higher concentrations can be divided between low-quality energy (pre-heating the 
HEX feed) and high-quality energy (reaching separation temperature) as opposed 
to only high-quality (temperature) energy required for lower concentration feeds.
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Appendix C

C.1 SCW recovery
The SCW recovery is calculated by performing a mass balance over the gravity 
separator:

Total mass balance:

(C.1)

NaCl mass balance:

(C.2)

Recovery:

(C.3)

(C.4)

The mass fractions of the SCW (xSCW) and brine (xBrine) were calculated using the AP 
EoS (see Chapter 3).  

C.2 HEX cold outlet temperature
The cold (feed) stream outlet temperature is calculated by performing an energy 
balance over the HEX, based on the measured temperatures and pressures:

(C.5)

(C.6)

The specific enthalpy of the hot stream was calculated using steam table data 
(IAPWS IF-97) since the concentration of NaCl is very low (< 750 ppm).  The cold 
inlet enthalpy of the feed stream was calculated using the eNRTL model (Chapter 3).  
The HEX loss was calculated based on the results for a pure water feed and assumed 
to be constant for all feed concentrations.  The heat loss was 0.92 MJ/h for 2 kg/h and 
1.81 MJ/h for 5 kg/h. 

�̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 = �̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆 + �̇�𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐹𝐹  

𝑥𝑥𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹�̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 = 𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆�̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆 + 𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐹𝐹�̇�𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐹𝐹 

�̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆 = �̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 (
𝑥𝑥𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 − 𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐹𝐹
𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆 − 𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐹𝐹

) 

𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅 = �̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆
�̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹

 

0 = −�̇�𝑄ℎ + �̇�𝑄𝑐𝑐 + �̇�𝑄𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 

0 = �̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆(ℎℎ,𝑖𝑖𝑖𝑖 − ℎℎ,𝑜𝑜𝑜𝑜𝑜𝑜) +  �̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹(ℎ𝑐𝑐,𝑜𝑜𝑜𝑜𝑜𝑜 − ℎ𝑐𝑐,𝑖𝑖𝑖𝑖) +  �̇�𝑄𝑙𝑙𝑜𝑜𝑙𝑙𝑙𝑙 
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C.3 Heat exchanger and heater modelling
The counter-current HEX is modelled by performing a steady state differential energy 
balance over the hot and the cold side, respectively. The differential equations are 
required to model the heat exchanger due to the heat capacities of the fluids varying 
for the given condition range. The equations for the hot and cold side are given as:

(C.7)

(C.8)

The HEX effectiveness is defined as:

(C.9)

The hot stream is in this case the limiting stream since                                              .    
The duty of each stream is calculated as:

(C.10)

The heat loss of the HEX is calculated as:

(C.11)

The heater duty is calculated assuming that separation of the SCW and the 
concentrated hydrothermal brine phase occurs inside the feed heater. The outlet 
stream of the heater is thus a two phase stream, which is separated inside the gravity 
separator. The heater energy consumption is calculated as follow.

(C.12)

�̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆𝑐𝑐𝑝𝑝,𝑆𝑆𝑆𝑆𝑆𝑆  < �̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝑐𝑐𝑝𝑝,𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹  

0 =  𝑚𝑚ℎ̇ 𝑑𝑑ℎℎ + 𝑑𝑑�̇�𝑞 

 =  �̇�𝑚𝑆𝑆𝑆𝑆𝑆𝑆𝑑𝑑ℎ𝑆𝑆𝑆𝑆𝑆𝑆 + 𝑈𝑈∆𝑇𝑇ℎ𝑜𝑜𝑜𝑜 →𝑐𝑐𝑜𝑜𝑐𝑐𝑐𝑐𝑑𝑑𝐴𝐴𝐻𝐻𝐻𝐻𝐻𝐻 

0 =  𝑚𝑚𝑐𝑐̇ 𝑑𝑑ℎ𝑐𝑐 + 𝑑𝑑�̇�𝑞 

    =  �̇�𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝑑𝑑ℎ𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 + 𝑈𝑈∆𝑇𝑇ℎ𝑜𝑜𝑜𝑜 →𝑐𝑐𝑜𝑜𝑐𝑐𝐹𝐹𝑑𝑑𝐴𝐴𝐻𝐻𝐻𝐻𝐻𝐻 

𝜀𝜀𝐻𝐻𝐻𝐻𝐻𝐻 =  𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 𝑡𝑡𝐸𝐸𝑡𝑡𝐸𝐸𝑡𝑡𝑡𝑡𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝑡𝑡 𝑡𝑡𝑡𝑡 𝑐𝑐𝑡𝑡𝑐𝑐𝑡𝑡 𝑡𝑡𝑡𝑡𝐸𝐸𝐸𝐸𝑡𝑡𝑠𝑠
𝑀𝑀𝑡𝑡𝑀𝑀𝑀𝑀𝑠𝑠𝑀𝑀𝑠𝑠 𝑡𝑡𝑠𝑠𝑡𝑡𝑀𝑀𝐸𝐸𝑡𝑡 𝑡𝑡𝑡𝑡 𝑡𝑡𝑎𝑎𝑡𝑡𝑀𝑀𝑐𝑐𝑡𝑡𝑎𝑎𝑐𝑐𝐸𝐸 𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 𝑡𝑡𝑡𝑡 𝑐𝑐𝑡𝑡𝑐𝑐𝑡𝑡 𝑡𝑡𝑡𝑡𝐸𝐸𝐸𝐸𝑡𝑡𝑠𝑠 

𝜀𝜀𝐻𝐻𝐻𝐻𝐻𝐻 =  �̇�𝑄ℎ(𝑇𝑇ℎ,𝑖𝑖𝑖𝑖) − �̇�𝑄ℎ (𝑇𝑇ℎ,𝑜𝑜𝑜𝑜𝑜𝑜) − �̇�𝑄𝑙𝑙𝑜𝑜𝑙𝑙𝑙𝑙 
�̇�𝑄ℎ(𝑇𝑇ℎ,𝑖𝑖𝑖𝑖) − �̇�𝑄ℎ(𝑇𝑇𝑐𝑐,𝑖𝑖𝑖𝑖) − �̇�𝑄𝑙𝑙𝑜𝑜𝑙𝑙𝑙𝑙

 

�̇�𝑄 =  �̇�𝑚(ℎ𝑜𝑜𝑜𝑜𝑜𝑜 − ℎ𝑖𝑖𝑖𝑖) 

�̇�𝑄𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 =  |�̇�𝑄ℎ − �̇�𝑄𝑐𝑐| 

�̇�𝑄𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻 =  �̇�𝑄𝑆𝑆𝑆𝑆𝑆𝑆 + �̇�𝑄𝐵𝐵𝐻𝐻𝐵𝐵𝐵𝐵𝐻𝐻 − �̇�𝑄𝐹𝐹𝐻𝐻𝐻𝐻𝐹𝐹  
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C.4 Supplementary modelling results

C.4.1 SCWD process calculations

Variable Unit 1 2 3 4 4  5 6 7

SCW Brine

Model - eNRTL eNRTL AP AP AP AP eNRTL AP

NaCl conc. wt.% 3.5 3.5 3.5 0.068 38 0.068 0.068 38

Mass flow kg/h 5 5 5 4.55 0.45 4.55 4.55 0.45

Pressure bar 1 270 270 270 270 270 270 270

Temperature ºC 25 25 413 (397)a 430 430 430 88 430

Specific enthalpy kJ/kg 103 127 2290 2770 1301 2770 389 1301

Non-ideal mixing 
enthalpy

kJ/kg 0.0002 0.0002 -254 -1.8 -572 -1.8 -0.0002 -572

Non-ideal mixing 
/specific enthalpy

% 0.0002 0.0002 11 0.06 44 0.06 0.0001 44

a Ideal mixing temperature in brackets

C.4.2 Stream splitting 

In Figure C.1 the composite curves and proposed stream splitting scheme is given.
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Table C.1: SCWD stream data for 3.5 wt.% NaCl feed (see Figure 4.5)

Figure C.1: Stream splitting scheme to pre-heat 20 wt.% NaCl feed for a pressure of 270 bar
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C.4.3 HEX  U.A/mfeed
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Figure C.2: HEX U.A/mfeed  values as a function of HEX cold outlet temperature for different 
feed concentrations and a cold inlet temperature of 25 ºC ( ■ 3.5 wt.%; ■ 7 wt.%; ■ 14 wt.%; 

■ 20 wt.%) 
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Abstract

A modelling and economic study was done to evaluate the suitability of supercritical 
water desalination (SCWD) as zero liquid discharge (ZLD) technology. ZLD was 
achieved with a two-stage brine treatment process. The hydrothermal brine, 
remaining after separation of supercritical water (SCW), was expanded in the first 
stage (flash step) and the remaining brine was then expanded and dried in the 
second stage (flash-evaporation step), using the produced steam of the first stage 
expansion. A window of operation for the first and second stage pressures was 
determined. For the process the optimum point of operation was at the maximum 
second stage pressure, where the exergy of the second stage produced steam was 
also at a maximum. The economic evaluation showed that the SCWD brine treatment 
price, for an ideal case where all the products were sold, decreased from $ 9.61 to 
1.16 /m3

brine when increasing the feed concentration from 3.5 to 20 wt.% NaCl. The 
decrease was due to the income from the sale of salts, which increases with feed 
concentration. The brine treatment price was highly dependent on the brine source 
and it was recommended that SCWD be used for the treatment of concentrated 
saline waste streams.

This chapter has been published as: 

S. van Wyk, A.G.J. van der Ham & S.R.A. Kersten. Potential of supercritical water 
desalination (SCWD) as zero liquid discharge (ZLD) technology, Desalination. 495 
(2020) 114593.
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5.1 Introduction 

Conventional zero liquid discharge (ZLD) technologies, for the treatment of brine 
waste streams, involve multiple steps. These steps range from membrane-based 
pre-concentration to thermal-based methods to further concentrate the brine and 
retrieve solid salt [1,2]. Thermodynamic studies on the energy consumption of 
thermal desalination processes and the analysis of the second law efficiency, have 
shown that the energy consumption increases with the salinity of the feed stream. 
This is mainly due to the effect of the elevated boiling point (which increases with 
salt concentration) on the process [3,4]. For more concentrated feed streams, the 
treatment price is higher due to the increase in the energy consumption. In Chapter 4 
it was shown that for supercritical water desalination (SCWD), the process becomes 
less energy intensive as the NaCl concentration of the feed increases. The decrease 
in the energy consumption was due to the lower heat capacity of the feed stream, 
which improved the heat exchange potential between the feed stream and the 
supercritical water (SCW) stream and reduced the required energy of the heater. It 
was also shown that the energy consumption of conventional ZLD processes was 
comparable with the SCWD energy consumption for a concentrated (14 – 20 wt.% 
NaCl) feed stream. This indicates that SCWD could be a potential ZLD technology 
for the treatment of concentrated brine waste streams, rather than the production of 
drinking water from low saline feeds.

Through theoretical calculations it has been shown that ZLD can be achieved with 
SCWD [5].  For SCWD, a saline feed stream is separated, under supercritical conditions, 
into a low concentration SCW phase and a highly concentrated hydrothermal brine 
phase. Depending on the separation temperature and pressure, the concentration 
of the hydrothermal brine is well above the maximum solubility limit of NaCl in 
water (26 wt.%). Upon returning to subcritical conditions, the hydrothermal brine 
becomes a supersaturated solution and solid salt can be retrieved. For SCWD, the 
hydrothermal brine is rapidly expanded from a high pressure (± 270 bar) to an 
ambient pressure and separates into salt and steam.  Large-scale experiments were 
performed in Chapter 2, to investigate the hydrothermal brine expansion and it was 
shown that salt, steam and water were retrieved as products.  ZLD was thus not 
achieved experimentally, but theoretical calculations have shown that ZLD can be 
achieved through the two-step expansion-evaporation of the hydrothermal brine. 
However, further detailed modelling and optimisation of the brine expansion has 
not been done. By adjusting the ratio between the first and second stage pressure, 
the steam retrieval and quality (temperature and pressure) could be optimised, while 
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still achieving ZLD. The steam, in turn could be used for pre-heating concentrated 
feeds to the SCWD, to further reduce the energy consumption of the process or it 
could be integrated with other process units [6].

Studies on SCWD have been mainly focussed on the development and evaluation of 
the energy consumption and economics of the SCWD process [5–10]. Investigations, 
into the development of the brine recovery section and ZLD are limited. In Chapter 4, 
an experimental and modelling analysis was done for the energy consumption of the 
SCWD unit, specifically looking at the effect of feed concentration on heat exchange 
potential and heater duty. The study is now extended to the brine treatment section 
of the SCWD unit. The aim of this chapter was to model the brine treatment section 
in more detail, using validated thermodynamic models for the sub- and supercritical 
region of the process. Additionally, the expansion pressures were optimised, for the 
production of high-quality steam, while still achieving ZLD. Through modelling 
and optimisation of the brine expansion section, guidelines were provided for 
selecting operating conditions. Afterwards an economic evaluation of the SCWD 
unit was performed for different feed concentrations (3.5 to 20 wt.%), to evaluate 
the economic feasibility of applying the SCWD technique as a ZLD technology. The 
economic evaluation was done for a more general case (not for a specific brine waste 
stream) and sensitivity analyses were performed to evaluate the effect of product 
income, solid disposal and brine inlet temperatures. Lastly, the preliminary brine 
treatment costs were compared with different desalination, near-ZLD and ZLD 
processes.  

5.2 Modelling 

5.2.1 Brine treatment section validation
The brine treatment section falls within the low-temperature (subcritical) region 
of the SCWD process (see Chapter 3) and the electrolyte non-random two liquids 
(eNRTL) activity coefficient model was mainly used for the modelling in this chapter. 
The Anderko & Pitzer (AP) equation of state (EoS) was only used for calculating the 
composition and enthalpy of the hydrothermal brine entering the first stage flash 
(see Figure 5.2, stream #1).

For the SCWD validation the product distribution, after brine expansion, was 
calculated. The thermodynamic equations and constants as well as the mass and 
energy balance equations are reported in Appendix D. The steam, solid NaCl and 
total liquid solution content was calculated and compared with the experimental 
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product distribution reported in Chapter 2. The comparison can be seen in Appendix 
D.  

Due to the presence of the water, not all the salt can be retrieved as a solid, as some 
of the salt is dissolved. In Figure 5.1 the experimental fraction of solid salt (relative to 
the total salt fed to the brine treatment section) is compared to the model predicted 
results, for a hydrothermal brine fed at ± 430 ᵒC and ± 270 bar. For the calculations 
the entrained salt in the steam was assumed to be solid crystals and not dissolved 
salt.

The results shown that the model was able to predict the solid salt fraction within 
a 15 % deviation of the experimental results. The model tends to under-predict the 
solid salt fraction, however, this was due to the higher salt collector temperature 
(see Chapter 2), which causes the experimental water content to be lower due to 
evaporation.

5.2.2 Zero liquid discharge (ZLD)
From the experimental product distribution obtained in the one-stage flash (see 
Appendix D and Chapter 2), it was seen that along with steam and solid NaCl, water 
was also obtained. This is due to the enthalpy of the brine being insufficient for 
complete separation between steam and dry NaCl. In Chapter 2 and previous work 
[5,10], a two-step flash, flash-evaporator scheme was introduced to illustrate the 

0.60 0.65 0.70 0.75 0.80 0.85 0.90 0.95 1.00
0.60

0.65

0.70

0.75

0.80

0.85

0.90

0.95

1.00

-15 %

M
od

el
so

lid
sa

lt
fr

ac
tio

n
(-)

Experimental solid salt fraction (-)

+15 %

Figure 5.1: Parity plot comparing the fraction of solid salt relative to the total salt fed
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potential to achieve ZLD with our SCWD process. The proposed two-step scheme 
utilises the steam obtained from the first flash in the subsequent flash-evaporation 
step to dry the salt and produce more steam. This technique is also employed by the 
commercial multi-effect distillation (MED) process. For the process calculations the 
evaporator and second stage flash (typically one unit) were modelled separately, 
according to the scheme shown in Figure 5.2. 

The calculations for the first and second stage flash were performed assuming that 
the expansion was isenthalpic. The steam exiting the first stage flash was  superheated 
steam and thus for the evaporator, both the sensible and latent heat of the steam 
(#3) was used to evaporate the water in stream #4-A.  The sensible heat of stream 
#6 was not utilised for drying, thus the temperature of the stream was equal to the 
saturation temperature of water for the given first stage flash pressure. In some cases 
the steam was not fully condensed, resulting in a two phase stream that was further 
separated into steam (#6-A) and water (#6-B). Both the overall and individual unit 
mass and energy balances were checked and closed. The detailed mass and energy 
balance equations of the system are given in the Appendix D. 

5.2.2.1 ZLD operation pressures and steam production
For the above system only the first and second stage pressures are set. In previous 
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Figure 5.2: Two-step flash-evaporation scheme for ZLD (adapted from [5])
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studies [5,10], the first and second stage pressure was set to 10 and 1 bar respectively, 
to illustrate the possibility of achieving ZLD with SCWD. However, the ratio between 
the two pressures can be varied to achieve ZLD and to optimise steam production 
and quality (stream #5 and #7 - Figure 5.2).  

The maximum second stage pressures for which ZLD can be achieved was 
determined for selected first stage pressures, from the mass and energy balances of 
the brine treatment section (see Appendix D). In this manner a window of operation 
was drawn, in which the brine treatment section can operate to achieve ZLD.  

The operating pressures were solved for a hydrothermal brine entering at 430 ᵒC 
and 270 bar, with a NaCl concentration of 38 wt.%. In Figure 5.3 the resulting ZLD 
operating window is presented along with the exergy of the first (stream #6) and 
second (stream #5+7) stage produced steam and the total steam exergy. The operating 
window can be divided into two sections. The first section starts on the left-hand 
side and reaches up to the maximum second stage pressure of the dark grey ZLD 
area. For this section, a surplus amount of energy (from the first stage expansion) 
was available for drying the salt in the evaporator. Consequently, a temperature 
cross occurred inside the evaporator. Two second stage pressure boundary lines 
were drawn in this section of the operating window. The first line (light grey dashed 
line – boundary of the light grey ZLD area) ignored the temperature cross inside the 
evaporator (neglects the second law of thermodynamics) and the first and second 
stage pressures were equal, as a sufficient amount of energy was available for drying. 
The second line (solid line - boundary of the dark grey ZLD area) considered the 
temperature cross inside the evaporator and the second stage pressure was solved 
for a temperature difference of 1 ᵒC (between T#6 and T#7). The corresponding steam 
temperature for the second stage pressure can be read from the most left-hand side 
axis (the axis was scaled to correspond with the second stage pressure axis). The 
steam (both the first and second stage) was under superheated conditions and not at 
saturation, due to the presence of the salts that increased the expansion temperature 
(boiling point elevation effect). For example, for a first stage pressure of 10 bar, the 
second stage pressure, neglecting the temperature cross inside the evaporator, was 
10 bar and the steam temperature 194 °C. If the temperature cross was considered, 
the second stage pressure was 7 bar and the steam temperature 178 °C.  

The second section of the operating window starts at the maximum second stage 
pressure (of the dark grey ZLD area) and stretches to the right-hand side of the 
operating window. For this section, the amount of energy available for drying the 
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salt in the evaporator became limited.  

The second stage pressure boundary (dark grey ZLD area) was drawn, assuming 
that the steam (stream #3) was fully condensed (at first stage pressure) inside the 
evaporator. The enthalpy available for drying (Havailable) was the sum of the sensible 
and latent heat of the superheated first stage steam and was set equal to the enthalpy 
required (Hrequired) for drying the salt.

(5.1)

With:

(5.2)

(5.3)

For ∆H > 0 a surplus amount of energy was available and stream #6 contained steam, 
while for ∆H < 0, ZLD was not achieved and a brine was obtained in stream #8. The 
second stage pressure was solved for ∆H = 0.  

The above description covers the drawing of the ZLD operating window. Next to 
evaluate the steam quality, the exergy of the steam was calculated (see Appendix 
D) for the remaining steam in stream #6 (at first stage pressure) and stream #5+7 
(at second stage pressure). The total exergy (stream #6 + #5 + #7) was also drawn. 
The exergy was normalised for the amount of hydrothermal brine (stream #1 = 0.9 
kg/h) fed to the brine treatment unit and the curves were drawn for the boundary 
conditions of the ZLD area (dark grey area). For example, for a first stage pressure 
of 10 bar, the exergy of stream #6 (red line – Figure 5.3) was 109 kJ/kgbrine. The exergy 
of the stream #5+7 (blue line – Figure 5.3) is 191 kJ/kgbrine, the pressure of the steam 
was 7 bar and the corresponding steam temperature was 178 ᵒC. For the first section 
of the operating window, (left-hand side until the maximum second stage pressure) 
three different exergy lines are observed, for stream #6, stream #5+7 and the total. 
For the second section of the operating window (from the maximum second stage 
pressure to the right-hand side), stream #3 was fully condensed and the exergy of 
stream #6 was zero as there was no residual steam left. The total exergy was thus 
equal to the exergy of stream #5+7.

∆𝐻𝐻 = 𝐻𝐻𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 − 𝐻𝐻𝑟𝑟𝑎𝑎𝑟𝑟𝑟𝑟𝑎𝑎𝑟𝑟𝑎𝑎𝑟𝑟  

𝐻𝐻𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 = �̇�𝑚3ℎ3(𝑇𝑇𝑓𝑓𝑎𝑎𝑎𝑎𝑓𝑓ℎ,1 , 𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑓𝑓ℎ,1 → 𝑇𝑇𝑓𝑓𝑎𝑎𝑠𝑠, 𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑓𝑓ℎ,1)                                                                                 

+ �̇�𝑚3∆ℎ𝑎𝑎𝑎𝑎𝑣𝑣(𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑓𝑓ℎ,1) 

𝐻𝐻𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 = (�̇�𝑚7ℎ7 + �̇�𝑚8ℎ8) − (�̇�𝑚4𝐴𝐴ℎ4𝐴𝐴 + �̇�𝑚4𝐵𝐵ℎ4𝐵𝐵) 
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Upon examining Figure 5.3, it is seen that the second stage pressure (dark grey 
ZLD boundary curve) increases until a maximum of 26.7 bar (corresponding first 
stage pressure is 38 bar). After this point, the amount of energy available for drying 
the salt in the evaporator becomes limited and the second stage pressure starts to 
decrease. The second stage pressure decreases so that more steam will be formed 
(the content of stream #5 will increase) during the second stage expansion and thus 
less energy will be required to evaporate the remaining water and dry the salt. As 
mentioned the steam exergy curves were drawn as a measure of the quality of the 
steam produced. The ideal operating point would lie at the maximum exergy point, 
as the maximum amount of useful work can be extracted. It is seen that between a 
first stage pressure of 10 and 38 bar, the total exergy remains relatively constant. 
Between these pressures the exergy of stream #5+7 continues to increase due to the 
increase in the second stage pressure. The exergy of stream #6 decreases, due to a 
decrease in the vapour content. The exergy of stream #5+7 reaches a maximum point 
around the maximum second stage pressure (the exergy of stream #6 becomes zero 
at this point) and then starts to decrease again. The decrease of the exergy is due the 
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cross;  ■ ZLD area considering evaporator temperature cross;  ─ Exergy stream #5 + #7 
(at second stage pressure); ─ Exergy stream #6 (at first stage pressure);  ─ ─ Total steam 

exergy (#5+7+6))
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loss in mechanical work potential with the second stage expansion. For example, 
if a horizontal line is drawn for a second stage pressure of 5 bar, the two first stage 
boundary pressures are 7 and 53 bar. For 7 bar the pressure drop would be 2 bar, 
while for 53 bar the pressure drop would be 48 bar, which translates into a greater 
loss of potential mechanical work.  

In order to detail the influence of the pressure, the effect of the first  and second 
stage pressure on the steam exergy is shown in Figure 5.4. For Figure 5.4a the first 
stage pressure was kept constant at 30 bar and the second stage pressure was varied 
between 2 and 21 bar (pressure range in the dark grey ZLD area – Figure 5.3). In 
Figure 5.4b, the second stage pressure was kept constant at 5 bar and the first stage 
pressure was varied between 10 and 50 bar.  
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From Figure 5.4a it is seen that the exergy of both the first (stream #6) and second 
stage (stream #5+7) steam is affected by the second stage pressure. The exergy of 
stream #5+7 increases, due to the increase in second stage pressure and temperature 
(quality of steam increases). Conversely, the exergy of stream #6 decreases as the 
energy required for evaporating the water in the second stage evaporator increases 
(water content of second stage brine increases with pressure). The remaining vapour 
content of stream #6 decreases and thereby the exergy. The total exergy increased 
with the second stage pressure, which is due to the increase in the exergy of stream 
#5+7. 

a) b)

Figure 5.4: Effect of first and second stage pressure on the steam exergy a) Constant first 
stage pressure at 30 bar b) Constant second stage pressure at 5 bar (─  Exergy stream #5 + 
#7 (at second stage pressure); ─ Exergy stream #6 (at first stage pressure);  ─ ─  Total steam 

exergy (#5+7+6))
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From Figure 5.4b, it is seen that the exergy of steam #5+7 increases with the first 
stage pressure, which is caused by the increase in the water content of the brine 
(stream #2-A) fed to the second stage flash-evaporator (the amount of evaporated 
steam increases). The exergy of stream #6 in turn decreases due to the decrease in the 
steam content of the first stage flash, with pressure. The result is that the total exergy 
also decreases with first stage pressure until it becomes equal to the exergy of stream 
#5+7 (the exergy of stream #6 becomes zero and the stream is fully condensed). 

Returning to Figure 5.3, from an operational point of view it would be best to always 
operate on the left-hand side of the curve to avoid the loss of potential work. For 
the purpose of this study, an operating point was selected where the steam content 
and quality of stream #5+7 was sufficient to pre-heat the concentrated feeds (14 and 
20 wt.%) entering the SCWD unit. At the maximum exergy of stream #5+7, both the 
quality (26 bar and 245 °C) and content of the steam was sufficient for pre-heating 
concentrated feeds. At this point the exergy of stream #6 was zero, so there was no 
loss of potential work in the stream. 

5.2.2.2 Effect of separation temperature and pressure 
The effect of separation temperature and pressure (stream #1 - different hydrothermal 
brine concentrations) on the expansion pressures and steam production was 
investigated. The results for varying separation (hydrothermal brine feed) 
temperatures (420 – 450 °C) for a constant pressure of 270 bar are shown in Figure 
5.5. Only the steam exergy of stream #5+7 (for the solved second stage boundary of 
the dark grey ZLD operating window) is reported, as this stream is used for pre-
heating the concentrated feed.
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For Figure 5.5a the second stage pressure curves were drawn for the same constrains 
as the dark grey ZLD area of Figure 5.3. For the left-hand side of the operating 
window (until the respective maximum second stage pressures) the second stage 
pressure is the same for all concentrations, as there is a surplus amount of energy 
available in all cases and the second stage pressure was solved for a temperature 
difference of 1 °C inside the evaporator. The maximum pressure increased with the 
hydrothermal brine concentration. The increase in maximum pressure is related to 

the increase in the ratio of the first stage steam to water content (
𝑚𝑚#3

𝑚𝑚#2𝐴𝐴,𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤
)  with 

separation temperature (see Figure 5.5b). For a higher separation temperature, more 
steam is produced relative to water and more energy is available for drying the salt 
in the evaporator. For a pure water system, the maximum second stage pressure 
would be located at a first stage pressure where the ratio of steam to water is equal 

to one (
𝑚𝑚#3

𝑚𝑚#2𝐴𝐴,𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤
= 1) . However, due to the presence of salts, more energy is required 

to evaporate the water and the ratio of steam to water has to be greater than one. For 
the above system, it is seen that for a first stage pressure where the ratio of steam 

to water is  ~1.02 (
𝑚𝑚#3

𝑚𝑚#2𝐴𝐴,𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤𝑤
~1.02) , the corresponding second stage pressure will be 

at the maximum (see Figure 5.5b). This ratio is applicable for a selected evaporator 
temperature difference of 1 ᵒC, for higher temperature differences the ratio will be 
higher.

b)

Figure 5.5: Effect of separation temperature at 270 bar a) on the ZLD window of operation 
(solid line) and steam exergy of stream #5+#7 (dashed line; hydrothermal brine inlet 
concentrations reported) b) Ratio of first stage steam to water content (■ 420 °C; ■ 430 °C; ■ 

440 °C; ■ 450 °C)

a)



 Potential of SCWD as ZLD technology | 139 

Furthermore, the steam exergy decreases with separation temperature. This is due 
to the increase in the brine salt concentration, which results in a lower steam content. 
After the respective maximum second stage pressures, the exergies of the steam 
decrease rapidly due to the loss of potential mechanical work. Operating at a lower 
separation temperature (lower brine concentration) appears to be advantageous 
for steam production, however, there are drawbacks with regards to the SCW 
quality and recovery in the upstream separator. The amount of salt retrieved after 
expansion will also decrease, which is disadvantageous for the economic feasibility 
of the process (see Section 5.3).

The effect of separation pressure (stream #1) was investigated for a range of 250 to 
300 bar and a constant separation temperature of 430 °C. The results can be seen in 
Figure 5.6:
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For varying separation pressures, it is once again seen that the second stage pressure 
remains constant for the first part of the operating window (surplus energy is 
available). The maximum pressure increases, again due to the increase in the first 
stage steam to water ratio (Figure 5.6b). This is similar to what was seen for different 
separation temperatures and is due to the increase in the specific enthalpy of brine 
(due to lower salt concentration). Once more the maximum second stage pressure 
is located at a first stage pressure for which the ratio of steam to water is ~ 1.02 (see 
Figure 5.6b).

For higher separation pressures, the amount of brine increases while the brine 

a) b)

Figure 5.6: Effect of separation (brine feed) pressure at 430 °C a) on the ZLD window of 
operation (solid line) and steam exergy (dashed line; inlet brine concentrations reported) 

b) Ratio of first stage steam to water content (■ 250 bar; ■ 270 bar; ■ 300 bar)
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concentration decreases. With regards to the steam exergy, it is seen that the exergy 
increases with separation pressure due to the lower salt concentration of the brine 
and also the higher second stage pressures (holds for the second part of the ZLD 
operating window).

5.2.2.3 Maximum operating pressures
Determining the maximum pressures of the ZLD operating window (for the given 
hydrothermal brine inlet conditions), provides a first estimation for the possible 
operating pressures. From Section 5.2.2.1 it was recommended to operate near the 
maximum second stage pressure, as the least amount of potential work is lost in this 
area (steam exergy was at a maximum). 

From Figure 5.3 it was seen that there are two maximum pressures for which ZLD 
can be achieved, namely the theoretical and the operational maximum. For the 
theoretical maximum, the temperature cross inside the evaporator is neglected, 
while for the operational maximum the temperature cross is considered.  

Both the theoretical and operational (see Section 5.2.2.2) maximum pressures 
depend on the amount of energy available for drying, which in turn depends on 
the hydrothermal brine inlet conditions. The maximum theoretical point lies where 

the first and second stage pressures are equal (
𝑃𝑃2
𝑃𝑃1

= 1)  and the energy available for 
drying is equal to the energy required for drying (without expansion in the second 
stage). The theoretical pressures can thus be determined by equating the pressures 
and solving the mass and energy balance for ∆H = 0 (see Eq. 5.1). 

In addition to the hydrothermal brine inlet conditions, the maximum operational 
pressures are dependent on the selected temperature difference inside the 
evaporator. The operational maximum pressure lies at the point where 1) the 
process becomes limited by the energy available for drying the salts and 2) the 
temperature difference inside the evaporator is equal to the specified temperature 
difference. For the operational maximum, the second stage pressure is always lower 

than the corresponding first stage pressure (
𝑃𝑃2
𝑃𝑃1

< 1) . For calculating the operational 
pressures, the same procedure as described in Section 5.2.2.1 would have to be 
followed (Figure 5.3 – dark grey ZLD area). The first stage pressure has to be varied 
for a certain range and the corresponding second stage pressure has to be calculated 
for the selected temperature difference inside the evaporator. From the calculated 
pressures, the maximum second stage pressure can then be identified. Calculating 
the operational pressures is thus more tedious.  However, calculating the maximum 
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theoretical pressures can already provide a good estimate of the operating area. In 
Table 5.1 the calculated theoretical and operational maximum second stage pressures 
and corresponding first stage pressures are given, for different hydrothermal brine 
conditions and selected temperature differences inside the evaporator.

Temperature 
(ᵒC)

Pressure 
(bar)

Brine 
concentrationa 
(wt.% NaCl)

Temperature 
difference 
(ᵒC)

Theoretical 
pressure 
(bar)

Operational 
first stage 
pressure 
(bar)

Operational 
second stage
pressure 
(bar)

420 270 30 1 33 34 24

430 270 38 1 35 38 27

430 270 38 20 35 40 20

430 250 43 1 33 35 25

430 300 29 1 41 (40.5) 41 29

440 270 44 1 39 42 29

450 270 50 1 42 45 32

a Refers to the hydrothermal brine concentration entering the first stage flash

From the results the following observations can be made regarding the relationship 
between the theoretical and operational maximum points. Firstly, the theoretical 
first stage pressure at the maximum point will always be lower than the operational 
first stage pressure (P1,theo < P1,opl). Secondly, the maximum theoretical second stage 
pressure will be higher than the maximum operational second stage pressure         
(P2,theo > P2,opl). These two observations provide guidelines for selecting possible 
operating pressures from the determined theoretical maximum. Furthermore, it is 
seen that the operational first stage pressure is not greatly affected by the selected 
temperature difference (increased with 2 bar), however, the operational second 
stage pressure decreased with 7 bar.  

5.2.2.4 Steam integration and SCWD energy consumption
In Figure 5.7 the second stage steam (stream #5 + #7) exergy for different feed 
concentrations is given.  In this case the steam exergy was normalised with respect 
to the feed rate of the entire SCWD unit, which is 10 kg/h for all concentrations.

Table 5.1: Theoretical and operational maximum pressures of the ZLD operating window 
for different conditions
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The second stage pressure remained the same for all concentrations as the brine 
concentration and the selected evaporator temperature difference was kept constant. 
For higher concentration feeds more steam was retrieved due to the increase in brine 
content.  

In Chapter 4 it was shown that pre-heating the higher concentration feeds                           
(14 and 20 wt.%) would improve the heat exchange potential in the supercritical 
heat exchanger (SC – HEX, see Figure 5.8). Calculations showed that pre-heating 
a 20 wt.% NaCl feed to 200 ᵒC would require 0.56 MJth/kgfeed, of which 70 % could 
be provided by the SCW stream, through stream splitting [6]. The remaining                                 
0.17 MJth/kgfeed would have to be provided by medium pressure (MP) steam (20 bar; 
220 ᵒC). However, with the above ZLD scheme, the remaining energy can be easily 
provided by the produced second stage steam rather than a utility stream. At the 
maximum steam exergy point (steam pressures is 26.32 bar) the total latent heat 
of the steam (20 wt.% feed) is 2.78 MJth/h (feed rate of 10 kg/h), which is sufficient 
for heating the feed stream from 25 to 200 °C (1.7 MJth/h is required after stream 
splitting). For a 14 wt.% feed, the produced steam could be used to pre-heat the 
stream to 100 ᵒC.  This in turn reduces the operational costs of the unit. In Table 
5.2 the updated summary of the total SCWD energy consumption is given. For the 
detailed explanation on the calculations the reader is referred to Chapter 4. The pump 
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Figure 5.7: Effect of feed concentration on second stage exergy for separation conditions 
of 430 °C and 270 bar (dashed line – second stage pressure, solid line – steam exergy (#5 + 

#7); ─ 3.5 wt.%; ─ 7 wt.%; ─ 14 wt.%; ─ 20 wt.%)
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and feed heater duty, for a feed of 3.5 and 7 wt.%, remained the same as previously 
reported. For a feed of 14 and 20 wt.%, pre-heating was required to compensate for 
the fact that the SCW recovery decreases with higher feed concentrations, which 
alters the heat exchange potential inside the SC HEX (see Figure 5.8). Previously, 
pre-heating was done using external steam, but is no longer required as the steam 
can be retrieved from the brine treatment unit. As a result the energy consumption 
decreased, with 4 % for a feed of 14 wt.% and 24 % for a feed of 20 wt.%. The overall 
energy consumption was also normalised for the amount of salt fed to the SCWD 
unit, to show that the process becomes less energy intensive as the salt concentration 
of the feed increases. The NaCl cooling duty required to cool the dried NaCl existing 
the unit was also included. In Table 5.2 the cooling requirement for a stream cooled 
from 245 (26 bar) to 50 °C, using cooling water (assume a cooling water temperature 
increase of 10 °C) is reported.   

Feed 
conc.
(wt.%)

Pump   
dutya     
(MJth/kgfeed)

Feed heater 
inlet 
temperatureh  
(ºC)

Feed 
heater dutyh 
(MJth/kgfeed)

Overall energy
consumptionb 

(MJth/kgfeed)

Overall energy
consumptionb 

(MJth/kgsalt)

NaCl 
cooling 
requirementc 
(MJth/kgfeed)

3.5 0.048 389 0.81 0.90 26 0.006

7 0.046 390 0.78 0.93 13 0.012

14d 0.042 385 0.70 0.74 (0.77)f 5.3 0.025

20e 0.039 397 0.50 0.54 (0.71)f 2.5 0.035
a Thermal energy requirement (50 % efficiency)
b Sum of thermal energy of pump and feed heater
c NaCl is cooled from 245 to 50 ºC
d Pre-heated to 100 ºC
e Pre-heated to 200 ºC
f Original energy consumption (Chapter 4) given in brackets 
h Feed heater refers to the SC Heater shown in Figure 5.8

5.3 Economic evaluation

An economic analysis was performed to give an indication of the cost of the proposed 
SCWD unit, shown in Figure 5.8. The feed stream splitting section is only applicable 
for higher concentration feeds (14 and 20 wt.%).  

Table 5.2: SCWD energy consumption (adapted from Chapter 4)
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The capacity of conventional desalination plants varies greatly, depending on the 
region and the type of technology. Capacities range from small-scale plants of         
1000 m3/d to larger plants with a capacity of more than 250 000 m3/d [11,12]. Thermal 
desalination plants have smaller capacities ranging from 50 000 – 70 000 m3/d for 
multi-stage flash (MSF) and 5000 – 15 000 m3/d for MED. Reverse osmosis (RO) 
plants have capacities up to 250 000 m3/d [11,13]. The economy-of-scale is observed 
for desalination plants up to certain capacities. For thermal desalination plants with 
high salinity feeds, the optimum capacity is ≥ 25 000 m3/d for MSF and between 
10 000 and 25 000 m3/d for MED [11]. The freshwater recovery (for a seawater feed) 
varies, but is usually less than 50 % [11]. For the economic analysis, the SCWD was 
regarded as a post-treatment unit for the treatment of brine waste (e.g. produced 
during desalination). For the preliminary evaluation the size or capacity and cost 
of the SC HEX and SC Heater was considered (see Figure 5.8). The SC HEX was 
designed as a multiple-tube, hairpin HEX, operated in pure counter-current flow 
and able to withstand high operating pressures and temperatures. The approximate 
surface areas for these units are 10 – 200 m2 [14]. The surface area of the SC HEX 
was determined using the U.A/mfeed value of 20 kJ/kg·K and assuming an overall 
heat transfer coefficient of 1500 W/m2·K [6,7]. The SC heater was chosen to be a box 
type furnace (fired heater), with capacities ranging from 10 to 340 million Btu/h                  
(3 – 100 MW) [15]. The duty for the SC Heater was calculated using the calculated 
heater duties (in MJth/kgfeed) from Table 5.2, for the different concentrations and feed 
rates. The required size or duty of each unit was then divided by the amount of brine 
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fed, to get the unit size per capacity brine. This value was then used to determine 
the maximum capacity of the units, for the maximum size or duty of the respective 
units. The results are presented in Table 5.3.

Feed conc.
(wt.%)

SC HEX size SC HEX maximum 
capacity a (m3/d)

SC Heater size SC Heater maximum 
capacity b (m3/d)

3.5 0.158 1266 0.0097 10 300
7 0.161 1242 0.0094 10 600
14 0.170 1176 0.0089 11 250
20 0.177 1130 0.0067 15 000
a Maximum area of 200 m2

b Maximum duty 100 MW

The results show that the maximum capacity, for a single SC HEX, is ~ 10 times 
lower than the maximum capacity for the SC Heater, with values for the SC Heater 
reaching up to 15 000 m3/d for concentrated feeds. A fired heater is considerably 
more expensive than a HEX, due to the design and materials. Installing multiple 
HEXs would therefore not be as costly compared to a single fired heater. For further 
consideration of the plant capacity, the cost and size of the downstream gravity 
separator was calculated. The separator is a pressure vessel (designed to withstand 
pressures of 300 bar) made of special corrosion resistant material (Incoloy 825). 
Vertical pressure vessels have a maximum weight of 455 tons [15]. In Figure 5.9 the 
cost per capacity of multiple HEXs, a fired heater and one or more separators are 
compared for a feed of 3.5 wt.% NaCl (most extreme case since it will require the 
largest units). The material of construction was Ni alloy for the HEX tubing and 
Incalloy for the tubes in the fired heater. Incoloy 825 was selected as the material of 
construction for the separator.   

(𝒎𝒎𝑯𝑯𝑯𝑯𝑯𝑯 𝒂𝒂𝒂𝒂𝒂𝒂𝒂𝒂
𝟐𝟐

𝒎𝒎𝑩𝑩𝒂𝒂𝑩𝑩𝑩𝑩𝒂𝒂
𝟑𝟑 /𝒅𝒅) ( 𝑴𝑴𝑴𝑴

𝒎𝒎𝑩𝑩𝑩𝑩𝑩𝑩𝑩𝑩𝑩𝑩
𝟑𝟑 /𝒅𝒅) 

Table 5.3: Required unit size (SC HEX and SC Heater) and maximum capacity for 
different feed concentrations
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From the results it is seen that the cost of multiple HEXs and separators are less 
than the cost of a single fired heater. From 500 to 5000 m3/d the cost of the separator 
increases due to the size and wall thickness of the vessel increasing for a higher 
capacity. From a capacity of 5000 to 10 000 m3/d the size of the vessel remains the 
same, but two vessels would have to be installed. The cost per capacity will thus 
remain the same. Furthermore, it is seen that the biggest decrease in cost for the fired 
heater and HEXs, is from a capacity of 500 to 5000 m3/d. From 5000 to 10 000 m3/d 
the equipment cost remained almost constant for the separators and HEXs, while for 
the heater it decreased marginally. A further increase in the capacity of the SCWD 
process would thus not benefit the cost of the units. For the economic evaluation, the 
chosen capacity is 5000 m3

feed/d and it can be viewed as a post-treatment step for a 
MED plant or a small-scale RO plant.  

5.3.1 Capital investment  
The economic analysis was done for a SCWD unit with a feed rate of 5000 m3/d and 
an availability of 330 days per year. The feed concentration was varied for 3.5, 7, 
14 and 20 wt.% NaCl and the separation temperature and pressure were fixed at                    
430 °C and 270 bar. The first and second stage expansion pressure was set to 40 and 22 
bar respectively, for optimum steam production, while still achieving ZLD.   40 and 
22 bar were selected as the expansion pressures so that the temperature difference 
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inside the second stage evaporator was 15 °C. At the maximum second stage steam 
exergy point (P1st stage – 39 bar and P2nd stage – 26 bar) the temperature difference was 
only 3.5 °C, meaning that the evaporator surface area would have to be large. For 40 
and 22 bar the surface area was smaller and the steam produced was still sufficient 
for pre-heating concentrated feeds.

The annual feed rates and production flows are given in Table 5.4. All mass and 
energy balances were performed using the models and equations given in Appendix 
D (Section D.1), Chapter 2 and 4. A complete stream table for a 20 wt.% feed is given 
in Appendix D.

3.5 7 14 20

Feed (kton/year) 1687 1728 1814 1891
NaCl (kton/year) 58 120 253 378
Total water produced (kton/yr) 1629 1608 1561 1513
  SCW water (kton/yr) 1534 1412 1148 898
  Condensate (kton/yr) 48 99 207 308
  MP Steam (kton/yr) 47 97 206 307

The capital investment was estimated according to the overall factor method of Lang 
[15]. The total bare module cost of the equipment was multiplied with a factor of 
4.28 (Lang factor for fluids-solids processing plant) to obtain the total fixed capital 
investment, within an accuracy of ± 35 %. The year basis for the capital cost was 2018 
(chemical engineering index = 603.1 [16]) and costing was done in US dollars. The 
major equipment sizing and costing was done according to the methods described 
in Seider et al. [15], Peters et al. [14] and Woods [17], with further details provided 
in Appendix D. In Table 5.5 a summary is given of the purchase costs, material of 
construction and design pressure and temperatures, as well as the final fixed capital 
investment. 

Table 5.4: Feed and product rates of a SCWD unit for different feed concentrations 
(capacity of 5000 m3/d)
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Unit Material of 
construction

Design 
pressure 
(bar)

Design 
temp. 
(ºC)

Estimation 
method Capital investment (M$)

3.5 7 14 20

High-
pressure 
pump 

SS 316 300 50 Seider et al. [15] 2.24 2.29 2.41 2.51

SCW-Feed 
pre-heat 
HEX

SS 316 300 210 Peters et al. [14] - - 0.73 1.10

Steam-
Feed pre-
heat HEX

SS 316 300 210 Peters et al. [14] - - 0.03 0.18

SC HEX Inconel 825 (tube)
SS 316 (Shell)

300 460 Peters et al. [14] 2.05 2.05 2.05 2.05

SC Heater Incalloy (tubes) 300 460 Woods [17] 11.90 11.80 11.20 8.67

Separator Inconel 825 300 460 Seider et al. [15] 6.58 6.09 4.77 4.11

1st Flash SS 316 44 290 Seider et al. [15] 0.03 0.07 0.17 0.39

2nd Flash-
evaporator

SS 316 24 290 Peters et al. [14] 0.30 0.21 0.33 0.42

Cooler SS 316 24 290 Peters et al. [14] 0.01 0.01 0.01 0.01

Total fixed capital investment (Lang factor 4.28) 99 96 93 83

Only the major equipment was considered for the capital investment. As mentioned 
in Section 5.3, the SC HEX, SC heater and separator were constructed from corrosion 
resistant materials such as Inconel 825 and Incalloy. The units for the brine treatment 
section was mainly constructed from stainless steel 316. The material of construction 
has a high corrosion resistance, under subcritical conditions, and is commonly used 
for construction of process units for MSF and MED [18–20]. The most expensive unit 
was the fired heater with the separator being the second most expensive unit due to 
the material of construction and high design pressures, which leads to an increased 
wall thickness. The total fixed capital investment was M$ 83 – 99, with the investment 
decreasing for higher feed concentrations. This is mainly due to the lower cost of the 
SC heater (less duty) required and gravity separator, even though two extra heat 
exchangers are required for the feed pre-heating section. Mickley [21] extensively 

Table 5.5: Summary of fixed SCWD capital investment (see Figure 5.8) for different feed 
concentrations (wt.% NaCl)
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investigated different ZLD schemes for different flows and feed concentrations. For 
schemes containing thermal brine concentrators and crystallisers, the investment 
cost was M$ 16 – 18 (0.4 wt.% feed) and M$ 22 – 28 (1.2 wt.% feed) for a feed of 1 
million gal/d (3785 m3/d). The investment costs are lower however, the cost does 
increase with feed concentration, which is not the case for SCWD. No pre-treatment 
costs were added for the schemes consisting of only thermal units. For the schemes 
containing a RO unit, as pre-concentration step, the cost of lime softener was added.  

5.3.2 Brine treatment price
In order to estimate the brine treatment price, the annual capital and operating 
expenses were calculated. The annualised capital expenses were calculated for 
an interest rate of 7 % and for a period of 25 years, which are typical values for a 
desalination plant [22,23]. The annual operating expenses consisted of the utilities, 
operations and labour, and maintenance costs. As it was assumed that the SCWD 
unit would be added to an existing desalination facility, the expenses allotted for 
utilities and related facilities or plants such as electricity and steam generation were 
not considered. The utility costs included the cost of natural gas for the fired heater, 
electricity for the pump and the cooling water. The detailed utility prices and annual 
utility cost can be found in Appendix D. The annual maintenance of SCWD unit 
was calculated as 2 % of the total fixed capital investment. This is typically done 
for membrane-based desalination plants, while for thermal desalination plants, 
such as MED, the maintenance is taken as 0.2 % of the fixed capital [24]. However, 
due to the corrosive environment and extreme operating conditions a conservative 
maintenance estimate of 2 % was taken rather than the conventional 0.2 %.  Further 
detailed information on the operating costs can be found in Appendix D. The cost of 
brine pre-treatment was not included in the operating costs as this is dependent on 
the brine source. For drinking water production, the brine stream already underwent 
pre-treatment before desalination and minimal pre-treatment would be required. 
Brine produced during hydraulic fracturing would require extensive pre-treatment, 
which would increase the overall brine treatment price (see Section 5.3.4).   

The income of the SCWD unit was calculated for the SCW, steam and NaCl 
production. The steam produced during brine expansion (235 °C and 22 bar) is 
partially used to pre-heat concentrated feeds. The remainder of the steam as well as 
the steam produced for the lower concentration feeds (3.5 and 7 wt.%) was sold as 
MP steam utility. In Table 5.6 a summary of the annual expenses and income is given 
as well as the cost of brine treatment.
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Unit 3.5 7 14 20

Annualised capital costa M$/yr 8.50 8.27 7.97 7.14

Annual operating cost M$/yr 10.12 9.97 9.53 7.84

Annual NaCl incomeb M$/yr (-1.74) (-3.60) (-7.60) (-11.33)

Annual steam incomec M$/yr (-0.49) (-1.02) (-1.64) (-1.43)

Annual water incomed M$/yr (-0.52) (-0.48) (-0.39) (-0.31)

Brine treatment cost (Excl. income)e $/m3 11.28 11.06 10.60 9.08

Brine treatment cost (Incl. income)e $/m3 9.61 7.97 4.77 1.16

Cost based on salt (Excl. salt income) $/tonne salt 321 152 69 40

Cost based on salt (Incl. salt income) $/tonne salt 291 122 39 10

a   
𝐴𝐴 = 𝑃𝑃 

[𝑖𝑖(1 + 𝑖𝑖)𝑛𝑛]
[(1 + 𝑖𝑖)𝑛𝑛 − 1] 

 compound interest formula
b NaCl price $ 30 /ton [8]
c MP steam (22 bar; 235 ºC) price $ 10.5 /ton [15]
d Process water price $ 0.34 /m3, only SCW is sold  [15]
e Based on m3 of brine fed

In Table 5.6 the brine treatment price is reported for an ideal case where all the 
products are sold and a more realistic case where none of the products are sold. The 
sale of the product is dependent on the quality. For example, the MP steam could 
contain entrained salt particles which would lower the steam quality, making the 
direct use of the steam impossible. Demisters would have to be installed to prevent 
the entrainment, similar to what is done for MSF and MED. Alternatively, the heat 
of the steam could be used to generate high quality steam using a heat exchanger. 
Further analysis on the effect of product sales is shown in Section 5.3.3.1.  

It is seen that the feed concentration has a great effect on the brine treatment cost 
(Incl. income) decreasing the treatment cost with a factor ~ 8. This is partially due to 
the lower annual investment and operating expenses, however, the higher income of 
the salt is the main contributor to lowering the cost. This shows that the price of water 
alone is too low to make the process economically feasible and that other products, 
such as steam and salt, also need to be sold to cover the rest of the expenses. For 
the chosen separator conditions (430 °C and 270 bar), the total dissolved salt (TDS) 

Table 5.6: Economic evaluation of SCWD unit for four different feed concentrations (plant 
capacity of 1650 000 m3/yr with 90 % availability)



 Potential of SCWD as ZLD technology | 151 

concentrations of the SCW phase was 680 ppm, which is below the limit for fresh 
drinking water (> 750 ppm TDS) [25]. However, as the brine fed to the system is a 
waste stream from another process, the water cannot be sold as drinking water. The 
produced water can be used as process water (utility) for another section of the plant 
with which the SCWD unit would be integrated. In the case of hydraulic fracturing, 
the water can be recycled to the wells.

The optimisation of the brine expansion and steam integration, contributed to a 
reduction in the brine treatment cost. For a feed of 20 wt.% NaCl, the brine treatment 
price would be $ 3.06 /m3

brine  (~ 3 times higher compared to the current treatment 
price), due the additional utility expenses for MP steam.

Based on the salt content of the feed, the cost ranges from $ 321 – 40 /tonne NaCl, if 
no salt were to be sold, showing that the process becomes cheaper for more salt in 
the feed. Compared to the cost of a spray dryer ($ 90 /tonne solid), the SCWD unit is 
more favourable for concentrated feeds [1].

5.3.3 Sensitivity analysis

5.3.3.1 Product income
Depending on the source of feed (brine) and the quality of the products (process 
water, MP steam and salt), some or all of the products might not be sold thereby 
affecting the brine treatment prices. In Figure 5.10 a comparison is given of the effect 
that the sale of each product has on the brine treatment price.
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From the results it is seen that the loss of income from either MP steam or process 
water does not have a significant influence on the brine treatment price, as these are 
low value products when compared to the salt. The loss of the salt income has the 
greatest influence on the brine treatment price, especially for higher concentration 
feeds for which more salt is produced. For a feed concentration of 20 wt.%, the brine 
treatment price will increase from $ 1.16 to 7.98 /m3

brine. Thus the sale of salt, even 
as a low-quality product, is important for making the SCWD more economically 
favourable, especially for concentrated brine waste streams.

5.3.3.2 Salt waste disposal
For a scenario where the salt is not sold as low-quality salt, it will have to be disposed 
of as non-hazardous solid waste, which in turn will increase the operating cost and 
brine treatment price. In Figure 5.11 the effect of salt disposal costs on the brine 
treatment price is shown, assuming that the disposal cost of non-hazardous solid 
waste is $ 33 /ton [26].  
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Figure 5.10: Influence of product income on brine treatment price (□ Ideal case ■ No steam 
income; ■ No water income; ■ No salt income; pattern – No income)
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The results show that compared to the idealised case and the case where no income 
is considered, the brine treatment price will increase considerably when the cost of 
waste disposal is also included. Even though the annual capital and other operating 
expenses decrease with feed concentration, the cost of solid waste disposal is such 
that the annual operating expenses (and thereby the brine treatment price) increase 
significantly for higher concentration feeds. For a feed concentration of 20 wt.%, 
the brine treatment price will increase to $ 16.60 /m3

brine (most waste is produced). 
For lower concentrations (3.5 and 7 wt.% NaCl), the brine treatment price will be 
between $ 12 – 13 /m3

brine. 

Even though the brine treatment price increases significantly, it is still comparable 
with disposal techniques such as deep-well injection (when transportation costs 
are included) and lined evaporation ponds. In a review by Panagopoulus et al. 
[1], it is reported that the disposal cost was $ 3.28 – 10.04 /m3

brine for evaporation 
ponds and $ 0.54 – 2.65 /m3

brine for deep-well injection (excluding the transportation 
costs).  For a low concentration feeds (3.5 and 7 wt.%), the SCWD brine treatment 
price is slightly higher than an expensive lined evaporation pond.  Lokare et al. 
[27] reported that for deep-well injection (treatment of waste brine from hydraulic 
fracturing), transportation costs to the injection sites are $ 10 – 20 /barrel ($ 83 - 167 
/m3), with the injection cost being $ 1 /barrel ($ 8.3 /m3).  Able & Trembly [28] also 
reported values of $ 4 – 8 /barrel ($ 34 – 67 /m3) for brine disposal and $ 20 /barrel                                                
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($ 167 /m3) for transportation costs. The SCWD brine treatment price, including solid 
waste disposal, is thus less expensive than deep-well injection, which is mainly due 
to the high transportation cost of the brine to the injection sites.

5.3.3.3 Feed inlet temperature
Next to the effect of the product income and solid waste disposal, the effect of the 
feed inlet temperature was also examined, with the results shown in Figure 5.12.

For the base case evaluation, it was assumed that the feed enters at 25 ᵒC and 1 
bar for all feed concentrations. For thermal desalination plants the operating 
temperatures are in the range of 65 – 70 ᵒC (MED) and 90 – 110 ᵒC (MSF) and the 
brine waste has to be cooled before being disposed [29]. Regulations state that the 
brine waste discharge temperature should be a maximum of 10 ᵒC higher than the 
seawater [1,29,30]. If the concentrated brine waste is fed to a SCWD post-treatment 
unit, cooling is superfluous, as higher feed temperatures are beneficial for heat 
integration, especially for concentrated feeds [6]. For a feed of 14 and 20 wt.%, higher 
temperatures would lead to less steam consumption (Steam-Feed pre-heat, Figure 
5.8) and more MP steam would be left to sell as a utility. If the inlet temperature 
is increased to 90 ᵒC, the brine treatment cost (Incl. income) would reduce from $ 
4.77 to 4.50 /m3

brine for a 14 wt.% feed and $1.16 to 0.76 /m3
brine for a 20 wt.% feed. 

The effect of the inlet temperature is greater for a 20 wt.% feed, due to the higher 
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steam production rate. For an inlet temperature of 110 ᵒC, the treatment cost drops 
to $0.64/m3

brine. In addition to the increased sale of MP steam, the capital expenses for 
a 14 and 20 wt.% would also decrease as a smaller or no Steam-Feed HEX would be 
required. This effect was not included in the analysis.

5.3.4 Comparison with other SCWD economic evaluations
The SCWD process is still an emerging desalination technology and the number of 
economic evaluations is limited. The group of Trembly have conducted a few studies 
to evaluate the economic feasibility of the application of SCWD for the treatment 
of multi-component waste water streams produced during hydraulic fracturing 
[8,26,28].    

Lopez & Trembly [8] simulated the SCWD process using Aspen Plus. A multi-
component brine stream (15.5 wt.% TDS) was treated at 221 bar and 430 °C. The 
estimated treatment cost of their SCWD process was $ 4.29 – 7.10 /m3

brine (Incl. 
income). The minerals retrieved during the pre-treatment steps i.e. BaSO4, Mg(OH)2, 
CaCO3 and SrCO3 were sold at prices ranging from $ 100 – 200 /ton. The recovered 
NaCl from the separation was also sold, at a price of $ 30 /ton. If the minerals were 
not sold, the cost would be $ 25 /m3

brine, which is higher than the treatment cost 
(Excl. income) reported in Table 5.6. The required chemicals for pre-treatment of the 
brine increased the operational expenses of their process, making the process more 
expensive in comparison to the process of this study. 

Able & Trembly [28] performed an extensive economic evaluation using simulations 
and experimentally validated results. The default conditions were for a brine feed 
rate of 545 m3/d (100 gpm) and inlet concentration of 17.6 wt.% TDS.  Separation 
occurred at 250 bar and the water recovery was set to 50 % (mass basis). For the 
default conditions, two scenarios were investigated for ZLD.  The first considered 
the disposal of the NaCl and KCl salts and the cost of solid disposal was included in 
the operating cost ($ 33 /ton). The second scenario considered the sale of the salt as 
rock salt ($ 72 /ton). The cost of brine treatment for the disposal case was $ 85 /m3

brine 
($ 10.19 /barrel), while the cost for salt income scenario was $ 58 /m3

brine ($6.89 /barrel). 
The cost of both scenarios was much higher compared to the values presented in 
Figure 5.10 and 5.11, which is mainly related to the costs associated with the pre-
treatment of the brine. As for their previous study [8], the pre-treatment cost was 
included in the analysis. The cost for the chemicals required for pre-treatment of 
the feed was $ 32 /m3

brine ($ 3.78 /barrel) and was the largest contribution to the brine 
treatment price. Apart from the pre-treatment costs, the cost of solid waste disposal 
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was the biggest contributor. The contribution of the solid waste disposal, to the total 
brine treatment price was $ 2.48 /m3

brine ($ 0.28 /barrel) for hazardous waste and              
$ 7.55 /m3

brine ($ 0.90 /barrel) for non-hazardous waste. 

From the above comparison it can be concluded the source of the brine feed will have 
a great influence on the overall brine treatment price. For thermal desalination units, 
the cost of pre-treatment ranges from $ 1.29 – 1.92 /m3

brine, (feed rate of 50 – 800 m3/h) 
which would increase the treatment marginally [31]. However, for concentrated 
brines originating from wells and reservoirs, during processes such as hydraulic 
fracturing and CO2 sequestration, the treatment price will increase significantly due 
to the extensive pre-treatment required.

5.4 Technology comparison and application

In Figure 5.13 the brine treatment prices of different desalination technologies, 
near-ZLD (brine concentrated up to saturation and then discharged) and complete 
ZLD processes are compared with the ideal brine treatment price for SCWD (all 
products are sold). For the comparison, only commercially available technologies 
were considered and not emerging technologies.  
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From the overview it is seen that for low concentration feeds (3.5 and 7 wt.%) 
the treatment cost of SCWD is expensive compared to other process. As the feed 
concentration increases up to 14 wt.%, the process becomes comparable with other 
SCWD processes and near-ZLD technologies. For feed concentrations close to 
saturation (20 wt.%), the ideal treatment price is comparable to that of thermal-based 
technologies. If the cost of solid waste disposal would be considered for the SCWD 
scheme, the brine treatment price for concentrated waste streams would increase 
considerably, but this would also be the case for the other units producing either a 
brine or solid waste. For the above comparison, some studies did not include the cost 
of pre-treatment or the disposal costs associated with the concentrated brine, while 
for other this was included. For a more fairer comparison, these costs should either 
be neglected or included for all studies.
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In general when comparing SCWD to conventional ZLD technologies, the advantages 
are 1) the unit is more compact, 2) the energy consumption of the unit decreases with 
feed concentration, and 3) it is versatile, in that it could be used for the treatment 
of mixed brine streams on the condition that a vapour-liquid equilibrium (VLE) is 
formed, under supercritical conditions. Refer to Chapter 6 for further details on the 
treatment of multi-component brines.

SCWD is applicable to a wide range of feed concentrations, but is most appropriate 
(in terms of energy consumption and economics) for the treatment of high 
concentration brines. Specifically, SCWD would be best suited for smaller scale 
thermal desalination plants. The waste streams of these plants are more concentrated 
(7 wt.% to saturation) and have higher discharge temperatures (30 – 45 ºC), both 
factors that reduce energy consumption and treatment cost [1,33,34]. For these waste 
streams minimal pre-treatment is required and the brine treatment price will not 
increase considerably. Conversely, the SCWD could be used for the treatment of 
waste streams produced during hydraulic fracturing and CO2 sequestration. The 
produced brine for both these processes vary in concentration depending on the 
reservoirs, but the average concentrations are between 15 and 18 wt.%, with the 
maximum being 25 – 30 wt.% [9,35–38]. The pre-treatment of the streams would 
be required which will increase the brine treatment price considerably. The use of 
SCWD for the treatment of hydraulic fracturing waste has already been investigated 
to some extent [8,39].

5.5 Conclusions 

Detailed process calculations (using the AP EoS and eNRTL model) of the SCWD 
unit were extended to the brine treatment section to maximise steam production 
and achieve ZLD. ZLD was achieved by a two-stage expansion of the hydrothermal 
brine (remaining after separation of SCW), utilising the steam produced during 
the first stage flash to dry the salt in the second stage flash-evaporation. A window 
of operation (with the pressures of the two stages as variables) was established in 
which the brine treatment section could be operated to achieve ZLD. The optimum 
point of operation was located around the maximum second stage pressure, where 
the exergy of the second stage (flash-evaporation step) steam was also a maximum, 
due to the high pressure and corresponding temperature. Through optimisation of 
the brine recovery section, the energy consumption of the entire SCWD process, 
for concentrated feed streams, was reduced by using the generated steam to pre-
heat the streams. For a 14 wt.% feed the total energy consumption reduced to                                  
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0.74 MJth/kgfeed (4 % reduction) and for a 20 wt.% feed the energy consumption 
reduced to 0.54 MJth/kgfeed (24 % reduction). When comparing the amount of energy 
retrieved as steam to the energy input of the feed heater, 7 – 14 % of the energy is 
recovered for a feed concentration of 3.5 and 7 wt.% respectively. Most of the energy 
input goes to the SCW stream as the recovery is higher for low feed concentrations. 
For concentrated feeds, 14 and 20 wt.% NaCl, 23 – 27 % is retrieved after pre-heating 
the feed.  

The economic analysis showed that by increasing the feed concentration from 3.5 
to 20 wt.%, the brine treatment price decreased from $ 9.61 to 1.16 /m3

brine, for an 
ideal case where all the products (salt, steam and water) were sold. The income of 
the salt was the main contributor to making the SCWD economically favourable. 
Apart from the income of the products, the brine treatment price also decreased 
with feed concentration due to the lower capital (smaller SC heater) and operating 
(lower energy consumption) expenses. For the case where the salt was disposed as 
solid waste the brine treatment price increased considerably (> factor 10) for high 
concentration feeds. However, it was still lower than the price of deep-well injection 
(brine disposal method). Comparison with other SCWD economic evaluations, 
revealed that the brine treatment price greatly depends on the source of the brine 
feed and the extent of pre-treatment required.  

The proposed SCWD process (idealised case) was comparable, with respect to 
brine treatment price, to near-ZLD processes, other SCWD processes (salt income 
included) and thermal-based units, for high concentration feeds (14 and 20 wt.% 
NaCl). It was recommended that SCWD be used for the treatment of concentrated 
brine waste streams of small capacity thermal desalination plants or other processes 
which produce concentrated waste streams at high outlet temperatures.
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Appendix D

D.1 Thermodynamics and process calculations

D.1.1 Experimental SCWD product distribution
In Figure D.1 the experimental qualitative distribution of the products over the brine 
expansion section of the supercritical water desalination (SCWD) unit is shown.

The products were distributed over the different units in different phases i.e. 
dissolved NaCl + water mixture, solid NaCl and condensed vapours. For the model 
calculations the products were divided into three phases namely, steam (pure H2O 
vapour), solid NaCl and a total liquid solution containing water and dissolved NaCl. 
For the calculation of the steam content is it assumed that the vapour phase consisted 
only of water, which was supported from a thermodynamic perspective, as NaCl is 
non-volatile. The product distribution was iteratively calculated by solving the triple 
point temperature (for the brine expansion pressure) and the steam mass fraction. 
These two variables were solved by assuming that the expansion is isenthalpic:

(D.1)

Salt collector 

Valve

Condensed 
vapour collector

Cooler -2
 

Conductivity 
sensor 2

Cyclone

Cyclone collector

Wet solid NaCl (dry usable salt – after drying)

Dissolved NaCl in H2O

Dissolved NaCl in condensed  vapours

BPR-2

Figure D.1: Qualitative product distribution of brine expansion based on experimental 
results
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(D.2)

The enthalpy of the brine was determined by first solving the vapour-liquid 
equilibrium (VLE) for the given separation temperature and pressure and then 
calculating the specific enthalpy using the equations given in Chapter 3.  The enthalpy 
of the steam was estimated using the International Association for Properties of 
Water and Steam Industrial Formulation 1997 (IAPWS IF-97) steam tables (Matlab 
XSteam).  The solid NaCl enthalpy was calculated through integration of the isobaric 
heat capacity of NaCl [40], while the solution enthalpy was calculated using the 
electrolyte non-random two liquids (eNRTL) model.  The liquid-solid equilibrium 
(LSE) or solubility of solid NaCl, under subcritical conditions, was estimated from 
the solubility product constant (Ksp):

(D.3)

With ∆Gi
o being the Gibbs free energy change for dissolution of the solid crystal i.  For 

this study, only the formation of NaCl(s) was considered and not the precipitation 
of NaCl.2H2O(s). This is due to NaCl.2H2O(s) forming at temperatures of 0 ºC and 
lower, and therefore below the temperature limit of this system. v is the total number 
of ions and 𝑚𝑚±  and 𝛾𝛾±𝑚𝑚  are the mean molality and mean molal activity coefficient 
respectively. The Gibbs free energy change as a function of temperature is given as 
follow:

(D.4)

The reference temperature (Tref) is taken as 25 ºC.  ∆Hi
o and ∆Cp,i

o are the standard 
molar enthalpy and heat capacity change for the dissolution of NaCl.  The constants 
used are given in Table D.1.

𝐻𝐻𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵 = 𝐻𝐻𝑠𝑠𝑠𝑠𝐵𝐵𝑠𝑠𝑠𝑠 + 𝐻𝐻𝑁𝑁𝑠𝑠𝑁𝑁𝑁𝑁 + 𝐻𝐻𝑠𝑠𝑠𝑠𝑁𝑁𝑠𝑠𝑠𝑠𝐵𝐵𝑠𝑠𝐵𝐵  

𝑙𝑙𝑙𝑙 𝐾𝐾𝑠𝑠𝑠𝑠 =  − ∆𝐺𝐺𝑖𝑖
𝑜𝑜(𝑇𝑇)

𝑅𝑅𝑇𝑇 = 𝑣𝑣 𝑙𝑙𝑙𝑙(𝑚𝑚±𝛾𝛾±
𝑚𝑚) 

− ∆𝐺𝐺𝑖𝑖
𝑜𝑜(𝑇𝑇)

𝑅𝑅𝑇𝑇 =  − ∆𝐺𝐺𝑖𝑖
𝑜𝑜(𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟)

𝑅𝑅𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟 + ∆𝐻𝐻𝑖𝑖
𝑜𝑜(𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟)

𝑅𝑅 [ 1
𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟 − 1

𝑇𝑇]                                            

+
∆𝐶𝐶𝑝𝑝,𝑖𝑖 

𝑜𝑜 (𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟)
𝑅𝑅 [𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟

𝑇𝑇 − 1 + 𝑙𝑙𝑙𝑙 ( 𝑇𝑇
𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟)] 
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Table D.1: Thermodynamic standard state properties at 25 °C [57]

Salt/ion cp
o (J/mol/K) ∆hf

o (kJ/mol) ∆gf
o (kJ/mol)

NaCl (s) 50.50 -411.12 -384.02
Na+ (aq) 46.40 -240.12 -261.91
Cl- (aq) -136.40 -167.16 -131.23

To account for the pressure dependence of the solubility, the following polynomial 
expression was introduced by Yan & Chen [41] for pressures up to 1000 bar.

(D.5)

The reference pressure (Pref) is 1 bar and the fitted parameters C1 and C2 are             
478.22 J/kmol and -0.081 J/kmol respectively. Once the solubility product constant is 
known, for the given temperature and pressure, the solubility concentration of NaCl 
in water is calculated.  From the solved triple point temperature and steam mass 
fraction, the remaining product fractions and concentrations could be determined 
by combined mass and energy balance calculations.

D.1.2 Brine treatment section mass and energy balance
The first  and second stage flash calculations were performed in a similar manner as 
the experimental SCWD product distribution.  Firstly, the triple point temperature 
and steam mass fraction was calculated, assuming that the expansion is isenthalpic 
and by preforming mass and energy balances over the units.  With reference to 
Figure 5.2 in the main text the mass and energy balances were as follow:

For the first stage expansion:

Total mass balance:

(D.6)
Salt balance:

(D.7)

∆𝐺𝐺𝑖𝑖
𝑜𝑜(𝑃𝑃) =  ∆𝐺𝐺𝑖𝑖

𝑜𝑜(𝑃𝑃𝑟𝑟𝑟𝑟𝑟𝑟) + 𝐶𝐶1 (𝑃𝑃 − 𝑃𝑃𝑟𝑟𝑟𝑟𝑟𝑟

𝑃𝑃𝑟𝑟𝑟𝑟𝑟𝑟 ) + 𝐶𝐶2 (𝑃𝑃 − 𝑃𝑃𝑟𝑟𝑟𝑟𝑟𝑟

𝑃𝑃𝑟𝑟𝑟𝑟𝑟𝑟 )
2

 

 

�̇�𝑚1 = �̇�𝑚3 + �̇�𝑚2𝐴𝐴 + �̇�𝑚2𝐵𝐵 

𝑥𝑥1�̇�𝑚1 = 𝑥𝑥2�̇�𝑚2𝐴𝐴 + �̇�𝑚2𝐵𝐵 
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Energy balance:

(D.8)

For the second stage expansion

Total mass balance:

(D.9)
Salt balance:

(D.10)

Energy balance:

(D.11)

For the evaporator, the energy available for evaporation of the water in stream #4-A 
(provided by stream #3) should be evaluated to see if complete evaporation is possible 
(zero liquid discharge - ZLD) or if the liquid will only be partially evaporated (no-
ZLD).  For this the latent and sensible heat available from stream #3 was compared 
with the required enthalpy of evaporation for water in stream #4-A:

Enthalpy available:

(D.12)

Enthalpy required:

(D.13)

If Havailable  ≥  Hrequired  all the water is evaporated and stream #8 will only consist of salt.  
If this is not the case, stream #8 will be a brine waste stream consisting of solid salt 
and liquid solution.  The energy balance, if ZLD is achieved, is as follow: 

�̇�𝑚1ℎ1(𝑇𝑇𝑠𝑠𝑠𝑠𝑠𝑠, 𝑃𝑃𝑠𝑠𝑠𝑠𝑠𝑠) = �̇�𝑚3ℎ3(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1) +  

             �̇�𝑚2𝐴𝐴ℎ2𝐴𝐴(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1) +  �̇�𝑚2𝐵𝐵ℎ2𝐵𝐵(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠ℎ,1) 

�̇�𝑚2𝐴𝐴 + �̇�𝑚2𝐵𝐵 = �̇�𝑚5 + �̇�𝑚4𝐴𝐴 + �̇�𝑚4𝐵𝐵 

𝑥𝑥2�̇�𝑚2𝐴𝐴 + �̇�𝑚2𝐵𝐵 =  𝑥𝑥4�̇�𝑚4𝐴𝐴 + �̇�𝑚4𝐵𝐵 

�̇�𝑚2𝐴𝐴ℎ2𝐴𝐴(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,1, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,1) +  �̇�𝑚2𝐵𝐵ℎ2𝐵𝐵(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,1, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,1)

= �̇�𝑚5ℎ5(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2) + �̇�𝑚4𝐴𝐴ℎ4𝐴𝐴(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2)                        

+   �̇�𝑚4𝐵𝐵ℎ4𝐵𝐵(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2) 

𝐻𝐻𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 = �̇�𝑚3ℎ3(𝑇𝑇𝑓𝑓𝑎𝑎𝑎𝑎𝑙𝑙ℎ,1 , 𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑙𝑙ℎ,1 → 𝑇𝑇𝑎𝑎𝑎𝑎𝑣𝑣, 𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑙𝑙ℎ,1)                                                                            

+ �̇�𝑚3∆ℎ𝑎𝑎𝑎𝑎𝑣𝑣(𝑃𝑃𝑓𝑓𝑎𝑎𝑎𝑎𝑙𝑙ℎ,1) 

𝐻𝐻𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 = (�̇�𝑚7ℎ7 + �̇�𝑚8ℎ8) −  (�̇�𝑚4𝐴𝐴ℎ4𝐴𝐴 + �̇�𝑚4𝐵𝐵ℎ4𝐵𝐵)   
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(D.14)

D.1.3 Steam exergy 
The steam exergy was calculated as follow:

(D.15)

With To and Po selected as 25 °C and 1 bar.  This reference state has been adopted by 
other studies evaluating exergy of steam production [42–44].  The properties of the 
steam were taken from the IAPWS IF-97 steam tables. 

D.2 Supplementary modelling results
Comparison of the experimental steam and water content, with the model calculated 
distribution, was difficult due to heat transfer from the above separator oven to the 
salt collector, in which the hydrothermal brine was expanded [5].  The calculated 
expansion temperature (pressure of 1 bar) was 108 ᵒC, however, the measured oven 
temperature was higher, causing the experimental steam content to be higher. This 
can be seen from the parity plots in Figure D.2. 
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Figure D.2: Comparison SCWD product distribution a) Steam (condensed vapours) b) 
Total liquid solution c) Solid NaCl

�̇�𝑚4𝐴𝐴ℎ4𝐴𝐴(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2) +   �̇�𝑚4𝐵𝐵ℎ4𝐵𝐵(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2) + 𝐻𝐻𝑓𝑓𝑎𝑎𝑓𝑓𝑎𝑎𝑓𝑓𝑓𝑓𝑎𝑎𝑓𝑓𝑎𝑎  

                  = �̇�𝑚7ℎ7(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2) + �̇�𝑚8ℎ8(𝑇𝑇𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2, 𝑃𝑃𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓ℎ,2)  

                + (𝐻𝐻𝑓𝑓𝑎𝑎𝑓𝑓𝑎𝑎𝑓𝑓𝑓𝑓𝑎𝑎𝑓𝑓𝑎𝑎 −  𝐻𝐻𝑟𝑟𝑎𝑎𝑟𝑟𝑟𝑟𝑎𝑎𝑟𝑟𝑎𝑎𝑟𝑟)    

𝐸𝐸 = �̇�𝑚𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠(( ℎ(𝑇𝑇, 𝑃𝑃) − ℎ𝑜𝑜(𝑇𝑇𝑜𝑜, 𝑃𝑃𝑜𝑜)) − 𝑇𝑇𝑜𝑜(𝑠𝑠(𝑇𝑇, 𝑃𝑃) − 𝑠𝑠𝑜𝑜(𝑇𝑇𝑜𝑜, 𝑃𝑃𝑜𝑜))    



 Appendix D | 165 

D.3 Economic analysis
The complete stream table for a 20 wt.% feed is given in Figure D.3
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D.3.1 CAPEX

D.3.1.1 Separation vessels and evaporator

The dimensions of the gravity separator and first stage flash (both pressure vessels) 
were calculated according to the method described in Sinnott & Towler [45].  Firstly, 
the settling velocity was calculated as:

(D.16)

Next, the minimum vessel diameter was calculated as:

(D.17)

With the inlet velocity calculated as:

(D.18)

For the gravity separator a hold-up time of 20 minutes was assumed for a 3.5 and 
7 wt.% feed.  For 14 and 20 wt.% feed a hold-up time of 10 minutes was assumed 
since brine production is higher for higher concentrations. The total length of the 
gravity separator was calculated as the liquid depth plus 2di,min, to allow for sufficient 
space inside the gravity separator for the inlet and liquid level control.  The same 
was done for the first stage flash, assuming a hold-up time of 10 minutes for all feed 
concentrations.

The thickness of the cylindrical shell was computed according to the ASME 
pressure-vessel code formula [15]. The design pressure for the gravity separator was 
300 bar and first stage flash vessel was 44 bar. Corrosion allowance of 3 mm was 
made due to the corrosive nature of the system. The vessel wall thickness of the 
gravity separator ranged from 340 – 445 mm, which greatly exceeds the standard 
thickness of the sheets used for the pressure vessel production. However, for the 
special design of high-pressure vessels it is possible to construct vessels with wall 
thicknesses greater than 150 mm. These are typical solid-wall and monobloc vessels 
that consist of a single layer [46]. Thus for further calculations only one gravity 
separator was considered, since it is possible to design and construct specialised 
high-pressure vessels. The wall thickness of the first stage flash was well within the 

𝑢𝑢𝑡𝑡 = 0.07 (𝜌𝜌𝐿𝐿 −  𝜌𝜌𝑉𝑉
𝜌𝜌𝑉𝑉

)
1
2 

𝑑𝑑𝑖𝑖,𝑚𝑚𝑖𝑖𝑚𝑚 =  √4�̇�𝑉𝑣𝑣
𝜋𝜋𝑢𝑢𝑠𝑠

 

𝑢𝑢𝑠𝑠 = 0.15𝑢𝑢𝑡𝑡 
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range of a standard sheet thickness.

The second stage flash-evaporator was sized in the same manner as a single-effect 
evaporator.  The heat transfer surface area was calculated as follow:

The overall heat transfer coefficient is determined as [47]:

(D.19)

The amount of heat transferred is calculated as follow:

(D.20)

The heat transfer area of the evaporator is then calculated as [47]:

(D.21)

Where Tsat is the condensation (saturation) temperature of the steam, in this case     
270 ºC for a pressure of 40 bar and Tbrine is the outlet brine temperature, which is 235 
ºC at 22 bar.  Once the heat transfer area is known, the purchase cost was calculated 
using the costing chart in [14] for a single-effect evaporator and adjusted for a design 
pressure of 24 bar (factor 1.1) and material of construction of stainless steel (2.1).

D.3.1.2 SCW-Feed HEX and NaCl cooler

The SCW-Feed HEX was chosen to be a counter-current multiple-tube, hairpin HEX 
due to the high feed pressures.  The surface area of the HEX was determined as 
follow:

(D.22)

The overall heat transfer coefficient was taken as 1000 W/m2·K [14]. The maximum 
surface area for a multiple-tube HEX is 200 m2 and multiple HEXs had to be installed 
for the SCW-Feed HEX. For a 14 wt.% feed, four HEXs had to be installed and for 20 
wt.%, six HEXs. 

For the NaCl cooler, cooling water at 32 ºC was used as the cooling fluid, to cool the 
salt from 235 to 50 ºC. A shell-and-tube HEX was selected as the design pressure 

𝑈𝑈𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 = 0.001(1939.4 + 1.40562𝑇𝑇𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑒𝑒                                                                                                  
− 0.00207525𝑇𝑇𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑒𝑒

2 + 0.0023186𝑇𝑇𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑒𝑒
3 ) 

𝑄𝑄𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡𝑡 = �̇�𝑚𝑤𝑤𝑡𝑡𝑡𝑡𝑤𝑤𝑡𝑡,2𝐴𝐴∆ℎ𝑣𝑣𝑡𝑡𝑣𝑣,(22 𝑏𝑏𝑡𝑡𝑡𝑡) 

𝐴𝐴𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 =
�̇�𝑄𝑡𝑡𝑡𝑡𝑒𝑒𝑡𝑡𝑡𝑡

𝑈𝑈𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒(𝑇𝑇𝑡𝑡𝑒𝑒𝑡𝑡 − 𝑇𝑇𝑏𝑏𝑡𝑡𝑏𝑏𝑡𝑡𝑒𝑒)
 

𝐴𝐴𝐻𝐻𝐻𝐻𝐻𝐻 =  �̇�𝑄
𝑈𝑈∆𝑇𝑇𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿
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was 24 bar.  The surface area was estimated using Eq. D.22, assuming a heat transfer 
coefficient of 1000 W/m2·K [14].  

D.3.1.3 Steam-Feed HEX

The required heat transfer area for the Steam-Feed HEX was determined by 
performing a steady state differential energy balance for the hot and cold side of the 
HEX, respectively. The equations can be found in Appendix C.

This had to be done, since the heat capacity of the hot side (steam) will change during 
heat exchange, as the steam condenses.  The properties for the hot side (steam side) 
were determined using the steam tables (IAPWS IF-97) and the properties of the cold 
side were determined using the eNRTL model, mentioned in the main text (Section 
5.2).  The overall heat transfer coefficient was 850 W/m2·K and was taken from Aspen 
Plus V10.

D.3.1.4 Supercritical HEX

For the SC HEX, a multiple-tube HEX was selected due to the high operating 
temperature and pressures. The surface area was determined for a U.A/mfeed value 
of 20 kJ/kg·K and assuming an overall heat transfer coefficient of 1500 W/m2·K [7,8].  
As mentioned in Section D.3.1.2, the maximum surface area is 200 m2 and four HEXs 
had to be installed for each feed concentration. Costing of all the HEX was done 
using the costing charts of Peters et al. [14].

D.3.2 OPEX 
The required utilities were natural gas for the fired heater, electricity for the high-
pressure pump and cooling water for the NaCl cooler. Different sources were 
consulted (textbooks, vendors, published articles) to determine the cost of the 
utilities, with the price ranges and chosen base values reported in Table D.2, along 
with the total annual utility costs. For the cooling water the inlet temperature was 
taken as 32 ºC and the temperature increase was limited to 10 ºC [15].
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Utility Unit eff. Base value Range Utility cost (M$/yr)
3.5 7 14 20

Natural gas 85% $ 3.88 /GJ $ 1.26 – 3.88 /GJ 6.24 6.15 5.80 4.32
Electricity 90% $ 0.06 /kWh $ 0.045 – 0.097 /kWh 0.75 0.74 0.71 0.68
Cooling water 90% $ 0.02 /m3 $ 0.02 – 0.0492 /m3 0.15 0.15 0.16 0.17

Total annual utilities cost (M$/yr) 7.13 7.04 6.66 5.17

The labour and operations costs were calculated according to the method described 
by Seider et al. [15]. The hourly wage was taken as $ 30 /operator hour and it is 
assumed that there are two operators per shift. Total labour and operation costs 
include the direct wages and benefits of the operators, salaries and benefits for other 
staff, the operating services and supplies, technical assistance to manufacturing 
and the control laboratory expenses. The total labour and operations costs are                          
M$ 1.01 /yr for all four concentrations. The annual maintenance cost was taken as 2 % 
of the fixed capital as stated in Section 5.3.2 (Chapter 5). In Table D.3 the breakdown 
of the annual operating expenses is given.

Operating cost (M$/yr)
Feed concentration 3.5 7 14 20
Labour and operation 1.01 1.01 1.01 1.01
Maintenance 1.98 1.93 1.86 1.65

Utilities 7.13 7.04 6.66 5.17

Total annual operating costs 10.12 9.97 9.52 7.82

Table D.2: Summary of annual utility expenses

Table D.3: Summary of annual operating expenses
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Abstract

The phase behaviour of two model multi-component salt-water mixtures (NaCl-
KCl-H2O and NaCl-Na2SO4-H2O) was investigated for the application of SCWD. 
The study was both experimental and model based. For the theoretical (modelling) 
part, the Anderko & Pitzer (AP) equation of state (EoS) was adapted to calculate the 
equilibrium states and concentrations for binary salt-water mixtures (KCl-H2O and 
Na2SO4-H2O). The experimental section consisted of qualitative and quantitative 
experiments. The qualitative experiments served as a screening step to ensure that 
no solids were formed during the quantitative experiments. For NaCl-KCl-H2O, the 
quantitative results showed that the phase regions and equilibrium concentrations of 
the salts were similar, under supercritical conditions. The equilibrium concentration 
was predicted using the binary AP EoS for the respective salts and adjusting the 
calculated concentrations for the feed concentration. Based on the quantitative results 
for NaCl-Na2SO4-H2O mixtures, the phase behaviour of the mixture was divided 
into three regions. The third phase region was the suitable region for SCWD, as 
the precipitated salts (Na2SO4) dissolved in the hydrothermal brine (NaCl), forming 
a vapour-liquid equilibrium. The phase regions for the ternary NaCl-Na2SO4-H2O 
mixture was predicted with a simple algorithm using the binary AP EoS for NaCl-
H2O and Na2SO4-H2O.
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6.1 Introduction

The supercritical water desalination (SCWD) process was designed for the separation 
between low-density and high-density fluid streams, as most salt-water mixtures 
form a pseudo-vapour-liquid equilibrium (VLE), under supercritical conditions. 
Research (both experimental and theoretical), on SCWD up to now, has been mainly 
focussed on the study of model saline streams containing only NaCl [1–3]. However, 
industrially produced brine wastes are usually a mixture of salts, with some salts 
directly precipitating from the feed, instead of forming a VLE [4–8].  

Salts can be classified as being either type I or II depending on the phase behaviour 
of the binary salt-water mixture. The classification is based on the system of Scott 
and Van Konynenburg [9] for binary mixtures. Type I mixtures (mixtures containing 
salts such as NaCl, KCl, MgCl2 and CaCl2) form a VLE under supercritical conditions, 
while type II mixtures (mixtures containing salts such as Na2SO4, K2SO4 and Na2CO3) 
form a fluid-solid equilibrium (VSE) [8,10,11]. The phase behaviour of the two types 
of salts is compared in Figure 6.1.
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The formation of solids is unwanted, as it will result in plugging and equipment 
failure. Similar problems are encountered during supercritical water oxidation 
and gasification [4,11]. As mentioned, a brine waste stream typically contains 
multiple salts, which also affect the phase behaviour of one another [5,8]. Examples 
of industries producing brine waste are the desalination industry (production of 
drinking water), the oil and petrochemical industry (hydraulic fracturing), the dairy 
industry (production of cheese) and the mining industry. The major salt components 
for the desalination industry and the oil and gas industry waste are NaCl, CaCl2, 

a) b)

Figure 6.1: Phase behaviour comparison of salt-water mixture under supercritical conditions 
at 250 bar a) Type I  b) Type II (Drawn using AP EoS) 
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MgCl2 (type I) with minor concentrations of CaSO4 and Na2SO4 (type II) [12–14]. The 
concentrations of the streams vary depending on the source. For the dairy industry 
the major salts present are NaCl, KCl and CaCl2 (type I) [15], while for the mining 
industry the major salts are NaCl (type I) and Na2SO4 (type II) [16,17]. 

For the mentioned waste streams, the major components in each case were type 
I salts, with the type II salts being present in smaller quantities. Research on the 
phase behaviour of multi-component salt mixtures, under supercritical conditions, 
have shown it is possible to dissolve the precipitated solids of the type II salts in 
the hydrothermal brine of the type I salt [6,8,10,18–20]. Valyashko [10] reviewed 
different studies of ternary mixtures (salt-salt-water) containing a type I and II salt, 
and stated that the mixture will exhibit type I phase behaviour (i.e. the formation 
of a hydrothermal brine and supercritical water (SCW) phase) if the concentration 
of the type I salt in the feed is in the majority. The exact concentration of type I salt 
required is dependent on which salts are present in the mixture. Schubert et al. [5,6] 
studied the phase behaviour and separation of different ternary mixtures (containing 
either two type II salts or a type I and II salt) under supercritical conditions. They 
concluded that if the amount of type I salt is sufficient, the type II salt components 
may dissolve in the formed hydrothermal brine and the system would exhibit type 
I phase behaviour. The exact amount of type I salt required is dependent on the salt 
mixture itself.  Schroeder et al. [18] and DiPippo et al. [8] specifically looked at NaCl-
Na2SO4-H2O mixtures. Schroeder et al. [18] found that for temperatures ≥ 350 ᵒC, the 
solubility of Na2SO4 increased with the presence of NaCl in the feed stream (at lower 
temperatures the solubility decreases with NaCl concentration). DiPippo et al. [8] 
investigated the phase behaviour at 250 bar for feeds with varying salt concentrations 
and showed that for higher concentrations of NaCl, the system transitioned from a 
vapour-liquid-solid (VLS) system to a vapour-liquid (VL) system.  

If VLE can be established for the multi-component mixture, SCWD can be applied 
for the treatment of the brine waste streams. The treatment of hydraulic fracturing 
brine waste using SCWD has already been studied to some extent, using either 
model multi-component solutions or direct source feeds [13,21]. From the results it 
was seen that SCWD can be applied for the recovery of a low salinity water stream 
suitable for recycling to the wells.

The aim of this chapter was to investigate SCWD for multi-component feeds, using 
ternary model salt-salt-water solutions. Two model mixtures were investigated 
namely, 1) NaCl-KCl-H2O, a type I-I mixture (representative of dairy industry 
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brine) and 2) NaCl-Na2SO4-H2O, a type I-II mixture (representative of mining 
industry brine). The study was carried out experimentally and theoretically. For the 
experimental section, the phase behaviour was investigated both qualitatively and 
quantitatively. The qualitative analysis was carried out using quartz capillaries and 
was done as a screening step to ensure that no solids were formed for the chosen 
conditions before phase equilibria could be measured quantitatively. This was the 
first time that the phase behaviour of these ternary mixtures was visually observed 
and captured, under supercritical conditions. The precipitation of Na2SO4 and the 
subsequent dissolving of the solids in the formed hydrothermal brine, was also 
visually investigated for different feed ratios. Quantitative phase equilibria data for 
the ternary mixtures of this study have not been extensively measured and reported, 
and the chosen conditions were typically above or below the conditions applied 
for SCWD. New phase equilibria data (SCW compositions) was thus measured 
and reported.  For the theoretical part, the Anderko & Pitzer (AP) equation of state 
(EoS) was adapted for KCl-H2O and Na2SO4-H2O mixtures. Typically studies fit an 
empirical equation for a fixed pressure (normally 250 bar) and temperature range 
of the study [8,22,23]. By adapting the AP EoS, a more theoretical approach was 
applied for calculating the phase equilibria and thermodynamic properties of the 
different binary salt-water mixtures, without extrapolation of empirical correlations.  

6.2 Experimental 

Two types of salt mixtures were investigated for SCWD. The first was a mixture 
containing only type I salts, namely NaCl and KCl (representing a dairy industry 
produced brine waste). The second was a mixture of type I and II salts, namely NaCl 
and Na2SO4 (representing a mining industry produced brine waste). The phase 
behaviour and separation measurements were done following a two-step approach. 
Firstly, the phase behaviour of the various mixtures was qualitatively examined 
using quartz capillaries. This was done as a screening step to ensure that no solids 
would be formed, under supercritical conditions, which could lead to blockages 
and equipment failure of the SCWD unit. The second step was to measure the 
phase equilibria in a continuous small lab-scale SCWD unit (1 mL/min), to obtain 
quantitative data on the solubility of multi-component feeds in the SCW.

For the saline solutions, pharmaceutical grade NaCl (> 99.0 %; API sodium chloride 
GMP grade from esco), pure KCl (99 – 100.5 %; ACS from Alfa Aesar) and pure 
Na2SO4 (≥ 99.0 %; ACS reagent from Sigma Aldrich) was used. All solutions were 
prepared with demineralised water (resistivity of 11.7 MΩ·cm).  
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6.2.1 Qualitative experiments
Qualitative experiments were performed using quartz capillaries (L = 172 mm and 
di = 1.92 mm). The capillaries were filled with a saline solution (10 wt.% total salt), 
sealed and heated inside an oven to supercritical temperatures (T > 374 °C), while 
the phase behaviour was visually observed. The ratios of the mixtures were varied 
from pure NaCl to pure KCl or Na2SO4. The experimental set-up is shown in Figure 
6.2.

The temperature was measured on the wall of the capillary using a standard K-type 
thermocouple (± 2.2 °C). The capillaries were a closed system (isochoric) and the 
temperature and pressure could not be controlled independently (pressure will 
increase with temperature). The pressure was regulated by the initial amount of 
liquid solution inside the capillary. Assuming that the vapour phase (SCW) consists 
only of water, the liquid level drop in the supercritical region was measured and 
the pressure inside the capillary (for a given temperature) was calculated using the 
steam tables (IAPWS IF-97). 

6.2.2 Quantitative experiments
The equilibrium concentrations were measured using a modified version of the set-
up described in previous work [24]. The set-up is shown in Figure 6.3. The separation 
took place inside a titanium separator (grade 2 titanium) with di =  10 mm, L = 85 mm 
and t = 17 mm. The phase equilibrium was measured in a continuous manner by 
feeding a pressurised pre-heated saline solution to the separator, in which separation 

Quartz capillary

Oven

Light

Camera TI-1

TC-1

Figure 6.2: Quartz capillary set-up for qualitative analysis
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between a concentrated hydrothermal brine and SCW (low salt concentration) phase 
took place. Prior to each experiment the mass balance closure was checked with 
demineralised water (closure of ≥ 95 %) under supercritical conditions. The saline 
feed was pumped using a HPLC pump (LabAlliance series 1500, LabAlliance USA) 
and the pressure was controlled with a back-pressure regulator (BPR) (TESCOM 26-
1762-24-S, Tescom Europe GmbH & Co. KG, Germany, Cv = 0.1, accuracy ± 1 % of 
the central pressure range). The pressures were measured with sputtered thin film 
type pressure transducers (accuracy was 0.25 % full scale). The temperature was 
continuously measured on the separator wall and inside the separator (thermocouple 
placed inside titanium sleeve) using K-type thermocouples (± 2.2 ᵒC). The fluid 
temperature (TI-4) and the SCW outlet temperature (TI-1) were similar (differed a 
maximum of ± 5 ᵒC). The reading of TI-4 was taken as the separation temperature. 
The top wall temperature (TI-2) was in-line with TI-1 and TI-4, while the bottom 
wall temperature (TI-3) was lower (± 15 ᵒC), which could be due to uneven heat 
distribution inside the oven. The standard deviation in the pressure was ± 3 bar and 
the deviation in temperature was ± 2 ᵒC during the experiments. 

The SCW salt concentration was continuously monitored, using an in-house 
constructed conductivity cell, to ensure that samples were taken at steady state 
conditions (standard deviation ≤ 3 %). Around the critical point, where the system 
enters the VLE region, the standard deviation was higher (5 %) due to the system 
being unstable in this region. Once steady state conditions were reached a sample 
of the SCW was taken and analysed to determine the concentration. For the type 
I-I mixtures, the cation (Na+ and K+) concentration was determined using ion 

Oven

Separator

Pre-heater

FEED

BRINE

 

ConductivityCooler BPRHPLC pump

Saline solution/ 
Demi-water 

SCW

Analysis

PI-1

TC-1

TC-2

TI-1

TI-3

TI-4

TI-2

Figure 6.3: Lab-scale set-up for quantitative measurements of phase equilibria
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chromatography (IC, Metrosep C6 – 150/4.0 column on a Metrohm 850 Professional 
IC, mobile phase: 0.1 M HNO3 + 0.02 M dipicolinic acid solution, column temperature: 
20 ± 1 °C, flow rate: 1.0 mL/min). Likewise, the anion (Cl- and SO4

2-) concentration, 
for the type I-II mixtures, was determined using the IC (Metrosep A Supp – 150/4.0 
column on a Metrohm 850 Professional IC, mobile phase: 0.1 M KOH + 0.1 M Na2CO3 
solution, column temperature: 45 ± 1 °C, flow rate: 0.8 mL/min). The error in the 
SCW salt concentration was taken as the standard error in the calibration curve for 
the respective anions and cations. The standard error was < 1 % for all components.

Isobaric experiments (250, 270 and 300 bar) were performed for a temperature range 
of 370 – 450 °C. The total salt concentration of the feed solution was 1 wt.%, with the 
ratio of salts in the feed varying. For the type I-I mixtures the mass ratio was varied 
from 9:1 (NaCl:KCl) to 1:9 (NaCl:KCl) since VLE was established for all mixtures 
(see Section 6.4.1). Experiments for KCl-H2O mixtures at 250 and 300 bar were also 
performed. Only the mass ratios 9:1, 8:2 and 7:3 (NaCl:Na2SO4) were investigated 
for the type I-II mixtures. For higher ratios of Na2SO4, the solids (formed by Na2SO4) 
no longer fully dissolved in the hydrothermal brine (formed by NaCl), which would 
lead to plugging and equipment failure (see Section 6.4.1).   

6.3 Modelling of binary salt-water mixtures

The AP EoS was adapted to calculate the phase equilibria of KCl-H2O and Na2SO4-
H2O mixtures, using the transformation method proposed by Kosinski & Anderko 
[25]. A description of the AP EoS and the transformation method is given in 
Chapter 3. For this study the transformation parameters for KCl-H2O were fitted 
using vapour (SCW) composition data measured during this study, as well as data 
sets from literature. In Appendix E a summary of the data sets are given. For the 
calculation of the SCW composition, the VLE was solved according to the method 
described in Chapter 3. The transformation parameters for KCl-H2O mixtures were 
fitted prior to this study by Kosinski & Anderko [25], however, it was decided to re-
fit the parameters to include the more recent measurements from literature and the 
measurements of this study.  

For the Na2SO4-H2O mixture, Bermejo et al. [26] modelled the system but set all the 
transformation parameters to one (thus the NaCl parameters were used as is), which 
gave reasonable results for their chosen conditions. In this study the parameters 
for the Na2SO4-H2O mixtures were fitted using literature reported compositions for 
the high-pressure, high-temperature subcritical streams and the SCW phase. As 
Na2SO4 is a type II salt the VSE was calculated assuming that the solid state consisted 
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of only Na2SO4 [25,27]. The pure solid state fugacity was calculated according to 
the method described by Prausnitz et al. [27] and further details can be found in 
Chapter 3. The constants used for the calculation of VSE are provided in Appendix 
E. Vapour (SCW) composition data in the supercritical region of water is scarce and 
most data was measured for a pressure of 250 bar and temperatures lower that the 
pseudocritical temperature of water (384 ᵒC at 250 bar). A summary of the literature 
data sets is given in Appendix E. The Na2SO4–H2O transformation parameters were 
fitted for temperatures ≥ 350 ᵒC, as this is the applicable temperature range for this 
study. The parameters were estimated using the χ2 (chi-squared) regression method 
and cross-validation was done according to the method described in James et al. [28]. 
The results of the fit and the cross-validation are given in Appendix E. The fitted 
parameters (along with the confidence level intervals) used for the calculation of the 
salt-water equilibria are reported in Table 6.1.

Parameter KCl-H2O Na2SO4-H2O

kMeX,NaCl  1.12 ± 0.07  0.75 ± 0.04

lMeX,NaCl  1.011 ± 0.005  0.658 ± 0.004

mMeX,NaCl  1.01 ± 0.04  0.959 ± 0

Compared to the parameters fitted by Kosinski & Anderko [25] (kMeX,NaCl – 1.363, 
lMeX,NaCl – 1.339, mMeX,NaCl  – 1.214) the values reported in this study were lower. 
The fitted parameters are close to one, which means that the mixture properties 
and phase behaviour are similar to that of NaCl-H2O mixtures. This can also be 
concluded when observing the experimental SCW compositions in Section 6.4.2.1. 
The parity plot for the molar KCl and Na2SO4 concentrations in the high-pressure, 
high-temperature liquid or SCW is presented in Figure 6.4.  

Table 6.1: Fitted transformation parameters for AP EoS for binary salt-water system 
(confidence level intervals reported)
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For the KCl fits, it is seen that the concentrations were predicted within a ± 20 % 
deviation from the experimental results. The results for the Na2SO4 concentrations 
show that the adjusted AP EoS was able to calculate the molar Na2SO4 concentrations 
within a ± 20 % deviation, for a concentration range of 0.0001 to 0.01 mole fraction 
(0.08 to 7.4 wt.% Na2SO4). For lower concentrations (higher temperatures), the 
deviations become greater for the data of [23,33], but the data is still normally 
distributed. Validation for NaCl-H2O mixtures have been extensively done using 
both literature data and data generated from the large laboratory-scale SCWD unit, 
which can be found in Chapter 3 and 4.

6.4 Results and discussion

6.4.1 Qualitative results
The qualitative phase behaviour for different feed ratios of NaCl to KCl (total salt 
concentration 10 wt.%) as well as the single salt mixtures are shown in Figure 6.5:

a) b)

Figure 6.4: Parity plot comparison for molar salt concentration a) KCl – SCW stream (■ 
Hovey et al. [29] – 380 °C; ■ Hovey et al. [29] – 410 °C;  ■ Leusbrock et al. [30]; ■ 250 bar, this 
study; ■ 300 bar, this study)   b) Na2SO4  – High-pressure, high-temperature or SCW stream  
(■ Shvedov & Tremaine [31] -  191 bar;   ■ Shvedov & Tremaine [31] – 231 bar; ■ Shvedov 
& Tremaine [31] – 305 bar; ■ Khan & Rogak [23]; ■ Shvedov & Tremaine [32] – 250 bar; ■ 

DiPippo et al. [8]; ■ Rogak & Teshima [33]; ■ Hodes et al. [34]) 
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Starting 
solution

NaCl 9:1 (NaCl:KCl) 5:5 1:9 KCl

VL VL VL VL VL VL

T = 20 °C T = 413 °C T = 419 °C T = 417 °C T = 412 °C T = 418 °C

P = 1 bar P ~ 277 bar P ~ 288 bar P ~ 281 bar P ~ 273 bar P ~ 251 bar

From the first image it is seen that all solutions start as a homogenous mixture, with 
no solids present. The following pictures show different NaCl-KCl-H2O solutions 
for pressures and temperatures above the critical point, where the mixtures are in 
the VLE region (according to the phase algorithm of Chapter 3). Under supercritical 
conditions the liquid level drops as the temperature increases and the level was 
measured (meniscus is indicated on images with an ellipse) to estimate the pressure 
inside the capillary.  

From the results it is seen that for all mixtures VLE was achieved at a temperature 
of ~ 420 °C. The observed phase behaviour for the different conditions and mixtures 
is summarised in Table E.5 in Appendix E. In all cases VLE was observed (no solids 
formation) and all the mixtures can be quantitatively investigated for SCWD without 
the risk of solid formation and equipment plugging.  

The phase behaviour for different ratios of NaCl to Na2SO4 (total salt concentration 
10 wt.%) is shown in Figure 6.6: 

Figure 6.5: Phase behaviour of NaCl-KCl-H2O mixture for different feed ratios (mass basis) 
of NaCl:KCl (ellipse indicates meniscus)
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Starting 
solution

8:2 
(NaCl:Na2SO4)

7:3 6:4 2:8 Na2SO4

VL VL VL VLS VLS VS

T = 20 ᵒC T = 429 °C T = 431 °C T = 431 °C T = 428 °C T = 427 °C

P = 1 bar P ~ 374 bar P ~ 392 bar P ~ 366 bar P = N/A P ~ 376 bar

Figure 6.6: Phase behaviour of NaCl-Na2SO4-H2O mixture for different feed ratios (mass 
basis) of NaCl:Na2SO4 (ellipse indicates meniscus; arrow indicates solids)

The first image of the starting solution once more shows that before the experiments 
started, the solutions were homogenous mixtures. From the results it is seen that for 
mixtures where NaCl was in the majority (mass ratio greater than 7:3 (NaCl:Na2SO4)), 
no solids were present. For these mixtures the Na2SO4 (type II) dissolved in the 
hydrothermal brine formed by the NaCl (type I). However, as the concentration 
of Na2SO4 (with respect to NaCl) increased, it no longer fully dissolved in the 
hydrothermal brine. This is already observed for a mixture of 6:4, with solids present 
at the bottom of the capillary (indicated with the arrow). For a feed ratio of 2:8 the 
phase is indicated as VLS even though the meniscus is not indicated. Due to the low 
NaCl concentration in the feed the hydrothermal brine phase is small and not clearly 
visible in the photo. For Na2SO4-H2O mixtures, a VSE was formed and there was no 
hydrothermal brine present. For mass ratios of 9:1 to 7:3 (NaCl:Na2SO4), VLE was 
achieved and the mixtures can be quantitatively investigated. However, for ratios 
of 6:4 and higher (with respect to Na2SO4) precipitation will occur, which in turn 
will cause plugging and equipment failure. This type of phase behaviour has been 
measured by previous studies, but is now visualised for the first time [8,18,20,35]. A 
summary of the phase behaviour for the different mixtures and conditions is given 
in Appendix E.
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6.4.2 Quantitative results 

6.4.2.1 Type I - I mixture (NaCl – KCl – H2O) 
The salt concentrations in the outlet stream (top outlet stream of the separator - see 
Figure 6.3) are shown in Figure 6.7, for a feed mass ratio of 7:3 (NaCl:KCl) and for 
separation pressures of 250 and 300 bar. The graphs for the remaining feed ratios 
and pressures are given in Appendix E. 
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Using the phase algorithm developed in Chapter 3, along with the adapted AP EoS 
for KCl-H2O mixtures (see Section 6.3), the outlet concentrations were calculated for 
binary KCl-H2O and NaCl-H2O mixtures, and compared with the ternary mixture 
measured results. It is important to note that the calculated concentrations presented 
in Figure 6.7 were not corrected for the feed concentration of ternary mixtures, as 
will be done in the paragraphs below. By comparing the binary calculated results 
(solid lines) for the two salts, it is seen that the temperature at which separation 
between the SCW and hydrothermal brine phase starts (mixture enters VLE) was 
similar for both the ternary and binary mixtures. The separation between the SCW 
and hydrothermal brine phase was indicated by the decrease in the concentration of 
NaCl and KCl in the outlet stream, i.e. for 250 bar separation starts at 390 °C and for 
300 bar separation starts at 410 °C. The separation temperature (mixture enters VLE) 
at 250 bar was similar for both the binary calculated and ternary measured mixtures. 
For 300 bar the calculated temperature (using the binary AP EoS) was ~ 10 °C higher 

a) b)

Figure 6.7: NaCl and KCl concentration in the outlet stream for a feed mass ratio of 7:3 
(NaCl:KCl) and total salt concentration of 1 wt.%,  a) 250 b) 300 bar (■ Experimental NaCl; 
■ Experimental KCl; ■ Experimental total salt (dashed lines help to guide the eye for the 
experimental points); ─ Calculated NaCl from binary AP EoS; ─ Calculated KCl from 

binary AP EoS) 
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than the measured temperature for the ternary mixture.   

The results show that for 250 bar the concentration of NaCl in the SCW stream 
(400 – 440 ᵒC) was similar to the concentrations calculated by the binary AP EoS 
for NaCl-H2O. This indicates that, for high feeds concentrations of NaCl (relative 
to KCl), the NaCl phase behaviour was not greatly affected by the presence of KCl. 
The total salt concentration of the outlet stream was also similar to the binary NaCl-
H2O concentration. The KCl concentration for both 250 and 300 bar, was lower in 
comparison to the equilibrium concentration calculated by the binary AP EoS for 
KCl-H2O.  

Furthermore, the equilibrium concentrations of the salts in the SCW (in some cases 
referred to as the solubility) were similar. Leusbrock et al. [30] also measured the 
solubilities of different alkali and alkaline earth compounds and showed that the 
alkali earth compounds (NaCl and KCl) have a similar solubility in SCW, while the 
alkaline earth compounds (MgCl2 and CaCl2) have a slightly lower solubility. The 
recovery of SCW was high (97 to 99 %), which was due to the low concentration of 
total salt in the feed (1 wt.%). The SCW total salt concentration ranged from 500 to 
8000 ppm (mass basis), depending on the temperature and pressure.

In Figure 6.8, the NaCl, KCl and total salt experimental concentrations in the SCW 
are compared with the binary calculated concentrations, for a pressure of 300 bar 
and a temperature of 430 °C, for the different feed concentrations of KCl.
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The measured concentrations of NaCl, KCl and total salt in the SCW stream 
(conditions are for the supercritical region) are presented as a function of the KCl 
feed concentration on a total salt basis.  Thus, for a concentration of 0 wt.% KCl, the 
only salt present in the feed is NaCl and for 100 wt.% only KCl is present. From the 
experimental results it is seen that the equilibrium concentrations of the respective 
salts in SCW increased with the increase in the feed concentration. Thus, as the 
concentration of KCl in the feed increased, the concentration of the KCl in the SCW 
stream also increased. Furthermore, the total salt concentration in the SCW stream 
becomes equal to the binary calculated concentration of the majority salt in the feed. 
For low concentrations of KCl in the feed (left-hand side of Figure 6.8), the total salt 
concentration was close to 0.18 wt.%, which was the binary calculated concentration 
of NaCl in the SCW phase for a pressure and a temperature of 300 bar and 430 °C, 
respectively. As the concentration of KCl in the feed increased (move towards the 
right-hand side of Figure 6.8), the total salt concentration decreased to 0.14 wt.%, 
which was the calculated equilibrium concentration for KCl-H2O in the SCW phase. 

The calculated concentrations for the binary mixtures (solid lines in Figure 6.8) 
remained constant, as the equilibrium concentration is only dependent on the 
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Figure 6.8: NaCl and KCl concentration in the SCW stream at 300 bar and 430 °C as a function 
of KCl feed concentration (■ Experimental NaCl; ■ Experimental KCl; ■ Experimental total 
salt; ─ Calculated NaCl binary mixture; ─ Calculated KCl binary mixture; ─ ─ Calculated 
NaCl adjusted for feed conc. ; ─ ─ Calculated KCl adjusted for feed conc.; ─ ─ Calculated 

total salt concentration).  Total feed concentration of 1 wt.% salt.
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temperature and pressure and not on the feed concentration. For this study, it was 
seen that by multiplying the binary calculated concentrations with the corresponding 
feed concentrations in the ternary mixture, the SCW concentration for the ternary 
mixture could be predicted (calculation indicated with dashed lines in Figure 6.8).  

As the total feed concentration was low (1 wt.% total salt), the accumulation of 
hydrothermal brine was also very low (~ 1 % of the feed) and it was assumed that 
the ratio of salts for the hydrothermal brine was the same as for the feed. The SCW 
concentration for the respective salts could then be estimated using the adapted AP 
EoS for the binary salt-water mixture. For other type I-I salt mixtures (e.g. NaCl-
CaCl2) this might not be possible and further study is required.

In Figure 6.9 the ratio of NaCl to KCl in the outlet stream is presented for 250 and 
300 bar.
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From Figure 6.9, it can be seen that some partitioning occurred between NaCl and 
KCl once the mixture entered the VLE region. The ratio (NaClSCW/KClSCW) increased 
slightly, with the SCW phase becoming more concentrated with NaCl. This would 
mean that the hydrothermal brine phase would become slightly more concentrated 
with KCl. It is furthermore seen that the ratio did not continue to increase with 
temperature, but stabilised once the VLE region was entered. The ratios and trends 
could be predicted using the binary AP EoS for the respective salt-water mixtures 
and adjusting the calculated equilibrium concentration for the feed concentration.

a) b)

Figure 6.9: Ratio between NaCl and KCl concentration in the high-pressure, high-
temperature or SCW stream a) 250 bar b) 300 bar  (■ Experimental ratio for 9:1 (NaCl:KCl) 
feed ratio; ■ Experimental ratio for 8:2 feed ratio; ■ Experimental ratio for 7:3 feed ratio; ─ 
Calculated ratio for 9:1 feed ratio; ─ Calculated ratio for 8:2 feed ratio; ─ Calculated ratio 

for 7:3 feed ratio) 
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The phase behaviour of ternary NaCl-KCl-H2O mixtures, under supercritical 
conditions, has not been extensively investigated, with most studies conducted for 
geothermal conditions where liquid-solid (LS) and vapour-solid (VS) equilibria were 
investigated and modelled [36–40]. Sublett et al. [40] investigated the partitioning of 
Na+ and K+ in the VLE region for temperatures of 600 – 800 °C and 500 – 1000 bar 
for different feed ratios. From the results, it was also seen that the Na+ concentration 
increased slightly in the SCW (vapour) – phase, while the K+ concentration increased 
in the hydrothermal brine (liquid) – phase, which is in line with the results of this 
study.    

Lastly, it is seen that the ratio (NaClSCW/KClSCW) decreases for higher pressures 
(compare Figure 6.9 a & b). This is due to the degree of solubility increase – of KCl in 
SCW – with pressure being greater in comparison to the solubility increase of NaCl. 
For example, for NaCl the mass concentration in SCW will increase with a factor of 
six from 250 to 300 bar at 420 °C. For KCl, the mass concentration will increase with 
a factor of nine and therefore the ratio of NaCl to KCl in the SCW phase will decrease 
with increased pressure.  

6.4.2.2 Type I – II mixture (NaCl – Na2SO4 – H2O) 
The outlet stream salt concentrations of NaCl and Na2SO4 for a feed ratio of 7:3 (total 
salt feed concentration of 1 wt.%) at 250 and 300 bar, are given in Figure 6.10. The 
results for the other feed ratios and pressures can be found in Appendix E.
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The outlet concentrations for the binary mixtures were determined using the 
algorithm developed in Chapter 3 and the adapted AP EoS for a Na2SO4-H2O 
mixture. The transition from the subcritical to the supercritical region (the separation 
between the SCW phase and the hydrothermal brine phase – VLE region) was 
indicated by the decrease in the NaCl concentration. By comparing the experimental 
and binary calculated concentrations for NaCl, it is seen that the temperature, where 
the separation, starts could be predicted within ~ 10 °C.

Furthermore, when comparing the measured and calculated concentrations it is seen 
that for NaCl the concentrations were comparable for the measured temperature 
range. For the Na2SO4 at 250 bar, the measured concentrations were higher than the 
calculated concentrations for the region of 380 to 400 °C. Once the mixture entered 
the VLE region the calculated and measured concentrations were comparable. This 
was also seen for other feed ratios of 9:1 and 8:2 for 250 bar (see Appendix E). For 270 
and 300 bar the calculated and measured concentrations were comparable for the 
entire temperature range and thus the phase behaviour of the salts was not greatly 
affected by the presence of each other. Note that the calculated concentrations were 
not adjusted for the feed concentrations.

Based on the observations made for the NaCl-Na2SO4-H2O mixtures, the phase 
behaviour was divided into three regions. The regions are indicated in Figure 6.10. 

Figure 6.10: NaCl and Na2SO4 concentration in the outlet stream for a feed mass ratio of 
7:3 (NaCl:Na2SO4) and total salt concentration of 1 wt.%, a) 250 b) 300 bar (■ Experimental 
NaCl; ■ Experimental Na2SO4;  (dashed lines help to guide the eye for the experimental 
points);  ─ Calculated NaCl from binary AP EoS;  ─ Calculated Na2SO4 from binary AP EoS) 

a) b)
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For Figure 6.10a in the first region (370 to ± 390 °C), the salt concentrations of the 
high-pressure, high-temperature outlet stream were equal to the feed concentrations 
and no separation occurred. In the second region (390 to ± 400 °C) the concentration 
of Na2SO4 in the high-pressure, high-temperature outlet stream decreased, while 
the NaCl concentration remained the same as the feed concentration. In this 
region, the concentration of Na2SO4 in the outlet stream was greater or equal to the 
calculated equilibrium concentration for the binary mixture. The decrease of Na2SO4 
concentration indicates that there was precipitation of Na2SO4 inside the separator, 
as Na2SO4 is a type II salt which does not form a hydrothermal brine (see Figure 
6.1). In region two there was no separation between a hydrothermal brine and the 
SCW phase, as the system had not yet entered the VLE region (indicated by the 
NaCl outlet concentration remaining constant). The precipitated Na2SO4 could not 
be dissolved in the hydrothermal brine and most probably solids were present. For 
the Na2SO4 at 250 bar it appeared as if a plateau formed in region two where the 
concentration of Na2SO4 stabilised at ~ 0.11 wt.%. The plateau region was also seen 
for a feed ratio of 8:2 at 250 bar (Appendix E) and by Voisin et al. [20], who stated 
that the concentration of Na2SO4 remains constant as it starts to partly dissolve in the 
hydrothermal brine formed by the NaCl. However, as stated no hydrothermal brine 
was present yet and thus for this study, this was not the conclusion for the plateau 
formation. The plateau area was also not observed for a pressure of 270 and 300 bar 
(see Appendix E), where the Na2SO4 concentration gradually decreased.  

For the third region (T > 400 °C – Figure 6.10a), separation between the SCW and 
the hydrothermal brine occurred (VL region) as the NaCl concentration in the 
SCW decreased along with the Na2SO4 concentration. In this region, the solid 
Na2SO4 dissolved (fully or partially) in the hydrothermal brine, as evident from 
the qualitative results shown in Figure 6.6 (Section 6.4.1). Figure 6.10b can be 
divided into similar regions, with the precipitation of Na2SO4 occurring between                                                
392 and 410 °C.  

The recovery of SCW (third phase region) was once again high (97 – 99 %) due to the 
low salt concentration of the feed (1 wt.% total salt). The total salt concentration of 
the SCW was 500 to 1900 ppm (mass basis) and mainly consisted of NaCl, with trace 
amounts of Na2SO4. 

6.4.3 Predicting the phase region of NaCl-Na2SO4-H2O mixtures
Based on the phase regions identified in Figure 6.10, the algorithm in Chapter 3, 
which was developed for the identification of phase regions for binary salt-water 
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mixtures, was partly adapted for NaCl-Na2SO4-H2O mixtures. This was done using 
the binary AP EoS for NaCl-H2O and the adapted AP EoS for Na2SO4-H2O. 

From the quantitative results, it is seen that the phase behaviour can be divided into 
three regions (see Figure 6.10) for the temperature range of 370 – 440 °C. In the first 
region, the salt concentration of the outlet stream is equal to the feed concentration 
and no separation occurs. In the second region, the concentration of Na2SO4 in the 
outlet stream decreases, while the concentration of NaCl is still equal to the feed 
concentration. It is presumed that the Na2SO4 precipitates inside the separator. In 
the third region (supercritical VLE region), both the NaCl and Na2SO4 concentration 
in the now SCW stream decreases and it is assumed that the Na2SO4 dissolves (fully 
or partially) in the formed NaCl hydrothermal brine, as seen from the qualitative 
capillary experiments.  

For the phase algorithm developed for binary salt-water mixtures (see Chapter 
3), five phase regions were identified, based on temperature, pressure and feed 
concentration. For this chapter, the feed concentration of the salts was not varied 
greatly and operating conditions were chosen for the VL region of the NaCl-H2O 
phase diagram (see Figure 6.1). The phase algorithm was thus only partly adapted to 
predict the three phase regions of the ternary mixture for temperatures lower than the 
triple phase temperature of NaCl (Tinput < TVLS,NaCl) and for NaCl feed concentrations 
inside the VL region. The adapted algorithm for a temperature range of 370 – 440°C 
is presented in Figure 6.11. 
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The area marked in black shows the original algorithm for the NaCl-H2O mixture. 
The corresponding phase diagram (P = 250 bar) is shown on the right-hand side of 
the figure. The area marked in blue shows the extension of the NaCl-H2O algorithm 
that includes Na2SO4 in the feed. As mentioned, the algorithm is only applicable 
for conditions that fall within the VLE region or region 1 (high-pressure, high-
temperature liquid) of the NaCl-H2O diagram (areas marked in blue).

To distinguish between region 1 and 2 (blue area), the equilibrium concentration of 
Na2SO4 is calculated (using the adapted AP EoS for the Na2SO4-H2O mixture) and 
compared with the Na2SO4 feed concentration. If the equilibrium concentration is 
greater than the feed concentration, the conditions are for region 1. In this region no 
Na2SO4 precipitation occurs. However, if the equilibrium concentration is lower than 

the Na2SO4 feed concentration (𝑥𝑥𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 > 𝑥𝑥𝑉𝑉,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4𝑉𝑉𝑆𝑆𝑉𝑉 )  the mixture is in region 2 
and Na2SO4 will precipitate from the feed.  

If phase separation between the SCW and hydrothermal brine phase does occur (VLE 
is solved), the mixture is in region 3 (blue area). For region 3 the precipitated Na2SO4 

will dissolve in the hydrothermal brine. In order to determine if the precipitated 
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Figure 6.11: Adjusted algorithm (T: 370 – 440 °C) to determine the phase region for a NaCl-
Na2SO4-H2O mixture.  Regions in blue refers to identified regions in Figure 6.10. 
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Na2SO4 will fully or partially dissolve in the hydrothermal brine, detailed solubility 
data for saturated NaCl-Na2SO4-H2O solution is required, for the conditions chosen 
for this study. 

6.4.3.1 Preliminary validation
The application of the algorithm was tested by comparing the predictions to the 
qualitative capillary results for two different feed ratios namely 7:3 (NaCl:Na2SO4) 
and 6:4, with the total salt concentration being 10 wt.%. The concentrations reported 
were calculated by solving the VLE and VSE using the AP EoS for NaCl-H2O and 
Na2SO4-H2O mixtures, respectively. The Na2SO4 brine concentration for region 3, 
was calculated by performing a mass balance. The hydrothermal brine flow rate 
was calculated from the NaCl-H2O AP EoS. Results of the capillary experiments and 
model comparison are given in Table 6.2 and 6.3. In Appendix E additional results 
are also provided.

Capillary Conditions Algorithm output

Feed ratio: 7:3 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 390 °C
Pressure ~ 220 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 21 wt.%
xSCW,NaCl: 0.041 wt.%
xBrine, Na2SO4: 8.8 wt.%a

xSCW,Na2SO4: 0.00012 wt.%

Feed ratio: 7:3 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 408 °C
Pressure ~ 251 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 26 wt.%
xSCW,NaCl: 0.075 wt.%
xBrine, Na2SO4: 11 wt.%a

xSCW,Na2SO4: 0.00019 wt.%

a

Table 6.2: Comparison between capillary experiments and algorithm predictions for a 
feed ratio of 7:3 (NaCl:Na2SO4)

𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 =  
𝑥𝑥𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4𝑚𝑚𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹 − 𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 𝑚𝑚𝑆𝑆𝑆𝑆𝑆𝑆

𝑚𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵
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Capillary Conditions Algorithm output

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 375 °C
Pressure ~ 220 bar
VLS

Region: 2
xoutlet, NaCl: 6 wt.%
xoutlet, Na2SO4: 0.0019 wt.% 

Solid mass % (
𝑚𝑚𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠
𝑚𝑚𝐹𝐹𝐹𝐹𝐹𝐹𝑠𝑠

)  ~ 4 %

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 392 °C
Pressure ~ 225 bar
VLS

Region: 3 (Na2SO4 partially dissolved)
xBrine, NaCl: 20 wt.%
xSCW,NaCl: 0.048 wt.%
xBrine, Na2SO4 ~ 14 wt.%a

xSCW,Na2SO4: 0.00014 wt.%

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 398 °C
Pressure ~ 236 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 22 wt.%
xSCW,NaCl: 0.061 wt.%
xBrine, Na2SO4: 15 wt.%a

xSCW,Na2SO4: 0.00017 wt.%

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 408 °C
Pressure ~ 248 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 27 wt.%
xSCW,NaCl: 0.067 wt.%
xBrine, Na2SO4: 18 wt.%a

xSCW,Na2SO4: 0.00016 wt.%

a 

Table 6.3: Comparison between capillary experiments and algorithm predictions for a 
feed ratio of 6:4  (NaCl:Na2SO4)

𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 =  
𝑥𝑥𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4𝑚𝑚𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹 − 𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 𝑚𝑚𝑆𝑆𝑆𝑆𝑆𝑆

𝑚𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵
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The results show that the adapted algorithm was able to correctly predict the phase 
region for the given capillary experiments (also when referring to the results in 
Appendix E).  

6.5 Conclusions 

The phase behaviour of two model ternary salt-salt-water mixtures was investigated 
(experimentally and theoretically) to evaluate the applicability of SCWD for the 
treatment of multi-component brines. The first mixture consisted of NaCl and KCl 
(representative of a type I-I salt mixture), while the second mixture consisted of 
NaCl and Na2SO4 (representative of a type I-II salt mixture). Before the equilibrium 
concentrations were measured (quantitative experiments), the solutions were 
qualitatively investigated using quartz capillaries to visually inspect the phase 
behaviour. For the NaCl-KCl-H2O mixtures, the results showed that for all feed 
ratios a VLE was established and there was no risk of solid formation, which could 
lead to equipment plugging. The results for the NaCl-Na2SO4-H2O showed that 
for mixtures containing mostly NaCl (70 wt.% or greater on a total salt basis) the 
hydrothermal brine would be sufficient to completely dissolve the precipitated 
Na2SO4. For lower concentrations of NaCl, the Na2SO4 was only partially dissolved 
and solids were present. 

From the quantitative results for NaCl-KCl-H2O mixtures, it was concluded that 
SCWD could be applied for the recovery of freshwater from the mixed feed. The 
phase behaviour and equilibrium concentrations in the SCW phase were similar for 
both salts, meaning the salts could not be separated using SCWD and the resulting 
solid product would be a mixture of KCl and NaCl. The concentrations in the SCW 
phase, for the respective salts, could be predicted by calculating the equilibrium 
concentration for the binary salt-water mixture (using the AP EoS) and adjusting 
it for the feed concentration of the salt. The phase behaviour of a NaCl-Na2SO4-
H2O mixture was divided into three regions for the temperature range investigated 
in this study. The phase regions were predicted by adjusting the phase algorithm 
for a binary salt-water mixture and using the binary AP EoS for NaCl-H2O and 
Na2SO4-H2O respectively. SCWD could be applied for the treatment of these NaCl-
Na2SO4-H2O mixtures, provided that the process was operated in the third phase 
region, where separation occurs between the SCW and hydrothermal brine phase. 
The precipitated Na2SO4 would dissolve in the hydrothermal brine, creating a VLE, 
which is required for the SCWD process developed for this study.  
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Appendix E

E.1 Constants for thermodynamic modelling

Property Unit Value/Correlation for NaCl Value/Correlation for Na2SO4

kJ/mol 28.158 23.723

 K 1074 1155

°C/Pa 0.24 1.4 x 10-8

 cm3/mol 6.3 0.28755

J/mol·K 72.008 – 3.2228 x 10-3 T 201.10 – 3.9406 x 10-3 T

J/mol·K 45.151 + 1.7974 x 10-2 T 121.93 + 8.1413 x 10-2 T  

E.2 Binary mixture fitting
For both the KCl-H2O and Na2SO4-H2O mixtures, the molar vapour (SCW) 
composition data was fitted. The experimental data sets used for the KCl-H2O fits 
are summarised in Table E.2:  

Reference Temperature (°C) Pressure (bar)  Number of points

Hovey et al. [29] 380 & 410 225 – 301 20
Leusbrock et al. [30] 394 – 407 180 – 242 66
This study 410 – 440 250 & 300 9

For the Na2SO4-H2O mixtures, only temperatures of 350 ᵒC and greater were 
considered, as these conditions are more applicable for this study. In Table E.3, a 
summary is given of the literature data sets used for fitting or verification of the 
parameters. 

Table E.1: Constants for NaCl and Na2SO4 for VSE [37,41–43]

Table E.2: Experimental KCl-H2O composition data used for fitting the KCl AP EoS 
transformation parameters

∆ℎ𝑚𝑚 

𝑇𝑇𝑚𝑚 

𝑑𝑑𝑑𝑑
𝑑𝑑𝑃𝑃𝑠𝑠𝑠𝑠𝑠𝑠

 

∆𝑉𝑉𝑖𝑖
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𝑐𝑐𝑝𝑝𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 

𝑐𝑐𝑝𝑝𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 
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Reference Temperature (°C) Pressure (bar)  Number of pointsa

DiPippo et al. [8] 321 - 365 200 & 250 2
Shvedov & Tremaine [32] 310 - 380 250 4
Shvedov & Tremaine [31] 370 - 375 190 – 305 10

Hodes et al. [34] 357 250 6

Rogak & Teshima [33] 375 - 505 250 20

Khan & Rogak [23] 383 - 397 244 6
a Only points  ≥  350 oC 

The fits were performed in MATLAB R2017a, following the chi-squared (χ2) 

regression method was with:

(E.1)

The mean square error (MSE) was calculated as:

(E.2)

The 5-fold cross-validation (CV) method described in James et al. [28] was used 
to evaluate both the predictive and fitting capability of the model. The data was 
randomly divided into five sets. Four of the five sets were used for fitting the 
parameters, while the fifth set was used to test the predictive capability of the model 
outside the data sets used for fitting. The fit that results in the lowest χ2 was the best 
fit for the model. The predictive capabilities CV5 was then evaluated by calculating:

(E.3)

The average deviation of the model over the five fits is calculated as:

(E.4)

Table E.3: Experimental Na2SO4 composition data used for fitting the Na2SO4 AP EoS 
transformation parameters
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With pi being the fitted parameter for lowest χ2. The statistical results for the best fit 
for KCl and Na2SO4 parameters are given in Table E.4.

Fit χ2 MSE (%) CV5 σp,avg (%)

KCl 0.0035 2.21×10-7 0.0037 1.43
Na2SO4 0.029 4.60 × 10-5 0.033 9.74

E.3 Qualitative phase behaviour results

Mass salt ratio 
(NaCl:KCl)

Initial liquid 
height (cm)

Temperature (°C) Pressure (bar) Phase 
observation

Pure NaCl 3.4 325 - 448 ~ 118 to ~ 344 VL

9:1 2.9 and 4.4 331 – 452 ~ 130 to ~ 351 VL
8:2 2.6 and 4.4 323 - 450 ~ 114 to ~ 343 VL
7:3 3.1 and 4.4 332 - 451 ~ 130 to ~ 348 VL
6:4 2.9 and 4.4 331 - 452 ~ 130 to ~ 351 VL
5:5 3 and 4.9 324 - 450 ~ 118 to ~ 346 VL

3:7 3 and 4.2 322 - 448 ~ 114 to ~ 340 VL
2:8 2.7 and 4.5 322 - 449 ~ 114 to ~ 341 VL
1:9 3 and 4.5 326 – 448 ~ 122 to ~ 340 VL
Pure KCl 3.4 328 - 447 ~ 122 to ~ 288 VL

Table E.4: Statistical results for KCl and Na2SO4 parameter fits

Table E.5: Observed phase behaviour for type I-I salt mixtures (10 wt.% starting solution) 
under sub- and supercritical conditions
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Mass salt ratio 
(NaCl:Na2SO4)

Initial liquid 
height (cm)

Temperature (°C) Pressure (bar) Phase observation

9:1 4.8 330 - 449 ~ 127 to ~ 376 VL
8:2 6.4 374 - 451 ~ 127 to ~ 400 VL
7:3 7.05 334 - 449 ~ 136 to ~ 400 VL
6:4 5.8 333 - 450 ~ 135 to ~ 400 VLSa 
5:5 5.8 334 - 449 ~ 136 to ~ 410 VLS
2:8 5.1 334 - 428 ~ 136 to ~ 261 VLS

428 - 450 N/A VS
Pure Na2SO4 5.2 334 - 450 ~ 136 to ~437 VS
a Solid formation from 369 ᵒC

E.4 Quantitative phase behaviour results

E.4.1 NaCl-KCl

370 380 390 400 410 420 430 440 450
0.0

0.2

0.4

0.6

0.8

1.0

1.2

400 410 420 430 440
0.00

0.05

0.10

0.15

0.20

Supercritical

O
ut

le
ts

al
tc

on
ce

nt
ra

tio
n

(w
t.%

)

Temperature (oC)

Subcritical

370 380 390 400 410 420 430 440 450
0.0

0.2

0.4

0.6

0.8

1.0

1.2
Supercritical

O
ut

le
ts

al
tc

on
ce

nt
ra

tio
n

(w
t.%

)

Temperature (oC)

Subcritical

Table E.6: Observed phase behaviour for type I-II salt mixtures (10 wt.% starting solution) 
under sub- and supercritical conditions

a) b)

Figure E.1: NaCl and KCl SCW concentration for a mass feed ratio of 9:1 (NaCl:KCl),  a) 
250 b) 300 bar (■ Experimental NaCl; ■ Experimental KCl; ■ Experimental total salt (dashed 
lines help to guide the eye for the experimental points); ─ Calculated NaCl from binary AP 

EoS; ─ Calculated KCl from binary AP EoS)
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Figure E.2: NaCl and KCl SCW concentration for a mass feed ratio of 8:2 (NaCl:KCl),  a) 
250 b) 300 bar (■ Experimental NaCl; ■ Experimental KCl; ■ Experimental total salt (dashed 
lines help to guide the eye for the experimental points); ─ Calculated NaCl from binary AP 

EoS; ─ Calculated KCl from binary AP EoS)

Figure E.3: NaCl and KCl SCW concentration a pressure of 300 bar a) 5:5 mole ratio 
(NaCl:KCl) b) 1:9 mass ratio (■ Experimental NaCl; ■ Experimental KCl; ■ Experimental 
total salt (dashed lines help to guide the eye for the experimental points); ─ Calculated 

NaCl from binary AP EoS; ─ Calculated KCl from binary AP EoS)

a) b)
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E.4.2 NaCl-Na2SO4  

Figure E.4: NaCl and Na2SO4 SCW concentration for a mass feed ratio of 9:1 (NaCl:Na2SO4), 
a) 250 b) 300 bar (■ Experimental NaCl; ■ Experimental Na2SO4;  (dashed lines help to guide 
the eye for the experimental points); ─ Calculated NaCl from binary AP EoS; ─ Calculated 

Na2SO4 from binary AP EoS)

Figure E.5: NaCl and Na2SO4 SCW concentration for a mass feed ratio of 8:2 
(NaCl:Na2SO4), a) 250 b) 300 bar (■ Experimental NaCl; ■ Experimental Na2SO4;  (dashed 
lines help to guide the eye for the experimental points); ─ Calculated NaCl from binary 

AP EoS; ─ Calculated Na2SO4 from binary AP EoS)

a) b)

a) b)
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E.5 Capillary validation
In Table E.7 to E.8 the phase behaviour of a NaCl-Na2SO4-H2O mixture for a mass 
feed ratio of 7:3 (NaCl:Na2SO4) and 6:4 is shown. The photos may appear unclear 
due to the effect of radiation from the oven. 

Figure E.6: NaCl and Na2SO4 SCW concentration for a mass feed ratio of 8:2 
(NaCl:Na2SO4), at 270 bar (■ Experimental NaCl; ■ Experimental Na2SO4;  (dashed lines 
help to guide the eye for the experimental points); ─ Calculated NaCl from binary AP 

EoS; ─ Calculated Na2SO4 from binary AP EoS)
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Capillary Conditions Algorithm output

Feed ratio: 7:3 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 397 °C
Pressure ~ 258 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 10 wt.%
xSCW,NaCl: 0.23 wt.%
xBrine, Na2SO4: 4.5 wt.%a

xSCW,Na2SO4: 0.0012 wt.%

Feed ratio: 7:3 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 413 °C
Pressure ~ 292 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 16 wt.%
xSCW,NaCl: 0.37 wt.%
xBrine, Na2SO4: 7.0 wt.%a

xSCW,Na2SO4: 0.0016 wt.%

Feed ratio: 7:3 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 421 °C
Pressure ~ 309 bar
VL

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 18 wt.%
xSCW,NaCl: 0.42 wt.%
xBrine, Na2SO4: 8.2 wt.%a

xSCW,Na2SO4: 0.0017 wt.%

a 

Table E.7: Comparison between capillary experiments and algorithm predictions for a feed 
ratio of 7:3 (NaCl:Na2SO4)

𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 =  
𝑥𝑥𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4𝑚𝑚𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹 − 𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 𝑚𝑚𝑆𝑆𝑆𝑆𝑆𝑆

𝑚𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵
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Capillary Conditions Algorithm output

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 392 °C
Pressure ~ 250 bar
VLS 

Region: 2
xoutlet, NaCl: 6 wt.%
xoutlet, Na2SO4: 0.0014 wt.% 
Solid mass %  ~ 4 %

Feed ratio: 6:4 (NaCl:Na2SO4)
Total salt: 10 wt.%
Temperature: 415 °C
Pressure ~ 298 bar
VL – solids are stuck to side of the 
capillary wall above the meniscus 

Region: 3 (Na2SO4 fully dissolved)
xBrine, NaCl: 16 wt.%
xSCW,NaCl: 0.42 wt.%
xBrine, Na2SO4: 11 wt.%a

xSCW,Na2SO4: 0.0018 wt.%

a 

Table E.8: Comparison between capillary experiments and algorithm predictions for a 
feed ratio of 6:4 (NaCl:Na2SO4)

𝑥𝑥𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 =  
𝑥𝑥𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4𝑚𝑚𝐹𝐹𝐵𝐵𝐵𝐵𝐹𝐹 − 𝑥𝑥𝑆𝑆𝑆𝑆𝑆𝑆,𝑁𝑁𝑎𝑎2𝑆𝑆𝑂𝑂4 𝑚𝑚𝑆𝑆𝑆𝑆𝑆𝑆

𝑚𝑚𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵𝐵
 

Meniscus
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Supercritical water desalination (SCWD) is a process whereby freshwater is 
recovered from saline streams under the supercritical conditions of water. Under 
supercritical conditions (T > 374 °C and P > 220 bar), water becomes non-polar and 
the inorganic components (e.g. salts) can be readily separated, due to a decrease in 
solubility [1,2]. The work presented in this thesis is a continuation of the SCWD 
process conceptualised by Leusbrock [3,4] and the initial development work by 
Odu [5]. The focus of this study was to continue with the process development, 
specifically looking at the application of SCWD for the treatment of brine waste 
streams to achieve zero liquid discharge (ZLD).  

A large laboratory-scale SCWD unit of 5 kg/h, which was originally designed 
and made operational by Odu [5], was modified and fully tested in this study. A 
schematic of the modified large laboratory-scale SCWD unit is given in Figure 7.1:

 

The SCWD unit consist of three main sections, namely the feed heating section (HEX 
and Heater), the supercritical separation section (Gravity separator) and the brine 
recovery section (salt collector to condensed vapour collector). The basic separation 
principle of this process was the separation between low-density and high-density 
fluid streams based on gravity. This was done as most salt-water mixtures, found 
in industry, form a pseudo-vapour-liquid equilibrium (VLE) under supercritical 
conditions, as opposed to the solid salt directly precipitating from the fluid streams. 
The SCWD process is a two-stage separation process. The first stage is the continuous 
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removal of the supercritical water (SCW) phase (vapour) from the top of the gravity 
separator, while the hydrothermal brine (liquid) accumulates at the bottom of the 
separator. The SCW stream is used to partially heat the feed stream to the desired 
separation temperature. The second separation stage is the periodic expansion of the 
accumulated hydrothermal brine to retrieve solid salt, steam and freshwater. The 
large laboratory-scale unit was operated in a semi-batch mode, with the separation 
of freshwater (SCW) being continuous, while the recovery of steam, salt and water 
was batch-wise.  

Apart from this unit, only one other large laboratory-scale SCWD unit was built and 
studied. This was done by the group of Trembly [6,7], who investigated SCWD for 
the treatment of hypersaline waste streams, generated during hydraulic fracturing. 
Key differences between their SCWD unit (6.1 – 6.7 kg/h) and the one presented in 
this study are the manner in which the feed is heated and how the heat integration 
is done. For the unit of Trembly the feed stream was directly heated inside the 
separator using electrodes. In this study an external feed heater was used to heat the 
feed before it enters the separator. From the operation of the large laboratory-scale 
unit (used in this study), it was concluded that the temperature inside the separator 
could be accurately controlled using the external feed heater, with minimal delay 
in reaching the desired separation temperatures.  Steady-state operating conditions 
inside the gravity separator could thus be readily achieved.

For the heat integration of the unit of Trembly, the hydrothermal brine was used to 
pre-heat the feed. As mentioned, the SCW stream was used for heat integration in the 
present study for the following reasons. Firstly, the SCW is continuously removed 
and thus the feed stream is also heated continuously. Secondly, the SCW contains 
more energy (high heat capacity and flow rate) and lastly the SCW has a low salt 
concentration and the risk of salt deposition inside the heat exchanger is minimal.

From the operation and results of the large laboratory-scale unit, it was shown that it 
is technically possible to recover freshwater (drinking water quality) from different 
concentration saline feeds at a flow rate of 5 kg/h, using SCWD. For seawater feed 
concentrations (3.5 wt.% NaCl), the experimental freshwater recovery was up to 91 
%, which is much higher than the 50 % freshwater recovery achieved by conventional 
desalination units [8–10].  

The first objective of this study was to demonstrate the application of SCWD on a 
larger scale (5 kg/h) for the treatment of different saline feed streams. By performing 
large-scale SCWD experiments, results can be obtained on heat transfer between 
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the supercritical water (SCW) and feed stream, and the product distribution 
after hydrothermal brine expansion. The second objective was to investigate heat 
integration and energy consumption. The process is energy intensive, due to the 
extreme operating conditions. Therefore, heat integration needs to be improved in 
order to reduce the energy consumption and make it comparable with other ZLD 
processes. Thirdly, hydrothermal brine retrieval and separation to achieve ZLD was 
studied. For the treatment of brine waste streams, SCWD should be able to achieve 
ZLD.  Large-scale experiments can provide insight into the efficacy of the one-stage 
expansion of the hydrothermal brine. Product distribution results will assist with 
the development of an efficient method to retrieve the brine while achieving ZLD. 
Lastly, the objective was to investigate the application of SCWD for the treatment 
of multi-component (salts) feed streams. Brine waste streams, found in industry, 
are usually a mixture of different salts. For the SCWD process to be applied for 
the treatment of these streams, it is important to first understand how the presence 
of different salts affect the phase behaviour of the mixture, under supercritical 
conditions.   

7.1 Conclusions

Having demonstrated the application of SCWD on a larger scale for the recovery of 
freshwater from different saline feed streams, further investigation was done into 
the heat transfer and hydrothermal brine retrieval. From the results of the studies 
the following conclusions were drawn.

The heat transfer between the SCW and feed stream improves with higher NaCl 
feed concentrations, which is due to the decrease in the heat capacity of the feed. 
This was confirmed by both experimental and heat exchange modelling results 
(composite curves). The overall energy consumption of the SCWD unit decreases 
with feed concentration. The decrease in energy consumption is due to the decrease 
in the heat capacity of the feed stream which has two effects. Firstly, the driving 
force for heat exchange between the SCW and feed stream, improves allowing for 
higher heat exchanger (HEX) outlet temperatures for the feed stream (cold side). The 
higher outlet temperatures mean that the inlet temperatures to the external heater 
will be higher. Secondly, the lower heat capacity of the stream also directly lowers 
the energy requirement of the heater because less energy is required to heat the feed 
stream. For other desalination technologies the energy consumption increases with 
feed concentration either due to the increase in osmotic pressure (reverse osmosis)
or the increase in the boiling point temperature (thermal-based technologies). As 
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the feed concentration increases (> 10 wt.% NaCl), the SCW recovery (and flow rate) 
decreases to a point where it is recommended to pre-heat concentrated feed streams 
to assist with heat exchange between the SCW and feed stream.  

From the brine expansion results of the large laboratory-scale SCWD operation, it 
was concluded that one-stage expansion is not sufficient for complete separation 
between steam and solid dry salt. Instead steam, salt and a salt saturated water 
stream (brine) were obtained. In order to achieve ZLD, no brine should be present 
among the product streams. Theoretically, ZLD can be achieved with the two-
stage flash-evaporation of the hydrothermal brine, utilising the steam produced 
in the first stage to dry the salt in the second stage. No additional energy input is 
required for the separation and by adjusting the first and second stage pressure, 
steam production is optimised and integrated with the process to further reduce 
the total unit energy consumption. Furthermore, the economic analysis showed that 
the economic feasibility of the process is dependent on the revenue of the produced 
salts. The selling price for water and steam is too low to economically sustain the 
process. For high feed concentrations (14 and 20 wt.%), the SCWD brine treatment 
price is comparable with thermal-based desalination technologies and other ZLD 
processes, while for low feed concentrations the process is too expensive. SCWD is 
therefore more favourable for the treatment of concentrated brine streams, rather 
than low-saline feeds, if the salts are sold.

Investigation into the treatment of multi-component feeds on a small laboratory-
scale SCWD unit (1 mL/min) led to the following conclusions. The SCWD process, 
developed in the present study, can be applied for the treatment of multi-component 
feeds for the recovery of freshwater. As mentioned, the process was designed for the 
separation between a low-density and a high-density fluid stream, and the mixture 
should thus form a pseudo-VLE, under supercritical conditions. For feed streams 
containing salts that exhibit phase behaviour similar to NaCl (e.g. KCl), VLE is readily 
achieved under similar conditions as for binary NaCl-H2O mixtures. Freshwater is 
recovered and the resulting solid product, after expansion of the hydrothermal brine, 
is a mixture of salts as the salts cannot be separated under supercritical conditions 
(due to similar solubilities). For feed mixtures containing salts that directly precipitate 
from the feed, under supercritical conditions (e.g. Na2SO4), the use of SCWD is more 
challenging, due to the risk of equipment plugging and HEX fouling. SCWD can be 
applied provided that the feed concentration of NaCl (or other type I salts that form 
a VLE) relative to the concentration of Na2SO4 (or other type II salts) is high enough.  
If the ratio between the two salts is high enough, the amount of hydrothermal brine 
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(formed under supercritical conditions) will be sufficient to completely dissolve the 
precipitated salts. The mixture will form a VLE, and freshwater can be recovered. 
The resulting solid product, after expansion of the hydrothermal brine, will again be 
a mixture of salts. 

7.2 Outlook 

SCWD is a promising ZLD technology for the treatment of concentrated brine waste 
streams from industry. It has several advantages compared to conventional ZLD 
processes. Firstly, the energy consumption decreases with more concentrated feeds. 
Secondly, due to the high operating temperatures and pressures, SCWD could assist 
with the elimination of organic micro-pollutants present in water and anti-scalants 
present in the brine waste from RO units [9]. In comparison to membrane-based 
processes, the required pre-treatment of the feed streams is not that extensive, 
depending on the source of the brine, and will be in line with other thermal-based 
desalination processes. In addition to freshwater and solid salt, steam is also 
produced during the expansion of the hydrothermal brine. For low concentration 
feeds (3.5 and 7 wt.% NaCl), 7 – 14 % of the heater energy input is retrieved as steam 
(T = 235 °C and P = 22 bar) after expansion. For concentrated feed streams (14 and 
20 wt.% NaCl), the produced steam is partially used for pre-heating the feed stream 
before the HEX. The remaining steam accounts for 23 – 27 % of the heater energy 
input and can be integrated with other process units.  

There are some key issues that need to be addressed and investigated for further 
development of the SCWD process. The unit is currently operated in a semi-batch 
mode, with the separation of SCWD being continuous, while the expansion of the 
hydrothermal brine is batch-wise. Steps should be taken to automate the expansion 
of the hydrothermal brine and make the operation continuous, similar as for a multi-
effect distillation process. For the automation and controlled expansion of the brine, 
a liquid level indicator should be developed in order to monitor the liquid level 
of the hydrothermal brine inside the separator, under supercritical conditions. The 
liquid level can be monitored by measuring the conductivity of the fluids inside 
the separator [11]. In this study, initial steps have already been taken to measure 
the conductivity of the concentrated hydrothermal brine phase (see Appendix A). 
The experimental results contribute to understanding the nature of the concentrated 
hydrothermal brine, but  could also assist with the design and development of a 
liquid level indicator for conditions inside the separator, to make the process 
continuous.   
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Theoretically, it has been shown that ZLD can be achieved with a two-stage 
flash-evaporation of the hydrothermal brine.  The next step would be to modify 
the downstream brine recovery section of the large laboratory-scale unit, to 
experimentally investigate the two-stage separation scheme for brine recovery. 
The experimental results will help to improve modelling results and assist with 
addressing issues such as salt entrainment. Due to the rapid expansion of the brine, 
the resulting particle sizes of the salt crystals are very small (10 – 40 µm) and the 
particles are entrained with the steam, resulting in a lower salt recovery. From 
Chapter 2 it was concluded that a cyclone alone is not effective in removing the solid 
salt particles, and other methods should be studied e.g. installation of a demister. 

Further investigation into the application of SCWD for the treatment of multi-
component feed streams is required. Case specific brines should be investigated 
on laboratory-scale (1 mL/min) to gain knowledge on the phase behaviour of the 
streams and to improve thermodynamic models. These brine feeds should also 
be investigated on a larger scale (5 kg/h) to gain knowledge on heat transfer and 
product distribution after expansion of the multi-component hydrothermal brine, 
similar to what was done for binary salt-water mixtures in this study.



 References | 225 

References

[1] A.H. Harvey, D.G. Friend, Physical properties of water, in: D.A. Palmer, 
R.J. Fernández-Prini, A.H. Harvey (Eds.), Aqueous Syst. Elev. Temp. Press. 
Phys. Chem. Water,Steam Hydrothermal Solut., Elsevier Academic Press, 
Amsterdam, 2004: pp. 1–27. https://doi.org/https://doi.org/10.1016/B978-
012544461-3/50002-8.

[2] S.O. Odu, A.G.J. Van Der Ham, S. Metz, S.R.A. Kersten, Design of a 
Process for Supercritical Water Desalination with Zero Liquid Discharge, 
Industrial & Engineering Chemistry Research. 54 (2015) 5527–5535. https://doi.
org/10.1021/acs.iecr.5b00826.

[3] I. Leusbrock, Removal of inorganic compounds via supercritical water : 
fundamentals and applications, Rijksuniversiteit Groningen, 2011. http://
dissertations.ub.rug.nl/faculties/science/2011/i.leusbrock/%5Cnfile:///R:/
LITERATURE/Chris/Leusbrock (2011) - inorganic compounds, supercritical 
fluids (thesis).pdf.

[4] S.J. Metz, I. Leusbrock, Method and system for supercritical removal of an 
inorganic compound, US 2011/0180384 A1, 2011.

[5] S.O. Odu, Supercritical Water Desalination (SCWD): Process Development, 
Design and Pilot Plant Validation, University of Twente, 2017. https://doi.
org/10.3990/1.9789036544382.

[6] D.D. Ogden, J.P. Trembly, Desalination of hypersaline brines via Joule-
heating: Experimental investigations and comparison of results to 
existing models, Desalination. 424 (2017) 149–158. https://doi.org/10.1016/j.
desal.2017.10.006.

[7] C.M. Able, D.D. Ogden, J.P. Trembly, Sustainable management of 
hypersaline brine waste: Zero liquid discharge via Joule-heating at 
supercritical condition, Desalination. 444 (2018) 84–93. https://doi.
org/10.1016/j.desal.2018.07.014.

[8] E. Jones, M. Qadir, M.T.H. van Vliet, V. Smakhtin, S. Kang, The state 
of desalination and brine production: A global outlook, Science of the 
Total Environment. 657 (2019) 1343–1356. https://doi.org/10.1016/j.
scitotenv.2018.12.076.

[9] A. Panagopoulos, K. Haralambous, M. Loizidou, Desalination brine 
disposal methods and treatment technologies - A review, Science of 
the Total Environment. 693 (2019) 133545. https://doi.org/10.1016/j.
scitotenv.2019.07.351.



226 | Chapter 7

[10] V.G. Gude, Energy storage for desalination processes powered by 
renewable energy and waste heat sources, Applied Energy. 137 (2015) 877–
898. https://doi.org/10.1016/j.apenergy.2014.06.061.

[11] SMD fluid controls, Liquid level control utilizing conductivity sensors, 
(2017). https://www.fluidswitch.com/2017/06/27/liquid-level-control-
utilizing-conductivity-sensors/ (accessed July 1, 2020).



 References | 227 





 | 229 

Abbreviations and acronyms

AC Alternating current  
AP Anderko & Pitzer
APACT Associated-perturbated-anisotropic-chain theory
BPR Back-pressure regulator
CAPEX Capital expenses
EC Evaporative crystallisation
ED/EDR Electro-dialysis (reverse)
EDS Energy dispersive spectroscopy
EFC Eutectic freeze crystallisation
eNRTL Electrolyte non-random two liquid
EoS Equation of state
f.o.b Free-on-board
HEX Heat exchanger
IAPWS IF-97 International Association for Properties of Water and Steam 

Industrial Formulation 1997
L Liquid
LS Liquid-solid
LSE Liquid-solid equilibrium
MD Membrane distillation
MED/MEE Multi-effect distillation (evaporation)
MP Medium pressure
MSA Mean spherical approximation
MSF Multi-stage flash
MVC Mechanical vapour compression 
NF Nano-filtration
OPEX Operational expenses
RO Reverse osmosis
SC Supercritical
SCW Supercritical water 
SCWD Supercritical water desalination
SEE Single-effect evaporation
SEM Scatter electron microscopy
SMAPE Symmetric mean absolute percentage error
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SWRO Seawater reverse osmosis
TDS Total dissolved solids
UF Ultrafiltration
V Vapour
VL Vapour-liquid
VLE Vapour-liquid equilibrium
VLS Vapour-liquid-solid
VS Vapour-solid
VSE Vapour (Fluid)-solid equilibrium
ZLD Zero liquid discharge
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Nomenclature

Symbol Description Unit

Helmholtz free energy kJ/mol
Attractive pure component parameter bar·cm6/mol
Perturbation quantities of AP EoS (-)
Area m2

Annualised capital expense  (Chapter 5) M$/yr
Second and third order perturbation 
terms

(-)

Co-volume AP EoS cm3/mol
Molarity mol/m3

Isobaric heat capacity J/mol·K or kJ/kg·K
Solubility fitting parameter  J/kmol

 Change in isobaric heat capacity J/mol·K

 Heat capacity of dissociation J/mol

 Inner diameter mm

 Outer diameter mm

 Repulsive contribution quantities (-)

Exergy (Appendix D) kJ/h or kJ/kg
 Fugacity bar or  kPa

 Gibbs free energy kJ/mol
 Gibbs energy of formation kJ/mol

 Gibbs free energy change kJ/mol
 Specific enthalpy kJ/mol or kJ/kg
 Enthalpy of formation kJ/mol  

 Enthalpy of melting kJ/mol
 Enthalpy of vaporisation kJ/mol  

 Enthalpy kJ/h
 Enthalpy of dissociation kJ/mol

Interest rate %
 Binary transformation parameters (-)

𝑐𝑐𝑃𝑃 

∆𝐶𝐶𝑝𝑝 
∆𝐶𝐶𝑝𝑝,𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑 

𝑑𝑑𝑖𝑖  

𝑑𝑑𝑜𝑜 
𝐷𝐷, 𝐸𝐸, 𝐹𝐹 
𝐸𝐸  

 
𝑓𝑓  

 
𝑔𝑔 

∆𝑔𝑔𝑓𝑓0 
∆𝐺𝐺 
ℎ 
∆ℎ𝑓𝑓0 

∆ℎ𝑚𝑚 
∆ℎ𝑣𝑣𝑣𝑣𝑣𝑣 
𝐻𝐻 
∆𝐻𝐻𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑 
i 
𝑘𝑘, 𝑙𝑙,𝑚𝑚 

𝑎𝑎 

𝑎𝑎𝑎𝑎𝑎𝑎, 𝑎𝑎𝑎𝑎𝑎𝑎2, 𝑎𝑎𝑎𝑎𝑎𝑎3 
𝐴𝐴 

𝐴𝐴2, 𝐴𝐴3 

𝑏𝑏 
𝑐𝑐 

𝐶𝐶1 & 𝐶𝐶2 
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Cell constant 1/m

 Solubility product constant (-)
 Length m
 Molality mol/kgH2O

Mass (Chapter 6) g
Mass flow kg/h

 Moles mol
Equivalent concentration moleq/cm3

Number of points (Appendix E) (-)
 Pressure bar or kPa

Critical pressure bar  or  kPa 

Duty kJ/h or kJ/kg

 Gas constant (8.314) J/mol·K

Electrical  resistance (Appendix A) Ω
 Specific entropy J/mol·K
 Wall thickness cm
 Temperature °C or K

Critical temperature °C or K
 Melting temperature °C or K

Pseudocritical temperature °C or K

Minimum supercritical VLE 
temperature

°C or K

Triple line temperature °C or K
 Settling velocity m/s
 Inlet velocity m/s

Overall heat transfer coefficient W/m2·K
 Molar volume m3/mol

Total number of ions (Chapter 5) (-)
 Volume m3

 Volume flow m3/s
 Volume change of melting cm3/mol

Work kJ/h or kJ/kg
 Mass fraction (-)
 Mole fraction (-)

𝑘𝑘𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 
𝐾𝐾𝑠𝑠𝑠𝑠 
𝐿𝐿 
𝑚𝑚 

�̇�𝑚 
𝑛𝑛 
𝑁𝑁 

𝑃𝑃 
𝑃𝑃𝑐𝑐 

�̇�𝑄 
𝑅𝑅 

𝑠𝑠 
𝑡𝑡 
𝑇𝑇 
𝑇𝑇𝑐𝑐 
𝑇𝑇𝑚𝑚 
𝑇𝑇𝑝𝑝𝑝𝑝 
𝑇𝑇𝑆𝑆𝑆𝑆−𝑉𝑉𝑉𝑉𝑉𝑉 

𝑇𝑇𝑉𝑉𝑉𝑉𝑉𝑉 
𝑢𝑢𝑡𝑡   
𝑢𝑢𝑠𝑠   
𝑈𝑈 
𝑣𝑣 

𝑉𝑉 
�̇�𝑉   
∆𝑉𝑉𝑖𝑖

𝑓𝑓  
𝑊𝑊 
𝑥𝑥 
𝑋𝑋 
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Charge (-)
 Compressibility factor (-)

Greek symbol

AP EoS binary interaction parameters (-)
 Activity coefficient (-)

HEX effectiveness (-)
 Reduced density (-)

Specific conductivity S/cm
 Isothermal compressibility 1/Pa

Equivalent conductivity S·cm2/mol
 Dipole momentum D

Chemical potential kJ/mol
 Density kg/m3  or mol/m3

Average standard deviation (-)
 Fugacity coefficient (-)

Sub- /superscript

c Cold
DH Debye-Hückel
dip Dipolar
evap Evaporator
ex Excess
h Hot
HEX Heat exchanger
ig Ideal gas
L Liquid
LC Local composition
LMTD Log mean temperature difference
MeX Salt other than NaCl
min Minimum
opl Operational
per Perturbation
ref Reference

𝑧𝑧 
𝑍𝑍 

𝛼𝛼𝑖𝑖𝑖𝑖, 𝛾𝛾𝑖𝑖𝑖𝑖𝑖𝑖, 𝛿𝛿𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 𝜖𝜖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 
𝛾𝛾  
𝜀𝜀 
ƞ 
𝜅𝜅 
𝜅𝜅𝑇𝑇 
Λ 
𝜇𝜇 

𝜌𝜌 
𝜎𝜎𝑝𝑝,𝑎𝑎𝑎𝑎𝑎𝑎 
𝜑𝜑 
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rep Repulsive
res Residual
sat Saturation
SC Supercritical
SCW Supercritical water 
sep Separator
sol Solution
sub Subcritical
theo Theoretical
trans Transferred
V Vapour 
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Ouma sê dat Ouma nooit nuus het nie, praat ons altyd ten minste 40 minute oor 
allerhande onderwerpe van Nederlandse politiek tot Sheba se nuutste gewoontes. 
Mamma, baie dankie vir al die liefde en ondersteuning die afgelope jare. Ek weet 
dit was nie maklik vir Ma toe ek weg gegaan het nie, maar Ma se aanmoedig om die 
geleentheid te volg sal ek altyd waardeer. Dit het vir my so baie beteken dat ek altyd 
met Ma kon praat oor al my frustrasies en probleme, maar ook die goeie goed kon 
deel en raad kon vra (soos wat om te doen as die kos gebrand het).  En dan laaste 
wil ek dankie sê aan ons Hemelse Vader vir sy genade en krag die afgelope vier jaar. 
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"All sorts of things can happen when you're open to new ideas and playing around 
with things"

Stephanie Kwolek
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