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Comparison of solvent-based affinity
separation processes using Cyrene and
Sulfolane for aromatic/aliphatic separations
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Abstract

BACKGROUND: Vapor–liquid and liquid–liquid equilibria of unsaturated and saturated hydrocarbons with the bio-based
solvent dihydrolevoglucosenone, trademarked as Cyrene, have been reported recently, aiming at the utilization of the
solvent in liquid–liquid extraction (LLX) and extractive distillation (ED). In this work, for a model system comprised of
methylcyclohexane (MCH) and toluene (TOL), both LLX-based and ED-based processes were compared over a wide
range of compositions based on simulations in AspenPlus V10. An economic evaluation based on total annual costs
was performed, and the processes using Cyrene were compared with equivalent processes using the industrial bench-
mark Sulfolane.

RESULTS: In the absence of literature data for Sulfolane–MCH–TOL, additional liquid–liquid extractions were done to facilitate
parameter estimation for simulation. The Cyrene-based ED process was found to be more efficient than the Sulfolane-based ED
process, primarily at lower (<50 mol%) TOL feed concentration, but also higher TOL feed concentrations. For LLX purposes it
was found that the Cyrene-based LLX process was economically the least attractive, primarily due to the larger miscibility
region of Cyrene with the hydrocarbon mixture.

CONCLUSIONS: The overall conclusion for this specific binary mixture is that LLX with Sulfolane is most economic at a TOL feed
concentration of <30 mol%, while for >30 mol% the ED process with Cyrene is most economic. This process analysis showed
that Cyrene is an appropriate bio-based alternative for Sulfolane as an entrainer for ED processes to separate aromatics and
aliphatics.
© 2021 The Authors. Journal of Chemical Technology and Biotechnology published by JohnWiley & Sons Ltd on behalf of Society
of Chemical Industry (SCI).
Supporting information may be found in the online version of this article.
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ABBREVIATIONS
AD azeotropic distillation
APEA Aspen Plus Economic Analyzer
BIP binary interaction parameter
CAPEX capital expenditure
Cp isobaric heat capacity (J K−1 mol−1)
DES deep eutectic solvent
ED extractive distillation
IL ionic liquid
LLE liquid–liquid equilibrium
LLX liquid–liquid extraction
MCH methylcyclohexane
NRTL non-random two liquid
OPEX operational expenditure
PBP payback period
SF solvent-to-feed
SR solvent recovery
TAC total annual cost
TOL toluene

UNIQUAC universal quasichemical
VLE vapor–liquid equilibrium

INTRODUCTION
The fractionation of crude oils into numerous intermediates and
products is practiced all around the world. Oil fractionation is an
energy-intensive process due to the complexity of the feed that
requires an extensive separation train. Yearly a huge amount of
crude oil is produced (4.4 billion tons in 20191), which represents
about 12.0% of the global energy usage by the petrochemical
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industry.2 In our path towards a more sustainable future, the elim-
ination of crude oil will take time, and in the short term will not be
feasible as the world cannot function without carbon-based prod-
ucts. For the longer term, fossil-based crude oils can be replaced
with bio-crude oils,3,4 but bio-crude oils also need to be refined.5,6

While in the further future the use of bio-crudes might have a sig-
nificant impact, further greening of traditional industrial crude
processing should also be pursued to reduce environmental
impacts. Part of this can be realized by increasing the energy effi-
ciency of these processes,7 and additionally by replacing tradi-
tional solvents with bio-based solvents.8,9

Crude oil feeds, for instance naphtha, are complex mixtures that
may contain C6- to C9-hydrocarbons,

10,11 though other composi-
tion ranges are also seen. Various hydrocarbons are close-boiling
compounds, form pinch points and/or form azeotropes between
each other.10,11 This is the major reason for the large energy
requirements of the subsequent separation train. The motivation
for separating the aromatic compounds from the aliphatic com-
pounds apart from their individual value is that the presence of
aromatic compounds hinders the production of ultralow-sulfur
fuels.12 Also, the aromatic presence adds a load on the separation
train and tends to foul radiation sections and transfer line
exchangers.13

Traditional distillation columns, due to the overlapping boiling
ranges and azeotropes, are not able to facilitate all the required
separations. Therefore solvent-based affinity processes including
liquid–liquid extraction (LLX),14-16 extractive distillation (ED)17,18

and azeotropic distillation (AD)19,20 are used to enhance the rela-
tive volatility. Other processes have also been reported such as
pervaporation,21,22 adsorption23,24 or using supported liquid
membranes with ionic liquids (ILs)25 and polymeric membranes.26

Regarding solvent-based affinity processes, the choice of solvent
has a significant effect on the overall energy efficiency of the pro-
cess. The capacity, the selectivity and the boiling point of the sol-
vent are among the selection criteria. A current state-of-
the-art polar solvent used in these affinity processes is
tetrahydrothiophene-1,1-dioxide or commonly known as Sulfo-
lane.11 ILs have been widely studied as potential superior
solvents,13,27-29 as shown for instance by Meindersma and de
Haan13 who found that the LLX process can be markedly
improved by using 4-methyl-N-butylpyridinium tetrafluoroborate.
More recently, deep eutectic solvents (DESs) are stated to be an
additional new class of alternative solvents.30-33 Because DESs
are composite solvents and not bound by charge neutrality as
seen with ILs, leaching is not necessarily the same for both (all)
constituents,34,35 and the risk remains of changing the solvent
composition during subsequent extraction stages.36 For this rea-
son, a single-molecule solvent may be better suited than compos-
ite solvents such as DESs for treating complex streams such as
naphtha.
In this paper, both LLX-based processes and ED-based pro-

cesses are compared, because both are of relevance due to the
wide range of aromatic contents found in industrial applications.
The number of aromatic compounds present in a feed highly
depends on the nature of the feed. For example, in ethylene
crackers, the aromatic content is often 10–25%,13 while the naph-
tha fractions of respectively Arab and Kurdish crude oils contain
about 9–15 vol%37 and 16.3 vol%38 aromatic compounds. After
catalytic reforming, the subsequent reformate can contain up to
55 wt% of aromatic compounds37 and vacuum gas oil may con-
tain 33.3 wt%.39 The last example is pyrolytic light naphtha oil
from used tires, which can contain 51.8 wt% of aromatic

compounds.40 This highlights the necessity of assessing processes
over a wide range of aromatic content in the feed.Weissermel and
Arpe19 described that for the separation of aromatic and
aliphatic mixtures, three solvent-based affinity processes are pre-
ferred at different aromatic feed concentrations. LLX processes
are most suitable at an aromatic feed between 20% and 65%,
while ED processes are most preferred between 65% and 90%.
For higher aromatic content (>90%), AD processes are pre-
ferred. They mention a lack of economically feasible processes
for mixed hydrocarbon feeds containing <20% of aromatic
compounds. In these processes several polar solvents have
been used, such as Sulfolane,41-43 N-methylpyrrolidone,42,44

N-formylmorpholine,43,45 propylene carbonate46,47 and various
glycols.48,49

In the work reported in this paper, we compared the process
performance of one of these recent bio-based solvent
advances (dihydrolevoglucosenone or Cyrene) with the perfor-
mance of Sulfolane. The latter is one of the industrial standards
for aromatics/aliphatics separations ranging from 10 to 80 mol
% of aromatic content. A very limited number of binary interac-
tion parameters are currently available for Cyrene. Hence, it
was not possible to properly simulate processes of complex
crude mixtures, and therefore the study was limited to a model
system comprised of one aromatic compound (toluene, TOL)
and one aliphatic compound (methylcyclohexane, MCH), for
which the parameters have recently been reported.8,9 Both
LLX and ED processes were compared, and we report here on
their process configurations, simulation results and corre-
sponding costs.

SOLVENT-BASED AFFINITY SEPARATION
PROCESS CONFIGURATIONS
For all solvent-based separation processes, after the primary sep-
aration, a solvent regeneration is necessary. In LLX-based pro-
cesses, at least two, though often even more, columns are
necessary for solvent regeneration. The initial extraction of the
feed with the solvent is not fully selective towards the target sol-
ute. Hence, additional fractionation is required upon solvent
recovery, and, due to solvent leaching, raffinate treatment is
required. Various purification strategies have been described
(and patented) to purify product streams and recover solvent.
For instance, de Graff and Perga50 described a combination of
two distillation columns after an extraction to recover all hydro-
carbons from the solvent. A water wash is often applied to remove
the leached solvent from the raffinate (aliphatic) stream. To pre-
vent significant solvent losses, this water is returned in the solvent
regeneration column, where evaporation of the water enhances
the distillation efficiency due to the (steam) stripping effect of
the (low-boiling) water.51-53 Though it has been reported that
water can also sometimes be added into the extraction
column,54 this was not done in this work.
The exact amount of unit operations, involving distillation or

extraction columns or decanter vessels, and the precise connec-
tions between all columns vary among patents/processes.46,50-53

The optimal configuration may not only depend on the solvent,
but also on the feed composition, feed throughput, utility costs
and the surface availability at the plant. As our objective was to
assess the potential of Cyrene and compare it to Sulfolane, it
was our main interest to make the comparison as fair as possible.
Therefore, for all processes, the process configuration was identi-
cal for both solvents. For LLX-based processes, the process
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configuration is shown in Fig. 1. A process was chosen wherein
the solvent is washed from the raffinate with water. The water
containing the solvent is returned to the solvent recovery
(SR) column, where it is applied as strip gas to strip the TOL from
the solvent. Next to the SR column, in the first distillation column,
the co-extracted MCH is distilled from the solvent. The TOL leaves
that column in the bottomwith the solvent. The distillate purity of
the first distillation column is not essential as this stream is
returned to the LLX column, but it should be considered because
it affects the performance of the LLX process.
The second process (Fig. 2) is designed around an ED column.

Generally, for ED processes themain units are distillation columns.
In the (first) ED column, the feed is introduced in the bottom
section of the column, while the (high-boiling) solvent is intro-
duced in the top section. The presence of the solvent elevates
the relative volatility of the saturated hydrocarbon in the hydro-
carbon mixture. In the second distillation column, the SR column,
the solvent is recovered from the entrained part of the feed. In
practice, several heat exchangers, coolers and pumps may be
added when pressure is changed between each of the columns.
Besides or due to the solvent choice, adaptations have been pat-
ented such as a phase-splitter in the condenser of the SR column
when using a highly polar solvent that is not fully miscible with
the aromatic compounds,55 and introducing side-stream with-
drawal and external reflux.56 However, for a proper comparison
as aimed at in this work, a basic ED process scheme, as can be
seen in Fig. 2, was applied.50,57

PROCESS MODELING AND OPERATIONAL
AND CAPITAL EXPENDITURES
Equilibrium stage model
The processes described in the previous section were modeled
using equilibrium stagemodels to describe the vapor–liquid equi-
libria (VLE) and liquid–liquid equilibria (LLE). The process simula-
tion was subjected to the MESH (material, equilibrium,
summation and heat balance) equations to uphold the conserva-
tion laws, which was performed using the software package
Aspen Plus® V10. This software package is a common tool for
investigating both LLX processes58-60 and ED processes.61,62 The
RadFrac model was applied in all (extractive) distillation columns
and the rigorous countercurrent extraction column was used in
combinationwith the inside–outside approach of Boston and Britt
for the LLX columns.63 All pumps were simulated with a distinct
discharge pressure of either 1 or 0.08 bar dependent on the loca-
tion in the process. For heat integration, heat exchangers were
modeled with the Shell & Tube model and a logarithmic temper-
ature difference of 10 K was assumed between the hot outlet
stream and cold inlet stream.64

Thermodynamics and experimental data acquisition
Accurate descriptions of VLE are essential in the simulation of
each distillation operation, and in the simulations, the modified
Raoult law was used to handle non-ideal behavior. The pure com-
ponent vapor pressure regressions of TOL, MCH, water and

Figure 1. Conceptual process scheme of the LLX process containing an initial LLX column, where the raffinate is washed in a water wash column. The
extract is led to a first distillation column to recover the co-extracted aliphatic compounds and lastly into a distillation column with an additional water
inlet of the solvent containing water from the water wash column. The water that leaves over the top is decanted from the TOL product stream and
recycled to the water wash column. Several heat exchangers and pumps are used to recover heat from the solvent recycle stream and adjust the pressure
in the various parts of the equipment.
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Sulfolane were used from the Aspen Plus databank. Recent vapor
pressure data of Cyrene65 (Fig. 3) were manually added and
regressed following the Antoine equation. In Table 1, the Antoine
coefficients of all compounds are presented.

The aim of using thermodynamic models is to most accurately
describe all equilibria. This could be realized by using either the
non-random two-liquid (NRTL) model66 or the universal quasi-
chemical (UNIQUAC) model.67 Either model can be chosen, as
they often do not outperform each other, and can correlate
VLE68,69 and LLE70,71 accurately if fitted appropriately. Although
Sørensen et al.72 state that UNIQUAC is slightly preferred for ter-
nary LLE, this is a general statement, and details on goodness of
fit should be considered for each system. In this section, the VLE
and LLE ternary systems are all considered, and it is discussed as
to which of the models is applied for each of the simulations (thus
for MCH–TOL–Sulfolane for VLE and LLE separately, and also for
MCH–TOL–Cyrene for VLE and LLE separately). The MCH–TOL–
Sulfolane ternary VLE were simulated with NRTL using binary
interaction parameters (BIPs) present in the Aspen Plus databank
(Fig. 4 and Table 2).
For the description of the MCH–TOL–Sulfolane ternary LLE, the

second set of NRTL (NRTL-2) BIPs was required. In the absence
of literature data, the BIPs between MCH and Sulfolane required
additional experimental LLE to be fitted (Fig. 5 and Table 3). The
experimental and analytical procedures are presented in the sup-
porting information.
TheMCH–TOL–Cyrene ternary VLE was also fitted to experimen-

tal data published by Brouwer and Schuur8 (Fig. 6) and simulated
with NRTL using BIPs, while the BIPs of MCH–TOL were used from
the Aspen Plus databank. The BIPs of MCH–Cyrene and TOL–
Cyrene were fitted to the ternary VLE (Table 4).

Figure 2. Conceptual process scheme of the ED process consisting of two distillation columns. The MCH product is withdrawn from the process as the
distillate of the first column, while the TOL product is withdrawn from the second column. Also, several heat exchangers and pumps are present to recover
heat from the solvent recycle stream and to adjust the pressure in the various sections.

Figure 3. Antoine coefficient correlation of Cyrene from experimental
data obtained from Baird et al.65

Table 1. Antoine parameters, P barð Þ=exp A− B
T Kð Þ+C

� �
, of Cyrene, Sulfolane, TOL, MCH and water

Component A B C

Cyrene 8.029 3407.318 −97.7166
Sulfolane 9.904 4767.089 −75.942
TOL 9.948 3455.379 −36.3863
MCH 9.346 3068.515 −45.1859
Water 11.866 3933.389 −41.3592
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The UNIQUAC description of the MCH–TOL–Cyrene ternary LLE,
seen in Fig. 7, was published by Brouwer and Schuur,9 in which
also the thermodynamic consistency was shown, and the
UNIQUAC correlations are presented in Table 5. Additionally, the
applied interaction parameters with water are presented.

Conclusively, all VLE are simulated using the NRTL model and
the presented BIPs. While the LLE of the Sulfolane systemwas also
simulated with the NRTL model, the simulation of the LLE of the
Cyrene system was performed using UNIQUAC and correspond-
ing BIPs which gave the best phase description.

Figure 4. XY diagram (left) and TXY diagram (right) of the (quasi-)binary VLE diagram of MCH–TOL and Sulfolane with a SF ratio of 1 on a mass basis,8

including a NRTL fit the results of which are located in Table 2.

Table 2. Correlated (or applied) NRTL parameters for the MCH–TOL–Sulfolane VLE system

Component i Component j Aij Aji Bij Bji Cij Originated from

MCH TOL 0 0 −43.24 134.1 0.3 APV100 VLE-IG
Sulfolane −3.473 −1.702 2487 1270 0.28 NISTV100 NIST-RK

TOL 1.398 −0.331 71.41 223.1 0.3 APV100 VLE-IG
MCH Water −9.473 9.765 4601 340.6 0.2 APV100 LLE-ASPEN
TOL −7.236 3.988 4292 996.7 0.2 APV100 VLE-IG
Sulfolane 0 0 333.4 432.7 0.6 APV100 VLE-IG

Interaction parameters with water are additionally given.

Figure 5. Ternary diagram (left) of the LLE of TOL, MCH and Sulfolanewith the extract phase (open) and raffinate phase (closed), and (right) the TOL, MCH
of Sulfolane at 298.15 K. The NRTL-2 parameters are located in Table 3.
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Additional parameters, such as the density, heat capacity and
enthalpy of vaporization of MCH, TOL, Sulfolane and water, were
taken from the Aspen Plus databank, while the density and
enthalpy of vaporization of Cyrene were manually added to the
simulator.65,73 No isobaric heat capacity (Cp) of Cyrene could be
found in the literature; hence it was estimated using the Joback
methodology which gave Cp of 238 J mol−1 K−1 at 303.15 K,
which is comparable to, though 34% higher than, Cp of Sulfolane,
being 178 J mol−1 K−1 at 303.15 K.74

Model input
Both processes, either with Cyrene or Sulfolane, were simulated
with a feed of 100 metric tons per hour, while the TOL molar frac-
tion was varied between 10 and 80 mol% at room temperature of
293.15 K. The product specifications of MCH and TOL were both
set at 99.85 wt% which coincides with industrial aromatics

specifications.75 The countercurrent LLX column and the ED col-
umn were kept at 1 bar, while the additional recovery columns
were at 0.08 bar. These pressures were chosen according to rigor-
ous simulations of Qin et al.,76 and enable significant heat integra-
tion between the various columns. Thermal instabilities of
Sulfolane and Cyrene were not present.8

OPEX, CAPEX and TAC
Economic estimation of all processes was performed by asses-
sing the operational expenditure (OPEX), the capital expendi-
ture (CAPEX) and the total annual cost (TAC). The energy
requirements of each process were provided by the Aspen Plus
simulations, and a yearly operating time of 8400 h per year was
used.77 The costs of various utilities are presented in Table 6.
Any costs associated with specific locations were not taken into
consideration.

Table 3. Correlated (or applied) NRTL-2 parameters for the MCH–TOL–Sulfolane (and water) LLE system

Component i Component j Aij Aji Bij Bji Cij Originated from

MCH TOL 0.532 −0.839 208.1 29.705 0.1 NISTV100 NIST-RK
Sulfolane −3.473 −1.703 2487 1270 0.22 Fitted

TOL 1.398 −0.331 71.408 223.1 0.3 APV100 VLE-IG
MCH Water −9.473 9.765 4601 340.6 0.2 APV110 LLE-ASPEN
TOL −7.236 3.988 4292 996.7 0.2 APV110 VLE-IG
Sulfolane 0 0 333.4 432.7 0.6 APV110 VLE-IG

Figure 6. XY diagram (left) and TXY diagram (right) of the (quasi-)binary VLE diagram of MCH–TOL and Cyrene with a SF ratio of 1 on a mass basis,8

including a NRTL fit the results of which are located in Table 4.

Table 4. Correlated NRTL parameters for the MCH–TOL–Cyrene system

Component i Component j Aij Aji Bij Bji Cij Originated from

MCH TOL 0 0 48.7154 48.9226 0.3019 APV100 VLE-Lit
Cyrene −4.2301 18.6081 2158.53 −6064.12 0.3 Fitted

TOL 33.2804 −7.00837 −10 000 1631.93 0.1 Fitted
MCH Water −9.473 9.7648 4601.1 340.627 0.2 APV100 LLE-ASPEN
TOL −7.2357 3.9884 4292.44 996.703 0.2 APV100 VLE-IG
Cyrene 0 0 −459.44 1534.23 0.3 UNIFAC prediction
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The CAPEX was estimated using the Aspen Plus Economic Ana-
lyzer (APEA), which includes a sizing tool for distillation columns
and standard overall heat transfer coefficients. No further investi-
gations were done on the type of construction materials. APEA is
not able to size extraction columns. Cost estimation of the extrac-
tion columns was therefore done by taking a conventional distil-
lation column without reboiler and condenser and analyzing the
costs for different capacities and number of stages. It was stated
by Peters et al.82 that the cost for extraction columns can be
obtained by using the assumption that the stages for the extrac-
tion column have the same spacing as in a distillation column.
This was confirmed by a literature comparison, where the tray

spacing of a distillation column is 0.305–0.915 m82 and for a rotat-
ing disk contactor is 0.6096–1.2192 m.64 A value of 0.6096 m is
also used in the Aspen simulations for a distillation column. With
this method, thus applying the costs as calculated by the APEA
tool, without further reporting in detail on column heights and
diameters as calculated by the APEA simulator, the cost estima-
tion of the extraction columns was made (see Fig. S1 in the sup-
porting information for the cost correlation). The solvent costs
were determined by adding up the solvent content of each prod-
uct stream and combining it with the bulk prices presented in
Table 1.
The economic analysis is finalized by the TAC (€ yr−1), with both

CAPEX and OPEX, evaluated using Eqn (1):

TAC=OPEX+
CAPEX
PBP

ð1Þ

where a payback period (PBP) of 3 years is applied.83-85

RESULTS
To explain the interpretation of the simulation results, in the first
two following subsections the LLX and ED processes with both
solvents are elaborated for a feed containing 40 mol% TOL. All
other simulations with variations in the feed composition were
done similarly. First, the LLX process is discussed, where the
effects of the solvent-to-feed (SF) ratio, the water-to-extract ratio,

Figure 7. Ternary diagram (left) of the LLE of TOL, MCH and Cyrenewith the extract phase (open) and raffinate phase (closed), and (right) the TOL, MCH of
Cyrene at 298.15, 323.15 and 348.15 K. (Reproduced with permission from Brouwer and Schuur.9) The UNIQUAC fit parameters are located in Table 5.

Table 5. Correlated (or applied) UNIQUAC parameters for the MCH–TOL–Cyrene system

Component i Component j Aij Aji Bij Bji Originated from

MCH TOL 0 0 −191.0 171.5 9
Cyrene 4.587 −2.627 −1749 773.7 9

TOL 2.708 −4.999 −772.6 1463 9
MCH Water 0 0 −1208 −534.02 APV100 LLE-LIT
TOL 0 0 −950.6 −350.21 APV100 LLE-LIT
Cyrene 0 0 578.867 −1627.09 UNIFAC prediction

Interaction parameters with water are additionally given.

Table 6. Specifications of used utilities and associated costs

Utility Costs Ref

Chilled cooling water 4.50 € GJ−1 78
Medium pressure steam 11.34 € GJ−1 78
Electricity 18.97 € GJ−1 79
Sulfolane bulk price 2.55 € kg−1a,b 80
Cyrene bulk price 2.00 € kg−1c 81

a Conversion from $ to € of 0.84976 of 20 October 2020 was used.
b Bulk price of Sulfolane may vary between 2500 and 3500 $ ton−1;
3000 $ ton−1 was used.80
c Bulk price of Cyrene was stated by Krishna et al.81

www.soci.org T Brouwer, B Schuur

wileyonlinelibrary.com/jctb © 2021 The Authors.
Journal of Chemical Technology and Biotechnology published by John Wiley & Sons Ltd on behalf of Society of Chemical Industry (SCI).

J Chem Technol Biotechnol 2021; 96: 2630–2646

2636

http://wileyonlinelibrary.com/jctb


the number of extraction stages, the effect of reflux ratios in the
recovery columns and the (water) feed location are assessed.
The OPEX of the optimized configuration is also discussed. Sec-
ond, a similar assessment is done for the ED process, where the
SF ratio, the reflux ratios, the (solvent) feed location and the OPEX
are assessed. Third, the TAC (and all OPEX) is calculated and com-
pared for all processes with a 10 to 80 mol% aromatic content
range.

LLX process
The LLX process includes two extraction operations, namely the
main LLX column where the aromatic compound is extracted
from the hydrocarbon feed and the washing step where the lea-
ched solvent is washed from the raffinate stream. First, the influ-
ence of the SF ratio in the LLX column and the number of
equilibrium stages is assessed in Fig. 8(a). Second, the impact
of variation of the reflux ratio and the location of the feed stage
in the first distillation column is displayed in Fig. 9. Third, the
impact of the reflux ratio and the water feed stage on the perfor-
mance in the second distillation column was studied (Fig. 10).
In the LLX column, the TOL impurity should be low enough to

realize the MCH product specification. It can be seen that both
the SF ratio and the number of equilibrium trays affect the TOL
impurity (maximum of 1.5 × 10−3 mol%). It can be seen that with
only five equilibrium stages, it is not possible to reach the allowed
maximum TOL impurity within the simulated SF ratio range for
the Sulfolane process. Although with a SF ratio range higher than
3, it is possible for the Cyrene process and even higher SF ranges
based on the observed trend are expected. It can be seen that a
smaller amount of Cyrene is required compared to Sulfolane,
which is due to the larger aromatic dissolving capacity of Cyrene.
The amount of solvent can be reduced by increasing the number
of equilibrium stages. This will also affect the first distillation col-
umn where the co-extracted MCH needs to be distilled. In any
case, a certain amount of solvent is leached into the raffinate
stream, which is easily recovered by thewash column, as both Sul-
folane and Cyrene are fully miscible in water, in contrast to MCH
which is highly immiscible with water.
The water-to-feed ratio directly impacts the second distillation

column, as this (contaminated) water is reused as a stripping
agent.41,86 The solvent-contaminated water from the water wash

is sent to the second distillation column, where it evaporates to
steam and strips the TOL from the solvent. This allows an efficient
separation, and the water can be collected via a phase separation
step after the condenser. As can be seen in Fig. 8(b), the amount
of water used in thewash column also directly impacts the second
recovery column, where the aromatic compounds are stripped
with steam. It can be seen that only a small amount of water is
required in the wash column to remove the leached Sulfolane or
Cyrene. This is in accordance with the findings of Lee and
Coombs86 and Wang et al.41 who determined that at least respec-
tively 1 and 0.89–1.1 wt% of water in Sulfolane was required for
adequate stripping of the aromatic compounds.
The influence of the process conditions on removal of the co-

extracted MCH in the first distillation column was investigated.
From Fig. 9(a), it is clear that in the simulations with six stages
the MCH impurity specifications of the bottom stream are never
met, and more stages are needed. With eight stages it appears
possible for both solvents, although in the plotted area for Sulfo-
lane the specification is just notmet at R= 0.30. An important con-
clusion from these data is that the purity in the bottom stream is
largely independent of the reflux ratio. This is indicative of the
small amount of co-extracted MCH (and some TOL) which is dis-
tilled over the top. In Fig. 9(b) it can be seen that the feed location
has a significant influence on the MCH impurity in the bottom
streams. The feed should be near the top of the column, this
allowing sufficient MCH removal.
In Fig. 10(a) it can be seen that Sulfolane requires a lower min-

imum reflux ratio than Cyrene, which is a consequence of the
lower volatility of Sulfolane. Secondly, in Fig. 10(b), the optimal
feed location of the stripping water is not very strict. However,
the stripping water should not be introduced near the top or
bottom of the column as this would diminish the TOL purity
below specification. Near the bottom, the temperature is signif-
icantly higher and causes the water to be mostly in the vapor
phase which diminishes its repulsive interactions towards the
hydrocarbons in the liquid phase. Also, it can be seen that only
six equilibrium stages are inadequate when using Cyrene as a
solvent. Eventually, the amount of water is kept as low as pos-
sible without compromising the stripping ability. This is
required as the energy penalty of evaporating the water needs
to be minimized.

Figure 8. Effect of (a) SF (molar) ratio of LLX column and (b) water-to-feed ratio in the wash column located after the LLX columnwith a SF ratio of 3.5 and
with a 40 mol% aromatic feed and Sulfolane or Cyrene as solvent.
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In the case of eight equilibrium stages, the vapor concentration
profiles in both distillation columns are presented for both sol-
vents in Fig. 11. The recycling back to the LLX column of the co-
extracted MCH as distillate is seen in Figs 11(a) and (b), which
simultaneously purifies the bottom fraction containing afterward
solely TOL and solvent. This first distillation column operates at a
temperature for which the solvent largely remains liquid. The dis-
tillate contains a fraction of TOL, a consequence of a low reflux
ratio, which minimizes the reboiler duty. Also, this is of no conse-
quence for the process as the distillate is returned to the LLX col-
umn where the TOL is again extracted to the solvent phase. The
TOL fraction in the Sulfolane-based process is much higher, which
is required to lower the impact of the pinch point at higher MCH
fractions. Cyrene-based processes do not have this problem,
due to less strong repulsive interactions towards the hydrocar-
bons than observed with Sulfolane,8 and allow for a higher MCH
purity as a top product.

In Figs 11(c) and (d) the concentration profiles are plotted for
the second distillation column for Cyrene and Sulfolane, respec-
tively. The addition of the stripping water (vapor) is seen through
the concentration profile of water in the vapor phase. This strip-
ping water is contaminated with the leached solvent from the
LLX raffinate stream. The water strips the TOL from the solvent
and a distillate containing water and TOL which are separated
via a phase splitter in the condenser. Although the molar fraction
of water in the vapor phase is considerable, it is still comparatively
a small weight fraction. For both the Cyrene process and Sulfolane
process a comparable amount of steam is introduced in the SR
columns of both processes as strip gas, and due to the higher tem-
perature in the Sulfolane-based process, a larger molar vapor frac-
tion of water is observed. A high solvent purity is required at the
bottom as this is returned to the LLX column and unwanted solute
recycling is prevented. Although water in the solvent recycle
stream is not necessarily detrimental for the process, the water

Figure 9. Effect of (a) reflux ratio of the first distillation column and (b) effect of the feed stage with a 40 mol% aromatic feed using Sulfolane or Cyrene as
solvent (SF ratio of 3.5). The column was operated at 0.08 bar.

Figure 10. Effect of (a) reflux ratio of the second distillation column and (b) location of the stripping water with a 40 mol% aromatic feed (traces of MCH
remain from the first column) using Sulfolane or Cyrene as solvent (SF ratio of 3.5, reflux ratio of 1.5, WE ratio of 0.5). The TOL concentration is given after
the phase separation of water. The column was operated at 0.08 bar.
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Figure 11. (a) First distillation column of the Cyrene-based LLX process (feed: 15 mol%MCH, 15 mol% TOL, 70 mol% Cyrene, SF ratio of 2.5, reflux ratio of
0.1); (b) first distillation column of the Sulfolane-based LLX process (feed: 4.1 mol% MCH, 13 mol% TOL, 82 mol% Sulfolane, SF ratio of 3.25, reflux ratio of
0.62); (c) second distillation column of the Cyrene-based LLX process (feed: trace MCH, 14 mol% TOL, 86 mol% Cyrene, SF ratio of 2.5, reflux ratio of 1.4,
2.7 mol% (0.39 wt.%) water relative to Cyrene, strippingwater contains 9.0mol%Cyrene); (d) second distillation column of the Sulfolane-based LLX process
(feed: trace MCH, 11 mol% TOL, 89 mol% Sulfolane, SF ratio of 3.25, reflux ratio of 0.7, 3.7 mol% (0.55 wt%) water relative to Sulfolane, stripping water con-
tains 0.9 mol% Sulfolane).

Figure 12. OPEX of the LLX processes with a range of aromatic contents in the feed: (a) Cyrene; (b) Sulfolane.
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fraction in the bottom stage of the SR column is low, due to the
much lower boiling point of water compared to either solvent.

OPEX analysis
In Fig. 12 the OPEX of all LLX processes is shown. A distinction is
made between costs associated with heating, cooling, electrical
duty and solvent losses. Overall, the OPEX of the Cyrene-based
LLX process is significantly higher than that of the Sulfolane-
based LLX process. This is due to primarily the lower selectivity
towards TOL. This causes additional load on the first distillation
column which recovers the co-extracted MCH and the boiling
point of Cyrene is lower than that of Sulfolane, which causes
higher reflux requirements in the recovery column. Nevertheless,
less Cyrene is required than Sulfolane (due to a larger capacity
towards TOL) to extract all TOL. The larger capacity also causes a
larger miscibility region of Cyrene with the TOL–MCH mixture
and a limited operation region up to 40 mol% of TOL in the feed.
It is therefore only possible as higher aromatic concentrations will
not cause a phase split which makes LLX impossible. A clear trend
is observed regarding the OPEX of the Sulfolane-based LLX pro-
cess with a decreasing OPEX from 80 mol% to 50 mol% TOL in
the feed. The costs reach a minimum of around 50 mol% of TOL
in the feed, and stay very similar to 20 mol%, under which it
increases again. This is due to the fact the distillation costs within
the process are equally distributed between both distillation col-
umns. At lower aromatic fractions, the load is placed more on
the first distillation column, whereas at a higher aromatic fraction
the load is shifted towards the aromatic product recovery from
the solvent in the second distillation column.

ED process
The ED process is simpler than the LLX process, as there are only
two main distillation columns. First, the effects of the SF ratio
and the number of equilibrium stages are assessed in the first dis-
tillation column, or the ED column, in Fig. 13. Second, the effect of
the reflux ratio is evaluated in Fig. 14. Third, the effects of the feed
location of the hydrocarbon stream and of the solvent stream in
the ED column are assessed in Figs 15 and 16. Last, the reflux ratio
and the feed location of the second distillation column are
assessed in Fig. 17.

In the ED column, MCH is separated from the TOL–solvent mix-
ture. Here the key parameters are the MCH impurity in the bottom
stream and the MCH purity in the top stream. As can be seen in
Fig. 13, an increasing number of equilibrium stages allows for a
deeper removal of MCH, thereby lowering the MCH impurity in
the bottom stream with less solvent to achieve the maximum
allowed MCH impurity in the bottom stream. Cyrene is seen to
require less solvent to obtain the desired MCH purity than Sulfo-
lane, due to the lack of pinch point in the ternary VLE behavior
of Cyrene–TOL–MCH.8

It can be seen in Fig. 14 that a lower reflux ratio can be used in
the Sulfolane system compared to the Cyrene system. This is a
consequence of the higher SF ratio used for the Sulfolane system.
The SF ratio and the reflux ratio in the Cyrene system appear to
have a much smaller effect compared to the Sulfolane system,
indicating that a much smaller amount of equilibrium stages
can be used for the Cyrene system. This is likely due to the fact
that a higher SF ratio in the Sulfolane system strongly affects the
severity of the pinch point, which does not occur in the Cyrene
system. In general, the MCH purity specification is obtained, and
the MCH impurity in the bottom stream is the key parameter to
consider, as this directly influences the TOL purity in the second
distillation column.
Overall, the hydrocarbon feed should not be introduced close to

the top as it reduces the rectifying ability. Both solvents require a
feed location of at least lower than the 15th stage. This is necessary
to not only obtain MCH product purity, but also to allow sufficient
removal of MCH from the bottom stream. An introduction of the
hydrocarbon too low in the columnwill result in insufficient removal
of MCH from the bottom stream, which consequently will result in
an inability to purify the TOL product in the subsequent column.
Besides the hydrocarbon feed location, also the location at

which the solvent is introduced in the ED column is essential.
The effect of this location is seen in Fig. 16. Similar trends are
observed as seen in Fig. 15; hence the introduction of the solvent
too high up the column will reduce the MCH purity in the top to
below specification. While adding the solvent too low in the col-
umn will result in insufficient MCH removal from the bottom
stream and again adversely affect the possible TOL purity in the
subsequent recovery column.

Figure 13. Effect of SF (molar) ratio in the (first) ED column on (a) MCH purity in the top stream and (b) MCH impurity in the bottom streamwith a 40 mol
% aromatic feed using Sulfolane or Cyrene as a solvent and a reflux ratio of 2.0.
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In the (second) distillation column or SR column, the TOL purity is
the key parameter. In Fig. 17(a) theminimal reflux ratio can be seen
to be slightly dependent on the number of equilibrium stages. This
indicates that the relative volatility of the solvent is much lower
than that of the hydrocarbons. Also, fewer equilibrium stages are
required compared to the ED column. This again indicates that
the separation in the SR column is less difficult, which is expected
based on the much larger relative volatility between solvent and
TOL than between TOL and MCH. It can be seen that the Cyrene-
based ED process requires more equilibrium stages and a larger
reflux ratio in the SR column. This is due to the higher volatility of
Cyrene compared to Sulfolane. In Fig. 17(b) it can be seen that
the feed location follows the same trends as seen before. A feed
entrance too high up the column reduces the TOL purity and
may even be insufficient to achieve the required specification.
Overall, an interplay between sufficient solvent to allow an effi-

cient MCH separation in the ED column and a minimization of the
energy penalty in the SR column is required. In Fig. 18 an example
of the concentration profiles in each column is seen. In the ED

column, it is seen that the heavy boiling solvent, which is added
in the top section of the ED column, remains in the liquid phase,
while the top product reaches the targeted MCH purity. The VLE
of MCH and TOL with Sulfolane present exhibits a pinch point
hence more equilibrium trays are required to obtain the MCH
specification. In the SR column, TOL is distilled from the solvent
without any stripping water. Also in this process, the purity of
the recycled solvent is high to prevent unwanted solute recycling.

OPEX analysis
In Fig. 19 the OPEX of all ED processes is shown. Also, in this case, a
distinction is made between costs associated with heating, cool-
ing, electrical duty and solvent losses. As can be seen, both
Cyrene-based and Sulfolane-based processes operate at a mini-
mum OPEX around an equimolar MCH–TOL feed mixture. This
minimum was also seen in the LLX-based process, and is again
due to the load being shared equally in this case between both
distillation columns. Also, the operation window of the Cyrene-
based process is larger, as it includes a TOL feed composition of

Figure 14. Effect of reflux ratio in the (first) ED column on (a) MCH purity in the top stream and (b) MCH impurity in the bottom stream with a 40 mol%
aromatic feed using Sulfolane or Cyrene as solvent and respectively SF ratio of 5.0 and 2.0.

Figure 15. Effect of feed location in the (first) ED column on (a) MCH purity in the top stream and (b) MCH impurity in the bottom streamwith a 40 mol%
aromatic feed using Sulfolane or Cyrene as a solvent and respectively SF ratio of 5.0 and 2.0 and respectively a reflux ratio of 0.5 and 1.0.
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10 mol%, due to the larger miscibility region of Cyrene compared
to Sulfolane.
The larger miscibility was detrimental in the LLX-based pro-

cess, though it is an advantage in the ED process as it is not lim-
ited by the intermolecular interactions at lower TOL
concentrations. In both processes, the OPEX increases at higher
(>60 mol%) TOL concentration and low concentration
(<60 mol%). Increasing the amount of MCH present increases
the load on the ED columns, as higher refluxes are required to
obtain the required target purity of MCH. Increasing the
amount of TOL increases the load on the SR column, as more
TOL needs to be stripped from the solvent which also requires
higher reflux ratios. Overall comparing both processes, a similar
trend can be recognized in the OPEX, although a lower OPEX is
seen for the Cyrene-based process, which is a combined result
from the lower temperatures required in both columns and the
absence of the detrimental pinch point present only in the ter-
nary Sulfolane–MCH–TOL mixture.

TAC comparison
In this comparison of the costs related to the entire process, both
the OPEX and the CAPEX are taken into consideration in the TAC.
A detailed equipment list and associated costs for each process
are presented in Tables S1–S4 in the supporting information.
The CAPEX differences between the Cyrene-based LLX process
(3.11–4.67 M€ yr−1 or 30.11–34.12 € tonfeed

−1 yr−1) and
Sulfolane-based LLX process (1.56–2.27 M€ yr−1 or 26.99–
35.28 € tonfeed

−1 yr−1) are significant. Cyrene exhibits unfavorable
miscibility which increases the solvent volume. The CAPEX differ-
ences between the Cyrene-based ED process (1.41–2.25 M€ yr−1

or 20.84–24.77 € tonfeed
−1 yr−1) and Sulfolane-based ED process

(1.58–2.68 M€ yr−1 or 22.7–25.6 € tonfeed
−1 yr−1) are not very

large, although present due to a variance in equilibrium stages,
in temperatures and in solvent volume.
As can be seen in Fig. 20 where all processes are compared, a

Cyrene-based LLX process is economically the least attractive.
The LLX process with Sulfolane and also ED processes with both

Figure 16. Effect of solvent feed location in the (first) ED column on (a) MCH purity in the top stream and (b) MCH impurity in the bottom stream with a
40 mol% aromatic feed using Sulfolane or Cyrene as a solvent and respectively SF ratio of 5.0 and 2.0 and respectively a reflux ratio of 0.5 and 1.0.

Figure 17. (a) Effect of reflux ratio and (b) feed location in SR column on TOL purity in the top stream with a 40 mol% aromatic feed using Sulfolane or
Cyrene as a solvent and respectively SF ratio of 5.0 and 2.0 and in (b) a reflux ratio of 1.5.
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Figure 18. (a) The (first) column of the Cyrene-based ED process (feed: 60 mol% MCH, 40 mol% TOL, SF ratio of 1.6, reflux ratio of 0.27), (b) the (first) col-
umnwith of the Sulfolane-based ED process (feed: 60 mol%MCH, 40 mol% TOL, SF ratio of 3.5, reflux ratio of 1.6), (c) the (second) distillation column of the
Cyrene-based ED process (feed: trace MCH, 20 mol% TOL, 80 mol% Cyrene, reflux ratio of 0.78) and (d) the (second) distillation column of the Sulfolane-
based ED process (feed: trace MCH, 10 mol% TOL, 90 mol% Sulfolane, reflux ratio of 0.8).

Figure 19. OPEX of the LLX processes with a range of aromatic contents in the feed: (a) Cyrene; (b) Sulfolane.
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solvents are much more efficient and should be preferred. The
same trend as described by Weissermel and Arpe.19 At the lower
TOL feed concentrations the LLX process is preferred over the
ED process and can be seen by the lowest TAC of the Sulfolane-
based LLX process at TOL feed concentrations of <30 mol%. If
the performances are compared between the Cyrene-based and
Sulfolane-based ED processes, it can be seen that the Cyrene-
based ED process outperforms the Sulfolane-based ED process
most significantly at lower TOL feed concentration. This corre-
sponds to the fact that the unfavorable pinch points present in
the Sulfolane-based processes are at higher MCH fractions. While
the TAC difference between both processes diminishes at higher
TOL feed concentrations. This signifies the potential of Cyrene
for replacing Sulfolane as an entrainer in ED processes.
Reflecting these performances on actual feedstocks, the LLX

process with Sulfolane is still preferred as many feedstocks have
a low aromatic content, such as 10–25% from an ethylene
cracker13 and 9–14.3 vol% in Arab crude oil.37 The possibility of
a LLX-based process using a mixture of Cyrene and Sulfolane
may have potential, as Sulfolane upholds the phase splitting,
while Cyrene can potentially lower the reboiler temperatures
and remove the pinch point. Alternative processes, for these low
TOL feed concentrations, are IL-based processes, as described
by Meindersma and de Haan.13 After catalytic reforming, the aro-
matic content can be elevated to typically 55 wt%.87 In these sit-
uations, the Cyrene-based ED process is seen to be the most
efficient, again showing the potential of Cyrene as this is a bio-
based entrainer in an ED process.

CONCLUSIONS
The bio-based solvent dihydrolevoglucosenone, commercialized
as Cyrene, which has already been investigated for VLE8 and
LLE,9 was studied extensively as a solvent in fluid separation pro-
cesses for TOL and MCH at a process level. The LLX-based and ED-
based processes with Cyrene were compared to those with the
benchmark Sulfolane. Based on simulations of conceptual pro-
cesses, the TAC has been calculated and compared for both sol-
vents and both LLX and ED. The Cyrene-based LLX process was
economically the least attractive due to the large miscibility

region, while the Sulfolane-based LLX process was most efficient
if the TOL feed concentration was lower than 30 mol%. For higher
TOL feed concentration the Cyrene-based ED process is most effi-
cient. Overall, this study showed the potential use of a bio-based
solvent, Cyrene, in economically competitive separation pro-
cesses in the petroleum industry. A suggestion for further
research is to investigate the application of mixtures of Cyrene
and Sulfolane, which could be of interest, as Sulfolane maintains
phase splitting, while Cyrene can potentially lower the reboiler
temperatures and remove the pinch point.
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