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ABSTRACT: This paper presents a process design for catalytic
nonoxidative natural gas conversion to olefins and aromatics,
highlighting the opportunities and challenges concerning industrial
implementation. The optimal reactor conditions are 5 bar and
1000 °C. Heat exchange over the reactor is challenging due to the
high temperature and low gas pressure. Recovery of ethylene is
economically unattractive due to the low ethylene concentration in
the product stream, leading to a methane-to-aromatics process,
recycling ethylene. Benzene is the most valuable product at an
efficiency of 0.31 kgbenzene/kgmethane with hydrogen as a major
valuable byproduct. Naphthalene, with a low value, is unfortunately
the dominant product, at 0.52 kgnaphthalene/kgmethane. It is suggested
to hydrocrack the naphthalene to more valuable BTX products in
an additional downstream process. The process is calculated to result in a 107 $ profit per ton CH4.

1. INTRODUCTION

Natural gas is seen as a high-potential intermediate source of
base chemicals, such as ethylene and benzene,1−5 replacing
crude oil in the change toward renewable sources for energy
and chemicals. Currently, the production of bulk chemicals,
such as ethylene and benzene, is based on petroleum
feedstock.6,7 The well-known natural gas reserve is around 2
× 1015 m3.6,76,7 The global usage is expected to increase from
4.1 × 1012 m3·y−1 in 20208 to 5.75 × 1012 m3·y−1 in 2040, an
average growth of 3.0% a year.9 This can be attributed to the
increased production of natural gas with a high methane
content as seen in the exploitation of shale gas and tight oil.10

A result of this increased production is an expected significant
drop in the future price of natural gas compared to crude oil.
Both residential and commercial heating, as well as the
production of power are a major part of the total natural gas
consumption. The use of natural gas and other fossil fuels to
generate energy is not sustainable due to the high greenhouse
gas emissions and the resulting impact on the climate.
Furthermore, renewable energy sources such as wind and
solar are expected to take over the energy and heating
requirements for both residential and industrial applica-
tions.11−16 Due to the decreasing natural gas price and slow
phase-out of natural gas as an energy carrier, it remains
economically interesting to evaluate the possibilities to use
natural gas as a feedstock for chemical synthesis.
1.1. Industrial State of the Art. There are already several

industrial processes for converting methane into hydrocarbons,

most of which are based on multiple conversion steps, starting
with syngas production.17−19 Syngas is produced by steam
reforming of natural gas over nickel catalysts.20 Common
synthesis routes starting from syngas include Fischer−Tropsch
(FT) synthesis to paraffinic waxes, methanol synthesis, and
ammonia synthesis.17−19,21−24 An FT-based process generally
uses Fe- or Co-based catalysts to convert syngas into linear
aliphatic hydrocarbons. The catalyst as well as process
conditions dictate the chain growth and thus the product
distribution. Generally, FT synthesis is followed by cracking
the products to lower alkanes and olefins,25 yielding an overall
carbon efficiency between 60 and 65%.26 Methanol can be
converted into gasoline using the methanol-to-gasoline
(MTG) process, in which methanol is first dehydrated over
an acid catalyst to dimethyl ether, which is subsequently
converted into a gasoline blend.27 The full route from natural
gas to higher hydrocarbons using either the FT or MTG
reactions is called the “gas-to-liquid” (GTL) process. To date,
the largest industrial plant using the FT technology is the Shell
Pearl GTL plant converting 4.5 × 107 m3·day−1 natural gas to
hydrocarbons.28 Along the same line, the methanol-to-olefin
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(MTO) process shows great promise as a source of olefins
from methane.22,23 MTO starts with steam reforming methane
to syngas, followed by methanol synthesis. The methanol is
converted to light olefins, such as ethylene and propylene. The
advantages of MTO over GTL are the production of more
valuable products and a more narrow product distribution.17,23

MTO has already been commercialized on a smaller scale by
DICP and UOP,29,30 while other companies already developed
process designs.30,31

The disadvantages of any indirect route for methane
coupling to higher hydrocarbons are the inevitable production
of oxygen-containing byproducts (water and CO2) as well as
the required separation and purification between each
consecutive synthesis step.32 All current industrial methane
conversion processes require large installed capacities to
become economically viable,33 making them unattractive for
smaller remote gas fields. Pipelines and cryogenic transport for
centralized methane conversion are generally too costly to be
viable.3,34,35 For this reason, many small gas fields, for instance,
at the coast of Australia remain unexploited.36 Also, many
relatively small and remote (shale-) oil fields in the United
States resort to flaring or venting to get rid of their co-
produced natural gas, leading to unnecessary greenhouse
emissions.37 Direct coupling of methane to higher hydro-
carbons is likely economically more attractive for operation at
small capacity3 compared to alternatives, due to the reduced
number of process steps and limited variation under process
conditions. This would make direct methane coupling
interesting as an on-site process for smaller oil and gas fields,
especially if the product is liquid under ambient conditions.
The different methods for converting methane to different
higher hydrocarbons, both industrially applied and academ-
ically investigated, are summarized in Figure 1.

Direct coupling of methane has seen a steady increase in
research over the last years for these reasons. This research is
focused on three potential strategies:

1. methane dehydroaromatization (MDA)4,19,38−40

2. oxidative coupling of methane (OCM)19,41

3. nonoxidative coupling of methane (NOCM)32,42−51

1.2. Methane Dehydroaromatization. MDA is a process
in which methane is directly converted to lower aromatics,
such as benzene and naphthalene.4 Generally, the catalysts
used consist of a transition metal (e.g., Mo) supported on a
zeolite (e.g., ZSM-5). Confinement in the pores of the zeolite
is responsible for the selectivity toward aromatics rather than
coke. Galadima et al.4 reviewed results obtained with several
metal-modified zeolites in the MDA reaction. The general
drawbacks of the MDA reaction are low product yields, low
single-pass methane conversion, and high coking rates. The
highest single-pass aromatic yield of 11% is obtained at 700 °C
and atmospheric pressure with a 6 wt % Mo/H-ZSM-5
catalyst, as reported by Zhao et al.52 The single-pass methane
conversion is low due to the unfavorable equilibrium at a
reaction temperature of around 700 °C.4 Figure 2 shows that at

700 °C, the maximum theoretical methane conversion is 11%
when coking is not taken into account. In general, MDA suffers
from high coking rates, requiring catalyst regeneration within a
time span of minutes.4

1.3. Oxidative Coupling of Methane. Oxidative
coupling of methane (OCM) circumvents the thermodynamic
restrain shown in Figure 2, by dosing small amounts of oxidant
(oxygen or sulfur) in the reactant mixture. The thermodynamic
equilibrium shifts to a higher methane conversion via oxidation
of the hydrogen product. The main product group of OCM is
light olefins, with CO2 and water as significant byproducts.
OCM was first reported in 1982,54 sparking a worldwide
research surge.55,56 Hundreds of catalytic materials have since
been synthesized and tested, mostly in the 1990s and also in
recent years.5 Ideally, the oxidant is only used to decrease the
methane activation barrier, after which the formed methyl
radicals react to C2 hydrocarbons.57 Unfortunately, the
presence of O2 leads to significant oxidation of the formed
hydrocarbons, limiting the single-pass hydrocarbon yield to
below 30%, at 60% C2+ selectivity.3,5 Thus, the carbon
utilization efficiency of OCM remains relatively low.58,59

Process modeling showed that OCM can only be economically
viable if single-pass conversions and C2 selectivity are at least
30% and 90% respectively.60,61 Therefore, even the Bi-Y-SM
catalyst reporting the highest C2 yield thus far62 at 28%
conversion and 53% selectivity does not approach the
industrial requirements

1.4. Nonoxidative Coupling of Methane. Catalytic
nonoxidative coupling of methane (NOCM) is generally used

Figure 1. Different conversion strategies for methane into higher
hydrocarbons; the explanation of the abbreviations can be found at
the end of this paper.

Figure 2. Thermodynamic equilibrium methane conversion and
carbon-based product selectivity based on the thermodynamic data
presented by Gueŕet et al.53
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as an overarching term for nonoxidative routes to methane
coupling. We have opted to exclude MDA from this category
because MDA requires an additional steric effect to steer
selectivity, which warrants its own section. NOCM generally
operates at even a higher temperature, above 900 °C, to
achieve industrially relevant methane conversion (i.e., >10%
conversion),53 as illustrated in Figure 2. Hydrogen is co-
produced as a valuable byproduct, while the formation of coke
can pose practical limitations such as catalyst deactivation,
process disorder, as well as carbon yield loss. In 2014, Guo et
al.32 reported a Fe/SiO2 catalyst, capable of converting CH4
nonoxidatively to ethylene, benzene, and naphthalene.
Crucially, it was claimed that this catalyst does not cause
coke formation, even at a high conversion level, i.e., 48% at
1080 °C. A constant molar ethylene selectivity of ∼50% was
reported for temperatures between 950 and 1080 °C.
Atomically dispersed Fe(II) sites on silica are postulated to
selectively dehydrogenate CH4 to methyl (CH3

•) radicals,
initiating free-radical coupling reactions in the gas phase. This
has been supported with DFT calculations by Kim et al.50 Guo
et al.32 named this specific catalyst Fe©SiO2, and this notation
will also be adopted in this paper. Sakbodin et al.42

demonstrated that methane conversion over the Fe©SiO2
catalyst can be significantly boosted by introducing a
hydrogen-permeable membrane in the reactor to remove
hydrogen in situ. Oh et al.43 demonstrated that a coated wall
reactor using Fe©SiO2 also causes an increase in methane
conversion. Han et al.44 reported that SiO2 in the cristobalite
crystal phase is required to minimize coke formation, requiring
the high fusion temperature during catalyst preparation (1700
°C). Furthermore, the atomic dispersion of Fe prevents coke
formation on the active site of the catalyst. Our previous
work51 showed experimentally that the catalyst is only required
for methane activation, after which propagation occurs in the
postcatalytic volume, which can also be deducted from the
examples presented in a recent patent by SABIC.63 Other types
of catalysts have also been reported for the NOCM
reaction,45−49 but these show low conversion, high coking
rates, or are only tested at low CH4 partial pressures.
1.5. Process Designs Concerning Direct Coupling of

Methane. The reported high conversion and high resistance
to coking of Fe©SiO2 are interesting for possible industrial
application. However, the severe reaction conditions, as well as
the broad product distribution, present various challenges in
terms of process design. Many process design studies
concerning the single-step conversion of methane focused on
MDA and OCM reactions.61,65,67−72 In contrast, there are
currently only two papers on process design addressing high-
temperature catalytic NOCM.22,66 The general conclusions

from these process designs studies are summarized in Table 1.
The product yields and coke selectivity in Table 1 are the best
experimental results reported in the literature. The economic
viability requirement shows the minimum single-pass methane
conversion and hydrocarbon selectivity required.
Huang et al.22 performed a study to screen how certain

conditions affect the net present value (NPV) of an NOCM
process. A detailed process design including economic
evaluation is presented, and the process design is evaluated
starting from a base case, in which process and economic
variables are systematically varied, to evaluate the sensitivity for
the NPV. The base case evaluated assumes the following
conditions and productivity Tconversion: 800 °C, CH4 single-pass
conversion: 25%, coke selectivity: 0% and ethylene selectivity:
20 C%, the benzene and naphthalene selectivities are both 30
C% with the remaining 20 C% divided over minor olefins and
aliphatics (i.e., ethane, propane, propylene, butane, and
butene). This base case is actually not realistic when looking
at Figure 2, which shows that the maximum methane
conversion based on thermodynamics, without allowing
coking, is 20% at 800 °C. They concluded that the single-
pass conversion of methane and coke selectivity are the main
parameters affecting profitability. The single-pass conversion of
methane should be above 25% and coke selectivity should not
exceed 20%. Furthermore, they concluded that profitability can
be increased by increasing olefin yield over aromatic yield, as
expected. Do et al.66 performed a technoeconomic feasibility
study of a direct methane coupling process, similar to Huang et
al.22 After the conversion step, all products are systematically
removed, starting with the aromatics and ending with
cryogenic recovery of the produced ethylene. The reactor is
operated at 1200 °C and atmospheric pressure, and it is stated
that product distribution is assumed, without further details.
They conclude that the most important factors determining
profitability are the cost of natural gas and electricity as well as
the sales price of ethylene. Unfortunately, the importance of
minimum conversion and selectivity was not discussed.
Several points have not been addressed so far when

evaluating the industrial application of NOCM in addition to
the selection of the reaction conditions:

1. Separation scheme of the products, byproducts, and
unconverted reactant.

2. Heat supply to the reactor, considering the endother-
micity of the reaction (see Table 2), as well as the
intensive heat transfer required between feed and
product streams.

3. Strategy for operating the reactor, considering coking.
4. Regeneration of the catalyst/reactor in the case of

coking

Table 1. General Overview of Specifics Obtained from Process Designs for the Three Types of Catalytic Reactions to Convert
Methane to Higher Hydrocarbons

CH4 conv. method MDA OCM NOCM

C2 single-pass yield 1%64 30 C%3,5 9 C%32

aromatic single-pass yield 11%4 N/A 39 C%32

coke selectivity 28%4 N/A 0%,32,42 12%43,51

32% (1 bar), 12% (10 bar)64

economic viability requirements conversion > 25% conversion > 30% conversion > 32%
HC selectivity > 30%65 C2 selectivity > 90%60,61 HC selectivity > 80%22

byproducts H2 & coke H2O & CO2 H2 & coke
carbon efficiency 31%65 60%3,5 100%22,32

83%66
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This paper presents a detailed design of a plant using the
Fe©SiO2 catalyst to convert natural gas using the NOCM
reaction. The main aim is to evaluate possible solutions for the
above four challenges, using proven industrial technologies.
The insights obtained will give directions for both further
research on the catalyst and on other technologies required.
Note that many of the aspects discussed in this paper are
general to any NOCM reaction and not specific to the
Fe©SiO2 catalyst.

2. PROCESS DESIGN
The scope of the design is a process with a capacity of 200 ktpa
benzene with a purity of 99.8 wt % based on the Fe©SiO2
catalyst to convert natural gas using the NOCM reaction.
Catalyst performance data, concerning both activity and
selectivity, have been taken from the original work on the
Fe©SiO2 catalyst by Guo et al.32 It must however be noted
that other papers42−44,50,51,63 reporting on this catalyst showed
a broader product range of minor products, including ethane,
acetylene, C3−5 olefins, and alkylbenzenes. The selectivity to
these products becomes negligible at a higher methane
conversion75 and is therefore not included to reduce
complexity. In this study, a standard composition for dry
natural gas in the United States is used, presented in Table
3.76,77 It is assumed that all hydrocarbons are alkanes.

2.1. Methodology. The applied design methodology is
based on the method described by Douglas and is derived from
the book “Conceptual Design of Chemical Processes”.78 The

selection of the separation method is based on the selection
schemes published by Barnicki and Fair.79,80

Various alternatives were identified, and the least attractive
were rejected based on heuristics, as recommended by
Douglas.78 Several iterations were made, ending up with the
final operation block diagram as presented in Figure 3. The
final flowsheet was evaluated using Aspen Plus.81 Note that
exclusively the heat exchanger over the reactor has been
included in Figure 3, due to its importance for both the process
design (further explained in Section 2.8) and process
economics (explained in Section 2.9).

2.2. Gas Pretreatment. Natural gas contains many
impurities as shown in Table 3. It is likely that these impurities
will poison or foul process steps and need to be removed. All
sulfur-containing compounds are removed using a caustic
scrubber, which also removes any CO2. It is chosen to leave all
hydrocarbons in the feed stream, to maximize carbon
utilization and to prevent high separation costs for removing
the C2+ hydrocarbons at these concentrations. It is assumed
that the natural gas has already been cleaned before entering
the process.

2.3. Physical and Chemical Consideration for the
Reaction. All studies concerning the NOCM reaction
reported thus far were performed at atmospheric or subatmo-
spheric pressures.32,42−49 This is highly undesirable from a
design perspective because low pressures require larger
volumes for the installed reactor and additional unit operations
such as heat exchangers. Furthermore, low pressures are highly
disadvantageous for gas−gas heat exchange. In addition, higher
pressures are required to facilitate the separation of the
products. This clearly shows the requirement for the reactor to
operate at elevated pressures. Kosinov et al.64 reported that
increasing pressure from 1 to 15 bar reduces coke selectivity
from 33 to 11% and also increased catalyst productivity from
33 to 160 mmolCH4·gcat

−1 in the MDA reaction.

+ −x x
y

CH C H 2
2

Hx y4 2F
i
k
jjj

y
{
zzz (1)

The NOCM reaction results in a considerable increase in
volume, due to the significant co-production of hydrogen (eq
1). Le Chatelier’s principle dictates that at a higher pressure,
the equilibrium of eq 1 will favor the reactant side and thus
methane conversion will be limited. The equilibrium methane
conversion as a function of total pressure was modeled, using
Aspen Plus,81 allowing ethylene, benzene, naphthalene, and
hydrogen as products (Figure 4). The reported minimum
single-pass conversion for a feasible methane coupling process
is between 25 and 30% depending on the process.22,60,61 The
influence of pressure on the maximum achievable conversion
in the reactor was estimated by correcting the conversion
achieved by Guo et al.32 at 1 atm and 1000 °C along the

Table 2. Standard (1 atm, 25 °C) Enthalpy Change of the
Three Considered Reactions, Normalized Per Carbon Atom

reaction

STD enthalpy
change (kJ
·molC

−1)73
STD Gibbs energy
change (kJ·molC

−1)74

2CH4 ⇌ C2H4 + 2H2 101.1 −16.6
6CH4 ⇌ C6H6 + 9H2 88.1 −29.9
10CH4 ⇌ C10H8 + 16H2 89.2 −37.9

Table 3. Composition of Natural Gas Found in the US Gulf
Coast Area76,77

component mole fraction (%) trace components amount

N2 1.25 S-components 5.5 mg·m−3

CH4 91.01 H2O <65 mg·m−3

C2 4.88 O2 0.01 mole %
C3 1.69 CO2 0.01 mole %
C4 0.66
C5 0.27
C6 0.13
C7 and above 0.11

Figure 3. Functional block diagram of the designed process for direct coupling of methane using the Fe©SiO2 catalyst; for more details, see Figure
5 and Table 5.
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equilibrium line shown in Figure 4. It was found that 5 bar is
the optimal pressure for the reactor operated at 1000 °C,
resulting in a 19.7% single-pass methane conversion. Kosinov64

reported decreasing coke formation on increasing pressure;
assuming a similar effect in our case results in a methane
conversion of 28% at 5 bar. C2−4 hydrocarbons as well as the
hydrogen and inert entering the reactor are passed through an
equilibrium converter to calculate the lowest Gibbs free energy.
The equilibrium converted produces a significant amount of
methane, resulting in an overall methane conversion of 21.4%
over the reactor. Details concerning these calculations are
found in Sections S.1.1 and S.1.2 in the Supporting
Information.
The selectivity data presented by Guo et al.32 at 1000 °C

and 1 atm pressure will be used because this is the only paper
that reports data measured at industrially relevant conversion
levels. The selectivity values have been corrected for the
increase in pressure, as described in detail in SI Section 1.2.
The selectivity values are presented in Table 4. Note that the
reported selectivity distribution is already close to thermody-
namic equilibrium compared to Figure 2, the main difference is
a higher ethylene selectivity.

The reactor feed contains not only methane but also small
amounts of C2+ hydrocarbons (percentage level), as shown in
Table 3. These hydrocarbons are significantly less stable under
reaction conditions compared to CH4. Guo et al.32 showed
that the addition of small amounts of ethane to the reaction
mixture will both cause a significant increase in reaction rate
and co-produce coke. Ethane and ethylene are potent free-
radical initiators,75,82−85 significantly enhancing methane
conversion. It can be safely assumed, based on experimental
data,75 that increasing the space velocity can largely prevent
coke formation due to C2+ hydrocarbons while keeping the
same conversion as a consequence of increasing reaction rate.

However, it is unlikely that coke formation can be completely
prevented by tuning the space velocity. Unfortunately, there is
no information on the effect of addition of small amounts of
C3+ hydrocarbon on the performance of the NOCM reaction.
Therefore, it is assumed in the model that coking from C2−4
hydrocarbons can be prevented but that all C5+ hydrocarbons
will react swiftly to coke. In reality, all C2+ hydrocarbons will
cause the formation of some deposits. Note that a variance in
the coke selectivity will not significantly impact the carbon
balance of the process, as long as fuel combustion is required
to overcome the endothermicity of the reaction. More details
concerning the impact of the assumed coking rate will be given
in Section 2.5.

2.4. Process Overview. A detailed overview of the process
can be seen in Figure 5. Cleaned makeup-gas enters stream #1
and is mixed with the recycle stream #36. It passes through a
heat exchanger (HEX-102) and a furnace (HU-101) before
entering the reactor (R-101). An FCC-type reactor has been
chosen for continuous coke removal from the catalyst, more
details concerning the reactor are given in Section 2.5. The
product gas from the reactor is first quenched to 600 °C in an
oil quencher (CU-101) to stabilize the product mixture after
the reactor and prevent further coupling and coke formation
and fouling of equipment. The stream after the quench (#5) is
further cooled with the feed stream (#2) in a heat exchanger
(HEX-102). In R-101, the NOCM reactions proceed at 5 bar
and 1000 °C as discussed in the previous section. In section 2,
the product gas is compressed first from 5 to 35 bar, using
compressors with interstage coolers CU-103 and CU-104 and
condensate separators (S-101 and S-102) to remove any
aromatic condensates. After compression, the remaining
aromatic species are removed (in section 3) in an absorption
column using sulfolane (S-103). After regeneration of the
sulfolane (S-105), the aromatic streams from the condensate
separators (streams 8 and 12) as well as the absorption section
(stream 21) are mixed and upgraded in section 5 by distillation
(S-107) to get the products benzene (#24) and naphthalene
(#23). Part of the naphthalene stream (#23b) can be split off
to use in both furnace HU-101 and the reactor (R-101) to
cover the heating duty, with the remainder of the naphthalene
in stream #23a. The benzene stream is cooled and treated in a
phase separator (S-108) to reach the final purity of 99.8%. The
aromatic-free product stream (#29) of the absorber S-103
continues to the membrane section (section 4) for hydrogen
separation (S-104). The remaining hydrocarbon stream (#32),
consisting mainly of methane and low concentrations of
ethylene, is mixed with stream #28 from the benzene
purification section and recycled to the reactor inlet and
mixed with the fresh feed stream. The recycle contains a purge
(#35) of 2% to prevent the buildup of inert impurities in the
system. The stream size and composition concerning these
sections are presented in Table 5. The choices made in the
sequence and techniques used for product separation and
purification are detailed in the section below.

2.5. Reactor Design. The reactor performance (i.e.,
conversion and selectivity) has been estimated and fixed in
this process design because of the uncertainties in performance
of nonoxidative coupling of methane reaction with respect to
the effects of operating conditions on methane conversion,
selectivity distribution, and coking rates, as discussed in
Section 2.3. Reactor design consideration will still be discussed
below, due to the high importance of reactor design on process
performance.

Figure 4. Methane conversion at thermodynamic equilibrium as a
function of reactor pressure at temperatures ranging from 960 to 1040
°C, calculated using Aspen Plus,81 using a Gibbs reactor allowing for
the formation of ethylene, benzene, naphthalene, and hydrogen; The
color-coded triangles represent the maximum reported experimental
conversion at 1000 °C32 (all at 1 bar).

Table 4. Assumed Carbon Selectivity of Methane toward the
Three Carbon-Containing Products Based on Ref32

hydrocarbon product carbon selectivity

ethylene (C2H4) 21 C%
benzene (C6H6) 26 C%
naphthalene (C10H8) 53 C%
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Preheating in the heat exchanger HEX-102 in section 1,
Figure 5, is limited to 600 °C to prevent coke formation in the
feed before reaching the catalyst bed. Heating from 600 to
1000 °C in HU-101 must be realized as quickly as possible in
the reactor, just upstream of the catalyst bed.51 The required
heat input for preheating the feed from 600 to 1000 °C is
calculated at 165 MW (2.0 MJ/kgmethane). The reaction itself is
highly endothermic, as shown in Table 2. The required heat
amounts to 142 MW (1.7 MJ/kgmethane), calculated with Aspen
Plus,81 resulting in a total heat input for the furnace HU-101
and the reactor R-101 of 307 MW (3.7 MJ/kgmethane) (Table
6). This sizable heat input can be accommodated in various
ways: first, 61 MW can be accommodated by burning the
purge gas (mainly methane, stream #35) and another 10 MW
can be obtained by burning the formed coke during catalyst
regeneration. The remaining 236 MW can be generated by (i)
burning part of the naphthalene, from stream #23; (ii) burning
the hydrogen, from #30, produced in the process; (iii) by
burning part of the methane process feed; or (iv) by electric
heating. Burning hydrogen and electric heating, at 4 $ct·
kWh−1,86 are both deemed too expensive in the current
market, although both options will significantly reduce the
CO2 emissions of the process. Natural gas is the cheapest
option for supplying the required heat.87,88 However, for this
process design, it was chosen to use the naphthalene as a heat
source for the remaining 236 MW, due to the large quantity of
naphthalene produced as well as the limited market size.89

Using the lower heating value of 38.9 MJ·kg−1,88 it can be
calculated that 6.0 kg·s−1 naphthalene is required, out of 10 kg·
s−1 from stream #23 (Figure 5 and Table 5). Providing the
required heat to the reactor section will be very challenging,
due to the high required heating rate to prevent coking.51 The
feed can be heated from 600 to 1000 °C with a multitubular
gas-fired heater (unit HU-101 in Figure 5), comparable to a
cracking furnace. It is imperative to make the thermal driving
force as large as possible, as well as supplying an inert lining on
the inside of the tubes, to prevent heterogeneous activation of
methane and especially higher hydrocarbons. The method to
add heat for the endothermicity of the reaction depends on the
choice of reactor. In a fluidized bed reactor, such as an FCC-
type reactor, the heat can be supplied by preheating the
catalyst. The catalyst is synthesized at 1700 °C32 and is
therefore expected to be stable up to ∼1600 °C. As discussed
above, 10 MW of heat can be produced by burning the coke on
the catalyst during regeneration. The rest of the reaction heat
(142 - 10 = 132 MW) is supplied by burning the naphthalene.
Assuming the catalyst is cooled from 1600 to 1000 °C during
the reaction, this would result in a catalyst recirculation rate of
310 kg·s−1 (resulting in a catalyst-to-gas mass flow ratio of
3:1). This catalyst recirculation rate can be lowered, or even a
fixed-bed operation can be used, if the heat is supplied through
additional multitubular gas-fired heaters, similar to preheating
of the gas.

Figure 5. Process flow diagram, divided into five operational sections, based on function. Section 1 is the conversion section, concerning the reactor
and heating and cooling. Section 2 concerns the compression of the product stream, with intermediate flash tanks to remove any condensing
aromatics. Section 3 removes the remaining aromatics from the product stream. Section 4 consists of membranes to separate most of the hydrogen.
Section 5 concerns the aromatic purification.
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Coking will likely occur in the reactor, independent of the
catalyst or reactor design, as discussed above. This coke has to
be removed from the reactor to prevent deactivation, fouling,
or blocking. Two types of industrial reactors will be able to
handle these conditions, namely, an FCC type of reactor,90

with an independent conversion and regeneration section, or a
Catofin reactor,91 where conversion and regeneration are
handled in a simulated moving-bed arrangement. The FCC
reactor is optimal for high coking rates, leading to deactivation
in a time span from seconds to minutes, whereas a Catofin
reactor is most useful when regeneration is required between
tens of minutes to hours. The FCC reactor was chosen for this
process design, as coking rates are probably significant, leading
to the formation of a monolayer of coke on the catalyst in 36−
80 s. This assumption is based on the time required for the C5
components to form a monolayer of graphitic carbon on the
surface of the catalyst.91 Furthermore, our previous work51

showed that limiting the contact time in the catalyst bed, in
favor of longer gas-phase residence time at a high temperature,
increases productivity while decreasing deposit formation. The
increase in total hydrocarbon yield when minimizing catalyst
residence time was also demonstrated in a recent SABIC
patent.63 It must be noted that the results published by Guo et
al.,32 used as performance data for the FCC reactor in this
process design, were measured on the lab scale in a fixed-bed
reactor. As discussed in the process overview, an oil quencher
will be used to quickly bring down the temperature and
stabilize the product mixture after the reactor, as proposed and
shown in an example in a recent SABIC patent.63

2.6. Separation Parameters. It is best practice to evaluate
first the separation of the largest product fraction, as described
by Douglas et al.78 and Barnicki and Fair.79,80 In this case, the
main product from the NOCM reaction is hydrogen,
accounting for up to 32 vol % of the reactor outlet stream,
as can be seen in Table 5. All hydrogen separation technologies
considered tend to foul in the presence of aromatic
compounds,92−94 and naphthalene will condense at the used
temperature and pressure ranges. Thus, deep aromatic removal
is required as the first separation step. Deep aromatic removal
is most easily achieved with an absorption process using
sulfolane as a solvent, commonly used in the industry for
aromatic separation.7 It was also considered to use the
produced naphthalene, or high-boiling oil as a solvent, but this
did not yield the required separation efficiency. Other options
considered and evaluated were a simple flash or a distillation
column. Both either did not yield the required separation or
were too costly due to the required temperatures.
The sulfolane is recovered by means of distillation. The

resulting aromatic streams are combined and distilled to obtain
pure benzene stream (#26, 99.2 %) and pure naphthalene
stream (#23, 99.8%)T
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Table 6. Parameters Chosen or Calculated for the Reactor;
Selectivities Are Shown in Table 4

reactor parameter chosen or calculated value

temperature 1000 °C
pressure 5 bar
single-pass methane conversion 28%
single-pass C2+ conversion 100%
required heat input: preheating feed 165 MW
required heat input: reaction endothermicity 142 MW
total required heat input to reactor 307 MW
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Polymeric membranes are the most suitable option for
hydrogen separation,92−95 based on their maturity in the
industry as well as the process conditions. This results in a
hydrogen stream with 95.5 vol % purity, which can be further
increased by the use of PSA, although this is out of the scope
of this study. Other evaluated options include different types of
membranes, i.e., palladium, silica, or carbon-based mem-
brane,88,96−100 and direct pressure swing adsorption
(PSA).101 The concentration of hydrogen in stream #29 is
lower than required for PSA separation,101 although this
technique can be used to further purify the permeate stream
(#30) and thus increase the value of the produced hydrogen.
Palladium membranes are too expensive,96 silica membranes
tend to suffer from rapid degradation and have not yet seen
industrial use,100 and carbon-based membranes have thus far
not been used for separating hydrogen from hydrocarbon
mixtures.
The remaining stream after hydrogen separation contains

mainly methane with percentage amounts of ethylene, around
3 vol % at this stage; see Table 5, stream #31. Cryogenic
distillation is the only ethylene recovery method applied at a
large scale.102 The separation costs per ton of ethylene is
estimated at 1900 $·ton−1(see Supporting Information S.3),
significantly more than the 2020 ethylene retail price of 1000
$·ton−1.103 A more energy-efficient method to separate
ethylene from methane is needed, or the ethylene concen-
tration should be at least doubled, to make the recovery viable.
For this reason, all ethylene is recycled back into the reactor,
converting it further to benzene and other aromatics. This
results in the loss of 104 kton·y−1 ethylene, for a total gross
value of 104 mln$·y−1 in ethylene, although it must be noted
that the ethylene is converted into benzene, naphthalene, and
hydrogen in the recycle, thus minimizing the value lost.
2.7. Carbon Efficiency. The total carbon efficiency of the

process amounts to 86%, based on the mass balance in Table 5.
This value becomes 54 % when discounting for the
naphthalene burned for supplying the heat to the reactor.
These values are in the ballpark of the current Fischer−
Tropsch style processes, which operate at carbon efficiencies
between 60 and 65%.26 Unfortunately, the process yield of
benzene is only 32% based on carbon, and the rest of the

carbon ends up in naphthalene. Therefore, naphthalene
upgrading to added-value products is necessary. Currently,
naphthalene is used as a precursor to phthalic anhydride, as
well as various azo-dyes and pesticides.104 Naphthalene can be
selectively hydrocracked to mono-aromatic hydrocarbons,
using a blend of hydrogen and methane as cracking agents,
at 400 °C and 40 bar.105 Full naphthalene conversion was
achieved after 1 h in an autoclave, using Zn/HY as a catalyst.
The main products are toluene and propane.
Hydrogen is also a major product of the NOCM process,

which should be considered a valuable product in the emerging
hydrogen economy.106

2.8. Heat Integration and Pinch Study. The total
heating duty required in the process without heat integration is
187 MW and the total cooling duty amounts to 247 MW (9.8
and 13.0 MJ/kgmethane fed to the process, respectively). This
includes the heating of the reactor feed to 600 °C. However, it
excludes the preheating of the reactor feed from 600 to 1000
°C, the endothermic heat input for the reactor, as well as the
cooling duty required in the initial quenching of the product
mixture from 1000 to 600 °C after the conversion reactor.
These heat duties are left out since they cannot be used for
heat integration due to the high required heating and cooling
rates to prevent coke formation,51 as explained in the reactor
design section. The heat in the oil used for the direct quench of
the reactant mixture is exchanged to generate high-pressure
steam. Direct oil quenching was selected to reduce the risk of
fouling. An alternative is the use of indirect quenching using a
heat exchanger, which generates the high-pressure steam
directly.6

The heat integration evaluation for this process is based on a
pinch study using 10 °C as the temperature difference at the
pinch. The resulting composite curves can be found in Figure
6a. The pinch temperature is at 600 °C, which means that all
streams evaluated are below the pinch and only cooling utility
is needed. Based on the composite curve, a network of heat
exchangers and coolers is developed, presented in Figure 6b
and also incorporated in the PFD (Figure 5). The first heat
exchanger (HEX-101 in Figure 5) is used to cool the benzene
stream from distillation column S-107 before it is flashed to
remove any remaining lighter hydrocarbons (S-108), and the

Figure 6. (a) Composite curve following the pinch study; (b) heat exchanger network developed based on the pinch study.
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cooling is done with the expanded gases of the recycle. The
second heat exchanger (HEX-102 in Figure 5) is used to heat
the reactor feed and cool the product stream. Note that this
heat exchanger needs to exchange 149 MW of heat (1.4 MJ/
Kgstream), which considering the heat exchange between two
gas streams results in 68 000 m2 of heat-exchange area
required, due to the low ΔT of 10°C at the pinch. The third
heat exchanger (HEX-103) is used to heat the feed of the
sulfolane recovery distillation column (S-105) while cooling
the returning lean sulfolane from the reboiler of the distillation
column, after which only a cooling duty of about 45 MW is
left, which will be handled by cooling water since it is below
140 °C.
Considering the very large required surface area for heat

exchange and similarly large investment costs associated with
HEX-102, it needs to be reevaluated. An increase in minimum
temperature difference over the heat exchanger will signifi-
cantly reduce the required surface area for heat exchange, at
the cost of requiring additional heating and cooling duty. If
both the costs of HEX-102 and the additional costs of extra
required cooling and heating are taken into account, calculated
over the depreciation period of 10 years, assuming 15% interest
per year over the investment, one obtains Figure 7. It is clear

that the costs for both installing HEX-102 combined with the
additional heating and cooling will be minimal at a minimum
temperature difference of 40 °C, which is a reasonable value
for gas−gas heat exchangers. The size of the heat exchanger
can be reduced to 20 000 m2 heat exchange area at this
temperature difference but does require both 8 MW additional
heating and cooling. Although 20 000 m2 is still a very large
heat exchanger, it is technically feasible. Note that the
additional costs for heating and cooling equipment are not
taken into account for this calculation. These optimization
calculations are not included in the final economic evaluation,
due to the low impact.
2.9. Economic Evaluation. The plant economics are

calculated in US$ in the year 2018, for a benzene production
capacity of 200 ktpa. Equipment was sized using basic design
principles. The capital expenditure (CAPEX) for the equip-
ment was estimated using a combination of cost estimation
tools.107−109 Equipment costs are estimated using the tools
from Matche107 and Equipment Costs correlations published
in Plant Design and Economics for Chemical Engineers.108

The scaling factors for inside and offside battery limits (ISBL
and OSBL) described by Sinnot et al.109 are used to adjust for

installation costs, piping, and other auxiliaries, generally
resulting in a Lang factor of 6 (Table 7). The CAPEX cost

was corrected for inflation to 2018 using the Chemical
Engineering Plant Cost Index (CEPCI). Note that the used
costs for the reactor as well as the membrane section already
include installation costs; thus, their Lang factor was kept at 1.
Table 7 shows the capital expenditure split over the different
types of installed units, note that “columns” includes both the
distillation equipment and the flash drums. Using the ISBL and
OSBL factors, the total capital expenditure is also shown in
Table 7. Note that the inaccuracy of CAPEX costs can be up to
30%, especially considering the uncertainty surrounding the
optimal reactor design.
Table 8 presents the costs of raw material, product revenue,

and utility costs. The amounts are based on the mass and
energy balance from Table 5. Note that Table 8 shows the
results for two situations: (1) 60% of the naphthalene is used
for heating the reactor and the rest is sold; (2) naphthalene is
completely sold (results given within parentheses), while
natural gas will be used for heating the reactor feed
(corresponding value within parentheses). These options will
both result in significant CO2 emissions, making the process
not environmentally friendly. Technologies like carbon capture
and storage (CCS) can be used to mitigate this effect but will
result in a significant increase in cost. Other heating options
considered include hydrogen as a fuel or electric heating, but
these are both expensive and will yield a large naphthalene
product stream without a sizable market. This can only be
solved by another process that converts naphthalene (for
instance, by hydrocracking) into marketable products. It is
assumed that catalyst losses are negligible, due to the long-term
stability.32 The hydrogen price is relatively low as a result of
the low purity achieved by the membrane. The designed
process does not produce any organic waste streams requiring
treatment, as all waste streams containing hydrocarbons are
combusted for heat generation. The spent catalyst will be
returned to the manufacturer.
Table 9 presents the auxiliary costs of the process, namely,

the costs of wages, technical assistance, and overhead. We have
chosen to also include the depreciation of the capital
expenditure in this table, assuming total depreciation of the
plant over 10 years.
Table 10 calculates the total profitability of the process,

taking into account the information from Tables 7−9.
Furthermore, the sales, R&D, administration, and management
costs are included as well as profit tax.

Figure 7. Optimization costs of the main heat exchanger (HEX-102),
considering a depreciation period of 10 years.

Table 7. Purchased Cost of the Main Process Equipment,
the Applied Lang Factor, and the Corresponding Total
Capital Investment (TCI)

equipment
purchased cost

(mln $)
Lang
factor TCI (mln $)

HEX 32.3 6 194
pump 0.02 6 0.1
compressors 25.4 6 152
columns 1.2 6 7.3
reactor 120.7 1 121
mixers 0.2 6 1.1
membranes 6.1 1 6.1
total (ISBL) 481
total (ISBL + OSBL) (OSBL = 40% of ISBL) 700
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The total profitability for the base case process is calculated
to be 59 mln$·y−1 after taxes. It is clear that a methane
coupling process can potentially be very profitable, provided
natural gas is relatively cheap and abundantly available. Even
though this process design is as much as possible based on
proven industrial techniques and processes, it is still based on
various significant assumptions in terms of conversion, product
selectivity, and costs. Figure 8 presents a sensitivity analysis
from the base case presented in Tables 7 and 8. The sensitivity
analysis presented in Figure 8a shows that the product price
(especially the price of benzene) mainly determines the
profitability of the process. This shows that the profitability can
increase considerably if the marketability of naphthalene
increases. Figure 8b shows that the natural gas price also has
a significant impact on profitability. The range of 50% is
appropriate for natural gas, whose price fluctuated by an
average of 30% on annual basis between 2000 and 2020 in the
US market, decreasing by 50% over this total period.115 The
market price of benzene fluctuates significantly less at an
average of 13% per year, although 2020 saw a drop of 51% in
benzene price.116 These values were not available for
naphthalene and hydrogen, although it can be safely assumed
that the hydrogen price will closely follow the natural gas price.
Figure 8c also shows that the CAPEX determines the
profitability only to a limited extent, which is positive
considering the high CAPEX estimated for the reactor and
main heat exchanger (HEX-102) and its uncertainty.

3. CONCLUSIONS

The technoeconomic evaluation of a detailed process design
for catalytic direct conversion of methane to olefins and
aromatics shows a significant economic potential of 107 $
profit per ton CH4 fed, to convert relative cheap natural gas
into valuable benzene (0.31 kgbenzene/kgmethane) and hydrogen.
Naphthalene (0.52 kgnaphthalene/kgmethane) is a significant
byproduct, which is mainly combusted in the current process
design for heating the reactor with the consequent emission of
CO2. If electrical heating or hydrogen combustion is used, a
large quantity of naphthalene will be available, saturating the
current market. It is therefore necessary to look for other
processes to convert naphthalene into valuable products, such
as monoaromatics. The profitability of the process is mainly
determined by the product prices with a dominant role for
benzene and hydrogen.
The process also has several challenges such as integrated

heating of the gaseous feed (with the gaseous product) and the
heating of the reactor itself with duties of 165 MW (2.0 MJ/
kgmethane) and 142 MW (1.7 MJ/kgmethane), respectively. The
excessive heat exchanger area can be reduced by operating at a
higher temperature difference and 40 °C is estimated to be
optimal, increasing the heating and cooling duty. The
suggested reactor for this process is an FCC-type reactor
operated at a pressure of minimum 5 bar, using the catalyst as
the heat transfer medium at the same time. Both the primary
heat exchanger and the reactor account for almost 2/3 of the
total investment costs, due to their required capacity and
extreme condition (1000 °C). Any optimization regarding
these units can result in a significant decrease in process costs.
Several critical assumptions are on the basis of the design

that needs to be validated, for instance, the conversion and
selectivity at 5 bar and 1000 °C, effect of carbon deposition on
catalyst activity, and the effect of higher concentrations of

Table 8. Overview of Total Raw Material Costs, Product
Revenue, and Utility Costs for Two Situationsa110

raw material costs

components price ($·ton−1)
amount

(kton·year−1)
total cost

(mln$·year−1)

natural gas 12587 739 (897) 92 (112)
sulfolane 3000111 0.6 2
catalyst 3000 (own

estimation)
1 3

total
(mln$·year−1)

97 (117)

product revenue
components price ($·ton−1) amount (kton

·year−1)
revenue (mln$
·year−1)

benzene 860112 194 167
naphthalene 450113 123 (314) 55 (142)
hydrogen 800114 119.5 95.6
steam (from
CU-101)

12.1109 2890 35

total
(mln$·year−1)

353 (440)

utility costs
components price amount

(year−1)
total costs
(mln$·year−1)

electricity 40$/MWh109 399 GWh 16
cooling water 13 × 10−3$/m3109 52.4 × 106 m3 0.7
steam 12.1 $/ton109 126 kton 1.5
total
(mln$·year‑1)

18.1

aValues outside parentheses indicate that naphthalene is partly
combusted for reactor heating. Values within parentheses indicate that
naphthalene is fully sold and extra natural gas is combusted for
heating the reactor. The estimates for the costs and replenishment
rate of the catalyst are based on the FCC process.110

Table 9. Auxiliary Operational Costs, Including Wages,
Services, Property Tax and Insurance, and Depreciation of
the CAPEX, as Presented in Table 7

fixed costs remarks
OPEX cost

(mln$·year−1)

operating labor including
supervision

5 shifts of 10 operators
each

5.0

overhead 2.5
maintenance 30.0
property tax and insurance 1% of TCI 7.0
depreciation 10% of TCI 70.0
total 114.0

Table 10. General Expenses, Taxes, and Total Profitability
of the Process, Taking into Account the Figures Shown in
Tables 8 and 9

general expenses (GE) % of revenue total (mln$)

sales 3.0% 10.5
R&D 5.3% 18.5
administration 2.0% 7.0
management 4.0% 14.0
total 50.0
OPEX + GE 279.0
profit before tax 74
tax 20% of profit 15
total profit 59
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hydrocarbons (C2+) in the reactor feed on both reactivity and
carbon deposit selectivity.
The minimum required reactor pressure is 5 bar. It is

suggested to test reaction performance at increased pressure, as
well as effects concerning impurities in the feed, i.e., C2−5
hydrocarbons. Current industrial hydrogen separation techni-
ques are sensitive to fouling and require low temperatures.
Therefore, deep aromatics removal is required before hydrogen
purification. Finally, the heat exchangers needed at the reactor
are large and require significant additional heating and cooling,
due to the large duty in combination with the low heat transfer
coefficient. Overall, an increase in pressure in the reactor will
lead to a lower heat-exchange area and less compression
required for the separation. Experiments should validate if
adequate natural gas conversion can be reached at elevated
pressure.
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