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A B S T R A C T   

Efficient recovery of ammonium, a valuable nutrient, from dilute streams is still an unsolved challenge. One 
possible approach to separate and simultaneously concentrate ammonium from low concentration streams is 
Donnan dialysis. To design a process, a mass transport model was utilized for both plate and frame and hollow 
fiber modules and compared to experiments. The chosen model was based on film theory, accounting for mass 
transport resistances in the liquid as well as the membrane phase to allow for a complete investigation of mass 
transfer limitations. Experimental data for the flux of ammonium and potassium using flat sheet Nafion-115 and 
FujiFilm type-2 and hollow fiber Nafion membranes was predicted very well by the model for several flow 
conditions and concentrations. The two stage ammonium removal could be predicted accurately from a starting 
concentration over two orders of magnitude in concentration. For the hollow fiber module case, liquid phase 
resistances on the draw side were more substantial vs. plate and frame due to the lower velocity. Both plate and 
frame and hollow fiber modules showed similar transport rates, up to 1[mol/(m2⋅h)]. In the investigated, non- 
optimized, laboratory system, an 80% removal of ammonium was achieved with a processing flow of 12.5 [L/ 
(m2⋅h)].   

1. Introduction 

Ammonia is essential to modern day life, as the essential component 
of fertilizer, for polymer production and finding use elsewhere for 
instance as refrigerant [1]. Although production used to be relatively 
cheap, currently ammonia recovery gains more interest. Not only is this 
due to increasing natural gas prices for the production but also as it is 
associated with high carbon foot print [2] and during its use, with local 
environmental pollution. About 70–80% of the produced ammonia is 
used for fertilizer production, where only 25% of this amount is reused 
via manure fertilization of farmlands. Considering the life cycle, the 
Haber-Bosch production process consumes about 11 kWh/kg ammo-
nium and in addition, the conversion of ammonia back to dinitrogen in 
wastewater treatment plants consumes an additional 3–4 kWh/kg ni-
trogen [3]. Conversion back to non-reactive nitrogen was presented as a 
sustainable water treatment approach [4], but sequestration of 
ammonia and conversion back to fertilizer can strongly reduce the 
environmental impact of the fertilizer cycle too [5]. A common way to 

recover ammonium is by air stripping, however, it is limited by low 
concentrations of ammonium. The economical feasibility of that tech-
nique is around 2 g/L (100 mM); mainly due to the consumption of base 
required to shift the equilibrium of dissolved ammonium to the gas 
phase [6]. However, as ammonia production is predominantly associ-
ated with anaerobic digestion including biogas production, removal 
below 2 g/L is desired to enhance biogas production. These biological 
processes are, already below levels of 2 g/L, severely limited by the 
toxicity of ammonia [7]. Air stripping treatment will remove ammonia 
but raise the pH of the wastewater > pH 9, which also is beyond the 
practical limits of microbial anaerobic digestion. Similarly, struvite 
precipitation at pH 9.5 suffers from the same limitation. Although more 
alternative processes have been developed to reduce ammonia in 
streams [6], such as the annamox process, they are not always effective 
and can be associated with emissions of nitrous oxide (N2O) [8], a very 
strong persistent greenhouse gas. In 2019 the emissions of N2O associ-
ated with fertilizer use amounted to an equivalent CO2 footprint of 670 
Mt CO2 per year. This is 50% more than the 440 Mt CO2 associated with 

* Corresponding author. 
E-mail address: j.a.wood@utwente.nl (J.A. Wood).   

1 present address: Department of Agrotechnology and Food Science, Wageningen University & Research, The Netherlands. 

Contents lists available at ScienceDirect 

Journal of Membrane Science 

journal homepage: www.elsevier.com/locate/memsci 

https://doi.org/10.1016/j.memsci.2023.121496 
Received 9 December 2022; Received in revised form 31 January 2023; Accepted 16 February 2023   

mailto:j.a.wood@utwente.nl
www.sciencedirect.com/science/journal/03767388
https://www.elsevier.com/locate/memsci
https://doi.org/10.1016/j.memsci.2023.121496
https://doi.org/10.1016/j.memsci.2023.121496
https://doi.org/10.1016/j.memsci.2023.121496
http://crossmark.crossref.org/dialog/?doi=10.1016/j.memsci.2023.121496&domain=pdf
http://creativecommons.org/licenses/by/4.0/


Journal of Membrane Science 674 (2023) 121496

2

the production of ammonia itself [5]. It is therefore expected that any 
recovery of ammonia also reduces the emissions of N2O. Evidently, 
aiming for a reduction of carbon footprint of the ammonia cycle and 
increasing the efficiency of biogas production there is a need to recover 
ammonium at low concentrations, well below the 2 g/L, without large 
pH shifts of the matrix. 

A promising way to recover ammonium and other charged nitrogen- 
containing components from aqueous streams is via Donnan dialysis. It 
is in principle a continuous ion exchange process over a single type 
(either cation or anion) exchange membrane and allows effective 
removal even at very low concentrations. Besides, Donnan dialysis 
simultaneous can apply a concentration step, potentially bridging the 
gap between the low feed concentrations and concentrations needed for 
air stripping. Breytus [9] showed the recovery of nitrate at 3 mM using 
Selemion, Neosepta and Fumatech membranes. Furthermore, Chen [10] 
studied the feasibility of ammonium recovery at 5–50 mM using using 
Selemion and Neosepta membranes and developed the process further 
by integrating Osmotic Distillation with a Donnan dialysis process [11]. 
Rodriguez [12] used Donnan dialysis to enhance the recovery of 
ammonia by electrodialysis and reduce energy consumption at 140 mM 
using Nafion membranes. These studies show that Donnan dialysis can 
be a viable technical solution for ammonium recovery. It is therefore 
expected that Donnan dialysis will particularly contribute to the re-
covery of low concentrations of ammonium. To make it into a contin-
uous process ammonium needs to be removed continuously from the 
concentrated stream, for instance by shifting of the dissociation equi-
librium between ammonium and ammonia in the concentrated extract. 
As shown by Chen [11] and Rodriguez [12], changing the pH allows for 
evaporation of ammonia and enables continuous extraction of ammo-
nium from the concentrate without limitation due to reaching the 
Donnan equilibrium. 

A gap remains in modeling a Donnan dialysis module or process for 
ammonia recovery based on the mass transport principles. Typically, the 
economic insights of the recovery process would also guide the devel-
opment of a successful membrane process. Vanoppen showed that for 
water softening by Donnan dialysis the capital costs per m2 installed are 
critical [13]. It can be assumed that this is similar for ammonia recovery. 
Since these costs are heavily governed not only by membrane material, 
but also by membrane configuration, mass transport relations for 
Donnan dialysis are required. This paper is not the first to address this. 
There are several ways to describe the transport of the ions in the 
Donnan dialysis process, either using a physical description of mem-
brane and fluid phases or using empirical mass transfer correlations. 
Several authors have used the Nernst-Planck equation with Donnan 
equilibrium boundary conditions assuming perfect co-ion exclusion 
[14–16]. In other work, mass transport correlations have been deter-
mined describe the transport in certain range of operation [17,18].In 
this work, we use a simple description of the transport based on the 
Donnan equilibrium together with the film theory model, using Sher-
wood correlations for flat sheet and hollow fiber membrane systems. The 
model descriptions were taken from previous research [17,19] and 
analytical expressions were obtained. This model evaluates the transport 
of ammonium (or potassium) through different membrane materials and 
for different membrane configurations exchanging with sodium in a 
Donnan dialysis process. From an economic point of view Nafion is not 
the preferred material, however, it has been widely used as an 
ion-exchange material previously and is available in the form of hollow 
fibers already. A less expensive membrane material from FujiFilm was 
evaluated in plate and frame modules as well. Processes using both 
materials were compared to predictions from the analytical model for 
the transport in flat sheet and hollow fiber membrane modules, and a 
concentration process of ammonium over two process stages in hollow 
fiber membrane modules is included. Using the simple analytical ex-
pressions presented in this work, we show that very good agreement 
with experimental module performance could be achieved and this 
highlights the use of such models in designing Donnan dialysis 

processes. 

2. Experimental 

2.1. Materials 

Sanal P+ sodium chloride (>99,96%) was provided by Nobian In-
dustrial Chemicals (NL), ACS reagent ammonium chloride, potassium 
chloride and puriss P.A. nitric acid were obtained from Merck/Sigma 
Aldrich (B). All solutions were made using demineralized water. Nafion 
membranes (cut from 30 × 30 cm) were obtained via Fuel Cell Store 
(Bio-Connect Services, NL), the FujiFilm Type 2 (cut from 30 × 200 cm) 
membranes from FujiFilm Manufacturing Europe, NL and the Nafion 
hollow fibers from PermaPure (cut from PD-50T-12MPP), obtained via 
Inacom Instruments, NL. 

2.2. Ion exchange chromatography 

The determination of ion concentrations from experiments was car-
ried out using a Metrohm Ion Chromatograph (Eco-IC) using 4 mM 
HNO3 at 0.6 ml/min on a Metrosep C6-150/4.0 15 cm column for K+/ 
Na + analysis and a 10 cm longer one for NH4

+/Na+ separation. 

2.3. Membrane characterization 

All flat sheet membranes were thoroughly washed and pre-swollen in 
demi-water before cutting the appropriate shape. The nominal (geo-
metric) exchange area of a membrane was measured to be 34.4 cm2, and 
always 3 flat sheet membranes were used totaling to 103 cm2. Nafion for 
the flat sheets was Nafion 115 and its thickness was measured in the wet 
state using a micrometer to be about 150 μm. Nafion was initially 
brought into acid form, washed with deionized water and then 
exchanged into final sodium form using 2 sequential solutions of 0.5 M 
NaCl for 16 h. The resulting acidic exchange solutions were titrated 
using a Metrohm 716 DMS Titrino autotitrator system with 0.5 M NaOH 
to determine the amount of acid. After conversion of acidic groups to 
meq/g (1.01 ± 0.03) in dry state and correcting for water uptake, the 
charge density of the material was calculated to be 1304 ± 47 mM and, 
within error, the same as for the flat sheets. These values depend on the 
membrane swelling and generally increases with ionic strength of the 
surrounding medium due to lower osmotic pressure differences [20]. 

2.4. Donnan dialysis characterization 

We measured the fluxes in the Donnan dialysis process in case of two 
modules: a flat sheet module (Fig. 1), and another one based on hollow 
fibers. Peristaltic pumps, Masterflex LS, Masterflex 7521-25 (Cole 
Parmer/Metrohm, NL) were used with glass pulse dampeners (Labora-
tory Glass Specialists, NL) and membrane modules were made in-house 
using integrated woven net spacers of 0.5 mm PVC sealed from FuMa-
Tech (D) and had a gap/wire ratio of 4. They were produced in a square 
mesh of 1.0 × 1.0 mm2 and oriented at a 45◦ angle towards the flow. The 
hollow fiber modules were constructed using 14 or 15 cut Nafion fibers 
of about 28–30 cm exposed length to match their area. They were potted 
in PVC tubing of 13.4 mm width using epoxy glue. The exposed inside 
membrane area was ~105 cm2. Care was taken that all fibers had a 
circular cross-section shape and were open at both sides to obtain an 
even distribution of flow through all fibers. The entrance and exit of the 
volume at the shell side were taken at about 1 cm at the end of the 
potting. 

All experiments were carried out at 20 ◦C ± 1 ◦C. In the use of the 
setup, special care was taken to de-aerate the modules to avoid bubbles 
and resulting stagnant zones and the flow of the liquids was always in 
co-current mode, from bottom to top. For the hollow fiber system, the 
fibers are transparent in water and any bubbles that do not immediately 
flush out at low flow velocities were clearly visible. The flat sheet 
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modules were first flushed at high flow and shaken after which the flow 
was lowered to the setpoint. Our objective is to remove the target ions (i. 
e., NH4

+) from one stream (i.e., the feed solution) to concentrate them in 
another (i.e., the draw). For the flat sheet membrane system it did not 
matter at which sides were the draw, and the feed. However, the hollow 
fiber system was not symmetrical and the draw solution was always at 
the outside of the fibers (shell side). 

3. Theoretical background 

3.1. Donnan dialysis 

As discussed in the introduction, Donnan dialysis is an ion-exchange 
process where ions can move in response to an induced electrochemical 
potential gradient between phases [21]. This allows transport of ions 
against bulk concentrations, sometimes referred to as “uphill transport”. 

Fig. 2 shows the draw, membrane and feed phase in a Donnan 

dialysis process. The exchange is carried out using a draw solution of 
NaCl to exchange with the NH4Cl concentration in the feed. The solution 
is denoted using subscript s, and for the membrane subscript m. Feed 
and Draw are denoted with superscript F and D respectively, and the 
boundary layers with an superscript accent. At the solution side for feed 
and draw the sodium and ammonium are present as a bulk concentration 
but closer to the membrane a concentration gradient develops in the 
diffusional boundary layers (BL) For simplification all concentration 
gradients are depicted as linear (which reflects a steady-state condition). 
The concentrations at the membrane interface and solutions develop 
according to their Donnan Equilibrium showing that the ratios of ions in 
liquid and membrane are the same at the interface, and consequently 
strive to the same in feed and draw in equilibrium. Assuming ideal 
conditions in which the activities can be replaced by concentrations and 
the membrane is assumed to be perfectly permselective, neglecting co- 
ion absorption, the following holds: 

[NH4]
’F
s

[Na]’
F
s

=
[NH4]

F
m

[Na]Fm
&

[NH4]
F
s

[NH4]
D
s

=
[Na]Fs
[Na]Ds

(1) 

Donnan dialysis is a technology that allows for a continuous removal 
and simultaneous concentration of ions. Although the concentration of 
one species is seemingly uphill, it is clear from Fig. 2 that both ions 
diffuse through the membrane along their concentration gradient. 

BL Denotes the diffusion boundary layer, subscripts s and m denote 
solution and membrane and superscripts D and F are denoting draw and 
feed respectively. The concentrations in the boundary layer at the 
membrane are denoted with an accent to distinguish them from the bulk. 
The high homogeneous charge density of the fixed counterion groups in 
the membrane results in high equilibrium concentration of cations and 
exclusion of the anions (not shown) within the membrane. The sorption 
ratios in the interface between liquid and membrane are simplified to an 
instantaneous jump and the boundary layer concentration profiles are 
simplified to a linear profile using similar boundary layer thicknesses for 
draw and feed as is usual for film theory and a common assumption for 
steady state transport in homogeneous membranes. 

The system is divided in five separate phases as shown in Fig. 2, feed 
and draw bulk liquid phases, their boundary layers and the membrane. 
In the description the bulk phases show only a lateral concentration 
change, i.e. along the flow direction, and can be assumed locally con-
stant. To describe the mass transfer between the draw and feed streams, 
the film model can be used For our purposes, we assume a constant 
boundary layer thickness described using a single constant diffusion 
coefficient. In principle, due to the need to maintain electroneutrality 
the effective diffusion coefficient of an ionic mixture is a function of the 
individual ion diffusion coefficients and concentration however this is 
often neglected within Sherwood number correlations and we will assess 
the suitability of this approximation by the model predictive ability. Due 
to this assumption, the boundary layer thickness depends on the flow 
velocity as well as solution properties (Reynolds and Schmidt numbers). 
This approach has been successfully applied before by Lake and Mel-
sheimer [19] (plate and frame geometry) and Ng and Snyder [17] 
(tubular membranes) for Donnan dialysis. For this the system is divided 
into a general description of the membrane and the liquid phases. Fig. 2 
depicts an illustration of a developed concentration profile for steady 
state conditions. 

The main assumptions for the used description are that the Donnan 
equilibrium holds at the membrane/solution interfaces and is only 
governed by valence, ignoring any effect of thermodynamic non-ideality 
(activity coefficients). Mass transport can be described as resistances in 
series for the liquid and membrane phases, and the membrane is 100% 
permselective. As mentioned in our approach we treated the diffusion 
coefficients as independent of concentration and used the ion with the 
lowest diffusivity (sodium in this work). With this and assuming local 
electroneutrality applies, as a result the induced potential gradients 
within the membrane and liquid phase can be neglected and there is 

Fig. 1. Schematic of the Donnan dialysis setups used. 1: Stirred feed (F) and 
draw (D) solution vessels, 2: peristatic pumps, 3: pulse dampeners, 4: mem-
brane module (schematic of a flat sheet module drawn), 5: selectors for recir-
culation back to vessels or single pass flow to sink. Sampling was carried out at 
the exit or directly from the vessel. 

Fig. 2. An illustration of a developed concentration profiles of two cations, Na+

and NH4
+, in the polymeric membrane and liquid boundary layers during a 

Donnan dialysis process described via the film theory and Donnan equilibrium. 
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only differences in electrical potential between different phases. A more 
extensive description of the transport model can be found in the sup-
plementary information. 

3.2. Equilibration time 

Since the transport in Donnan dialysis system is a diffusional ex-
change process, without external pressure or applied potential gradi-
ents, it is limited by the diffusion. With the membrane being an ion 
exchanger, it is important to know at which timescales steady state 
conditions can be reached and the concentrations in the membrane do 
not change anymore in order to characterize a process for ammonium 
recovery using this approach. The importance of reaching steady state 
was addressed before by Neihof and Sollner [22] on theoretical con-
siderations of differences in diffusion rate but this paragraph addresses 
absorption-desorption effects for the transient state as experimentally 
and numerically investigated by Kim and Judy [23] and worked out in 
detail by Breytus et al. [9]. For this, a solution of 5 L 0.5 M sodium 
chloride was recirculated overnight over a Donnan dialysis stack with 
three parallel flat sheet membranes of 34 cm2 to exchange it fully in the 
Na + form. This defined the base situation for the exchange experiments. 
After the exchange the setup was drained and the remaining solution 
was flushed out with demi-water in single pass for 1 h at a rate of 1 L/h. 

By changing the concentrations at both sides of the membrane and 
measuring the outflow concentrations both time to reach equilibrium 
and the flux in steady state conditions could be measured. In our model 
derivation, we are examining the steady-state system and therefore 
ensuring that we have obtained this experimentally is very important in 
order to correctly interpret ion transport. As expected, before steady 
state is reached the membrane accumulation of one of the ions in the 
membrane occurs whereas the other is reduced. In- and outgoing ion 
fluxes are typically very different before and should be similar at steady 
state. As a first approximation of the minimum time to reach equilibrium 
three times a normalized sorption time, τn was used, as defined in (2) 
and described in (SI 5). In this approach it is assumed the supply of ions 
by the solution is limiting. For an equivalent valence exchange process 
(1:1, 2:2, …) the normalized sorption time is a time defined here, as a 
first rough estimation, as the ionic exchange capacity of the membranes 
divided by the molar flowrate of ions in the feed. 

CmVm

CFQF = τn (2) 

In which C is the ionic concentration in [mol/m3], V is volume [m3] 
and Q is volumetric flowrate [m3/s]. The superscripts m and F denote 
the membrane and feed respectively. In the relation only the ions 
involved in the exchange are considered, i.e. for a cation exchange 
membrane this would be only cations. Since the feed concentration is 
lowest in the Donnan dialysis processes it is expected that this side is 
dominating in the provision of ions to the membrane. Taking 3 τn for the 
minimum time to reach steady state can be considered a triple wash or 
exchange of the membrane and proved to be a reasonable assumption in 
our system and others’ [23]. In our case steady state was assumed after 
5-6 τn after which three more samples were taken and averaged to 
minimize sampling errors [21]. 

3.3. Transport characterization at steady state 

To correlate the experimental data to a functional description of the 
system, it was described using the following process diagram. 

For steady state conditions, the mass balance can be described in a 
simple way over the liquid phases; as accumulation of ions in the 
membrane phase is absent. Hence, the flux of ions from the feed equals 
the flux of ions [mol/(m2⋅s)] into the draw: 

Ji =
QF

Am

(
Ci,in − Ci,out

)

F = −
QD

Am

(
Ci,in − Ci,out

)

D (3) 

Taking care that the exchange process has reached steady state, the 
ion fluxes in the membranes can be calculated from the overall mass 
balance: 

Ji =
Ds

i

δF

(
CF

i,s − C′ F
i,s

)
= −

Ds
i

δD

(
CD

i,s − C′ D
i,s

)
=

Dm
i

l

(
CF

i,m − CD
i,m

)
(4) 

The above descriptions of the flux use the bar notation for average 
values over the length of the membrane. However, since the concen-
trations in the boundary layers and membrane are not known and 
neither is the diffusion coefficient in the membrane, an easy and useful 
description is given by a formulation of the mass transfer coefficient over 
all the phases. In this, the same reasoning and formulation is applied as 
by Ng and Snyder [17] and an overall mass transfer coefficient can be 
formulated by: 

Ji = ki

(
CD

i,s − CF
i,s

)
= kiC

(
yD

i − yF
i

)
= kiC

⎛

⎜
⎜
⎜
⎝

1

1 +
C

D
j

C
D
i

−
1

1 +
C

F
j

C
F
i

⎞

⎟
⎟
⎟
⎠

(5) 

In which the ionic mole fractions yi [mol/mol] are given by: 

yF
i =

CF
i

CF
i + CF

j
=

CF
i

CF, yD
i =

CD
i

CD
i + CD

j
=

CD
i

CD (6) 

The above formulation uses an average product of mass transfer 
coefficient and concentration together with the ion fractions as driving 
force. For an ideal ion exchange processes this is a more convenient 
formulation since the total concentration of ions is constant. The driving 
force for the transport is governed by the Donnan equilibrium described 
in (1) and therefore also directly related to the fractional concentration 
difference over the membrane. 

In order to solve the local mass balance the flux description of the 
ions passing the membrane was divided into three separate parts, the 
liquid boundary layers and the membrane. These three layers plus 
boundary values specified by the liquid bulk phases, are shown in Figs. 2 
and 3. Using the Donnan equilibrium conditions for the description of 
the interphases and treating the problem as a separate conductances in 
series leads a description of the local (cross sectional) average kiC [mol/ 
(m2⋅s)] (SI): 

km
i CmkF

i CFkD
i CD

kF
i CFkD

i CD + kD
i CDkm

i Cm + kF
i CFkm

i Cm = kiC (7) 

Equation (7) follows the general rule for the calculation of re-
sistances in series formulated using conductances as show in (7a): 

1
kiC

=
1

km
i Cm +

1
kD

i CD +
1

kF
i CF (7a) 

Assuming the osmotic flow is negligible and perfect co-ion exclusion 
exists, the above defined kiC was integrated over the module length (SI). 
The resulting analytical solution for plate and frame modules relates kiC 
to the molar flows and exchanged ions of the system: 

〈kiC〉= kiC=
1
A

(
ṄFṄD

ṄF
+ ṄD

)

ln

(
yF

i(0) − yD
i(0)

yF
i(L) − yD

i(L)

)

(8)  

Where the molar flows are defined as Ṅ = QC [mol/s]. In this relation 〈
kiC〉 is defined by the molar flows and system dimensions/configuration 
and the area A depends in the length L of the system. It is the average 
over the length of the module but equal to locally defined kiC under the 
chosen assumptions: uniform flow, perfect co-ion exclusion, no water 
transport and steady state transport. The removal can be expressed as a 
fractional removal ratio, here denoted by σi [− ], of a defined module/ 
system which governs the relative concentration change per system pass 
(8a): 
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yF
i(L) − yD

i(L)

yF
i(0) − yD

i(0)
= σi = exp

(

− 〈kiC〉A
ṄF

+ ṄD

ṄFṄD

)

(8a)  

We use the angular brackets to denote the average over the thickness as 
well as over the length of the membrane. This gives product of the mass 
transfer coefficient and concentration and is in principle the analog of 
equation-(1) from Wickramasinghe [24] expressed in fractions rather 
than concentrations. In steady state, no mass accumulates or dissipates. 
The fluxes defined over a channel or through the membrane are equal 
and hence, the resulting <kC> values should be equal in all definitions. 
〈kiC〉 can be related to mass transfer correlations for the liquid phase, 
meaning equation (8) can be used in order to estimate the fraction 
removed for given system parameters like flowrates, area, etc.. or vice 
versa, calculate the required area for a given removal ratio. 

Equation (8) can be used to estimate the value of the mass transfer 
coefficient per measurement and can be used predictively with equation 
(7) using Sherwood correlations for the estimation of the separate kC’s. 
It should be noted that the analytical solution was derived in cartesian 
coordinates. It is also a reasonable estimate for hollow fiber geometries 
when the thickness/diameter is small enough. 

For the calculation of the separate mass transfer coefficients, in the 
transversal direction, i.e. perpendicular to the membrane surface, the 
relation is quite straight forward for the membrane, as shown in (9). 

For the membrane mass transfer coefficient km
i : 

km
i =

Dm
i

l
(9)  

Where Dm
i is the diffusion coefficient of the ion in the membrane and l 

the membrane thickness. In this formulation it is assumed that the ma-
terial is homogenous. Should a material exhibit heterogeneity with a 
certain tortuosity, this can be taken into either a smaller diffusion co-
efficient, or larger diffusional path length but would simply result in a 
different effective diffusion coefficient, meaning that any effect of tor-
tuosity would be obtained when using experimentally derived diffusion 
coefficients (presuming a tortuous membrane was used). For the diffu-
sion coefficient in the membrane it was assumed the ion with the lowest 
diffusion coefficient, sodium, was limiting the transport in the mem-
brane. A suitable description of the mass transfer coefficients, ki, for the 
different liquid boundary layers is generally done by selection or 
determination of the suitable dimensionless Sherwood correlations (10) 
where the Sherwood number is a function of Reynolds (inertial to 
viscous force ratio) and Schmidt number (mass diffusivity to momentum 
diffusivity ratio) (11). 

In general, correlations of the form shown in Eq. (10) are found for 
the Sherwood number: 

Sh= ki
d

Ds
i
= α⋅Reβ⋅Scγ with ki =

Ds
i

δ
(10)  

with α, β and γ being empirically or theoretically determined constants, 
d the hydraulic diameter of the liquid channel, δ the hydrodynamic 

boundary layer thickness and Reynolds (Re) and Schmidt (Sc) numbers, 
of the solution, via: 

Re=
ρ⋅v⋅d

η and Sc =
η⋅ρ
D

(11) 

Using ρ for the density, v for the velocity and η for the dynamic 
viscosity. 

Critical in the analyses of the mass transport are the proper empirical 
coefficients, α, β and γ for the Sherwood relations. In the correlation for 
the Sherwood number, a constant term is strictly needed to describe the 
physical solution at very low Reynolds numbers but this was omitted for 
simplicity. The coefficients generally depends on the specific system. 
When transport through a membrane is dependent on similar driving 
force and the operating conditions and geometry of the system are 
similar, the resulting coefficients are found to be similar. For flat sheet 
Donnan dialysis we use the relationship previously applied by Lake and 
Melsheimer [19]. In their system they defined two bulk solutions of feed 
and draw, a membrane and two boundary layers, again of feed and 
draw, and assumed the resistance was dominated by the feed boundary 
layer and membrane only. For our system we keep the freedom to 
include any possible influence of the draw boundary layer resistance, 
hence the description assumes three resistances in series. The relation 
that described our system best was selected based on the ratio between 
wire and mesh size of the plate and frame system. It was taken from 
experiments [19] using 0.34 or 0.71 mm wire mesh and specified by 
them for Re 10–500: 

Sh= 0.181⋅Re0.65Sc0.4 (12) 

For the hollow fiber geometry an analogy in the work of Ng and 
Snyder [17] was found. Referring to Fig. 2, there are three possible 
sources of resistance in this system, two possible films in the liquid and 
the membrane. In many cases, one or more of those will be negligible but 
for completeness sake in this research also the liquid boundary layer of 
shell side was incorporated in the description. This allows to consider 
cases with relatively slow flowrates (velocities) in the draw and there-
fore potentially significant boundary layer thicknesses of hollow fiber 
bundles. In our current and in Ng and Snyders’ work this side is filled 
with the draw solution. No Donnan dialysis system could be found that 
applied shell side descriptions. Since the transport is diffusional an 
analogy was sought in the description of blood oxygenator systems as 
described by Wickramasinghe, Semmens and Cussler [24]. They found a 
strong correlation between the packing density and the related chan-
neling of the liquid flow through these bundles. The resulting Sherwood 
(Sh) and Graetz (Gz) correlations depended on the entrance effects and 
were corrected for the length of the fiber bundle following the Lévêque 
approach. The description for low flow was not to use the general 
approach of having a Schmidt number to the power 1/3 but rather a 
linear one. The Sherwood correlation for the outside of the fibers was 
described (for Gz values of less than 60) as [24]: 

Sh= 0.019⋅Re⋅Sc
d
L

(13) 

Fig. 3. Diagram showing the relevant process parameters. Q = volumetric flowrate [m3/s], C, Cj = ionic concentration of component i and j [mol/m3], Ji, Jj = ionic 
fluxes of component i and j [mol/(m2⋅s)], in our process NH4 and Na respectively. 
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And the inside of the fibers by following equation by Ng [17], for 
values of Re below 1000: 

Sh= 0.1663⋅Re0.47Sc0.333 (14) 

The relation for the spacers in the plate and frame system was taken 
from experiments of Lake and Melsheimer [19] using 0.36 or 0.17 mm 
wire mesh for Re 10–500: 

Sh= 0.181⋅Re0.65Sc0.4 (15) 

Li et al. [25] investigated the mass transfer of spacers and related this 
to several parameters. For extruded mesh spacer geometries, i.e. stacked 
fiber spacers, it was observed that it is important to use the same 
orientation towards the flow. For our system, this meant a 45◦ angle, 
similar to most spiral wound spacers. The spacing versus wire thickness 
ratio in our system was 4, while it was 2.4–2.7 in Lake and Melsheimer 
[19]. Similar to electrodialysis applications we use woven fabric rather 
than an extruded mesh. Especially the pressure drop over a channel can 
be lower for extruded mesh fibers as compared to woven whereas the 
woven mesh has a lower spacer shadow effect. Although not explicitly 
described, the stainless steel screens from Lake and Melsheimer was 
assumed to be a woven mesh as often used for particle filtration. 

4. Results and discussion 

4.1. Model input 

To describe our experiments with the mass transport model we used 
the following inputs: 

The individual self diffusion coefficients for the cations are given in 
Table 1. For the model, a mixed diffusion coefficient of 1.78 × 10− 9 [m2/ 
s] was taken for the liquid phase as all ions must move in a manner to 
ensure electroneutrality in the liquid phase. Although for multicompo-
nent mixtures this diffusion coefficient is dependent on the individual 
ion concentrations, as a first approach it was calculated as the harmonic 
mean of the salt diffusion coefficients, without weighing the concen-
trations in. Similarly, for the membrane a concentration dependent 
interdiffusion coefficient can be taken as used by Myoshi [16] and 
Agarwal [15], but in our case we took the diffusion coefficient of the 
driving ion. Several experiments were carried out using potassium 
instead of ammonium. These two ions have similar diffusion coefficients 
in water but it has been reported that potassium has a slightly higher 

diffusional transport (~10%) in cation exchange membranes [10]. In 
our treatment of the membrane transport, we neglected this difference. 
As a consequence, we assumed that all cations in the membrane a con-
stant diffusion coefficient (that of Na+). As mentioned, due to electro-
neutrality and the requirement for zero current the diffusion coefficient 
of ions in the membrane phase as well as the solutions will also be a 
function of composition [21] but for simplicity we used the sodium 
diffusion coefficient in all phases. Although the exact diffusion coeffi-
cient can be a point for debate, the general approach is more important 
for the model: taking the different layers and calculating the mass 
transfer coefficient for each layer. 

The data of Table 1, the Sherwood relation (15) for the solutions and 
a km

i Cm for the membrane via (9) were used to calculate <kC>. Per 
experiment separate kC values were then calculated for the three phases: 
feed, draw and membrane. These three separate values led to an overall 
〈kiC〉 as specified in (7). The average driving force can be calculated by 
taking the log-average of the entrance and exit of values: 

〈Ji〉= 〈kiC〉〈Δyi〉= 〈kiC〉

( (
yF

i(0) − yD
i(0)

)
−
(

yF
i(L) − yD

i(L)

)

ln
(

yF
i(0) − yD

i(0)

)
− ln

(
yF

i(L) − yD
i(L)

)

)

(16) 

Taking the log mean average is a common approach as a rule of 
thumb for averaging driving forces in engineering when considering 
steady-state exchange processes with a constant transfer coefficient, and 
it can be shown also that this expression is equivalent to the analytical 
solution previously derived (SI). For the exchange process in the mod-
ule, the dependence on the log-mean mole fraction difference is a 
consequence of having an average <kC> over the entire module 
(analogous to a constant heat transfer coefficient). Using equation (8), 
the complete formulation collapses again to the mass-balance descrip-
tion (SI 41). Which shows that the formulation of 〈kiC〉 in (8) is 
consistent with the analytical solution of the mass-balance. 

4.2. Steady state membrane transport 

To evaluate the model, several membranes and different solutions 
were tested in steady state conditions. Since the transport rate of the 
solute is concentration and flow dependent, the determination was 
carried out for several concentrations and flow velocities. Initial ex-
periments were carried out with the FujiFilm Type 2 cation exchange 
membranes at flow velocity of 0.4–1.4 [cm/s] based on an empty 
channel and a Nafion 115 membrane at 0.2 to 1.5 [cm/s]. The experi-
mental data for potassium versus sodium are given as triplicate analysis 
repeats (Fuji) and triplicates (Nafion) per flow condition. 

The film theory model was applied for plate and frame modules using 
Nafion 115 membranes. Fig. 4 shows the mass transfer relations for the 
K+/Na+ versus acid (H+) from Ref. [19] described the experimental data 
for Nafion flat sheet nicely. Only going to Reynolds numbers below 2 a 
slight deviation was found. The model seemed to describe the K+ ex-
change versus Na+ using FujiFilm Type 2 membranes also adequately 
using the sodium diffusion coefficient for Nafion at lower Reynolds 
values. However, going to higher Reynolds values, deviations up to 30% 
where obtained (not shown), well outside the expected error margins. 
Therefore, the data of the Fuji membranes were fitted with the model 
which resulted in a DNa,m = 7.9 × 10− 11 m2/s for sodium and plotted in 
Fig. 4. The resistance in the boundary layer is less dominant in these 
experiments than in Lake and Melsheimer’s case. It follows that the 
membrane resistance in the FujiFilm Type 2 was more dominant. 
Apparently, only adjusting for membrane charge density and thickness 
was not sufficient, suggesting the diffusion rates in the materials are not 
similar or relating to the simplicity of assuming that the mass transfer 
coefficient in the membrane phase could be described using the sodium 
diffusion coefficient in the membrane alone. Nafion consists of charged 
ion conducting channels in hydrophobic matrix [27] rather than a 
crosslinked gel cast on a non-conducting reinforcement [28]. Nafion can 

Table 1 
Used model parameters, and for the diffusion coefficients;a taken from 
Ref. [26],b taken from Ref. [15],c estimated.  

Diffusion coefficients  

K+ Na+ NH4
+

D (solution)a x109 [m2/s] 1.96 1.33 1.98 
D (Fuji Type 2) x109 [m2/s] 0.074c 0.074c 0.074c 

D (Nafion) x109 [m2/s] 0.103b 0.103b 0.103b  

Hollow fiber characteristics  

Fiber inside Tube inside Nafion fiber wall 

d [mm] 0.80 14 0.116 
L [cm] 28 28 28 
v [cm/s] 3.9 0.19 – 
A [cm2] 98.5 119 103 
V [mL] 1.97 40.1 1.2 
C [mol/m3] 20 200 1300  

Flat sheet characteristics  

Spacer Channels Nafion 115 sheet Fuji Type 2 sheet 

d [mm] 0.50 0.15 0.18 
L [cm] 9.0 9.0 9.0 
v [cm/s] 0.17–1.5 – – 
A [cm2] 103 103 103 
C [mol/m3] 20 and 200 1300 1250  
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be treated as homogenous for the formulation of the diffusion co-
efficients. However, for the Fujifilm membranes, possibly a more 
tortuous diffusion path exists, around the reinforcement. This would 
result in lower diffusion rates compared to Nafion. When compared to 
the data obtained by Sarapulova [29] for NaCl, our rate is about double 
the value for the reported gel phase of the Type 2 membrane. As 
mentioned the diffusion of sodium in the membrane in Donnan dialysis 
is coupled to the diffusion of the exchanging ion, which is neglected in 
our model [30]. 

4.3. Mass transport limitations 

Having the mass transport correlations calculated and separated in 
the different conductivities allows for an analysis of mass transport 
limitations. For this purpose, the separate factors are given in Table 2 
below. 

Comparison of the conductances (<kC> values) shows that they are 
roughly of the same order for the FujiFilm membrane in most of the 
experiments. Only going to higher draw concentrations with a <kC> of 
5.1 [mmol/(m2s)] shows that the draw conductance can be about one 
order of magnitude higher than the others. Therefore none of these 
factors can be omitted in a model description as the experiments are 
carried out in the transition region between membrane and boundary 
layer controlled and none of these is always limiting the mass transport 

[17]. For the Nafion 115, the membrane conductance is higher, and as a 
result, the mass transport is primarily feed controlled. Experiments with 
lower draw concentrations, as in the case for FujiFilm Type 2 mem-
branes, were not performed but would likely lead to a fully, feed and 
draw, boundary layer controlled mass transport. 

Table 2 also shows for the used ionic solutions that in most cases the 
conductance of the feed compartment is the lowest and, as expected, is 
most likely to become the limiting factor in the transport. On the other 
hand, when increasing the feed flow speed and solution concentration, 
the solution conductances increase and the membrane becomes the 
limiting factor in mass transport. 

In the plate and frame system, the feed and draw had the same type 
of spacers and used the same pump speed. They had equal residence 
times and equal hold up volumes. From an economic perspective, when 
the mass transport resistance of the system is mainly due to one phase, it 
is desirable to change the flow conditions to more favorable ones. 
Changing the flow speed of one channel is in principle easy, but 
changing the hold up volume in the stack requires building the channel 
using thicker or thinner spacers per phase. However, although feasible, 
this is less desirable since it complicates the stack building and especially 
with larger stacks limits the flows due to an unbalanced pressure drop. 
Using other membrane configurations than plate and frame allows for 
easier adaptation of the flow speed and hold up volumes. For hollow 
fiber systems, the phase with the lowest resistance can easily be put at 
the shell side and the highest resistance at the inside of the fibers. 
Generally, hollow fiber systems have lower capital costs than plate and 
frame as well as less sensitivity towards pressure differences. Further-
more, they can also be more tolerant towards fouling than spiral wound, 
or plate and frame configurations, depending on their radius. 

4.4. Recirculation experiments 

As was shown, the determination of the steady state fluxes allows for 
a characterization of the process via mass transport coefficients. Beside 
steady state experiments, we carried out batch recirculation experiments 
to investigate the removal of ammonium with concentration in hollow 
fiber modules. Batch mode illustrates the exchange rate with decreasing 
concentration and investigates the suitability of the description for a 
batch process in which the solution is recirculated multiple times over a 
module. The removal of ammonium to acceptable levels to prevent 
evaporation or for disposal on surface water is critical for many pro-
cesses, both from an environmental and legislative point of view, for 
instance EU Directive 2016/2284 [31] or [32]. Since in Donnan dialysis 
the driving force depends on the ion ratio, it is interesting to see how the 
exchange process can be characterized when it is staged over several 
equilibrium exchanges. For this a simple experiment was set up using 
Nafion hollow fiber modules. 

The experiments consisted of a batch exchange between two vessels 
of 1 L each and the exchange process was followed by regular sampling 
the vessels until equilibrium was established between the vessels. After 
the exchange the feed and draw were drained and reused with a fresh 
draw or fresh feed respectively as shown in the scheme in Fig. 5. 

Extracting the feed in a two, or multi-, stage process will allow to go 
to higher ammonium removal than in a single stage process as a new 
equilibrium ratio needs to be achieved. Similarly, using the draw solu-
tion for a second extraction allows to go to higher draw concentrations 
which facilitates the regeneration of the draw solution. 

Below in Fig. 6, the concentration of the retreated draw solution is 
given and in B the retreated feed solution. Both the increase of NH4

+

concentration of the recycled draw and decrease of the NH4
+ concen-

tration of recycled feed showed that the second exchange was almost 
equally efficient as the first. After 24 h the draw is at equilibrium with 
the first batch, but it can be reused to extract a fresh feed with about the 
same flux and same extent. The experiments were carried out in dupli-
cate using duplicate solutions and membrane modules and two addi-
tional experiment repeats used the same solutions and membrane 

Fig. 4. Data of the K+ flux through FujiFilm Type 2 CEM and Nafion 115 
membranes. The dots are the experimental data and the dashed lines the pre-
dicted (Nafion) or fitted (Fuji) values based on mass transfer correlations for the 
membrane (9) and liquid flows (15). The used feed concentration was 20 mM 
K+ and the draw concentrations varied from 50, 100 and 200 mM Na+. Fuji 
model results use a fitted membrane diffusion coefficient of 7.9 × 10− 11 m2/s, 
which is 77% of the diffusion coefficient of sodium in a Nafion membrane used 
in this work. 

Table 2 
Conductance of the separate phases for the flat sheet experiments as calculated 
by the mass transport model description and below them the corresponding 
relative contribution to the overall resistance. The given percentages correspond 
to the lowest and highest liquid conductance values, i.e. lowest concentration, 
flow and highest concentration, flow.   

kmCm (membrane) kFCF (feed) kDCD (draw) 

[mmol/(m2s)] [mmol/(m2s)] [mmol/(m2s)] 

[% total resistance] [% total resistance] [% total resistance] 

Fuji type 2 0.54 0.27–0.66 0.52–5.1 
25–52% 50–43% 26–6% 

Nafion 115 0.90 0.13–0.56 1.3–5.6 
12–10% 80–82% 8–8%  
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module as another. 
Also the sequential treatment of two fresh feeds by a single draw 

shows that the second extraction of ammonium shows a very similar 
rate. Using the feed of the first exchange again with a fresh draw lowers 
the ammonium concentration further to values below 0.5 mM which 
relates to 97.5% removal of the original amount. The results of these 
sequential exchanges are as expected based on equation (5), any equi-
librium between feed and draw is limited by the Donnan ratio. Any new 
shift in concentration resulting from a fresh feed or draw results in a flux 
until a new Donnan ratio is established. 

These two stage processes show that the draw can be enriched easily 
by sequential processing. It is expected that the concentration of 30 mM 
(>500 mg/L) is not the limit for the draw and further staging is still 

possible. If Donnan dialysis is to be used in combination with air strip-
ping, the economical limit for ammonium recovery would require the 
draw to reach 2 g/L [6]. 

On the other hand, the concentration of ammonium needs to be 
below the legal limit before the feed stream can be disposed on surface 
water bodies. For the Netherlands, this limit is set in 2022 to 0.304 mg/L 
[32], i.e. 17 μmol/L. As the lowest concentration in the two stage pro-
cess was 310 μmol/L, this also indicates that more stages are needed. 
Using the data from Fig. 6 for the part of the process that is further away 
from equilibrium, this would result in two more stages. But of course this 
does not take into account that for further processing other settings, like 
higher draw concentrations and increased flow velocity, might be more 
beneficial from an operating point of view. 

Fig. 5. Scheme to show the consecutive batch exchanges of the NH4
+ versus Na + through hollow fiber Nafion membranes.  

Fig. 6. Batch exchange, in duplicate with additional 
experiment repeats, of the NH4

+ versus Na+through hol-
low fiber Nafion membranes as depicted in Fig. 5 together 
with the model predictions (dashed lines) using equation 
(17). 6A: the draw concentration versus time, after 24 h 
a fresh feed was taken. 6B: the feed concentration plotted 
on a log scale versus run-time to show that the decrease in 
NH4

+ follows approximately an exponential decay for the 
first 10h, (linear profile on a logarithmic scale). After 24 
h a fresh draw was used, again resulting in an approxi-
mately exponential decay. The used feed concentrations 
were 20 mM NH4

+ and the draw concentrations 200 mM 
Na+. In the graphs the open symbols are used for exper-
imental data of Na+ and closed for NH4

+, the color dif-
ferences represent different experiments.   
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To characterize the mass transport in the batch recirculation pro-
cesses, we used the Sherwood relations of (13) and (14) for the hollow 
fiber system. The initial concentrations were calculated with the model 
using equation (8) and further concentration were predicted. For this, 
the resulting mass transfer coefficients were used to calculate the model 
fluxes, which progressively iterated the concentration in both vessels 
with time (plotted as black dashed lines in Fig. 6). The transient state of 
the membrane was ignored for simplicity, assuming absorption into or 
desorption from the membrane did not change the composition of the 
liquids (due to the volume ratio between vessels and membrane). The 
formulation of the mass balance per iteration step is given in equation 
(17), below: 

CF
i,n+1 =CF

i,n − 〈Ji〉
A

VFΔt=CF
i,n −

ṄFṄD

ṄF
+ ṄD

(
yF

i,n − yD
i,n

)
(1 − σi)

Δt
VF (17) 

The mass balance is here described using a reformulation of (16) and 
implicitly uses 〈kiC〉 of (7) via the fractional removal ratio σi per module 
pass of (8a). VF is here the feed volume. For the calculation time steps Δt 
of 0.1 h were taken, during which the concentration in the inlet to the 
module was assumed to be constant. The concentration of the other ion 
(Na) and stream (Draw) were assumed to follow this one using an ideal 
exchange process, i.e. neglecting water and non-selective ion transport. 
The Sherwood relations of equations (4) and (5) described the mass 
transfer coefficients of the process well. The prediction followed the data 
points of ammonium over the whole range and the data for sodium for 
the first 8–10 h. The deviation between experiments and model at later 
stages of the exchange process can be explained by the fact that closer to 
equilibrium conditions hardly any exchange takes place and osmotic 
water transport and co-ion diffusion start to become more dominant. 
This affects the driving ion, sodium, and the draw solution to a larger 
extend since both effect dilute the draw sodium concentration. Conse-
quently, the experimental data of the sodium concentration in the feed 
are higher than modelled, especially for the range after 12 h exchange. 

The modelled fluxes followed the experimental flux data closely over 
more than three orders of magnitude (Fig. 7). Hence, the mass transfer 
coefficient hardly changes during the experiment and can be used for a 
broad range of concentration ratios. Since the mass transport depends on 
the concentration difference over the membrane, it is clear that going to 
lower concentrations lowers the flux. It also implies that, as expected, 
the fractional removal ratio, i.e. the percentage of the feed ions that can 
be removed per time remains roughly the same. Removing 80% of the 

ions of 20 mM takes roughly the same time as removing 80% of the last 
2 mM. For the batch exchange process over the module, the calculation 
of the iterative removal resulted in a time weighted average flux of 
~0.19 mol/(m2⋅h) for 80% ammonium removal. The experimental 
average flux was ~0.18 mol/(m2⋅h), a bit lower due to water and co-ion 
transport. This single step removal was carried out in about 8 h on 1 L 
feed with 20 mM ammonium using a 100 cm2membrane, which converts 
to 12.5 L/(m2⋅h) as a hypothetical process with a retention of 80%. 
Going to lower or higher concentrations increase respectively decrease 
the ammonium flux, but the 80% removal will still give the same amount 
of feed that can be treated per [h⋅m2] for these feed and draw concen-
trations and compositions. It should be noted that this calculation is a 
rough, order of magnitude estimation. For instance, it does not take the 
water recovery into account as the single step removal for Donnan 
dialysis extracts the ammonium into a draw volume. Typically, Donnan 
dialysis needs more stages and a recirculation of the draw to minimize 
water consumption to show its potential and limitations. 

When the overall removal process is examined the separate mass 
transfer coefficients can be evaluated. As was the case for the flat sheet 
experiments, the process is also governed by all three phases in these 
hollow fiber experiments: 

For the flat sheet experiments, the main resistance was in the feed 
(Table 2). In the case of hollow fibers however, the lower flow velocity in 
the draw resulted in a thicker boundary layer, hence, a higher resistance 
(Table 3). Both the draw and feed are contributing largely to the overall 
resistance while the membrane is less important. A main reason for this 
is also the lower thickness of the hollow fiber wall; ~100 μm, as 
compared to the flat sheet; ~150 μm. 

For the hollow fiber system, a higher draw recirculation velocity can 
be used to optimize the transport per stage, as even the highest velocity 
of 1.5 cm/s is not very high. The transport in both modules, flat sheet 
and hollow fiber, two more stages are required for the concentration to 
exceed 100 mM and one to two more extractions to get below discharge 
limits. In principle, it does not matter which system is used; either 
hollow fiber or plate and frame modules would be capable of achieving 
this, at least for this simple salt mixture. However, the hollow fiber 
system has the potential to become substantially cheaper system when 
using cheaper ion-exchange materials. Material usage is substantially 
lower and area packing density is generally higher for these systems 
[33]. Hollow fiber systems, in general, are also easier to clean, allow for 
a larger operating window and can be made pressure resistant. 
Depending on the fabrication method and chemistry, it is expected that 
these systems will be able to fulfill the demands, as set in Vanoppen’s 
analysis [13], easier. Comparison of the currently used system to RO 
showed that, using these conditions, processing flows can be obtained of 
about 12.5 [L/(m2⋅h)] for the non-optimized system for a feed of 20 mM 
NH4

+ and a draw of 200 mM Na+. 

5. Conclusions 

When evaluating the Donnan dialysis system for the removal of 
ammonia from a feed stream it is apparent that the description based on 
calculated conductances (<kC> values) agrees with experimental re-
sults very well, even in the case of a transient operation during the batch 

Fig. 7. Plot of the flux data, in duplicate with additional experiment repeat, 
and modelling using equation (16) of the consecutive batch exchanges of NH4

+

versus Na + through hollow fiber Nafion membranes as depicted in Fig. 5. 
Fluxes decrease exponentially (indicated by the linear region on the logarithmic 
scale plot) with decreasing concentration until the process approaches the 
equilibrium situation. The fresh feed concentration were 20 mM NH4

+ and the 
fresh draw concentrations 200 mM Na+. 

Table 3 
Conductances of the separate phases for the hollow fiber experiments as calcu-
lated by the mass transport model description and below them the corre-
sponding relative contribution to the overall conductance.   

kmCm (membrane) kFCF (feed) kDCD (draw) 

[mmol/(m2s)] [mmol/(m2s)] [mmol/(m2s)] 

[% total resistance] [% total resistance] [% total resistance] 

Nafion 1.18 0.36–0.56 0.44–0.38 
14–16% 47–34% 39–50%  

H.J. Zwijnenberg et al.                                                                                                                                                                                                                         



Journal of Membrane Science 674 (2023) 121496

10

removal. These models were described for different ionic systems but 
could easily translate to an analytical solution for the mass balance of 
the currently investigated plate and frame (flat sheet) and hollow fiber 
systems. A main advantage is that Nafion has been extensively studied in 
literature and is available in both hollow fiber and flat sheet form, 
allowing for an easy comparison between the two geometries. Com-
parison between the systems showed that similar fluxes can be obtained 
for a hollow fiber system as for a flat sheet. Using the 20 mM ammonium 
(at the feed) versus 200 mM sodium (at the draw) both show a flux of 
around 1 mol/(m2⋅h) using flow speeds of 1.5 cm/s for plate and frame 
modules, and 4 cm/s for hollow fiber. Unlike electrodialysis, no limi-
tations exist in the Donnan dialysis configuration; as it operates without 
electrodes and without the need for spacers. However, without an 
external driving force, fluxes also tend to be much lower in Donnan 
dialysis. In this regard, hollow fiber systems are promising for their 
larger membrane packing density. To reduce the costs further, cheaper 
cation exchange polymers can be used to produce the hollow fibers. The 
model framework applied in this work has shown it can be useful to help 
predict the performance of arbitrary geometry membrane modules for 
Donnan dialysis. Particularly, it can be used to help the design and 
predict the performance of Donnan dialysis processes for ammonium 
removal and simultaneous concentration as part of a potential process 
for economically viable ammonia recovery. 
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