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Summary 

In the Netherlands the contribution of natural gas to the primary energy consumption is 
almost 50%. More than 90% of natural gas is required for heat production. The Dutch gas grid 
is very well-established and nowadays also Bio-SNG (synthetic natural gas from biomass) can 
be added to the grid. SNG mainly composes of methane (CH4).  
 
The production of Bio-SNG is an attractive alternative to reduce CO2 emissions and to replace 
fossil natural gas. This project is on the production of Bio-SNG via a new concept of gasification 
and is carried out for the company Torrgas, a new company specialized in the development of 
biomass-to-energy projects (refer to www.torrgas.nl).  
 
The main goal of this project was to design an optimum system for the production of synthetic 
natural gas from biomass. In addition, a preliminary design for the production of by-products 
such as char and power have been developed. The main tasks carried out in this project are: 
- Process design of syngas cleaning techniques, 
- Compressor location in downstream syngas cleaning,  
- Power production from syngas,  
- Biochar activation, and  
- Process economics evaluation for the chosen process configurations.  
 
The main results of each task are described below: 
The challenge of the first task was to design an optimum syngas cleaning system and an 
optimal downstream process route for converting the syngas into SNG. In the study it was 
found that it is advantageous to have a process design in which sulphur is removed from the 
syngas and the syngas is compressed upstream of the water-gas shift (WGS) unit. In the next 
step CO2 is removed and followed by methanation and drying steps. At the end the dry product 
gas is integrated into the Dutch natural gas grid. The higher pressure in the upstream is 
favorable for CO2 removal and methanation. In addition, CO2 is removed before the 
methanation step to have a desired H2/CO ratio and hence a higher yield of methane.  
 
The second task was focused on determining the optimal location of the compression step. 
The main parameters studied are- Wobbe Index, product gas composition, minimum 
compression duty, an ease of operation, safety and costs. From the study it was found that 
when the compressor is placed immediately after the gasification step the conditions for 
Wobbe Index between 43.46- 44.41 MJ/m3(n) is fulfilled. In addition, it is easy to operate and 
control the process. However, the product gas composition did not meet the required 
specifications in all the cases studied. This requires further detailed investigation.   
 
The goal of the third task was to find an optimum process configuration for an integrated 
steam cycle of the syngas cooler with the pyrolysis and gasification steps. As a first step a 
syngas cooler had to be selected. The hot syngas needs to be cooled to the desired steam 
boiler inlet temperature. Moreover, an appropriate steam turbine needs to be chosen for the 
power production taken into account the availability of commercial turbines. For the power 
production the system with recycle gas quench for syngas cooling is selected. The steam 
turbine SST-040 of Siemens is chosen in the power cycle. The total power produced is 
maximum of 360 kWe with the chosen turbine. The overall power cycle efficiency is 32%.   
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In the fourth task a feasibility study on biochar activation was carried out. The goal was to 
upgrade the current biochar produced in the pyrolysis step for high-value applications. The 
biochar produced in the present Torrgas process may have different applications like 
briquettes, soil enhancement, petcoke, calcinable petcoke and activated carbon based on 
their physical and chemical properties. The biochar produced in the Torrgas process is valued 
at 300 €/ton. The price of biochar is higher compared to many applications of biochar. The 
maximum profit can be generated when biochar is upgraded to activated carbon. Hence, it is 
decided to activate biochar and upgrade for the applications like high quality water treatment 
and solvent recovery. The selling price for these applications are above 1000 €/ton. Further, it 
is recommended to optimize the production process of activated carbon from the perspective 
of mass and energy balances and heat integration.   
 
Finally, in the process economic evaluation it is necessary to get an overview of the economic 
viability of power production and char activation. This is done considering both as two 
separate processes. It is possible to have both in the same process, but that is not studied yet. 
After this evaluation it was found that CAPEX is 700 k€/yr for char activation, which is lower 
than 1180 k€/yr for power production. The OPEX was 1500 k€/yr and 700 k€/yr for activation 
and power production respectively. On the basis of CAPEX and OPEX it can be said that process 
of char activation requires less complex system than power production. From the calculations 
of payback period (PBP) and return on investment (ROI) it was concluded that char activation 
is more profitable compared to power production. The lifespan of the project considered is 12 
years, which is the time limit during which Torrgas has subsidy available. For this period the 
net present value is 25 M€ and 1 M€ for char activation and power production respectively.  
 
The final conclusions of the project are – An optimal process route for converting syngas into 
SNG was designed. The optimal route is based on various intermediate steps of reaction and 
separation necessary to meet the final SNG specifications. In the chosen process impurities 
like particles, H2S, COS, HCl, NH3, etc. are removed upstream of the water-gas shift reactor 
after the gasifier. The syngas free of impurities is pressurized before the water-gas shift 
reactor. The syngas after the shift reactor enters the CO2 removal unit, where CO2 is removed 
from the syngas and sent to methanation section. In the consequent step of drying, water is 
removed from natural gas through the mechanism of adsorption.  At the end of the process 
the final product gas will meet the required specifications of the Dutch natural gas grid with 
respect to the Wobbe index, the gas composition, the grid pressure and the temperature. The 
optimum location for the compressor directly after the gasification step. For the integrated 
power production a system has been designed with a recycle gas quench and a steam turbine 
from Siemens. In order to have more profit from the char produced in the pyrolysis process, it 
is suggested to upgrade the char via physical activation. Typical applications for such a high 
quality activated carbon is in high quality water treatment and solvent recovery. In the present 
study sensible heat of syngas is used either for steam based char activation or power 
generation. At the end of the economical evaluation it was concluded that char upgradation 
is more profitable than power production. 
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Nomenclature 

Latin Symbols 

∆𝐻𝑅
0 [KJ/kg] Heat of reaction 

P [bar] Pressure 
T [°C, °F] Temperature  
S [-] Stoichiometric ratio 
x [-] Steam quality  
E [kW, MW] Energy 
h [kJ/kg] Enthalpy 
�̇� [kg/s] Mass flow rate 
t [%] Tax rate 
D [-] Depreciation 
M [-] Million 

Subscripts  

n Year 
th Thermal 

 
Acronyms 

 
SNG Synthetic natural gas 
ESP Electrostatic precipitator 
HGD Hot gas desulphurization  
SEWGS Sorption enhanced water-gas shift reaction 
HTS High temperature shift 
LTS Low temperature shift 
HHV Higher heating value 
SN Stoichiometric number 
NRTL Non-random two-liquid 
HRSG Heat recovery steam generator 
GAC Granular activated carbon 
PAC Pulverized activated carbon 
MW Mega-watt 
MJ Mega-Joule 
KJ Kilo-Joule 
kW Kilo-watt 
kWe Kilo-watt (electrical) 
kWh Kilo-watt hours 
GWh Giga-watt hours 
CAPEX Capital expenditure 
OPEX Operating expenditure 
E Income 
TPC Total production costs 
ROI Return on investment  
NPV Net present value 
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1 INTRODUCTION 

1.1 Background of the company and Torrgas project 

Torrgas is a new company specialized in the development of biomass-to-energy projects (refer 
to www.torrgas.nl). Torrgas Delfzijl B.V., a subsidiary of Torrgas, is currently in the final phase 
of developing a biomass-to-synthetic natural gas (SNG) project in The Netherlands, based on 
torrefied biomass feedstock. 
 
Biomass gasification has already been under technical development for some decades. Torrgas 
Delfzijl (further referenced to as Torrgas) wants to realize the first-of-a-kind torrefied biomass 
based gasification plant on demonstration scale (two gasifiers of 10 MWth input each) in Delfzijl 
(northern part of the Netherlands). The syngas produced – a mixture of mainly hydrogen, 
water, carbon monoxide and carbon dioxide- will be used as feedstock to produce green 
substitute natural gas (bio-SNG). 
 
Major investors for the Delfzijl project are: 
1. Gasunie (Dutch high pressure gas grid owner - www.gasunie.nl), who is also financing 
underlying part of the development process; 
2. A. Hak (service provider for industry: engineering, construction, start up, etc.) and also a 
major shareholder in Torrgas (www.ahakpark.nl and www.a-hakindustrie.nl). The project will 
be realized at the premises of A. Hak in Delfzijl. 
3. AkzoNobel; is a leading manufacturer of paints and coatings and also specialty chemicals 
 
The overall objective of the Delfzijl project is to demonstrate the production of bio-SNG from 
torrefied biomass. The projected thermal input of torrefied biomass is 20 MWth (two gasifiers 
of 10 MWth each – based on LHV of biomass at input) and a maximum conversion of the syngas 
to SNG. The gasification concept will already be demonstrated in the near future by a pilot 
plant project (0.5 MWth) that is currently being built in Groningen (Netherlands). The 
companies, A. de Jong, Gasunie as well as TAQA are co-investors for the Groningen project. 
Gasunie and TAQA are financial investors and the company A. De Jong contributes to the 
project with the supply of a gasification chamber for pyrolysis gas. 
 
The underlying objectives of the Delfzijl project are: 

 Demonstrating stable production of syngas from biomass on a basis of minimum 7500 
hours per annum; 

 Demonstrating stable operation of the gasifier with enriched air / oxygen / steam as 
gasifying medium; 

 Demonstrating stable operation of syngas cleaning technologies; stable production of 
bio-SNG from cleaned syngas. 

 
For the Delfzijl project Torrgas has already selected a biomass gasification technology based 
on a two-step gasification system (own development), which has major benefits compared to 
other biomass gasification technologies, like fluidized beds or fixed beds, resulting in lower 
investment and operational costs, as well as expectedly a better syngas quality. The first step 
concerns of a pyrolysis step with limited oxygen supply (Torrgas development) with integrated 

http://www.a-hakindustrie.nl/
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char and ash seperation, followed by a high temperature gasification step to produce a 
nitrogen and tar and ash/solids- free syngas. 
 
The syngas from the gasifier will already be free of tars, but will require removal of other 
contaminants (like ammonia, HCl, sulphur compounds) as well as further treatment like a 
water-gas shift (WGS) in order to produce a syngas suitable for the catalytic methanation 
reaction to produce a maximized amount of bio-SNG. Methanation of the produced syngas 
with in-situ WGS is another possibility.  

1.2 Dutch natural gas grid specifications 

The grid specifications for SNG from Torrgas are given in Table 1-1. 
 

Table 1-1 SNG grid specifications [1] 
Gas quality  Value  

Wobbe index  43.46- 44.41 MJ/m3(n) 

Water dew point  ≤ -8°C for 70 bar(a) 

Temperature  10-30°C 

Oxygen  ≤0.5 mol% 

Carbon dioxide   ≤ 10.3 mol% 

Hydrogen  ≤ 0.02 mol% 

Chlorine  ≤ 5 mg Cl/m3(n) 

Carbon monoxide  ≤ 2900 mg/m3(n) 

H2S + COS ≤ 5 mgS/ m3(n) 

 
Nowadays the syngas is produced from fossil fuels, mainly coal and natural gas, but also from 
heavy oil residues and naphtha. With the current developments towards sustainable 
production of fuels and chemicals, biomass can play an important role as feedstock for the 
production of synthesis gas. SNG specifications for Dutch grid taken from RQF document of 
Torrgas B.V. [1] 

1.3 Basic bio-SNG process scheme 

SNG or Synthetic Natural Gas is a high-methane replacement for natural gas. Typically, the 
methane content of the gas is above 90%, with the rest being inerts nitrogen and argon, and 
limited levels of H2, CO and CO2. SNG can be used on-site, fed into a natural gas pipeline or be 
liquefied into LNG. It is a direct replacement of natural gas. 
 
Synthesis gas or syngas is a gas mixture containing hydrogen and carbon monoxide. This 
mixture plays an important role as an intermediate gas in the production of several industrial 
products; for example Fischer-Tropsch liquids, methanol, ammonia and SNG. The general Bio-
SNG/SNG production pathway is usually a four-step process as shown in Figure 1-1. 
 

 
Figure 1-1 General production pathway for Bio-SNG/SNG [2] 
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The product gas from the first step in the SNG production chain consists largely of CO2, CO, 
CH4, H2 and H2O with some impurities (like sulfur and chlorine species) and a large amount of 
N2 if atmospheric air was used in the gasification. The composition of a specific producer gas 
depends heavily on carbon-source, gasifier design and process parameters. [2] 

1.4 Objective of the PDEng project 

The main objectives of this thesis are as following: 
1. To find an optimal process route for converting biomass derived syngas into SNG such 

that it meets quality of the Dutch high pressure gas grid 
2. Analyzing possible locations of compression step in the downstream syngas cleaning 

process and conversion into SNG 
3. Possibility of power production by extracting sensible heat of hot syngas produced 

after gasifier  
4. Evaluating process of steam activation of biochar produced in the pyrolysis step  
5. Process economic evaluation of both power production and biochar activation  

1.5 PDEng project approach  

In the beginning the condition and composition of syngas produced from the current Torrgas 
process was analyzed. On the basis of the impurities which can affect later the final grid 
composition were focused. Further technical details of different gas purification technologies 
were studied from the literature that are available in the market or under development stage.  
 
In order to do the study of compressor step location, focus was on meeting the final SNG grid 
specifications via various intermediate steps like reactions and separations. The information 
related to operating conditions of these intermediate units was already available from the 
literature study of syngas cleaning techniques and conversion into SNG. Using this available 
information different possible locations were evaluated by carrying out steady state process 
simulation in a software package UNISIM®.  Based on various parameters like total compressor 
duty, final product gas composition and amount of N2 required for dilution to meet Wobbe 
index, operational flexibility and investment costs, the final choice of compressor location was 
made.  
 
In the investigation of integration of steam cycle with pyrolysis and gasification, first from the 
capacity of demonstration plant and the efficiency of steam turbine, the net power output 
was estimated. For the power production information about the suppliers of steam turbine 
was collected. In addition, syngas after gasification is at very higher temperatures so it is 
necessary to cool to lower temperatures. Different methods for syngas cooling were 
compared. Further for power production steam turbine is the key element. So, different steam 
turbines available in the market and which meets the range of power output estimated were 
selected for further evaluation. The main aim is to generate maximum possible power from 
the process to maximize profitability. Taking this into consideration the final choice of steam 
turbine is made. In addition, the cost of the steam turbine is considered for process economics.  
 
Apart from power production it is also possible to use steam generated from the heat 
exchange with hot syngas for char activation. In the beginning properties of biochar which is 
produced as a byproduct in the current Torrgas process, alongwith its selling price was 
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compared to the char for various applications. On the basis of prices, activation of biochar was 
the only option to generate more profit. Firstly, two methods of activation were found from 
the literature- physical and chemical activation. Comparing the advantages and disadvantages 
of these methods physical activation was chosen due to easy availability of steam by cooling 
hot syngas. Secondly, data like different properties of activated carbon required for various 
applications and their prices were collected. From these data the applications for which 
criteria of properties are not fulfilled were eliminated. At the end two applications were left 
and the technical feasibility to produce activated carbon for these applications were 
presented.  
 
After doing technical feasibility of possible process options it is necessary to do the study for 
economic viability for options chosen in the previous step. For the study options- (1) power 
production and (2) char activation were chosen. The information required is the list of 
equipments, consumption of utilities and feedstocks, personnel, etc. is summarized. The cost 
for each part is found and tabulated. The key profitability indicators like profit, payback period, 
return on investment and net present value are calculated. These were the basis to make final 
selection from the two processes.   

1.6 Structure of the report  

This thesis is divided into 7 chapters and an overview of the report is as following: 
In chapter 1, introduction of Torrgas project and its objective is given.  
In chapter 2, literature research on the conversion of biomass derived syngas into SNG and 
syngas cleaning techniques have been presented. 
In chapter 3, the study on location of compressor in the downstream syngas cleaning process 
is depicted.  
In chapter 4, the integration of steam cycle with pyrolysis and gasification is described  
In chapter 5, various methods of upgrading of biochar produced during the pyrolysis process 
alongwith its economic consideration are analyzed for certain applications.  
In chapters 6 and 7 conclusion and recommendation are given. 
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2  SYNGAS CLEANING TECHNIQUES AND CONVERSION INTO SNG 

Syngas produced from biomass by gasification may contain several impurities. These 
contaminants can influence quality of syngas as fuel used in the grid. The form and 
concentration of contaminants varies with biomass feedstock, gasification technology and 
gasification agent type.  

2.1 Requirements for gas cleaning 

The product gas generated by the different biomass gasification processes is usually far from 
being applicable in downstream conversion processes or integrating into the grid. Different 
downstream product gas utilization processes impose a variety of requirements for gas 
cleanup from impurities.  

Table 2-1 Syngas contaminants [3] 
Contaminants Example Potential problem Cleaning 

technology 

Particles Ash, char, fluid bed 
material 

Erosion Cyclone, ceramic 
filter 

Alkali metals Sodium, potassium 
compounds 

Hot corrosion, catalyst poisoning Water quench 
cooler 

Nitrogen 
compounds 

NH3, HCN Emissions Water washer 

Tars Refractive aromatics Clogging filters Water scrubbing, 
filter  

Sulfur, Cl H2S, HCl Corrosion, emissions, catalyst 
poisoning 

H2S absorption 

 
In Table 2-1 various methods to clean certain contaminants are mentioned. This involves a 
multi-step approach. Impurity species classes which are most relevant in general are [3]: 

 Particulate matter 

 Tars (polyaromatic hydrocarbons, 2 and higher ring PAH, like e.g. naphthalene, 
phenantrene, chrysene, etc. ) 

 Sulfur species (e.g. H2S, COS, thiophenes, mercaptans) 

 Chlorine species (e.g. HCl) 

 Alkali and other trace elements (e.g. KCl, KOH, NaCl, etc.) 

 Nitrogen compounds (e.g. NH3, HCN, aromatic nitrogen compounds like pyrroles, 
pyridines, etc.) 

 
In Table 2-2 shows the expected syngas composition and condition. For the main components 
(H2, CO, CO2, H2O, CH4 and N2) two cases have been given. These cases should be seen as two 
extremes, normal operation composition is expected to be between these values. The 
contractor shall take both extremes into consideration for equipment sizing, conversion, utility 
consumption, etc. For the other components maximum and minimum values have been given 
in Table 2-2. The nitrogen content is due to the use of enriched air in the gasification process. 
Cases 1 refer to application of enriched air as the gasification medium, cases 2 refer to 
application of pure oxygen as the gasification agent. Preferably enriched air is applied as the 
gasification medium, but if this leads to an SNG quality that does not fulfil the grid 
requirements, contractor shall indicate in his offer that this is the case and cases 1.2/2.2 can 
be used as starting point for the gas cleaning and methanation. 



Syngas cleaning techniques and conversion into SNG 

 

6 
 

Table 2-2 Typical raw gas composition from gasifier exit [1] 
Component Unit Case 1.1 Case 1.2 Case 2.1 Case 2.2 

N2 vol% 4 0 6 0 

H2 vol% 15 15 30 31 

CO vol% 20 19 45 44 

CO2 vol% 10 11 5 7 

H2O vol% 47 51 12 16 

CH4 vol% 4 4 2 2 

Flow kg/s 1.35 1.30 1.65 1.65 

      

BTX, tar ppm vol 20 20 200 200 

Dust wt% 0.01 0.01 0.01 0.01 

Metals ppm wt 10 10 10 10 

HCl ppm vol 500 500 1 1 

NH3 ppm vol 40 40 100 100 

HCN ppm vol 10 10 20 20 

H2S ppm vol 60 60 120 120 

COS ppm vol 5 5 10 10 

CS2 ppm vol 1 1 2 2 

Temperature °C 900 900 900 900 

Pressure bar(a) 0.9 0.9 0.9 0.9 

 
The general syngas cleaning process includes different cleaning units, such as water quench 
are used to remove particles (dust, ash, soot) and volatile alkali metals, etc. The following 
subsequent paragraphs deal with the different clean up strategies with respect to the above 
mentioned impurities to be removed. 

2.1.1 Particle gas cleaning technologies 

Ash and carbonaceous solids as well as fine droplets in gasification product gas make up the 
particulate matter inventory to be cleaned up to certain values needed regarding emission 
restriction laws and the requirements for downstream application. Torrgas gasifier emit such 
particles in a typical range of approximately 0.1-30 μm. Major inorganic compounds includes 
alkaline earth metal compounds (Ca, Mg oxides), silica, alkali species and iron compounds. 
Minor inorganic species includes e.g. Zn, Pb, Cu etc. depending on the biomass source gasified. 
One usually discriminates PM2.5, which is particles with diameter up to 2.5 μm and PM10, 
which is particulate matter with diameters up to 10 μm [3] 
 
In the following text different pieces of equipment will be discussed for the removal of 
particulates from the producer gas. 
  
Now with respect to Torrgas project, taking into consideration the syngas composition of 
Torrgas process, to remove impurities following can be concluded: 

 No bed material is entrained, because Torrgas does not use fluidized bed gasification. So 
the particles of concern are only char. 

 Because of two step gasification (pyrolysis and gasification), less alkali metals will be 
present in the syngas so there is no need for alkali removal step.  

 The use of high gasification temperatures results in a tar free syngas so no need of tar 
removal technologies (e.g. OLGA tar removal technique) 

 During flash pyrolysis which is a part of two step gasification process developed by Torrgas 
- step a large part of the contaminants (alkali’s, chlorine, bromine, sulphur) are already 
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removed and by feedstock pre-treatment or in-situ cleaning methods this removal can be 
increased, which results is a clean syngas, without the necessity of excessive gas cleaning 

2.1.1.1 Cyclones 

Cyclones are designed for the removal of solids from liquids or gases. The working principle is 
based on centrifugal forces. The gas entering the cyclone is enters into a confined vortex. The 
centrifugal forces from this vortex tend to force suspended particles towards the wall of the 
cyclone. The particles leave the cyclone at the bottom and the gas leaves the cyclone at the 
top. Cyclones are most often used to remove the bulk of the solids from the producer gas. 
Particles from gas as small as 1 μm can be removed by cyclones. These kinds of cyclones, so-
called high efficiency cyclones, can remove more than 99% of the dust. The residual particulate 
levels in the gas are around 5-30 g/m3 depending on the inlet concentration. The smaller 
particles (10 μm) can still have an adverse effect on the downstream equipment. Cyclones 
have a simple design and they do not contain any moving parts. The cyclones can be used 
continuously and over a wide range of temperatures. These separators are often used in 
combination with other particle separation techniques. [4] 

2.1.1.2 Barrier filters 

The working principle of a barrier filter is simple. A porous material allows the passage of gases 
but it prevents the passage of particulates. The major separation effect results from the filter 
cake. These types of filters can effectively remove particulates in the range of 0.5- 100 μm in 
diameter from a gas stream. There are a few different types of barrier filters like- the rigid 
cross flow filter, the bag filter, and the packed bed filter. The detailed explanation for all these 
type of filters is given in Appendix B. [4] 

2.1.1.3 Quench/Scrubber 

Quench or scrubbing can also contribute to the removal of particulates from a gas stream. The 
main goal of using this type of system is not the removing of particulates. Usually these 
systems are used to remove tars, alkalis and halogens. Water condenses on the particulates, 
which results in an increase in size. This increase in size makes particles leads to agglomeration 
and coalescence. In this way particles can easily be removed from the gas stream. The 
operation temperature is usually low, depending on the pressure. Usually particles of size up 
to 0.5 μm can be removed. The examples are venturi and orifice scrubbers. The turbulence 
created by the venturi or orifice is used to atomize water sprays and enhance contact between 
the liquid droplets and dust particles. The agglomerated particles of dust and liquid are then 
collected in a centrifugal separator, usually a cyclone. [4] 

2.1.1.4 Electrostatic precipitator 

The gas entering the ESP is ionized by a corona discharge. This is created by a high voltage 
electrode. The dust particles in the gas become charged and are attracted to the grounded 
electrode. The collected dust is often removed by vibrating or by washing. The collection 
efficiency is a function of two factors- (1) electrical resistivity and (2) particle size distribution. 
Resistivity depends on the chemical composition of particles and temperature, pressure and 
moisture content of syngas. The range of resistivity of the particles in Torrgas process are not 
known Electrostatic precipitators are capable of collecting very fine particles, <2 μm, at high 
efficiencies. The capital and operating costs of the EPS are high.[4] 
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An overview and operating conditions of such particulate removal systems are given in 
following table: 

Table 2-3 Overview of particle removal systems [4] 
Technique Efficiency Pressure drop Operation temperature Power consumption 

Cyclone (high efficiency) 50-95% 500-2000 Pa <1200°C low 

Rigid back flow filter >99.8% 20 kPa <1000°C low 

Bag filter >99% 20 kPa <250°C low 

Packed bed filter 99% 500-1500 Pa <1000°C low 

Scrubber 95% 0.2-20 kPa <100°C 0.2-6 kWh 1000m-3 

Electrostatic precipitator >99% <500 Pa <1200°C high 

2.1.2 Sulphur species clean-up 

Sulphur species formed during gasification are usually H2S (major compound), COS, CS2 and 
organic compounds like thiophenes and mercaptans. Up to 93-96% of the sulfur appears as 
H2S in a typical gasification process. Many catalysts in the downstream processes  are sensitive 
to sulphur since it can cause deactivation. Both chemical and physical sorption techniques can 
be used to remove sulphur compounds. [5] 
 
Sulphur removal with a bed of zinc oxide is a very effective chemical adsorption technique. 
The H2S concentration can be decreased to less than 10 ppb based on the equilibrium 
constants of the following reaction: 
 

𝑍𝑛𝑂 + 𝐻2𝑆 ↔ 𝑍𝑛𝑆 + 𝐻2𝑂 (2-1) 
 
The rate of reaction is controlled by the diffusion process, as the sulfide ion must first diffuse 
to the surface of the zinc oxide to react. Temperatures above 120°C increase the diffusion rate 
and are normally used to promote the reaction rate. The strong dependence on diffusion 
means that other variables such as pressure and gas velocity have little effect on the reaction. 
[5] 
 
Zinc oxide is usually contained in long thin beds to decrease the chances of channeling. 
Pressure drop through the beds is low. Bed life is a function of gas sulfide content and can vary 
upto over ten years. The beds are often used in series to increase the level of saturation prior 
to change the catalyst. The spent bed is discharged by gravity flow through the bottom of the 
vessel. [5] 
 
The adsorption pathway of COS depends on the temperature. It can occur either by direct 
reaction with zinc oxide at high temperatures, 
 

𝐶𝑂𝑆 + 𝑍𝑛𝑂 ↔ 𝑍𝑛𝑆 + 𝐶𝑂2 (2-2) 
 
or for lower temperatures first via a hydrolysis step, which requires a low water vapor pressure 
in the feed gas. In the next step H2S is chemisorbed according to reaction: 
 

𝐶𝑂𝑆 + 𝐻2𝑂 ↔ 𝐻2𝑆 + 𝐶𝑂2 (2-3) 
 
Regeneration of the zinc oxide requires high temperatures, which would cause sintering. The 
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only use of the spent zinc oxide is in zinc extraction. Usage of zinc oxide for removal of sulphur 
compound is therefore very costly and is only applicable for low sulphur concentrations. For 
higher concentrations it is better to use an amine wash or a physical absorption processes.[5] 
 
In amine wash treatment, both H2S and CO2 are removed in a liquid phase and a chemical 
reaction occurs. The most commonly used amines are the alkoamines, monoethanolamine 
and diisopropanolamine, as these compounds have high solubility in water and low volatility. 
The reaction with H2S is much faster than that with CO2, but the concentration of CO2 is much 
higher than so there will be a significant co-absorption of CO2.  
 
Other sulphur removal processes are named Rectisol, Purisol and Selexol which rely on 
physical absorption in a liquid. These processes can lower the sulphur content down to 0.1 
ppm. [5] 

Table 2-4 Pros and cons of sulphur removal processes [6] 
Technology Pros Cons Effect on organic S Effect on CO2 

Dry sorption/ 
reaction 

Limited effect of 
pressure, wide 
variety of absorbents 
available 

Waste production, 
regeneration results in 
sulphur rich waste gas 

Also effective for 
thiol compounds, 
unsure for 
thiophenes 

High H2S 
selectivity 

Physical 
absorption 

Commonly used, 
solvent regenerable, 
removes HCN and Hg 

High pressures 
required, removes HC 
as well, high OPEX 

Removes all organic 
sulphur compounds 

Removes also CO2 

Absorption in 
alkali solution 

Relatively simple, 
commonly used 

Corrosion, high heat 
consumption for 
regeneration 

Partially effective 
with amines, with 
K2CO3 only traces 

High H2S 
selectivity, amines 
however also 
remove CO2 

Liquid 
oxidation 

Results in elementary 
sulphur 

Large equipment, low 
quality sulphur 

Also effective for 
thiols, not for COS 

High H2S 
selectivity 

Adsorption  Regeneration results 
in sulphur rich waste 
gas 

Also effective for 
some organic 
sulphur compounds 

High H2S 
selectivity, can 
however also 
remove CO2 

Biological 
removal 

Mild conditions, 
limited CAPEX 

Functionality unsure 
for HC containing gas 

Unknown High H2S 
selectivity 

 
In Table 2-4 different technologies for sulphur removal are mentioned along with their 
advantages and disadvantages. Also, it is mentioned whether it is possible to removal CO2 
present in syngas with the same technology. The overall thermal efficiency of a biomass 
gasification based energy conversion system can be kept relatively high when hot gas 
desulfurization (HGD) is applied due to the fact that product gas cooling is not needed. Sulfur 
cleanup can be accomplished by using either primary methods (in the gasifier) or downstream 
capture, or a combination. Sulphur can be removed by scrubbing using physical solvents, 
amines, etc. Moreover, at low levels sulphur can be removed by ZnO beds. Table 2-5 shows 
the guidelines for sulphur removal processes based on plant size, partial pressure of gas and 
sulphur removal capacity.  
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Table 2-5 Guidelines for sulphur removal processes [6] 
 Plant size Partial pressure Sulphur removal capacity 

Absorption in alkali solution >25,000 𝑚𝑛
3 /ℎ <7 bara >10 ton/day 

Physical absorption >25,000 𝑚𝑛
3 /ℎ >7 bara >10 ton/day 

Liquid oxidation >25,000 𝑚𝑛
3 /ℎ <7 bara <10 ton/day 

Dry sorption/ reaction <25,000 𝑚𝑛
3 /ℎ <7 bara <10 ton/day 

Adsorption <25,000 𝑚𝑛
3 /ℎ <7 bara <10 ton/day 

Membrane permeation <25,000 𝑚𝑛
3 /ℎ >7 bara <10 ton/day 

 
Natural rock materials like limestone and dolomite, from various sources are among the most 
commonly used materials for sulfur capture in fluidized bed applications. The problems of 
attrition and incomplete conversion below the calcining temperatures occur for limestone. In 
dolomite an increase of the Mg to Ca ratio causes an even increased attrition, but these 
materials show an increased reaction rate and reduced agglomeration behavior. [6] 

2.1.2.1 Downstream sulphur capture  

Copper oxide is also able to ensure H2S concentration reduction from higher than 1000 ppmv 
to sub-ppmv levels. An issue regarding CuO is that metallic copper is easily formed by the 
reducing action of the product gas compounds H2 and CO. This of course decreases the 
desulfurization efficiency.[3] 
 
Manganese oxides have demonstrated an attractive amalgamation of high sulfur capture 
capacity and high reactivity even in a moderate temperature range. This without the need for 
sorbent pre-conditioning or activation. The process conditions needed are similar to that in 
biomass gasification. Manganese oxide sorbents, though, are prone to sulfates formation and 
also need regeneration at very high temperature.[3] 
 
Also iron oxide is abundant and relatively cheap material class can desulfurize product gas, but 
its potential is slightly lower than aforementioned compounds, mainly as a result of severe 
reduction as well as iron carbide formation at a temperature in excess of 550°C. The sulfidation 
or absorption step forms iron sulfide, which can on the other hand be regenerated effectively 
by oxidation using air or nitrogen-diluted air at considerably lower temperatures than other 
metal oxides. Furthermore, the sulfidation product, FeSx, can react with SO2 to form Fe3O4 and 
elemental sulfur, which is the most preferable route for SO2 capture from the regeneration 
product gas.[3] 
 
Cerium oxide may be utilized for sulfur capture and it can be regenerated well with a 
reasonable elemental sulfur recovery. Sulfur absorption extent increases when the 
temperature and CO/CO2 ratio are increased. Cerium oxide, though, shows lower sulfur 
removal efficiency than ZnO. This is in particular the case at comparatively low temperatures 
(<700°C) in the range of hot gas cleaning. Compared to other sulfur capture materials, cerium 
oxide is far more expensive.[3] 

2.1.3 Chlorine removal 

Chlorine can cause alkali vaporization, in such a way that alkali induced issues are happening 
in the gasifier as well as downstream equipments. Moreover, ash softening can take place in 
high temperature gas cleaning processes in any case due to the formation of low melting 
compounds including in particular chlorides. Harm to relevant catalysts can be done by 
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chloride poisoning (HCl) of catalysts (Cu, Zn containing). It can also be removed by adsorption 
or water scrubbing and other processes. [3] 

2.1.4 Alkali and trace removals 

Many biomass types among the agricultural residues show high contents of alkali salts, in 
particular potassium based. When temperature exceeds approximately 700°C these (eutectic) 
salts are evaporated into the gas phase. They are removed in wet scrubbing system or 
adsorption. This gives rise to problems of deposition on surfaces downstream that have lower 
temperatures in particular to temperatures below approximately 650°C. Herewith aerosols 
are formed with fine particle sizes (<5 μm) or the species condense directly on any surfaces 
like other particulate matter or the process equipment walls. During biomass gasification, 
alkali vapors can be removed by cooling the hot producer gas below 600°C to allow for 
condensation of the material into solid particulates. These solids are subsequently removed 
using various dry or wet particle removal systems in order to avoid corrosion by alkali 
metals.[3] 

2.1.5 Nitrogen compounds 

The main nitrogen compounds in biomass gasification derived gases are ammonia (NH3) and 
to a lesser extent hydrogen cyanide (HCN) and other species like aromatic nitrogen 
compounds (e.g. pyridine) and isocyanic acid (HNCO). Fuel bound nitrogen present in the 
producer gas originates from the feedstock. In biomass gasification relatively high NH3 
concentrations are obtained when the fuel bound nitrogen content is appreciable;[3] 
 
Regarding removal of NH3 wet scrubbing can be applied, but this creates a liquid wastes 
stream. Water wash is sufficient to meet emission limit, but requirements of downstream 
processes should be considered as well e.g. HCN causes degradation of amines used for H2S 
removal. There is an application of monoliths to remove NH3 when applied pose less strict 
cleaning of the gas from particles, though sticky ashes may cause deposition and related 
activity decrease. Catalytic filtration using ceramic filters impregnated with a Ni based catalyst 
can also decrease NH3; the configuration might also consist of an annular packed bed on the 
clean side of the ceramic candles. HCN can hydrolyzed to NH3. [3] 
 
When chlorine is in the raw syngas, this might result in the formation of a condensable 
(fouling) species, NH4Cl, solidifying below 250-280°C and presents a fouling risk. Reaction of 
NH3 with H2S can result in formation of ammonium (poly)sulfide, with a melting point below 
150°C.[3] 

2.1.6 HCN and COS hydrolysis 

The HCN and COS in syngas are converted in a fixed bed reactor filled with a catalyst system 
according to: 
 

𝐻𝐶𝑁 + 𝐻2𝑂 ↔ 𝑁𝐻3 + 𝐶𝑂 (2-4) 
 

𝐶𝑂𝑆 + 𝐻2𝑂 ↔ 𝐻2𝑆 + 𝐶𝑂2 (2-5) 
 
The syngas is fed to the guard reactor where partial conversion of HCN and COS takes place. 
The guard reactor’s primary function is to collect soot and debris on the top of the bed and 
protect the main reactor, where full conversion of HCN and COS occurs. 
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After passing through the catalyst beds, the syngas is cooled and the water is removed. Most 
of the ammonia (NH3), and some of the carbon dioxide (CO2) and hydrogen sulphide (H2S) will 
dissolve in the knocked-out water, which is then typically sent to a sour water stripper or other 
water treating facility.  

 
Gasification processes produce syngas that is composed mainly of hydrogen (H2) and carbon 
monoxide (CO). However, contaminants such as COS and HCN are also present. Failure to 
remove HCN leads to amine degradation in the downstream amine unit, and COS affects the 
total sulphur specification of the treated gas. Deep removal of both these contaminants is 
impossible using conventional amine treating solvents. The catalytic conversion of HCN and 
COS is a cost-effective process for reducing the harmful effects of these components in gas 
streams.  

2.1.7 Acid gas removal process 

Physical solvents such as DEPG (Selexol™ or Coastal AGR®), NMP or N-Methyl-2- Pyrrolidone 
(Purisol®), Methanol (Rectisol®), and Propylene Carbonate (Fluor Solvent™) are becoming 
increasingly popular as gas treating solvents, especially for coal gasification applications. 
Physical solvents are preferred over chemical solvents when the concentration of acid gases 
or other impurities is very high. [7] 
 
The regeneration of chemical solvents is achieved by the application of heat whereas physical 
solvents can remove impurities by reducing the pressure without the application of heat. 
Unlike chemical solvents, physical solvents are non-corrosive, requiring only carbon steel 
construction. [7] 
 
In general, the removal of CO2 is strongly influenced by the partial pressure of CO2 in the feed 
gas. At low partial pressures, physical solvents are impractical because the compression of the 
gas for physical absorption is expensive. However, if the gas is available at high pressure, 
physical solvents might be a better choice than chemical solvents. [7] 
 
Removal of CO2 from the producer gas may be necessary for various reasons. In combination 
with water, it is for example highly corrosive and rapidly destroys pipelines and equipment 
unless it is partially removed or expensive construction materials are used. Furthermore, for 
specific processes like methanol and FT diesel synthesis the inert CO2 present in the gas will 
require higher overall operating pressures. Within the framework of “Biomass gasification and 
gas cleaning” though, the removal of CO2 is mainly done for the purpose of producing 
(synthetic natural) gas with a high enough heating value to comply with the standards of the 
conventional application of the gas and (to a lesser extent) the purpose of carbon capture and 
storage (CCS). [6] 
 
For CO2 removal a wide variety of technologies are commercially available, including 
conventional absorption processes, such as the BenfieldTM process based on hot potassium 
carbonate solutions and amine scrubbing processes based on formulated solvents (e.g. MEA, 
DEA, MDEA). However, also cryogenic as well as adsorption processes (e.g. PSA, TSA) and 
membranes are commercially available [6]. There are various CO2 removal technologies 
available from different companies as shown in Table 2-6. 
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Table 2-6 Comparison of different CO2 removal technologies [8] 
Characteristics Rectisol (Lurgi, 

Linde) 
Selexol RTI+ aMDEA 

Capture mechanism Physical Physical Solid sorbent + chemical 
absorption 

Pressure dependent Yes Yes No (for S removal) 

COS Hydrolysis No Depends on 
application 

No 

Operating 
temperature 

-40°F to -80°F 30°F to 100 °F S removal: > 600°F 
CO2 capture: approx. 100°F 

Sulfur removal <0.1 ppmv 
H2S+COS 

<1-20 ppmv 
H2S+COS 

< 0.1 ppmv 
H2S+COS 

CO2 capture 97-99% 90-99% >97% 

Relative capital costs 1.0-1.2X 1.0 X Approx. 0.8X 

 
CO2 capture technologies can refer to many forms of CO2 removal such as chemical absorption 
using amines and physical absorption using various solvents, membrane technology, as well 
as pressure swing adsorption. As mentioned above, the carbon dioxide may be removed either 
upstream or downstream the methanation unit [8]. The different processes for CO2 removal 
are given in Appendix B.  

2.1.8 Gas cleaning  

Gas cleaning removes impurities and prepares the gas for fuel synthesis. It is important to have 
a well-defined gas for synthesis reactions, as these normally run over catalysts that may be 
damaged or destroyed by unwanted components in the gas. The syngas produced by the 
different gasifiers contain various contaminants such as: particulates, condensable tars, alkali 
compounds, H2S, HCl, NH3, HCN, and COS. These contaminants can lower activity in the 
methane synthesis due to catalyst poisoning. Sulphur is an irreversible poison for the shift 
catalysts, because it will stick to the active sites. The presence of tars can cause blockages and 
corrosion of the equipments downstream. Two distinct routes of cleaning are commonly 
considered: ‘wet’ low temperature cleaning and ‘dry’ high temperature cleaning. These cold 
gas and hot gas cleaning processes are represented in Figure 2-1. This technology has some 
efficiency penalties and requires additional waste water treatment. [9] 
 

 
Figure 2-1 Cold gas cleaning, partial hot gas cleaning and hot gas cleaning processes [9] 
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Hot gas cleaning consists of several filters and separation units in which the high temperature 
of the syngas can (partly) be maintained, potentially resulting in efficiency benefits and lower 
operational costs. Hot gas cleaning is specifically advantageous when preceding a shift reactor, 
because these process steps have high inlet temperatures. Hot gas cleaning after atmospheric 
gasification does not improve efficiency, because the subsequent essential compression 
requires syngas cooling anyway. [9] 
 
Conventional cold gas cleaning includes a baghouse or sand filter to remove solid particles and 
partially tars, a scrubber for removal of ammonia, metals and residual tars as well as guard 
beds for scavenging hydrogen sulphide. Typical temperatures for these stages are 150-180°C 
at the filter inlet, 40°C at the scrubber outlet and around 350°C in the guard beds. Alternatively 
hot gas cleaning by particle removal with candle filters or electrostatic precipitators, thermal 
or catalytic cracking of the tars and high temperature adsorption of other contaminants could 
be applied. This would allow for a compact process design based on pressurized gasification 
and methanation without intermediate gas cooling and compression. [9] 

2.1.9 Gas conditioning (Water gas shift) 

The conditioning of the producer gas normally involves water-gas shift reaction, which are 
described below [10]: 

𝐶𝑥𝐻𝑦 + 𝑥𝐻2𝑂 ↔ 𝑥𝐶𝑂 + (𝑥 +
𝑦

2
) 𝐻2 (2-6) 

 

                                           𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2  ∆𝐻𝑟
0 = −41

𝐾𝐽

𝑚𝑜𝑙
 

 
(2-7) 

If methanation catalyst does not have water gas shift activity a separate shift reaction stage 
might be needed. These reactions take place at high temperatures (300-500°C) in the presence 
of iron chromium oxide as a catalyst. The low temperature shift reaction takes place at 180-
270°C and it is sensitive to sulphur. Raw gas shift (200-250°C) with cobalt and molybdenum 
catalyst which can withstand high amount of sulphur which is used for H2 generation and to 
achieve the stoichiometric ratio of H2 to CO around 3. In addition, H2S (desulphurization) and 
CO2 removal steps can be done before methanation to have the stoichiometric ratio, but it is 
a complex design. Another option is that desulphurization can be done before methanation 
and CO2 removal after methanation. [10] 
 
The WGS reaction is a critical step for CO clean up and additional hydrogen generation prior 
to the methanation step. Ideally, the WGS stage should reduce the CO level to less than 5000 
ppm. The reaction is moderately exothermic, with low CO levels resulting at low temperatures, 
however with favorable kinetics at higher temperatures. Under adiabatic conditions, 
conversion in a single bed is thermodynamically limited (as the reaction proceeds, the heat of 
reaction increases the operating temperature), but improvements in conversion are achieved 
by using subsequent stages with cooling and perhaps CO2 removal between the stages. As the 
gas stream contains CO, CO2, H2O, H2, additional reactions can occur, depending on the 
H2O/CO ratio and favored at high temperatures: methanation, CO disproportionation or 
decomposition. The catalysts employed are Fe-Cr oxide for the first stage (high-temperature 
shift, typically in the range 360-400°C), and Cu-ZnO-Al2O3 for subsequent stages (LTS), 
operating just above the dew point, the lowest possible inlet temperature, that is about 200 
°C), for good performance under steady state conditions (CO exit concentration in the range 
of 0.1-0.3%). [10] 
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The WGS reaction has a limited equilibrium, which implies that the CO conversion is 
dependent on the temperature of the shift reactor. CO conversion is thermodynamically 
favored by lower temperatures, whereas catalysts generally work better at higher 
temperatures. If incoming gas stream contains high CO concentrations, which leads to above 
stoichiometric steam (H2O) requirements. Moreover, it is necessary to meet the minimum 
steam/CO ratio, in order to protect the catalyst and improve the equilibrium conversion. So, 
excess steam is necessary to avoid too much temperature increase in an adiabatic reactor and 
thus protect the catalyst. [11] 
 
The WGS reaction is in exothermic equilibrium and driven to the right at low temperatures 
and high partial H2O pressures and hence its equilibrium constant decreases with 
temperature. Since the conversion into H2 is preferred, higher H2O partial pressures need to 
be obtained. This can be done by quenching or the addition of steam into the reactor. Under 
adiabatic conditions, the conversion is thermodynamically limited because as the reaction 
proceeds, the heat of reaction increases the operating temperature, and therefore restricts 
the possible conversion. Ways to overcome this limitation are the use of multiple catalyst beds 
with inter-cooling in between or the removal of CO2 to shift the equilibrium. [11] 

2.1.10 Sorption enhanced water-gas shift reaction (SEWGS) 

SEWGS evolved from a process based on a combination of high temperature equilibrium 
reaction and pressure swing adsorption (PSA). Parallel operating multiple fixed beds are 
absorbing CO2 at high pressure and releasing it a lower pressure. Removing CO2 from the 
process in combination with the slightly exothermic Water Gas Shift (WGS) reaction enhances 
the production of H2. [11] 
 
As equation (2-7) shows, removing CO2 by using a regenerative fixed bed of adsorbent will 
shift the reaction to the right, enhancing the conversion of CO and H2O in H2. The CO2 stream  
from the regenerated fixed bed can be cleaned and further processed or stored eliminating 
any further downstream CO2 capture process. Finally, the SEWGS technology is a combination 
of the well-known water gas shift reaction and CO2 separation technology. [11] 
 
The SEWGS process is based on usually six to nine PSA columns filled with CO2 absorbent and 
WGS catalyst. Because vessels have to be fed and purged, the process is a batch process. In 
other words, the PSA columns or vessels are subjected to a sequence of steps: [11] 

 A process cycle, producing the decarbonized hydrogen stream in a sorption/reaction step. 
Meanwhile resulting in a CO2 rich stream from sorption regeneration 

 Pressure swing cycle reducing the partial pressure of the CO2 stream. This pressure 
reduction will regenerate adsorbent and result a purified CO2 stream 

2.1.11 Gas upgrading (Methanation) 

The next step of the SNG production involves fuel synthesis (chemical upgrading process). This 
is called methanation in the case of SNG production and it is a reaction that takes place over 
catalysts, converting hydrogen and carbon oxides to methane and no carbon in excess. The 
overall methanation process is described below, through a series of more or less involved 
reactions depending on producer gas composition and process conditions [2]: 
 
Methane Synthesis: 𝐶𝑂 + 3𝐻2 ↔ 𝐶𝐻4 + 𝐻2𝑂      ∆𝐻𝑟

0 = −206 𝐾𝐽/𝑚𝑜𝑙 (2-8) 
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Ethene reforming: 𝐶2𝐻4 + 2𝐻2𝑂 ↔ 2𝐶𝑂 + 4𝐻2                     ∆𝐻𝑟
0 =  210 𝐾𝐽/𝑚𝑜𝑙 (2-9) 

 
Boudouard reaction: 2𝐶𝑂 ↔ 𝐶𝑂2 + 𝐶                  ∆𝐻𝑟

0 = −173 𝐾𝐽/𝑚𝑜𝑙 (2-10) 
 

𝐶𝑂2 + 2𝐻2 ↔  2𝐻2𝑂 + 𝐶                                                              ∆𝐻𝑟
0 = −84 𝐾𝐽/𝑚𝑜𝑙 (2-11) 

 
2𝐶𝑂 + 2𝐻2 ↔ 𝐶𝐻4 + 𝐶𝑂2                                             ∆𝐻𝑟

0 = −247 𝐾𝐽/𝑚𝑜𝑙 (2-12) 
 

𝐶𝑂2 + 4𝐻2 ↔ 𝐶𝐻4 + 2𝐻2𝑂                                             ∆𝐻𝑟
0 = −165 𝐾𝐽/𝑚𝑜𝑙 (2-13) 

 
Hydrogenation gasification : 2𝐻2 + 𝐶 ↔ 𝐶𝐻4                           ∆𝐻𝑟

0 = +75 𝐾𝐽/𝑚𝑜𝑙 (2-14) 
 
Water gas shift equilibrium: 𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2             ∆𝐻𝑟

0 = −37 𝐾𝐽/𝑚𝑜𝑙 (2-15) 
 
Methane synthesis is a process to increase the calorific value of a gas containing high carbon 
monoxide and hydrogen fractions. At typical operating temperatures of 300-400°C and 
preferably under pressure, higher hydrocarbons are broken down to CO and H2 and form 
additional CH4. Depending on the initial gas composition, carbon dioxide is further produced 
through the water-gas shift equilibrium. [2] 
 
The stoichiometric coefficients of equations (gas-gas reactions) allow for determing the 
amount of hydrogen that is needed to reform CO, CO2 and C2H4. It is this convenient to define 
the stoichiometric number SN of the incoming gas stream in order to characterize the 
achievable methane yield, which becomes for the considered reactions [2]: 
 

𝑆𝑁 =
𝐶𝐻2

3𝐶𝐶𝑂 + 4𝐶𝐶𝑂2
+ 2𝐶𝐶2𝐻4

 (2-16) 

 
To obtain highly pure methane stream, this ratio must be close to unity. If it is below, the feed 
gas contains less hydrogen and the product gas will contain a non-negligible amount of carbon 
dioxide. Methane synthesis of a H2/CO/CO2 mixture is highly exothermic and its reactor design 
is critical with regard to temperature control. Common installations use product gas recycle 
loops or multiple intercooled reactors with prior steam addition. Alternatively, an internally 
cooled fluidized bed reactor for isothermal once-through methanation has been developed. 
[2] 
 
Methanation processes with little methane in the raw syngas suffer principally from [2]: 
 
1. High exothermic heat release during methanation; 
2. Need of handling very large quantities of synthesis gas (four to five volumes of dry 

synthesis gas yield one volume of methane); 
3. High proportion of steam formed during methane synthesis, which limits the directly 

achievable SNG quality in wet methanation steps. 
Low temperature and high pressure is favourable for methane production. To carry out 
methanation reaction fixed bed reactors are used with intermediate cooling or gas recycle 
operated at elevated pressures (15-30 bar) operating up to 650°C. Also, fluidized bed reactors 
can be used with single reactor at isothermal conditions operating at 300°C and atmospheric 
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pressure. The yield of SNG can be estimated from gasifier outlet composition and reaction 
stoichiometry for the shift and methanation reactor. [12] 
 
In the methanation process there is a risk of carbon formation, especially at lower 
temperatures and also at higher pressures. Adding additional steam to the product gas can 
reduce the risk of carbon formation. If carbon formation can be suppressed, the methane yield 
increases with lower temperatures and higher pressures. At lower temperatures (below 
300°C), the effect of the pressure on the methane yield is not as strong as at higher 
temperatures. [12] 

2.1.12 Combined WGS and Methanation (In-Situ WGS/SNG) 

The combined shift and methanation reactor system can be characterized as a fixed bed 
catalytic reactor system or a reactor system which uses a catalyst suspended in a liquid. 
Preferably, a reactor system having a fluidized catalyst bed with internal cooling coils is used 
for the combined shift and methanation reactions. [13] 
 
In the catalytic system the shift and methanation reactions occur more or less simultaneously. 
The shift reaction increases the H2/CO ratio above that of the raw feed gas. The water 
produced as a result of the methanation reaction promotes the shift reaction by reacting with 
the carbon monoxide to increase hydrogen concentration required for the methanation 
reaction. The shift and methanation reactions which take place in the combined reactor 
system can yield a methane rich product gas comprising above 40% by volume methane. [13] 
 
The combined shift and methanation process in the reactor vessel is carried out at a 
temperature between the range of 550°F (228°C) to 1050 °F (565°C). Preferably, the 
temperature is maintained in the range of 650°F (343°C) to 850°F (454°C) and a pressure from 
500 psig (34 bar) to 2000 psig (138 bar). Under these conditions the main methanation product 
is methane; however, significant amounts of ethane and higher hydrocarbons may be formed. 
Such formation improves the efficiency of the process. In the reactor (fluidized bed), the 
synthesis gas fed into the reactor vessel, which is colder than the catalyst bed, is heated to the 
desired reaction temperature, thus absorbing a portion of the heat released near the inlet 
distribution area affording protection from hot spots in this region of the vessel wall. For 
successful conversion of the synthesis gas to methane having acceptable grid quality, the 
product gas entering the reactor vessel must have a minimum H2/CO ratio of 1 to 1. In gas 
mixtures containing less than the requisite H2/CO ratio, steam is fed into the reactor vessel 
along with the synthesis gas for the combined shift and methanation process. Thus, the 
optimal steam rate for a synthesis gas with a H2/CO equal to or larger than one is zero. [13] 
 
In the presence of the catalyst in the reactor conversion of hydrogen and carbon monoxide 
takes place producing methane and water. At the same time the H2/CO ratio is altered by the 
shift reaction. The increased ratio of H2/CO provides for the hydrogenation of carbon 
monoxide to yield a methane rich product gas in the presence of the catalyst. The water 
present as a result of hydrogenation of carbon monoxide in the methanation reaction permits 
the shift reaction to occur. Accordingly, the shift reaction increases the concentration of free 
hydrogen for reaction with carbon monoxide in the methanation reaction. The methanation 
reaction is highly exothermic, and a large amount of process heat is recovered as high pressure 
steam from the boiler and the cooling coils in the reactor. To control the combined shift and 
methanation reactions and further to increase the methane content of the product gas, a 
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portion of the dry product gas is recycled and mixed with the synthesis gas fed to the vessel. 
Preferably, not more than three volumes of dry product gas is added to one volume of 
synthesis gas fed to the reactor. The optimum recycle ratio of dry product gas to synthesis gas 
is determined on the basis of the highest methane yield for the lowest catalyst volume in the 
reactor vessel. [13] 

2.2 Methanation and upgrading technologies of SNG production 

Several commercial technology platforms are available – and in use, for methanation and gas 
cleaning/upgrading operations in SNG production. Companies like Haldor Topsoe (the 
TREMPTM process), Linde and Lurgi (the Rectisol® process), Davy Process Technology (DPT - 
part of Johnson Matthey Plc) have major orders on complete processes and a series of 
additional companies (like BASF and B&K Technology Group) produce specific catalysts that 
are usable in the SNG process as well. The TREMPTM (Haldor Topsoe), VESTA process (FLUOR 
Daniel) and Rectisol processes are presented in the following to illustrate parts of the gas 
synthesis, clean up and upgrading. Different methods for methanation and upgradation 
technologies are mentioned in Appendix B.  

2.3 Technological assessment 

In this section, three possible routes of downstream processing of syngas to SNG have been 
described after the literature survey mentioned in the above sections. This assessment is done 
for the Torrgas process.  

2.3.1 Process option 1: water-gas shift with upstream sulphur removal 

Producer gas leaving the gasification system at temperature of 450°C and atmospheric 
pressure enters the water quench column/ cooler to remove impurities like dust, soot, ash, 
volatile metals, etc. The particles like char are already removed by quench. Syngas from 
particulate removal step enters HCN and COS hydrolysis unit where HCN and COS are 
hydrolyzed to NH3 and CO2 respectively. Most of the ammonia (NH3), and some of the carbon 
dioxide (CO2) and hydrogen sulphide (H2S) will dissolve in the knocked-out water, which is then 
typically routed to NH3 stripper and H2S removal unit. Here, NH3 and H2S are removed in 
separate units because NH3 is basic in nature and H2S is acidic in nature so it is difficult to 
remove both simultaneously in one separator. These separators can be modeled as separator 
giving the split fraction of the components. Further, syngas stream is compressed to conditions 
favorable for water gas shift reaction.  
 

 

Figure 2-2 Process route 1 with water-gas shift 

The WGS reaction takes place in the packed bed reactor. The choice of reactor (fixed or 
fluidized bed) depends on the supplier of catalyst). After water-gas-shift reaction CO2 is 
removed from syngas stream coming from shift reactor using one of the selected technologies 
(e.g. Selexol process). By doing so, the ratio of H2/CO is maintained around 3 to achieve 
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efficient methanation reaction. In order to achieve higher yield of methane, water is removed 
from the system in the last step of methanation.  
 
Methanation is preferably carried out at high pressure, so pressurization upstream the 
methanation is preferred (instead of downstream). The optimal pressure is probably that 
pressure that results in no additional compression downstream for compressing the SNG to 
the grid. 
 
The raw SNG leaving methanation section contains methane as the main component but also 
substantial amounts of carbon dioxide and water, which have to be removed. Water is present 
as a result of steam addition for methanation and also as a product of chemical reactions [14].  

2.3.2 Process option 2: sour shift with downstream sulphur removal 

This process route is different to process routes 2 and 3 with respect to position of acid gas 
removal unit after ammonia removal and kind of shift reaction used. In this case, impurities of 
sulphur does not affect the shift reaction, so no need to remove H2S upstream the shift 
reaction.  
 

 

Figure 2-3 Process route 2 with sour shift 

Syngas free from acid gas is compressed to pressure conditions favorable for methanation. 
Hereafter the steps are similar to that of process route 1.  

2.3.3 Process option 3: Separate sour and sweet shift  

This process route is different to other process routes as it uses both sour and sweet shift. 
Sour shift is used just after particulate removal steps and sweet shift is used after acid gas 
removal unit. Acid gas removal unit is used to remove H2S and CO2 produced during sour shift. 
In addition, we need to remove CO2 produced during sweet shift and methanation reaction. 
So, an additional CO2 removal unit is needed after methanation step. 
 

 

Figure 2-4 Process route 3 with sour and sweet shift 

The overall efficiencies to SNG can be calculated on a net and gross basis. Gross efficiency does 
not take into account the electricity production or consumption of the system. To calculate 
the net efficiency the electricity consumed (or produced) is assumed to be produced by 
converting SNG into electricity with an efficiency of 60% for electricity generation. The overall 
efficiencies can be compared on HHV basis and LHV basis. The reason for the net electricity 
production in the gasification system can be checked if it is higher or lower based on the 
production of steam in both the syngas cooler and the methanation unit. It is caused by the 
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conversion of CO into CH4 in the methanation reactors. The lower and higher heating values 
of CO are equal, while the higher heating value of CH4 is higher than the lower heating value. 

2.4 Conclusion and recommendation 

It is concluded that the final design selected is with water-gas shift (process route 1) having 
upstream sulphur removal. The raw syngas at 450°C and 1 bar after the syngas cooler reaches 
the temperature of 250°C in water quench, it needs to undergo several cleaning steps for 
removal of particulate matter, halogens, alkali metals, hydrogen cyanide (HCN), COS, H2S, etc. 
[15]. The major portion of particles are removed in the cyclone of Torrgas, the remaining 
particles enters gasifier where they are gasified and can be removed as slag. The remaining fly 
ash leaves in the form of particles from Torrgas gasifier with size range of 0.1-30 µm in the raw 
syngas. These particles must be removed otherwise they can impose damage to downstream 
equipment like compressor and also to the environment [15]. The raw gas enters the 
particulate removal systems comprising of cyclone and a candle filter operating at a 
temperature of 250°C [15]. In the cyclone due to centrifugal forces, 50% of particles are 
removed. Further, in the candle filter the quantity of dust is reduced to less than 5 mg/Nm3 
[15]. In the subsequent steps, syngas is washed in the washing columns with water which 
further removes fine particles (1-2 mg/Nm3) [15]. In addition, halogens like hydrogen fluoride 
(HF) and hydrogen chloride (HCl) formed during gasification are also eliminated which might 
cause corrosion and fouling of process equipments in downstream [15]. The amount of HCN 
present is syngas is 20 ppmv and COS is 20-30 ppmv. Before removing H2S, HCN and COS are 
converted into NH3 and H2S so there is no solvent degradation and increasing overall sulphur 
removal efficiency [15]. The hydrolysis of HCN produces NH3 and CO. After the hydrolysis 
reaction of HCN and COS, the temperature of syngas can be reduced to around 40°C [15]. On 
decreasing the temperature all water vapor condenses and NH3 is dissolved in the condensate. 
This NH3 can be separated in the knock-out vessel. The remaining CO is advantageous for 
water-gas shift reaction further downstream. Further, hydrolysis of COS generates gases like 
H2S and CO2. In the next step H2S should be removed via commercially available technology 
like Selexol®. In the final polishing step of sulphur elimination ZnO bed can be employed where 
sulphur is removed by adsorption upto 10 ppb level. The remaining CO2 will be removed in the 
later stage.  
 
Now, the syngas free of impurities and with CO content of 30-39 mol% enters water-gas shift 
reactor. In this reaction CO is consumed and reduced upto 5000 ppm level and H2 is generated, 
which is beneficial further for methanation reaction. In order to ensure that there is a proper 
ratio of steam/CO, steam should be added which increases the partial pressure of steam. In 
order to take advantage of both the thermodynamics and kinetics, the shift reaction is carried 
out in multiple adiabatic stages consisting of two steps- first high temperature shift (HTS) and 
followed by low temperature shift (LTS). In the HTS step advantage of high reaction rates is 
taken, but it is thermodynamically limited. This gives incomplete conversion of CO and a 2-4% 
of CO at exit. In order to shift the equilibrium towards H2 production, LTS is used to produce 
gas with exit composition of CO less than 1%. There should be intermediate cooling system 
between HTS and LTS. Because of different reaction conditions for both types of shifts, 
different catalysts are required. For HTS catalyst used is Fe-Cr oxide and temperature is 360°C-
400°C, while for LTS Cu-ZnO-Al2O3 is employed at 200°C-250°C. The susceptibility of copper 
based catalyst to sulphur poisoning is higher so LTS takes place after HTS.  
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Now, the pressure of syngas is increased with compressor which is favorable for CO2 removal 
and methanation reaction. Also, CO2 is removed before methanation reaction to have proper 
H2/CO ratio required for methanation step. It is not preferred to have CO2 removal after 
methanation as there will be low methane and higher CO2 concentrations which will lead to 
methane losses during CO2 removal process and enhance irreversible reaction. In the end to 
have higher yield of methane, which is a major component of SNG, water is removed from 
syngas. 
 
In the methanation step, the reaction takes place at 300-400°C based on fixed bed reactor 
with intermediate cooling. The temperature should be maintained as low as possible and 
higher pressure. In the methanation step water is produced as a byproduct which needs to be 
removed upto a level corresponding to dew point of -10°C at 8 bar(a). 
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3 STUDY OF COMPRESSOR LOCATION IN DOWNSTREAM SYNGAS 
CLEANING PROCESS 

The main objective of this study is to find an optimal location of the syngas compressor in the 
downstream syngas cleaning process and conversion into SNG. As shown in Figure 3-1, the 
input for the blackbox shown in dotted line is syngas produced after gasification at 
temperature of 450°C, pressure of 0.9 bar(a) and H2/CO molar ratio of 0.7-1. The output from 
this blackbox is the final product SNG at an ambient temperature range of 15-20°C and 
pressure of 8 bar(a). These input and output conditions are known from Torrgas B.V. 
 

 
 

Figure 3-1 Inputs, outputs and main process steps of syngas cleaning into SNG 
 
The main downstream processing steps of converting syngas to SNG are- water-gas-shift, 
methanation and CO2 removal. One of the key factors for the optimization study is the 
compression step. The optimal location of the compressor is determined by simulating the 
process with UNISIM®, minimizing the compressor power and aiming for desired Wobbe 
index.  
 
The syngas stream coming from the gasifier is assumed to be free of impurities like sulphur 
(COS+ H2S), HCl, HCN, tars, dust, char particles, etc. This syngas stream contains so much water 
that it gives problems in maintaining stoichiometric ratio of H2/CO of 3 before methanation 
reactor.  
 
Prior to entering the shift reactors, the amount of water in the syngas stream is adjusted such 
that it reaches the desired molar ratio of H2/CO of 3. If water is in excess in the incoming 
stream then more H2 will form from the water-gas shift reaction and H2/CO ratio will be much 
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higher than desired. In order to achieve the ratio of 3, water is condensed out from the syngas 
stream which then enters the water-gas-shift reactor.  
 
The water-gas-shift-reaction is an exothermic reaction and is operated in an isothermal 
manner. Due to exothermicity of the reaction product stream and to avoid the damage of 
catalyst in methanation reactor, shifted syngas stream needs to be cooled to a certain 
temperature which is suitable for CO2 separation. It is known from industry practice that low 
temperature and high pressure is favorable for the absorption process. In the CO2 separation 
step, it is assumed that there is 99.8% removal of CO2 and H2O which is a fixed parameter. The 
amount of CO2 and H2O removal is fixed at a certain maximum value because there is already 
a degree of freedom to change the amount of water at the inlet of water-gas shift. In addition, 
the main reaction taking place inside the methanation reactor is from carbon monoxide and 
hydrogenation. The production of methane from CO2 is not considered as there is not enough 
CO2 left after the CO2 removal, which takes place upstream of methanation. By doing so, one 
can keep a good track of H2/CO ratio before the methanation reactor. Another most important 
process is an isothermal methanation reaction where syngas of desired stoichiometric ratio is 
being converted into natural gas which contains mostly methane. The desired composition of 
syngas for methanation is given by the stoichiometric ratio S, which is a function of molar 
fraction of components such as H2, CO2 and CO, given as below: 
 

𝑆 =
[𝐻2] − [𝐶𝑂2]

[𝐶𝑂] + [𝐶𝑂2]
 

(3-1) 

 
One of the degree of freedom is to maintain or achieve the above ratio is through condensing 
out proper amount of water from the input syngas stream, changing the WGS reaction. 
Further, downstream of the methanation reactor is the drying stage where water formed 
during the methanation step is removed. This dehydrated natural gas stream is compressed 
to the desired grid pressure. The compression step is carried out in two steps with interstage 
cooling with the maximum pressure ratio of 4 (i.e. as a thumb of rule for each stage). Due to 
compression there is a rise in temperature so the compressed stream needs to be cooled to 
final SNG grid temperature of 20°C. It was observed from the calculation of Wobbe index that 
the stream needs to be diluted with nitrogen in order to reach the desire Wobbe index is 
possible. 
 
There are four different cases defined for the gas inlet composition as shown in Table 2-2. 
These cases are the two extremes for deciding an operating range of the process. The 
composition of the inlet gas stream in normal operating conditions is between these two 
extreme cases. The contractor company of this process will take both extremes into 
consideration for the equipment sizing, conversion, utility consumption, etc. In some cases 
the inlet gas contains some nitrogen; this is in the case when enriched air is used as a gasifying 
medium. 
 
Cases 1.1 and 2.1 refer to the application of enriched air as the gasification medium; cases 1.2 
and 2.2 refer to application of pure oxygen as the gasification agent. When enriched air is 
applied as the gasification medium, nitrogen has to be heated in the gasifier, causing an 
efficiency loss. Also, in the later stages like compression step more power is required because 
of higher volume flow. In the cases where only oxygen is used then compression power is 
saved. In any of these cases that lead to  SNG quality that does not fulfil the grid requirements, 
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contractor shall indicate in his offer that this is the case and cases 1.2/2.2 can be used as 
starting point for the gas cleaning and methanation. 
 
According to the scheme shown in Figure 3-1, inputs, outputs and main process steps of syngas 
cleaning into SNG. This leads to four options of the compression step. The peculiarities of the 
configuration in terms of process are mentioned below in addition to the main process flow 
explained above.  
 

1. Syngas compression direct after gasification 
 

WGS CO2 removal Methanation

CO2

SNGSyngas 
compressor

Syngas (H2-CO2)/(CO+CO2) =3

T = 15-20°C
P = 8 bara

T = 450°C
P = 0.9 
bara

Steam (only in cases 
2.1 and 2.2)

Drying

 
As shown in above figure, steam is required only in cases 2.1 and 2.2 (refer to Table 2-2) 
because the amount of H2O in these cases in less compared to that of 1.1 and 1.2 (for case 
numbers refer Table 2-2). As a consequence, to maintain the molar ratio of H2/CO before 
methanation of about 3, it is necessary to add steam at the inlet of water-gas-shift reaction. 
 

2. Syngas compression after CO2 removal 

WGS CO2 removal Methanation

T = 450°C
P = 0.9 
bara

Syngas

CO2

Syngas 
compressor

Steam

SNG

T = 15-20°C
P = 8 bara

Drying

(H2-CO2)/(CO+CO2) =3

  
 

3. Natural gas compression after methanation 
 

WGS CO2 removal Methanation

T = 450°C
P = 0.9 
bara

Syngas
SNG

T = 15-20°C
P = 8 bara

CO2

Steam (only in cases 
2.1 and 2.2)

Drying Natural gas 
compressor

(H2-CO2)/(CO+CO2) =3
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4. Combined water-gas-shift and methanation 

WGS
+

Methanation
CO2 removal

CO2

SNG
Syngas 

compressor

Syngas

T = 15-20°C
P = 8 bara

T = 450°C
P = 0.9 
bara

Drying

H2O

H2O

 
Here in this option water-gas shift and methanation are carried out in one reactor vessel. This 
requires bi-functional catalyst which favors both water-gas shift and methanation reaction. 
Also, water formed in the methanation reaction can be used for water-gas shift reaction in the 
form of steam.  
 
The two of the important criteria on which an optimal configuration from the above 
mentioned options will be selected are following: 

1. Compression duty 
2. Wobbe index of final product gas 

 
This means that the total compression duty should be minimal and the Wobbe index should 
be in the range as per the specifications for Dutch grid. 
 
The following section deals with the design methodology used to approach the issue of 
deciding the location of compression step in the downstream syngas cleaning process.  
 

3.1 Requirements in the Dutch natural gas grid 

Synthetic natural gas with SNG in the Dutch natural gas grid poses a series of challenges in 
relation to gas quality and gas standard. Before assessing the possibilities and limitations of 
different gasifiers, methanation processes and gas upgrading systems, it is therefore, essential 
to review the requirements and standards of the present grid. The requirements are given in 
Table 1-1. The important parameters to consider are pressure, temperature, nitrogen content 
and Wobbe index 

3.2 Simulation method  

In this section, it is explained the way to perform the simulation of a biomass-derived syngas 
conversion into Synthetic Natural Gas (SNG). The syngas cleaning steps have been neglected 
in the present simulation, but these steps should be consider in the final simulation later. This 
study is a part of a larger study in which the complete system will be simulated. The outcome 
of this primary simulation is to give an idea about the effect of the compressor location on the 
total economics of the plant, so it is a starting point for further technical assessment.  

3.2.1 Simulation 

Without proper models that describe the processes, a simulation cannot be performed. It 
often takes high effort and broad knowledge to perform such simulations. Modelling can be 
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regarded as a hierarchically structured program. Starting point is the process engineering 
problem for the simulation. To make a precise formulation of the simulation problem, the real 
system must be analysed. The main challenge is that it is often not evident at the beginning of 
work which aspects the model has to reflect. Here in this work the steady state simulation tool 
Unisim® developed by Honeywell is used. It assist to build up steady state models of new 
plants as well as to do a rigorous optimization of operating points concerning the position of 
the compressor in the process. 

3.3 UNISIM® modeling and simulation 

3.3.1 Thermodynamic property model 

Modelling processes require an appropriate selection of thermodynamic property methods in 
order to achieve results that are as correct and realistic as possible. The physical property 
methods in a simulation model are sets of routines and equations for calculating 
thermodynamic and transport properties of material flows. Physical property methods are 
based on either an activity coefficient method or an equation of state method. The different 
components involved here are CO, CO2, H2O and CH4 which are simple and are small in size. 
Due to this reason, it is better to use the most basic Non-random two-liquid (NRTL)-ideal 
model as first choice for the thermodynamic modeling. By doing so, it is assumed that these 
components behave as an ideal gas. Afterwards, it was found that this property model does 
not give good results so it is changed to SRK (Soave Redlich Kwong- Equation of state method). 
 
The SRK equation of state is used to estimate the vapor phase non-idealities assuming polar 
and non-electrolyte system. Although Peng Robinson (PR) EOS improves the liquid density 
prediction, it cannot describe volumetric behaviour around the critical point. Equations of 
state, such as the Peng Robinson model, were developed originally to deal with hydrocarbon 
gas systems. Although they have proven to be very reliable in predicting properties of most 
hydrocarbon based fluids over a range of operating conditions. Their application has been 
limited to primarily non-polar or slightly polar components. Polar or non-ideal chemical 
systems have traditionally been handled using dual model approaches. In this approach, an 
equation of state is used for predicting the vapor fugacity coefficients (normally ideal gas 
assumption or the Redlich Kwong (RK), PR, or SRK equations of state). If the operating pressure 
in the simulation is too high for activity coefficient models, an equation of state method will 
become the only applicable approach. The detailed selection tree for the physical property 
method is shown in Appendix C. 

3.3.2 Reactors 

The water-gas-shift and methanation reactors are modeled as an equilibrium reactor. The 
outlet streams of the reactor are in a state of chemical and physical equilibrium. The reaction 
set which is attached to the equilibrium reactor can contain an unlimited number of 
equilibrium reactions, which are simultaneously or sequentially solved. The choice for 
equilibrium reactor is made on the fact that no dimensioning of reactor has to be done to 
attain an equilibrium, but just the mass and energy balances are of interest.  
 
The Gibbs reactor takes only the stoichiometry of the attached reactions and applies its own 
free energy minimization technique to compute the outlet stream composition. Only 
components listed as reactive in the reaction set undergo any reaction. Note that Unisim® will 
not allow you to attach a reaction set which would simply duplicate the effect of setting the 
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reactor to full Gibbs reactions. Thus, if you need to simulate a reactor in which you want 
certain reactions equilibrated, but not others. For instance, because certain catalyst is 
employed allowing those particular reactions to equilibrate quickly, but not aiding any other 
reaction and yet have no or untrustworthy data on the equilibrium constants. It is better to 
use the Gibbs reactor set “specify equilibrium reaction” than using the equilibrium reactor. As 
with the equilibrium reactor, neither pure components nor the mixture are assumed to 
behave ideally. The set points to determine the equilibrium temperature and pressure are 
conversions and yield which is expected for a given reaction. 

3.3.2.1 Water-gas shift reactor 

The water gas shift reactors step is to reduce the amount of carbon monoxide with water 
(steam) to produce hydrogen and carbon dioxide. The reaction which occurs is exothermic and 
therefore no heat is added to the reactors. 

3.3.2.2 Methanation reactor 

The selection of operating temperature for methanation is very important. The temperatures 
cannot be too low (<200°C) because of the low catalyst activity and for possible nickel carbonyl 
formation (when using Ni based catalyst system) and cannot be too high (>400°C) due to 
unfavorable chemical equilibrium and other possible reasons like methane decomposition. On 
the basis of “Le-Chatelier’s Principle” the position of reaction equilibrium shifts to the product 
side at higher pressures. Due to high cost of hydrogen compression and possible multiphase 
formation (water condensation) in the reaction system, the temperature range should be 
limited. As the catalyst and kinetic data is not yet selected at this stage, it can be simulated as 
equilibrium reactor in the first stage of process synthesis. [12] 
 
Due to the high exothermic character of the methanation reactions the temperature will 
increase significantly in adiabatic systems. As a result, the thermodynamic equilibrium is 
readily reached but with only limited conversion. To achieve high conversions the temperature 
must be decreased, i.e. the reaction heat has to be removed. Typically, this is achieved by 
internally cooled reactors or by gas recycling as in the commercial processes of e.g. Haldor-
Topsoe and Lurgi. The simplest system, however, comprises a series of (adiabatic) 
methanation reactors with intermediate heat exchangers. The application of such a system is 
limited to processes at lower pressures. This is because at higher pressures the adiabatic 
temperature increase in the reactors will result in high temperatures and thermal damage of 
the catalysts. [12] 
 
In each adiabatic reactor the methanation reaction will take place until the thermodynamic 
equilibrium is reached. Two effects determine the methane equilibrium concentration [12]:  
 
1. Formation of CH4 due to the reaction of H2 and CO; 
2. Conversion of CH4 due to the increase in temperature (steam reforming of methane).  
 
At higher system pressures the thermodynamic equilibrium will shift towards higher 
conversion and more CH4 formation. This will result in an increase in adiabatic temperature to 
a higher value. Furthermore, the higher pressure has an advantageous effect on the catalyst 
activity due to which less catalyst is required to reach the same conversion. [12] 
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In the literature it is reported that solid carbon formation can take place during the 
methanation process which can deactivate the active centers of the catalyst and can lead to 
undesired by-products, such as carbonyls. In the current study, it is not yet done to minimize 
the complexity of the problem.  

3.3.3 Compressor 

In the given syngas downstream processing plant, the compressor is required for 
transportation of gaseous mixture through the plant and also maintaining certain natural gas 
grid pressure. This is done by raising the pressure of the mixture to overcome the head loss 
occurring due to various reasons like friction losses. Considering the limitations of the 
compressor operation in terms of outlet temperature (i.e. cannot exceed 250 °C), limiting the 
maximum pressure ratio of 4, one needs two or three stage compression with inter-stage 
cooling to reach the desired outlet pressure needed for the consequent step depending on 
the location of the compression step. 

3.4 Detailed process description for different configurations 

In this section four different cases have been discussed depending on the type of gasification 
medium used. In addition, the effect of nitrogen addition on the Wobbe index is investigated. 
This implies that in case 1.2 and case 2.2 without nitrogen, nitrogen is added for diluting the 
product gas before feeding into the grid. For each case, location of syngas compressor at four 
different positions is discussed in the process of converting syngas to bio-SNG.  
 
The mass balances for cases 1.1 and 2.1 are only presented here and for remaining cases refer 
Appendix C. These cases are chosen because in case 1.1 inlet stream contains N2, higher water 
content and enriched air as gasification medium, unlike case 2.1. At the end it is desired to 
have the final product gas free of nitrogen and water. So, the worst cases in terms or N2 and 
water content are chosen. This is done for all the compressor locations. Moreover, no pressure 
drop is taken into account across the process equipments in the process. But in practice 
suction pressure will be lower than 1 bar(a) in all cases discussed.  

3.4.1 Compression after methanation 

As shown in Figure 3-2, the syngas stream coming from the gasifier is at 450°C and 1 bar(a) 
with flows varying from 1.30 kg/s to 1.65 kg/s. From this syngas stream water is condensed 
out at 180°C. It is also to be taken care that there is low amount of water in the inlet stream 
in cases 2.2 and 2.2 compared to cases 1.1 and 1.2. So, steam addition is required before the 
water-gas-shift reactor in these cases. Dehydrated syngas enters the water-gas-shift reactor 
at 200°C and 1 bar(a). 
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P=1 bara

Isothermal water-gas-shift
Reactor (modeled as
Equilibrium reactor)
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CO2 splitter
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free from
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Figure 3-2 Detailed process flow diagram for compression after methanation 

From the mass balances shown in Table 3-1 and Table 3-2 for cases 1.1 and 2.1, it can be 
inferred that there is almost no water before methanation and after methanation it increases 
much. It means that almost all water is used for water-gas shift reaction. Due to CO2 removal 
upstream of the methanation unit, syngas has very low CO2 concentration. In the final syngas 
stream still the amount of hydrogen is higher than desired in the grid. This is related to the 
fact that 100% conversion is not achieved at equilibrium, so some hydrogen is left at the end 
of the reactor. 

Table 3-1 Mass balance for compression after methanation in case 1.1 

 Inlet 
 

Before 
WGS  

After 
WGS 

Before 
Methanation 

After 
Methanation 

Before 
compression 

After 
compression 

SNG 
 

N2 0.04 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.15 0.25 0.43 0.67 0.01 0.11 0.11 0.01 

CO 0.2 0.33 0.14 0.22 0.0 0.0 0.0 0.0 

CO2 0.1 0.17 0.35 0.0 0.0 0.0 0.0 0.0 

H2O 0.47 0.19 0.01 0.0 0.40 0.0 0.0 0.0 

CH4 0.04 0.07 0.07 0.10 0.60 0.99 0.99 0.98 

Flow 
(kg/h) 

4860 3082 3082 857 857 486 486 490 

T (°C) 450 180 200 180 200 90 114 20 

Pressure 
(bar) 

1.0 1.0 1.0 0.9 0.9 0.9 8.5 8.5 

Table 3-2 Mass balance for compression after methanation in case 2.2 

 Inlet Before 
WGS  

After 
WGS 

Before 
Methanation 

After  
Methanation 

Before 
Compression 

After 
compression 

SNG 
 

N2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

H2 0.31 0.28 0.51 0.73 0.0q 0.01 0.01 0.01 

CO 0.44 0.40 0.17 0.24 0.0 0.0 0.0 0.0 

CO2 0.07 0.06 0.29 0.0 0.0 0.0 0.0 0.0 

H2O 0.16 0.23 0.0 0.0 0.47 0.0 0.0 0.0 

CH4 0.02 0.02 0.02 0.03 0.52 0.98 0.98 0.98 

Flow 
(kg/h) 

5940 6478 6478 2080 2080 1033 1033 1041 

T (°C) 450 180 200 180 200 90 131 20 

Pressure 
(bar) 

1.0 1.0 1.0 0.9 0.9 0.9 8.5 8.5 

 
One of the main advantage of this configuration is that compressor of natural gas is cheaper 
than syngas compression because of lower compression energy consumption. On the other 
hand, it is necessary to find an alternative to carry out the CO2 absorption and methanation at 
an atmospheric pressure.  

3.4.2 Compression after CO2 removal 

The process description remains the same as described earlier and the process scheme is 
shown in Figure 3-3. The changes are in the operating conditions as seen from the following 
figure. 
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Figure 3-3 Detailed process flow diagram for compression after CO2 removal 

The mass balances for case 1.1 and 2.2 for this type of process are given in Table 3-3 and Table 
3-4.  

Table 3-3 Mass balance for compression after CO2 removal in case 1.1 

 Inlet Before  
WGS 

After  
WGS 

Before 
Compression 

After 
Compression 
(before 
methanation) 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.04 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.15 0.25 0.43 0.67 0.67 0.01 0.01 0.01 

CO 0.20 0.33 0.14 0.22 0.22 0.0 0.0 0.0 

CO2 0.10 0.17 0.35 0.0 0.0 0.0 0.0 0.0 

H2O 0.47 0.19 0.01 0.0 0.0 0.40 0.0 0.0 

CH4 0.04 0.07 0.07 0.10 0.102 0.58 0.98 0.98 

Flow 
(kg/h) 

4860 3083 3083 858 858 858 483 490 

T (°C) 450 180 200 50 179.6 200 20 20 

Pressure 
(bar) 

1.0 1.0 1.0 1.0 9.0 9.0 8.5 8.5 

 

Table 3-4 Mass balance for compression after CO2 removal in case 2.2 

 Inlet Before  
WGS 

After  
WGS 

Before 
Compression 

After 
Compression 
(before 
methanation) 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.31 0.28 0.51 0.73 0.73 0.01 0.01 0.01 

CO 0.44 0.40 0.17 0.24 0.24 0.0 0.0 0.0 

CO2 0.07 0.06 0.29 0.0 0.0 0.0 0.0 0.0 

H2O 0.16 0.23 0.0 0.0 0.0 0.47 0.0 0.0 

CH4 0.02 0.02 0.02 0 0.0 0.52 0.987 0.978 

Flow 
(kg/h) 

5940 6479 6478 2074 2074 2074 1027 1042 

T (°C) 450 180 200 50 180 200 20 20 

Pressure 
(bar) 

1.0 1.0 1.0 1.0 9.0 9.0 9.0 8.5 

 
This configuration is favorable in the sense that methanation step is carried out at higher 
pressure which favors the methanation reaction. But, if there is lower suction pressure for 
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compressor after CO2 removal, pressure ratio will increase then, so then also three stage 
compression is required.  

3.4.3 Syngas compression after gasifier 

The conditions of process stream till syngas compressor is same as mentioned earlier. 
Dehydrated syngas is compressed from 1 bar(a) to 11 bar(a) during which temperature rise 
occurs to 226°C which can be further cooled to 180°C as an inlet stream to WGS reactor.  
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Water
Removal

Final cooler

P= 11 bara
T=200°C 

P= 10.5 bara
T=50°C

Water
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T=180°C 

T=60°C

P=8.5 bara
T=63°C 

CO2top (Split CO2=99.98% , 
split H2O=99.98%)

Isothermal methanation
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Isothermal water-gas-shift
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Equilibrium reactor)

Dehydrated gas

P= 10.5 bara
T=200°C 

P= 10.5 bara
T= 50°C

Final gas

P= 8.5 bara
T= 20°C

SNG

Nitrogen
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3stage Syngas
Compressor with 
interstage cooling

Syngas from 
gasifier

T=450°C
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Condensate
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T=180°C

Steam addition
(in cases 2.1 and 2.2)

 

Figure 3-4 Detailed process flow diagram for compression after gasifier 

The mass balances for case 1.1 and 2.2 for this option are given in Table 3-5 and Table 3-6. 
From the mass balances it can be said that an advantage of this process alternative is that all 
the process units operates at higher pressure, considering the pressure drop across each unit 
it is easy to reach desired grid pressure. The units will operate at a higher pressure. 

Table 3-5 Mass balances for compression after gasifier in case 1.1 

 Inlet Before  
Compression 

After  
Compression 
(Before 
WGS) 

After 
WGS 

Before 
Methanation 
(After CO2 
removal 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.04 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.15 0.25 0.25 0.43 0.67 0.01 0.0 0.01 

CO 0.20 0.33 0.33 0.14 0.22 0.0 0.0 0.0 

CO2 0.1 0.16 0.16 0.35 0.0 0.0 0.0 0.0 

H2O 0.47 0.19 0.19 0.005 0.0 0.4 0.0 0.0 

CH4 0.04 0.07 0.07 0.07 0.10 0.58 0.99 0.98 

Flow 
(kg/h) 

4860 3083 3083 3083 859 859 483 490 

T (°C) 450 180 180 200 180 200 20 20 

Pressure 
(bar) 

1.0 1.0 11.0 11.0 10.5 10.5 8.5 8.5 
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Table 3-6 Mass balances for compression after gasifier in case 2.2 

 Inlet Before  
Compression 

After  
Compression 
(Before 
WGS) 

After 
WGS 

Before 
Methanation 
(After CO2 
removal 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.31 0.31 0.28 0.51 0.73 0.01 0.0 0.01 

CO 0.44 0.44 0.4 0.17 0.24 0.0 0.0 0.0 

CO2 0.07 0.07 0.06 0.3 0.0 0.0 0.0 0.0 

H2O 0.16 0.15 0.23 0.0 0 0.47 0.0 0.0 

CH4 0.02 0.02 0.02 0.02 0.03 0.52 0.99 0.98 

Flow 
(kg/h) 

5940 5929 6479 3083 2076 2076 1027 1044 

T (°C) 450 180 180 200 180 200 20 20 

Pressure 
(bar) 

1.0 1.0 12.0 12.0 11.0 11.0 8.5 8.5 

 
In this case compression has to be carried out in three steps which means more operational 
cost. 

3.4.4 Compression before combined WGS and methanation 

Dehydrated syngas is compressed from 0.9 bar(a) to 10.5 bar(a) during which temperature 
rise occurs to 249°C which can be further cooled to 180°C as an inlet stream to WGS reactor. 
The main difference compare to other configuration in the compression step is that here 3 
compression steps are required instead of 2. 
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3 stage syngas 
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T=450°C
P=0.9 bara

T=180°C 

Isothermal Methanation
Reactor (modeled as
Equilibrium reactor)

P= 10.5 bara
T=200°C 
(reactor)

Water splitter

Split H2O=99.8%

Cooler 2
CO2 removal as splitter

Water splitter

Finalcooler

CO2 top (Split CO2=99.8%, 
split H2O=99.8%)

P= 10.5 bara
T=200°C 

P= 9.5 bara
T=50°C 

P= 9.5 bara
T=64°C 

H2O top (split H2O=99.8%)

P= 9 bara
T=67°C 

Final gas (SNG)

P= 8.5 bara
T= 20°C

 

Figure 3-5 Detailed process flow diagram for combined WGS and methanation 

Water-gas-shift and methanation reaction are carried out at 200°C and 10.5 bar(a). In Unisim®, 
both of the reactions have been modeled as a separate unit. However, in reality it will be 
combined in one unit. Due to this, the inlet conditions of both reactors have been maintained 
at similar values. In addition, there is almost complete conversion of CO in the water-gas shift 
reaction, so only CO2 hydrogenation takes place in the methanation reactor. Also, the amount 
of H2O stays almost same before and after combined reaction due to the recycle after the 
methanation. The mass balances for this process for two cases are shown in Table 3-7 and 
Table 3-8. 
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Table 3-7 Mass balances for combined WGS and methanation in case 1.1 

 Inlet Before  
Compression 

After  
Compression 
(Before WGS + 
methanation) 

After (WGS + 
Methanation) 

After CO2 
removal 

Dry 
gas 

SNG 
 

N2 0.04 0.06 0.0 0.0 0.22 0.0 0.0 

H2 0.15 0.23 0.01 0.0 0.11 0.14 0.14 

CO 0.2 0.31 0.02 0.0 0.0 0.0 0.0 

CO2 0.1 0.15 0.01 0.02 0.0 0.0 0.0 

H2O 0.47 0.18 0.95 0.96 0.0 0.0 0.0 

CH4 0.04 0.06 0.0 0.01 0.67 0.86 0.86 

Flow 
(kg/h) 

4860 3349 46120 46120 742 476 480 

T (°C) 450 180 180 200 63 20 20 

Pressure 
(bar) 

1.0 1.0 10.5 10.5 9.5 9.0 8.5 

 

Table 3-8 Mass balances for combined WGS and methanation in case 2.2 

 Inlet Before  
Compression 

After  
Compression 
(Before WGS + 
methanation) 

After (WGS + 
methanation) 

After CO2 
removal 

Dry 
gas 

SNG 
 

N2 0.0 0.0 0.0 0.0 0.0 0.0 0.01 

H2 0.31 0.35 0.04 0.0 0.07 0.07 0.07 

CO 0.44 0.50 0.05 0.0 0.0 0.0 0.0 

CO2 0.07 0.08 0.01 0.04 0.0 0.0 0.0 

H2O 0.16 0.04 0.90 0.93 0.0 0.0 0.0 

CH4 0.02 0.02 0.0 0.02 0.93 0.93 0.92 

Flow 
(kg/h) 

5940 5269 48040 48040 1023 1022 1039 

T (°C) 450 180 180 200 62 20 21 

Pressure 
(bar) 

1.0 1.0 10.5 10.5 9.5 9.0 8.5 

 
In this configuration it is difficult to satisfy both the Wobbe index as well as specification of H2 
in the final SNG stream. This needs to be still further investigated. By carrying out two different 
reactions in the same reactor vessel one extra vessel is saved. But, also the complexity in terms 
of operation is increased for such a system.  

3.5 Results and discussion 

In this section, results obtained from the UNISIM® software are shown and important 
parameters such as Wobbe index, compression duties for different input compositions and 
amount of nitrogen flow for dilution used for different locations for compression step are 
discussed. It can be seen from Table 3-9 that the values of Wobbe index are in the range after 
N2 dilution except for configuration where compression is carried out before combined WGS 
and methanation for cases 1.1 and 1.2. These Wobbe indices have been adjusted by diluting 
the final gas stream with nitrogen at 20°C and 8.5 bar(a). 
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Table 3-9 Wobbe indices for different cases with compression at different locations 
 Case 1.1 Case 1.2 Case 2.1 Case 2.2 

 After  
N2 
dilution 

Before 
N2 

dilution 

After  
N2 
dilution 

Before 
N2 
dilution 

After  
N2 
dilution 

Before 
N2 
dilution 

After 
N2 
dilution 

Before 
N2 
dilution 

Compression 
after 
methanation  

44.40 44.69 44.40 44.70 44.38 44.66 44.39 44.66 

Compression 
after CO2 
removal  

44.36 44.87 44.34 44.87 44.39 44.84 44.33 44.84 

Compression 
after gasifier  

44.38 44.88 44.36 44.88 44.34 44.86 44.28 44.86 

Compression 
before 
combined 
water-gas-shift 
& methanation 

 
43.04 
 (*) 

 
43.27 
(*) 

 
42.71 
 (*) 

 
43.22 
(*) 

43.88 44.05 44.29 44.07 

 
In Table 3-9 the values marked in brackets for Wobbe index(*) are deviating little from the 
desired range of 43.46-44.41 MJ/m3(n). Also, the values of Wobbe indices before N2 dilution 
have been presented in the table. From these values it can be seen that the values are more 
than the maximum limit of desired Wobbe index of 44.41 MJ/m3(n). This means that it is 
possible to achieve the value of Wobbe index in desired range when the amount of hydrogen 
is still reduced in the final gas. This can be achieved if more hydrogen is consumed in the 
methanation reaction, which in turn favors more methane formation. 
 
In Table 3-10 values of compressor duty for different cases for different locations of 
compression in the process has been depicted. 
 

Table 3-10 Compressor duty for different cases at different locations 
 Case 1.1 Case 1.2 Case 2.1 Case 2.2 

Compression after methanation (KW) 83 79 173 188 

Compression after CO2 removal (KW) 243 239 616 618 

Compression after gasifier  
(KW) 

506 1222 1006 1085 

Compression before combined water-gas-shift &methanation 
(KW) 

501 464 880 986 

 
From Table 3-10, it can be concluded that the compressor duty is the lowest for all the cases 
when compression is carried out after methanation. It is the lowest compared to cases where 
compression is carried out before combined water-gas-shift and methanation reaction. 
Moreover, it can be said that the compression duty for all the cases in the configuration where 
compression is done after gasifier is maximum. The higher compression duties for 
compression after gasifier is due to higher volume of gas flows. In Table 3-11 below cooling 
duties for both water-gas-shift and methanation reactors has been mentioned. When these 
reactors are cooled with cooling water, steam generated can be integrated within the process 
where it is consumed.  
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Table 3-11 Cooling duty of water-gas-shift and methanation reactors 
 Case 1.1 Case 1.2 Case 2.1 Case 2.2 

Compression after 
methanation (MW) 

1.48 1.40 4.15 4.19 

Compression after 
CO2 removal (MW) 

1.48 1.39 4.16 4.20 

Compression after 
gasifier  
(MW) 

1.48 1.39 4.16 4.20 

Compression before 
combined water-
gas-shift and 
methanation 
(MW) 

1.56 3.87 3.14 3.19 

 
For the modeling of water-gas shift and methanation reactors in UNISIM® isothermal 
behaviour has been chosen. By doing so, runaway of reaction or in other words formation of 
hot spots is avoided. This will further shift the reaction equilibrium in the favor of product 
formation.  
 
It can be seen from Table 3-11 that the maximum amount of cooling duty required is for the 
case where compression is carried out before the combined water-gas shift and methanation. 
This cooling can be achieved through cooling water at ambient conditions.  
 
In  
Table 3-12 the amount of nitrogen needed to adjust Wobbe index for different cases in 
combination with different compression step location has been shown. 

 
Table 3-12 Amount of nitrogen for dilution 

 Case 1.1 Case 1.2 Case 2.1 Case 2.2 

Compression after methanation (Kg/h) 4 4 8 8 

Compression after CO2 removal (Kg/h) 7 7 13 15 

Compression after gasifier  
(Kg/h) 

7 7 15 15 

Compression before combined water-gas-shift & methanation 
(Kg/h) 

5 7 15 17 

 
It can be inferred from the values that amount of nitrogen needed for dilution is more in case 
2.1 and case 2.2 compare to case 1.1 and case 1.2. This can be related to the fact that the 
amount of nitrogen in the syngas stream coming from the gasification step has no nitrogen for 
cases 1.2 and 2.2. It has been noticed that even though case 2.1 has nitrogen content in the 
inlet syngas stream, still more amount of it is needed for dilution. This relates to higher amount 
of H2 and CO at the inlet compare to case 1.2. Further, the amount of H2 and CO is used in the 
calculation of Wobbe index which is shown in Appendix B. It is observed from the mass 
balances that only in case 1.1 and case 1.2 with compression after gasification the grid 
requirements are nearly reached except for hydrogen amount. The amount of methane (which 
is major constituent of natural gas) in the final product gas is around 99% (mole basis) for 
these cases. 
 
From the perspective of number of equipments it can be concluded that cases with 
compression after gasifier requires one extra step of compression. Further, in the case of 
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combined water-gas shift and methanation the complexity of the reactor type has not yet 
been analysed. Also, the CO2 removal step can be considered as a complete package from the 
supplier including absorber, stripper, heat exchangers and additional auxiliary equipments.  
 
The sizing of the equipments such as compressor, reactor, absorber, heat exchangers and 
drying bed has to be done in detail later. Also, it is necessary to know the amount of flammable 
compounds in the process equipments for calculating fire and explosion index (F&EI) and 
chemical exposure index (C&EI). After knowing the process design of the equipments 
mechanical design with respective safety factor can be done in order to consider the effect of 
various types of stresses and pressure effects.  
 
For the final selection of compression location different criteria are assessed as mentioned 
earlier. These criterion are Wobbe index, final product gas composition, compression duty, 
ease in operation, process control, safety and costs (incl. operational and investment). The 
comparison for these parameters for different compression location steps is shown in the 
following table. 

Table 3-13 Best case assessment for different compressor location 

Parameters Compression after 
methanation 

Compression after 
CO2 removal  

Compression after 
gasifier 

Compression 
before combined 
water-gas shift and 
methanation  

Wobbe index + + + - 

Product gas 
composition 

- - - - 

Compression duty + + - - 

Ease in operation - - + - 

Process control - - + + 

Safety Not much 
information 

Not much 
information 

Not much 
information 

Not much 
information 

Costs (operational 
and investment) 

+ + - + 

Note: “+” indicates criteria is fulfilled and “-“ shows that criteria is not matched 

 
From Table 3-13 it can be followed that Wobbe indices are in the range except cases 1.1 and 
1.2 for combined water-gas shift and methanation. Further, the compressor duty is lowest for 
all syngas quality (i.e. cases-1.1, 1.2, 2.1 and 2.2) in the configuration where compression takes 
place after methanation step. In addition, it can be implied that there will be difficulty in 
operation for configurations- (a) compression after methanation and (b) compression after 
CO2 removal because both the processes needs to be operated at an atmospheric pressure. 
Also, the operation is challenging in the process where combined water-gas shift and 
methanation occurs. This is because it is necessary to find the suitable catalyst which is 
favorable for both the reactions in one reactor vessel. In terms of process control, options of 
compression after methanation and compression after CO2 removal faces problem. Regarding 
safety of the process nothing much can be described for all the compression locations. The 
costs for compression after gasifier and that for compression before combined water-gas shift 
and methanation is higher due to more compression steps compared to other configurations.  
Hence, based on this assessment process option with compression after gasifier is chosen.  
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3.6 Conclusion and recommendation 

From the point of view of compressor duty, combined water-gas shift and methanation and 
also the option of compression after gasifier consumes more power as both of the processes 
utilizes three compression steps. Not much can be said about from the study of nitrogen added 
for diluting the final gas stream. As it is also possible to reach the Wobbe index without N2 
dilution for all cases except for the configuration where combined water-gas shift and 
methanation occurs. Moreover, the final gas quality in terms of H2 content is not yet met due 
to incomplete conversion of carbon monoxide in the methanation reactor. 
 
Further, it can be concluded that the investment cost for the alternatives- combined water-
gas shift and methanation and compression after gasifier is the highest. This is due to the fact 
that both of the processes need three steps of compression unlike other processes. The main 
contributor of the high investment cost is the syngas compressor as the latter is far more 
expensive than natural gas compressor. 
 
In terms of operation, the process configuration where compression after methanation step 
is done is difficult as the processes upstream of methanation like CO2 absorption and 
methanation itself needs to be carried out at an atmospheric pressure. Here methanation 
reaction has to be carried out in an isothermal manner at 300°C. It is easier to operate the 
process where syngas is compressed after gasification. This is because considering the 
pressure drops across the equipments downstream it is advantageous to operate in the 
beginning at higher pressure so it is possible to achieve the desired SNG pressure. In the option 
of combined water-gas shift and methanation it is very important to find the suitable catalyst 
which can perform both the reactions in a consequent sequence in a single vessel. 
 
Finally, the option of compression after gasifier is chosen. This selection is based on the 
required parameters to be met. These parameters are Wobbe index, compressor duty and 
final product gas composition. In the chosen option Wobbe index is in the desired range of 
43.46-44.41 MJ/m3(n). Also, the compressor duty is minimum of approx. 500 kW for case 1.1 
and maximum of 1200 kW for case 1.2. The cooling duty for water-gas shift and methanation 
reactors in total is minimum of 1.4 MW and maximum of 4.0 for cases 1.2 and 2.2 respectively. 
However, the final product gas composition is not completely fulfilled according to the 
requirements for H2 which is higher than 0.1 mol%. In order to lower this amount it is 
suggested to implement kinetics of methanation reaction and achieve higher conversion 
instead of assuming equilibrium.  
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4 INTEGRATED STEAM CYCLE WITH PYROLYSIS AND GASIFICATION 

4.1 Background 

Torrgas is developing a biomass-to-syngas plant in Delfzijl, The Netherlands through a two-
step process of pyrolysis and gasification. The syngas produced by Torrgas from the 
gasification of pyrolysis gas is in the temperature range of 1200-1500°C. The sensible heat of 
this syngas can be used to produce steam. CO2 will be applied as driver gas in the Torrgas 
gasification process, the remaining part can be expanded over a steam turbine to generate 
electricity. Currently, in the pilot plant the gas from the gasification reactor is cooled in a 
quench cooler connected to the gasifier to approximately 900°C and cooled down further by 
air cooling to about 450°C. For the demonstration plant Torrgas wants to use the sensible heat 
of the syngas to produce steam. For this scenario a high temperature boiler will be considered 
where the syngas is fed and steam is generated by adding boiler feed water. The desired 
conditions for the steam is set according to the final application- electricity production. 
 

 

Figure 4-1 Overall process scheme 

As shown in Figure 4-1 the syngas has to be cooled to 50°C applying a system consisting of 
heat exchanger, boiler and condenser. The produced steam can be used for electricity 
generation by expanding high pressure steam over a steam turbine to produce electricity.  

4.2 Objective  

The main objective of this chapter is to develop power generation cycle based on available 
sensible heat of syngas.  

4.3 Electricity production- Steam turbine 

4.3.1 Operating principle 

Steam turbine is a device that converts thermal energy of pressurized steam into useful 
mechanical work. It is used generally for power generation.  
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The main working principle of an ideal steam turbine is an isentropic process. But in reality no 
steam turbine is isentropic, typical isentropic efficiencies lies in the range of 85-90% based on 
the application. [16] 

4.3.2 Working principles 

The steam can be expanded in a number of stages in order to increase the turbine efficiency. 
These stages can be classified in two groups- impulse or reaction turbines based on how the 
energy is extracted from them. Most of the steam turbines uses both type of designs. Typically, 
the sections with higher pressure are of reaction type and that with lower pressures are of 
impulse type. The details of impulse and reaction turbines are in Appendix D.  

4.4 Types of steam turbines  

There are three main types of steam turbines for power generation from steam 

4.4.1 Non-condensing (back pressure) 

It is widely used in the process industry where large amount of low pressure steam is required. 
The exhaust pressure can be set by a regulating valve to the desired value required in the 
process [16].  

4.4.2 Condensing turbine 

They are more commonly used in electrical power plants. The exhaust steam is in a partially 
condensed state (i.e. x is greater or equal to 0.85) and below atmospheric pressure [16]. The 
amount of useful work produced is more per unit basis of steam inlet compared to non-
condensing. The operating efficiency is in the range of 30-40%. 

4.4.3 Extraction turbine 

In this configuration of turbine steam is tapped from various stages of the turbine and it used 
in the process industry to improve the utilization factor. Here the extraction of steam is carried 
out via bleed [16]. It comes in two different configurations either condensing or non-
condensing type depending on the application.  

4.5 Requirements for steam turbine for Torrgas B.V. 

The main focus in the current study is electricity production by using sensible heat from hot 
syngas. For this purpose it is necessary to find a suitable steam turbine for electricity 
generation on a smaller scale.  

4.5.1 Selection criteria 

For the selection of the steam turbine a systematic approach was followed. Some of the key 
selection criteria for a steam turbine are given below: 

 Inlet steam pressure and temperature 

 Range of power production  

 Environmental conditions such as temperature and pressure 
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There are two cases for which the system should operate- maximum and minimum design 
points. This classification is based on the mass flow of syngas, which is in the range of 0.6-0.66 
kg/s. In both the selected steam turbine and syngas cooling system should be able to work. 
The hot syngas is in the temperature range of 1200-1500°C. The water content of syngas for 
1200°C and 1500°C is 24.4 (vol%) and 44.4 (vol%) respectively. Thus, the hot syngas contains 
sensible heat of 1.12-1.35 MW. In general steam boiler operates at an efficiency of 85% which 
gives power production in the range of 990 kWth and 1150 kWth, hence a power production of 
approx. 250 to 285 kWe from steam turbine (assuming 25% electrical efficiency) is expected. 
These values are based on the assumption that inlet temperature is 1200°C. But, also for 
1500°C temperature, it is required to be reduced through quench. The required turbine must 
have production capacity between 250 kWe and 300 kWe. Another solution is the utilization 
of several combined small scale turbines. The main goal here is to maximize the power 
production. From the different types of steam turbines for power generation, condensing 
steam turbine is selected.  
 
There are various key suppliers of steam turbine generator sets in the market such as Siemens, 
Doosan Skoda, Elliot group, etc. It is important to look for the suppliers which provides the 
offer of steam turbines for smaller scale, based on the capacity of demonstration plant. The 
suppliers and parameters of turbines are presented in the following paragraph.  

4.5.2 Option 1 

It is also possible to have pre-designed steam turbines from Siemens in range of few kW up to 
12 MW. These turbines are frequently utilized for biomass based applications such as power 
generation and district heating and cooling. Thus, selected steam turbines from Siemens are 
presented in Table 4-1.  
 

Table 4-1 Characteristics of steam turbines from Siemens [17] 
Product number  SST-040 

Description  Single-stage impulse turbine. It can be used in small 
scale CHP, decentralized solar applications as well as 
for waste heat recovery (i.e. located behind gas 
engines and biogas engines or for using waste 
process team) 

Power output (kW) 300 

Inlet steam pressure (bara (a)) 40  

Inlet temperature (°C) Upto 400 (dry steam) 

Exhaust gas pressure (bara(a)) 0.1 

4.5.3 Option 3 

There are small scale steam turbines available from the company Green Turbine. The technical 
specifications of this turbine are mentioned in Table 4-2.  

Table 4-2 Specifications of Green TurbineTM 15 kW 

Parameter Green TurbineTM 15 kW 

Power output (kW) 15  

Inlet steam pressure (bara (a)) 10-12 

Inlet steam temperature (°C) 200-220 

Exhaust steam pressure (bara(a)) 0.1 

Exhaust gas temperature (°C) 45 

Exhaust steam quality x (-) 0.995 
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4.6 Turbine selection and evaluation 

When turbine from Green turbine is used, total of 9 steam turbines are required because the 
power produced by that from one Siemens turbine is three times higher. Moreover, an 
electrical efficiency of Green turbine is lower compared to Siemens turbine. In the case of 
Siemens turbine, steam boiler will operate at higher pressure compared to that with Green 
turbine. With higher operating pressure of boiler also the cost of boiler will be higher than that 
for Green Turbine.  

4.7 Options for syngas cooling 

The type of syngas cooling system depends on the gasification process to which it is applied. 
Due to highly exothermic reactions of feedstocks (biomass, coal, black liquor, plastic, etc.) with 
oxygen or steam hot syngas is produced. The produced syngas needs to be cooled down 
further upstream of the gas cleaning steps like scrubbing and sulphur removal unit. In case of 
entrained flow gasification systems syngas requires substantial amount of cooling due to very 
high temperatures. [18] 
 
Syngas produced in the Torrgas gasifier has a temperature of around 1200-1500°C. At these 
temperatures any entrained fly ashes are in liquid form. Torrgas applies a system in which fly 
ashes are eliminated by the two step gasification process (pyrolysis, dust removal, high 
temperature gasification). However, possible carry over of fly ashes cannot be ignored. A 
quench may be considered, but a high temperature boiler as well as waste incineration (which 
also produces a large amount of fly ashes) can be an option. In order to prevent the fly ashes 
from precipitating in downstream equipment, a quench (cooling step) is required. 
 
There are three main quenching methods for syngas produced from entrained flow 
gasification- water quench, radiant syngas cooler and recycle gas quench. These types of 
cooling methods are considered for the first step cooling. By quenching, the temperature of 
the hot syngas is reduced before it enters the steam boiler or heat recovery steam generator. 
[19] 

4.7.1 Water quench 

When a partial water quench is used, the synthesis gas is cooled down to approximately 800°C-
900°C. In this case, the hot syngas is used to produce steam. As in the case of water in the coal 
supply, the addition of water promotes the water gas shift reaction so a higher H2/CO ratio is 
obtained and less steam is required in a water gas shift reactor, included in the downstream 
conversion of syngas to Synthetic Natural Gas (SNG).  

4.7.2 Recycle gas quench 

In recycle gas quench process which is applied for e.g., in Shell coal gasification process [18], 
nearly half or more of the cooled syngas from the steam boiler is recycled and mixed with hot 
syngas. This means that the system requires extra blower/ fan which will not cost much, but 
equipment between gasifier and suction pressure has to be designed for higher flow. [19] 

4.7.3 Radiant syngas cooler (RSC) 

There are two alternatives for such type of syngas coolers- (a) combination of radiant and 
convective or (b) radiant cooler only (total quench high temperature gas cooling). The option 
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(a) is more efficient because it produces steam at high temperature and high pressure. On the 
other hand option (b) is less expensive. These alternatives are shown in figures of the report. 
[18] 
 
In practice these types of coolers are placed at the bottom of the gasifier and they are used to 
cool down the produced hot syngas. This hot syngas is then further sent to the sulphur removal 
unit. Syngas from the gasifier enters the cooler at around 1400°C and it is cooled down to 
conditions of approximately 700°C. In the next step the cooled syngas is passed through the 
convective syngas cooler which resembles the shell and tube heat exchanger. [20] 
 
The hot syngas from the gasifier section enters at the top of the radiant syngas cooler. In such 
type of coolers, there are tube bundles that are arranged in a cylindrical manner, behaving as 
a wall. The syngas flows along the length of these tubes and then enters the slag pool which 
is placed at the bottom of the cooler. Further, the syngas flows in the upward direction along 
the outside of the wall and exits at the top of the cooler. [20] 
 
The cooler is placed in a vertical position and it is consider to behave as the pressure vessel. 
The syngas at very high temperatures is corrosive. So, the material of construction which can 
be used is made of specialized refractory bricks with zirconia, alumina and chromium oxide 
placed at the top of the cooler. In addition coating of Haynes HR-160 alloy is recommended 
for the tubes and the walls of the cooler according to the literature. [20] 

4.8 Heat recovery steam generator (HRSG) 

The main function of the HRSG is to recover heat from the fuel gases coming out of gasifier. 
The temperature of the incoming fuel gas stream is around 900°C. The main components of 
HRSG are economizer, evaporator and superheater. They perform functions such as 
preheating of feedwater, boiling and the superheating of dry steam respectively. The flow of 
steam and the gases to be cooled occurs in the counter-current manner. In this type of 
arrangement pinch point difference between the hot and the cold stream plays an important 
role in the process of efficient heat transfer. The types of HRSG are mentioned in the following 
section.  

4.8.1 Fired and unfired 

The steam generated in the HRSG can be used for driving a steam turbine. The load condition 
of the primary heat source (syngas) can affect the production of desired amount of steam 
generation. So, in some types of HRSGs there is a provision of separate fuel burners at the 
inlet duct of HRSG, where the same fuel is used for burning to avoid extra supply of heat 
source.  

4.8.2 Single and multiple pressure operation 

The HRSG operating at a single pressure level are usually smaller, less complex and have lower 
operating cost. On the other hand the ones working at more than one pressure levels are 
larger in size, designed for higher efficiency and more heat recovery.  

4.8.3 Horizontal and vertical 

Depending on the position of the waste heat gas flow, the HRSG can be either horizontal or 
vertical. The advantages and disadvantages of both are given below: 
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Table 4-3 Comparison of horizontal and vertical HRSG 

Horizontal HRSG Vertical HRSG 

It requires 30% larger floor space It requires less floor space 

Needs more number of expansion joints Needs less number of expansion joints 

Simple structure Complex in structure 

Maintenance is difficult  Maintenance is easy 

 
The technical design selection criteria and final choice for further evaluation of syngas cooling 
system is discussed in the following chapter.  

4.9 Selection of syngas cooling method 

In this section various methods for syngas cooling were presented. It can be seen that the 
syngas cannot be cooled to the desired temperature in one step from very high temperatures 
like of 1200°C. Also, one needs to consider the complexity of the process and cost of recycling 
of syngas. In the case of recycle gas quench and water quench exergy is destroyed which can 
be utilized in the Rankine cycle. From the horizontal and vertical heat recovery steam 
generator it is recommended to use vertical HRSG due to less maintenance and less floor 
space. Considering the main idea of cooling hot syngas, in the first step it can be cooled to 
around 900°C with a radiant syngas cooler. Further, it is possible to cool this hot syngas to dew 
point temperature corresponding to exit of steam boiler. The steam boiler consists of three 
parts- superheater, evaporator and economizer. This kind of system will be presented in more 
detail in the next chapter.  

4.10 Detailed analysis of syngas cooling 

On the basis of the previous selections about the possible alternatives about the syngas 
cooling methods and electricity generation via small scale steam turbines, it is necessary to 
decide design criteria for these equipments. 
 
For a preliminary design a test case of syngas flow with temperature of 1200°C, mass flow rate 
of 0.66 kg/s, water content of 44.4 vol% is studied. Later the design is extended to 
investigation of maximum and minimum heat delivery from the syngas. The cooling of syngas 
is done slightly above the dew point. For this study the steam turbine from Siemens SST-040 
is chosen. For the operating conditions of the steam turbine refer Table 4-1.  
 
When cooling syngas main idea is to use the available sensible heat to produce electricity and 
steam for biomass injection. The three configurations for the power production via syngas 
cooling are explained in the following paragraphs: 

4.10.1 Option 1: Radiant syngas cooler 

As shown in Figure 4-2, syngas enters the high temperature steam boiler and is cooled to 85°C. 
It means there is a convective heat transfer in economizer, but radiant heat transfer is 
negligible at 85°C. Here, radiant cooler also acts as a superheater of the steam boiler.  
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Figure 4-2 Basic process scheme with radiant syngas cooler 

 
Due to heat transfer from syngas, water after the pump is converted to superheated steam 
with conditions 400°C and 40 bar. The pressure at the exit of the steam turbine is reduced to 
0.1 bar, which is also set by the conditions of the condenser. In the condenser vapor-liquid 
mixture is converted to saturated liquid at 45°C and pressure of 0.1 bar, assuming no pressure 
drop across the condenser. Further saturated liquid is pumped to pressure of 40 bar, and then 
it enters the heat recovery steam generator in the counter-current fashion. In the steam boiler 
heat is transferred from the hot syngas and water becomes steam at 400°C. This steam is 
expanded in a steam turbine producing electricity. For the simplicity in calculation syngas is 
assumed to have same properties as air.  

 
Table 4-4 Thermodynamic details of the process scheme with radiant syngas cooler 

Syngas 
(SG)/ 
Water 
(W) 

Characteristic  
points from 
the process 
scheme 

Temperature 
T (°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
S  
(kJ/kg°C) 

Mass 
flow 
�̇� 
(kg/s) 

Energy 

(�̇�) 
 (kW) 

Quality 
of steam  
x (-) 

SG 1 1200 1.0 2818.0 7.43 0.66 1860.0 - 

SG 2 85 1.0 1144.0 5.88 0.66 755.0 - 

SG 9 1063 1.0 2589.0 7.31 0.66 1709.0 - 

SG 10 604 1.0 1640.0 6.82 0.66 1082.0 - 

W 3 45 0.1 188.4 0.64 0.36 68.9 x=0 

W 4 45 40.0 192.4 0.64 0.36 70.4 - 

W 5 400 40.0 3213.0 6.77 0.36 1175.0 - 

W 6 45 0.1 2223.0 7.03 0.36 813.1 x=0.85 

W 7 250 40.0 2801.0 6.06 0.36 1024.0 x=1 

W 8 250 40.0 1087.0 0.64 0.36 397.6 x=0 

 
Table 4-4 shows the thermodynamic details of the characteristic points of the process scheme 
shown in Figure 4-2. It can be seen from the above table that the power output is in the range 
of required power of 250-300 kWe as set by the steam turbine. The Rankine efficiency, Carnot 
efficiency and second law efficiency are 32%, 52% and 62% respectively. As superheater is an 
integral part of radiant cooler, temperature of 1063°C is reached at the end of superheater. 
But, further radiant cooler cools the syngas up to 900°C. In the analysis of a thermodynamic 
process it is important to determine the energy losses. These losses are determined by plotting 
Sankey diagram. Moreover, it is very important to check if energy is conserved at each unit 
operations according to the first law of thermodynamics.  
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Figure 4-3 Sankey diagram for process with radiant syngas cooler 

 
In Figure 4-3, the width of the arrow indicates the amount of energy in (MW). It is also possible 
to show the percentages of the total energy coming in. In Sankey diagram the amount of 
energy at each characteristic point can be determined by the following formula: 

𝐸 = �̇� ∙ ℎ (4-1) 
 
Where, 𝐸 = Energy, �̇� = Mass flow and ℎ = Enthalpy 
In Sankey diagram, for all options energy content of hot syngas at inlet is considered to be as 
100% and the remaining streams are calculated based on this total heat input. In addition, the 
work required by the pump is very low compared to the power produced by turbine. Also, the 
losses at condenser are high, but this energy loss is at very low temperature. The amount of 
heat entering the system is 1105 kW and the net work done is 360 kW.  
 
In the combined thermodynamic cycles the heat is transferred from one cycle to other via high 
temperature steam boiler (heat exchanger). Here the heat is transferred from the hot syngas 
to water in a counter-current manner in order to generate steam. Pinch point is defined as the 
location at which the smallest temperature difference between two streams exists.  

 
Figure 4-4 Pinch analysis for process with radiant syngas cooler 

In Figure 4-4, pinch analysis for radiant syngas cooler is shown where the values in brackets 
indicates temperature and heat respectively. Heat and temperature are plotted on X and Y 
axis respectively. For the study purpose the system is divided into three zones- (a) superheater 
(b) evaporator and (c) economizer. For each zone heat balance is made assuming that all the 
heat from the hot syngas is completely transferred to the water stream. 



Integrated steam cycle with pyrolysis and gasification 

46 
 

Hot syngas and water flows in a counter-current direction in a steam boiler, they are shown 
with red and green colors and arrows showing orientation of streams. Different points shown 
corresponds to streams in the process diagram shown in Figure 4-2. In the process pinch point 
always exist but it is important to have smallest temperature difference of 20°C. This is 
because in order to achieve some more heat transfer a lot more heat transfer area would be 
required. So it is not economic to have small pinch.  

4.10.2 Option 2: Water quench 

As shown in Figure 4-5, the first step cooling can occur in a water quench, where water is 
sprayed at ambient conditions in the flow of hot syngas. The amount of water required is 
based upon the temperature at the inlet of steam boiler. In this case the temperature is fixed 
to 900°C.  

 
Figure 4-5 Process scheme of syngas cooling with power production with water quench 

 
The high temperature steam boiler is a part of Rankine (steam) cycle. In this case hot syngas 
enters at 1200°C and is cooled down to 900°C in a water quench before entering HRSG. Here, 
the exit temperature of the boiler or the dew point temperature of point 2 in the process is 
90°C, which is slightly higher than the radiant cooler because of higher water content.  
 

 
Figure 4-6 Sankey diagram for process with water quench 



Integrated steam cycle with pyrolysis and gasification 

47 
 

Figure 4-6 shows Sankey diagram of option 2. It can be seen that the energy input from the 
external addition of water is only 0.3% of the total energy at the inlet of the steam boiler. The 
power output of the turbine is 15.8% of the total energy. Moreover, the amount of energy left 
at the end of economiser is higher than that of option 1 because here it is cooled to 90°C 
instead of 85°C and mass flow of syngas is slightly increased. The exit temperature of the 
syngas from economizer is 5°C higher than previous option depending on water content in the 
syngas (i.e. dew point temperature). 

4.10.3 Option 3: Recycle gas quench 

The process scheme of this option with recycle gas quench is shown in Figure 4-7. The cooled 
syngas at the end of the steam boiler is recycled and mixed with the hot syngas stream 1. The 
amount of recycle gas required is based upon the temperature at the inlet of steam boiler. In 
this case the temperature is fixed to 900°C similar to water quench. 

 
Figure 4-7 Process scheme of syngas cooling with recycle gas quench 

 
The syngas is cooled from 900°C to 85°C at the exit of the boiler which is similar to that of 
option 1. The exit temperature if syngas at the end of boiler are same of options 1 and 3 
because of similar water content.  
 

 
Figure 4-8 Sankey diagram for process with recycle gas quench 
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Sankey diagram shown in Figure 4-8 is different to that of option 2 with an additional gas 
condensate system (economizer) at the end. The amount of energy left at the exit of the 
economiser is similar to that of option 1 because of similar end temperatures.  

4.11 Assessment of best option 

After analyzing the three possible ways of cooling with the average conditions of syngas, it is 
necessary to compare them on certain parameters for selecting the best option. This 
comparison is shown in Table 4-5.  
 

Table 4-5 Parameters for comparison of three options for syngas cooling 
Parameters Radiant Cooler 

(Option 1) 
Water quench  
(Option 2) 

Recycle gas quench  
(Option 3) 

Power output (kWe) 360 (+) 296 (-) 360 (+) 

ηRankine (%) 32 (+) 32 (+) 32 (+) 

Water mass fraction at the end of the boiler + - + 

Sensible heat extracted from syngas + -- - 

Pinch point  ++ + + 

Flexibility - + + 

Cost -- + + 

Note: + and – signs are for favorable and unfavorable parameter for the options 

 
In Table 4-5 parameters like fouling, corrosion, pressure drop and maintenance have similar 
effect for all the three options. On the basis of the comparsion it was found that the recycle 
gas quench has more advantages compared to the other two possibilities. Thus, option of 
recycle gas quench is considered for further study. In the following study case 3a (max case of 
Torrgas) and case 3b (min case of Torrgas BV) are evaluated for the recycle gas quench. The 
differences in these cases is the conditions of syngas and inlet steam conditions of steam 
turbine.  

4.11.1 Case 3a 

The process scheme for this option is similar to that of option 3. Temperature and pressure 
are similar to that of average case. The mass flow of the hot syngas is lower by 10% than that 
of the average case. The mass flow of hot syngas is 0.6 kg/s, water content in syngas is 24.4 
(vol%) and hot syngas temperature is 1200°C. 

 

Figure 4-9 Sankey diagram for process with recycle gas quench for case 3a 
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Sankey diagram for case 3a is shown in Figure 4-9. Energy of recycle gas is lower than that of 
the average case. 

4.11.2 Case 3b 

The process flow diagram of this case is similar to that of option 3. Temperature of hot syngas 
is 1500°C whereas mass flow of hot syngas is 0.66 kg/s. The water content in syngas is 44.4 
(vol%). The amount of flow of recycle gas is obtained such that the temperature of the stream 
8 at the inlet of the steam boiler is 900°C. Further, the syngas is cooled to 85°C at the exit of 
the boiler depending on the water content of the hot syngas.  
 

 
Figure 4-10 Sankey diagram for process with recycle gas quench for case 3b 

 
Sankey diagram for the investigated case is shown in Figure 4-10. Energy of recycle gas is 
higher than that of the case 1. The pinch point analysis is presented in Figure 4-11.  

 
Figure 4-11 Pinch point analysis of recycle gas quench for case 3b 

 
The explanation of the pinch analysis is similar to that of option 3.  
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4.12 Green Turbine case 

To compare the electrical efficiency of Siemens and Green turbine the following calculations 
have been performed. The investigated test case is recycle gas quench and see section 4.5.3 
for details.  
 
Table 4-6 Thermodynamic details of the process scheme with recycle gas quench for Green 
Turbine 
Syngas 
(SG)/ 
Water 
(W) 

Characteristic 
points  

Temperature 
T  
(°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
s 
(kJ/kg°C) 

Mass 
flow  
�̇� 
(kg/s) 

Energy 

(�̇�) 
(kW) 

Quality 
of 
steam  
x (-) 

SG 1 1200 1.0 2818.0 7.43 0.66 2291.0 - 

SG 2 85 1.0 1144.0 5.88 0.93 1498.0 - 

SG 7 85 1.0 1144.0 5.88 0.27 691.2 - 

SG 8 900 1.0 2325.0 7.16 0.93 2982.0 - 

SG 9 85 1.0 1144.0 5.88 0.66 806.9 - 

SG 12 877 1.0 2290.0 7.13 0.93 2279.0 - 

SG 13 285 1.0 1413.0 6.33 0.93 1938.0 - 

W 3 45 0.1 188.4 0.64 0.41 92.5 x=0 

W 4 45 12.0 189.6 0.64 0.41 94.5 - 

W 5 220 12.0 2864.0 6.69 0.41 1578.0 - 

W 6 45 0.1 2570.0 8.13 0.41 1092.0 x=0.995 

W 10 188 12.0 2784.0 6.52 0.41 1376.0 x=1 

W 11 188 12.0 798.7 2.22 0.41 534.0 x=0 

 
Table 4-6 shows the thermodynamic details of the characteristic points of the process similar 
to that of option 3. Due to similar amount of sensible heat to that of cases 3a and 3b, it will 
affect the amount of recycle gas flow, power output and the mass flow in the Rankine cycle. 
In addition, Rankine, Carnot and second law efficiencies are 10%, 35% and 30% respectively. 
These efficiencies are lower compared to case 3a and case 3b as inlet steam conditions to the 
turbine are different and also the exhaust steam quality is higher. For the power output of 121 
kWe it is necessary to have 8 Green Turbines and an additional for backup.  

 
Figure 4-12 Sankey diagram for process with recycle gas quench for Green Turbine 
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Sankey diagram for case 3a is shown in Figure 4-12. The work netto in the case of Green 
turbine is 121 kW while that in case 3a and 3b is 296 kW and 484 kW respectively. Moreover, 
in case 3a and case 3b steam turbine from Siemens is used. The work netto of Green turbine 
is lower compared to case 3a and case 3b because the inlet steam conditions for both Siemens 
and Green turbine are different. In Figure 4-13, pinch point analysis for Green turbine is 
shown.  

 
Figure 4-13 Pinch point analysis of recycle gas quench for Green Turbine 

 
The pinch point temperature difference is observed between points 13 and 11 of about 97°C 
and it is higher than assumed minimum of 20°C, which is accepted.   

4.13 Conclusion and recommendation 

The final process for the production of electrical power via cooling of hot syngas is chosen to 
be recycle gas quench. The selected system should generate power in the range of 250-300 
kWe.  
 
From the analysis it is proved that in the case of recycle gas quench it is better compared to 
other mentioned methods of cooling because there is more heat transfer and the temperature 
difference between hot and cold stream is lower and in acceptable limits. On the basis of the 
power output of the system recycle gas quench delivers more power compared to water 
quench. The efficiency of steam turbine from Siemens is higher than that from Green Turbine. 
 
Based on the literature survey and calculations for different cases it is recommended for 
Torrgas to use the method of recycle gas quench for power production. In addition, it is better 
to use steam turbine from Siemens instead of that from Green turbine. In case of Green 
turbine, it is required to have 8 turbines and 1 extra for backup. The power output from steam 
turbine from Siemens is 360 kWe, more than that from Green Turbine which is 121 kWe. More 
power production is interesting for Torrgas as it generates more profit. Finally, Rankine cycle 
efficiency for chosen recycle gas quench with Siemens turbine is 32%, while that with Green 
turbine is 10%. Hence, power production with steam turbine from Siemens is selected for 
Torrgas process.   
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5 BIOCHAR APPLICATIONS AND PRODUCTION OF ACTIVATED 
CARBON  

The main objective of this study is to find the way to increase the economic value of the 
biochar produced in the pyrolysis unit of Torrgas. This goal can be achieved after studying 
various aspects. First is the physical and chemical properties of the char for different 
applications. And the second is the selling price of the char used for the applications. In the 
beginning various applications of char are described. Based on the profitability and physical 
and chemical properties of char for various applications, activated carbon is chosen for further 
study. Various properties of the activated carbon are also given depending on the type of 
activation process. In order to get more insight about the economics of the activated carbon, 
it is necessary to get an overview of the technical feasibility of the process of producing 
activated carbon.  

5.1 Applications of char 

Char is the by-product from the pyrolysis unit in the current Torrgas process. The main 
objective of this research also to find possible profitable applications of char. Several 
applications of biochar are [21]: 

 Increase soil fertility  

 Metal industry (Metallurgical coke) 

 Energy industry (Briquettes, petcokes) 

5.1.1 Increase soil fertility  

There is a positive effect of biochar on the yield of crops provided the soil is acidic and on the 
other hand has negative effect on non-acidic soil. It is still difficult to conclude that biochar 
enhances the fertility of the soil. In case of its positive effect then there is an additional 
advantage of carbon capture. The application of biochar is not yet commercialized and also it 
is not seen as a product to use in the field of agriculture. [21] 

5.1.2 Briquettes 

Briquettes are the dense form of biomass. These can be used as fuel in kilns or industrial 
boilers. Biomass is made compact in the machines like piston press and screw compaction. 
The quality of the briquettes is measured on the basis of its energy content, as it is used as 
fuel. The briquettes should have the minimum energy content of 18 MJ/kg [21]. There are 
various standards applied for briquettes, but the important ones are DIN 51731 and the Ö-
Norm M7135, which are mentioned in Table 5-1.  
 
The selling price of briquettes in Europe is 230 €/ton when used for domestic heating [21]. 
When used for industrial boilers the prices is in the range of 100-200 €/ton [21]. While doing 
economic evaluation it is important to consider the investment cost of additional compacting 
equipment to produce briquettes. The market size of briquettes in Europe was about 12 
million tonnes in 2012 and it is increasing [21].  
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Table 5-1 DIN and Ö-Norm standards for briquettes [21] 
 DIN 51731 Ö-Norm M7135 

Material (wt%) Wood/bark Wood Bark 

Moisture (wt%) <12 <10 <18 

Ash content (wt%) <1.5 <0.5 <6.0 

Heating value (MJ/kg) 17.5-19.5 (dry, ash free) >18 >18 

Density (kg/dm3) 1.0-1.4 >1.0 >1.1 

S (wt%) <0.08 <0.04 <0.08 

Cl (wt%) <0.03 <0.02 <0.04 

N (wt%) <0.30 <0.30 <0.60 

5.1.3 Cokes 

The cokes are used as fuel for the smelting ovens and reducing agents for minimizing oxidation 
losses of metals. Cokes are rich in carbon and there are various types of cokes depending on 
the way they are produced and their applications [21].  

5.2 Char properties 

The properties of the char produced from the pyrolysis process can be obtained from the 
experiments conducted at the University of Twente. These properties can be compared with 
the char quality required for various applications as mentioned before.  

 
Table 5-2 Comparison of properties of biochar and that for different applications [21] 

 Briquettes Metallurgical 
coke 

Fuel 
grade pet 
coke 

Calcinable 
pet coke 

Biochar  Requirements of 
feed for 
activation 

Fixed carbon 
content (wt%) 

- >80.0 >87.7 >85.0 76.7 >82 

Volatile matter 
(wt%) 

- <1.0 <11.0 <12.0 14.5 <10 

Ash content (wt%) <1.5 (wood) 
<6.0 (bark) 

<12.0 <0.3 <0.45 8.8 <4 

Cl content (wt%) <0.03 - - - 0.07 - 

S content (wt%) <0.08 <0.9 <7.5 <2.5 Negligible - 

N content (wt%) <0.3 (wood) 
<0.6 (bark) 

- - - 0.8  

Compressive 
strength (MPa) 

- 15.0 - - Unknown - 

Reactivity/surface 
area 

- Low - - Unknown - 

Electrical resistivity - - - Low Unknown, 
expected low 

- 

Porosity - Low - - Low High 

Density (kg/dm3) >1  - - - 0.29 (bulk) - 

Heating value 
(MJ/kg) 

>18 - - - 29.0 - 

Price (€/tonne) 230 (heating) 
100-200 
(boilers) 

265  
(blast furnace 
coke) 

75  
(4.5% S) 

200-400 300 - 

 
From the master thesis report of Ester [21], it was found that the char produced at higher 
temperatures are of higher quality i.e. higher fixed carbon content and higher heating value. 
This type of char is produced at 700°C from the raw feed T2B (supplied from the company 
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Topell energy for Torrgas process). The properties of the char are presented in the table below 
excluding the mineral content. There is very small amount of sulphur, chloride, magnesium 
and silica. The amount of chloride was reported as 0.07 wt% of total mass of char. The 
proximate and elemental composition of char produced is shown below. [21] 
 
From  
Table 5-2 it can be seen that biochar formed in Torrgas process is having higher price (300 
€/ton) compared to briquettes, metallurgical coke, fuel grade pet coke and calcinable pet 
coke. This means that only option to upgrade biochar is to activate it and increase the selling 
price to generate profit.  

5.2.1 Activated carbon feed 

Biochar is the by-product of process of pyrolysis of biomass. Fast pyrolysis is the process of 
thermal degradation of organic materials in an inert conditions, yielding three components- 
organic liquids, gases and char. The char produced from this process does not have well-
developed porous structure, which needs to be enhanced further by activation process. [22] 
 
The usage of lignocellulosic biomass based activated carbons for pollution control is an 
important step of solving environmental issues. Lignocellulosic biomass comprises of three 
main components- cellulose, hemicellulose and lignin. From these there components lignin 
plays an important role in the adsorbing characteristic of activated carbons. [23] 
 
Activated carbon is used in various industrial applications such as chemical production 
process, refineries, waste water treatment, adsorption of volatile organic compounds, gas 
cleaning. The main characteristics of activated carbon which plays an important role for these 
applications is high internal surface area, high surface reactivity, pore size. [24] 
 
The char produced from the pyrolysis process can be treated by using a physical or a chemical 
process at various temperatures to produce different quality of activated carbon depending 
on their final usage. [24] 

5.2.2 Properties of activated carbon 

The activated carbon is characterized into different categories based on physical and chemical 
properties. The physical properties are moisture, ash content, pore structure and surface area. 
The main chemical characteristics are the specific surface area and surface chemistry such as 
moisture content, catalytic properties, acid-base character and adsorption capacity. [23] 

5.2.3 Factors affecting production of activated carbon 

The properties of activated carbons are influenced by the following factors [23]: 

 Properties of the source material- these are materials like coal, organic polymers, 
lignocellulosic bio-feedstock. 

 Activation time- physical, chemical or mixed of both. Carbonization and conditions for 
activation such as heating rate, time, temperature, etc. 

 
Operating conditions- impregnation ratio, impregnation time, etc. The ash content of the 
biochar is too high. The char is less porous but porosity can be increased if the feedstock is not 
pelletized. 
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5.3 Modifications of char properties 

From the previous discussion on the properties of the char compared to the requirements for 
different applications, it is found that ash content and volatile matter are important. Now, it 
is necessary to consider the processing steps to improve these properties and make it 
applicable for desired applications. 

5.3.1 Ash content  

It is possible to reduce the ash contents either by selecting feedstock with less ash or by water 
leaching. By using feedstock with lower ash content will decrease the char yield. In the other 
method of water leaching water soluble ash contents can be removed. Some acidic oils 
produced during pyrolysis process can be used to remove alkali ions from biomass. From the 
experiments of Ester [21]  for water leaching it was found that there is 12% decrease in ash 
contents. The important ash content is silica and it is insoluble in water, so acids like 
hydrochloric acid can be used but it is dangerous.  

5.3.2 Volatile matter 

The fixed carbon content can be increased by two methods: (a) slow pyrolysis at low 
temperatures (200°C-300°C) and (b) fast pyrolysis at high temperature (600°C) without 
reduction in the char yield. In order to increase the fixed carbon content, char yield should be 
reduced. In the carbonization process temperatures can go high up to 500°C and the fixed 
carbon content of 75% is obtained. It is possible to reduce volatile matter still at higher 
temperatures of about 900-1000°C. The fixed carbon content is increased during the 
carbonization process. This can be done by two methods: (a) External and (b) internal heat 
source. In the first option indirect heating is used and in the second option part of the product 
is burnt. It should be noted that as the amount of volatile matter decreases, fixed carbon 
content and ash content increases. 

5.4 Production of activated carbon 

One of the main steps for the activation process is the activation process itself. The operating 
conditions of each activation process affects properties like BET surface area, pore volume and 
yield of the activated char product. [22] 

5.4.1 Carbonization 

The first main step in the process of producing activated carbon is carbonization. In this step 
dehydration of raw material takes place and dust and volatile substances are removed by 
heating carbon in the absence of oxygen. The main aim for this step is to retain the 
carbonaceous characteristic of activated carbons. It happens in the temperature range of 400-
850°C. [23] 
 
It happens in three stages- in the first stage of the process water is evaporated at 30-200°C. 
The next stage is the primary pyrolysis in the temperature range of 200-500°C. Here, gases 
and tars are produced due to removal of volatile material and the loss in weight. In the final 
step the strengthening of char structure occurs from 500-850°C. There is small decrease in the 
bulk density with the increasing temperature of carbonization and also loss in weight. This 
implies contraction of the precursor material. The contraction happens till above 500°C as the 
density is slightly increases in the last stage. [23] 
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On decreasing the temperature of the carbonization process the yield of activated carbon 
increases in the activation process. The surface area of 700-1250 m2/g and higher pore volume 
is obtained in this process. At higher temperatures of 500-700°C in the carbonization process, 
the fixed carbon content of activated carbon is increased but it destroys the structure. Because 
of this the surface area of activated char is very low (50-350 m2/g) and lower pore volume. 
The range of surface area of activated char is 650-2010 m2/g. In addition, another parameter 
to measure the quality of activated char is its iodine number. It is quantified from the amount 
of iodine adsorbed by 100 mg of char. The iodine number of the activated char is around 1000. 
[21] 

5.4.2 Physical activation 

In the first step by carbonization non-carbon species are removed and char is produced with 
higher carbon content. The internal surface area of char is low because the pores are occupied 
by tars. The char does not have a developed porous structure. In the next step of physical 
activation, a high temperature activation by oxidizing agents such as steam or CO2 is 
performed. By doing so activated carbon is produced with higher pore volume. More pores 
are developed due to the penetration of oxidizing agent into the internal structure of char. In 
addition, due to reaction and removal of carbon atoms pores become more wide and 
accessible. [25] 
 
The reactions involved in the physical activation are endothermic. In order to maintain the 
reaction temperature it is required to have external heat source like furnace. In the case of 
steam activation, two more reactions are possible. At higher temperatures water-gas shift 
reaction can occur on the surface of the carbon [25]. The second reaction that occurs is 
methanation. These two reactions are exothermic, but the water-gas shift reaction takes over 
compared to methanation and so the overall process is endothermic. [25] 
 
It is not recommended to use oxygen as an oxidizing agent due to highly exothermic reaction 
between carbon and oxygen. It is difficult to control the process temperature and hinders the 
production of pores because of external burning of carbon. [25] 
 
Catalysts that can be used for the physical activation process compounds of alkali and alkaline 
earth metals, iron, manganese, aluminum, etc. These compounds aids in the development of 
different pore structure. For e.g. iron nitrate (<0.5 wt% Fe) produces mesopores and 
macropores. Basic compounds such as alkali hydroxides or carbonates of potassium and 
sodium produces micropores, whereas transition metals and alkaline earth metals develops 
mesopores. [25] 
 
Components like CO and H2 inhibits the steam activation process. In practice, small amount of 
air is introduced at various points in order to get rid of these inhibitors and hence to provide 
the heat necessary for activation. In the steam activation process first the inaccessible pores 
are opened in char and then micropores are developed. This is followed by widening of 
micropores which develops meso-and macropores and reduction in development of 
micropores. On the other hand activation with CO2 develops only micropores. [25] 
 
Further physical activation can be carried along with pyrolysis in one step. But, two-step 
process is recommended for the biomass with high carbon content. [25]  
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5.4.3 Chemical activation  

This is another option for production of activated carbons. From the literature survey it was 
found that operating conditions such as temperature and heating rate affects the micropores 
distribution size to some extent. The process scheme for chemical activation is depicted in 
Figure 5-1. The most common chemical activating agents used are potassium hydroxide, 
phosphoric acid and zinc chloride. The mechanism happening during the chemical activation 
is not clear compared to physical activation. [25] 
 

 

Figure 5-1 Process flowsheet for chemical activation process [25] 

However, it is found that the activating agent dehydrates the sample, inhibits tar formation 
and evolution of volatile matter and therefore enhances the yield of the carbonization. After 
the precursor (biochar) is impregnated with chemical activating agents, consequently heating 
this mixture removes the impregnating agent by washing with acid/base and water. The 
accessibility of pores is increased due to washing and by removing the impregnating agent and 
its salts. The disadvantage of this type of activation is that it requires recovery step for 
chemical agents. [25] 
 
Chemical activation takes place at a lower temperatures of about 300-500°C. One of the main 
advantages of this type of activation over physical activation is lower temperature and shorter 
time for activation. Moreover, the yield of carbon is higher [24]. The disadvantage of this 
method is that it requires additional chemicals so extra costs for the process.  
 
In the chemical activation process, the BET surface area increases on increasing the 
temperature of activation and flow rate of nitrogen. In addition, increasing the mass ratio of 
chemical activating agent to char up to a certain limit has the same effect. [22] 
 
Physical or steam activation is highly exothermic process. The excess energy can be utilized to 
produce steam, which can be utilized as process steam. Physical activation is chosen for 
further consideration despite its higher temperature and energy requirement. Water is chosen 
as an oxidizing agent because of its lower cost and environmental impact. [26] 
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5.5 Properties of activated carbon for different applications 

In Table 5-3 different properties are set for activated carbon based on activation agent in 
physical activation process.  

Table 5-3 Physical properties of biomass based activated carbons after physical activation 

[27]  

 Activated carbon  via 
CO2 activation 

Activated carbon via 
steam activation 

Calgon BPL 

BET surface area (m2/g) 1100 1000 1100 

Total pore volume 
(cm3/g) 

0.48 0.53 0.50 

Micropore volume 
(cm3/g) 

0.40 0.38 0.46 

Average micropore 
width (nm) 

0.93 0.89 1.40 

Narrow micropore 
volume (cm3/g) 

0.35 0.33 0.22 

Average narrow 
micropore width (nm) 

0.78 0.74 0.70 

Particle size (mm) 1-3 1-3 2-4.75 

Apparent density (g/cm3) 0.53 0.64 0.83 

 
From steam and CO2, steam is chosen as physical activation agent as it is already produced in 
the process itself. In Table 5-3 the properties of activated carbon produced via physical 
activation by CO2, steam and that from commercial supplier Calgon are compared. In the 
following table properties of activated carbon for different applications are given.  

Table 5-4 Suggested standards for different applications of activated carbon [28] 

Standard Iodine value 
(mg/g) 

Water 
soluble ash 
(%) 

Total ash 
(%) 

N2 BET 
specific 
surface area 
(m2/g) 

Pore 
volume  
(ml/g) 

Apparent 
density 
(g/ml) 

Solvent 
recovery [28] 

>1000 <15.0 <20 >1000 >0.4 >0.3 

Pharmaceutical 
application 
[28] 

>1000 <0.1 <0.1 >1500 >1.0 >0.2 

High quality 
water 
purification 
[28] 

>800 <4.0 <7 >500 >0.4 >0.36 

Flue gas 
cleaning  

800 [29] - 15 [30] 800 [29] 0.2 [30] - 

Supercapacitor 
[28] 

>1000 <0.1 <0.1 >1500 >1.5 >0.2 

 
From Table 5-3 and Table 5-4 and previous discussions, for water treatment applications it is 
possible to reach required BET surface area of up to maximum of 1000 m2/g by physical 
activation (using steam) mentioned in Table 5-3, i.e. higher than 500 m2/g. The pore volume 
that can be reached by physical activation up to 0.53 cm3/g which is higher than required of 
0.4 cm3/g. The ash content can be reduced to less than 7 wt% via water leaching. For 
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pharmaceutical and supercapacitor applications, it is difficult to reach BET surface area as 
maximum that can be reached by steam activation is around 1100 m2/g (activated carbon 
type-Calgon BPL). In addition, it is difficult to reach pore volume greater than 1 and 1.5 for 
pharmaceutical and supercapacitor respectively.   
 
From Table 5-4, based on iodine value, total ash content, BET surface area it is possible to 
reach grade of activated carbon suitable for applications such as solvent recovery and high 
quality water treatment. In addition to above mentioned properties for high quality water 
purification other property like particle size distribution for powdered activated carbon (PAC) 
is important. About greater than 99% particles passes through a sieve number 100 (i.e. 
nominal sieve opening of 0.149 mm), greater than or equal to 95% passes through a sieve 
number 200 (i.e. nominal sieve opening of 0.074 mm) and greater than or equal to 90% passes 
through sieve number 325 (i.e. nominal sieve size opening is 0.044 mm). Moreover apparent 
density is the range of 0.2-0.75 g/cm3. [31] 
 
For flue gas cleaning eventhough it is possible to meet specifications like iodine value, total 
ash content and BET surface area, it is not possible to meet pore volume as low as 0.2 ml/g) . 
In addition, pore volume is very important characteristics in the process of adsorption of 
impurities from gases. Hence, for further evaluation for manufacturing activated carbon 
suitable for solvent recovery and waste water treatment are considered. 

5.6 Process configurations for different applications 

The process configurations for production of activated carbon based on biochar of Torrgas 
process. The two applications chosen for activated carbon are- (a) high quality water 
purification and (b) solvent recovery, which are explained in the following paragraphs.  

5.6.1 Activated carbon for water treatment application 

The process scheme for production of activated carbon for water treatment application is 
shown in Figure 5-2: 
 

 

Figure 5-2 Process for upgrading biochar to activated carbon for water treatment 

application 
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In the beginning biochar is pulverized which increases the internal surface area. This makes it 
useful in the downstream processing steps. Further pulverized biochar is washed in a water 
washing column with water for reducing ash contents. After leaching the fixed carbon content 
can be increased from 76% to higher than 82%. Physical activation step is necessary to remove 
bulk volatile matter by using mild oxidizing agents like steam at 700-900°C. 
 
The steam required is produced from the combustible gases exiting the physical activation 
process. But, these gases are not enough to produce required quality of steam. So, an 
additional stream of fuel (or syngas) from the Torrgas process is added and combusted 
completely in the presence of air. The hot flue gases from the furnace enters the evaporator 
(heat exchanger) for the steam generation at temperatures higher than required steam 
temperature (i.e. 950°C). The water required is added at an ambient conditions and heat 
required for steam generation is available from the hot flue gases. The warm flue gases going 
out of an evaporator should be at temperature of around 90°C. The pressure of all the streams 
is at 1 bar.  
 
The amount of hot flue gases is determined from the mass and energy balance over the 
evaporator. The mass flow of combustible gases is 20% of the total production rate of 
activated carbon (assuming 80% yield of activated carbon from the biochar). Further, can be 
assumed that the main component of the combustible gases is carbon and its heating value is 
32 MJ/kg. The ratio of char to steam in the activation process is 1:1 (mole basis) 

5.6.2 Activated carbon for solvent recovery 

The process scheme for production of activated carbon for solvent recovery is shown below: 
 

 

Figure 5-3 Process for manufacturing of activated carbon from biochar for solvent recovery  

In the first step it is necessary to pulverize so internal surface area increases and it is 
advantageous for further downstream processing. After pulverization biochar is carbonized 
and activated in one unit. In the physical activation steam is chosen as an activating agent. The 
required steam is produced by evaporating water by extracting sensible heat of hot flue gases. 
During the activation processes combustible gases like CO, CO2, CH4, and ethylene are 
produced as by-product. The exact amount of these gases in unkown. These gases can be 
burnt in the furnace in the presence of air as an oxidizing agent resulting in hot flue gases. If 
the amount of combustible gases is not sufficient for steam generation, it is necessary to add 
externally gases or fuel to have enough energy to produce steam at required conditions. The 
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hot flue gas is used to increase the temperature of water inside the heat exchanger and steam 
is generated at required activation temperature of 700°C-900°C.  

5.7 Prices of activated carbon for various applications 

The cost of activated pecan shell carbon is 2.78 $/kg and of bagasse carbon is 3.12 $/kg. In 
Europe the price of activated carbon varies in the range of 0.7 $/kg-1.5 $/kg for water 
treatment application. For the application in the food industry, the cost is approximately 1.4 
$/kg-5 $/kg. The overall market size is 1.7 million tonnes and of this 0.2 million tonnes in 
European Union. [21] 
 
The prices for three types of activated carbons from many available in the market for 
application in waste water treatment and for high quality water reuse. Out of them three are 
from the company Norit, The Netherlands and one is from the company RWE power, Germany. 
The following table shows the characteristics of these adsorbents and their prices. [32] 

Table 5-5 Characteristics and prices of adsorbents [32] 

Adsorbent  Product  
Code 

Type of 
activated 
carbon 

Surface area 
(m2/g) 

Particle size 
d50 
(µm) 

Raw 
material 

Price 
(€/ton) 

Norit NRS GA 0.5-
2.5 

Granular 
(recycled) 

975 <45 (1300*) Diverse 1000 

Norit  NRS EA 0.5-
2.5 

Extruded 
(recycled) 

1000 <45 (1280*) Diverse 1500 

RWE LCD Lignite coke 
dust 

300 24 Lignite 350 

*indicates the size before grinding  

 
The operating costs of activated carbon for solvent recovery process without regeneration of 
used carbon is in the range of 600-1300 €/ton of physically activated carbon. In the solvent 
recovery process components like volatile organic compounds (VOC), H2S, NH3, metals, odour, 
dioxins, etc are removed. [33] 

5.8 Conclusion and recommendation 

There are various applications for the biochar produced in Torrgas process, but activation of 
biochar is chosen due to its higher price than current selling price of char. From various 
methods of production of activated carbon, physical activation is chosen compared to 
chemical activation due to extra investment for chemicals and also steam is readily available 
from the process. It was shown based on literature survey and process configurations for 
activated carbons that specifications for chosen applications are met. Firstly, it is possible to 
reach the required ash content can be reduced from 8.8% of untreated biochar to that for 
solvent recovery to <15% and for water treatment to <4%. Secondly, the total pore volume 
that can be achieved is 500 m2/g and 1000 m2/g for solvent recovery and water treatment 
applications. Further, the BET surface area (N2 based) achieved is in agreement with the final 
usage for both the applications i.e. 0.4 ml/g.  Finally, the selling price of activated carbons for 
solvent recovery and water treatment should be above 1000 €/ton, which is 800 €/ton higher 
than current selling price of biochar. Hence, from technical feasibility the application for high 
quality water treatment and solvent recovery are considered for Torrgas.  
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6 PROCESS ECONOMIC EVALUATION 

6.1 Objective  
The objective of this chapter is to do economic evaluation of the char activation process and 
power production. The process economics for solvent recovery is not considered. Based on 
the process configuration presented before if the process of char upgradation for water 
treatment application is economically viable, then the process for solvent recovery too. All 
capital investment is determined considering the major equipments. Further economical 
evaluations include calculations for profit, payback period (PBP), return of investment (ROI) 
and net present value (NPV).  

6.2 Economic evaluation for char activation  

The process scheme considered for the economic evaluation is outlined in the previous 
chapter of biochar activation. For the economic evaluation consider the following data given 
in Table 6-1 as the basis.  

Table 6-1 Basis for economic evaluation for char activation 

Parameter Values 

Percent yield of activated carbon (%) 80 

Annual operating days (days) 320 

Feedstock biochar (ton/yr) 3200 

Activated char yield (ton/yr) 2560 

Selling price of activated carbon (k€/ton of activated 
carbon) 

1.1 

6.2.1 CAPEX (Fixed capital cost) 

The total capital investment is calculated from the purchase cost of all process equipments 
calculated before using Lang factor from [34].  

Table 6-2 Distribution of Lang factor for solid-fluid processing plant 

 delivered-equipment cost (%) [34] 

Process equipment (bare module cost) 100 

Installation 39 

Instrumentation and controls 13 

Piping 31 

Electrical 10 

Buildings 29 

Yard improvements 10 

Service facilities 55 

Land 6 

Total direct plant cost 293 

Engineering and supervision 32 

Construction expenses 34 

Total and indirect plant costs 359 

Contractor’s fee 18 

contingency 36 

Fixed capital investment 413 

Working capital  74 

Total capital investment 487 
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With Lang factor the costs for the total installation and building of the plant is calculated for 
equipments. This method is 35% more accurate than order of estimate method. Guthrie 
method is not applied for the calculation of capital investment because it is only applied once 
the process design is optimized. In Table 6-2 the factors to be applied for the equipments for 
the building solid-fluid process are given. The fixed capital cost is determined in order to get 
an overview of the prices for the installed plant and running it. 
 
In the case of  prices from Towler and Sinnot method [35], equation (6-1) is used. Constants a, 
b and n are given for each type of equipment in Towler and Sinnott. S is a size parameter that 
has a lower and upper value between which the formula is valid. Ce is based in the US Gulf 
coast basis for January 2010 and is calculated in US dollars but then converted into Euros. 
  

𝐶𝑒 = 𝑎 + 𝑏 ∙ 𝑆𝑛 (6-1) 
 
For pulverizer and vibrating screens refer to the table 16.32 in the book of Seider, Seader and 
Lewin [34].  
 
The price of pulverizer is calculated based on the lower value of 200 for size factor S. The price 
of vibrating screens are based on the area of 0.55 m2 and applying the following formula given 
in the book [34]: 

𝐶𝑝 = 4600 ∙ 𝐴0.34 (6-2) 

 
In the above formula A is area of the screen. Further, the price of furnace is based on 
assumption that it is cylindrical. For the reactor price it is assumed that it is jacked vessel with 
a minimum volume of 0.5m3.  
 
The price of water leaching column is determined from its assumed geometry data i.e. average 
wall thickness = 8 mm, diameter = 0.5 m, carbon steel. The data for evaporator where steam 
for physical activation is generated are also assumed. The heated surface area is 30 m2 and 
material of construction is AISI 316L.  
 
The single stage centrifugal pump in the process requires very lower power. So, from the DACE 
price booklet [36] it is considered to have size of 125 mm, capacity of 6.3 m3/h, pressure of 5 
m, maximum power required is 0.55 kW and material of construction as AISI 316L. Similarly, 
for blower rotating speed in the range of 3000-1500 rpm is assumed with a suction capacity 
of 70 m3/h. 
 
It can be seen from Table 6-3 that furnace occupies the major cost of the capital investment. 
The contribution of reactor (jacketed, vessel) and water leaching column is also significant. 
The rest of the equipments are in the range of 3 to 6% of the total capital investment. 
 
The purchase equipment costs for the equipments is based on different methods depending 
on the availability of data. The Table 6-3 shows the purchase cost of the major equipments. 
The factor of 5 for capital investment is applied for calculating the equipment costs as shown 
in Table 6-3. This factor is applied to equipments such as furnace, fixed bed reactor, water 
leaching column and heat exchanger which require additional installation facilities. 
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Table 6-3 Purchased equipment costs 

Equipments Bare module costs (k€) Cost after Lang factor Percentage of total 
purchased equipment 
cost (%) based on Lang 
factor 

Pulverizer 9 9 5 

Furnace 72 360 44 

Single stage 
centrifugal pump, 
1450 rpm 

5 5 3 

Root blower 8 8 5 

Fixed reactor for 
activation 

24 117 14 

Water leaching 
column 

15 75 9 

Vibrating screens 9 9 5 

Heat exchanger 25 125 15 

Total CAPEX (k€)  700 (assuming plant 
life span of 1 year) 

 

 

6.2.2 OPEX (Production costs) 

Variable costs of the production are related to the rate of the plant operation and output. A 
higher production rate will give higher costs. The costs for utilities and raw materials are taken 
into account for the determination of the variable costs. These costs are calculated based on 
per ton of activated carbon (product) produced by utilizing respective utilities.  
 

The price of biochar is based on the current assumed selling price by Torrgas to the customer, 
which produces silicium carbide from sand and carbon carrier (petroleum coke). Moreover, 
the current process of Torrgas produces char with less sulphur content which saves on gas 
cleaning. This implies that the selling price can be higher, but it lies in the range of calcinable 
petroleum coke.  
 
The process water used in the process as a leaching agent to remove ash from biochar has 
very low effect on the overall process cost compared to other factors and so assumed to be 
zero. The electricity and natural gas prices is based on the website of Eurostat for the year of 
2015 and considering industry to be the final user.  
 
The price of syngas is assumed to be similar to that of natural gas as syngas is finally integrated 
into the Dutch natural gas grid after few treatment steps. In addition, the price of syngas is 
affected by the amount needed to be burnt in furnace and its net calorific value. The net 
calorific value is determined based on the average composition of syngas for two cases (max 
and min cases) from Torrgas. For the composition of these two cases refer to Appendix A. 
 
Finally, the price of liquid waste disposal is based on the waste water treatment required e.g. 
demineralization and taken from DACE price booklet [36]. This treatment cost is not much. 
The total variable costs includes the waste water treatment, but even if it is neglected does 
not have a significant effect on the economic evaluation. The variable costs are summarized 
in Table 6-4. Looking at the variable costs biochar (feedstock) contributes one-third of the total 
variable costs.  



Process economic evaluation 

65 
 

Table 6-4 Variable costs  

 Cost Annual rate Cost (k€/ton of 
activated carbon) 

Feedstock    

Biochar 300 €/ton 3200 ton      0.40 

Utilities    

Electricity (for pulverizer 
and vibrating screens) 

0.09 €/kWh 153600 kWh 0.01 

Fuel (syngas for external 
addition to combustion 
furnace) 

9 €/GJ 830 ton 0.03 

Total (k€/ton of activated 
carbon) 

0.44 

Note: Costs for liquid waste disposal and process water not mentioned as they are negligible 

 
The fixed costs are the costs made independent of the plant operating rate. These costs 
contain the operating labor costs. The total number of operating hours considered here are 
7680 hours. An overview of the total production costs of the proposed process plant is 
presented in Table 6-5 per ton of activated carbon.  

Table 6-5 Production costs of the proposed plant   

 Costs (k€/ton of activated carbon) 

Feedstock 0.40 

Utilities  0.04 

Maintenance  0.01 

Property taxes and insurance 0.02 

Depreciation  0.03 

Cost of manufacture (COM) 0.47 

Total general expenses (GE) 0.12 

Total production costs 0.60 

Note: Labor and operating overhead are zero 

 
From Table 6-5 it can be seen that there is no cost for operating labor, maintenance and 
operating overhead cost. This is because it is possible for Torrgas to operate the process with 
the current available staff and do not need additional people. 

6.2.3 Sales 

The revenue is given in Table 6-6. The selling price of activated carbon is based on its final 
application for high quality water purification.  

Table 6-6 Product revenue 

Product Sales price Production capacity Income (E) 

Activated carbon 1.1 k€/ton 2560 ton/year 2.8 M€/year 

6.2.4 Profit 

The annual profit is given as the difference of the total sales and the total production costs. 
This profit is before tax, but in the present study tax is not yet considered.  

𝑃𝑟𝑜𝑓𝑖𝑡 = 𝐸 − 𝑇𝑃𝐶 (6-3) 

In the above formula 𝐸= income after selling product, 𝑇𝑃𝐶= total production costs 
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6.2.5 Return on investment (ROI) 

It is calculated in order to indicate whether the project is profitable or not. The ROI is the 
annual interest made by the profits on the original investment. It is defined as following: 
 

𝑅𝑂𝐼 =
𝑛𝑒𝑡 𝑒𝑎𝑟𝑛𝑖𝑛𝑔𝑠 

𝑡𝑜𝑡𝑎𝑙 𝑐𝑎𝑝𝑖𝑡𝑎𝑙 𝑖𝑛𝑣𝑒𝑠𝑡𝑚𝑒𝑛𝑡 
=

(1 − 𝑡) ∙ (𝐸 − 𝑇𝑃𝐶)

𝐶𝐴𝑃𝐸𝑋
 (6-4) 

 
Where, t= tax rate 

6.2.6 Payback period (PBP) 

It is the time required for the annual earnings to equal the original investment. The definition 
of the PBP is given as follows, where D = depreciation: 

𝑃𝐵𝑃 =
𝐶𝐴𝑃𝐸𝑋

(1 − 𝑡) ∙ (𝐸 − 𝑇𝑃𝐶) + 𝐷
 (6-5) 

 

6.2.7 Cost summary of char activation  

Assumptions for the economic aspects of this project are mostly based on the determined 
capital investment cost and the production cost. Some of the conclusion based on the above 
evaluation can be drawn in the following table. 

Table 6-7 Cost summary of char activation 

Description  Values 

CAPEX (k€/year) 700 

OPEX (k€/year) 1500 

Return on investment (ROI) (%) 160 

Payback period (PBP) (years) 0.6 

Revenue after selling activated carbon (k€/year) 2800 

 
From the values in Table 6-7, it can be seen that CAPEX is very low compared to OPEX. It 
indicates that the process itself is simpler, but require more expenditure on operation. 
However, still the return on investment is 160% and payback period is quite less of 0.6 years. 
Furthermore, CAPEX changes with number of years of plant operation unlike OPEX. Hence, the 
overall process of char activation is economically viable.  
 
On considering the scenario of activated carbon for solvent recovery, selling price of activated 
carbon is found to be in the range of 600-1300 €/ton.  However, the selling price should be 
also above 1000 €/ton to have profitable process like that for high quality water treatment 
process.   

6.2.8 Net present value (NPV) of char activation 

One of the main key profitability indicators is net present value involving the discounted cash 
flows to present worth. It increases in value when a larger fraction of the total depreciation is 
taken in the beginning years of operation when the plant might be operating below full 
capacity and the discount factors are low. For this reason it is advantageous for the company 
to rapidly depreciate the capital investment in the early phase of the process. [34] 
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The net present value is calculated with the following formula [34]: 

𝑁𝑃𝑉 = ∑
𝐶𝐹𝑛

(1 + 𝑖)𝑛
− 𝐼0

𝑛=𝑇

𝑛=1

 
(6-6) 

 
 Where 
𝑇= number of years = 12, 𝐼0 = Initial capital investment, 𝐶𝐹𝑛 = Cash flows generated in n 
years, 𝑖 = Discount rate of 8% (including initial market interest and risk premium) 
 
The initial capital investment is the total equipment costs after applying Lang factor and the 
unit is Kilo-Euros (k€). In order to estimate the cash flow for a given year of plant operation, 
the earnings before tax are computed and the after tax earnings. Hence, the cash flow from 
the plant operations is the after tax earnings plus the depreciation and represented as 
following [34]: 

𝐶𝐹𝑛 = (1 − 𝑡) ∙ (𝑅 − 𝑇𝑃𝐶) + 𝑇 ∙ 𝐷 (6-7) 

Where, 𝑅 = Revenues, 𝑇𝑃𝐶 = Expenditure, 𝑡 = Tax and 𝐷 = Depreciation 
 
An analysis is done on the Net Present Value on a project with duration of 12 years. The reason 
to calculate NPV for 12 years is that Torrgas receives the subsidy for 12 years for the project. 
In addition, for the calculation tax rate is considered to be zero. Moreover, an inflation rate of 
3% is applied for feedstock, utilities, OPEX and sales.  
 

 

Figure 6-1 Net present value of char activation  

As can be seen from Figure 6-1, the value of the project is positive every year and increasing. 
This means that this project makes profit. The value of the project at the end of 12 years is 
approximately 25 M€. 

6.3 Economic evaluation of power production by cooling of hot syngas 

The process scheme considered for the economic evaluation is outlined in chapter 4 of 
integrated steam cycle for pyrolysis and gasification, referring to option 3 of cooling by recycle 
gas. For the economic evaluation consider the following data as the basis. In Table 6-8 basis 
for economic evaluation is shown.  
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Table 6-8 Basis for economic evaluation for power production 

Parameter Values 

Power produced (kWe) 360 

Annual operating days (days) 320 

Feedstock syngas (ton/yr) 18250 

Total power produced per year (GWh) 2.8 

6.3.1 CAPEX (Fixed capital cost) 

The total capital investment is estimated using Lang factor method for fluid processing plant. 
In this method total bare module cost of equipment is considered to be 100%. Then the 
breakdown of Lang factors for different parameters are applied and the total capital 
investment of the plant is obtained. Distribution of Lang factor from [34] is shown in Table 6-9. 

Table 6-9 Distribution of Lang factor for fluid processing plant   

 Delivered-equipment cost (%) [34] 

Process equipment (Bare module cost) 100 

Installation 47 

Instrumentation and controls 18 

Piping 66 

Electrical 11 

Buildings 18 

Yard improvements 10 

Service facilities 70 

land 6 

Total direct plant cost 346 

Engineering and supervision 33 

Construction expenses 41 

Total and indirect plant costs 420 

Contractor’s fee 21 

contingency 42 

Fixed capital investment 483 

Working capital 86 

Total capital investment 569 

 
The fixed capital cost of the project includes the purchase equipment costs for the major 
equipments in the power cycle. In this case namely boiler (package unit), condenser, pump, 
root blower and steam turbine. The cost for these equipments is taken from [36] except of 
steam turbine. The cost of steam turbine is obtained from Siemens. The cost of steam turbine 
includes all the factors required for installation.  
 
In Table 6-10 costs of these equipments is mentioned after applying Lang factor of 6 for boiler 
and condenser. In applying Lang factor it is assumed that pump and blower do not need 
complicated installation set up.  
 
The cost of boiler is determined as a package unit operating at a pressure of 30 bar, 
temperature of 390°C, yield of 30-80 ton/h. The cost is the average of that of the range of 
yield. The explanation for the cost estimation for condenser, pump and blower is similar to 
that of char activation.  
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Table 6-10 Purchase equipment costs 

Equipments Bare module Cost (k€) 
 

Cost after Lang factor 
(k€) 

Percentage of total 
purchased equipment 
costs (%) based Lang 
factor 

Boiler (package unit) 94 567 14 

Condenser  9 9 1 

Pump 5 5 1 

Root blower 8 8 1 

Steam turbine 550 550 83 

Total capital 
investment (k€) 

 1180  

 
From the Table 6-10 it can be seen that steam turbine and package boiler has the major 
contribution of 83% and 14% respectively in the capital investment. Moreover, the total 
capital investment of 1180 k€ is for 1 year of plant operation. If the plant operates for 12 years 
then the total CAPEX will decrease by a factor of 12.  

6.3.2  OPEX (Production costs) 

6.3.2.1  Variable costs 

The costs for utilities and raw materials are taken into account for the determination of the 
variable costs. These costs are determined on the basis of per kilowatt-hours (kWh) of power 
produced.  
 
Electricity is not included in the variable costs as the electricity consumption of pump is already 
taken into account in net power output of the cycle (see chapter 4). Also, the amount of syngas 
used for power generation is unaffected by the power cycle, so there is not cost for it.   
 
An overview of the production costs of the proposed plant for power production by cooling 
hot syngas is shown in Table 6-11. The production cost is expressed in terms of euros per kWh 
of power produced. 

Table 6-11 Production costs of the proposed plant   

 Costs (k€/kWh of power produced) 

Property taxes and insurance 0.08 

Depreciation  0.12 

Cost of manufacture (COM) 0.20 

Total general expenses (GE) 0.00 

Total production costs 0.20 

Note: Costs for utilities, labor, maintenance and operating overhead are zero 

 
From Table 6-11 it can be seen that there is no cost for operating labor, maintenance and 
overhead as it is assumed that the process is simple and it is possible for Torrgas to run it 
without hiring additional staff. Also, there are not much general expenses that includes direct 
research, administration and management incentive compensation. The overall lifespan of the 
plant will not affect the total OPEX.  
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6.3.3 Sales 

The revenue earned from the process by selling power is given in Table 6-12. The selling price 
of electricity is based on its final application for usage in households. 

Table 6-12 Product revenue 

Product Sales price Production capacity Revenue 

Electricity  0.09 €/kWh 2.8 GWh/yr 252 k€/yr 

 
On the basis of the product revenue it is difficult to assess the profitability of the process, so 
it is required to further calculate the net present value of the project. The net present value 
will indicate after how many years of plant operation, the process becomes profitable.  

6.3.4 Cost summary of power production  

The main conclusions from the economic analysis of process for power production from hot 
syngas is shown in Table 6-13. 

Table 6-13 Cost summary of power production 

Description  Values 

CAPEX (k€/year) 1180 

OPEX (k€/year) 700 

Return on investment (ROI) (%) -10 

Payback period (PBP) (years) -38 

Estimated annual production of power 
(GWh/year) 

2.8 

Selling price of activated carbon (€/kWh of 
power) (based on industrial user) 

0.09 

Revenue after selling activated carbon (k€/year) 252 

 
From the values in Table 6-13 after economic evaluation, it can be seen that CAPEX is 
significantly large compared to OPEX. It indicates that the process itself is quite complex, but 
require less expenditure on operation. Also, the return on investment and payback period are 
negative and hence not profitable. 

6.3.5 Net present value (NPV) of power production 

As can be seen from Figure 6-2, the value of the project is negative for first 4 years then it 
starts becoming positive from 6th year. This means that this project starts making profit after 
6 years and at the end of 12 years of lifespan the value of the project is 1050 k€.  
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Figure 6-2 Net present value of power production 

6.3.6 Conclusion and recommendation 

It is clear from the report that it is technically feasible to develop a process for activated carbon 
production from biochar. From the economic analysis, it becomes clear that constructing and 
operating biochar activation for both water treatment and solvent recovery application is 
profitable compared to power production and hence recommended. The CAPEX and OPEX for 
char activation process are 700 k€ and 1500 k€ respectively. The return on investment is 160% 
and payback period is 0.6 years. The net present value of the project after 12 years is 25 M€ 
which indicates that project is worth of investment. 
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7 CONCLUSION AND RECOMMENDATION 

7.1 Conclusion  

In the chapter of syngas cleaning three different process routes for converting syngas into SNG 
were proposed. The final process configuration starts with quenching of syngas and removal 
of impurities like HCN, COS, HCl, particles, etc. In the next step H2S is removed via one of the 
available technologies like Selexol® process. The syngas free of impurities enters water-gas 
shift reactor which is comprised of two steps- high temperature shift followed by low 
temperature shift. Further, CO2 removal unit is employed where CO2 is eliminated from the 
syngas via physical absorption. The syngas with desired H2/CO ratio of 3 enters methanation 
reactor. The natural gas produced from the methanation reaction contains some amount of 
water. The water is required to be removed from the product gas in the drying step. The final 
product as with required specifications is integrated into the Dutch natural gas grid.  
 
In the next section in which the main objective was to decide the position of the compressor 
in the downstream process of syngas cleaning and conversion to SNG.  The main parameters 
that were evaluated are- Wobbe index, product gas composition, compressor duty, system 
operation, process safety and costs. In addition, it is necessary to investigate the effect of 
addition of nitrogen to final product gas on the Wobbe index.  On the basis of the conducted 
study it was found that there is no major effect of addition of nitrogen for the investigated 
options except that of combined water-gas shift and methanation. From the operational point 
it is advisable to consider the option where compression step is in the beginning of 
downstream cleaning and conversion process just after the gasifier. In the latter case it is easy 
to operate the downstream process steps such as CO2 absorption, methanation and at the end 
to reach final natural gas grid pressure.  
 
Further, in the section of integrated steam cycle with gasification and pyrolysis, the main goal 
was to extract the sensible heat of hot syngas to generate power. Three potential methods of 
syngas cooling were found from the literature. From these three options the method of recycle 
gas quench is chosen for syngas cooling and hence power production. The total maximum 
power generated is 360 kWe. The Rankine cycle efficiency is 32%. In addition, for the power 
production there were two alternatives for steam turbines- Siemens SST-040 or Green turbine. 
Based on the requirement of maximum power output and less modular system it was 
concluded to use steam turbine from Siemens. The total power output form Green Turbine is 
one-third that generated from Siemens. Also, the electrical efficiency of Green turbine is lower 
than turbine from Siemens. Thus, the system for power generation with recycle gas quench 
and steam turbine from Siemens is finalized.  
 
In the section of char activation, the motivation is to explore the way to increase the economic 
value of the biochar produced in the Torrgas process.  First, different applications of biochar 
were resulted from the literature study. In addition, various physical and chemical properties 
of char for different applications are compared including prices. It was found that the potential 
option for the biochar to increase its economic value was to upgrade to activated carbon. 
Different methods of activation are revealed based on the literature research like physical and 
chemical activation. From this physical activation process is selected for char activation 
because of ease of availability of steam from the process. Further, different applications of 
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activated carbon were determined from the literature research. From the available 
applications two of them were finally chosen- high quality water purification and solvent 
recovery. The production process for activated carbon for both aforementioned applications 
is technically feasible. However, high quality water purification is chosen due to it higher 
selling price which results into higher profit.  
 
In order to do the economic evaluation of any process first it has to be technically feasible. So, 
from the previous research two process are chosen- power production and char activation. In 
this investigation sizing of equipments was carried out on the thumb rules and literature. 
However, at this stage of project an optimized process is not required to calculate an overall 
project profitability. The key profitability indicators like payback period, return on investment 
and net present value were determined for both feasible processes. It was concluded that char 
activation is profitable process compared to power production.  

7.2 Recommendation 

There are still some open points to be addressed in this study. It is necessary to do further 
research to get more insight into the process. In the following text several recommendations 
are given for further investigation.  
 
In the first study of syngas cleaning techniques, it is necessary to get technical specification 
data for catalysts to be used in water-gas shift and methanation reactions from their suppliers. 
This will determine whether it is required to remove sulphur or CO2 or both upstream of the 
water-gas shift reactor. Also, it is essential to look into more suppliers of packaged units like 
combined CO2 and H2S removal included for smaller scale bio-SNG units. In addition, apart 
from converting syngas into SNG other possibilities like converting syngas into H2, bio-LNG, 
biodiesel, etc should also be investigated.  
 
In the second study of compressor location it is recommended to look into details for suppliers 
of catalyst like BASF that can be used for combined water-gas shift and methanation in a single 
reactor. If both reactions are carried out in the same reactor then it will save one extra unit. 
Further, the technical data related to performing the methanation reaction at an atmospheric 
pressure is important. If it is possible to do the methanation at an atmospheric pressure it will 
reduce the compression cost upstream.  
 
In the third study of integrated steam cycle it is important to investigate whether it is possible 
to integrate steam from other locations in the process. This will enhance the thermal efficiency 
of the power cycle and more power can be produced as the mass flow is increased. This will 
result into more profit generation which is the main goal.  
 
In the fourth study of production of activated carbon for high quality water purification should 
be optimized with proper mass and energy integration. For the optimization purpose one of 
the possibility is to do it without using the furnace. This furnace is used in the production 
process to generate additional heat by complete combustion of gases from the activation 
process. It might be possible that steam generated from the process itself is sufficient for the 
char activation. But, this needs to be further investigated.  
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Finally, in the process economic evaluation it is necessary to have an accurate equipment 
sizing. In addition, it is required to have an optimized char activation and power production 
processes. This will give detailed insight into the economics of the process and more accurate 
results.  
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APPENDIX 

A. BASIS OF DESIGN 

A.1 Hot syngas feed 

The syngas from the gasification is produced at high temperatures of 1200-1500°C. The system 
consist of two 10 MWth biomass gasification systems which will be coupled with two steam 
boilers. The sensible heat of the produced syngas is used to produce steam. There are two 
cases to consider- minimum and maximum. The design should be compatible with both 
maximum and minimum cases. The specifications for these two cases are presented in the 
following Table A-1 taken from basis of design (BoD) of the complete system done by Torrgas 
B.V.  

Table A-1 Syngas feed characteristics 

Parameter Units Total boiler in 
syngas  
(Max case) 

Total boiler in 
syngas  
(Min case) 

Mass flow kg/s 0.6 0.66 

Mole flow kmol/h 101.8 112 

Normal flow Nm3/h 2282.6 2510 

    

Molecular weight kmol/Kg 21.21 21.21 

Temperature °C 1200°C 1500°C 

Pressure mbar(a) 970 970 

Relative density (to air) kg/m3 0.73 0.73 

Specific heat kJ/kg K 1.72 1.75 

    

Components    

N2 Vol% 1.4 1.4 

H2 Vol% 23.6 13.3 

CO Vol% 39.3 30.4 

CO2 Vol% 11.3 10.7 

H2O Vol% 24.4 44.4 

CH4 Vol% 0.0 0.0 

Total Vol% 100 100 

    

BTX, Tar ppm vol 200 200 

Dust wt% 0.01 0.01 

Metals ppm wt 2000 2000 

HCl ppm vol 280 270 

NH3 ppm vol 100 100 

HCN ppm vol 20 20 

H2S ppm vol 190 160 

COS ppm vol 20 30 

CS2 ppm vol 2 2 

A.2 Products  

Products of the steam cycle integrated with pyrolysis and gasification units are 
Scenario 1 Steam for Power production 
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Scenario 2: Steam for char upgrading. 

A.2.1 Cooled syngas 

Table A-2 Syngas feed characteristics 

Parameter Units Total cooled 
syngas 
(Max case) 

Total cooled 
syngas  
(Min case) 

Mass flow Kg/s 0.6 0.66 

Mole flow Kmol/h 101.8 112 

Normal flow Nm3/h 2282.6 2510 

    

Molecular weight Kmol/Kg 21.21 21.21 

Temperature °C 50°C 50°C 

Pressure mbar(a) 970  970 

Relative density (to air) Kg/m3 0.73 0.73 

Latent heat available  
 

MW 1.35 1.12 

    

Components    

N2 Vol% 1.4 1.4 

H2 Vol% 23.6 13.3 

CO Vol% 39.3 30.4 

CO2 Vol% 11.3 10.7 

H2O Vol% 0.02 0.02 

CH4 Vol% 0.0 0.0 

Total Vol% 100 100 

    

BTX, Tar ppm vol 200 200 

Dust wt% 0.01 0.01 

Metals ppm wt 2000 2000 

HCl ppm vol 280 270 

NH3 ppm vol 100 100 

HCN ppm vol 20 20 

H2S ppm vol 190 160 

COS ppm vol 20 30 

CS2 ppm vol 2 2 

 

A.2.2 Process water 

The quality of process water need to be determined. It should be noted that condensation of 
water may result in syngas with different composition because of the components that are 
solvable in the water. This means that syngas quality should be determined. 

A.2.3 Steam  

Steam will be added for several reasons such as: 

 Driver gas for biomass feeding; 

 Production of electricity by expanding it over a steam turbine; 

 Upgrading char 
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Table A-3 Steam (driver gas) properties 

Parameter Unit Value 

Temperature steam ⁰C 250 

Pressure steam bar 4 

Ratio steam/biomass  0.1 

Biomass flow rate  kg/s 0.53 

 
The specifications of the steam for electricity production and char upgrading are to be 
determined. The steam requirements for electricity production will be based on commercial 
available steam turbines at the projected capacity. The steam requirements for the char 
upgrading will be based on typical activated char production process requirements. 

A.2.4 Electricity 

The optimized amount of electricity production needs to be determined in the current study. 

A.3 Utilities 

The following utilities are required for the steam cycle: 

 Boiler feed water 

 Potable water 

 Cooling water 

 Natural gas (for start-up) 

 Electricity 
The specific quality requirements for the above mentioned utilities is given as below 

A.3.1 Boiler feed water 

 
Feed water Units  

Minimum temperature °C 70 

Inlet pressure bar 40 (*) 

   

Quality   

pH value (25°C) pH >9 

Conductivity µS/m <0.2 

Oxygen (O2) ppb <20 

Silicic acid (SiO2) ppb <20 

Iron (Fe) ppb <20 

Copper (Cu) ppb <3 

Sodium (Na) ppb <5 

KMnO4 consumption  ppb <5 
TBD(*): To be determined based on actual steam requirements and boiler design (hence 
pressure drop) 

A.3.2 Potable water 

The typical potable water composition is indicated in the table below. 
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Table 2.8: Specification of potable water 

Parameter Unit Average Norm 

Aluminium µl <1 <200 

Calcium mg/l 42  

Chloride mg/l 96 <150 

Electrical conductivity mS/m 59.9  

Hydrogen carbonate mg/l 148 >60 

Total hardness mmole/l 1.48 >1 

Total hardness  german 8.3  

Magnesium mg/l 10  

Potassium mg/l 76 <150 

Ammonium mg N/l  <0.02 <0.20 

Nitrate mg N/l 5.82 <50 

pH calc. pH 8.1 7.0<pH<9.5 

Saturation index SI calc. pH 0.22 >-0.2 

Sulphate mg/l 51 <150 

Temperature °C 10.1 <25 

Coli 37ºC kve/100 ml 0 0 

Legionella kve/l <8 <100 

Current capacity m3/h 8  

A.4 Waste streams 

Cooling water and condensed process water (possibly to be recycled in the process) are the 
waste streams with the outlet temperature not greater than 40°C. In addition there will be 
flue gas during the start up.  

A.5 Plant design life and availability 

Lifetime 

The design of the installation, the selection of construction materials and the corrosion 
allowances shall be such that process equipment will have a minimum operating service life 
of 12 years for the process parts in relation to the running time of the SDE subsidy. 
 
The life cycle operating costs will be of the feasible minimum in combination with the total 
Torrgas plant. 
 
Availability 

The availability of the complete unit will be of a high level, with a minimum of 7,500 h/a. So, 
the steam cycle also works with the same availability.  

A.6 Overall plant capacity 

The continuous overall capacity of the gasification system equals 20 MWth based on the lower 
heating value of the biomass feed. The system will finally be designed based on the pilot plant 
experimental results. The operating parameters for the pyrolysis section and gasification 
section range from respectively 600-700°C and 1200-1500°C. Depending on the final outcome 
of these experiments the optimal configuration is to be selected, which will result in e.g. more 
char production and less syngas production or vice versa. At this stage the engineering data 
for the pilot plant design based on experiments at the University of Twente for the pyrolysis 
section are used to estimate the plant production rates. 
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A.7 Location  

The anticipated location concerns the premises of A.Hak, address het Metaalpark 19, 9936 BV 
in Farmsum (municipality Delfzijl).  

A.7.1 Site conditions  

The average present grade elevation is approximately 1.1 m + N.A.P. 
 
Wind loads according TGB 1990 (Technische Grondslagen voor Bouwconstructies) and related 
NEN standards (or Eurocode 3). 
     
Precipitation:  
average  : 800 mm per year 
maximum  : 20 mm per 15 min 
 
Humidity: 
maximum  : 100 % 
minimum  : 21 % 
Temperature: 
maximum  : 40°C 
minimum  : -20°C 
Pressure: 
maximum  : 1,049 mbar 
minimum  :         965 mbar 
 
The location is nearby the sea, so the design shall take into account a salty air environment. 
 
The Torrgas site is located in an area in which (mild) earthquakes are possible. Earthquakes of 
maximum 5.0 on the Richter scale may be expected (Staatstoezicht op de Mijnbouw, KNMI) 
within the Provence of Groningen. In the overview map (Figure A-1) the earthquake levels up 
to 2012 are depicted.  
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Figure A-1 Overview earthquakes province of Groningen 

A.8 Process criteria  

The main process criteria is an optimal electricity production whilst fulfilling the steam 
requirements for feeding of the solid biomass into the pyrolysis section. 
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A.9 Possible process scenarios 

A.9.1 Process description 

 

Figure A-2 Overview of integrated steam cycle with pyrolysis and gasification 

 
There are two possible scenarios which will be taken into consideration and they are following: 
Scenario 1: High pressure steam obtained from cooling of syngas can be expanded over steam 
turbine to produce electricity. The schematic black box of this scenario is shown in Figure A-2.  

 
In this case the outlet temperature and pressure of the steam boiler are unknown and to be 
determined in the current study based on the inlet requirements of the steam turbine. 
 
Scenario 2: Low pressure steam can be used to do activation of char.  

 
In the case where steam is used for upgrading char, conditions for steam are determined 
based on the type of activation.  
 
It should be noted that an overall process will be the combination of both the scenarios, where 
part of steam will be extracted from intermediate stage of steam turbine to activate char and 
rest is used for power generation.  
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B. Syngas cleaning techniques and conversion into SNG 

B.1 Particle gas cleaning techniques 

B.1.1 Barrier filters 

The rigid cross flow filter is often also referred to as hot gas filter (works also well at low 
temperatures). The pressure drop across such a filter is not constant. The thickness of the filter 
cake plays an important role in the pressure drop. Such filters can have an efficiency of >99.8%. 
Clogging due to soot formation and tar adhesion to the ash/char particle is a problem. This 
type of filter can be operated continuously by removing the filter cake by back pulsing. Back 
pulsing is the method which uses a high pressure gas to remove the ash cake from the filter 
surface. The gas used for this purpose is often nitrogen. The rigid barrier filters consists of 
arrays of candle shaped elements. [4] 
 
There are two main material types used to construct these filters. The first material is sintered 
ceramics and the second is sintered metal. The ceramic filters are usually constructed from 
clay bonded silicon carbide (SiC). The main body of the filter is made of course ground silicon 
carbide, while the outside is surrounded by a thin layer of either fine-ground silicon carbide or 
alumino-silicate. This outer layer performs the filtering duties. These filters are capable of 
operating at high temperatures (up to 1000°C). However, ceramic filters are brittle and 
susceptible to breaking due to (thermal) stresses. The metal filters are constructed of sintered 
metal particles. These metal filters have a good mechanical strength under constant and 
transient load; they perform well at high temperatures up to 600°C. Metal filters are sensible 
to the corrosion under typical gasification conditions. [4] 
 
Bag filters are made from a woven material; there is a wide range of materials available. Bag 
filters have a maximum operating temperature of about 250°C depending on the material of 
the bag. This low operation temperature can lead to problems when combined with a 
gasification system, due to tar and alkali condensation on the filter. These tars and alkalis can 
form a sticky layer on the filter, resulting in clogging of the filter. These filters can also be 
cleaned by pack-pulsing. It is also possible to clean the filter by vibrating it. [4] 
 
Packed bed filters are also known as granular bed filters. These types of filters are basically 
large bins containing a granular material through which a gas stream is forced. The bed 
material is often limestone or alumina. These beds can either be static or moving. In static 
beds the particles impact and adhere to the granules, leading to eventual clogging of the void 
spaces in the bed. The pressure drop increases over the bed and the bed needs to be cleaned. 
The cleaning is done by reversing the flow through the bed. The filtering process is interrupted 
during the cleaning process. [4] 
 
Moving bed filters do not have to be interrupted for cleaning. In this filter the filtering granules 
move downwards, while the dirty gas stream is moving upwards or in cross flow. The collection 
efficiency can be higher than 99% for particles larger than 4 μm. The granular bed filter can 
operate at a wide range of temperatures. It can also be possible to combine the filtering with 
chemical processing, by adding a catalyst to the granules. [4] 
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B.2 Physical absorption 

Physical absorption occurs by mass transfer of gas molecules into a solvent described, a 
process by Henry’s law which states that the amount of absorbed gas is proportional to the 
partial pressure of the gas. Physical absorption can be used for both the removal of CO2 and 
the removal of sulphur. By sharing the equipment between the absorption systems some 
economy of scale can be achieved. [8] 
 
The physical solvent scrubbing technology uses various solvents in which the CO2 is dissolved 
and does not chemically react with the solvent. The CO2 is separated from the solvent in the 
stripper mainly by reducing the pressure. Thus the physical solvent scrubbing technologies 
usually have lower specific energy consumption than the chemical absorption technologies. A 
main disadvantage is the lower loading capacity of the solvent since this is determined by the 
partial pressure of the CO2.[8] 
 

 
Figure B-1 Different solvent regeneration configurations for physical absorption [37] 

 
B.2.1 Methanol (Rectisol Process) 
The Rectisol process was developed and licensed by Linde AG and Lurgi AG in 1989. The 
process utilizes a cooled methanol solvent for absorption of CO2 and H2S from a fuel gas. The 
fuel gas can be produced via gasification or other processes. The Rectisol process is often used 
for the production of synthesis gas via gasification as the methanol solvent can also remove 
some trace elements present in the raw synthesis gas, such as COS, CS2, mercaptans, 
ammonia, HCN and higher hydrocarbons. Ammonia and HCN are removed in the Lurgi-process 
in a cold methanol pre-wash step and the sulfur components are removed using the CO2-
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loaded methanol solvent. The carbon dioxide is absorbed in the methanol using a two stage 
absorption process operating at a low temperature, -30 – -5°C. [37] 
 

 
Figure B-2 Fluor solvent PFD for low and medium CO2 inlet concentrations [37] 

 
Because the process operates at such a low temperature it also facilitates dehydration. A 
consequence of the low temperature needed for absorption the operational cost for 
refrigeration of the solvent is high. An interesting aspect of the Rectisol solvent is that it has 
the ability to separate absorbed impurities, such as HCN, aromatics and organic sulfur 
compounds. [37] 
 
Methanol has a relatively high vapor pressure at normal process conditions, so intense 
refrigeration or special recovery methods are required to prevent high solvent losses. Water 
washing of effluent streams is often used to recover methanol. The Rectisol process typically 
operates below 32°F (0°C) and may be operated at temperatures as low as -95°F (-70.5°C). The 
process usually operates between -40°F and -80°F (-40°C and -62°C). Due to low temperatures, 
approximately 5% of the material in a Rectisol plant is stainless steel. [7] 
 
Methanol’s high selectivity for H2S over CO2 combined with the ability to remove COS is the 
primary advantage of the process. Solubilities of H2S and COS in Methanol are higher than in 
DEPG. Rectisol’s complex flow scheme and the need to refrigerate the solvent can be 
disadvantages with respect to higher capital and operating costs. The supply of refrigeration 
at low temperatures requires much power. However, this disadvantage can be outweighed by 
a considerable reduction of the solvent flow rate for CO2 removal as compared to other 
physical solvent processes. Acid gas solubility in physical solvents increases significantly as the 
temperature decreases. Low temperature also reduces solvent losses by lowering the vapor 
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pressure of the Methanol in the product streams. If H2S is to be removed from a gas with CO2 
remaining in the treated gas, Selexol and NMP are more suitable than Methanol. [7] 
 
B.2.2 N-methyl-2-pyrrolidone (Purisol) 
The Purisol process was developed and commercialized by Lurgi AG. The Purisol process uses 
N-methyl-2-pyrrolidone (NMP) as the solvent and is often used for selective H2S removal, since 
NMP has a very high solubility for H2S. The solubility of hydrocarbons is also rather high, 
increasing with molecular weight. [37] 
 
The flow schemes used for this solvent are similar to those used for DEPG. The process can be 
operated either at ambient temperature or with refrigeration down to about 5°F (-15°C). NMP 
has a relatively high vapor pressure compared to DEPG or PC, and the licensor recommends 
water washing of both the treated gas and the rejected acid gases for solvent recovery. 
Obviously, NMP cannot be used for simultaneous gas dehydration if a water wash is used. In 
general, NMP recovery with water is not necessary if the Purisol process is operated at sub-
ambient temperatures. NMP has the highest selectivity of all the physical solvents considered 
here for H2S over CO2. COS is not as soluble as H2S, but it is hydrolyzed by the NMP solvent. 
The Purisol process is particularly well suited to the purification of high-pressure, high CO2 
synthesis gas for gas turbine integrated gasification combined cycle (IGCC) systems because 
of the high selectivity for H2S. [7] 
 
B.2.3 Dimethylether of propylene glycol (Selexol process) 
DEPG is a mixture of dimethyl ethers of polyethylene glycol (CH3O(C2H4O)nCH3 (n is between 
2 and 9) used to physically absorb H2S, CO2, and mercaptans from gas streams. Solvents 
containing DEPG are licensed and/or manufactured by several companies including Coastal 
Chemical Company (as Coastal AGR), Dow (Selexol), and UOP (Selexol). Other process 
suppliers such as Clariant GmbH of Germany offer similar solvents. Clariant solvents are a 
family of dialkyl ethers of polyethylene glycol under the Genosorb® name. [7] 
 
DEPG can be used for selective H2S removal which requires stripping, vacuum stripping, or a 
reboiler. The process can be configured to yield both a rich H2S feed to the Claus unit as well 
as bulk CO2 removal. Selective H2S removal with deep CO2 removal usually requires a two-
stage process with two absorption and regeneration columns. H2S is selectively removed in 
the first column by a lean solvent that has been thoroughly stripped with steam, while CO2 is 
removed in the second absorber. The second stage solvent can be regenerated with air or 
nitrogen for deep CO2 removal, or using a series of flashes if bulk CO2 removal is required. 
DEPG also dehydrates the gas and removes HCN. [7] 
 
Compared to the other solvents, DEPG has a higher viscosity which reduces mass transfer rates 
and tray efficiencies and increases packing or tray requirements, especially at reduced 
temperatures. Since it is sometimes necessary to reduce temperature to increase acid gas 
solubility and reduce circulation rate, this could be a disadvantage. DEPG requires no water 
wash to recover solvent due to very low vapor pressure. DEPG is suitable for operation at 
temperatures up to 347°F (175°C). The minimum operating temperature is usually 0°F (-18°C). 
[7] 
The Selexol process uses dimethyl ethers of polyethylene glycol as the solvent for absorption 
of carbon dioxide. The Selexol solvent has a high capacity for absorption of impurities such as 
sulfur impurities, mercaptans, as well as ammonia, HCN and other higher hydrocarbons. H2S 
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is up to nine times more soluble in the Selexol solvent than CO2, which makes it suitable for 
selective removal of H2S. Hydrocarbons are also very soluble in the solvent and the solubility 
increases with increasing molecular weight. Water is also highly soluble in the Selexol solvent. 
Due to this quality the Selexol process is often used for simultaneous hydrocarbon and water 
dew point control. [37] 
 
B.2.4 PC (Propylene carbonate) 
The Fluor Solvent process which uses PC is licensed by Fluor Daniel, Inc. and has been in use 
since the late 1950’s. PC is available as JEFFSOL® PC solvent and is particularly advantageous 
in treating syngas. [7] 
 
PC has an advantage over the other solvents when little or no H2S is present and CO2 removal 
is important. PC has lower solubilities of the gas being purified: light hydrocarbons in natural 
gas and hydrogen in synthesis gas. This lower solubility results in lower recycle gas 
compression requirements for the gas flashed from the rich solvent at intermediate pressures, 
and lower hydrocarbon losses in the CO2 vent gas stream. [7] 
 
Some recent improvements in Fluor Solvent process design include an intermediate pressure 
absorber to remove CO2. Addition of this absorber greatly reduces the volume of gas to be 
recompressed, thereby decreasing operating costs and product losses. Another new process 
improvement involves feed chilling to reduce absorption of hydrocarbons. Chilling the feed to 
0°F (-18°C) condenses most of the hydrocarbons. For example, the C5+ content can be reduced 
to less than 0.5 mol%. Chilling also increases the solvent’s acid gas holding capacity. This 
results in a lower overall solvent circulation rate and lower plant cost. PC can operate at lower 
temperatures without becoming too viscous for good mass transfer. [7] 
 
DEPG and NMP are more selective than PC for H2S removal from gases containing CO2. 
Furthermore, PC cannot be used for selective H2S treating because it is unstable at the high 
temperature required to completely strip H2S from the rich solvent (PC becomes unstable at 
200°F (93°C)). PC would probably not be recommended if H2S is present in more than trace 
concentrations since the low concentration of H2S permitted in treated gas means H2S removal 
is controlling. Selexol and NMP are more suitable for selective H2S removal. The FLUOR Solvent 
process should be used for treating feed gases containing low levels of H2S, typically less than 
20 ppmv, when there is a 4 ppmv H2S as product gas requirement. However, improved 
stripping allows treatment to 4 ppmv for gases containing up to 200 ppmv H2S. This new 
improvement in stripping uses 125 psia (medium pressure) flash gas as the stripping medium 
in a vacuum stripper. It should be noted that hydrocarbon or hydrogen losses increase as the 
amount of stripping gas increases. [7] 
 
Propylene Carbonate has a higher vapor pressure than DEPG, however, solvent losses are low. 
PC requires no water wash to recover the solvent due to its low vapor pressure. PC is not 
completely soluble in water as are the other three physical solvents. Furthermore, PC reacts 
slowly but irreversibly with water and CO2 around 194°F (90°C) making it unsuitable for water 
control by atmospheric distillation. Glycol injection upstream of the absorber is used for 
hydrate control in feed chilling. The operating temperature for PC is limited to greater than 
0°F (-18°C) and a maximum operating temperature of 149°F (65°C). [7] 
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B.2.5 Chemical absorption 
In chemical absorption the heat of absorption is higher than for physical absorption because 
the carbon dioxide not only dissolves in the solvent but also reacts with a reagent in the 
solvent. A low heat of absorption is beneficial since it lowers the energy demand of the 
desorption process, as well as the cooling demand of the absorption process. From the 
absorption process low value energy is obtained, which is costly to dispose off whilst the 
desorption process demands costly high quality energy. The overall regeneration cost is thus 
positively affected by a low heat of absorption. [37] 
 
The main concerns with amine solvent are corrosion in the presence of O2 and other 
impurities, the large amounts of energy required for regeneration and high solvent 
degradation rates from reaction with impurities in the gas. These factors generally contribute 
to large equipment, high energy losses and high solvent consumption. [37] 
 
B.2.6 Monoethanolamine (MEA) 
The chemical solvent scrubbing with monoethanolamine (MEA) is one of the most commonly 
used solvent for removing CO2 from low pressure flue gas. The flue gas is cooled and impurities 
are removed before the actual CO2 removal. The flue gas passes to an absorption column and 
comes in contact with the chemical solvent which absorbs the CO2 by chemically reacting with 
it to form a loosely bound compound. From the bottom of the absorber the CO2-rich solvent 
is passed into the stripper column where it is heated to reverse the CO2-absorption reactions. 
From the stripper the lean solvent can be recycled in to the absorption column. [37] 

 
Figure B-3 Typical process flow diagram of amine process [37] 

 
The main problem associated with MEA is corrosion in the absorption equipment in the 
presence of oxygen and other impurities. It is highly corrosive compared to other alkanolamine 
solvents. The operational cost is high due to the large amount of energy needed for 
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regeneration of the MEA-solvent. This is due to the high heat of reaction of MEA with CO2. 
Because of this MEA is now largely being replaced by other alkanolamines. However, for gas 
streams containing smaller amounts of H2S and CO2, with no impurities present, MEA is still 
preferred because of its high solution capacity. Unfortunately, MEA has the disadvantage of 
forming irreversible reaction products with COS and CS2, which deteriorates the solvent. If SO2 
and NO2 are present in the gas this also causes solvent degradation due to reaction with the 
amine. [37] 
 
B.2.7 Piperazine activated N-methyldiethanolamine (MDEA/PZ) 
The removal of CO2 is an important process for biogas upgrading and in synthesis gas 
production from renewable resources. CO2 is most commonly removed by absorption in 
aqueous solutions of amines, where the CO2 reacts with the amine. The most widely used 
solvents are aqueous alkanolamines, like N-methyldiethanolamine (MDEA). MDEA is widely 
used since it has a low vapor pressure which means that it can be used in high concentration, 
up to 60 wt%, without higher evaporation losses. MDEA is highly resistant to degradation and 
is practically non-corrosive. It also has a very low heat of reaction compared to other 
alkanolamines. The heat of reaction is an important parameter due to the fact that the heat 
required for the regeneration step is usually the largest cost in running a CO2-removal unit. 
However, MDEA has a low reaction rate for the reaction with CO2, compared to other 
alkanolamines and is therefore often activated by adding piperazine (PZ) as a promoter. 
Absorption of H2S in MDEA solutions is a common technique for selective removal of H2S from 
CO2-rich gases. However, other impurities, such as higher hydrocarbons absorbed in the 
solvent, may cause foaming in the absorption equipment which significantly reduces the 
absorption capacity of the process. MDEA itself is only moderately miscible with 
hydrocarbons. [37] 
 
B.2.8 Potassium carbonate process 
The hot potassium carbonate process is suitable for the production of synthesis gas because 
of the high temperature of the process which makes it more energy efficient. The high 
temperature also increases the solubility of potassium bicarbonate, which makes the process 
able to operate with a highly concentrated solution. [37] 

 
Figure B-4 Process flow for a hot potassium carbonate process [37] 
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The use of a promoter has been shown to give improvements in the mass transfer rates leading 
to a higher reaction rate. However, traditional promoters are often toxic and hazardous to the 
environment. [37] 
 
Little information on the effect of gas impurities on the potassium carbonate process is 
currently available. However, the process is a potential solvent for simultaneous removal of 
SOx and NOx as well as CO2. [37] 

B.3 Sour and sweet shift  

There are two types of CO shift reaction processes; sweet gas shift and sour gas shift. In sweet 
gas shift, the synthesis gas from which H2S is removed is introduced to a shift reactor. On the 
other hand, in sour gas shift the synthesis gas containing H2S is directly introduced to a shift 
reactor. The outlines of both the processes are shown in Figure B-5. Although sour gas shift 
with less heat loss is more energy-efficient than sweet gas shift, an evaluation considering 
equipment cost and catalyst life is also needed. [29] 
 

 
Figure B-5 Schematics of CO shift reaction processes [29] 

 
The differences between sweet and sour gas shift are presented in Table B-1. 
 

Table B-1 Comparison between sweet and sour gas shift process [29] 
 Sweet gas shift process Sour gas shift process 

Process 
composition 

Capturing sulphur shift reaction  
Capturing CO2 methanation 

Shift reaction capturing sulphur and 
CO2 methanation 

Catalyst High temperature (320-450°C) 
Fe2O3-Cr2O3 @CO<70 vol%, S< dozens ppm 
Low temperature (150-300°C) 
CuO-(ZnO)-Cr2O3@CO< 2-4 vol%, S<1 ppm 
Catalysts for high and low temp. are fitted 
together as usage 

250-500 °C 
Co-Mo @ CO< 70 vol%, S> 100 ppm  
Two or three reactors are fitted 
together ordinarily. 

Applied gas Removed sulphur Containing sulphur 

Catalyst 
quantity  
Catalyst cost 

1 (basis) 
1 (basis) 

About 1-2 
About 1.5 
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Outlet gas 
composition 

CO descends to around 0.2% using low 
temperature using low temperature catalyst 
because of shift reaction progress in equilibrium 

Unreacted CO remains at around 1% 
generally, because lower limit of 
outlet gas temperature is around 
300°C 

Advantage 
Disadvantage 

Advantage: It is suitable for producing hydrogen 
because CO concentration descends to lower. 
Remaining CO is no problem for SNG production 
 
Disadvantage: More energy for heating gas is 
needed, because of using two reactors in 
removing sour gas. 

Advantage: less energy for heating gas 
is needed, because of using one 
reactor in removing sour gas. 

 
During the shift reaction, the metal oxide in the sour shift catalyst reacts with the sulphur and 
forms metal sulphides. This sulphided state is the active state of the catalyst. In an efficient 
heat integration scheme, the heat of reaction can be recovered as superheated high pressure 
steam. 
 
Sweet Shift 
The sweet water-gas shift process requires relatively high steam to dry gas ratio to prevent 
iron carbide formation on the iron-based high temperature shift catalyst. Furthermore, if a 
copper-based low temperature shift step is required the gas must be completely free of 
sulphur. (Figure B-6) 

 
Figure B-6 Sweet shift[38] 

 
Sour shift 
The Topsoe sour shift technology greatly simplifies the process layout, as removal of hydrogen 
sulphide before the water-gas shift step is not required (Figure B-7).This layout ensures 
significant energy reduction. 

 
Figure B-7 Sour shift [38] 

The sour shift catalyst also allows operation at a lower steam to carbon monoxide ratio than 
sweet shift. This reduces the mass flow through the plant resulting in smaller sized pipes and 
vessels. 
 
Process 
As the water-gas shift is an equilibrium-limited reaction, the CO slip – CO concentration in the 
exit gas – depends on the reaction temperature and the syngas composition. The composition 
of the syngas is given by the gasifier. The steam concentration before shift can be adjusted. A 
low CO slip can be achieved by increasing the steam to CO ratio or by decreasing the exit 
equilibrium temperature by cooling between two or more sour shift reactors. For synthetic 
natural gas only a partial conversion of carbon monoxide is required. The typical configuration 
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of a shift section consists of only one high temperature reactor with heat recovery in 
feed/effluent exchangers producing high pressure superheated steam. [38] 

 
Figure B-8 Partial conversion process layout [38] 

 
For synthetic natural gas only a partial conversion of carbon monoxide is required. The typical 
configuration of a shift section consists of only one high temperature reactor with heat 
recovery in feed/effluent exchangers producing high pressure superheated steam. 
 

 
Figure B-9 The effect of steam/CO and temperature on the CO slip for a typical gasifier-

syngas composition [38] 
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In the partial conversion process, only part of the feed is passed to the sour shift reactor. The 
remaining fraction simply bypasses the shift reactor. The by-pass stream may be treated with 
Topsoe catalyst to convert the COS, as required by the downstream process units. 

B.4 Methanation and upgrading technologies of SNG production 

B.4.1 Haldor Topsoe TREMP® technology  

Haldor Topsoe delivers catalysts and catalysis unit operations for a wide selection of 
industries. The company has also developed a catalyst technology for use in SNG production. 
This technology is named TREMP™ - Topsoe Recycle Energy-efficient Methanation Process, 
and the company claims that it is second to- none in energy and cost efficiency in SNG 
production from coal, PET coke or biomass. [39] 
 
Unit operations upstream from the methanation reactor are highly important to achieve a 
near stoichiometric ratio of hydrogen to carbon oxides in the gas according to the methanation 
reactions. Therefore, the TREMPTM system cannot be purchased as a turnkey, but only as a 
custom made setup for each specific scenario, thus securing high cost efficiency and gas 
quality. However, to describe the general context in which the technology is commonly used, 
the company has supplied the illustration in Figure B-10. In addition to the gas upgrade in the 
TREMPTM section, Haldor Topsoe can also provide the WSA unit (Topsoe Wet Sulfuric Acid) for 
recovery of sulfur from the acid gas removal unit – for example by converting the sulfur to 
concentrated sulfuric acid, as well as the shift conversion unit integrated to adjust the ratio 
between hydrogen and carbon monoxide. [39] 
 

 
Figure B-10 Typical plant flowsheet for a SNG plant with TREMPTM technology [39] 

 
The TREMPTM technology is focused on heat recovery from the exothermic reactions of the 
methanation process. The heat released in this process can amount to as much as 20 % of the 
total heating value of the producer gas, making it very important to integrate efficient heat 
recovery to ensure high overall energy efficiency. The TREMPTM technology recovers the heat 
as high-pressure superheated steam (100 bar g/ 540 °C), which requires the reaction heat to 
be recovered at a high temperature. Up to 85% of the reaction heat is usually recovered, 
amounting to a typical steam production of about 3.0-3.5 kg/Nm3 SNG. [39] 
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TREMP™ is based on the Topsoe MCR methanation catalyst family, which can operate in a 
temperature range from 250 °C to 700 °C proven for more than 10,000 hours of operation. 
The large temperature range, in which the catalyst can operate, helps to secure excess 
reaction heat at high temperatures – leading to high energy efficiency. 
 

 
Figure B-11 : Flow sheet example of Haldor Topsoe’s TREMPTM technology [38] 

 
The product gas usually has a composition as indicated in Table B-2. 

B.4.1.1 Process description 

The feedstock is initially gasified in the presence of O2 and H2O. The gas is then cooled and 
cleaned for tars, salts and dust. Different type of gasifiers exists, and basically three different 
types are available for syngas generation for SNG plants: fixed beds, fluid beds and entrained-
flow gasifiers. The choice of gasifier is dependent on feedstock type and quality. The ratio 
between H2 and CO is adjusted in the sour shift by the water gas shift reaction. A Sulphur 
resistant catalyst, such as Haldor Topsoe SSK-10 catalyst, is utilized for this. [39] 
 
The syngas coming from the sour shift is rich in Sulphur (H2S) and CO2. As Sulphur is a poison 
to the methanation catalyst and in any case unwanted in the product, it has to be removed.  
In order to reach the right hydrogen to carbon ratio, most of the CO2 is to be removed. The 
removal of H2S and CO2 is done in the acid gas removal (AGR) unit. CO2 from the AGR can be 
sequestrated or used for other purposes. [39] 
 
The sulphur in the stream from the AGR can be recovered in a sulphur recovery unit. This could 
be a traditional Claus unit producing elemental sulphur or a Haldor Topsoe WSA unit, where 
H2S is converted into sulphuric acid, which is a high value product. [39] 
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Methanation has been used for years as the final purification step in ammonia plants (and 
formerly also in H2 plants), but methanation for SNG production is at a different level due to 
the higher content of CO and CO2. CO and CO2 are hydrogenated according to the methanation 
reactions, both favored by lower water content and high pressure. [39] 
 
Since the methanation reactions are reverse reforming reactions, and as the reforming 
reactions are strongly endothermic, it follows that they are strongly exothermic. There are 
many similarities between reforming and advanced methanation. Both utilize nickel catalyst 
and many same challenges are present in both processes. [39] 
 
The high potential adiabatic temperature increase is a challenge since it requires a high-
temperature stable catalyst that also has a high activity at low temperatures. If syngas with a 
minimum methane level is introduced to an adiabatic methanation at 300°C, the reaction may 
reach temperatures above 900°C. This could in principle be handled by using traditional 
reforming catalysts, but due to challenges with respect to material selection and insufficient 
catalyst activity, this is not feasible. Instead, the strong exothermic reactions have traditionally 
been handled by having a high recycle and thus diluting the inlet gas in order to keep the 
temperature below 450°C. [39] 
 
The disadvantage of recycling effluent is the necessity of compression and increased 
volumetric flow in the first methanation step. Compressors are expensive items of equipment, 
require power, maintenance, etc. To minimize compression cost it is beneficial to minimize 
the recirculation flow and the compression ratio and, in order to minimize the recycle flow, a 
higher temperature increase must be accepted. This can be obtained by either reducing the 
inlet temperature or increasing the outlet temperature, or by applying both. [39] 
 
If the recycle of the methanation is controlled to limit the outlet temperature to 700 °C, the 
conversion is still not enough to reach a sufficient product quality for an efficient process. The 
low temperatures favor high conversion of CO and CO2. Thus to reach CH4 levels of 95-98%, it 
is therefore necessary to use several methanation steps in adiabatic reactors operating at 
decreasing temperature levels and split by intermediate cooling . Depending on required 
product quality, the final reactor is operated at temperatures around 200-300 °C. The number 
of reactors is a result of an optimization based on requirements of product gas quality and 
heat recovery. [39] 
 
Besides reducing the recycle, a high methanation temperature also offers potential for high 
pressure steam production and superheating. Complete excess heat utilization can be 
achieved by demineralized water and boiler feed water. [39] 
 

Table B-2 Product gas composition of TREMPTM technology [39] 
Producer gas component (mole%) TREMP average product 

CH4 94-98 

CO2 0.2-2 

H2 0.05-2 

CO <100 ppm 

N2+Ar 2-3 

HHV, MJ/Nm3 37.4-38.4 
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B.4.2 Linde and Lurgi Rectisol® process 

Rectisol® is a physical acid gas removal process that has been invented by Linde and Lurgi and 
used in various ways for many years. The process uses an organic solvent (typically methanol) 
at subzero temperatures to purify synthesis gas down to < 0.1 ppmv total sulfur (including 
COS) and CO2 to < 10 ppm. The process has some energy efficiency issues due to the cooling 
of the solvent, but at the same time it is a well proven technology that is highly flexible and 
used in many different processes. [37] 
 
At the very low temperatures of the Rectisol® process, both carbon dioxide and hydrogen 
sulfide are very soluble in the liquid methanol. In addition, the selectivity for hydrogen sulfide 
and carbon dioxide absorption in the Rectisol® wash is very good, which allows for a 
subsequent sulfur-free carbon dioxide recovery. In this way it is fairly simple to separate the 
sulfur compounds from the tail gas, thereby making the main exit gas stream consist of mainly 
N2 and CO2 that can be emitted to the atmosphere without further processing. An example of 
a Rectisol® process flow sheet is given in Figure B-12. [37] 
 

 
Figure B-12 Linde and Lurgi’s Rectisol process [37] 

 
The Rectisol® process is a wet process with good selectivity and the advantage of hydrogen 
sulfide and water removal. However, the low temperature operations are energy demanding 
and thus very disadvantageous for the overall energy efficiency. 
 
The Rectisol® process has no integrated methanation step and is thus integrated only for gas 
cleaning and upgrading. The Rectisol® process can be integrated in the process between 
gasifier and water-gas shift reactor as well as between the water-gas shift reactor and the 
methanation process. The methanation could very well be something like an adiabatic reactor 
in the form of recycle-gas reactors like the TREMP™ process fed around 300 °C, with sufficient 
cooling/steam generation to keep the temperature within the active span of the catalysts. [37] 
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B.4.3 Foster Wheeler VESTA process 

In this context, Foster Wheeler, has developed a new technology for the SNG production: the 
VESTA process, utilizing Clariant catalysts. Syngas (mainly CO and H2, but also H2O, CO2 and 
CH4 and N2) must be purified before the methanation process, to remove organic 
contaminants (e.g. tar), inorganic contaminants (H2S, NH3,etc.) and particulate matter. The 
goal of purification is to eliminate all the contaminants, but particularly H2S, the presence of 
which leads to the irreversible deactivation of the catalysts used in the downstream processes. 
In contrast, CO2 removal is not required; the CO2 can remain in the process gas and be removed 
after the SNG production section in Figure B-13. [40] 
 

 
Figure B-13 Foster Wheeler VESTA process[40] 

 
In the VESTA SNG process syngas is first converted in a swift shift reactor in which the high 
temperature water gas shift reaction takes place on ShiftMax 120 catalyst. [40] 
 
This reaction is highly exothermic so is carried out a series of reactors, instead of a single 
reactor, to provide an interstage heat recovery. In the methanation reaction runaway 
conditions are a major challenge. In the VESTA process this risk is avoided by the presence of 
CO2 that acts as a thermal flywheel. For this reason Foster Wheeler plans the CO2 removal 
downstream rather than upstream of the methanation section. This strategy avoids the 
recycling of the reaction gases. [40] 
 
The choice of the Foster Wheeler VESTA process reduces the high operating costs associated 
with the recycle compressor. Furthermore, the CO2 recovered downstream of the 
methanation section could have a higher purity than that recovered from the syngas. [40] 

B.4.3.1 Process description 

In the cooling of the reaction products, the heat is extracted for the production of steam. By 
thermal integration, not only the steam required for the VESTA process is produced (sweet 
shift reactor), but a significant proportion can be exported. The production of medium or high 
pressure steam and low pressure steam at the same time, if possible.  
 
An example of the VESTA process is shown in Figure B-13. Considering a typical specification 
of biomass gasification-derived syngas at the inlet of the VESTA process, the system consists 
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of a shift reactor followed by three methanation reactors in series. After cooling, the stream 
leaving the third methanator is sent to the CO2 removal section, followed by the last 
methanator. The latter reactor is used to refine the SNG composition, when required. The SNG 
plant cold gas efficiency based on the biomass to power plant (1.5 ton/h) is 68.5% to close 
steam balance.[40] 
 

Table B-3 Reference conditions and composition of SNG produced by VESTA [40] 
Temperature, °C 41 

Pressure, barg 23.5 

Molar flow rate, kmol/h 7136 

Gas composition, mol%  

H2 0.36 

CO 0.00 

CO2 0.14 

H2O 0.00 

CH4 99.06 

N2 0.28 

Ar 0.16 

H2S+COS 0.00 

 
Table B-4 Typical exported steam production [40] 

 Low pressure steam High pressure steam 

Temperature, °C Sat Sat 

Pressure, barg 3.5 90 

Mass flow rate, ton/h 180 264 

B.4.4 Sorption enhanced SNG production from syngas 

Synthetic natural gas (SNG) production from syngas is under investigation again due to the 
desire for less dependency from imports and the opportunity for increasing coal utilization 
and reducing greenhouse gas emission. CO methanation is highly exothermic and substantial 
heat is liberated which can lead to process thermal imbalance and deactivation of the catalyst. 
As a result, conversion per pass is limited and substantial syngas recycle is employed in 
conventional processes. Furthermore, the conversion of syngas to SNG is typically performed 
at moderate temperatures (275–325°C) to ensure high CH4 yields since this reaction is 
thermodynamically limited. This process combines CO methanation, WGS and CO2 capture in 
one single reactor. This suppresses the reverse water-gas-shift reaction, increases the CO 
conversion to CH4, and eliminates the need for a separate WGS unit. This concept requires the 
use of a sorbent for CO2 capture with sufficient CO2 uptake kinetics that can be combined with 
CO methanation catalyst. For conventional CO methanation, being thermodynamically 
limited, the optimal temperature to obtain high selectivity to CH4 (i.e. >90%) is approximately 
300°C. Combined with effective CO2 sorption, selectivity to CH4 is not limited by 
thermodynamic equilibrium even by operating at higher temperatures (e.g. 500–600°C). High 
temperature operation also improves the overall process efficiency by exploiting high 
temperature reaction heat and enhances the methanation kinetics. Furthermore, due to 
relaxed thermodynamics, an integrated process could potentially operate at much lower 
pressure, as compared to conventional CO methanation, further improving process efficiency. 
In addition, simultaneous CO2 capture would eliminate greenhouse gas emission without need 
for additional CO2 capture technology. Upon sorbent regeneration, desorption would provide 
a concentrated CO2 source for subsequent sequestration and utilization. [41] 
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CO methanation catalysts are typically Ni-based and supported on an alumina-type support. 
MgAl2O4 has been reported as a more stable support than Al2O3 for the dry reforming of 
methane at high temperature (i.e. 600–800°C). Thus, Ni/MgAl2O4 catalysts could be more 
suitable than Ni/Al2O3 catalysts for CO methanation at high temperature. SiC is well known for 
its excellent thermal stability and high thermal conductivity. These properties make SiC an 
attractive support for exothermic reactions. Ni/SiC catalysts are thus potential candidates as 
well, and have been evaluated in other studies. For high temperature CO2 adsorption, CaO-
based sorbents are typically used, based on the reversible chemical reaction: 
 

𝐶𝑎𝑂(𝑠) + 𝐶𝑂(𝑔) → 𝐶𝑎𝐶𝑂3        (𝑐𝑎𝑟𝑏𝑜𝑛𝑎𝑡𝑖𝑜𝑛) (B-1) 
 

𝐶𝑎𝐶𝑂3(𝑠) → 𝐶𝑎𝑂(𝑠) + 𝐶𝑂2(𝑔)    (𝑑𝑒𝑐𝑎𝑟𝑏𝑜𝑛𝑎𝑡𝑖𝑜𝑛) (B-2) 
 
The CaO-based sorbent usually suffers from rapid loss of CO2 sorption capacity over many 
carbonation/decarbonation cycles due to severe sintering. Recently, we found that the 
sintering effect can be mitigated by mixing CaO precursors with MgAl2O4 spinel nanoparticles, 
and a CaO/MgAl2O4 sorbent was thus developed which exhibits an improved durability 
compared to a natural dolomite. [41] 

B.4.5 Warm syngas purification and CO2-capture assisted methanation 

With end uses for the syngas such as fuel or chemical synthesis, where catalytic conversions 
takes place in the range of 200 to 350°C, warm gas cleanup methods (300 to 450°C) may be 
employed. For warm gas cleanup, ZnO-based sorbents have become the leading material 
because of its high sulfur affinity and high sulfur capacity, and its ability to be regenerated. 
Zinc oxide has a theoretical sulfur capacity of 0.393 gram of sulfur per gram of ZnO, which is 
one of the highest capacities for metal oxides. [42] 

 
Figure B-14 Warm Coal-Derived Syngas Cleanup Approach for Generation of SNG [42] 

 
For control of greenhouse gas emissions, carbon dioxide (CO2) should be captured. Capture of 
CO2 at warm temperatures is advantageous in terms of thermal efficiency compared to cooling 
the gas to liquid absorbent temperatures and then reheating to the temperature of use. The 
subsequent water-gas-shift (WGS) reaction can be used to adjust the hydrogen/carbon 
monoxide (H2/CO) ratio. By capturing CO2 during the shift reaction, the equilibrium conversion 
of CO can be increased and, in addition, capturing CO2 at this point allows more total CO2 to 
be captured. Especially attractive is a combined bed that contains both CO2 capture material 
and WGS catalyst. [42] 
 
Alternatively, if SNG is the desired end product, combining CO2 capture with CO methanation 
offers a similar advantage. Figure B-14 shows the warm coal-derived syngas cleanup process 
for generation of SNG. It should be noted that the approach described in this process also can 
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be generally applied to the cleanup of biomass-derived syngas. While the concentrations of 
impurities differ, similar processing steps could be applied. [42] 
 
To capture CO2 by chemisorption in the warm temperature range (250 to 400°C) MgO-based 
absorbents are the most appropriate. However, the reaction between MgO and CO2, although 
thermodynamically favorable, is kinetically slow. Addition of a nitrate salt, such as NaNO3, 
which melts at the temperatures of absorption and desorption, facilitates the conversion of 
MgO to MgCO3. In a similar way, it assists in the capture and release of CO2 by double salts 
such as MgO-Na2CO3 or MgO-CaCO3. Preliminary tests carried out by the researchers indicate 
that NaNO3 promoted MgO or double salts suffer from some difficulties in fixed-bed 
operation. The combination of strong oxidizing power and rapid migration of the molten-
phase results in loss of molten salt to the walls of the reactor and corrosion of the metallic 
surfaces, including to some extent even monel and Hastelloy C. Depleting the molten salt also 
reduces the effectiveness of the CO2 capture material. This molten phase would migrate onto 
the surface of any co-mixed WGS catalyst in fixed-bed operation, leading to oxidation and 
possibly poisoning of the surface. In this concept, the 20 wt% Ni/MgAl2O4 catalyst was selected 
as the methanation catalyst because of its high activity and favorable stability. MgO and/or 
MgO-based double salt were selected as the sorbent. [42] 
 
The researchers of this concept have identified a low melting eutectic material composed of 
Li2CO3-Na2CO3-K2CO3 that is non-oxidizing and non-corroding and has a melting point around 
397°C. To address the migration/wetting behavior, the researchers have discovered and 
applied a phenomenon that has been only scarcely reported—pre-melting behavior. Although 
not fully understood, this behavior is associated with formation of a thin film of molten salt at 
the salt surface that can activate the MgO-based absorbent surface at the point of contact but 
not migrate. By proper control of operating temperature, we have been able to absorb and 
desorb CO2 from these materials while avoiding any molten-phase formation, migration, or 
degradation. [42] 

B.4.5.1 Carbon-dioxide sorption assisted methanation 

Production of SNG via a thermo-chemical process includes three main steps: 1) gasification of 
the coal/biomass, 2) gas cleaning and conditioning, and 3) methanation. Gas conditioning 
refers to a process (e.g., WGS) in which components of the gases produced from the 
gasification are converted to a composition that is suitable for the methanation reactions. The 
production gas consists of H2, CO, CO2, H2O, CH4, and some higher hydrocarbons like tar and 
impurities such as sulfur, chlorine, and metal species. After gas cleaning, the production gas 
can be converted into CH4-rich gases mainly by the following reversible methanation 
reaction[42]: 
 

𝐶𝑂 + 3𝐻2 ↔ 𝐶𝐻4 + 𝐻2𝑂                ∆𝐻298𝑘
0 = −206 𝐾𝐽/𝑚𝑜𝑙 (B-3) 

 
Reaction equation (B-3) is thermodynamically favored at a low temperature but kinetically 
favored at a high temperature. In addition, a high pressure favors the shift of the reaction 
equilibrium to the right side, thus increasing the CO conversion and CH4 recovery. As a result, 
conversion of syngas to SNG typically is operated at moderate temperatures (275 to 325°C) 
and an elevated pressure to avoid the thermodynamic barrier and to ensure high CH4 yields 
and a reasonably fast reaction rate. Because water usually is present in the syngas stream and 
is also a product of methanation reactions, the WGS reaction occurs as well [42]: 
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𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2              ∆𝐻298𝑘
0 = −41 𝐾𝐽/𝑚𝑜𝑙 (B-4) 

 
Reactions (B-3) and (B-4) are both exothermic, which suggests that a heat of reaction has to 
be considered for SNG production. Actually, the outlet temperature of the reactor usually is 
150 to 350°C higher than the inlet temperature in many existing commercial processes[42].  
 
Reaction (B-3) and (B-4) are reversible. According to thermodynamics, the presence of CO2 is 
not in favor of the CH4 formation because it tends to shift the reactions to the left side, thus 
decreasing the CH4 yield and the CO conversion. Carbon dioxide produced in the methanation 
and WGS reactions should be immediately removed to enhance CH4 yield. Integration of the 
syngas methanation reaction with in situ CO2 capture has received increasing attention in an 
effort to ease the thermodynamic constraints on CO conversion and the resulting CH4 yield, to 
mitigate CO2 emissions into the atmosphere, and to increase the overall efficiency of the 
process. [42] 
 
As mentioned earlier the temperatures required for carbonation and decarbonation cycles 
were high (600 and 800 °C respectively). [42] 
 
It may be more desirable to operate the integration bed at a lower temperature such as 300 
to 400°C. Thus far, however, no CO2 capture technology has been developed for practical CO2 
separation from syngas in this lower temperature range because of the limitations of existing 
CO2-capture materials. As described in the previous section, the researchers of this concept 
have developed a series of alkali nitrate-promoted MgO-based sorbents that show 
simultaneous high CO2 sorption capacity (>10 mmol/g) and high absorption/desorption 
kinetics in the temperature range of 300 to 400°C. For CO2 sorption using MgO-based 
sorbents, the following reversible chemical reactions exist [42]: 
 

𝐶𝑂2(𝑔) + 𝑀𝑔𝑂(𝑠) → 𝑀𝑔𝐶𝑂3(𝑆)           ∆𝐻298𝑘
0 = −118

𝐾𝐽

𝑚𝑜𝑙
       (𝑐𝑎𝑟𝑏𝑜𝑛𝑎𝑡𝑖𝑜𝑛) (B-5) 

 
𝑀𝑔𝐶𝑂3(𝑠) → 𝐶𝑂2(𝑔) + 𝑀𝑔𝑂(𝑔)                                  (𝑑𝑒𝑐𝑎𝑟𝑏𝑜𝑛𝑎𝑡𝑖𝑜𝑛) (B-6) 

 
In the presence of Na2CO3, the double salt Na2Mg(CO3)2 is formed, and the following chemical 
reactions occur[42]: 
 

𝑀𝑔𝑂(𝑠) + 𝑁𝑎2𝐶𝑂3(𝑠) + 𝐶𝑂2(𝑔) → 𝑁𝑎2𝑀𝑔(𝐶𝑂3)2(𝑠)        ∆𝐻298𝑘
0 = −130

𝐾𝐽

𝑚𝑜𝑙
 (B-7) 

  
𝑁𝑎2𝑀𝑔(𝐶𝑂3)2(𝑠) → 𝑀𝑔𝑂(𝑠) + 𝑁𝑎2𝐶𝑂3(𝑠) + 𝐶𝑂2(𝑔) (B-8) 

 
The goal of this concept is to determine the feasibility of integrating syngas methanation with 
CO2 capture into one single reactor to produce methane at high yields in the 300 to 400°C 
temperature range. Figure B-14 illustrates the simplified process flow diagram for the 
production of CH4-rich gases from warm syngas derived from the coal/biomass thermal 
gasification. In our approach, the warm syngas after gas cleaning is sent to a reactor that 
combines a methanation catalyst and a sorbent capable of absorbing CO2. Through this 
integration the two processes, high yields of CH4 (>90%) are produced in the 300°C to 400°C 
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operating temperature range. The CH4-rich gases can be further upgraded to make fuels, and 
the captured CO2 will be processed for further use or for sequestration to reduce CO2 release 
to the environment. [42] 
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C. Study of compressor location  

In this section information about the mass balances in mole fractions and operating conditions 
for important process streams have been given.  

C.1 Compression after methanation 

Case 1.2 

 Inlet Before 
WGS  

After 
WGS 

Before 
Methanation 

After  
Methanation 

Before 
compression 

After 
compression 

SNG 
 

N2 0 0 0 0 0 0 0 0.005 

H2 0.15 0.25 0.43 0.67 0.007 0.011 0.11 0.011 

CO 0.19 0.32 0.14 0.22 0.0022 0.004 0.0036 0.004 

CO2 0.11 0.18 0.36 0.001 0.002 0 0 0 

H2O 0.51 0.18 0.005 0 0.4 0 0 0 

CH4 0.04 0.066 0.066 0.105 0.59 0.9852 0.9852 0.98 

Flow 
(kg/h) 

4680 3009 3009 820 820 464 464 490.3 

T (°C) 450 180 200 180 200 90 114.5 20 

Pressure 
(bar) 

1 1 1 0.9 0.9 0.85 8.5 8.5 

Case 2.1 

 Inlet Before 
WGS  

After 
WGS 

Before 
Methanation 

After  
Methanation 

Before 
Compression 

After  
compression 

SNG 
 

N2 0.06 0 0 0 0 0 0 0.005 

H2 0.3 0.28 0.52 0.73 0.007 0.012 0.012 0.012 

CO 0.45 0.41 0.17 0.24 0.002 0.004 0.004 0.004 

CO2 0.05 0.05 0.29 0 0.002 0 0 0 

H2O 0.12 0.25 0.004 0 0.47 0 0 0 

CH4 0.02 0.018 0.018 0.03 0.52 0.983 0.983 0.98 

Flow 
(kg/h) 

5940 6231 6231 2044 2044 1015 1015 1023 

T (°C) 450 180 200 180 200 90 114.5 20 

Pressure 
(bar) 

1 1 1 0.9 0.9 0.85 8.5 8.5 

C.2 Compression after CO2 removal 

Case 1.2 

 Inlet Before  
WGS 

After  
WGS 

Before 
Compression 

After 
Compression 
(before 
methanation) 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0 0 0 0 0 0 0 0.008 

H2 0.15 0.25 0.43 0.67 0.67 0.0063 0.0013 0.0104 

CO 0.19 0.32 0.14 0.22 0.22 0 0 0 

CO2 0.11 0.18 0.36 0 0 0.002 0 0 

H2O 0.51 0.18 0.005 0 0 0.4 0 0 

CH4 0.04 0.066 0.066 0.105 0.105 0.6 0.998 0.98 
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Flow 
(kg/h) 

4680 3009 3009 817 817 817 461.9 468.9 

T (°C) 450 180 200 50 180.2 200 20 20 

Pressure 
(bar) 

1 1 1 0.95 10 10 8.5 8.5 

Case 2.1 

C.3 Compression after gasifier 

Case 1.2 

 Inlet Before  
Compression 

After  
Compression 
(Before 
WGS) 

After 
WGS 

Before 
Methanation 
(After CO2 
removal 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0 0 0 0 0 0 0 0.008 

H2 0.15 0.25 0.25 0.43 0.67 0.006 0.001 0.009 

CO 0.19 0.32 0.32 0.14 0.22 0 0 0 

CO2 0.11 0.18 0.18 0.36 0 0.002 0 0 

H2O 0.51 0.18 0.18 0.004 0 0.4 0 0 

CH4 0.04 0.066 0.066 0.066 0.11 0.6 0.998 0.982 

Flow 
(kg/h) 

4680 3009 3009 3009 817.8 817.8 462 469 

T (°C) 450 180 180 200 180 200 20 20 

Pressure 
(bar) 

1 0.9 11 11 10.5 10.5 8.5 8.5 

Case 2.1 

 Inlet Before  
Compression 

After  
Compression 
(Before 
WGS) 

After 
WGS 

Before 
Methanation 
(After CO2 
removal 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.06 0 0 0 0 0 0 0.008 

H2 0.3 0.32 0.28 0.52 0.73 0.006 0.011 0.01 

CO 0.45 0.48 0.41 0.17 0.24 0 0 0 

CO2 0.05 0.05 0.05 0.29 0 0.002 0 0 

H2O 0.12 0.13 0.24 0.004 0 0.47 0 0 

CH4 0.02 0.02 0.02 0.02 0.03 0.52 0.98 0.98 

 Inlet Before  
WGS 

After  
WGS 

Before 
Compression 

After 
Compression 
(before 
methanation) 

After 
Methanation 

Dry 
gas 

SNG 
 

N2 0.06 0 0 0 0 0 0 0.008 

H2 0.3 0.28 0.58 0.73 0.73 0.007 0.013 0.010 

CO 0.45 0.41 0.17 0.24 0.24 0 0 0 

CO2 0.05 0.05 0.29 0 0 0.002 0 0 

H2O 0.12 0.24 0.003 0 0 0.47 0 0 

CH4 0.02 0.018 0.018 0.026 0.026 0.52 0.986 0.98 

Flow 
(kg/h) 

5940 6232 6232 2038 2038 2038 1009 468.9 

T (°C) 450 180 200 50 179.8 200 20 20 

Pressure 
(bar) 

1 1 1 0.95 9 9 9 8.5 
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Flow 
(kg/h) 

5940 5429 6232 6232 2040 2040 1009 1024 

T (°C) 450 180 180 200 180 200 20 20 

Pressure 
(bar) 

1 0.9 11 11 10.5 10.5 8.5 8.5 

C.4 Combined water-gas shift (WGS) and methanation 

Case 1.2 

 Inlet Before  
Compression 

After  
Compression 
(Before WGS + 
meth-anation) 

After WGS + 
Methanation 

After CO2 
removal 

Dry 
gas 

SNG 
 

N2 0 0 0 0 0 0 0.008 

H2 0.15 0.24 0.014 0.002 0.14 0.14 0.14 

CO 0.19 0.31 0.02 0 0.002 0.002 0.002 

CO2 0.11 0.18 0.01 0.02 0 0 0 

H2O 0.51 0.20 0.96 0.97 0 0 0 

CH4 0.04 0.064 0.004 0.011 0.86 0.86 0.85 

Flow 
(kg/h) 

4680 3082 45850 45850 455.5 455.1 462.1 

T (°C) 450 180 180 200 62 20 20 

Pressure 
(bar) 

1 0.9 10.5 10.5 9.5 9 8.5 

Case 2.1 

 Inlet Before  
Compression 

After 
compression 
(Before WGS + 
methanation) 

After WGS + 
Methanation 

After CO2 
removal 

Dry 
gas 

SNG 
 

N2 0.06 0.07 0.007 0.007 0.21 0 0.003 

H2 0.3 0.33 0.034 0.002 0.056 0.07 0.07 

CO 0.45 0.49 0.052 0 0.002 0.002 0.002 

CO2 0.05 0.055 0.006 0.04 0 0 0 

H2O 0.12 0.03 0.89 0.93 0 0 0 

CH4 0.02 0.02 0.002 0.024 0.73 0.93 0.924 

Flow 
(kg/h) 

5940 5445 48220 48220 1515 1004 1009 

T (°C) 450 180 180 200 63 20 20 

Pressure 
(bar) 

1 0.9 10.5 10.5 9.5 9 8.5 

C.5 Wobbe index 

Gas family is divided into different gas groups on the basis of Wobbe Indices. The Wobbe Index 
is defined by equation XX as a function of higher heating values of the gas mixture. These 
higher heating values can be obtained from the equation YY.  
 

𝑊𝐼 =
𝐻𝐻𝑉𝑚𝑖𝑥

√
𝜌𝑔𝑎𝑠,𝑚𝑖𝑥

𝜌𝑎𝑖𝑟
⁄

 (C-1) 
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In the above formula, 𝜌𝑔𝑎𝑠,𝑚𝑖𝑥 is the gas mixture density and 𝜌𝑎𝑖𝑟 is air density at normal 

conditions (0°C, 1 atm), which is set to 1.215 kg/m3. The gas mixture density is calculated from 
the volume share of each gas. In fact, Wobbe index is a function of higher heating values of 
gas mixture and the gas mixture density. In calculation of Wobbe index HHV of H2, CO and CH4 
has only been considered. The unit for Wobbe index should be in MJ/m3(n). In order to obtain 
the values for Wobbe indices for different cases, HHV are taken in MJ/Kg and densities of gas 
mixture is taken at standard conditions (Standard temperature and pressure (STP)) 

𝐻𝐻𝑉𝑚𝑖𝑥 = 𝑛1(𝐻𝐻𝑉1) + 𝑛2(𝐻𝐻𝑉2) + ⋯ + 𝑛𝑖(𝐻𝐻𝑉𝑖) (C-2) 

 
Where, 𝑛𝑖  is the molar fraction of each gas component in the total gas mixture. In the current 
study the focus is on the production of bio-SNG, thus the specifications of the specific family 
are applicable to this process. The complete specification for SNG is given in ROF provided by 
Torrgas BV. In addition, there are restrictions for composition of certain gases which are also 
given in ROF. According to the norm, the gas pressure should be high enough to be pressurized 
into the gas grid. This set point is 20 mbar above grid pressure. 

C.6 Selection of physical property method 

The following figure shows the selection tree diagram for the physical property method in the 
Unisim® simulation program. 

 

Figure B-5 Selection tree diagram for physical property method 
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D. Integrated steam cycle  

D.1 Types of steam turbines 

D.1.1 Impulse turbine (action turbines) 

In this type of turbine nozzles are fixed that directs the steam flow into high speed jets. There 
is a significant amount of kinetic energy in these jets, which will be transferred into shaft 
rotation via bucket-like shaped rotor blades, as there is variation in the direction of steam jet. 
There is a pressure drop across the stationary blades (stators), with an increase in the net 
steam velocity across the stage. When the steam flows through the nozzles, the pressure of 
the steam decreases from the inlet to the exit. There will be increase in the velocity of steam 
leaving the nozzles because of its expansion with such a high ratio.  

D.1.2 Reaction turbines 

In the reaction turbines, the rotor blades are arranged such that they form convergent nozzles. 
It works on the reaction force which is produced when the steam is accelerated through the 
nozzles. The fixed vanes of the stator directs the steam onto the rotor. The steam leaves the 
stator as a jet that will fill the entire circumference of the rotor. Further, the steam changes 
its direction and increases its speed relative to that of the blades. There is a pressure across 
the rotor and the stator, with steam having more speed in the stator and less sped in the rotor. 
The net change is steam velocity across the stage is zero, but temperature and pressure 
decreases, which means that work has been done to drive the rotor.  

D.2 Detailed analysis of syngas cooling 

D.2.1 Option 2: Water quench  

Table D-1 Thermodynamic details of the process scheme with water quench 
Syngas 
(SG)/ 
Water 
(W) 

Characteristic 
points  

Temperature 
T  
(°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
S  
(kJ/kg °C) 

Mass 
flow 
 �̇�  
(kg/s) 

Energy 

(�̇�) 
(kW) 

Quality 
of 
steam  
x (-) 

SG 1 1200 1.0 2818.0 7.43 0.66 1860.0 - 

SG 2 90 1.0 1144.0 5.55 0.74 959.5 - 

SG 8 900 1.0 2538.0 7.16 0.74 1866.0 - 

SG 11 798 1.0 2369.0 7.05 0.74 1742.0 - 

SG 12 347 1.0 1670.0 6.63 0.74 1228.0 - 

W 3 45 0.1 188.4 0.64 0.30 56.5 x=0 

W 4 45 40.0 192.4 0.64 0.30 57.7 - 

W 5 400 40.0 3213.0 6.77 0.30 964.5 - 

W 6 45 0.1 2223.0 7.03 0.30 667.3 x=0.85 

W 7 20 1.1 83.9 0.29 0.07 6.3 - 

W 9 250 40.0 2801.0 6.07 0.30 840.6 x=1 

W 10 250 40.0 1087.0 2.79 0.30 326.3 x=0 

 
Table D-1 shows the thermodynamic details of the characteristic points of the process scheme 
shown in Figure 4-5. The power output in the option 2 is in the desired range of steam turbine 
of 250-300 kWe. Moreover, with an addition of water quench there is a decrease in the power 
output compared to radiant cooler. This is the effect of exergy destruction by water spray. 
Also, it can be seen that efficiency of Rankine cycle is similar to that of option 1. This can be 
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contributed to the fact that the mass flow of steam in Rankine cycle is reduced compared to 
option 1, and also total sensible heat extracted from the hot syngas is decreased. The Carnot 
is similar to that of option 1 because higher and lower temperatures are same. This results in 
similar second law efficiency.  
 
In Figure D-1, pinch analysis for option 2 has been depicted. Heat and temperature are plotted 
on X and Y axis respectively. Different points shown corresponds to streams in the process 
diagram shown in Figure 4-5.  

 
Figure D-1 Pinch analysis for process with water quench 

 
The explanation of the pinch analysis diagram for option 2 is similar to that for option 1, only 
the points are different corresponding to the process flow diagram of the option. From Figure 
D-1 it can be seen that starting temperature of hot syngas is 900°C of point 8, which is after 
cooling hot syngas in water quench. The minimum pinch point difference between hot syngas 
and steam can be seen between points 12 and 10 of approximately 97°C, which is acceptable. 

D.2.2 Option 3: Recycle gas quench  

 
Table D-2 Thermodynamic details of the process scheme with recycle gas quench 

Syngas 
(SG)/ 
Water 
(W) 

Characteristic  
points  

Temperature 
T  
(°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
s 
(kJ/kg°C) 

Mass flow  
�̇�  
(kg/s) 

Energy 

(�̇�) 
(kW) 

Quality of 
steam  
x (-) 

SG 1 1200 1.0 2809.0 7.43 0.66 1860.0 - 

SG 2 85 1.0 1144.0 5.88 0.93 1070.0 - 

SG 7 85 1.0 1144.0 5.88 0.27 314.7 - 

SG 8 900 1.0 2325.0 7.16 0.93 2175.0 - 

SG 9 85 1.0 1144.0 5.88 0.66 755.0 - 

SG 12 797 1.0 2164.0 7.04 0.93 2024.0 - 

SG 13 458 1.0 1494.0 6.62 0.93 1397.0 - 

W 3 45 0.1 188.4 0.64 0.36 68.9 x=0 

W 4 45 40.0 192.4 0.64 0.36 70.3 - 

W 5 400 40.0 3213.0 6.77 0.36 1173.0 - 

W 6 45 0.1 2223.0 7.03 0.36 813.1 x=0.85 

W 10 250 40.0 2801.0 6.06 0.36 1024.0 x=1 

W 11 250 40.0 1087.0 2.79 0.36 397.6 x=0 
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Table D-2 shows the thermodynamic details of the characteristic points of the process scheme 
shown in Figure 4-7. In this case the amount of sensible heat extracted from the hot syngas 
and power output is similar to the option 1. Moreover, Rankine, Carnot and second law 
efficiencies are similar to that of option 1. 
 
As shown in Figure D-2, pinch point analysis is carried out considering combined mass flow of 
syngas and recycle gas and then the mass flow of steam is calculated.  

 
Figure D-2 Pinch point analysis for recycle gas quench 

 
In this case also starting point of hot syngas is 900°C after recycle gas quench at point 8. Then, 
there exist a minimum temperature difference of 93°C between points 13 and 11, which is 
closer to that of option 2 and acceptable too. 

D.2.3 Option 3a: Recycle gas quench 

 
Table D-3 Thermodynamic details of the process scheme with recycle gas quench for case 

3a 
Syngas 
(SG)/ 
Water 
(W) 

Characteristic 
points  

Temperature 
T  
(°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
s 
(kJ/kg°C) 

Mass 
flow  
�̇�  
(kg/s) 

Energy 

(�̇�) 
(kW) 

Quality 
of 
steam  
x (-) 

SG 1 1200 1.0 2338.0 7.43 0.60 1403.0 - 

SG 2 70 1.0 816.3 5.84 0.84 688.4 - 

SG 7 70 1.0 816.3 5.84 0.24 198.6 - 

SG 8 900 1.0 1899.0 7.16 0.84 1601.0 - 

SG 9 70 1.0 816.3 5.84 0.60 498.8 - 

SG 12 797 1.0 1753.0 7.05 0.84 1485.0 - 

SG 13 342 1.0 1149.0 6.44 0.84 958.7 - 

W 3 45 0.1 188.4 0.64 0.30 56.9 x=0 

W 4 45 40.0 192.4 0.64 0.30 58.2 - 

W 5 400 40.0 3213.0 6.77 0.30 960.0 - 

W 6 45 0.1 2223.0 7.03 0.30 664.2 x=0.85 

W 10 250 40.0 2801.0 6.06 0.30 846.3 x=1 

W 11 250 40.0 1087.0 2.79 0.30 328.5 x=0 
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Table D-3 shows the thermodynamic details of the characteristic points of the process similar 
to that of case 3a. In this case the amount of sensible heat extracted from the hot syngas and 
power output is lower than option 3 for recycle gas quench. Moreover, Rankine, Carnot and 
second law efficiencies are similar to that of option 1. 
 
In Figure D-3 pinch point analysis is shown for option 3a. For the study purpose the system is 
divided into three zones as explained earlier- (a) superheater (b) evaporator and (c) 
economizer. For each zone heat balance is made assuming that all the heat from the hot 
syngas is completely transferred to the water stream.  

 
Figure D-3 Pinch point analysis of recycle gas quench for case 3a 

 
The explanation of the pinch analysis is similar to that done before for pinch analysis of 
option 3. The difference is that the end temperature of cooling of syngas is 70°C instead of 
85°C. In addition the energy content of syngas is lower at point 8 in this case compared to 
case 3. 

D.2.4 Option 3b: Recycle gas quench  

Table D-4 shows the thermodynamic details of the characteristic points of the process scheme 
shown in option 3. The amount of recycle gas flow is higher than case 3a because the hot 
syngas needs to be cooled from 1500°C instead of 1200°C to 900°C. Moreover, the amount of 
water flow in Rankine cycle is higher than that of case 3a due to higher energy at the inlet of 
the steam boiler.  
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Table D-4 Thermodynamic details of the process scheme with recycle gas quench for case 
3b 

Syngas 
(SG)/ 
Water 
(W) 

Characteristic 
points  

Temperature 
T  
(°C) 

Pressure  
P  
(bar) 

Enthalpy 
h  
(kJ/kg) 

Entropy 
s 
(kJ/kg°C) 

Mass 
flow  
�̇� 
(kg/s) 

Energy 

(�̇�) 
(kW) 

Quality of 
steam  
x (-) 

SG 1 1500 1.0 3471.0 7.65 0.66 2291.0 - 

SG 2 85 1.0 1233.0 5.88 1.23 1498.0 - 

SG 7 85 1.0 1233.0 5.88 0.57 691.2 - 

SG 8 900 1.0 2434.0 7.16 1.23 2982.0 - 

SG 9 85 1.0 1233.5 5.88 0.66 806.9 - 

SG 12 797 1.0 2268.0 7.05 1.23 2279.0 - 

SG 13 343 1.0 1581.0 6.44 1.23 1938.0 - 

W 3 45 0.1 188.4 0.64 0.49 92.5 x=0 

W 4 45 40.0 192.4 0.64 0.49 94.5 - 

W 5 400 40.0 3213.0 6.77 0.49 1578.0 - 

W 6 45 0.1 2223.0 7.03 0.49 1092.0 x=0.85 

W 10 250 40.0 2801.0 6.06 0.49 1376.0 x=1 

W 11 250 40.0 1087.0 2.79 0.49 534.0 x=0 
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E. Biochar activation  

E.1 Types of activated carbons 

There are mainly two types of activated carbons- (a) Dust activated carbons and (b) granular 
activated carbons. The properties of these activated carbons are explained as following: 

E.1.1 Dust activated carbons 

The size of these carbons is higher than 100 µm and the common sizes are between 15-20 µm. 
The important properties are filterability and global density. They are twice cheaper than 
granular activated carbons (GAC). The adsorption kinetics is faster due to higher surface area. 
[23] 

E.1.2 Granular activated carbons 

The average particle size is 1-5 mm. They exist in two forms-(a) chopped carbons (formless) or 
(b) formed carbon (e.g. cylindrical shape). The first type of carbons are obtained from milling 
and sieving, while the other are obtained from a mixture of carbon and a binder. [23] 
 
The other forms of carbon adsorbents are activated carbon fibres, filters of activated carbon, 
monolithic structures, carbon membranes, etc. They have higher value due to their hardness 
and particle sizes compared to dust activated carbons. The disadvantage of these carbon 
forms is higher operational cost due to attrition during regeneration and normal operation 
than that of dust activated carbons. [23] 
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