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Summary

Supercritical water gasification (SCWG) is a challenging thermo-chemical
conversion route for wet biomass and waste streams into hydrogen and/or
methane. At temperatures and pressures above the critical point the physical
properties of water differ strongly from liquid water or steam. Because of the
physical properties of supercritical water, SCWG is considered to be a promis-
ing technology for the thermo chemical conversion of wet biomass. Antici-
pated applications for supercritical gasification of wet biomass are for exam-
ple:

• The on-site production of a fuel gas in industry, vehicles, buildings.

• The production of pure hydrogen for the process industry.

• The production of a hydrogen or methane rich gas from manure or
sewage sludge.

• The production of syngas, mainly consisting of CO and H2, at high pres-
sure.

Although the results on a laboratory scale show that SCWG is a very promising
technique, the process is still in an early stage of development. A lot of work
remains to be done to get a full understanding of the complex process and to
bridge the gap between small-scale testing in laboratories to demonstration
on full-scale. For this purpose, adequate design rules for SCWG need to be
developed.

The primary objective of this thesis is to study the mechanisms and key param-
eters of SCWG and to develop design rules for adequate reactor and process
design. The following approach is chosen to meet these objectives:



1. Investigation of the influence of key process parameters on the thermal
efficiency of supercritical gasification of wet biomass.

2. The development of heat transfer models for water at supercritical pres-
sures.

3. The development of a new high throughput batch reactor for conversion
rate measurements of supercritical gasification of wet biomass.

4. The evaluation and experimental validation of sorption enhanced su-
percritical gasification of wet biomass.

1. Investigation of the influence of key process parameters on the thermal
efficiency of supercritical gasification of wet biomass.
A system model for the process of gasification of biomass model compounds
in supercritical water is developed. The thermodynamic model is generated in
ASPEN 12.1 under the assumption of chemical equilibrium and using model
compounds to represent the organics in the wet biomass. The first part of
the research focuses on predicting the influence of process parameters on the
thermal efficiency of the overall process. The parameters under investigation
are the heat exchanger effectiveness, the possibility of tailoring the product
gases and in-situ CO2 capturing using water.

The results obtained with the developed thermodynamic model show that the
composition of the product gases can be tailored to a desired product gas com-
position by changing the process parameters such as the reactor temperature,
pressure or the concentration of organic material in the feed. Furthermore it
is shown that the overall thermal efficiency is very sensitive for the heat ex-
changer effectiveness.This is mainly caused by the high heat capacity of water
and the high water content of the feed stream. The possibility of in-situ CO2

capturing produced during supercritical gasification is also investigated us-
ing the thermodynamic model. A large part of the CO2 present in the product
gases can be captured using the water present in the system. The process wa-
ter can be recycled to absorb more CO2, but this comes at the expense of the
thermal efficiency. A feed with 5 wt% of methanol shows a decrease of 20% in
thermal efficiency when the CO2 capture efficiency is improved with 20%, this
is due to an increase in dissolved H2 and CH4. The CO2 can be captured at 100
bar so no extra compression step is necessary before transportation.



2. The development of heat transfer models for water at supercritical pres-
sures.
For the design of efficient heat exchangers more knowledge is required on heat
transfer in supercritical water. Therefore numerical models have been devel-
oped. A 1D plug flow model has been developed in order to predict the bulk-
fluid temperature in a tubular flow. Nusselt correlations for the heat transfer
coefficient are required to close the set of equations. The experimental vali-
dation for three different cases shows that the 1D-model is able to accurately
predict the bulk temperature based on the Nusselt correlation that was valid
for that specific case. However, the different Nusselt correlations are limited
to the specific conditions on which they were based. These limitations lead to
the conclusion that it is important to consider boiling effects that occur when
a critical heat flux is reached. The right choice of the Nusselt correlation for
the simulated case is crucial for the quality of the results of the 1D-model.

To get a better insight the heat transfer is also investigated using a two-
dimensional modeling approach. The two-dimensional model is based on
low-Reynolds k-ε turbulence model, and the IAPWS-IF97 formulation to de-
scribe the properties of water at different process conditions. The accuracy
of the model is validated using an experimental setup at supercritical pres-
sures. The comparison of the measured and calculated temperature shows
a good agreement. The 2D-model results have also been compared with the
results from the 1D-model using several Nusselt correlations from literature.
Each individual Nusselt correlation shows an incapability to predict the heat
transfer coefficient accurately over the entire pipe length. Therefore it can be
concluded that 1D-models should not be used to simulate the heat transfer to
supercritical water in long or complex pipe configurations. For both the 1D-
model and the 2D-model the effect of the methanol decomposition reaction
on the heat transfer has been investigated. Due to the plug flow assumption of
the 1D-model, the model is not capable of capturing the high temperature gra-
dients in radial direction, which leads to an underestimation of the conversion
rate. The 2D-model is more suitable for predicting chemically reacting flow.
From the 2D-model results it can be seen that the heat transfer to a reacting
flow is larger than heat transfer to a non-reacting flow.

3. The development of a new high throughput batch reactor for conversion
rate measurements of supercritical gasification of wet biomass.
A new high throughput batch reactor is developed for conversion rate mea-



surements of supercritical water gasification of wet biomass. In the standard
autoclave reactor a mixture of biomass and water is injected and heated up
to supercritical conditions. During the heating-up sub-critical reactions may
take place resulting in other conversion rates and product gases. In the present
study an autoclave reactor is extended with a high pressure injection system
which allows the injection of both liquid and solid particles into the reactor un-
der supercritical conditions. The high throughput batch reactor is tested with
the gasification of methanol and algae in supercritical water. For both feed-
stocks the hydrogen yield and the conversion degree increased with a higher
process temperature. Due to the newly developed injection system the time
of the heating up trajectory is significantly decreased from 10 minutes to 20
seconds and this results in a higher conversion rate.

4. The evaluation and experimental validation of sorption enhanced super-
critical gasification of wet biomass.
Finally the possibility of in-situ CO2-capture in the gasification process is in-
vestigated. The so called ’sorption enhanced supercritical water gasification’
(SE-SCWG) of wet biomass is evaluated and compared to conventional super-
critical reforming. CaO, NaOH and hydrotalcite are tested as possible sorbents
for sorption enhanced supercritical gasification. The evaluation is performed
by both equilibrium calculations and experimental research.

Thermodynamic calculations were done to model the process of sorption en-
hanced gasification in supercritical water. A large increase in H2 production
can be seen for both CaO or NaOH as CO2-acceptor. The calculations show
that the WGS reaction is strongly shifted in the direction of H2 in the prod-
uct gases for the case of SE-SCWG of methanol. Sorption enhanced gasifica-
tion of both methanol and micro-algae in supercritical water are experimen-
tally tested in the high-throughput batch reactor. Hydrotalcite and NaOH were
tested with methanol as a biomass model compound and micro-algae as a real
biomass source. Especially the results for NaOH were promising with a high
production of H2 and a large reduction in both conversion time and CO2 in
the dry product gases. Also for the algae case a large reduction in CO2 pro-
duction is shown in the experimental results. Even though algae are a difficult
compound to convert completely into dry product gases, the conversion was
more than doubled when NaOH was added to the process.



Samenvatting

Vergassing van natte biomassa in superkritiek water is een uitdagende conver-
sie route om biomassa om te zetten in waterstof en/of methaan. Op tempera-
turen en drukken boven het kritieke punt verschillen de fysische eigenschap-
pen van water sterk van die van vloeibaar water of stoom. Met dank aan de fy-
sische eigenschappen van water, wordt vergassing in superkritiek water gezien
als een veelbelovende technologie voor de thermo-chemische omzetting van
natte biomassa. Verwachte applicaties voor de superkritieke vergassing van
natte biomassa zijn bijvoorbeeld:

• Het op locatie produceren van brandstof voor industrie, voertuigen of
gebouwen.

• Productie van pure waterstof voor de proces-industrie.

• Het omzetten van mest of zuiveringsslib in een gas, rijk aan waterstof of
methaan.

• Productie van synthese gas op hoge druk.

Vergassing in superkritiek water is nog in de beginfase van de ontwikkeling, er
moet veel werk worden verzet om het complexe proces volledig te doorgron-
den. Daarnaast is er een groot gat tussen de huidige experimentele opstellin-
gen op laboratorium schaal en een toekomstige demonstratie van het proces
op industriële schaal. Met dit in het achterhoofd is het belangrijk dat er goede
ontwerpregels worden ontwikkeld voor het proces van vergassing in superkri-
tiek water.

Het voornaamste doel van dit proefschrift is het onderzoeken van de mecha-
nismen en sleutelparameters voor het proces van superkritieke vergassing van



natte biomassa. Hieruit volgen ontwerp regels voor een gedegen reactor en
proces ontwerp, de volgende aanpak is gekozen om dit doel te bereiken:

• Een studie naar de invloed van procesparameters op de thermische ver-
gassing van natte biomassa in superkritiek water.

• De ontwikkeling van warmte overdracht modellen voor water op su-
perkritieke druk.

• De ontwikkeling van een nieuwe batch reactor waarmee de conversie
snelheid van superkritiek vergassen van natte biomassa gemeten kan
worden.

• De evaluatie en experimentele validatie van sorptie ondersteunde ver-
gassing van natte biomassa.

1. Een studie naar de invloed van procesparameters op de thermische ver-
gassing van natte biomassa in superkritiek water.
De vergassing van natte biomassa in superkritiek water is gemodelleerd door
middel van een thermodynamisch systeemmodel gegenereerd in ASPEN 12.1.
De modellering is gedaan onder de aanname van chemisch evenwicht en met
behulp van modelstoffen voor het organisch materiaal in de biomassa. Dit
model is allereerst ingezet om de invloed van de procesparameters op de ther-
mische efficiëntie van het proces te bepalen.

De resultaten die zijn verkregen met het thermodynamische model laten zien
dat de gascompositie in een gewenste richting kan worden gestuurd door pro-
cesparameters aan te passen. Wanneer de proces temperatuur, procesdruk
of het gewichtspercentage van het organisch materiaal in de voedingsstroom
worden aangepast heeft dit een groot effect op de samenstelling van de pro-
ductgassen. Daarnaast is aangetoond dat de thermische efficiëntie van het
gehele proces sterk afhankelijk is van de effectiviteit van de warmtewisselaar.
Dit wordt voornamelijk veroorzaakt door de hoge warmtecapaciteit van water
en de grote hoeveelheid water in de voedingsstroom.

De mogelijkheid om in-situ CO2 af te vangen tijdens de superkritieke ver-
gassing is onderzocht aan de hand van het thermodynamisch model. Wan-
neer gebruik wordt gemaakt van het al aanwezige water in het proces kan een
groot deel van het CO2 in de productgassen worden afgevangen. Wanneer het
proceswater wordt gerecycled bestaat de mogelijkheid om een nog grotere ho-



eveelheid CO2 af te vangen, deze strategie gaat wel ten koste van de thermische
efficiëntie.

2. De ontwikkeling van warmte overdracht modellen voor water op su-
perkritieke druk.
Voor de ontwikkeling van een efficiënte warmtewisselaar is het zaak dat er
meer kennis beschikbaar komt op het gebied van warmte overdracht in su-
perkritiek water. Binnen dit onderzoek zijn hiervoor twee numerieke modellen
ontwikkeld. Allereerst een 1D plug flow model waarmee de bulk stroom tem-
peratuur kan worden bepaald van water op superkritieke druk in een buisstro-
ming. De set van vergelijkingen voor dit numerieke stromings-probleem wordt
gesloten door middel van een warmteoverdrachtscoëfficiënt, de warmteover-
drachtscoëfficiënt wordt bepaald door middel van een Nusselt correlatie. De
juiste keuze van de Nusselt correlatie is bepalend voor de kwaliteit van het 1D
model.

De warmte overdracht is tevens bestudeerd aan de hand van een 2D model,
waarbij de turbulentie wordt gemodelleerd doormiddel van het low-Reynolds
k-εmodel en de fysische eigenschappen van water doormiddel van de IAPWS-
IF97 formulering. Dit model is gevalideerd met behulp van een experimentele
opstelling, deze validatie liet een goede overeenkomst zien tussen het model
en het experiment. De resultaten van het 2D model zijn vergeleken met de re-
sultaten van het 1D model waarbij diverse Nusselt correlaties uit de literatuur
zijn gebruikt. Elk van de gebruikte Nusselt correlaties was niet in staat om de
warmteoverdrachtscoëfficiënt over de volledige buislengte goed te bepalen.
Hieruit kan geconcludeerd worden dat het 1D model niet moet worden ge-
bruikt voor de simulatie van warmteoverdracht voor superkritiek water voor
lange buizen of complexe configuraties.

Voor zowel het 1D als voor het 2D model is gekeken naar het effect van de
methanol decompositie reactie op de warmteoverdracht. Het 1D model on-
derschat de conversiesnelheid van de methanol, dit wordt veroorzaakt door
de aanname van plug flow waarbij het model niet in staat is om temperatuur-
gradiënten in radiale richting te voorspellen. Het 2D model is beter in staat om
chemische reacties te simuleren, uit de resultaten blijkt dat de warmteover-
dracht naar de reagerende stroming groter is dan de warmteoverdracht naar
de niet-reagerende stroming.



3. De ontwikkeling van een nieuwe batch reactor waarmee de conversie
snelheid van superkritiek vergassen van natte biomassa gemeten kan wor-
den.
Voor het bepalen van de conversiesnelheid van de vergassing van natte
biomassa in superkritiek water is een nieuwe batch reactor ontwikkeld. In
een standaard batch reactor wordt voorafgaand aan het proces een mengsel
van biomassa en water geïnjecteerd waarna het vervolgens wordt opgewarmd
tot superkritieke condities. Tijdens het opwarmtraject vinden er allerlei sub-
kritieke reacties plaats die resulteren in afwijkende conversiesnelheden en
productgassen. In de huidige studie is de batch reactor uitgebreid met een
injectiesysteem op hoge druk, met behulp van dit injectiesysteem kan de natte
biomassa in de reactor worden geïnjecteerd wanneer deze al op superkritieke
condities is. De nieuw ontwikkelde reactor is getest voor de superkritieke ver-
gassing van zowel methanol als algen. In beide gevallen was de proces tem-
peratuur van grote invloed op zowel de waterstof opbrengst als de mate van
conversie. Door middel van het ontwikkelde injectiesysteem is de tijd van het
opwarm traject drastisch afgenomen, dit heeft geresulteerd in een hogere mate
van conversie.

4. De evaluatie en experimentele validatie van sorptie ondersteunde ver-
gassing van natte biomassa in superkritiek water.
Tot slot is de mogelijkheid van het in-situ afvangen van CO2 onderzocht bin-
nen het proces van vergassing van natte biomassa in superkritiek water. Het
zogenaamde ’sorptie ondersteund vergassen van natte biomassa’ is onder-
zocht en vergeleken met het conventionele vergassen van natte biomassa in
superkritiek water. CaO, NaOH en hydrotalciet zijn geselecteerd als sorbents
voor deze evaluatie en worden onderzocht door middel van chemisch even-
wicht berekeningen en experimenten.

De resultaten van de chemisch evenwicht berekeningen laten zien dat er een
grote toename is in H2-produktie wanneer CaO of NaOH als CO2-sorbent wor-
den gebruikt. De berekeningen laten zien dat de water gas shift reactie sterk
in de richting van H2 wordt gestuurd wanneer sorbents aan het proces worden
toegevoegd. Hydrotalciet en NaOH zijn experimenteel getest voor het sorptie
ondersteund superkritiek vergassen van zowel methanol als algen. Met name
de experimenten waarbij NaOH werd gebruikt als sorbent resulteerden in een
hoge productie van H2 en een grote afname in zowel conversietijd als in ho-
eveelheid CO2 in het productiegas.
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1
Introduction

1.1 Background

Towards an entirely new national energy system based on renewable sources,
the Dutch government currently aims at 16% renewable energy in 2020. The
goal for 2050 is a Dutch energy system completely based on renewable en-
ergy sources. Biomass will play an important role in this transition. Worldwide
biomass is one of the most plentiful and well-utilized sources of renewable
energy. Biomass can be used for the production of electricity, heat, fuels and
chemicals and is considered to be CO2 neutral.

Wet biomass is a renewable resource that currently is difficult to use in an ef-
ficient way. The high water content in feedstocks such as food waste, sewage
sludge, manure, rice husk or algae hinders the use of thermo-chemical conver-
sion processes such as pyrolysis or gasification. The required energy to evapo-
rate the water before converting the organics into useful products makes these
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1.1 Background

Figure 1.1: Scheme of the full chain of biomass gasification in supercritical water.

processes economically not feasible. Gasification in supercritical water could
be an interesting alternative for these wet biomass streams. Above the criti-
cal pressure (221 bar) and a temperature larger than 374◦C, the biomass slurry
changes from the liquid phase directly to the supercritical phase. An advantage
of using supercritical conditions is that organic material is completely miscible
with supercritical water, resulting in a homogeneous reaction phase. Because
of the homogeneous reaction phase the mass transfer barriers between phases
are eliminated and therefore the reaction rates are increased [60, 106, 124].

The properties of supercritical water, such as density, viscosity, dielectric con-
stant, and hydrogen bonding are different from liquid water or steam. In the
process of supercritical gasification of biomass, the supercritical water is mul-
tifunctional: it is a solvent, a catalyst and a reactant [59]. Applying gasification
in supercritical water, the expensive conventional drying step for wet biomass
is not required. Additional advantages of the process can be found in a com-
pact reactor design because of the high density of supercritical water; Easy
separation of CO2 from the product gases due to the higher solubility of CO2

in water at high pressure when compared to the other product gases; The pos-
sibility to control the selectivity of the process by changing the process con-
ditions; And the opportunity to use the heat from the reactor effluent to heat
up wet biomass before it enters the reactor. The produced gas is available at
high pressures and this is interesting for downstream applications such as: gas
turbines and refineries.
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Anticipated applications for supercritical gasification of biomass are for exam-
ple:

• The on-site production of a fuel gas in industry, vehicles, buildings.

• The production of pure hydrogen for the process industry.

• The production of a hydrogen or methane-rich gas from manure or
sewage sludge.

• The production of syngas, mainly consisting of CO and H2, at high pres-
sure.

Fig. 1.1 shows a schematic of a continuous SCWG reactor. The set up con-
sists of a feed storage for the wet biomass, a pump for pumping the slurry at
supercritical pressure, the SCWG reactor and a heat exchanger to heat the reac-
tants and cool the hot product gases. After the heat exchanger the hot product
gases are cooled further using a cooling system and then the two phase prod-
uct stream is separated using a high pressure and low pressure separator.

At present two SCWG pilot plants are being operated in the world. With a
throughput of 100 l/h the VERENA test facility at the Forschungszentrum Karl-
sruhe (FzK) is the largest pilot plant existing so far [24]. The plant was built to
demonstrate supercritical gasification of wet residues from wine production,
and it was designed for a process temperature of 700◦C and a maximum pres-
sure of 350 bar. Various types of biomass have been successfully converted to
gas in the VERENA plant [60]. The second pilot plant is a process development
unit (PDU) built by BTG, with a maximum throughput of 30 l/h [94, 112]. The
PDU was first tested with components like ethanol and glycerol. Later trials
are intended for more difficult feedstock types like starch, and eventually, real
biomass [80]. Both pilot plants were built to demonstrate SCWG, but they were
not optimized in terms of energy consumption.

SCWG is a technology in the early stages of its development. In this thesis em-
phasis is given on developing design rules for an adequate reactor and process
design for supercritical gasification of wet biomass.
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1.2 Supercritical water

Figure 1.2: Pressure-Temperature diagram for water.

1.2 Supercritical water

A fluid is called supercritical when both the pressure and the temperature are
above their critical value. This point is indicated by the so called critical point
(C), as can be seen in the phase diagram of water (Fig. 1.2) the critical point is
located at the position where the vapor line ends.

The line that connects the triple point with the critical point indicates the boil-
ing point for the intermediate pressures. The boiling point increases with pres-
sure until the critical pressure is reached. At the critical point (374◦C, 221 bar)
and beyond, the distinction between the two phases is disappeared so that the
fluid is in a single, supercritical phase.

Although the transition from liquid water to supercritical water is strictly
speaking not a phase change, strong property variations are observed within
a very limited temperature range. The gradients are largest near the critical
point, where the transition still resembles that of sub-critical water, and be-
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come lower at higher pressures. Fig. 1.3 shows the density, isobaric heat ca-
pacity, conductivity and viscosity of water as a function of temperature at dif-
ferent pressures. The isobars plotted in the figure show the variation of the
several properties of water at constant pressure, where the solid line indicates
the variation at supercritical pressure.

In general, the properties of supercritical water are in between those of liquid
water and steam. An increase of fluid temperature is accompanied by a con-
tinuous decline in density, conductivity and viscosity (Figs. 1.3(a), 1.3(b) and
1.3(d)). The location of the peak in the graph of the specific heat capacity at
constant pressure is a good indicator for the critical temperature, this is clearly
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Figure 1.3: Properties of supercritical water.
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1.2 Supercritical water

Figure 1.4: Specific heat of water.

shown in Figs. 1.3(b) and 1.4. The peak in Cp is highest at the critical pressure,
but is also present at higher pressures where it indicates the pseudo-critical
point.

A drastic reduction in density causes a significant decrease in the static dielec-
tric constant, resulting in an improved solubility of organic substances and
permanent gases like H2, CH4 and CO2. The behavior of supercritical water as
a solvent for intermediates and product gases enables single-phase gasifica-
tion and possibly opens the door to an effective thermo-chemical conversion
route for wet biomass.
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1.3 Supercritical water gasification

Supercritical water gasification (SCWG) is an interesting route to convert wet
biomass into hydrogen or methane. When compared to other hydrogen pro-
duction methods, SCWG is the most promising technology for the thermo-
chemical conversion of wet biomass as no pre-drying step is required.

In SCWG, supercritical water has the following roles:

1. An excellent solvent for intermediates and product gases, resulting in
single phase reactions. Single phase reactions eliminate mass transfer
barriers between phases and therefore increases reaction rates [60, 106,
124]. In parallel with the increasing reaction rate the solvation capabili-
ties of supercritical water result in a suppression of tar and coke forma-
tion.

2. A reactant which promotes the water gas shift reaction and the hydroly-
sis reaction [64, 106].

3. A source of hydrogen, due to weak hydrogen bonding of water at high
temperatures and pressures. Supercritical water has a high hydrogen-
releasing ability [106].

From these points it can be concluded that supercritical water fulfills every
possible role it is able to fulfill: solvent, catalyst, and reactant [59]. Where each
separate role results in different advantages of the SCWG process.

Additional advantages of the process can be found in a compact reactor design
because of the high density of supercritical water. Easy separation of CO2 from
the product gases due to the higher solubility of CO2 in water at high pres-
sure when compared to the other product gases. The possibility to control the
selectivity of the process by changing the process conditions. And the oppor-
tunity to use the heat from the reactor effluent to heat up wet biomass before
it enters the reactor.

SCWG is a challenging solution for the thermo-chemical conversion of wet
biomass. Even though the process is under development since the late sev-
enties several hurdles have to be taken in order to demonstrate the technology
in practice. One important challenge is the design of the heat exchanger, as the
heat exchange plays a very important role in the energy efficiency of the com-
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1.4 Scope and objectives of the study

plete process. Another challenge for commercial applications is the corrosive
behavior of water as a reaction medium. Corrosion of the reactor material was
observed during several experiments done for SCWG. Taking into account cor-
rosion, combined with the required high temperatures and pressures it is clear
that the choice of materials for the reactor is of key interest. Furthermore due
to the non-polar solvent behavior of water at supercritical conditions the sol-
ubility of salts is greatly reduced, this could therefore lead to wall deposits and
plugging of the reactor by salts. For a succesful implementation of the SCWG
process it is necessary that these challenges are dealt with.

1.4 Scope and objectives of the study

Results on a laboratory scale show that SCWG is a very promising process, but
still in an early stage of development. A lot of work remains to be done to un-
derstand the process completely and to bridge the gap between small-scale
testing in laboratories to demonstration in practice. In order to do this effec-
tively, adequate design rules for SCWG need to be developed.

The primary objective of this thesis is to gain deeper insights in the mecha-
nisms of the heat transfer, conversion rate, product gas composition and ther-
mal efficiency of SCWG in order to improve the reactor and system design. In
order to achieve this objective the following questions need to be answered:

1. Can gasification of wet biomass in supercritical water be designed as a
thermally efficient process?

2. What is the influence of the large property variations of water, in the
transition from sub- to supercritical water, on the heat transfer in the
SCWG process?

3. Is it possible to gasify wet biomass such as algae in supercritical water?

4. Does the SCWG process allow for in-situ capturing of CO2 during the
process?
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1.5 Thesis outline

The following approach is chosen to answer the questions posed in the previ-
ous section:

• Investigation of the influence of key process parameters on the thermal
efficiency of supercritical gasification of wet biomass.

• The development of heat transfer models for water at supercritical pres-
sures.

• The development of a new high throughput batch reactor for conversion
rate measurements of supercritical gasification of wet biomass.

• The evaluation and experimental validation of sorption enhanced su-
percritical gasification of wet biomass.

Chapter 2 presents a system model for the process of gasification of biomass
model compounds in supercritical water. The chapter focuses on predicting
the influence of several process parameters on the thermal efficiency of the
overall process. Three important parameters under investigation are the heat
exchanger effectiveness, the possibility of tailoring the product gases and in-
situ CO2 capturing using water present in the wet biomass.

Heat transfer in water at supercritical pressures has been investigated numeri-
cally using a one-dimensional modeling approach in Chapter 3. A 1D plug flow
model has been developed to predict the bulk-fluid temperature in a tubular
flow.

Chapter 4 numerically investigates heat transfer using a two-dimensional
modeling approach. The two-dimensional is based on the low-Reynolds k-ε
turbulence model, and the IAPWS-IF97 formulation to describe the properties
of water at different process conditions. The accuracy of the model is validated
using an experimental setup at supercritical pressures.

A description of the development and first experimental work on a new high
throughput batch reactor concept for conversion rate and product gas compo-
sition of supercritical water gasification of wet biomass is given in Chapter 5.
In a standard autoclave reactor a mixture of biomass and water is injected and
heated up to supercritical conditions. During the heating-up sub-critical reac-
tions may take place resulting in other conversion rates and product gases. In

9



1.5 Thesis outline

the present study an autoclave reactor is extended with a high pressure injec-
tion system which allows the injection of both liquid and solid particles into
the reactor under supercritical conditions. The high throughput batch reactor
is tested with the gasification of methanol and algae in supercritical water.

Finally Chapter 6 investigates the possibility of in-situ CO2-capture in the gasi-
fication process. The so called ’sorption enhanced supercritical water gasifica-
tion’ (SE-SCWG) of wet biomass is evaluated and compared to conventional
supercritical reforming. CaO, NaOH and hydrotalcite are tested as possible
sorbents for sorption enhanced supercritical gasification. The evaluation is
performed by both equilibrium calculations and experimental research.

10



2
System model for gasification of wet

biomass in supercritical water

This chapter presents a system model for the process of gasification of biomass model

compounds in supercritical water. Supercritical water gasification of wet biomass (water

content of 70wt% or more) has as a main advantage that conversion may take place with-

out the costly drying step. The thermodynamic model is generated in ASPEN 12.1 under

the assumption of chemical equilibrium and using model compounds to represent the

organics in the wet biomass. The research focuses on predicting the influence of several

parameters on the thermal efficiency of the process. One of the important parameters

under investigation is the heat exchanger effectiveness. The possibility of tailoring the

product gases and in-situ CO2 capturing using water are also modeled and described.

The work in this chapter has been published in revised form as:
J.A.M. Withag, J.R. Smeets, E.A. Bramer and G. Brem, System model for gasification of
biomass model compounds in supercritical water - A thermodynamic analysis, The Jour-
nal of Supercritical Fluids, Elsevier 61 (2012).[127]
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2.1 Introduction

Figure 2.1: Scheme of the full chain of biomass gasification in supercritical water.

2.1 Introduction

Biomass is one of the most plentiful and well-utilized sources of renewable
energy in the world. Biomass can be used for the production of electricity and
heat, but also for the production of liquid or gaseous fuels. However, without
pre-treatment, biomass with a moisture content of more than 70% is not suit-
able for combustion, gasification or pyrolysis processes and therefore other
conversion processes have to be developed. With the advantage of avoid-
ing the costly drying process, gasification in supercritical water is a promis-
ing technique to convert wet biomass into a hydrogen- or methane-rich gas at
high pressure that can be used for a wide range of applications.

Supercritical water gasification (SCWG) is a challenging thermo-chemical con-
version route for wet biomass and waste streams into a medium calorific gas.
At temperatures and pressures above the critical point of water (Fig. 1.2) there
is no distinction between the gas and liquid phase. The physical properties
of supercritical water strongly differ from liquid water or steam. There is a
large decrease in dielectric constant, viscosity, thermal conductivity and in the
vicinity of the critical point a large peak in the specific heat capacity can be
detected [59, 80]. Anticipated applications for supercritical gasification of wet
biomass are for example:

• The on-site production of hydrogen in industry, vehicles, buildings.
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• The production of renewable hydrogen as a clean fossil fuel.

• The production of a methane-rich gas.

• The production of syngas, mainly consisting of CO and H2.

SCWG is a technology in the early stages of technical development. A better
understanding of the fundamental phenomena is essential for an adequate
SCWG reactor- and process design. In order to maximize conversion and to
optimize the gas yield and composition, research on the key parameters influ-
encing the overall process efficiency is of great importance.

Fig. 2.1 shows a schematic of a continuous SCWG reactor. The set up con-
sists of a feed storage for the wet biomass, a pump for pumping the slurry at
supercritical pressure, the SCWG reactor and a heat exchanger to heat the reac-
tants and cool the hot product gases. After the heat exchanger the hot product
gases are cooled further using a cooling system and then the two phase prod-
uct stream is separated using a high pressure and low pressure separator.

The economic feasibility of gasification in supercritical water strongly depends
on the thermal efficiency of the process: is it possible to convert a highly di-
luted organic compound into a useful product gas in an energetically efficient
manner? Biomass is a complicated and inhomogeneous substance and there-
fore difficult to model in a flowsheet. In the present study the wet biomass is
modeled by different biomass model compounds, i.e. methanol, glucose and
cellulose. The second assumption is that chemical equilibrium is reached un-
der the investigated process conditions. This is a common approach when the
reaction mechanism and the kinetics are not yet well understood. Of course
this will result in an overprediction of reaction products that are rate limited. In
this study the equilibrium approximation is followed and this will give a good
indication of the thermal efficiency of process. The process flowsheet software
Aspen Plus 12.1 is used to model the different steps needed in the overall chain.

The first thermodynamic model for supercritical water gasification was devel-
oped by Antal [7] to model the reforming of cellulose in an excess of water.
Since then several other groups have conducted research in thermodynamic
modeling of SCWG systems [75, 109, 134, 138]. Although these models did not
exactly provide the same results the following trends can be recognized:

• The CO content of the produced gas is very low.

13



2.1 Introduction

1 2 3

4 5

Figure 2.2: System model with different sub models.

• The hydrogen yield increases with temperature. Especially above 600◦C
hydrogen is the dominating product. The methane yield increases at
lower temperatures (< 600◦C).

• With an increasing biomass concentration in the feed, the hydrogen
yield decreases while the methane yield increases.

• Pressure does not have a significant influence on the overall process.

The goal of the present study is to gain more insight in the effect of the process
parameters on the thermal efficiency of the process. In Section 2.2 the process
flowsheet which is used to predict the overall efficiency for the supercritical
water gasification process is described. Section 2.3 explains the theory and the
assumptions of the chemical equilibrium reactor. In Section 2.4.1 a descrip-
tion of the dependency of the product gases on the process conditions such
as temperature, pressure, and weight percentage of organics is given. Section
2.4.2 shows the results of a sensitivity analysis for the thermal efficiency when
the heat exchanger effectiveness is changed. In Section 2.4.3 an optimalisation
towards the production of a methane rich gas is investigated. Finally, an eval-
uation on the possibility of capturing carbon dioxide using the water available
in the feed as a solvent is given in Section 2.5.
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2.2 Process flowsheet of the system model

In Fig. 2.2, a flowsheet of the SCWG system is shown. Here a mixture of water
and methanol as a biomass model compound is used to mimic wet biomass.
It is also possible to use other model compounds like glucose or cellulose. The
flowsheet is divided in the five most important sections:

1. The low temperature mixing and pressurization of the feed.

2. The heat exchange between the product gas and the feedstream.

3. The supercritical gasification reactor.

4. The separation of the product gas, and water recycle for CO2 capture.

5. The heat supply for the endothermic conversion reactions in the reactor.

The mixing step is implemented to mix the biomass with a certain amount of
water. After the mixing step the feed stream is pressurized (>> 221 bar) us-
ing a high pressure pump. A heat exchanger is used to preheat the mixture
to supercritical temperature (>> 374◦C), the heat of the product gases of the
supercritical reactor is used to preheat the feed mixture. The supercritical mix-
ture enters the reactor and is further heated to reactor conditions (600◦C). The
extra required heat in the reactor is delivered by a methane burner.

The heat from the product gases is used to preheat the mixture. Then the
product gases are further cooled below the critical point in a separate heat ex-
changer to separate the permanent gases from the liquid water with dissolved
CO2 in a high pressure phase separator. The high pressure liquid is further ex-
panded to atmospheric pressure to release the stored CO2 in the low pressure
separator. The product gas can be stored or upgraded while it is at high pres-
sure or used directly in a gas turbine. The important parts of the flowsheet
will be described in more detail in the next sections. The following section
describes the selection of a suitable property method for the equilibrium cal-
culation at supercritical conditions.
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2.3 Chemical equilibrium reactor for SCWG

2.3 Chemical equilibrium reactor for SCWG

Although several experimental investigations have been conducted on super-
critical water gasification of biomass model compounds and real biomass
[12, 38, 64, 76, 100, 137, 138], no mechanistic reaction path with kinetical con-
stants has been accepted at the moment for the reactions taking place with
supercritical gasification. For this reason and because the goal is to study the
thermal efficiency of the system, use has been made of chemical equilibrium
modeling to calculate the composition of the product gas.

2.3.1 Gibbs energy of reaction

When a multicomponent mixture reaches chemical equilibrium the Gibbs free
energy is at a minimum. The minimum in Gibbs energy is at the same point
where the Gibbs energy of reaction (∆r G ) reaches zero. The Gibbs energy of
reaction is defined as the change in Gibbs energy with respect to the extent of
the reaction.

∆r G =
∂G

∂ ξ
(2.1)

where ξ is the extent of the reaction. The Gibbs energy of reaction not being
zero indicates that there must be a point of lower Gibbs energy (G). In this case
the multicomponent mixture will move to a state where the Gibbs energy is at a
minimum. The change in Gibbs energy for a reaction is the difference between
the sums of the chemical potentials of the reactants and the products.

∆r G =
n
∑

j=1

µj n j (2.2)

In Eq. 2.2 n j and µj are the molar number and the chemical potential of com-
ponent j . The equation for conservation of elements can be written as:

n
∑

j=1

a i j n j −b 0
i =0, i =1,...,l (2.3)
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where a i j is the molar number of element i in compound j , and b 0
i is the mo-

lar number of element i in the initial reactant. The Gibbs free energy is at
a minimum when a multicomponent system reaches chemical equilibrium.
Minimizing the Gibbs free energy of a system, with fixed T and P , is a simple
constrained optimization problem. The constraints can be removed using the
method of Langrange multipliers. Eq. 2.4 is used to determine the chemical
potential of component µi .

µi (T,P)=µ0
i (T )+RT ln f i (2.4)

where µ0
i (T ) is the chemical potential of component i in standard state, R is

the ideal gas constant, and f i is the partial fugacity of component i . The partial
fugacity can be calculated using an equation of state, the equation of state used
in this research is discussed in the following paragraph.

2.3.2 Choice of property method

A property method is used to calculate the thermodynamic and transport
properties of a chemical system. The partial pressures of the different compo-
nents in a system are strongly influenced by the property method used in the
calculation, therefore the choice of a property method is of great importance.

There are two main methods of calculating thermodynamic and transport
properties: the activity coefficient method for the fluid phase and the
equation-of-state (EOS) method for all phases. The main advantage of using
an EOS method is the wide range of temperatures and pressures for which it
can be used. EOS methods also give reasonable results for both sub-critical
and supercritical conditions. The advantage of the activity coefficient method
is the capability to predict the behavior of strong polar components such as
water-alcohol mixtures. A drawback for the activity coefficient models is that
they can be used up to a maximum pressure of approximately 10 bar. This lim-
its the possible application of these methods for the present study on SCWG.

The important steps in the present process are the gasification in the reactor
and the high pressure product separation. In case of the high pressure product
separation the pressure is too high for the use of activity coefficient methods.
Therefore, the main focus of this section will be on determining the most suit-
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2.3 Chemical equilibrium reactor for SCWG

able EOS method. An overview of the available property methods in combina-
tion with mixing rules and α functions is given in Table 2.1.

Fig. 2.3 shows the hydrogen produced at increasing reactor temperature when
using several EOS methods. All temperature predictions using different prop-
erty methods show the same trend. As shown in the literature [59, 76, 109, 134]
the equilibrium shifts to the production of hydrogen at higher temperatures
since the hydrogen forming reactions are endothermic. But the amount of hy-
drogen differs as much as 12% at 600◦C, as can be seen in the figure.

The property method Ideal is based on the ideal gas law. The main advantage
of this property method is its simplicity. On the other hand the Ideal EOS has
difficulties when calculating vapor-liquid equilibrium. This can be seen clearly
in Fig. 2.3 when looking at temperatures in the vicinity of the critical tempera-
ture (374◦C). This property method predicts the highest hydrogen production
since it does not consider interaction between the molecules or the volume of
the molecules.

The Peng-Robinson (PR) [92] and the Redlich-Kwong (RK) [97] property meth-
ods are both extensions of the ideal gas law. Although both property methods
account for the molecule volume and the interaction between molecules they
are not capable of accurately predicting the fluid behavior at the high pressures

Table 2.1: Available property methods and alpha functions in Aspen Plus [1].

Property method EOS Mixing rule or α-function
IDEAL Ideal gas law -

PENG-ROB PR -
PR-BM PR BM
PRMHV2 PR MHV2
PRWS PR WS

RK-Soave SRK -
RKS-BM SRK BM
RKSMHV2 SRK MHV2
RKSWS SRK WS
PSRK SRK Gmehling
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Figure 2.3: Comparison of equilibrium H2 temperature dependence for different prop-
erty methods, for 10 wt% MeOH, 300 bar.

present in this system. Both property methods are most accurate for systems
at low to moderate pressures for which vapor-phase non-ideality is low.

The thermodynamic properties of a pure substance can be calculated using an
EOS, but how these properties relate to a mixture with possible interactions
between different components requires the use of a mixing rule. The modi-
fied Huron-Vidal (MHV2) and the Wong-Sandler (WS) mixing rules increase
the accuracy of predicting the thermodynamic properties for polar mixtures.
Both mixing rules are tested during this investigation.

The interaction between molecules can effect the predicted equilibrium com-
position and partial pressures in a chemical system. Especially for mixtures
with polar and non-polar molecules or with molecules of different sizes the
ability to handle deviations from ideal behavior is significant. A lot of re-
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2.4 Results of the system model

search is done on the improvement of the modeling of attractive forces be-
tween molecules, the most successful of these alpha functions are imple-
mented in Aspen Plus. In this research Soave’s addition to the RK EOS, the
Boston-Mathias (BM), and the Twu and Twu generalized alpha functions [88]
are evaluated for the supercritical gasification case. It was found that the differ-
ent alpha functions are comparable and the results for the hydrogen produc-
tion differ less than 2% for all alpha funtions at the temperatures considered
for supercritical water gasification. Therefore, it is decided to only consider
Soave’s addition to the RK EOS and the BM alpha function for the present study
(RKS-BM in Fig. 2.3).

In this study the temperatures of interest lie between the critical temperature
of water (i.e. 373◦C) and 650◦C. At pressures above the critical pressure the
temperature of 650◦C is close to the maximum temperature from an engineer-
ing point of view, due to material limitations. Looking at the temperature range
of interest, in Fig. 2.3, it can be seen that the Ideal equation of state has the
largest difference in H2 production when compared to the seven other prop-
erty methods especially in the vicinity of the critical point. The property meth-
ods based on the Peng-Robinson and Soave Redlich-Kwong equations of state
all give a prediction of the H2 mole fraction within a bandwidth of 3.5%.

Any of these property methods is suitable for use in the supercritical region,
here the Soave Redlich-Kwong property method with modified Huron-Vidal
mixing rule (SRKMHV2) is chosen because this method is already used and
tested with similar chemical systems at supercritical conditions [15, 31, 71, 75].
More detailed information about property methods can be found in [111].

2.4 Results of the system model

In this paragraph the effect of the key process parameters (i.e. temperature,
pressure, and the composition of the feed) on the composition of the product
gas is discussed. The product gas composition is required for the calculation
of the overall thermal efficiency of the process that will be discussed in Section
2.4.2. Section 2.4.3 gives an overview on what will happen when the scope of
the SCWG process is changed from H2 production to CH4 production.
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(a) Change of methanol concentration. (b) Change of reactor pressure.

Figure 2.4: Equilibrium product gas composition for different methanol concentrations
and pressures, at 600◦C and respectively 300 bar and 10 wt% of MeOH.

2.4.1 Product gas composition

In order to explain the effects of the process conditions on the product gas
produced, a similar approach is used as in Kruse [59] for the glucose case.
Complete conversions to H2 and CH4 are assumed to be the limiting states,
for which the following stoichiometric equations apply. The endothermic for-
mation of hydrogen where the amount of molecules double is given by:

C H3OH+H2O→CO2+3H2. (2.5)

The exothermic formation of methane with a 50% increase of the amount of
molecules is given by:

4C H3OH→CO2+2H2O+3C H4. (2.6)

Effect of feed composition

Looking at Eqs. 2.5 and 2.6, it can be seen that the forming of H2 needs water
while the formation of CH4 produces water. Hence, a higher concentration of
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2.4 Results of the system model

(a) Methanol. (b) Cellullose.

Figure 2.5: Equilibrium product gas composition for different reactor operating temper-
atures, at 300 bar and for both 10 wt% MeOH and 10 wt% cellullose.

biomass, which means a lower concentration of water, favors the formation of
CH4. This is confirmed by the equilibrium calculation results as given in Fig.
2.4(a). The results show an increase in CH4 yield and a reduction in H2 yield
when the methanol weight fraction in the reactant stream is increased.

Effect of reactor pressure

The effect of the reactor pressure on the equilibrium product composition is
shown in Fig. 2.4(b). An increase in total pressure results in an increase of
the several partial pressures of the components and the equilibrium shifts to
the side with the smaller volume increase. An increase in pressure results in a
decrease in the yield of H2 and a decrease in pressure results in an increase in
CH4.

Effect of reactor temperature

The third important process parameter besides the methanol content of the
feed stream and the reactor pressure is the operating temperature of the reac-
tor. At higher temperatures endothermic reactions are favored while at lower
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temperatures the equilibrium shifts to exothermic reactions. For methanol
this is clearly shown in Fig. 2.5(a) where at high temperatures the formation
of H2 is more dominant than the formation of CH4.

Fig. 2.5(b) shows the result when cellulose is added to the supercritical reactor.
It can be seen that the same trends are followed for the predicted product gas
composition. Methanol has a hydrogen to carbon ratio of four while cellulose
has hydrogen to carbon ratio of 10/6. This can also be seen in Fig. 2.5, where
in the case of cellulose more CO2 is formed per mole of cellulose compared to
the methanol case. For cellulose this reduces the production of methane in the
low temperature part of the plot and reduces the production of H2 for the high
temperature part of the plot compared to methanol.

2.4.2 Process efficiency

The thermal efficiency is a critical factor that determines the economic feasi-
bility of gasification of the biomass model compounds in supercritical water.
In this section the thermal efficiency of the process is studied while several
operating parameters of the process are varied. The thermal efficiency of the
process is defined as the energy present in the produced gases minus the en-
ergy of the methane required for combustion to heat the reactor, and the work
done by the pump, divided by the energy present in the feedstream [77].

η(th)=
ṁ (H2,p rod ) ∗LHVH2

+ṁ (C H4,ne t t o) ∗LHVC H4
−P

ṁ ( f e e d ) ∗ LHV( f e e d )
. (2.7)

ṁ (C H4,ne t t o) =[ṁ (C H4,p rod )−ṁ (C H4,comb) ]. (2.8)

As can be seen in Eq. 2.7 the lower heating value (LHV) of the several species is
multiplied with the massflow ṁ of that specific species to calculate the energy
present in the flow. For the data needed in the calculations use has been made
of the extensive ASPEN 12.1 database [1]. The fuel for the burner can consist
of the produced methane that is recycled back into the system or if necessary
methane from an external source. The energy used by the pump (P) is also
subtracted from the energy contained in the product gases while calculating
the thermal efficiency.

23



2.4 Results of the system model

0 0.05 0.1 0.15 0.2 0.25 0.3 0.35
−0.5

0

0.5

1

Weight percentage in the feed stream [−]

T
h

er
m

al
 e

ff
ic

ie
n

cy
 [

−
]

 

 

Methanol

Cellulose

Glucose

Figure 2.6: Thermal efficiency at changing weight percentages for three model com-
pounds of biomass. The calculations where done at a pressure of 300 bar, a temperature
of 600◦C, and a heat exchanger effectiveness of 75%.

Weight percentage of the biomass model compound

The thermal efficiency of the gasification process depends strongly on the
amount of biomass in the wet feed. The higher the biomass content
(methanol, glucose or cellulose) in the feedstream, the higher the thermal ef-
ficiency. This is clearly shown in Fig. 2.6. The calculations presented in this
paragraph where done at a pressure of 300 bar, a temperature of 600◦C, and a
heat exchanger effectiveness of 75%.

Fig. 2.6 shows that for a weight percentage of methanol lower than 6% the ther-
mal efficiency is less than zero. This means that more methane is required for
the combustor than available in the produced gases. For both cellulose and
glucose the point of zero thermal efficiency lies at an higher weight percent-
age, because more CO2 is being formed when both glucose and cellulose are
being gasified. Compared to the methanol calculation for the cellulose and
glucose case per kJ of energy put into the system in the form of organics less
energy in the form of CH4 and H2 is formed. It also costs more energy to keep
the supercritical reactor at a temperature of 600◦C in the case of glucose and
cellulose, as it costs more energy to crack the bigger molecules.
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Figure 2.7: Effect of the heat exchanger effectiveness (ε) on the thermal efficiency of the
system for different methanol concentrations in the feed. The calculations where done at
a pressure of 300 bar and a temperature of 600◦C.

The thermal efficiency rises rapidly with an increase of the methanol content,
reaching to a maximum efficiency of 92.5% for 35 wt% methanol. For a ther-
mal efficiency of 50% a feed with a minimum methanol weight percentage of
12% is required. For both glucose and cellulose this point lies around a weight
percentage of 18%.

Heat exchanger effectiveness

The high water content of the feed stream combined with the high heat capac-
ity of water results in a strong effect of the heat exchanger effectiveness on the
overall thermal efficiency. The definition of the heat exchanger effectiveness
is the ratio of the actual heat transferred by the heat exchanger and the maxi-
mum heat that could possibly be transferred from one stream to the other:

ε=
H(cold, out)−H(cold, in)

H(hot, in)−H(cold, in)
(2.9)
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Figure 2.8: Effect of the heat exchanger effectiveness (ε) on the thermal system efficiency
for different cellulose concentrations. The calculations where done at a pressure of 300
bar and a temperature of 600◦C

The heat exchanger effectiveness has a large influence on the thermal effi-
ciency of the overall system and especially when the feed stream has a low
concentration of organics (see Fig. 2.7). For a methanol concentration of 5%
or less a heat exchanger effectiveness of 80% is required for an adiabatic sit-
uation (i.e. no external heat source is required). In case of 5% of cellullose a
heat exchanger effectiveness of 86% is required for adiabatic purposes, as can
be seen in Fig. 2.8. In practice a heat exchanger of 80% is realistic in practice, a
higher effectiveness is possible but this is not always justified economically.

In order to achieve an overall thermal efficiency of 70% and a heat exchanger
effectiveness of at least 80% the weight percentage of methanol and cellulose
in the feed should be at least 20% and 25%, respectively.

2.4.3 Process optimization for methane production

Changing the scope of the process from a hydrogen producing reactor to a
methane producing reactor could have an important impact on the thermal
efficiency of the gasification of biomass model compounds in supercritical wa-
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Figure 2.9: Thermal efficiency at changing weight percentages for both the hydrogen op-
timized case and the methane optimized case. The hydrogen calculations where done at
a pressure of 300 bar, a temperature of 600◦C, and a heat exchanger effectiveness of 75%.
The methane calculations where done at a pressure of 400 bar, a temperature of 400◦C,
and a heat exchanger effectiveness of 75%.

ter. The two main advantages of producing methane in a supercritical gasifier
are that at a relatively low temperature of 400◦C methane is the favored prod-
uct gas and methane is formed by an exothermic reaction. However, at these
low temperatures the carbon efficiency for SCWG is very low [37, 40]. Using a
catalyst can increase the carbon efficiency to the range of 94-98% at 400◦C [94].

The model is adjusted to test the case of supercritical gasification of methanol
at conditions where methane production is favored. This was done at a pres-
sure of 400 bar and a temperature of 400◦C, the burner is now fed with hydro-
gen instead of methane to keep the reactor at process temperature.

The results are shown in Fig. 2.9, it can be seen that the case optimized for
methane production has a higher thermal efficiency on the complete range of
methanol weight percentages in the reactant feed. The thermal efficiency for
a methane system is 48.5% (40% for a H2-system) for a weight percentage of
10%. For a weight percentage of 30% the thermal efficiencies for methane and
hydrogen are 87% and 84%, respectively.
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2.4 Results of the system model

From these calculations it can be concluded that for an improvement in ther-
mal efficiency it is better to optimize the process for methane. However, it is
noted that for a methane process catalysts are required in a severe atmosphere
of supercritical water.

2.4.4 Discussion

As explained in Section 2.3 chemical equilibrium has been assumed for the re-
actor. In order to show the validity of these calculations the numerical results
are compared with experimental data presented in the work of Boukis et al.
[23]. The experimental results were achieved in an inconel 625 reactor at a res-
idence time of 45 [s] [23]. Taylor et al. [110] proposes three important reactions
for the supercritical water reforming of methanol.

C H3OH⇒CO+2H2 (2.10)

CO+H2O⇔CO2+H2 (2.11)

CO+3H2⇒C H4+H2O (2.12)

First methanol decomposition into hydrogen and carbon monoxide, secondly
carbon dioxide and methane are formed via the water gas shift reaction and
finally the methanation reaction. Taylor et al. [110] indicates that inconel 625
works as catalysator of the water gas shift reactor (Eq. 2.11), it also suppresses
the methanation reaction (Eq. 2.12). It is known that the methanation reaction
is a very slow step in the process of supercritical methanol reforming [109].
Therefore, the reactor material in combination with a residence time of 45 [s]
[23] causes the experimental results to form almost no methane. If we choose
to neglect methane production in the numerical equilibrium model we see in
Fig. 2.10 that the model fits the data of Boukis et al. [23] quite well. Hence,
within an inconel reactor the assumption of restricted chemical equilibrium
seems to be realistic. However, for other reactor materials the slow metha-
nation reaction could play a significant role. So the preferred product gas is
very much dependent on the material choice of the reactor. If we compare
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Figure 2.10: Supercritical water reforming of methanol: comparison of experimental
data [23]. Results for different methanol feed concentrations, at 280 bar and 600◦C.

some of the work done on supercritical gasification of glucose we can see that
a stainless steel reactor [46] gives a completely different product gas compo-
sition when compared to an inconel 625 [138], Hastelloy [68] or a quartz glass
reactor [58]. This comparison is thoroughly described in the work of Kersten
et al. [58].

As mentioned in Section 2.1 methanol, cellulose and glucose are used as
biomass model compounds. Biomass itself is a complicated mixture of or-
ganic and inorganic components. Therefore, a real biomass is very difficult
to incorporate in a flowsheet, with the help of model compounds that have
the same functional groups as contained in biomass the effect of process rele-
vant parameters on the thermal efficiency can be studied. Methanol is a com-
pound easy to use both in experiment and in numerical model but it is clear
that it is far from a real biomass. Both cellulose and glucose are incorporated
in this research to make a first step to simulate a real biomass. Glucose serves
as a model compound which mimics the reaction chemistry of the many car-
bohydrates that (together with lignine) compose biomass [138]. Using a real
biomass in the supercritical reformer major differences in the product gases
compared to the present results can be expected. These differences are mainly
determined by the presence of alkali salts which have a catalytic effect on the
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different reactions [123] and the presence of lignin causing a decrease in gas
production [59, 136]. However, in this analysis the main focus is on the thermal
efficiency of the system and the gas composition has only a limited influence
on this efficiency.

The thermal efficiency, especially for lower methanol concentrations, is mainly
determined by the performance of the heat exchanger. Another way to im-
prove the thermal efficiency is using, e.g. the heat of the combustion gases
that heat the reactor. This heat could be used, e.g. for preheating the combus-
tion air or for preheating the water present in the feedstream. It is expected
that preheating the water present in the feedstream will have the largest effect
on the thermal efficiency. This effect is therefore tested for a case of 10 wt% of
methanol and a process temperature for the supercritical reformer of 600◦C. If
all the heat present in the combustion flue gases is available for preheating the
water present in the feedstream an increase can be seen of 4.3% in the thermal
efficiency. Use of the heat in the flue gases turns out to be a good opportu-
nity for further improvement of the thermal efficiency but not as crucial as for
example the heat exchanger effectiveness.

2.5 In-situ carbon dioxide capture

Gasification of biomass model compounds in supercritical water allows for a
low cost CO2 capturing technique. Due to the high pressure of the process CO2

can be captured in-situ by dissolution and separation via the water phase. This
is done without adding any solvent except for the water already present in the
feedstream stream. The possibilities of separating CO2 from the product gas
are discussed in this section.

2.5.1 Carbon dioxide solubility

Henry’s law is used to approximate the amount of gas dissolved in the fluid.
The amount of dissolved gas is proportional to the partial pressure of that par-
ticular gas above the fluid:

c =kH ·p . (2.13)
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where p is the partial pressure of the component, kH is the temperature de-
pendent Henry’s constant for this gas and c is the matching concentration in
the solvent. The temperature dependence of kH [73] is given by Eq. 2.14:

kH (T )=k ◦H ·e x p

�

d (lnkH )
d (1/T )

�

1

T
−

1

298.15K

��

(2.14)

The Henry’s constant at atmospheric temperature is given by k ◦H and T is the
real temperature of the mixture. Eq. 2.14 shows that the solubility improves at
lower temperature. Table 2.2 gives the used Henry’s constants and temperature
dependence constants [73].

The difference in temperature dependency of the Henry’s constants for the dif-
ferent components result in a change in relative solubility for the components
at different temperatures. At low temperatures CO2 has the highest solubility,
but it also has the highest decrease in solubility with rising temperature. The
solubility of CO2 in the water is normalized and is plotted in Fig. 2.11 together
with the solubility of the other gasification products.

The goal is to maximize the CO2 separation from the product gas, while keep-
ing the hydrogen and methane in the vapor phase. This is done in the high
pressure separator shown in Fig. 2.2. Fig. 2.11 shows that the most efficient
separation occurs at low temperature. Fig. 2.12 shows that the amount of
methanol in the feed stream has a negative influence on the efficiency of CO2

separation, due to a lower amount of water in the stream and a higher CO2

production. The initial partial pressure of CO2 remains reasonably constant
while the methanol content is increased. This results in an increase in the

Table 2.2: Henry’s constants for the produced gases and the resulting solubilities [73].

Henry’s constant Temperature Solubility: Amount
at 298.15 K: constant: kH (303.15 K) dissolved

(k ◦H ) [mole/kg·bar]
�

d (lnkH )
d (1/T )

�

[K] [mole/kg·bar] [mole/kg H2O]

H2 0.00078 500 0.000759 0.092
CO 0.00099 1300 0.000921 0.002
CO2 0.035 2400 0.030648 2.246
CH4 0.0014 1600 0.001281 0.132
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Figure 2.11: Solubility of the different reaction products in water at different tempera-
tures, relative to the solubility of CO2.
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Figure 2.12: Ideal CO2 capture efficiency for different methanol concentrations.

amount of CO2 to be dissolved. The product separation occurs at a pressure
of 300 bar and at this high pressure the assumptions made for the ideal gas
law are no longer valid. The effective pressure of the CO2 is lower, resulting in
a lower amount of CO2 dissolved in the water. This effect is implemented by
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Figure 2.13: Part of the process flowsheet with H2O recycle stream to increase CO2 cap-
ture efficiency.

using the UNIFAC property method in combination with Redlich-Kwong EOS
and Henry’s Law as the calculation method for both the gas-liquid separator
blocks. Light gases, i.e. H2, CO, CO2 and CH4, are treated like Henry compo-
nents. After this first separation the high pressure water with dissolved gases is
expanded to atmospheric pressure, this is done in the low pressure separator
releasing most of the dissolved gases.

2.5.2 Water recycling

The amount of CO2 captured during the gasification process can be increased
in three ways. First the solubility of CO2 in water can be improved by lowering
the temperature at which the first product separation takes place. A lower tem-
perature gives a higher temperature constant (Eq. 2.15) resulting in a better gas
solubility.

Temperature constant=
�

d (lnkH )
d (1/T )

�

(2.15)
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Figure 2.14: Effect of increasing CO2 capture efficiency by water recycling on the overall
thermal efficiency of the conversion process, defined in Eq. 2.7. The lines are plotted for
different weight percentages of methanol in the feedstream. The calculations where done
at a pressure of 300 bar, a temperature of 600◦C, and a heat exchanger effectiveness of
75%.

This strategy has a drawback because cooling the product stream further
would not be economically viable and the temperature of the water should
not be reduced below the freezing point of water.

Secondly the amount of methanol in the feed stream can be kept very low,
allowing for a high CO2 capture efficiency. Section 2.4.2 already showed that
this will result in a low thermal efficiency for the process.

The third option is to recycle a part of the water stream. The more water that
is recycled, the more CO2 can be dissolved. This option has the drawback that
useful product gases such as H2 and CH4 are also dissolved in larger quantities.
The process flowsheet is extended to implement this recycling of water and
investigate the effect on the amount of CO2 and other gases dissolved.

Fig. 2.13 shows the extended gas separation part of the flowsheet, the product
stream coming is the cooled product gas coming from the reactor. When a wa-
ter recycle is added the CO2 capture shows a large increase, this comes at cost
that there is also an increase in dissolved H2 and CH4. The extra pump needed
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to pressurize the recycled water to 300 bar is only a small parasitic loss, but
the amounts of H2 and CH4 dissolved increase rapidly with a higher recycle
ratio, this could result in a decrease of the thermal efficiency. Fig. 2.14 shows
the consideration that has to be made between CO2 capture and the thermal
efficiency of the process. It shows that for high methanol concentrations re-
cycling part of the process water can double the amount of CO2 captured for
only a small loss of thermal efficiency.

2.6 Conclusions

The gasification of biomass model compounds in supercritical water has the
possibility to be a thermal efficient conversion process. The results obtained
with this thermodynamic model show that the composition of the product
gases can be tailored to a desired product composition by changing the pro-
cess parameters such as the reactor temperature, pressure or the concentra-
tion of organic material in the feed. High temperature, low pressure and a low
methanol concentration result in a product gas consisting mainly of hydro-
gen. A concentrated methanol feed at high pressure and low temperature is
converted mainly to methane. The higher the concentration of organics in the
stream the higher the thermal efficiency, until it stabilizes at concentrations
above 40 wt%.

The efficiency of the heat exchanger has a strong effect on the thermal effi-
ciency of the process. Mainly because of the high heat capacity of water and
the high water content of the feed stream. In this research it is shown that a
small increase in the heat exchanger effectiveness already has a strong impact
on the overall thermal efficiency.

To achieve a thermal efficiency of 60% using a heat exchanger with a heat ex-
changer effectiveness of 75% a minimum organic content in the feestream is
required of 14.5% or 25% for respectively methanol and cellulose.

When the scope of the process is changed to a methane producing gasifier an
increase in the thermal efficiency is observed. From the comparison between
the process optimized for hydrogen production and the process optimized for
methane production it can be concluded that from an energy perspective it
is better to optimize the process for methane. It must be taken into account
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2.6 Conclusions

that the process optimized for methane needs a catalysts for a good carbon
efficiency.

The supercritical gasification process has the possibility of in-situ capturing
CO2 in the water phase. For a case of 10wt% of methanol in water at 600◦C and
300 bar, 40% of the CO2 present in the product gases can be captured using
the water present in the system. The process water can be recycled to absorb
more CO2, but this comes at the expense of the thermal efficiency. A feed with
5 wt% of methanol shows a decrease of 20% in thermal efficiency when the CO2

capture efficiency is improved with 20%, this is due to an increase in dissolved
H2 and CH4.
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3
Heat transfer characteristics of

supercritical water

Heat transfer in water at supercritical conditions has been investigated numerically us-
ing a one-dimensional modeling approach. The set of equations is closed using Nusselt
correlations found in literature and solved using an explicit Euler scheme to simulate
heat transfer in a supercritical water flow. Results for three different cases show that the
1D-model is able to accurately predict the bulk temperature based on heat transfer rates
provided by a suitable Nusselt correlation. However, there is also reason to assume that
these correlations are very specific for the flow conditions, since boiling effects occurring
at certain conditions can highly influence the heat transfer rate. As a consequence, the
model may be unable to describe supercritical heat transfer over a broad range of config-
urations when only using one correlation.

The work in this chapter has been published in revised form as:
J.L.H.P. Sallevelt, J.A.M. Withag, E.A. Bramer, D.W.F. Brilman, G. Brem, One-dimensional
model for heat transfer to a supercritical water flow in a tube, The Journal of Supercritical
Fluids, Elsevier 68 (2012).[99]
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3.1 Theory of reacting flows in supercritical water

3.1 Theory of reacting flows in supercritical water

This chapter is a general description of a chemically reacting flow of water at
supercritical conditions. Section 3.1.1 deals with the equations that describe
the flow field, heat transfer and chemical reactions. Next, Section 3.1.2 elabo-
rates on the formulation that is used to calculate the relevant thermodynamic
and tranport properties of water. Section 3.1.3 gives a more qualitative de-
scription of the characteristics of the flow on basis of information found in
literature. The mathematics behind reacting flows and supercritical water pre-
sented in this chapter will form the basis for the 1D- and 2D-models that are
used for simulating the continuous flow reactor.

3.1.1 Governing equations

The equations that describe reacting flows follow from the laws of conserva-
tion of mass, momentum, energy and species [21]. Starting with mass, the
conservation principle is mathematically described by:

∂ ρ

∂ t
+ ~∇·(ρ~u )=0, (3.1)

whereρ is the mass density and ~u =(u ,v,w )T the velocity of the mixture. Con-
servation of momentum can be stated as the following vector equation, also
referred to as the Navier-Stokes equations:

∂
�

ρ~u
�

∂ t
+ ~∇·(ρ~u ~u )=−~∇p− ~∇·~~τ+ρ ~f , (3.2)

where ~~τ is the viscous stress tensor and ~f is the volumetric force vector. For a
Newtonian fluid like water, the viscous stresses are described by Newton’s law
of viscosity, which reads in general form:

~~τ=−µ
�

~∇~u +(~∇~u )T
�

+
�

2

3
µ−κ

�

�

~∇· ~u
�~~δ, (3.3)

where µ is the dynamic viscosity, κ is the dilatational viscosity and ~δ is the
unity tensor.
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Conservation of energy, in terms of total energy, is given by:

∂
�

ρE
�

∂ t
+ ~∇·(ρE ~u )=ρ

�

~f · ~u
�

− ~∇·(p ~u )− ~∇·(~~τ · ~u )+Q̇+ ~∇·~q . (3.4)

Here Q̇ is the volumetric heat source term and ~q is the heat flux vector. The
heat flux vector is described by [57]:

~q =−k ~∇T +
N
∑

i=1

~j i h i −
N
∑

i=1

RT

M i x i
DT

i
~d i (3.5)

In this equation the first term on the right-hand side represents thermal con-
duction, where k is the thermal conductivity of the fluid. The second term
describes heat transport by each of the diffusing species, where ~j i is the dif-
fusive mass flux vector and h i is the specific enthalpy of species i . The third
term stands for the diffusion-thermo effect, also known as the Dufour effect,
containing the species molecular weights M i , mole fractions x i , thermal diffu-
sion coefficients DT

i and the diffusion driving forces ~d i . The vectors j i and d i

are discussed here in more detail.

Conservation of the individual chemical species can be written in terms of
mass fractions as follows:

∂
�

ρyi
�

∂ t
+∇·(ρ~u yi )= ~∇· j i +ri . (3.6)

where yi is the mass fraction and ri is the chemical source term of species i .
By definition, the mass fractions of all species must sum to unity:

N
∑

i=1

Yi =1. (3.7)

The diffusive mass flux vector for a multicomponent mixture are described by
the generalized Fick equations [57]:

~j i =ρ
M i

M 2

N
∑

j 6=1

M j Di j ~d j −DT
i

1

T
~∇T (3.8)
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3.1 Theory of reacting flows in supercritical water

Here the first term on the right-hand side accounts for concentration diffu-
sion, pressure diffusion and forced diffusion. M is the mean molecular weight
and Di j denotes the ordinary multicomponent diffusion coefficients. The dif-
fusion driving force in general form is given by:

~d j =
1

c RT



~∇p j −y j ~∇p−ρj ~g j +
N
∑

k=1

ρk ~g k



 (3.9)

where c is the total molar concentration, p j is the species partial pressure and
~g j is any (external) force per unit mass acting on species j . The second term

on the right-hand side of Eq. 3.8 represents thermal diffusion, also known as
the Soret effect.

The chemical source term in Eq. 3.6 can be expressed as [120]:

~ri =M i

R
∑

j=1

�

ν ′′i j −ν
′
i j

�



k f ,j

N
∏

l=1

c
ν ′i j

l −kb ,j

N
∏

l=1

c
ν ′′i j

l



 (3.10)

In this relation c l denote concentrations of the N different species l , k f ,j and
kb ,j are the forward and backward reaction rate constants for reaction j , and
ν ′i j and ν ′′i j are the stoichiometric coefficients of reactants and products. The
reaction rate constants are determined using the Arrhenius equation:

k =Ae
−Ea
RT , (3.11)

where A is the pre-exponential factor, Ea is the activation energy and R is the
universal gas constant.

3.1.2 Thermophysical properties of supercritical water

The properties of water at different conditions are obtained using the Indus-
trial Formulation 1997 [115] adopted by the International Association for the
Properties of Water and Steam (IAPWS). The industrial formulation, abbrevi-
ated to IAPWS-IF97, was designed to closely approximate the values from the
state of the art, high accuracy formulation IAPWS-95 [118] over a limited range
of conditions.
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In contrast to the single-equation IAPWS-95 standard, the IF97 formulation
consists of a set of equations for five different regions [116] (see Fig. 3.1).
For each region a basic equation was developed from which thermo-physical
properties such as specific volume, enthalpy and heat capacity can be derived.
Regions 1, 2 and 5 are each covered by a fundamental equation for the spe-
cific Gibbs free energy g(p, T), region 3 by a fundamental equation for the spe-
cific Helmholtz free energy f(ρ, T). The advantage of using the Gibbs energy
is that this equation has the pressure as an input quantity so that iterations
are not necessary for given p,T values (W. Wagner, personal communication,
May 28, 2011). However, this equation cannot be used for the entire thermo-
dynamic surface since the pressure is the same at the bubble and dew line for
given temperatures at the phase boundary. Therefore, different equations are
needed for region 1 and 2. The reason why using the Helmholtz equation for
region 3, which also contains the critical region, is that the Gibbs equation is
unsuitable for representing the large changes in thermodynamic properties in
this rather complex region. A Helmholtz equation is able to represent this re-
gion more accurately and with a shorter expression because the ρ, T surface
is not as complicated as the p , T surface.

In addition, so-called backward equations were developed to efficiently calcu-
late the state properties when using other input variables than needed for the
basic equations. High numerical consistency across the region boundaries is
achieved to ensure a smooth transition between the different sets of equations.

Figure 3.1: The IAPWS-IF97 regions [116]
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3.1 Theory of reacting flows in supercritical water

Figure 3.2: Percentage uncertainties in specific isobaric heat capacity estimated for re-
gions 1 to 3 and 5 [116].

Transport properties, in this study the thermal conductivity and viscosity, are
calculated from supplementary equations provided by IAPWS.

The industrial standard offers easier numerical implementation and higher
computational speed compared to the high accuracy standard, while the dif-
ferences between the two formulations are small for most purposes. The es-
timated uncertainties in the industrial standard are the result of two contri-
butions: uncertainties of the IAPWS-95 formulation, which was used for de-
veloping the IAPWS-IF97 basic equations, and deviations of IAPWS-IF97 from
IAPWS-95. Considering the range where calculations are performed in this
study (240 < p < 300 bar, 573 < T < 873 K), the combined uncertainty in spe-
cific volume is estimated to be less than 0.3%. Uncertainty percentages for the
isobaric heat capacity are generally within 0.5%, but rise to 3% in the critical
region and even more very near to the critical point (Fig. 3.2). Uncertainties
in thermal conductivity and viscosity are given in terms of tolerances in tables
with a uniform p-T grid. From these datapoints, it appears that k and µ are
generally calculated with an accuracy well within 5% [43, 101]. This percent-
age is only exceeded in a small region around the critical point (200 < p < 250
bar, 350 < T < 400 ◦C), where the estimated uncertainty is around 10%.

The accuracy of the IAPWS-IF97 formulation is considered sufficient for the
simulations to be performed in this study. Detailed information on the basic
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equations covering the regions shown in Fig. 3.1 follows in the description
of the mathematical background below. All basic equations are expressed in
dimensionless form by using dimensionless state variables according to the
following definitions:

p

p ∗
≡π

T

T ∗
≡θ

T ∗

T
≡τ

ρ

ρ∗
≡δ

g (p ,T )
Rs T

≡γ(π,τ)
f (ρ,T )

Rs T
≡φ(δ,τ)

k (ρ,T )
k ∗

≡κ(δ,θ )
µ(ρ,T )
µ∗

≡Ψ(δ,θ ) (3.12)

where the quantities marked with an asterisk (∗) are specific for the different
regions. Since the calculations in this study only involve properties in regions
1 to 3, a discussion of regions 4 and 5 is omitted. Also the backward equations
are not described in this thesis.

Region 1

In terms of the dimensionless variables shown in Eq. 3.12, the equation for the
specific Gibbs free energy that covers region 1 reads:

γ(π,τ)=
34
∑

i=1

n i (7.1−π)Ii (τ−1.222)Ji (3.13)

where p ∗ = 16.53 MPa and T ∗ = 1386 K. The specific gas constant of ordinary
water Rs = 0.461526 kJ/kgK. Coefficients n i and exponents I i and Ji are listed
in a table found in Wagner and Kretzschmar (2008) [116]. Thermodynamic
properties can be derived from Eq. 3.13 by using appropriate combinations of
the dimensionless Gibbs free energy γ and its derivatives. The specific volume
v , specific enthalpy h, specific isobaric heat capacity Cp and isobaric cubic
expansion coefficient β are given by:

v =
�

∂ g

∂ p

�

T
h = g −T

�

∂ g

∂ T

�

p
Cp =

�

∂ h

∂ T

�

p
β =

1

v

�

∂ v

∂ T

�

p
(3.14)
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3.1 Theory of reacting flows in supercritical water

which yields the following relations of v , Cp and β to the dimensionless Gibbs
free energy γ:

v (π,T )
p

Rs T
=πγπ

Cp (π,T )
Rs

=−τ2γττ β (π,T )T =1−
τγπτ

γπ
(3.15)

where the subscripts of γ denote partial derivatives.

Region 2

In the basic equation for region 2, the dimensionless form of the specific Gibbs
free energy is separated into an ideal-gas part γ0 and a residual part γr , so that:

γ(π,τ)=γ0(π,τ)+γr (π,τ) (3.16)

where p ∗=1 MPa and T ∗=540 K. The equation for the dimensionless ideal-gas
part is given by:

γ0(π,τ)= lnπ+
9
∑

i=1

n 0
i τ

J 0
i (3.17)

while the residual part reads:

γr (π,τ)=
43
∑

i=1

n iπ
Ii (τ−0.5)Ji (3.18)

According to the definitions stated in Eq. 3.14, v , Cp and β are now calculated
as follows:

v (π,τ)
p

Rs T
=π(γ0

π+γ
r
π)

Cp (π,τ)
Rs

=−τ2(γ0
ττ+γ

r
ττ)

β (π,τ)T =
1+πγr

π−τπγr
πτ

1+πγr
π

(3.19)
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A supplementary equation for the metastable-vapor region is provided for
pressures below 10 MPa. For the metastable region, the ideal gas part γ0 is
identical to Eq. 3.17 except for the coefficients n 0

1 and n 0
2, and the residual part

is given by:

γr (π,τ)=
13
∑

i=1

n iπ
Ii (τ−0.5)Ji . (3.20)

Region 3

For region 3, the basic equation is a fundamental equation for the specific
Helmholtz free energy:

φ(δ,τ)=n 1 lnδ+
40
∑

i=2

n iδ
IiτJi (3.21)

where ρ∗=ρc =322 kg/m3 and T ∗=Tc = 647.096 K. The pressure, specific en-
thalpy, specific isobaric heat capacity and expansion coefficient are now cal-
culated according to:

p =ρ2
�

∂ f

∂ ρ

�

T
h = f −T

�

∂ f

∂ T

�

ρ

+ρ
�

∂ f

∂ ρ

�

T

Cp =
�

∂ h

∂ T

�

p
β =

1

v

�

∂ v

∂ T

�

p
(3.22)

which give the relations:

p (δ,τ)
ρRs T

=δφδ
h(δ,τ)

Rs T
=τφτ+δφδ

Cp (δ,τ)
Rs T

=τ2φττ+
�

δφδ−δτφδτ
�2

2δφδ+δ2φδδ
β (δ,τ)T =

φδ−τφδτ
2φδ+δφδδ

, (3.23)

The boundary between regions 1 and 2 is considered to belong to region 1,
which means properties along this boundary are determined from Eq. 3.13.
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3.1 Theory of reacting flows in supercritical water

The boundary between regions 2 and 3 is considered to belong to region 2 and
is defined by the following quadratic pressure-temperature relation:

p B23(T )
p ∗

=π(θ )=n 1+n 2θ +n 3θ
2 (3.24)

where p ∗= 1 MPa and T ∗= 1 K. This equation can also be expressed explicitly
as a function of pressure.

The correlation equation for the thermal conductivity for industrial use is
based on the revised IAPWS formulation 1985 for the thermal conductivity of
ordinary water substance [43]. In this formulation, the equation for the ther-
mal conductivity is given in dimensionless form as follows:

κ(δ,θ )=κ0(θ )+κ1(δ)+κ2(δ,θ ) (3.25)

where k ∗= 1[W/mK], ρ∗= 317.7 kg/m3 and T ∗=647.26 K. The function κ0(θ )
represents the thermal conductivity in the ideal gas limit and has the form:

κ0(θ )=θ 0.5
4
∑

i=1

n 0
i θ

i−1 (3.26)

The correlation for κ1(δ) in 3.25 reads:

κ1(δ)=n 1+n 2δ+n 3 exp
�

n 4(δ+n 5)2
�

(3.27)

The function κ2(δ,θ ) is defined by:

κ2(δ,θ ) =
�

n 1θ
−10+n 2

�

δ1.8 exp
�

n 3

�

1−δ2.8
��

+n 4AδB exp

��

B

1+B

�

�

1−δ1+B
�

�

+n 5 exp
�

n 6θ
1.5+n 7δ

−5
�

(3.28)
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with A and B according to:

A(θ )=2+n 8(∆θ )−0.6

B (θ )=

(

(∆θ )−1 for θ ≥1

n 9(∆θ )−0.6 for θ <1

∆θ = |θ −1|+n 10 (3.29)

The viscosity is calculated using revised equations of the IAPWS formulation
1985 for the viscosity of ordinary water substance [101]. In dimensionless
form, the viscosity is given by:

Ψ(δ,θ )=Ψ0(θ ) ·Ψ1(δ,θ ) ·Ψ2(δ,θ ) (3.30)

where µ∗= 55.071.10−6 Pa.s, ρ∗= 317.763 kg/m3 and T ∗=647.226 K. The first
function on the right-hand side represents the viscosity in the ideal gas limit
and has the form:

Ψ0(θ )=θ 0.5





3
∑

i=0

Hiθ
−i





−1

(3.31)

with coefficients Hi listed in a table. The equation for the second function of
Eq. 3.30 reads:

Ψ1(δ,θ )=exp






δ

5
∑

i=0

6
∑

j=0

Hi j (θ−1−1)i (δ−1)j






(3.32)

with coefficients Hi j given in a table [116]. For industrial use, Ψ2 in Eq. 3.30,
may be set to unity. This so-called critical enhancement is only significant in
a very small region around the critical point (the oval area around the critical
point in Fig. 3.2).

47



3.1 Theory of reacting flows in supercritical water

3.1.3 Characteristics of heat transfer to supercritical fluids

Prior to a discussion of the models and their results, it is useful to investigate
the phenomena related to heat transfer to fluids at supercritical conditions.
The main driving force for research activities in this field has been the devel-
opment of nuclear power plants using SCW as the working fluid in order to
improve thermal efficiency relative to existing nuclear plant designs [83]. Al-
though the flow conditions around are not necessarily equal to those in a re-
actor for SCW gasification, the two research topics are essentially very similar.
Thanks to the work done on heat transfer to supercritical water in flow chan-
nels for new power plant designs, quite some information is available which
can be built on. An overview of the most important and relevant phenomena,
characteristics and expressions for heated fluid flows at supercritical pressures
are given below.

In literature dealing with heat transfer to pipe flows at supercritical pressures,
it is generally agreed that deviations from ’normal’ heat transfer are observed
[30]. Normal heat transfer here refers to single-phase heat transfer at sub-
critical pressures described by the well-known Dittus-Boelter correlation [36]:

Nu=0.023Re0.8Pr0.4 (3.33)

where Nu, Re and Pr are the Nusselt, Reynolds and Prandtl numbers. Measure-
ments show that deviations from normal heat transfer particularly occur when
the wall temperature is higher than the pseudo-critical temperature, while the
bulk temperature is below the pseudo-critical temperature (Tw >Tp c >Tb ). In
this situation, large thermo-physical property variations in the near-wall re-
gion can greatly affect heat transfer. Depending on the flow conditions, the
variations in fluid properties can result in enhancement, impairment or dete-
rioration of heat transfer. These observations may be explained by considering
two boiling phenomena that possibly take place along the heated surface [19].

Boiling phenomena

One of these two boiling phenomena is pseudo-boiling [104]. Similar to nu-
cleate boiling at subcritical pressures, low-density bubbles are formed at the
hot wall where the fluid locally exceeds the pseudocritical temperature, while
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Figure 3.3: Typical boiling curve, showing qualitatively the dependence of the wall heat
flux, q, on the wall superheat,∆ T, defined as the difference between the wall temperature
and the saturation temperature of the liquid [32].

the bulk fluid is below the pseudocritical temperature. At some point the bub-
bles break loose from the heating surface and are carried into the bulk fluid,
thereby transferring heat from the surface to the fluid stream quite effectively.
Together with the agitation caused by the rising bubbles, this phenomenon
results in enhancement of the heat transfer rate.

When the temperature is raised further, the heat transfer rate increases until
the heat flux reaches a critical value. At this point, the rate of vaporization is
such that dry patches occur over the heating surface, causing the rate of heat
transfer to drop rapidly. At sufficiently high temperature differences, the en-
tire surface is blanketed with a gas layer that prevents the liquid water from
contacting the wall. Heat transfer then relies on the mechanism of conduc-
tion through the gaseous water film and radiation. This phenomenon is called
pseudo-film boiling and is considered responsible for deterioration of the heat
transfer rate. The effect of pseudo boiling and pseudo-film boiling on the heat
flux is schematically shown in Fig. 3.3.
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Figure 3.4: Prediction of the critical heat flux as function of the mass flux using the cor-
relations of Yamagata et al. (1972) [133] and Mokry et al. (2011) [83].

Critical heat flux

Studies on the heat flux at which pseudo-film boiling can occur, called the
critical heat flux, has led to several correlations predicting the onset of heat
transfer deterioration [29]. Large deviations are observed between the differ-
ent correlations cited by Cheng et al. [29], but it is well agreed that the critical
heat flux depends on the mass flux. Jackson and Hall [52] have suggested a
correlation based on theoretical analysis of the effect of buoyancy on the shear
stress. Two other theoretical models have been derived by Ogata and Sato [89]
and Petuhkov and Kurganov [93]. These three semi-empirical correlations give
much higher values for the critical heat flux than the empirical correlations.
Possible reasons for the deviations can be found in the fact that Jackson and
Hall noticed that the validity of their equation was not properly investigated,
and that the other two correlations have been derived for fluids other than wa-
ter.

The most relevant correlations for this study have been proposed bij Yamagata
et al. [133] and Mokry et al. [83] on basis of experimental data from super-
critical water in a 10 mm pipe. Yamagata et al. [133] derived a power law to
correlate the critical heat flux qc r to the mass flux G :

qc r =0.2 ·G 1.2 (3.34)
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while Mokry et al. [83] found a linear relation between these parameters:

qc r =−58.97+0.745 ·G (3.35)

The critical heat flux as predicted by Eqs. 3.34 and 3.35 are plotted as a function
of the mass flux in Fig. 3.4.

Buoyancy effects

Next to the boiling phenomena described above, literature points out that the
accelerating low-density layer near the wall has considerable influence on the
heat transfer rate as well [5, 27, 72]. Due to the buoyancy forces resulting from
variations in density, the heat transfer mechanism can be a combination of
forced and natural convection. In case the fluid is heated with upward flow
or cooled down with downward flow, buoyancy effects aid forced convection
since velocities due to natural and forced convection are in the same direction.
This situation is called aiding flow, which shows very different heat transfer
behavior from opposing flow, where the driving forces or natural and forced
convection are in opposite direction.

The contribution of natural convection in relation to forced convective heat
transfer depends on many conditions such as flow velocity, wall temperature
and flow direction (aiding versus opposing flow). Aicher and Martin [5] pro-
posed the following criterium to compare the driving forces of the two types of
convective heat transfer in turbulent flow in case of constant wall temperature:

Ra 0.333

Re 0.8Pr 0.4 (3.36)

In this criterium, the Rayleigh number Ra characterizes the strength of the
buoyancy forces. It is defined as the product of the Grashof number, which
describes the relationship between buoyancy and viscosity, and the Prandtl
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Figure 3.5: Schematic view of the influence of buoyancy forces on heat transfer [5].

number, which is the ratio of momentum diffusivity to thermal diffusivity:

Ra = G r ·Pr

=
gβ (Tw −Tb )D3

ν2 ·
ν

α

=
gβ

να
(Tw −Tb )D3 (3.37)

where g is the gravitational acceleration, β is the cubic expansion coefficient,
ν is the kinematic viscosity andα is the thermal diffusivity. The Reynolds num-
ber Re in Eq. 3.36 compares the dynamic pressure to the shear stress acting on
the fluid:

Re =
ρu D

µ
. (3.38)

For aiding flow, natural convection is the dominant heat transfer mechanism
if the parameter of Aicher and Martin exceeds 0.2. If less than 0.05, forced
convection is dominating. The range in between indicates the mixed convec-
tion regime. The influence of buoyancy forces on heat transfer is schematically
shown in Fig. 3.5. Here, the ratio between Nu and NuF T is plotted against the
parameter of Eq. 3.36. NuF T is defined as the Nusselt number for ’normal’
forced convection and is described by the Dittus-Boelter equation, Eq. 3.33.
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Figure 3.6: Schematic view of heat transfer for aiding and opposing mixed convection
[27].

A similar criterium, defined as the buoyancy parameter Bo, was more recently
presented for constant wall heat flux by Celata et al. [27], although originally
developed by Jackson and Hall [52]:

Bo=8 ·104 G rq

Re 3.425Pr 0.8 . (3.39)

In this expression, fluid properties are evaluated at film temperature and the
Grashof number, G rq , is based on the wall heat flux. Comparing Fig. 3.5 with
the graph in Fig. 3.6, where the buoyancy parameter Bo is on the horizon-
tal axis, the same behaviour of the normalized Nusselt number is observed.
Celata et al. [27] showed experimentally that the mixed convection region cor-
responds with values of Bo between 0.03 and 3.

The effect of buoyancy forces on the rate of heat transfer may be explained by
considering the turbulence production between the viscous layer and the bulk
flow [27, 72]. In aiding flow, the fluid layer adjacent to the heated wall is subject
to a buoyancy force which acts in the same flow direction. Therefore, buoyancy
forces tend to reduce the shear stress in the layer, reducing turbulent diffusion
of heat and thus causing deteriorated heat transfer. As the temperature of the
fluid in the near-wall region increases further, density differences cause the
low-density fluid to outrun the bulk flow. This restores the turbulence pro-
duction and hence heat transfer, as is seen in Fig. 3.5 and Fig. 3.6. Typical
examples of velocity profiles and shear stress distributions are shown in Fig.
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3.1 Theory of reacting flows in supercritical water

3.7 [108]. With increasing Buoyancy effects from profile A to F, shear stress is
first decreased, but eventually reintroduced in opposite direction when the ve-
locity of the low-density fluid is higher than the bulk velocity.

The different heat transfer regimes that can be discerned due to the phenom-
ena discussed above have been illustrated by Licht et al. [72]. A schematic
visualization of each regime and the effect on the heat transfer compared to
normal heat transfer (with no property variations) is given in Fig. 3.8.

On basis of the information given in this section, the cases that have been
considered in this study can be properly classified. By using terminology, ex-
pressions and criteria in agreement with existing literature on this topic, in-
terpretation of the simulation results and comparisons with earlier work is fa-
cilitated. Two different heated upflow cases are chosen for analysis. The first
and main case is representative for supercritical gasification of biomass on pi-
lot plant scale. The simulations on the pilot plant case cover both heat transfer
and chemistry. The second case, which is on lab scale, is only intended for val-
idation of the 2D-simulation results using experimental data from a test setup
in the laboratory. The specifications of these two cases are listed in Table 3.1.

(a) Velocity. (b) Shear stress.

Figure 3.7: Distributions at various Grashof numbers at a constant Re = 3000. A, Gr =
2.1.103, turbulent; B, Gr = 6.1.104, turbulent; C, Gr = 8.8.104, laminar; D, Gr = 2.7.105,
laminar; E, Gr = 3.3.105, turbulent; F, Gr = 9.2.106, turbulent [108].
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(a) Normal heat transfer. (b) Enhancement.

(c) Impairment of enhanced heat transfer. (d) Deterioration.

(e) Recovery.

Figure 3.8: Illustration of the different heat transfer regimes [72].

Additional to the case specified in Table 3.1, heat transfer was simulated for
a lower inlet temperature, lower mass flux and shorter pipe with the inten-
tion to validate the 2D-model using experimental data from a test setup in the
laboratory. The experimental efforts and 2D-simulations for validation of the
numerical model are discussed in Section 4.8.

3.2 1D heat transfer model of a flow reactor with su-
percritical water

The governing equations described in Section 3.1.3 are being simplified by us-
ing a 1D-modeling approach, in order to develop a fast simulation tool with
reasonable accuracy. With this aim in mind, the reactor is described using a
plug flow reactor model [14]. By disregarding all variations in radial direction,
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the dimensions of the computational domain are reduced to only one coordi-
nate. Moreover, all terms having no major contribution to the solution are ne-
glected, which results in a set of equations that can be solved efficiently. The
results are compared to the more advanced 2D-simulations and experimental
data in Chapter 4 to assess the accuracy of this model.

This section contains a detailed description of the simplification procedure. In
addition, three Nusselt correlations are selected from literature to close the set
of simplified equations. The accuracy of the new model is assessed in Section
3.3 by comparing the calculation results to experimental data found in Mokry
et al. [84].

3.2.1 Physical and computational domain

Due to the plug flow assumption only variations in axial direction are con-
sidered, so that the radial coordinate is of no importance in the calculations.
However, there still needs to be a temperature difference across the radius in
order to describe heat transfer through the pipe wall. Since it is impossible to
physically describe the heated pipe flow using only one spatial dimension, a
distinction is made between the physical and computational domain to give
more insight into the modeling approach. The physical domain is represented
by a 2D fluid domain that is bounded by an infinitely thin pipe wall as shown
in Fig. 3.9.

The schematic temperature and velocity profiles T ′(r,z ) and u ′(r,z ) shown in
the figure become radial averaged quantities T (z ) and u (z ) in the compu-

Table 3.1: Specification of the cases that are considered in this study.

Parameters Symbol Unit Case 1 Case 2 Case 3
Inlet mass flux G [kg/m2s] 1000 500 200
Pressure p [bar] 241 241 241
Inner Diameter D [mm] 10 10 10
L to D ratio L/D [-] 400 400 400
Inlet temperature Tin [◦C] 350 350 350
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Figure 3.9: Physical domain for the 1D-model.

Figure 3.10: Computational domain for the 1D-model.

tational domain. The relation between the 2D temperature profile and the
radial-averaged profile is given by:

T (z )=
1

r0

∫ r0

0

T ′(r,z )d r. (3.40)

Since the model equations will be independent of the radial coordinate, the
physical domain can be reduced to a line in the computational domain (Fig.
3.10).

On basis of a mesh convergence analysis using the bulk temperature as the in-
dicative variable, the domain has been divided into 750 elements for the sim-
ulations. The results of the convergence analysis using the conditions of Cases
1 and 2, defined in Table 3.1, are plotted in Fig. 3.11, showing an estimated
accuracy of within 1 K for this mesh. The chosen mesh size leads to CPU-times
of a couple of seconds on a single-core laptop for a tube length of 4.0 m.

In the one-dimensional computational domain, the heat source term Q̇ in Eq.
3.41 can be used to account for the heat that is transferred from the pipe wall to
the fluid by convection [50]. The heat addition per unit time in an infinitesimal
control volume d V is:

Q̇d V =−(~q · ~n w )dSw (3.41)
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3.2 1D heat transfer model of a flow reactor with supercritical water

Figure 3.11: Mesh convergence analysis for the 1D-model using the Nusselt correlation
of Mokry et al. [84].

where ~n w is the outward-pointing normal unit vector on the wall of the fluid
domain and dSw the surface area of the outer pipe wall surrounding the con-
trol volume. The convective heat flux is modeled by Newton’s law of cooling:

−~q · ~n w ≡qw =h(Tw −T ) (3.42)

where the heat transfer coefficient h follows from a Nusselt correlation found
in literature. A discussion of available Nusselt correlations for supercritical wa-
ter flows is found in Section 3.2.3. Combining Eqs. 3.41 and 3.42 gives:

Q̇ =
4

D
h(Tw −T ) (3.43)
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3.2.2 1D-model equations

This section describes the steps taken to derive the 1D-model equations from
the governing equations given in Section 3.1.1. The simplification starts by
writing the equations in one-dimensional form and by assuming a system op-
erating in steady state. The mass conservation equation, Eq. 3.1, then be-
comes:

d

d z
(ρu )=0. (3.44)

Eq. 3.44 shows that the mass flux ρu is constant. Although this quantity is
exactly equal to G , defined in Section 3.1.3, the mass flux will be written as
(ρu )0 in the conservation equations for clarity.

In the momentum equation, Eq. 3.2 the z-component of the volumetric force
vector is equal to the gravitational acceleration:

f z =−g . (3.45)

The dilatational viscosity κ in Eq. 3.3 is usually neglected for practical pur-
poses because the availability of these data is very limited. It is only impor-
tant to model effects when fluid compressibility is essential, in case of shock
waves and sound propagation, therefore it can be omitted in this study. The
divergence of the viscous stress tensor for a one-dimensional plug flow then
reduces to:

~∇·~~τ=−
4

3
µ

d 2u

d z 2 , (3.46)

whereµ is the dynamic viscosity of the fluid. After substitution of Eqs. 3.45 and
3.46 and subtraction of Eq. 3.44, the equation for momentum conservation
given by Eq. 3.2 becomes:

ρu
d u

d z
=−

d p

d z
+

4

3
µ

d 2u

d z 2 −ρg . (3.47)
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3.2 1D heat transfer model of a flow reactor with supercritical water

When the kinetic energy in the fluid is assumed to be negligible in comparison
with the internal energy, a simplified form of the energy equation can be used
in which the temperature appears [21]. This equation can be derived from the
total energy equation by assuming that the mechanical energy is negligible.
The procedure starts by writing the energy equation in terms of internal en-
ergy. The internal energy is by definition related to the total energy by:

E ≡ e +
1

2
|~u |2. (3.48)

Substitution of Eq. 3.48 into Eq. 3.4 results in:

∂
�

ρe + 1
2ρ|~u |

2
�

∂ t
= −~∇·

��

1

2
ρ |~u |2+ρe

�

~u

�

+ρ
�

~f · ~u
�

− ~∇·(p ~u )

−~∇·(~~τ · ~u )+Q̇− ~∇·~q . (3.49)

An expression for the mechanical energy is obtained by taking the dot product
of ~u with the momentum equation. Multiplication of Eq. 3.2 by ~u yields:

∂

∂ t

�

1

2
ρ|~u |2

�

= −~∇·
�

1

2
ρ|~u |2~u

�

+ρ
�

~f · ~u
�

− ~∇·(p ~u )−p
�

−~∇· ~u
�

−~∇·(~~τ · ~u )−
�

−~~τ : ~∇~u
�

. (3.50)

Subtracting Eq. 3.50 from Eq. 3.49 yields the equation of change for internal
energy:

∂

∂ t

�

ρe
�

=−~∇·
�

ρe ~u
�

−p
�

~∇· ~u
�

−
�

~~τ : ~∇~u
�

+Q̇− ~∇·~q . (3.51)

Eq. 3.51 can be written somewhat more compactly by using the material
derivative and the definition of enthalpy h ≡ e +(p/ρ):

ρ
Dh

Dt
=

Dp

Dt
−
�

~~τ : ~∇~u
�

+Q̇− ~∇·~q . (3.52)
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The term on the left-hand side is evaluated in order to obtain an equation in
terms of temperature:

ρ
Dh

Dt
= ρ

�

∂ h

∂ T

�

p

DT

Dt
+
�

∂ h

∂ p

�

T

Dp

Dt

= ρCp
DT

Dt
+ρ

�

1

ρ
−T

�

∂ (1/ρ)
∂ T

�

p

�

Dp

Dt

= ρCp
DT

Dt
+

�

1+
T

ρ

�

∂ ρ

∂ T

�

p

�

Dp

Dt
. (3.53)

Substitution into Eq. 3.52 gives the equation of change for temperature:

ρCp
DT

Dt
=−

T

ρ

�

∂ ρ

∂ T

�

p

Dp

Dt
−
�

~~τ : ~∇~u
�

+Q̇− ~∇·~q (3.54)

Eq. 3.5 describing the local heat flux ~q can be simplified by neglecting energy
transport due to mass diffusion and dropping the Duffour term, resulting in
Fourier’s law of heat conduction:

~q =−k ~∇T. (3.55)

where k is the thermal conductivity of the fluid. The second term on the right-
hand side of Eq. 3.54 describes viscous dissipation heating. For Newtonian
fluids, this quantity is always positive and can be written in the form of a vis-
cous dissipation functionφv :

−
�

~~τ : ~∇~u
�

=µφv . (3.56)

Substitution of Eqs. 3.55 and 3.56 into Eq. 3.54 and replacing the heat source
term by Eq. 3.43 yields:

ρCp
DT

Dt
=−

T

ρ

�

∂ ρ

∂ T

�

p

Dp

Dt
+µφv +

4

D
h(Tw −T )+ ~∇·

�

k ~∇T
�

. (3.57)
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3.2 1D heat transfer model of a flow reactor with supercritical water

For one-dimensional flow in steady state this becomes:

ρCp u
d T

d z
= −

T

ρ

�

∂ ρ

∂ T

�

p
u

d p

d z
+

4

3
µ

�

d u

d z

�2

+
4

D
h(Tw −T )

+
d

d z

�

k
d T

d z

�

. (3.58)

The momentum and energy Eqs. 3.47 and 3.58 can be simplified further by ne-
glecting all terms that have a negligible influence on the exact solution. These
terms may be identified if the equations are rewritten in dimensionless form
[21]. Evaluation of the resulting dimensionless groups and comparing their or-
der of magnitude provides information on the relative importance of the dif-
ferent terms.

In the following procedure, fluid properties are assumed constant. Density,
conductivity and viscosity are taken as the linear average of the minimum and
maximum values that are to be expected in the system, which are listed in Ta-
ble 3.2.

The extrema shown are derived from the properties of water in the range be-
tween the inlet temperature and wall temperature. The mean velocity can be
derived from Eq. 3.44 using the mean density. A representative mean value for
the heat capacity at isobaric conditions is given by:

Table 3.2: System range for several quantities.

Parameter Symbol Unit Minimum Maximum

Longitudinal coordinate z [m] 0 4.0
Temperature T [◦C] 350 500
Density ρ [kg/m3] 85 620
Isobaric heat capacity Cp [J/kg.K] 3 103
Thermal conductivity k [W/m.K] 0.1 0.4
Dynamic viscosity µ [kg/m.s] 3.10−5 8.10−5
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C̄p =
1

Tw −Ti n

∫ Tw

Ti n

Cp d T

=
hw −h i n

Tw −Ti n
(3.59)

where hw and h i n are the specific enthalpy of the fluid at wall and inlet tem-
perature. The dimensionless variables used for the scaling procedure are:

z̆ =
z

l
ŭ =

u

ū
T̆ =

T −Ti n

Tw −Ti n
ρ̆=

p−p0

ρ̄g l
(3.60)

where l is the length of the heated section of the pipe and a bar denotes a
system-averaged quantity. Estimations for the contribution of gravity, flow ve-
locity or viscosity on the relative pressure in the system clearly point out that
the hydrostatic pressure will be dominant. For this reason, the hydrostatic
pressure has been chosen for scaling the relative pressure.

Substitution of the dimensionless variables defined by Eq. 3.60 into Eq. 3.47
and Eq. 3.58 gives:

ŭ
d ŭ

d z̆
=−

g l

ū 2

d p̆

d z̆
+
µ̄

ρ̄ū l

4

3

d 2ŭ

d z̆ 2 −
g l

ū 2 (3.61)

ŭ
d T̆

d z̆
= −

g l

C̄p∆T

T

ρ

�

∂ ρ

∂ T

�

p
ŭ

d p̆

d z̆
+

µ̄ū

ρ̄C̄p∆T l

4

3

�

d ŭ

d z̆

�2

+
hl

ρ̄C̄p ū D
4
�

1− T̆
�

+
k̄

ρ̄C̄p ū l

d 2T̆

d z̆ 2 (3.62)

where ∆T ≡Tw −Ti n . Using a more compact notation for the dimensionless
groups:

ŭ
d ŭ

d z̆
=−

1

F r

d p̆

d z̆
+

1

Re

4

3

d 2ŭ

d z̆ 2 −
1

F r
(3.63)
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3.2 1D heat transfer model of a flow reactor with supercritical water

Table 3.3: Estimations of the dimensionless groups based on mean parameter values.

Group Case 1 Case 2 Case 3
1

Fr 5.100 2.101 1.102

1
Re 1.10−8 3.10−8 7.10−8

Br
FrPr 3.10−5 3.10−5 3.10−5

Br
Pe 7.10−14 4.10−14 1.10−14

Nu
PeD

6.10−1 5.10−1 6.10−1

1
Pe 6.10−9 1.10−8 3.10−8

ŭ
d T̆

d z̆
= −

Br

F r Pr

T

ρ

�

∂ ρ

∂ T

�

p
ŭ

d p̆

d z̆
+

Br

Pe

4

3

�

d ŭ

d z̆

�2

+
N u

PeD
4
�

1− T̆
�

+
1

Pe

d 2T̆

d z̆ 2 . (3.64)

Since the dimensionless quantities are now scaled to values between 0 and
O(10), the values of the dimensionless groups indicate which terms are neg-
ligible. For the three cases considered in this study, the following values have
been calculated using the mean parameter values listed in Table 3.2:

Here the heat transfer coefficient in the Nusselt number is assumed to be
15,000 W/m2·K in case 1, 6000W/m2·K in case 2 and 3000W/m2·K in case
3. These values are representative according to measurement data found in
Mokry et al. [84] for the pipe diameter of 10 mm. Based on the estimations
presented in Table 3.3, it can be concluded that viscous effects, internal con-
duction and enthalpy changes due to a pressure gradient may be neglected
without losing much accuracy compared to the full 1D-model equations. This
results in:
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d

d z
(ρu )=0 (3.65)

(ρu )0
d u

d z
+

d p

d z
=−ρg (3.66)

d T

d z
=

4

D

h

(ρu )0Cp
(Tw −T ) (3.67)

where the second fraction on the right-hand side of Eq. 3.67 is also known as
the Stanton number:

St =
h

ρu Cp
(3.68)

For numerical implementation, it is convenient to write this system of equa-
tions into the form:

A(~y ,z )
d ~y

d z
= ~F (~y ,z ) (3.69)

where ~y is the vector of flow variables, A(~y ,z ) is a characteristic matrix and
F (~y ,z ) is a vector of source terms. When p , u and T are chosen as the flow
variables, the model equations are represented by:







0 1
u 0

1 (ρu )0 0
0 0 1







d

d z







p
u
T







=







− 1
ρ

dρ
d z

−ρg
4
D St(Tw −T )







(3.70)

Dividing by matrix A yields:

d

d z







p
u
T







=







−u (ρu )0 1 0
u 0 0
0 0 1













− 1
ρ

dρ
d z

−ρg
4
D St(Tw −T )







(3.71)
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3.2 1D heat transfer model of a flow reactor with supercritical water

Table 3.4: A selection of Nusselt correlations for heated, aiding pipe flow at supercritical
pressures and their parameter ranges.

Authors p G Q D Tb

[MPa] [kg/m2s] [kW/m2] [mm] [◦C]
Swenson et al. [107] 23-41 542-2150 200-2000 9.4 75-576
Yamagata et al. [133] 23-29 310-1830 120-930 7.5, 10 230-540
Mokry et al. [83] 24 200-1500 ≤ 1250 10 320-406

This system of equations has been solved explicitly for the pressure, axial ve-
locity and temperature using an Euler scheme.

3.2.3 Nusselt correlations

Quite a number of Nusselt correlations have been developed for supercritical
heat transfer in pipe flows. Most of these empirical correlations have the gen-
eral form of a modified Dittus-Boelter equation [139]:

N ux =C ·Re n
x ·Pr m

x ·Fc (3.72)

where x is an indicator for the temperature which is used to calculate the fluid
properties, C is a constant and Fc is a correction factor that accounts for prop-
erty variations or entrance effects. A selection of Nusselt correlations found
in literature that may be suitable for predicting the heat transfer coefficient in
this study is given in Table 3.4.

Correlation of Swenson et al.

The correlation of Swenson et al. [107] has been derived from experimen-
tal data of upward supercritical water flows. It evaluates the majority of fluid
properties at wall temperature:
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N u w =0.00459 ·Re 0.923
w ·Pr 0.613

w

�

C̄p

Cp ,b

�0.613�
ρw

ρb

�0.231

(3.73)

Correlation of Yamagata et al.

Yamagata et al. [133] conducted experiments on horizontal and vertical super-
critical water flows. The most extensive data were obtained for the vertically
upward flow in a 10 mm tube. After excluding the measurements obtained in
the region of deteriorated heat transfer, mainly these data were used to derive
the proposed correlation:

N ub =0.0135 ·Re 0.85
b ·Pr 0.8

b ·F. (3.74)

Here the definition of the correction factor F depends on the Eckert number E
as follows:

F =















1.0 for E >1

0.67 ·Pr−0.05
p c

�

C̄p

Cp ,b

�n1

for 0≤E ≤1
�

C̄p

Cp ,b

�n2

for E <0

(3.75)

with the Eckert number defined as:

E =
Tp c −Tb

Tw −Tb
(3.76)

and the coefficients n 1 and n 2 given by:

n 1=−0.77 ·
�

1+
1

Prp c

�

+1.49 n 2=1.44 ·
�

1+
1

Prp c

�

−0.53 (3.77)
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3.2 1D heat transfer model of a flow reactor with supercritical water

Mokry et al.

Mokry et al. [83] derived a correlation on basis of measurements conducted at
the supercritical test facility of the Institute for Physics and Power Engineering
in Obninsk, Russia. The experimental data were collected from supercritical
water flows in 10 mm pipes and have led to the following expression for the
Nusselt number:

N ub =0.0061 ·Re 0.904
b ·Prb

0.684
�

ρw

ρb

�0.564

(3.78)

where the average Prandtl number Prb is calculated using the mean isobaric
heat capacity C̄p as defined in Eq. 3.59.

3.2.4 Boundary conditions

The 1D heat transfer model requires inlet conditions to calculate further to-
wards the end of the tube. In addition, the wall temperature is needed as a
boundary condition. The inlet and boundary conditions are set as listed in
Table 3.1. These conditions are in agreement with the conditions that were
selected for measurements in supercritical water found in Mokry et al. [84],
which enables validation of the simulation results. The experimental data in-
cludes measurements of the inner wall temperature for a heated upflow of wa-
ter using uniform wall heat flux. The inner wall temperature data has been
adopted as the wall condition for the simulations.

On basis of the validity ranges shown in Table 3.4, the Nusselt correlations of
Swenson et al., Yamagata et al. and Mokry et al. have been selected to prescribe
the local heat transfer from the wall to the fluid. These three correlations result
in three temperature profiles for each of the considered mass fluxes.

Since the density gradient in the elements, dρ/d z in Eq. 3.71, is calculated
using backward differences, this gradient is assumed to be zero for the first
element to avoid numerical errors.

68



Figure 3.12: Temperature as function of the tube height for G = 1000 kg/m2 s using dif-
ferent Nusselt correlations.

3.3 Results and validation

The 1D heat transfer model presented in this article has been used to predict
the bulk-fluid temperature for the cases shown in Table 3.1. Temperature pre-
dictions using the correlations of Swenson et al., Yamagata et al. and Mokry et
al. have been compared to experimental data found in Mokry et al. [84]. The
experimental temperature profiles were constructed by measuring the bulk-
fluid temperature at the inlet and outlet and then calculating the profiles us-
ing a simple heat balance (I.L. Pioro, personal communication, December 14,
2011).

The calculated fluid temperature profiles for a mass flux of 1000 kg/m2 s are
shown in Fig. 3.12 together with the experimental data. This case fits well
within the ranges of validity listed in Table 3.4. The slope of the temperature
profile decreases while approaching the pseudo-critical point at 381◦C. The
phase change requires a lot of energy due to the high heat capacity in the vicin-
ity of this point, causing the temperature increase to slow down. Once the fluid
temperature has passed the pseudo-critical point, the slope of the lines tends
to restore. When the bulk temperature is raised further, the rate of heat trans-
fer is expected to decline since the driving force will decrease. The decrease is
not visible in the results, however, which indicates that the heat transfer may
still be governed by other effects like for example boiling effects.
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3.3 Results and validation

The best match with the measurements is obtained when using the correla-
tion of Mokry et al. or Swenson et al. The excellent agreement in temperature
profiles demonstrates that, in case a suitable Nusselt correlation is available,
the model is capable of accurately calculating the fluid temperature from wall
temperature data at supercritical conditions. The correlation of Yamagata re-
sults in a good match up to the region where the fluid reaches pseudocritical
conditions. From this point, the rate of heat transfer and hence temperature is
overpredicted. Apparently, the large hump in the heat flux around the pseudo
critical point seen in Fig. 3.13 is not realistic for this case.

The graphs illustrate that not all correlations give similar results, despite of
the fact that they should all be applicable for this case. Therefore, selecting
the right correlation solely based on the parameters considered in Table 3.4
may not be adequate. In order to study the sensitivity of the selected Nusselt
correlations to the mass flux, a second and third case have been simulated
using a mass flux of 500 and 200 kg/m2s, respectively. The results are shown in
Fig. 3.14 and 3.15, together with the experimental data for this particular mass
flux.

Figs. 3.14 and 3.15 show that the correlations of Mokry et al. and Swenson et
al. give accurate predictions of the bulk temperature for these mass fluxes as

(a) Heat flux as a function of tube height. (b) Heat flux as a function of bulk tempera-
ture.

Figure 3.13: Wall heat flux as function of the tube height (a) and bulk temperature (b)
for G = 1000 kg/m2s using different Nusselt correlations.
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Figure 3.14: Temperature as function of the tube height for G= 500 kg/m2 s using differ-
ent Nusselt correlations.

well. The results based on the correlation of Yamagata et al. are however worse
compared to the results in Fig. 3.12.

Fig. 3.16 points out that the heat flux for G = 200 kg/m2s is again over pre-
dicted in a broad range around the pseudo critical temperature. The heat flux
graphs for G = 500 kg/m2s are similar, but have been omitted here to save
space. Clearly, the correlation of Yamagata et al. is outperformed by the cor-
relation of Swenson et al., even though the validity range of the latter does not

Figure 3.15: Temperature as function of the tube height for G= 200 kg/m2 s using differ-
ent Nusselt correlations.
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3.4 Extension to chemically reacting flow for qualitative analysis

(a) Heat flux as a function of tube height. (b) Heat flux as a function of bulk tempera-
ture.

Figure 3.16: Wall heat flux as function of the tube height (a) and bulk temperature (b)
for G = 200 kg/m2s using different Nusselt correlations.

include these low mass fluxes.

3.4 Extension to chemically reacting flow for quali-
tative analysis

The 1D-model discussed in Section 3.2 can be used to study heat transfer in
supercritical water flows. In order to perform calculations on the reacting flow
in a supercritical gasifier, the model has to be extended with equations and
properties describing chemistry and mass transfer. This procedure is treated
in the following sections.

The chemical reaction that is used to model the complex chemistry of biomass
conversion is described in Section 3.4.1. The next sections deals with the
extension of the conservation equations. Estimation of the thermo-physical
properties of the reacting mixture and the diffusion coefficients are discussed
in Section 3.4.3 and Section 3.4.4. The simulations of reacting flow are con-
ducted with an initial mass fraction of 10 wt% methanol. The results of the
reacting flow simulations are compared with the results for non-reacting flow
in Section 3.4.5.
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Figure 3.17: Arrhenius plot for the methanol decomposition rate in supercritical water
using the experimental data of Hack et al. [44].

3.4.1 Modeling the chemistry of biomass conversion in super-
critical water

Conversion of biomass in supercritical water is a rather complex chemical pro-
cess involving a large number of intermediates and reaction steps. Since a de-
tailed description of the chemistry would go beyond the scope of this study,
methanol decomposition is chosen as a simple reaction that may be represen-
tative for the endothermic gasification process. Decomposition of methanol
into carbon monoxide and hydrogen is described by the following reaction
[22]:

C H3OH→CO+2H2 (3.79)

where the enthalpy of reaction∆Hr is reported to be 91.7 kJ/mol at 298 K.

The reaction rate as a function of temperature is described by the Arrhenius
expression given by:

k =Ae
−Ea
RT (3.80)
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3.4 Extension to chemically reacting flow for qualitative analysis

where A is the pre-exponential factor, Ea the activation energy and R the uni-
versal gas constant. The pre-exponential factor and activation energy charac-
terizing the specific reaction shown above are difficult to find considering the
fact that it is only one of the three independent overall reactions of methanol
reforming in supercritical water. Methanol decomposition in supercritical wa-
ter was studied in a Hastelloy tube flow reactor by Hack et al. [44] in the tem-
perature range 597 < T < 797 K at a pressure of 315 bar. Although the reaction
mechanism is clearly not fully described by Eq. 3.79, the decomposition rate
constants presented in the article are adopted for the simple reaction used in
this study. The measured rate constants are plotted in an Arrhenius plot in
Fig. 3.17, where ln(k1) and 1/T are related according to the logarithm of the
Arrhenius equation:

ln(k1)= ln(A)−
Ea

R

1

T
. (3.81)

The linear fit with a slope of -18268 K/s and a y-intercept at 23.724 1/s im-
plies the pre-exponential factor is 2.0·1010 1/s and the activation energy is 152
kJ/mol.

Figure 3.18: Reaction rate as function of temperature for methanol decomposition, ac-
cording to Hack et al. [44].
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The reaction rate for methanol decomposition is plotted against temperature
in Fig. 3.18, showing that the reaction starts at approximately 700 K.

3.4.2 Extension of the 1D-model equations

The 1D-model equations must be extended with equations describing conser-
vation of species and a heat sink term accounting for the heat that is consumed
by the endothermic reaction. Adding the heat sink term to the heat equation,
Eq. 3.58 becomes:

d T

d z
=

4

D

h

(ρu )0Cp
(Tw −T )+

∆Hr

(ρu )0Cp

rM eOH

M M eOH
(3.82)

where ∆Hr is the enthalpy of reaction and rM eOH is the reaction rate for
methanol, according to Eqs. 3.10 and 3.11:

rM eOH =Ae
Ea
RT ·ρ ·yM eOH . (3.83)

The equation for conservation of species for the 1D-model is derived from Eq.
3.6 by neglecting the time dependent and diffusion term and therefore reads:

d yi

d z
=

1

(ρu )0
ri (3.84)

where ri are the reaction rates for the different species. The reaction rate for
methanol is given by Eq. 3.83 and the reaction rates for carbon monoxide and
hydrogen easily calculated using:

rM eOH =−rCO =−2 ·rH2 . (3.85)

3.4.3 Estimation of the mixture properties

With chemistry included in the model according to the sections above, the
fluid inside the pipe is a mixture of water, methanol, carbon monoxide and
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3.4 Extension to chemically reacting flow for qualitative analysis

hydrogen. The fluid is modeled as a single phase with mixture properties that
have to be estimated based on the flow conditions and the local composition.
This section deals with the estimation of the mixture properties that are in-
serted into the numerical models and the properties of the individual species
that are used in the mixing rules.

The average molar mass of the mixture is determined from the individual mass
factions and molar masses according to the following mixing rule:

M =





N
∑

i=1

yi

M i





−1

(3.86)

Similarly, the density of the mixture is calculated using:

ρ=





N
∑

i=1

yi

ρi





−1

(3.87)

For water, the density is given by the IAPWS-IF97 formulation, described in
Section 3.1.2. Density data for the other species at 300 bar has been obtained
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Figure 3.19: Density data for the different species, where the solid lines represent
database values and the intermittent lines represent estimated densities. The diamonds
indicate calculated values using the Peng-Robinson equation of state.
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Figure 3.20: Heat capacity data for the different species, where the solid lines represent
database values and the intermittent lines represent estimated values.

from the database of the National Institute of Standards and Technology [74].
The NIST database provides data for hydrogen at all required temperatures but
is limited to 500 K for carbon monoxide and 620 K for methanol, which means
that the density at higher temperatures must be estimated for these species.

As carbon monoxide at 620 K is far beyond its pseudo critical temperature, the
density is estimated using extrapolation. This not the case for methanol, so
additional data points at high temperatures are required to make a reasonable
estimation. Since no information on the density at this pressure and tempera-
ture range was encountered in literature, the Peng-Robinson equation of state
[92] has been used to provide the missing datapoints. The Peng-Robinson val-
ues are well described by an exponential curve that has been fitted such that it
connects to the last datapoint of the NIST database.

The density profiles of all species are plotted in Fig. 3.19, where the solid lines
represent data obtained from the IAPWS-IF97 formulation or NIST database
and the intermittent lines represents estimated data. The triangles indicate
the density values calculated using the Peng-Robinson equation of state.
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3.4 Extension to chemically reacting flow for qualitative analysis

The isobaric heat capacity of the mixture is estimated using the following mix-
ing rule:

Cp =
N
∑

i=1

yi Cp ,i (3.88)

The heat capacities for the individual species are plotted as a function of tem-
perature in Fig. 3.20. The solid lines represent data given by the IAPWS-IF97
formulation or found in the NIST database, the intermittent lines show extrap-
olated data. Heat capacity data for methanol is mirrored in the line T = 600 K,
where the curve reaches its maximum value. This approach is believed to give
a good approximation considering the symmetry in the heat capacity curves
for supercritical methanol found in literature [4].

The mixture-averaged thermal conductivity is calculated from a relation pre-
sented in Warnatz et al. [120]:
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Figure 3.21: Thermal conductivity of the different species, where the solid lines represent
database values and the intermittent lines represent extrapolated values.
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k =
1

2







N
∑

i=1

x i k i +

 

N
∑

i=1

x i

k i

!−1





(3.89)

For gas mixtures this equation has an accuracy of some 10-20%, which is con-
sidered satisfactory for this study. The thermal conductivity for the different
species is plotted in Fig. 3.21. The solid lines represent data given by the
IAPWS-IF97 formulation or found in the NIST database, the intermittent lines
show extrapolated data.

Estimation of the viscosity of a mixture is considered to be a challenge in liter-
ature. Viscosities are rarely additive, and the relation between viscosity and
concentration can be very nonlinear [104]. Although some correlations for
mixture viscosities are available, they are found to be quite specific and often
too complex for fast implementation. First, there is a division of correlations
for liquid mixtures and gas mixtures. For the gas mixture estimation meth-
ods, a subdivision into high-pressure and low-pressure mixtures is required to
choose the correct correlation. Finally, there is a distinction between polar and
non-polar mixtures. The fluid in the gasification reactor model will be a mix-
ture of supercritical methanol gas and liquid water at the inlet, and a dense gas
mixture at the outlet. A short discussion of some of the suggested correlations
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Figure 3.22: Viscosity of the individual species at 300 bar. The dashed lines indicate
estimated values.

79



3.4 Extension to chemically reacting flow for qualitative analysis

in literature is given below.

When the fluid temperature is between inlet temperature and the pseudo-
critical temperature of water at 300 bar, it is in fact a solution of supercritical
gases (mainly methanol) in liquid water. A practical mixing rule for the vis-
cosity of a gas-liquid mixtures was not found in literature. According to Reid
et al. [98], essentially all correlations for liquid mixture viscosity refer to solu-
tions of liquids below or only slightly above their normal boiling points. More
recent publications [114], present no useful correlation for a solution of gases
in a liquid.

At temperatures above the pseudo-critical point of water, the fluid can be con-
sidered as a (dense) mixture of gases. For high-pressure gas mixtures, the esti-
mation methods of Lucas or Chung et al. can be used [98]. These methods give
estimations with an absolute average deviations of 8 to 9 percent for both polar
and non-polar mixtures. Nevertheless, they consist of a sets of equations that
are unattractive to use for a quick estimation. The much less complex semi-
empirical method of Wilke, developed on basis of the kinetic theory approach,
has been extensively tested and proved to be quite reliable, but is only valid for
low-pressure gas mixtures. A somewhat less accurate, though even more prac-
tical method for low-pressures is provided by Herning and Zipperer [25]. In
principle, the gaseous mixture viscosity at high pressure may be estimated by
using one of these two low-pressure methods when compensated after wards
for the pressure. The pressure correction factor can be obtained from a gener-
alized graph used for pure substances based on the reduced temperature. In
this case, however, it is not quite obvious that a calculation corrected with a
pressure factor of an estimated low-pressure gas mixture viscosity yields more
accurate values than a mixing rule that is analogous to Eq. 3.89:

µ=
1

2







N
∑

i=1

x iµi +

 

N
∑

i=1

x i

µi

!−1





(3.90)

This equation can be used to estimate the mixture viscosity with an accuracy
of around 10% [120].

In order to make an estimation using Eq. 3.90, it is required that the viscosities
of the individual species are known. Viscosity data for a pressure of 300 bar
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Figure 3.23: Viscosity of methanol as function of density as found in Xiang et al. [128].
The line represents an exponential curve fit.

and temperatures from 300 to 900 K is shown in Fig. 3.22.

Viscosity data for water is obtained from the IAPWS-IF97 formulation. The
solid lines for hydrogen and carbon monoxide represent viscosity data from
the NIST database. Extrapolation of viscosity data in the temperature range
300 to 500 K gives the dotted line for carbon monoxide. The viscosity line for
methanol has been constructed using experimental data from Yergovich et al.
[135] and Golubev and Likhachev [128]. These data was graphically presented
as a function of density by Xiang et al. [128]. An exponential fitting curve is
used to obtain an expression for the viscosity as function of the density, which
is shown together with the experimental data in Fig. 3.23.

Combining the density-temperature relation plotted in Fig. 3.19 with the
viscosity-density relation shown in Fig. 3.23 yields the viscosity curve for
methanol in Fig. 3.22, where the dotted line section above 620 K indicates that
the Peng-Robinson equation has been used to estimate the density.
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3.4 Extension to chemically reacting flow for qualitative analysis

3.4.4 Estimation of the diffusion coefficients

For a proper prediction of diffusive transport, it is important to make a good
estimation of the diffusion coefficient. Since the required coefficients at su-
percritical conditions have not been found in literature, empirical correlations
are employed to make a good guess. An estimation for the diffusion in the liq-
uid phase can be obtained by using the Wilke-Chang method for binary liquid
diffusion coefficients at infinite dilution [98]:

D0
A B =

7.4 ·10−8(φM B )1/2T

µB V 0.6
A

(3.91)

where Do
A B is the mutual diffusion coefficient of solute A at very low concen-

trations in solvent B, VA is the molar volume of solute A at its normal boiling
point temperature and φ is the association factor of solvent B, given as 2.6
for water. The molar volume of the four species in the reactor mixture can be
found in Bretsznajder [25] and are listed in Table 3.5.

Table 3.5: Molar volumes at the species normal boiling point.

Component VA

[cm3 /mol]
H2O 18.9
CH3OH 42.5
CO 30.7
H2 14.3

Eq. 3.91 is suitable for liquid-liquid systems with concentrations of A up to
5 and perhaps 10 mole percent. It is however assumed that the correlation
also provides a representative diffusion coefficient for solutions of supercriti-
cal methanol in liquid water up to 10 mass percent.

At temperatures at the pseudo-critical point and higher, where water behaves
more like a gas, the diffusion coefficient can be approximated using the corre-
lation of Takahashi for estimating binary diffusion coefficients of gases at high
pressures [98]:
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Figure 3.24: Takahashi correlation for the effect of pressure and temperature on the bi-
nary diffusion coefficient of gases [98].

p DA B

(p DA B )+
= f (Tr ,pr ) (3.92)

Here DA B is the mutual diffusion coefficient and f (Tr ,pr ) is a function of the
reduced temperature and pressure, which are defined as follows:

Tr =
T

Tc
(3.93)

Tc =xA Tc ,A+x B Tc ,B (3.94)

pr =
p

pc
(3.95)

pc =xA pc ,A+x B pc ,B . (3.96)

The function value at different reduced temperatures and pressures is then ob-
tained from Fig. 3.24.
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Figure 3.25: Estimated mixture-averaged diffusion coefficients for the different species.
The lines are quadratic polynomial curve fits.

The superscript + indicates that low-pressure values are to be used. The low-
pressure binary diffusion coefficient is calculated using the Fuller method [98]:

DA B =
0.00143T 1.75

p M 1/2
A B

h

(
∑

v )
1/3
A +(

∑

v )
1/3
B

i2 (3.97)

where
∑

v is found for each component by summing the atomic diffusion vol-
umes, and MA B is defined as:

M A B =2[(1/M A )+(1/M B )]−1 (3.98)

Table 3.6: Sum of atomic diffusion volumes [98].

Component Atomic diffusion volumes
H2O 13.1
CH3OH 31.3
CO 18.0
H2 6.12
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Figure 3.26: Mass fraction of methanol as function of the pipe height using the Nusselt
correlation of Mokry et al. [83].

The sums for the components involved in the SCWG simulations are given in
Table 3.6.

In the calculations p+ is chosen to be 1 bar. When the effect of solute A on
the critical temperature and pressure in Eqs. 3.94 and 3.96 are neglected and
pure water is assumed as the solvent B, the coefficients for binary and self-
diffusion are as shown in Fig. 3.25. The solid lines are quadratic polynomial
curves that are fitted to the estimated diffusivities at inlet temperature (573 K),
pseudocritical temperature (675 K) and wall temperature (873 K).

3.4.5 1D simulation results

Fig. 3.26 shows the mass fraction of methanol as calculated with the 1D-model.
The initial concentration is set to 10 wt% and the heat transfer coefficient is
predicted by the Nusselt correlation of Mokry et al. [83]. For the case simu-
lated in this section the wall temperature is choosen constant over the com-
plete length of the tube, this was not the case in Section 3.3. The rate of con-
version is rather low up to z = 2 m, where the fluid temperature passes 700 K,
as can be seen in Fig. 3.27. It can be seen in Fig. 3.18 that the reaction rate for
methanol decomposition starts to increase rapidly at this temperature.
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Figure 3.27: Temperature as function of the pipe height for reacting and non-reacting
flow. The results are based on the Nusselt correlation of Mokry et al. [83].

The effect of the chemical reaction on the temperature field is illustrated in Fig.
3.27. The figure shows only little difference between the temperature results of
the reacting and non-reacting flow simulations. As the decomposition reaction
is endothermic, a slight decrease in temperature is observed compared to the
non-reaction flow.

3.5 Discussion

The large deviation between results based on the correlation of Yamagata et al.
and results based on the other two correlations may be explained by consid-
ering boiling effects. According to the theory of heat transfer at supercritical
pressures (Section 3.1), pseudo-film boiling can highly influence heat transfer
at supercritical pressures depending on the flow conditions. A combination of
several parameters including tube diameter, pressure, mass flux and heat flux
determines which heat transfer regimes will occur inside the tube (i.e. normal,
improved or deteriorated heat transfer).

For the cases considered in this study, the heat flux seems to exceed or ap-
proach the critical value indicated by Fig. 3.4. Therefore, it can be expected
that peaks in the heat flux around the pseudo-critical point are lower, flattened
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or do not occur at all. In contrast to the other two correlations considered in
this study, the correlation of Yamagata et al. was derived from experimental
data from which measurements obtained in the region of deteriorated heat
transfer were excluded [133]. This is a possible reason why the heat flux pre-
dicted by Yamagata et al. is incorrect for the cases considered in this article.
In cases where deterioration of heat transfer does not occur, the correlation
might show better accuracy.

The influence of buoyancy forces can be estimated by calculating the criterion
of Aicher and Martin (Eq. 3.36). In Case 3, the value of this criterion mainly
varies between 0.05 and 0.2 over the first half of the tube. According to Fig.
3.5, the flow in this region should hence be classified as aided mixed convec-
tive flow, for which the Nusselt number is significantly lower compared to pure
forced convection. Here, both buoyancy forces and pseudo-film boiling could
have been responsible for the low heat transfer rates. However, heat transfer
rates in Case 1 are also much lower than predicted by the Dittus-Boelter equa-
tion, whereas this case should be classified as (nearly) pure forced convection
over the entire tube length. With values lower than 0.08 for the criterion, buoy-
ancy forces are probably not the cause for the low heat transfer rates in this
case. In Case 2, only a small region of mixed convective flow is observed near
the inlet, which cannot explain the decreased heat transfer rate over a large
part of the tube.

Assuming that boiling effects are the main reason for the large differences be-
tween the predictions observed in Section 3.3, it is important to know on be-
forehand if the critical heat flux will be exceeded when selecting a Nusselt cor-
relation for the 1D-model. An estimation for the critical heat flux can be made
using the criteria proposed by Yamagata et al., Eq. 3.34, or by Mokry et al., Eq.
3.35. However, it should be noted that there is still no unique definition for the
onset of heat transfer deterioration, because this phenomenon behaves rather
smoothly [30].

The sensitivity of the results for other parameters than mass flux has not been
studied by the authors. In order to study the influence of boiling effects for this
tube geometry in more detail, a two-dimensional model has been developed
and will be presented in the next chapter.
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3.6 Conclusions

Based on a literature study, it can be concluded that the property variations of
water in the vicinity the (pseudo)critical point significantly influence the heat
transfer. Depending on the flow conditions, the variations in fluid properties
can result in heat transfer enhancement or deterioration. In literature, these
effects have been related to boiling phenomena and to acceleration of the fluid
due to buoyancy forces. Acceleration of the fluid near the boundary layer is
assumed to influence the turbulent diffusivity in the region where turbulence
plays an important role in the heat transfer.

In this work, heat transfer to supercritical water has been modeled in a one-
dimensional domain by using a plug flow approach. Viscous effects, inter-
nal conduction and enthalpy changes due to a pressure gradient have been
neglected after evaluation of the governing equations in dimensionless form.
Nusselt correlations are required for predicting the heat transfer coefficient in
order to close the set of equations.

The results of the simulations for three different cases show that the model is
able to accurately predict the bulk temperature based on heat transfer rates
provided by a suitable Nusselt correlation. However, the results also give rea-
son to assume that the correlations are very specific for the flow conditions
of the experiments from which the Nusselt correlations were derived. Differ-
ent correlations that are all valid for the selected operating conditions do not
necessarily give the same result.

The effect of the chemical reaction on the temperature field is also presented
in this chapter. The effect of the chemical reaction on the temperature shows
only little difference between the temperature results of the reacting and non-
reacting flow simulations. As the decomposition reaction is endothermic, a
slight decrease in temperature is observed compared to the non-reacting flow.

The large deviation between the predictive capability of the correlations sug-
gests that it is important to consider boiling effects that occur when a critical
heat flux is reached. Although the agreement with a 2D-simulation is yet to
be investigated in a subsequent chapter, it can be said that the accuracy of
the correlation for the simulated case will be crucial for the quality of the 1D-
model.

88



4
2D heat transfer model of a flow
reactor with supercritical water

Heat transfer to water at supercritical pressures has been numerically investigated using
a two-dimensional modeling approach. The simulations in a two-dimensional domain
have been performed using the low-Reynolds k-ε turbulence model, and the IAPWS-IF97
formulation to describe the properties of water at different conditions. The accuracy of
the 2D-model is validated using an experimental setup at supercritical conditions. The
comparison of the temperature results show a good agreement between the experimental
data and the numerical data. Simulation results of the two-dimensional model are com-
pared with several frequently used one-dimensional correlations from literature for heat
transfer at supercritical conditions.

The work in this chapter has been published in revised form as:
J.A.M. Withag, J.L.H.P. Sallevelt, D.W.F. Brilman, E.A. Bramer, G. Brem, Heat transfer
characteristics of supercritical water in a tube: Application for 2D and an experimen-
tal validation, Elsevier 70 (2012).[126]
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4.1 Introduction

Water is in the supercritical state when both the pressure and the temperature
are higher than the critical pressure and critical temperature (Pc r = 22.064 MPa
and Tc r = 373.95◦C). The physical properties of supercritical water strongly
differ from liquid water or steam. Supercritical water has much lower values
for the dielectric constant, the viscosity, the thermal conductivity and in the
vicinity of the critical point a large peak in the specific heat capacity can be
detected [59, 80].

Supercritical water is of great interest for several applications such as su-
percritical water gasification or supercritical water cooled-nuclear reactors.
Supercritical water gasification is a challenging thermo-chemical conversion
route for wet biomass and waste streams into valuable product gases, rich in
either hydrogen or methane. Whereas supercritical water cooled reactors use
the thermal properties of supercritical water to increase the thermal efficiency.
Both application fields want to use the unique properties of supercritical water
in order to optimize the process. For this purpose good prediction methods for
the transport phenomena present in the reactor or heat exchanger are of great
importance.

To predict the properties of water at different conditions the IAPWS-IF97 for-
mulation [117] is used in this research. The IAPWS-IF97 formulation consists
of a set of equations from which thermo-physical properties such as specific
volume, enthalpy, thermal conductivity, viscosity and heat capacity can be de-
rived. A detailed description of the IAPWS-I97 formulation can be found in the
work of Sallevelt et al. [99] and the work of Wagner et al. [117].

Sallevelt et al. [99] describe a one-dimensional heat transfer model to simulate
a supercritical water flow in a tube. With the use of the one-dimensional model
various Nusselt correlations found in literature describing the heat transfer are
compared. The results for the different Nusselt correlations show large devi-
ations, which indicates that the used correlations have only limited applica-
bility. Therefore in this work a 2D-simulation is developed to investigate the
influence of two-dimensional effects on the flow and heat transfer in super-
critical water.

In the present study a two-dimensional model has been developed using the
low-Reynolds k-ε turbulence model and the IAPWS-IF97 formulation. Fur-
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4 2D heat transfer model of a flow reactor with 
supercritical water 

In  the  one‐dimensional  heat  transfer model  discussed  in Chapter 3,  some of  the  assumptions made 
might cause  the model  to be  inaccurate. The model  that  is  treated  in  this chapter  should be a more 
realistic  representation  of  the  gasification  reactor,  as  it  accounts  for  two‐dimensional  effects  and 
describes  the  transport  phenomena  in more  detail.  The  simulation  results  as  obtained with  the  2D 
model  are  discussed  in  the  last  section  of  this  chapter.  The  2D  model  is  validated  by  comparing 
simulation  results  of  the  lab  case with  experimental  data  in  Chapter  5.  Furthermore,  a  comparison 
with  the  1D  simulation  results  is  made  in  Chapter  7  to  examine  the  loss  of  accuracy  due  to  the 
numerous simplifications. The calculations have been performed using  the software package COMSOL 
Multiphysics, which provides an advanced solver that is able to handle the 2D model equations. 

4.1 Computational domain 

Assuming  the  problem  is  axisymmetric  around  the  centerline  of  the  pipe,  the  entire  pipe  flow  is 
covered  by  choosing  half  a  cross‐section  as  the  computational  domain.  The  computational  domain 
includes the pipe wall and is shown in Figure 4.1, drawn horizontally for a compact view. The heated 
section of the pipe Lhot is preceded by an entrance section Lentr with a length of 0.1 m for development 
of the hydrodynamic boundary layer. 

Figure 4.1 Computational domain for the 2D model.

The  domains  are meshed  using  second  order  Lagrange  elements.  The  fluid  domain  is  covered  by  a 
structured grid of quadrilateral elements, while triangular elements are used for the solid domain in 
order  to  achieve  a  fast  transition  to  a  coarse  mesh.  A  boundary  layer  mesh  consisting  of  slender 
quadrilaterals  is added to the  fluid domain  to cope with  the high gradients  in the boundary  layer. A 
mesh convergence study is carried out to check whether the mesh satisfactorily balances accuracy and 
computing resources. Data for the convergence analysis has been generated by simulating the lab case 
defined in Table 5.3 for a mass flux of 20 kg/m2·s using the gridsizes shown in Table 4.1.  

Gridsize [mm]  Number of elements [] 
0.5  27 530 
0.4  37 660 
0.2 98 692
0.1 300 964
0.075 494 038
0.05 1 025 210

Table 4.1 Gridsizes and corresponding total 
number of elements used for the 2D mesh  
convergence analysis. 

The  surface‐averaged  density,  temperature  and  isobaric  heat  capacity  at  the  outlet  are  chosen  as 
indicators  for  the  mesh  convergence.  The  results  have  been  normalized  and  plotted  in  Figure  4.2 
together with a quadratic curve fit. 
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Figure 4.1: Computational domain for the 2D-model.

thermore, an experimental setup has been built to measure the heat transfer
in supercritical water. Model results have been validated against experimental
data for different mass fluxes. Finally, a comparison with the one-dimensional
simulation results as obtained by Sallevelt et al. [99] is made to investigate
the loss of accuracy due to the numerous sim-plifications made for the one-
dimensional model. The calculations under investigation in this research have
been performed using the software package COMSOL Multiphysics, which
provides an advanced solver that is able to handle the two-dimensional model
equations.

4.2 Computational domain

Assuming the problem is axi-symmetric around the centerline of the pipe, the
entire pipe flow is covered by choosing half a cross-section as the computa-
tional domain. The computational domain includes the pipe wall and is shown
in Fig. 4.1, drawn horizontally for a compact view. The heated section of the
pipe Lhot is preceded by an entrance section Lentr with a length of 0.1 m for
development of the hydrodynamic boundary layer.

The domains are meshed using second order Lagrange elements. The fluid do-
main is covered by a structured grid of quadrilateral elements, while triangular
elements are used for the solid domain in order to achieve a fast transition to
a coarse mesh. A boundary layer mesh consisting of slender quadrilaterals is
added to the fluid domain to cope with the high gradients in the boundary
layer. A mesh convergence study is carried out to check whether the mesh sat-
isfactorily balances accuracy and computing resources.
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Figure 4.2: Mesh convergence for the 2D-model on basis of normalized, surface-averaged
quantities at the outlet. The data points shown correspond to gridsizes of 0.5, 0.4, 0.2, 0.1,
0.075 and 0.05 mm.

Data for the convergence analysis has been generated by simulating a case at
240 bar, a wall temperature of 600◦C and a mass flux of 20 kg/m2·s. This is done
in a tube with an inner diameter of 10 mm using the gridsizes shown in Table
4.1.

The surface-averaged density, temperature and isobaric heat capacity at the
outlet are chosen as indicators for the mesh convergence. The results have
been normalized and plotted in Fig. 4.2 together with a quadratic curve fit.

Table 4.1: Gridsizes and corresponding total number of elements used for the 2D-mesh
convergence analysis.

Gridsize Number of elements [-]
0.5 27,530
0.4 37,660
0.2 98,692
0.1 300,964

0.075 494,038
0.05 1,025,210
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Although the convergence analysis calls for one of the finest meshes, a gridsize
of 0.2 mm was adopted for the full pipe length of 2.5 m because a finer mesh
would require more memory resources than available. Fig. 4.2 shows that the
calculated heat capacity at the outlet is still significantly affected by the grid-
size at this point. However, more important is the convergence of the density
and temperature, which is acceptable for the chosen gridsize. The practical
limitation of the number of elements will for this reason not necessarily lead
to inaccurate results.

By choosing 0.2 mm as the element size for the structured mesh covering
the fluid domain, the complete mesh consists of 700,717 elements (585,000
quadrilateral and 115,717 triangular). To give an impression, this mesh is
shown in Fig. 4.3 for a length of 10 mm.

4.3 2D model equations

This section describes the derivation of the model equations for steady, com-
pressible, two-dimensional flow from the governing equations given in Section
3.1.1. For this type of flow, the continuity equation is obtained by neglecting
the time-dependent term in Eq. 3.1.1, which results in:

~∇·(ρ~u )=0. (4.1)

Figure 4.3: Mesh for a 10 mm section of the 2D computational domain.
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4.3 2D model equations

The steady state formulation of the momentum equation given by equation
3.2 reads:

ρ
�

~u · ~∇
�

~u =−~∇p− ~∇·~~τ+ρ ~f (4.2)

where the viscous stress tensor is prescribed by Newton’s law of viscosity:

~~τ=−µ
�

~∇~u +
�

~∇~u
�T
�

+
2

3
µ
�

~∇· ~u
�~~δ. (4.3)

The volumetric force vector accounts for the gravity force that acts downward
in z-direction:

~f =

¨

f r

f z

«

=

¨

0
−g

«

. (4.4)

Conservation of energy is described by the equation of change for tempera-
ture, Eq. 3.54, without the terms that represent pressure work and viscous
heating. These simplifications are considered reasonable since no large pres-
sure gradients will occur inside the reactor, and the heat generated by vis-
cous effects will be negligible compared to the heat that is transferred through
the pipe wall. Expanding the material derivatives and disregarding the time-
dependent terms in this expression leads to:

ρCp

�

~u · ~∇
�

T =Q̇− ~∇·~q (4.5)

where the heat flux is given by Fourier’s law:

~q =−k ~∇T.

The heat source term Q̇ is zero for heat transfer analysis, but will be used to
include heat effects due to chemical reactions in Section 4.9.1.

94



4.4 Turbulence modeling

The time-dependent chaotic behavior in the fluid flow occurs at a wide range
of time and length scales. Although turbulence is in principle fully described
by the Navier-Stokes equations, Eq. 3.2, a huge number of elements are re-
quired to capture the smaller scales in the flow. For this reason, the small scales
are modeled using a turbulence model, while the Navier-Stokes equations are
solved for the averaged variables.

The turbulence model chosen for the 2D reactor simulations is the low-
Reynolds number k-ε turbulence model [125]. In comparison to the standard
k-ε turbulence model, the low-Reynolds formulation provides equations for
resolving regions of slow flow (close to walls) far better. Though computa-
tionally more expensive, the low-Reynolds model should be used in models
where the effects of walls are important. This is certainly the case for the non-
isothermal flow in the reactor, where large property variations occur in the
boundary layer and the heat flux at solid-liquid interface highly affects the fi-
nal solution. The superiority over the standard k-ε turbulence model has been
confirmed in literature [51].

While Reynolds-averaging is applied for incompressible flows, resulting in the
well-known Reynolds averaged Navier-Stokes equations (RANS), a more con-
venient method for compressible flow is Favre averaging. The Favre averag-
ing method is density-based to suppress terms involving density fluctuations.
Variables are decomposed into an averaged component, indicated with a tilde
(φ̃), and a fluctuating component, indicated with a double prime (φ"):

φ= φ̃+φ” (4.6)

where the averaged component is defined by:

φ̃=
1

ρ̄
lim

t0→∞

1

t0

∫ t+t0

t

ρ(~x ,τ)φ(~x ,τ)dτ. (4.7)

This concept is illustrated in Fig. 4.4, where the velocity component u (t ) in
"steadily driven turbulent flow" is decomposed into the averaged value ũ and
its fluctuation u ”(t ).
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4.4 Turbulence modeling

Figure 4.4: Sketch showing the velocity component u as well as its smoothed value ũ and
its fluctuation u ” in turbulent flow for "steadily driven turbulent flow" in which ũ does
not depend on time [21].

When Favre averaging is applied to the model equations, Eqs. 4.1, 4.2 and 4.5
become:

~∇·(ρ̄ ~̃u )=0 (4.8)

ρ̄
�

~̃u · ~∇
�

~̃u =−~∇p̃− ~∇·
�

~̃~τ+ ~̃~τT

�

+ρ̄ ~f (4.9)

ρ̄Cp

�

~̃u · ~∇
�

T̃ =Q̇− ~∇·
�

~̃q+ ~̃qT

�

. (4.10)

Here ~̃~τ is the Favre averaged viscous stress tensor:

~̃~τ=−µ
�

~∇ ~̃u +
�

~∇ ~̃u
�T
�

+
2

3
µ
�

~∇· ~̃u
�~~δ (4.11)

and ~̃~τT is the Favre-averaged Reynolds stress tensor, which is modeled accord-
ing to the turbulent viscosity hypothesis:
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~̃~τT = ρ~u ”~u ” (4.12)

= −µT

�

~∇ ~̃u +
�

~∇ ~̃u
�T
�

+
2

3

�

µT

�

~∇· ~̃u
�

+ρ̄k
�~~δ.

Transport equations for the turbulent kinetic energy, k , and the turbulent en-
ergy dissipation rate, ε, are as follows:

ρ
∂ k

∂ t
+ρ~u · ~∇k = ~∇·

��

µ+
µT

σk

�

~∇k

�

+Pk −ρε (4.13)

ρ
∂ ε

∂ t
+ρ~u · ~∇ε= ~∇·

��

µ+
µT

σε

�

~∇ε
�

+Cε1
ε

k
Pk − f εCε2ρ

ε2

k
(4.14)

with the auxiliary equations:

Pk =µT

�

~∇~u :
�

~∇~u +
�

~∇~u
�T
�

−
2

3

�

~∇· ~u
�2
�

−
2

3
ρk
�

~∇· ~u
�

(4.15)

µT =ρ fµCµ
k 2

ε
(4.16)

fµ=
�

1−exp−l ∗/14
�2

 

1+
5

R3/4
t

exp−(Rt /200)2

!

(4.17)

f ε=
�

1−exp−l ∗/3.1
�2
�

1−0.3exp−(Rt /200)2
�

(4.18)

l ∗=
ρuεl w

µ
Rt =

ρk 2

µε
uε=

�

µε

ρ

�2

(4.19)

and the tuning coefficients are given by:

Cε1=1.5 Cε2=1.9 Cµ=0.09 σk =1.4 σε=1.5. (4.20)
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4.5 Boundary conditions

The parameter l w in Eq. 4.19 is the distance to the closest wall, used by the
turbulence model for regularization purposes or to approximate the mixing
length. It is determined by solving the modified Eikonal equation [41]:

~∇Λ · ~∇+σwΛ
�

~∇· ~∇Λ
�

=(1+2σw )Λ4 (4.21)

where Λ≡1/l w andσw is a small constant by default set to 0.1.

The heat transport turbulence model of Kays-Crawford [56] is used to model
the turbulent heat flux in Eq. 4.10. The influence of the turbulent fluctuations
on the temperature field is taken into account by adding a turbulent contribu-
tion to the thermal conductivity of the fluid:

~̃q+ ~̃qT =−(k +kT )~∇T (4.22)

where k is the thermal conductivity of the fluid and kT is calculated from an
expression for the turbulent Prandtl number:

PrT =
CpµT

kT
(4.23)

=





1

2PrT∞
+

0.3
p

PrT∞

CpηT

k
−
�

0.3
CpηT

k

�2

(1−exp−k/(0.3CpηT

p
PrT∞))





−1

.

Here the turbulent Prandtl number at infinity PrT∞ is experimentally deter-
mined to be 0.85 and the turbulent viscosity µT is given by equation 4.16. This
model has been compared to other models for PrT and found to be good for
most kind of turbulent wall bounded flows except for liquid metals [56].

4.5 Boundary conditions

The boundary conditions used for the 2D-calculations are indicated in the
computational domain in Fig. 4.5. The fluid enters the pipe with a uniform ve-
locity profile, passes an insulated entrance section of 0.1 m and is then heated
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Table 4.2: Boundary conditions for the 2D heat transfer model.

Boundary Condition Symbol Unit Value

Inlet mass flux G [kg/m2s] 200
Inlet temperature Tin [◦C] 350
Heated wall (z >0) temperature Tw [◦C] 600
Oulet relative pressure pout [barg] 0

over a length of 2.5 m using a constant wall temperature. At the outlet, it is
assumed that the relative pressure, the normal shear stresses and the normal
heat flux are zero. In order to allow for fluid data import into COMSOL, all fluid
properties in the 2D-calculations are evaluated at a fixed reference pressure of
300 bar. This simplification introduces only a small error since the pressure
inside the pipe is more or less constant and the fluid properties are weak func-
tions of the pressure. The specifications for the mass flux, the pressure and the
temperatures shown in Fig. 4.5 are listed in Table 4.2.

The ends of the solid domain and the outer wall of the entrance section are
assumed to be perfectly insulated. A no-slip condition is applied to the velocity
at the inner wall. The corresponding wall conditions for k and ε in the low-
Reynolds formulation are:

k =0 (4.24)

2D heat transfer model of a flow reactor with supercritical water 
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where lw  is the distance to the closest wall, calculated using Eq. (4.16). The symmetry condition at the 
centerline in Figure 4.5 prescribes zero flux and vanishing shear stresses.  

4.5 Solving the 2D model equations 

The  2D  model  equations  have  been  solved  on  a  linux‐based  computer  cluster  using  the  software 
package COMSOL Multiphysics (v4.1). The solution has been calculated on 1 node for the non‐reacting 
flow and on 4 nodes for the reacting flow. Each node consists of two quadcore Xeon E5620 processors 
running  at  2.40 GHz  and  24 GB  of  memory.  The  solving  process  took  several  hours  using  a  direct 
solver. Direct  solvers use more memory  than  iterative solvers, but are more  robust and suitable  for 
highly non‐linear and multiphysics problems. Since the equations governing fluid flow and convective 
heat  transfer  are  numerically  unstable  by  nature,  stabilization  techniques  have  been  applied  to 
dampen  the  effect  of  oscillations  in  the  solution  by  means  of  artificial  diffusion.  Only  consistent 
stabilization methods have been used, which  in contrast  to  inconsistent methods do not perturb the 
original transport equation. The convergence criterion for the calculations is a maximum relative error 
of 1·10‐3. 

4.6 2D simulation results 

This section presents the results of the heat transfer simulations in the 2D computational domain as 
shown in Section 4.1 for the case specified in Section 4.4. In contrast to the 1D calculations, the results 
shown below give detailed information on the flow field and heat transfer over the cross‐section of the 
pipe. The solution gives  insight  into  the effect of  the phase  transition on  the heated water  flow, and 
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Figure 4.5: Boundary conditions for the 2D heat transfer model, indicated in the com-
putational domain.
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4.7 2D simulation results

ε=2
µ

ρ

k

l 2
w

(4.25)

where l w is the distance to the closest wall, calculated using Eq. 4.21. The sym-
metry condition at the centerline in Fig. 4.5 prescribes zero flux and vanishing
shear stresses.

4.6 Solving the 2D-model equations

The 2D-model equations have been solved on a linux-based computer clus-
ter using the software package COMSOL Multiphysics (v4.1). The solution has
been calculated on 1 node for the non-reacting flow and on 4 nodes for the
reacting flow. Each node consists of two quadcore Xeon E5620 processors run-
ning at 2.40 GHz and 24 GB of memory. The solving process took several hours
using a direct solver. Direct solvers use more memory than iterative solvers,
but are more robust and suitable for highly non-linear and multiphysics prob-
lems. Since the equations governing fluid flow and convective heat transfer are
numerically unstable by nature, stabilization techniques have been applied to
dampen the effect of oscillations in the solution by means of artificial diffu-
sion. Only consistent stabilization methods have been used, which in con-
trast to inconsistent methods do not perturb the original transport equation.
The convergence criterion for the calculations is a maximum relative error of
1·10−3.

4.7 2D simulation results

This section presents the results of the heat transfer simulations in the 2D com-
putational domain as shown in Section 4.2 for the case specified in Section 4.5.
In contrast to the 1D-calculations, the results shown below give detailed infor-
mation on the flow field and heat transfer over the cross-section of the pipe.
The solution gives insight into the effect of the phase transition on the heated
water flow, and analysis of the variations in radial direction allows to assess the
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Figure 4.6: Surface plot of the isobaric heat capacity in J/kg·K for non-reacting flow. The
coordinates on the axes are expressed in meters.

’plug flow’ assumption in the 1D-model. A quantitative comparison with the
1D-results is found in Section 4.10.

Fig. 4.6 shows a surface plot of the isobaric heat capacity, where the solution
is projected onto the surface of the computational domain. The domain has
been mirrored in the centerline of the pipe to obtain a view on the full cross-
section and the geometry has been scaled for convenient visualization. Since
the isobaric heat capacity reaches a maximum at the pseudo-critical point, the
plot indicates where the phase transition to supercritical water takes place. It
can be seen that the pseudo-critical point is reached in a thin layer that sticks
close to the wall over a long distance, separating gaseous supercritical water
adjacent to the wall from the liquid bulk flow at sub-critical temperatures.
This pseudo-critical region slowly moves toward the center until the bulk flow
reaches the pseudo-critical temperature around 1.5 m pipe height. The bulk
flow has still not completely passed the phase trajectory after the total heated
length of 2.5 m, which means the mean outlet temperature will be far from the
desired 600◦C.

The plot in Fig. 4.7 represents the temperature field with isotherms. The flow
is heated from 350◦C at the inlet to a mean temperature of 424◦C at the outlet
by the hot wall of 600◦C. From the mutual distance between the isotherms it
can be concluded that the temperature increase is fastest near the inlet and

101



4.7 2D simulation results

is slowest where the bulk flow reaches the pseudo-critical temperature. The
pseudo-critical region acts like a heat sink due to the high heat capacity, which
causes the temperature to rise more slowly. Furthermore, less heat is trans-
ported from the wall through the supercritical region due to the steep decrease
in conductivity (Fig. 1.3).

Fig. 4.8 shows the temperature profiles at different pipe heights. The figure
gives better insight into the temperature gradient near the wall and the influ-
ence of the phase transition on the temperature variations over the radius. In
general, the profiles over the diameter are sufficiently uniform to justify the
plug flow assumption that was made for deriving the 1D-model equations.

The velocity plot in Fig. 4.9 shows the velocity magnitude, which is defined as:

U =
p

u 2
r +u 2

z (4.26)

where u r and u z are the velocities in radial and longitudinal direction. It can
be noted that the no slip condition at the wall is satisfied. The fluid is accel-
erated in the pseudo-critical regions due to buoyancy forces and volumetric
expansion. The increased velocity near the wall in the lower half of the pipe

Figure 4.7: Surface plot of the temperature in K and isotherms for non-reacting flow. The
coordinates on the axes are expressed in meters.

102



‐5 ‐4 ‐3 ‐2 ‐1 0 1 2 3 4 5

x	10
‐3

300

350

400

450

500

550

600

r	[m]

T
	[
C]

 

 

z	=	2.5
z	=	2
z	=	1.5
z	=	1
z	=	0.5
z	=	0

Figure 4.8: Temperature profiles taken at different pipe heights for non-reacting flow.
The temperatures are expressed in ◦C and the pipe heights are in meters.

Figure 4.9: Surface plot of the velocity in m/s for non-reacting flow. The coordinates on
the axes are expressed in meters.

causes suction of fluid from the bulk flow towards the wall, which results in
the hump in the streamlines shown in the figure.

The velocity magnitude over the radius at different pipe heights is plotted in
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4.7 2D simulation results

Fig. 4.10. The profiles show that the flow along hot pipe wall does not resem-
ble a plug flow. This finding contradicts the conclusion of the temperature
profile analysis above. The plug flow assumption on which the 1D-model is
based may be considered inaccurate when it comes to the flow field, but the
1D-model cannot be disqualified on beforehand as the temperature field is
probably more important for heat transfer simulations. A comparison with
the velocity profiles in Fig. 3.8(a) shows that the flow is turbulent, with high
Grashof numbers at the start of the heated pipe section. The velocity profile
at z = 0 in Fig. 4.10 is not yet influenced by heating effects and therefore re-
sembles profile A for low Grashof numbers in Fig. 3.8(a). As soon as the fluid
enters the heated section of the pipe, the velocity profile is quickly transformed
to profile F due to strong buoyancy forces. The velocity differences over the ra-
dius then decrease toward the outlet because of the accelerating bulk flow. At
the outlet, the velocity profile is similar to profile E.

The thin pseudo-critical region near the wall that is observed in Fig. 4.6 leads to
very large density differences over the pipe diameter. This can be clearly seen
in the density plot in Fig. 4.11. The high gradient in density suggests that the
critical heat flux has been exceeded and pseudo-film boiling is taking place at
the wall. In Section 3.1.3 it is pointed out that film boiling causes deterioration
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Figure 4.10: Velocity profiles taken at different pipe heights for non-reacting flow with a
mass flux of 200 kg/m2s. The pipe heights are given in meters.
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Figure 4.11: Surface plot of the density in kg/m3 for non-reacting flow. The coordinates
on the axes are expressed in meters.

of the heat transfer and should therefore be avoided if possible.

In order to verify the presumption that pseudo-film boiling occurs near the
pipe wall, the solution has been recalculated with a wall temperature that lin-

Figure 4.12: Surface plot of the density in kg/m3 for non-reacting flow with linearly in-
creasing wall temperature. The coordinates on the axes are expressed in meters.
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4.7 2D simulation results
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Figure	4.13Wall	heat	flux	as	function	of	the	pipe	height	for	non‐reacting	flow	using	a		
constant	wall	temperature	and	a	linearly	increasing	wall	temperature.		

The	heat	transfer	efficiency	for	both	cases	can	be	assessed	by	comparing	the	heat	transfer	coefficients	
given	 in	Figure	4.14.	The	heat	 transfer	 coefficient	has	been	 calculated	using	 the	wall	 heat	 flux,	wall	
temperature	and	temperature	at	the	centerline	according	the	following	equation:	

	 h =
qw

Tw ¡ Tax
	 (4.21)	

The	 shape	of	 the	 line	 for	 constant	wall	 temperature	 can	be	 recognized	 in	 the	 line	 for	 the	 gradually	
increasing	 wall	 temperature,	 but	 is	 shifted	 upwards	 in	 the	 pipe	 because	 of	 the	 later	 onset	 of	 film	
boiling.	 By	 comparing	 the	 graphs	 in	 Figure	 4.13	 and	 Figure	 4.14	 it	 can	 be	 concluded	 that	 a	 higher	
temperature	 difference	 generally	 leads	 to	 an	 increase	 in	 heat	 flux,	 but	 at	 the	 same	 time	 to	 a	 less	
efficient	heat	transfer	regime.		

	
Figure	4.14 Heat	transfer	coefficient	as	function	of	the	pipe	height	for	non‐reacting	flow	
using	a	constant	wall	temperature	and	a	linearly	increasing	wall	temperature.	
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Figure 4.13: Wall heat flux as function of the pipe height for non-reacting flow using a
constant wall temperature and a linearly increasing wall temperature.

early increases from inlet temperature (350◦C) at z =0 to the original wall tem-
perature (600◦C) at z = 2.5 m to capture the onset of this effect. The wall heat
flux at the location where the onset of film boiling is observed can then be
compared with the predictions for the critical heat flux given in Fig. 3.4. The
simulation using a gradually increasing wall temperature resulted in the den-
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Figure 4.14: Heat transfer coefficient as function of the pipe height for non-reacting flow
using a constant wall temperature and a linearly increasing wall temperature.
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sity plot shown in Fig. 4.12. It can be seen that the onset of pseudo-film boiling
is located at approximately z =0.75 m.

Fig. 4.13 shows the wall heat flux as function of the pipe height for both the
constant and the linearly increasing wall temperature cases. The line corre-
sponding to the simulation with increasing wall temperature indicates that the
wall heat flux at z = 0.75 m is about 90 kW/m2. This value is very close to the
critical heat flux for G = 200 kg/m2s as predicted by the correlations of Yama-
gata et al. [133] and Mokry et al. [83] plotted in Fig. 3.4. The good agreement
of the critical heat flux as obtained from the 2D-simulations with the empirical
correlations from literature is a confirmation of the occurrence of pseudo-film
boiling.

The heat transfer efficiency for both cases can be assessed by comparing the
heat transfer coefficients given in Fig. 4.14. The heat transfer coefficient has
been calculated using the wall heat flux, wall temperature and temperature at
the centerline according the following equation:

h =
qw

Tw −Ta x
(4.27)

The shape of the line for constant wall temperature can be recognized in the
line for the gradually increasing wall temperature, but is shifted upwards in the
pipe because of the later onset of film boiling. By comparing the graphs in Figs.
4.13 and 4.14 it can be concluded that a higher temperature difference gener-
ally leads to an increase in heat flux, but at the same time to a less efficient heat
transfer regime.

In order to gain more insight into the behavior of the heat transfer coefficient
over the pipe length, all parameters involved in Eq. 4.27 are plotted in one fig-
ure for each of the heating methods. Fig. 4.15 shows how the heat transfer
coefficient, wall temperature, centerline temperature and wall heat flux are re-
lated for the case of constant wall temperature. The values of the first three
parameters in the list can be read from the left axis, while the wall heat flux is
indicated by the right axis.

The small increase of the heat transfer coefficient around z = 0.2 m coincides
with the location where the centerline temperature starts to rise. Since the
heat flux and wall temperature are constant, the result is a smaller tempera-
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Figure 4.15: Heat transfer coefficient, wall heat flux, wall temperature and centerline
temperature as function of the pipe height for non-reacting flow and constant wall tem-
perature.

ture difference and thus a higher heat transfer coefficient. This effect is how-
ever quickly followed by a decline in heat transfer due to a growing low-density
layer near the wall (Fig. 3.8(d)). While both the wall temperature and center-
line temperature increase very slowly, deterioration of the heat transfer contin-
ues until the bulk flow has passed the pseudo-critical point. From this point,

Figure 4.16: Surface plot of the turbulent kinetic energy in m2/s2 for non-reacting flow
with constant wall temperature. The coordinates on the axes are expressed in meters.
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Figure 4.17: Heat transfer coefficient, wall heat flux, wall temperature and centerline
temperature as function of the pipe height for non-reacting flow and increasing wall tem-
perature.

the heat flux is recovering (Fig. 3.8(e)) and the wall temperature starts to de-
crease slowly.

The severe impairment of heat transfer at high heat flux and the recovery fur-
ther downstream where the bulk temperature passes the pseudo-critical tem-
perature have been noted in Jackson and Hall [53] on basis of experimental
data. The authors suggest that deterioration of heat transfer may be related to
the turbulence near the boundary layer. This explanation has been adopted
in other literature, see Section 3.1.3, and may also explain the recovery of heat
transfer observed in Fig. 4.15. The turbulent kinetic energy plot in Fig. 4.16
shows high turbulence production in that particular region, which may well
be responsible for the increase in heat flux.

Fig. 4.17 shows the parameter values that characterize the heat transfer for the
case of gradually increasing wall temperature. The brief increase of the heat
transfer coefficient at z = 0.6 m occurs at the location where the temperature
in the boundary layer equals the pseudo-critical temperature. The local phase
change at the wall results in a larger slope of the heat flux over a few centime-
ters, but then the slope restores due to the gaseous layer that is formed at the
wall. From this point, around z = 0.75 m, the critical heat flux is reached and
heat transfer starts to deteriorate. The heat transfer coefficient does not show
the recovery that is observed in Fig. 4.15. In the plot of the turbulent kinetic
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4.8 Experimental setup for temperature measurements in a supercritical
water flow

energy in Fig. 4.18, where the color scale is identical to the scale in Fig. 4.16, it
can be seen that there is hardly any turbulence production near the wall. This
is in agreement with the assumption that the turbulent diffusivity is causing
the recovery in heat transfer for the case of constant wall temperature.

4.8 Experimental setup for temperature measure-
ments in a supercritical water flow

Experimental data on supercritical water flows found in current literature has
been generated in view of designing more efficient power plants. As these
studies consider water at supercritical pressures as the coolant of the plant,
measurements are focused on wall temperatures of the pipe with a constant
wall heat flux. Local fluid temperatures are not so easy to obtain, but provide
much more useful information for comparison with simulations of the tem-
perature field.

The intention to validate the 2D-simulations using temperature data of the
flow therefore has led to the design and construction of an experimental setup.
Accurate temperature data at different locations in the pipe has been obtained

Figure 4.18: Surface plot of the turbulent kinetic energy in m2/s2 for non-reacting flow
with increasing wall temperature. The coordinates on the axes are expressed in meters.

110



as the setup allows to measure directly into the water flow at supercritical con-
ditions. In this chapter, a detailed description of the setup is followed by a
comparison of test results with a 2D-simulation of the lab case.

4.8.1 Description of the experimental setup

The main part of the setup consists of an oven containing a stainless steel pipe
with an inner diameter of 10 mm that is mounted into a fluidized sand bed.
The oven surrounding the fluidized bed heats the recirculating sand that keeps
the pipe wall at constant temperature. The setup is schematically shown in
Fig. 4.19, in which the thermocouples and pressure sensors are numbered for
convenient referencing.

At the bottom, water is pumped into the pipe under high pressure using a
HPLC pump. The water is preheated by an electric heater and trace heating
cables until the desired temperature is reached at the bottom of the sand bed.
This temperature is measured in the flow using a single thermocouple (TC 0)
that is inserted through the bottom end of the pipe. The water is then heated
further by the fluidized hot sand, which keeps the pipe wall temperature con-
stant. Three thermocouples in row (thermocouples 1 to 3) measure the tem-
perature profile in the flow. These thermocouples can be shifted in axial direc-
tion to measure at different heights. Seven additional thermocouples, coupled
to the heated pipe at different heights, are used to measure the outside wall
temperature of the pipe during an experiment.

Once the water has passed the oven, it is cooled to a temperature below 70◦C
by a tube-in-tube heat exchanger, this is the temperature limit for the back-
pressure regulator (BPR) controlling the system pressure. Air is supplied in
the top section of the pipe to provide cooling for the viton sealing around the
thermocouples and carries the gaseous water to the condensation section. The
output signals of the thermocouples and pressure sensors are monitored and
processed using LabVIEW.

For safety reasons, the system is remotely controlled from a room next to the
bunker where the setup is located. Sound alarms have been setup in LabVIEW
to warn in case the system pressure is too high or if the temperature near some
delicate parts attains critical values (thermocouples 4, 6 and 7). A rupture disc
was installed in a cold section of the system containing liquid water to prevent
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Figure 5.1 Scheme of the experimental setup. Photos of the setup as constructed in the laboratory can be found in 
Appendix B. 

Thermocouples 0 to 3 are held into position by stainless steel guiders that have been pinched to the 
thermocouple wires. The guiders, shown in Figure 5.2, were fabricated using laser cutting to achieve 
the desired tolerances. 

(a)  (b) 
Figure 5.2 Guiders for thermocouple 0 (a) and thermocouples 1 to 3 (b) 
to hold them into position while measuring in the flow. 
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Figure 4.19: Scheme of the experimental setup.

failure of the construction at unexpected locations without releasing hot steam
into the environment. An emergency button allows to quickly shut down all
power, which also cuts off the pressurized air supply as the automated valves
are set to normally closed.
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(a) Guider for thermocouple 0. (b) Guiders for thermocouple 1 to 3.

Figure 4.20: Thermocouple guiders.

Thermocouples 0 to 3 are held into position by stainless steel guiders that have
been pinched to the thermocouple wires. The guiders, shown in Fig. 4.20, were
fabricated using laser cutting to achieve the desired tolerances.

4.8.2 Calibration of the sensors

The two identical pressure sensors have been calibrated using a highly accu-
rate reference manometer in order to determine the relation between output
voltage and relative pressure. The measurement points with the linear curve
fit are shown in Fig. 4.21. Assuming identical behavior of the other pressure
sensor, the output voltages of both sensors are converted to pressures using
the expression of the linear curve fit derived from the calibration data.

The four K-type thermocouples that are installed for measurements into the
flow (TC 0, 1, 2 and 3) have been calibrated to determine the accuracy. The
calibration data has been acquired by placing the bundle of thermocouples
into a fluidized bed and logging the temperatures during cool down of the bed.
The thermocouple that was to be located inside the flow at the bottom of the
sand bed (TC 0) served as a reference. According to the calibration report of
the supplier, TC 0 shows an error of+0.75◦C at 500◦C with an accuracy of 0.6◦C.
The deviation of the remaining three thermocouples from the reference sensor
is plotted in Fig. 4.22.
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4.8 Experimental setup for temperature measurements in a supercritical
water flow

The mutual deviations have been reduced by using linear curve fits to com-
pensate for the average temperature differences. In Fig. 4.23 it can be seen
that a good match with the reference thermocouple is achieved after com-
pensation, with a maximum mutual deviation of 0.75◦C at temperatures be-
low 400◦C. The maximum deviations from TC 0 in this temperature range are
-0.75 and +0.4◦C. Together with the calibration data for the reference thermo-
couple, the temperature measurements have an estimated total error between
-0.6 and +1.75◦C.

4.8.3 Test conditions and testing procedure

Each measurement starts by shifting thermocouples 1 to 3 in Fig. 4.19 to the
desired position in the pipe. After reassembling the setup, a cold test is per-
formed to check for any leakages. Then the trace heating cables, preheater
and oven are turned on to preheat the water and heat up the fluidized bed.
Air cooling for the viton sealing in the top of the pipe is supplied by opening
the valves to the gas cylinder filled with compressed air. An overpressure in
the cylinder forces air into the pipe, where the pressure is set to 240 bar using
the back-pressure regulator. The temperature controllers are tuned such that
the inlet temperature measured by thermocouple 0 is maintained at 300◦C. At

Figure 4.21: Pressure sensor calibration data with linear curve fit.
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Figure 4.22: Deviation of thermocouples 1, 2 and 3 from thermocouple 0.

this point, the temperatures inside the flow measured by thermocouples 0 to
4 are recorded and stored in a datafile. Seven additional thermocouples, cou-
pled to the heated pipe at different heights, are used to measure the outside
wall temperature of the pipe during an experiment. The test conditions are
summarized in Table 4.3. The procedure described above is repeated to obtain
data over the effective test length of 0.45 m with steps of 5 cm.
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Figure 4.23: Deviation of thermocouples 1, 2 and 3 from thermocouple 0 after compen-
sation.
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4.8 Experimental setup for temperature measurements in a supercritical
water flow

Table 4.3: Test conditions for the temperature measurements in the lab.

Parameter Symbol Unit Value

Mass flux G [kg/m2s] 6.6, 10
Pressure p [bar] 240
Inner diameter D [mm] 10
Length of the heated pipe section L [mm] 450
Inlet temperature Tin [◦C] 300
Wall temperature Tw [◦C] 600

4.8.4 Simulation of the supercritical water flow in the labora-
tory

The 2D-model as described in Section 4.2 has been used to simulate a flow
case that corresponds to the test conditions used for the temperature measure-
ments in supercritical water as listed in Table 4.3. The mass flux was decreased
in steps of 5 kg/m2·s from 20 to eventually 6.6 kg/m2·s, which is similar to the
laboratory case. At these low mass fluxes, the 2D-model predicts that the buoy-

Figure 4.24: Surface plot of the velocity magnitude with streamlines in m/s for G = 10
kg/m2·s. The coordinates on the axes are expressed in meters.
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ancy forces are highly dominant and induce recirculation zones near the inlet.
Fig. 4.24 shows the velocity magnitude defined in Eq. 4.26 and streamlines for
a mass flux of 10 kg/m2·s, illustrating the effect of the recirculating fluid on the
flow field.

As a result of the recirculation observed in Fig. 4.24, the lab case simulations
involve high gradients and small length scales that require a grid size of 0.05
mm. This grid is represented by the rightmost data points in Fig. 4.2, showing
acceptable convergence for a mass flux of 6.6 kg/m2·s. The pipe length has
been limited to 300 mm, which covers the most interesting part of the flow
and allowed the calculation to run at only one computational node. Table 4.4
gives an overview of the specifications for the simulated case to generate data
for validation of the 2D-model in Section 4.8.5.

4.8.5 Validation of the 2D-model with the experimental data

In this section, the experimental results are compared to the temperatures as
calculated using the 2D-model. Since the data points obtained with thermo-
couples 1 to 3 are to be compared with results of steady state calculations, they
have been time-averaged using:

T̄ =
1

3

3
∑

i=1







1

n+1

n
∑

j=0

Ti (t0+n∆t )






(4.28)

Table 4.4: Specification of the simulated cases for validation of the 2D-model.

Parameter Symbol Unit Value

Mass flux G [kg/m2s] 6.6, 10, 15, 20
Pressure p [bar] 240
Inner diameter D [mm] 10
Length of the heated pipe section L [mm] 300
Inlet temperature Tin [◦C] 300
Wall temperature Tw [◦C] 600
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4.8 Experimental setup for temperature measurements in a supercritical
water flow

where i denotes the thermocouple index, ∆T is 1 s and n are the number of
seconds taken from the data set. The time-averaged temperatures measured
inside the flow are plotted with the surface-averaged numerical solutions for a
mass flux of G = 6.6 kg/m2·s in Fig. 4.25 and a mass flux of G = 10 kg/m2·s in
Fig. 4.26. Both figures show that the 2D-model slightly over predict the tem-
perature measured in the setup. It is assumed that the small deviations are
mainly caused by the effect of the recirculation zone present in the flow. The
recirculation provides mixing of the fluid, thereby enhancing the heat transfer.

The good agreement between the numerical and experimental data as seen
above proves that the 2D-model is accurate for low mass fluxes. When the flow
fields shown in Fig. 4.24 for G = 10 kg/m2·s and Fig. 4.10 for G = 200 kg/m2·s
are compared, it is clear that buoyancy forces are far less dominant over the
pressure forces in the latter case. For this reason, possible errors due to the
recirculation of the fluid will not occur at higher mass fluxes. The accuracy of
the 2D-model for these cases is expected to be accurate because the flow is
easier to calculate due too smaller buoyancy effects.
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Figure 4.25: Comparison of the 2D lab case simulation with the experimental data (G =
6.6 kg/m2·s).
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Figure 4.26: Comparison of the 2D lab case simulation with the experimental data (G =
10 kg/m2·s).

4.9 Extension of the 2D-model for chemically re-
acting flow

Comparable to the extension of the 1D-model in Section 3.4 the 2D-model is
also extended with equations describing chemistry and mass transfer. Sections
3.4.3 and 3.4.4 have discussed the estimation of the thermo-physical proper-
ties of the reacting mixture and the diffusion coefficients. The extension of the
2D-model and some additional boundary conditions are described in Sections
4.9.1 and 4.9.2. The simulations of reacting flow are conducted with an initial
mass fraction of 10 wt% methanol. The results of the reacting flow simulations
can be found in Section 4.9.3.

4.9.1 Extension of the 2D-model equations

Extension of the heat equation for the 2D-model given by Eq. 4.5 yields:
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ρCp

�

~u · ~∇
�

T =∆Hr ri + ~∇·
�

k ~∇T
�

(4.29)

The equation describing conservation of the individual chemical species that
must be added the 2D-model follows from Eq. 3.6 by disregarding the transient
term:

ρ
�

~u · ~∇
�

yi =−~∇·~j i +ri (4.30)

Here ρ denotes the mixture density and ~u the mass average velocity of the
mixture. The remaining variables are specific for species i , with yi as the mass
fraction, j i the mass flux relative to the mass average velocity and ri the reac-
tion rate. The turbulent mass flux is not included in the model, so all variables
can be simply replaced by the Favre-averaged variables.

If S species are present in the mixture, S−1 of the species equations are inde-
pendent and solved for using Eq. 4.30. The mass fraction of the last species,
chosen to be water in this study, is derived from Eq. 3.7, describing the condi-
tion that the sum of all mass fractions equals unity:

yS =1−
S−1
∑

i=1

yi (4.31)

In order to facilitate numerical implementation of the mass diffusion model,
Eq. 3.8 is written into mixture-averaged form [57]. A new mixture-averaged
diffusion coefficient is defined such that the first term on the right-hand side
can be replaced with an equivalent Fickian term. In this new formulation, the
diffusion process of species i only depends on its own the mole fraction gradi-
ent:

~j i =−ρ
M i

M
Di m ~d i −DT

i

1

T
~∇T (4.32)

where ~d i are the diffusion driving forces and Di m denotes the diffusion coeffi-
cient for diffusion of species i into the mixture of the other species. By defini-
tion, the mixture-averaged coefficient has to satisfy:
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Di m ~d i =−
1

M

N
∑

j 6=i

M j Di j ~d j . (4.33)

Alternatively, the mixture-averaged coefficient can be approximated using the
more practical expression:

Di m =
1−yi

∑N
j 6=i x j /Di j

(4.34)

where Di j are the binary diffusion coefficients. This well-known formula in-
troduces an error of about 10% compared to the exact formulation of Eq. 4.33
[120]. Since water will be in great excess, it can moreover be stated that the
mass and mole fraction will be almost unity for water. With this simplification
Eq. 4.34 becomes:

Di m =Di 1 (4.35)

where index 1 denotes water. The binary diffusion coefficients for all species
to water, including the self-diffusion coefficient D11 are estimated in Section
3.4.4.

Next, the diffusion driving forces vector given by Eq. 3.9 is simplified by as-
suming ideal-gas diffusion behaviour in an isobaric system. In absence of any
unequal external forces acting on the chemical species, the expression for ~d j

then reduces to:

~d j = ~∇x j . (4.36)

Thermal diffusion, represented by the second term on the right-hand side of
Eq. 4.32, may become a substantial effect whenever there are strong tempera-
ture gradients and large size or molecular weight variations in the mixture [57].
Although strong temperature gradients are to be expected inside the reactor,
thermal diffusion is disregarded because of the relatively small differences in
molecular weights and the lack of information on the thermal diffusion coeffi-
cient.
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4.9 Extension of the 2D-model for chemically reacting flow

Figure 4.27: Boundary conditions for the 2D-model for reacting flow, indicated in the
computational domain.

Combining Eqs. 4.32 and 4.36 while neglecting the thermal diffusion term
leads to:

~j i =−ρyi Di m

~∇x i

x i
(4.37)

or, in terms of mass fractions:

~j i =−ρDi m

�

~∇yi +yi
1

M
~∇M

�

(4.38)

where Di m is approximated using Eq. 4.35.

4.9.2 Additional boundary conditions

In addition to the boundary conditions for non-reacting flow given in Section
4.5, the conditions shown in Fig. 4.27 have been used to define the chemically
reacting flow problem. Both the outlet condition and the symmetry condition
prescribe zero normal mass flux. At the inlet, a mass fraction of 10 wt% is spec-
ified for methanol and 0 wt% for carbon monoxide and hydrogen.

4.9.3 2D simulation results for reacting flow

The results of the 2D-model for reacting flow show that methanol is mainly
converted near the wall, where high fluid temperatures lead to high reaction
rates (Fig. 4.28). Due to the strong non-linear relation between reaction rate
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Figure 4.28: Surface plot of the mass fraction of methanol. The coordinates on the axes
are expressed in meters.

and temperature (Fig. 3.18), it is not expected that the 1D-model is capable of
describing the conversion of biomass correctly.

From Fig. 4.29, it can be concluded that the chemistry has a positive effect
on the heat transfer. The bulk flow reaches the pseudo-critical temperature

Figure 4.29: Surface plot of the isobaric heat capacity in J/kg . K for reacting flow. The
coordinates on the axes are expressed in meters.
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4.9 Extension of the 2D-model for chemically reacting flow
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Figure 4.30: Heat transfer coefficient, wall heat flux, wall temperature and centerline
temperature as function of the pipe height for reacting flow. The heat transfer coefficient
and heat flux for non-reacting flow are also shown to make a comparison.

sooner than seen in Fig. 4.6, which is remarkable at first sight since the reaction
is endothermic. Apart from the shift in the pseudo-critical region, the results
for reacting and non-reacting flow are very similar regarding the isobaric heat
capacity.

0 0.5 1 1.5 2 2.5
‐10

‐5

0

5

10

15

z	[m]

D
iff
er
en
ce
	w
it
h	
re
sp
ec
t	t
o	
no
n‐
re
ac
ti
ng
	fl
ow

	[%
]

 

 

k T/r

Figure 4.31: Difference in thermal conductivity and radial temperature gradient near
the wall for reacting flow with respect to non-reacting flow. The quantities have been
measured at r =4.99 mm as function of the pipe height.
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Figure 4.32: Surface plot of the turbulent kinetic energy in m2/s2 for reacting flow. The
coordinates on the axes are expressed in meters.

The reason for the improved heat transfer as observed in the previous plot is
investigated by comparing the heat flux and heat transfer coefficient. Fig. 4.30
shows the heat transfer coefficient, wall heat flux, wall temperature and cen-
terline temperature as function of the pipe height. The dotted lines represent
the heat transfer coefficient and the wall heat flux for the non-reacting flow as
shown in Fig. 4.15.

The comparison in Fig. 4.30 makes clear that the deterioration of heat transfer
is reduced for reacting flow. The relative increase of the heat flux over this sec-
tion of the pipe has been examined by plotting the local thermal conductivity
of the mixture and the temperature gradient in radial direction very close to
the wall, which govern the normal wall heat flux according to Eq. 3.55. Fig.
4.31 shows that the radial temperature gradients are generally lower for react-
ing flow, probably as a result of the endothermic reaction. It can be seen that
the thermal conductivity rises considerably due to the high conductivity of the
hydrogen (Fig. 3.21) produced in the hot boundary layer. The increase in con-
ductivity is larger than the decrease in the temperature gradient and therefore
causes a net improvement of the heat transfer compared to the non-reacting
flow case.

Fig. 4.30 also shows that the onset of the recovery in heat transfer is located
more toward the inlet. This effect can be explained by considering the turbu-
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4.9 Extension of the 2D-model for chemically reacting flow

Figure 4.33: Temperature as function of the pipe height for G = 200 kg/m2s. The 2D
results are averaged over the cross-section and the 1D-results are calculated on basis of
heat transfer data from the 2D-simulations.

lent kinetic energy shown in Fig. 4.32. Compared to the graph in Fig. 4.16 with
identical color scale, strong turbulent diffusion near the wall is observed lower
in the pipe.

Figure 4.34: Velocity as function of the pipe height for G= 200 kg/m2s. The 2D results are
averaged over the cross-section and the 1D-results are calculated on basis of heat transfer
data from the 2D-simulations.
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Figure 4.35: Parameter of Aicher and Martin [5] as function of the pipe height for G =
200 kg/m2s. The parameter is calculated using the 1D-model on basis of heat transfer
data from the 2D-simulations.

4.10 Comparison of 1D and 2D-simulation results

The results of the 1D-model have been compared with averaged quantities
over the cross-section as obtained with the 2D-model, for the case presented
in Table 4.2 and a numerical grid of 700,717 elements. First, the results are
compared when the heat transfer coefficient data from the 2D-simulation is
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Figure 4.36: Velocity profiles taken at different pipe heights for non-reacting flow with a
mass flux of 1000 kg/m2s.
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4.10 Comparison of 1D and 2D-simulation results

Figure 4.37: Parameter of Aicher and Martin [5] as function of the pipe height for G =
1000 kg/m2s. The parameter is calculated using the 1D-model on basis of heat transfer
data from the 2D-simulations.

directly used for the 1D-calculations. This way, deviations due to mismatching
heat transfer predictions by a Nusselt correlation from literature are excluded.
The comparison will hence give a good indication for the loss of accuracy when
neglecting 2D-effects in the model equations. Subsequently, the 1D results on
basis of the Nusselt correlations from literature are compared to assess which
of them is most suitable for the case that is studied. In Section 4.10.2, the 1D
results for reacting flow, based on the most suitable Nusselt correlation from
literature, are compared to the 2D results and to the non-reacting flow results
of both models.

4.10.1 Comparison for non-reacting flow

Fig. 4.33 shows the temperature results for both models in case the Nusselt cor-
relation in the 1D-model is replaced by heat transfer coefficient data from the
2D-solution. Here the heat transfer coefficient as function of the pipe height
has been calculated according to Eq. 4.27. In fact, the Nusselt correlation is
now ideal for the simulated case. The deviations between the lines seen in Fig.
4.33 are therefore mainly caused by the simplifications applied to the govern-
ing equations to arrive at the 1D-model equations described in Section 3.2.2.
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With a maximum temperature difference of about 5 K, the loss of accuracy is
quite limited.

The velocity plot in Fig. 4.34 shows a very reasonable correspondence between
the two models as well. However, the 1D-calculations seem to be unsuitable
for very long pipes because the deviation increases with the pipe height.

The coupling of the 1D-model equations with heat transfer data from the 2D
results gives the opportunity to investigate the influence of buoyancy forces on
the flow according to the 2D-simulations. The contribution of free convection
to the heat transfer is characterized by the parameter of Aicher and Martin
[5], defined by Eq. 3.36. The value of this parameter as function of the pipe
height is shown in Fig. 4.35. When the values are compared with Fig. 3.5(a) for
aiding flow, it can be seen that the flow is mainly driven by free convection. The
decrease of the parameter value toward the outlet is caused by acceleration of
the bulk flow. These observations are in accordance with the velocity profiles
shown in Fig. 4.10.

The same analysis has also been performed for a mass flux of 1000 kg/m2s to
verify the relation between the velocity profiles and the buoyancy forces ac-
cording to the parameter of Aicher and Martin [5]. In Fig. 4.36, it can be seen
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Figure 4.38: Temperature as function of the pipe height for G = 200 kg/m2s. The 2D
results are averaged over the cross-section and the 1D-results are calculated on basis of
different Nusselt correlations from literature.
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4.10 Comparison of 1D and 2D-simulation results

that the velocity profiles for this mass flux are far less deformed by buoyancy
effects than is the case in Fig. 4.10 for G = 200kg/m2s.

On basis of the velocity profiles shown in Fig. 4.36, it is expected that the
heat transfer is mainly driven by forced convection. This flow classification
has been confirmed by the parameter of Aicher and Martin [5] after loading
the heat transfer coefficient as calculated by the 2D-model into the 1D-model.
Fig. 4.37 shows that the parameter values are below 0.1, which indicates that
forced convection is the dominant heat transfer mechanism according to Fig.
3.5(a).

When the Nusselt correlations from literature are used, the results for the two
models are given in Fig. 4.38. The plot shows that the correlations that were
derived for other pipe diameters than 10 mm (Bishop et al. [139] and Aicher
and Martin [5]) lead to temperatures that do not correspond with the 2D re-
sults. The temperature of the fluid is much better described if the correlation
of Mokry et al. [83] or Swenson et al. [107] is used, which were derived for pipes
with similar geometry as used in the simulations. Although the correlation of
Yamagata et al. [133]was also obtained from measurements on a 10 mm pipe,
the agreement is much worse. This may be explained by the fact that the mea-
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Figure 4.39: Isobaric heat capacity as function of the pipe height for G= 200 kg/m2s. The
2D results are averaged over the cross-section and the 1D results are calculated on basis
of different Nusselt correlations from literature.
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Figure 4.40: Velocity as function of the pipe height for G = 200 kg/m2s. The 2D results
are averaged over the cross-section and the 1D results are calculated on basis of different
Nusselt correlations from literature.

surements showing heat transfer deterioration were excluded from the dataset
used to derive the correlation. The line for the Mokry et al. [83] correlation
shows a very close match until the bulk flow passes the pseudo-critical point
after 1.5 m. The length required for the phase transition of the bulk according
to the 1D-model is shorter, which implies that the heat transfer as predicted by
the Nusselt correlation is higher.

The lines indicating the isobaric heat capacity in Fig. 4.39 confirm that the pre-
dicted heat transfer coefficient by the correlation of Mokry et al. [83] is closest
to the results of the 2D-model. The shape of the curve is however best pre-
dicted by Swenson et al. [107].

The location of the phase transition is represented by an increase of the fluid
velocity shown in Fig. 4.40. All correlations predict the phase transition in the
bulk to occur earlier in the pipe and faster. As a consequence, the acceleration
of the flow starts earlier and the slope of the lines is higher. Over the second
half of the pipe, none of the lines resulting from the 1D calculations matches
the 2D results satisfactorily.

From the figures presented in this section, it follows that the correlation of
Mokry et al. [83] gives the best results for the first section of the pipe and then
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4.10 Comparison of 1D and 2D-simulation results
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Figure 4.41: Heat transfer coefficient as function of the pipe height for G = 200 kg/m2s.
The 2D results are averaged over the cross-section and the 1D results are calculated on
basis of different Nusselt correlations from literature.

Swenson et al. [107] gives better predictions for the remaining pipe length. In
Fig. 4.41 it can be seen that the heat flux of the 2D-model would indeed be best
approximated by using a combination of those two Nusselt correlations. How-
ever, the incapability of the individual correlations to predict the heat transfer

Figure 4.42: Mean temperature as function of the pipe height for reacting and non-
reacting flow using the Nusselt correlation of Mokry et al. [83].
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coefficient accurately over the entire pipe length makes the 1D-model unsuit-
able as a modeling tool for gasification in supercritical water.

4.10.2 Comparison for reacting flow

In this section, results of the 2D-model are compared with the 1D solution that
is based on the Nusselt correlation of Mokry et al. [83]. Starting with the tem-
perature plot in Fig. 4.42, it can be seen that the 1D-model predicts a reduction
in temperature due to the chemical reactions, whereas the 2D-model shows
a temperature increase. In Section 4.9.3, the improved heat transfer as pre-
dicted by the 2D-model is attributed to hydrogen production in the boundary
layer and turbulence. These effects are not included in the 1D-model, which
explains the contradictory predictions. The good match of the temperature
profiles for reacting flow shown in Fig. 4.42 is coincidental, but relevant for
interpreting the mass fraction plot in Fig. 4.43.

The mass fraction of methanol as function of the pipe height is compared in
Fig. 4.43. The rather large deviation between the two lines is partly caused
by the temperature differences seen in Fig. 4.42, but there is also a more fun-
damental problem. The plug-flow approach is not able to capture the high
gradients in the temperature profiles near the wall, while the conversion rate
increases exponentially with temperature. As a result, the mean fluid temper-

Figure 4.43: Mean mass fraction as function of the pipe height for reacting and non-
reacting flow using the Nusselt correlation of Mokry et al. [83].
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4.11 Conclusions

Figure 4.44: Mean velocity as function of the pipe height for reacting and non-reacting
flow using the Nusselt correlation of Mokry et al. [83].

ature as calculated with the 1D model leads to an underestimation of the con-
version rate. For this reason, the 1D-model is not able to describe the chemi-
cally reacting flow, even if the heat transfer would be predicted very accurately.

The deviations in temperature and conversion rate are summed up in the ve-
locity plot in Fig. 4.44. Higher temperatures due to improved heat transfer and
higher reaction rates both lead to acceleration of the flow. The graph shows
that the difference between reacting and non-reacting flow is indeed much
larger according to the 2D-model.

4.11 Conclusions

The simulations in a two-dimensional domain have been performed using the
low-Reynolds k-ε model and the IAPWS-IF97 formulation. Using the simu-
lation results it is clearly visible at which position the phase transition to su-
percritical water takes place in the geometry, since the isobaric heat capacity
reaches a maximum at the pseudo-critical point. An interesting feature of the
phase transition is that the pseudo-critical point is reached in a thin layer that
sticks close to the wall over a long distance, separating gaseous supercritical
water adjacent to the wall from the liquid bulk flow at sub-critical tempera-
tures. The pseudo-critical region acts like a heat sink due to the high heat ca-
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pacity, which causes the temperature to rise slowly. Furthermore, less heat is
transported from the wall through the supercritical region to the bulk flow due
to the steep decrease in conductivity in the proximity of the critical point. The
fluid is accelerated in the pseudo-critical regions due to buoyancy forces and
volumetric expansion. The increased velocity near the wall in the lower half of
the pipe causes suction of fluid from the bulk flow toward the wall. This results
in non-uniform velocity profiles over the radius.

A comparison of the critical heat flux from the 2D-simulations with empirical
correlations from literature show that pseudo-flm boiling occurs for the G =
200 kg/m2s case. Pseudo-film boiling could be a cause of deterioration of the
heat transfer, and should therefore be avoided if possible. The good agreement
of the critical heat flux as obtained from the 2D-simulations with the empiri-
cal correlations from literature is a confirmation that the 2D-model is able to
predict the occurrence of pseudo-film boiling.

The occurrence of pseudo-film boiling results in the effect that a higher tem-
perature difference between the wall and the bulk temperature leads to an in-
crease in heat flux, but at the same time leads to a less efficient heat transfer
regime. The results of the heat transfer calculations for the chosen flow con-
ditions point out that pseudo-film boiling occur when the critical heat flux is
exceeded. The critical heat flux for the onset of this effect is well described by
the correlations of Yamagata et al. [133] and Mokry et al. [83]. Heat transfer de-
terioration is observed over a large part of the heated pipe section, which can
be associated with the localized peak in heat capacity and growing low-density
layer. Pseudo-film boiling can be suppressed by increasing the turbulence near
the boundary layer or by limiting the temperature difference between the wall
and the fluid. The heat transfer partly recovers once the bulk flow has passed
the pseudo-critical point. According to the numerical results, the recovery is
caused by increased turbulence production near the wall. These findings are
in agreement with the phenomena described in literature.

The 2D-model results have been compared with results from a 1D-model us-
ing several Nusselt correlations from literature. It is clear that the results do
not correspond well when a Nusselt correlation is used which is derived for a
pipe flow in a different pipe diameter. Nusselt correlations derived for a pipe
flow with the same pipe diameter show a better comparison. However, each
individual Nusselt correlation from literature shows an incapability to predict
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4.11 Conclusions

the heat transfer coefficient accurately over the entire pipe length. Therefore
it can be concluded that 1D-models should not be used to simulate the heat
transfer to supercritical water in long or complex pipe configurations.

On basis of the 2D-model results, heat transfer to the reacting flow has been
found to be more effective than to the non-reacting flow. The considerable
improvement of heat transfer is mainly due to the production of hydrogen in
the hot boundary layer, which has a positive effect on the local thermal con-
ductivity. The chemistry of biomass conversion should however be included
in more detail for a more realistic simulation of the reacting flow.

136



5
High troughput screening reactor for

wet biomass

Supercritical water gasification is a promising process for the conversion of wet biomass
into a combustible gas that is rich in hydrogen and methane. A novel experimental
method is developed to investigate supercritical gasification in a fast and efficient man-
ner for different process conditions and different types of biomass. An Inconel 625 au-
toclave reactor is extended with a high-pressure biomass injection system. The high-
pressure injection system allows a wet biomass slurry to be injected into the autoclave
reactor once the reactor is at supercritical temperature. The wet biomass slurry is heated
up rapidly and the evaporation of the water present in the slurry results in a supercritical
pressure. This will prevent the occurrence of sub-critical reactions taking place during
the heating period of the mixture in the autoclave reactor. In this way, the reactor is very
well suited for the research on gasification of wet biomass. Results of measurements for
methanol and micro-algae have shown that the technique is suitable for screening pur-
poses, including trend analysis.
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5.1 Introduction

5.1 Introduction

Towards an entirely new national energy system based on renewable sources,
the Dutch government currently aims at 16% renewable energy in 2020. The
goal for 2050 is a Dutch energy system completely based on renewable energy
sources. Biomass will play an important role in this transition. Wet biomass is
a renewable resource that currently is difficult to use in an efficient way. The
high water content in feedstocks such as food waste, sewage sludge, rice husk
or algae prevents the use of thermo-chemical conversion processes such as
pyrolysis or thermal gasification. The required energy to evaporate the water
before converting the organics into useful products makes the process uneco-
nomic. Above the critical pressure (221 bar) at a temperature larger than 374◦C,
the biomass slurry changes from the liquid phase directly to the supercritical
phase. An advantage of using supercritical conditions is that organic material
is completely miscible with supercritical water, resulting in a homogeneous
reaction phase. The high-pressure product gas allows for a more efficient heat
transfer, so a large part of the heat of the product gas can be used to preheat the
biomass slurry. The properties of supercritical water, such as density, viscosity,
dielectric constant, and hydrogen bonding are different from liquid water or
steam. In the process of supercritical gasification of biomass, the supercriti-
cal water fulfills every possible role it is able to fulfill: it is solvent, catalyst and
reactant [59]. Because of the special properties of supercritical water, the ex-
pensive conventional drying step for wet biomass is not required. To prevent
the costly drying step it is essential that the water does not leave the system
as steam, the heat contained in the water can than be recovered in a later sta-
dium.

Several bench-scale reactors are already in use to evaluate the process of su-
percritical gasification of wet biomass [12, 132]. The first proof of princi-
ple for biomass gasification in supercritical water was given by the work of
Modell et al. [81]. In a later stage of SCWG research, many biomass com-
pounds were tested in supercritical water to investigate the reactions taking
place [8, 10, 11, 13, 28, 82, 86, 87, 95, 113, 130, 131, 138]. A useful overview of
the developments in the field of supercritical gasification of biomass can be
found in Matsumura et al. [80] and Kruse [59]. From these articles it can be
concluded that SCWG is a very promising process, but as the SCWG process at
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600◦C is still determined by chemical kinetics a lot of work remains to be done
to understand the conversion process completely [59].

For a reliable reactor design, data on reaction kinetics obtained for well-
defined conditions are needed. To improve the understanding of biomass
gasification in supercritical water and to identify the optimal process condi-
tions and possible process bottlenecks, an efficient experimental method is
necessary to screen the operating window of SCWG. In order to do this a high
throughput screening technique has been developed.

In this chapter, we describe the development and the first experimental work
done on a new screening reactor concept for conversion rate measurements
of SCWG. For this purpose an Inconel 625 autoclave reactor is extended with
a high pressure biomass injection system. The high pressure injection system
allows both liquid and solid biomass particles to be injected into the autoclave
reactor when water inside the autoclave reactor is at supercritical conditions.
This will prevent the occurrence of sub-critical reactions taking place during
the heating period of the mixture inside the autoclave reactor.

5.2 Previous Work

Due to the severe operating conditions of supercritical gasification, the
amount of experimental data available is scarce, and the range of condi-
tions explored is narrow. On a laboratory scale, most of the reactors used
are tubular flow reactors. The design of the majority of these flow reactors is
based on the reactor designed by Antal et al. [9]. These flow reactors con-
sist of a heating zone, a tube reactor and, sometimes a fixed catalytic bed
[46, 48, 61, 68, 132, 138]. During the experiments a temperature profile occurs
over the length of the system. Also, due to the strong temperature dependency
of the properties of water in the vicinity of the critical point, it is difficult to
estimate the residence time in each reactor zone. Hence, the data obtained in
the flow reactors are extremely difficult to interpret.

A continuous stirred tank reactor was used for the investigation of biomass
conversion in supercritical water by Kruse et al. [64, 65, 103]. Cold feedstock
was supplied continuously into the reactor by the screw press, and rapidly
heated, by mixing with the hot content of the reactor [85]. Parameters such as
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5.2 Previous Work

the total organic carbon content and the composition of the formed gas phase
were used to describe the biomass degradation.

Several groups use a batch autoclave approach to examine the product yield
and distribution for various feedstock materials, process conditions and cat-
alyst formulations [61, 65, 81, 94]. The advantages of a batch reactor system
are that the structure is simple, and it can be used for almost all biomass feed-
stocks.

For meaningful interpretation of gasification experiments, it is essential that
the experimental conditions are constant with respect to space and time dur-
ing each experimental run. This cannot be achieved in conventional auto-
claves, because the heating time is large compared to the reaction time [85].
For biomass gasification in supercritical water, there are many reactions occur-
ring during the sub-critical heat-up stage of an experiment in the batch reac-
tor. Feedstock transformation appears to become significant before reaching
250◦C although little gas formation occurs at these lower temperatures. Gas
formation becomes significant above 300◦C and, in the case of cellulose, can
be essentially completed on reaching 380◦C. This makes interpretation of the
results difficult, if not impossible [46].

This research introduces a novel technique which overcomes the problem of a
high heating time and the problem of determining the temperature, the pres-
sure and the residence time. An autoclave batch reactor is extended with a
high-pressure injection system. In this way it is possible to inject reactants
once the reactor is at supercritical temperature. This accelerates the heating-
up period and prevents the occurrence of sub-critical reactions. In-situ tem-
perature and pressure measurements allow for a recording of the process con-
ditions in the reactor during the gasification process.
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5.3 Experimental Section

5.3.1 Reactants

Methanol as a model compound

Methanol is chosen as a model compound for preliminary tests in the reactor.
Methanol is a well-known reactant under supercritical conditions. The overall
gasification reactions for biomass are described below [28]:

• Steam reforming:

Cx Hy Ox +(2x−z )H2O⇒xCO2+(y /2+2x−z )H2 (5.1)

• Water gas shift reaction:

CO+H2O⇔CO2+H2 (5.2)

• Methanation of CO:

CO+3H2⇒C H4+H2O (5.3)

Gasification of methanol is tested at several temperatures from 450 to 700◦C,
and the results are presented in Section 5.4.1.

Chlorella Vulgaris micro-algae

Algae represent a promising feedstock for supercritical gasification, and the
feasibility of the use of this fuel is tested by performing a series of exploratory
experiments. The same standard reaction conditions are used as for the
methanol gasification described in the previous section. After injecting the
algae and water, the pressure in the reactor is 260 bar and the temperature
600◦C. The reaction time is longer than for the methanol experiments because
of the slower conversion of the algae, and the tests were done for 60 minutes.
The gasification of a real biomass compound is much more complicated than,
for example, for methanol.
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5.3 Experimental Section

The actual reactions are not known for this complex feedstock, but based on
the results with methanol it is unlikely that CH4 is formed by CO methanation
at 600◦C. The chemical composition and other properties of the micro algae
used are listed in Table 5.1. The results are presented in the following sections.

Table 5.1: Analysis of the microalgae "Chlorella Vulgaris" (from supplier).

Properties
moisture content (wt%) 92.7
dry solid content (wt%) 7.3

Chemical composition (wt%)a ,b

crude protein 50
crude fat 13
crude fiber 15
ash 7

Elemental composition of organic (wt%)
C 45.8
H 7.9
N 7.5
Oc 38.7

Mineral content (g/kg)a ,b

Ca 43
P 12.9
Na 1.1
K 7.1
Mg 6.1
Total amino acids (mg/kg)a 246.2

a As given by supplier. b On a solid basis.
c Calculated by difference.

5.3.2 Experimental setup

A schematic diagram of the batch reactor used for gasification is shown in Fig.
5.1. The experimental setup consists of a 19.6 mm Inconel 625 reactor. The
reactor is heated in a temperature-controlled fluidized bed oven. The upper
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Figure 5.1: Schematic overview of the experimental setup. 1-reactor; 2-actively
cooled nipple; 3-sample volume; 4-ball valve; 5-HPLC pump; 6-water; 7-self flush; T-
thermocouple; P-pressure inducer.

part of the reactor is actively cooled using water at ambient temperature. The
upper part is used for connecting the thermocouple and pressure transducer
to the hot reactor volume. This part also acts as a sample volume in which
the reactants are stored before the test. After the reactor is heated up to pro-
cess temperature, a high-performance liquid chromatography (HPLC) pump
is used to inject the reactants into the heated reactor.

5.3.3 Methodology

The reactor is heated up in a fluidized sand bed, located in a temperature con-
trolled oven. The temperature inside the oven and the fluidized bed are mea-
sured using thermocouples which are monitored using Windmill software. Af-
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Figure 5.2: Temperature and pressure during an experiment.

ter the reactor is heated up to process temperature, the HPLC pump is started
to inject the reactants into the reactor. After injection, the reactants will va-
porize immediately and start reacting, as can be seen in Fig. 5.2. The oven
is controlled and monitored using a Eurotherm control system. Once the re-
actions have taken place, the reactor is quenched using a combination of a
fluidized sand bed and a water bath both at ambient conditions; this is done
to make sure that no further reactions take place. After the quenching, the
gases are collected in a gas sample bag and analyzed using a C2V-200 micro
gas chromatograph (GC).

5.3.4 Analysis

The dry matter content of the algae slurry received was determined by drying
at 105◦C in an oven, and was found to be 7.3 wt%. The ultimate analysis of the
dry and wet algae slurry was carried out using an Elemental Analyzer (EA 1108,
CHNS-O, Fisons instruments) [28].

Gas analysis was carried out using two parallel C2V-200 gas chromatographs
using TCD cells. One gas chromatograph (GC) is operated with a molecu-
lar sieve column and argon as a carrier gas for its good hydrogen sensitivity.
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The other GC uses a plot U column with helium as the carrier gas. The chro-
matograms were obtained and interpreted using C2V 4.6 software.

5.3.5 Data interpretation

The degree of conversion of carbon in biomass to permanent gases (carbon
efficiency, Xc ) is chosen here as the main process parameter for evaluating the
SCWG process, because it indicates the distribution of carbon over the desired
products (permanent gases) and the undesirable product (liquids and poly-
mers). Xc is defined by:

Xc =
Nc ,product gas

Nc ,feed
(5.4)

The number of moles produced in the batch reactor are calculated from the
known volume of the reactor and the measured temperature and pressure in-
situ of the reactor. Elemental analysis is used to determine the moles in the
feed stream of the algae experiments.

5.4 Experimental Results

5.4.1 Methanol Results

To investigate the influence of the gasification temperature on the product
gas yield and the gasification efficiency for the supercritical gasification of
methanol, a series of gasification experiments were conducted at various tem-
peratures between 460 and 700◦C, a residence time of 15 minutes and a pres-
sure of 260 bar after injection.

As can be seen in Figs. 5.3 and 5.4 , temperature has a significant influence
on the gas yield and on the methanol conversion. The conversion increases
from 9% at 460◦C to 82% at a temperature of 700◦C. Fig. 5.4 also shows the
influence of the temperature on the yield of the product gases. The hydro-
gen yield increases from 0.25 moles per mole of methanol at low temperature
to approximately 1.7 moles per mole of methanol at 700◦C. When we assume
that the gaseous hydrogen is solely produced from hydrogen in methanol, the
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Figure 5.3: Methanol conversion at different reactor temperatures. Using 10 wt% of
methanol in water, at 260 bar and 15 minutes of reaction time.

maximum theoretical hydrogen yield would be 2 moles per mole of methanol.
However, in the case of this experiment, some of the hydrogen molecules are
converted to methane. In reality, there is also hydrogen produced from water.
It can be seen that the CO production is low for all reaction temperatures, since
most of the carbon molecules are converted to CO2. The methane production
rate is at a maximum at 650◦C but still quite low when compared to both CO2
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Figure 5.4: Product yield at different reactor temperatures. Using 10 wt% of methanol in
water, starting at 260 bar and 15 minutes of reaction time.
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Figure 5.5: Algae conversion at different reactor temperatures. Using 7.3 wt% of algae, at
240 bar and 1 hour of reaction time.

and H2.

5.4.2 Algae Results

The experiments with algae as a feed are performed at temperatures ranging
from 450 to 650◦C. The residence time was set at 60 minutes and the experi-
ment started at 240 bar pressure after injection of the algae. With increasing
temperature, the conversion rises from 33% at 450◦C to 73% at 650◦C, as can
be seen in Fig. 5.5. In comparison with the methanol results, it can be seen
that the product composition for the algae experiments contain some C2-C3
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Figure 5.6: Product gas composition at different reactor temperatures. Using 7.3 wt% of
algae, at 240 bar and 1 hour of residence time.
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5.5 Discussion

product gases. Ethane is prominent, together with small amounts of propane
and ethylene.

From the results at different temperatures, it can be concluded that there is an
increase both in hydrogen and methane production at higher temperatures.
This is an unexpected result as chemical equilibrium calculations found in lit-
erature predict different behavior for product composition versus temperature
[59]. In the case of chemical equilibrium, less methane is predicted to be pro-
duced at higher temperature. It can be seen in Fig. 5.6 that the CO production
is low; there is a large amount of CO2 produced and many different higher hy-
drocarbons. More experiments need to be conducted and the conversion rates
of all experiments need to be investigated for a better understanding of the re-
action mechanism for algae conversion.

5.5 Discussion

The reactor offers good temperature control and stable operation during ex-
periments. The high-pressure injection of reactants allows for a drastically
reduced heat-up time, while the use of a cold fluidized sand bed for cooling
resulted in cooling the reactor from 600 to 100◦C in less than a minute. Advan-
tages of the technique include the feasibility of applying high temperatures
and pressures, high corrosion resistance, rapid heating and cooling, and the
in-situ continuous measurement of the process conditions.

As mentioned in the previous sections the problem of a high heating time is
tackled in this research by extending an autoclave bath reactor with a high
pressure injection system. The influence of the effect of the heating rate is in-
vestigated in detail by several other research groups. A summary of these stud-
ies can be found in Matsamura et al. [79]. The main problem of a high heating
time is the occurrence of sub-critical reactions. Under sub-critical conditions,
products with higher molecular weight are being formed via polymerization.
These intermediate products are less reactive than the original feedstock at su-
percritical temperatures [59, 79]. In the present set-up, the addition of the high
pressure injection system resulted in a reduction of the heating up time from
10 minutes to 20 seconds. In other words a large decrease in heating up time
compared to the reaction time.
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Figure 5.7: Enthalpy entropy diagram.

Another effect of the injection system apart from the reduction of residence
time in the sub-critical region can be seen in Fig. 5.7. This figure shows the
heating up trajectory of pure water without and with an injection system (Figs.
5.7(a) and 5.7(b) respectively). In the situation without an injection system
the reactants are at atmospheric temperature and pressure when the experi-
ment starts. Within ten minutes supercritical conditions are reached, hereby
the reactants change from the liquid phase through the wet steam phase to a
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Figure 5.8: Comparison of conversion with and without injection system.
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(b) CH4.
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(c) CO2.
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Figure 5.9: Comparison of the product gas volumes as predicted by chemical equilibrium
with the experimental values at different temperatures for algae gasification.

superheated steam and eventually to the supercritical regime.

Fig. 5.7(b) shows the case where the reactants are injected in a reactor at su-
percritical temperature, in this case the reactants change from a superheated
steam directly to the supercritical regime within a timespan of twenty seconds.
Therefore the injection system drastically reduces the possibility of sub-critical
reactions.

The strong reduction of the possibility of sub-critical reactions due to a short
heating up trajectory should result in an improved conversion for the reactants
in the supercritical reformer [59, 79]. Fig. 5.8 shows that indeed an improved
conversion after the addition of the high pressure injection system can be no-
ticed. It can be seen in Fig. 5.8 that even at high temperatures no complete
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conversion is reached for both cases. This can be explained by the stability of
the methanol molecule as described by Di Leo and Savage [33].

As was done in Chapter 2 for methanol, equilibrium calculations for algae were
performed according to the Gibbs free energy method. Fig. 5.9 shows the com-
parison of gas production obtained experimentally with the predicted equi-
librium values. Looking at the production of CH4, CO2 and CO (Figs. 5.9(b),
5.9(c) and 5.9(d) respectively) the comparison looks reasonably well, especially
at temperatures above 550◦C. When compared to the other three product gases
the production of H2 does not compare well to the chemical equilibrium pre-
diction at 600◦C, but the comparison is acceptable for the temperatures of 450,
550 and 650◦C as can be seen in Fig. 5.9(c). From the comparison between
the numerical model predictions and the experimental results it can be con-
cluded that the model fits the experimental data quite well, although it is noted
that the conversion for the experiments increases from 33% at 450◦C to 73% at
650◦C, as can be seen in Fig. 5.5. While complete gasification is obtained for
all chemical equilibrium calculations presented in Fig. 5.9.

5.6 Conclusions

A novel high-throughput batch reactor is developed and tested for the gasi-
fication of methanol and algae in supercritical water. An increase in both hy-
drogen yield and conversion degree is observed when the process temperature
increases.

For the methanol case the temperature has a significant influence on both
the gas yield and the methanol conversion. The conversion increases from
9% at 460◦C to 82% at a temperature of 700◦C. The hydrogen yield increases
from 0.25 moles per mole of methanol at low temperature to approximately
1.7 moles per mole of methanol at 700◦C. When a slurry of water and 7.3 wt%
of micro-algae is used as a feedstock for supercritical gasification the conver-
sion rises from 33% at 450◦C to 73% at 650◦C.

In the present study an autoclave reactor is extended with a high pressure in-
jection system which allows the injection of both liquid and solid particles into
the reactor under supercritical conditions. Due to the newly developed injec-
tion system the time of the heating up trajectory has decreased from ten min-
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5.6 Conclusions

utes to twenty seconds, this results in an increase of the conversion over the
complete temperature range. Due to a smaller possibility of sub-critical reac-
tions the formation of less reactive intermediates is reduced.
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6
Sorption enhanced reforming in

supercritical water

In this chapter the possibility of in-situ CO2-capture in the gasification process is inves-
tigated. The so called ’sorption enhanced supercritical water gasification’ (SE-SCWG) of
wet biomass is evaluated and compared to conventional supercritical reforming. CaO,
NaOH and hydrotalcite are tested as possible sorbents for sorption enhanced supercriti-
cal gasification. The evaluation is performed by both equilibrium calculations and ex-
perimental research.
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6.1 Introduction

6.1 Introduction

Hydrogen is expected to play an important role as an energy carrier in the fu-
ture. The amount of energy produced during hydrogen combustion is higher
than released by any other fuel on a mass basis. In 2007 the annual production
of H2 worldwide was about 0.1 Gtonnes, of which 98% comes from reforming
of fossil fuels [55, 78]. Green hydrogen could be made from biomass.

The goal of this project is to develop a process to produce hydrogen from wet
biomass. The hydrogen could for example be used for electric power genera-
tion by fuel cells or as a feed for refineries. The advantage of biomass gasifi-
cation in supercritical water is that the water is used as a reactant during the
process. This prevents the energy consuming and costly drying step.

This chapter considers the process of sorption enhanced reforming of both
methanol and micro-algae in supercritical water. Conventional reforming of
methanol can be described by five overall reactions [23]:

C H3OH�CO+2H2 +91.7[kJ/mol] (6.1)

CO+H2O�CO2+H2 −41[kJ/mol] (6.2)

C H3OH+H2O�CO2+3H2 +50.7[kJ/mol] (6.3)

CO+3H2�C H4+H2O −211[kJ/mol] (6.4)

CO2+4H2�C H4+2H2O −223[kJ/mol] (6.5)

Methanol steam reforming (Eq. 6.3) is the sum of the methanol decomposition
reaction (Eq. 6.1) and the water-gas shift reaction (Eq. 6.2). The water-gas shift
reaction is slightly exothermic, but reactions Eq. 6.1 and Eq. 6.3 are endother-
mic. The methanation reaction of CO (Eq. 6.4) and of CO2 (Eq. 6.5) are both
exothermic.
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The thermodynamic equilibrium of Eq. 6.2 can be shifted to give more favor-
able H2 yields by removing CO2. The concept is based on Le Chatelier’s princi-
ple that (a) the conversion of reactants to products and (b) the rate of forward
reaction in an equilibrium controlled reaction can be increased by selectively
removing some of the reaction products from the reaction zone. When CO2

is captured in-situ in the reactor the water-gas shift reaction is strongly influ-
enced. The partial pressure of CO2 on the right hand side of Eq. 6.2 decreases
and the equilibrium moves to the right side, which results in a higher H2 pro-
duction. Several sorbents can be used to capture CO2 during SCWG.

In this chapter conventional supercritical reforming is compared to sorbent
enhanced reforming. CaO, NaOH and hydrotalcite are tested as possible sor-
bents for sorption enhanced SCWG. The comparison is performed by both
equilibrium calculations and experimental tests.

6.2 Previous work

Since the early 1950s the equilibria and kinetics of CO2 adsorption have been
studied [34]. Most of these studies where done with CO2 as the only adsorbate,
at low temperature and at low pressure. Due to recent interest in CO2 capture
from flue gases and sorption enhanced steam methane reforming many stud-
ies on CO2 sorbents have been carried out.

Previous work demonstrates the use of calcium based CO2 sorbents for sorp-
tion enhanced steam methane reforming (SESMR) [16, 26, 45, 54, 91, 102].
SESMR is a method which combines steam methane reforming, the most
widely used process for hydrogen production in industry, with CO2 capture
[129]. The most commonly used sorbent for SESMR is CaO. For example, Bal-
asubramanian et al. [16] added CaO, formed by calcination of high purity
CaCO3, as a CO2 acceptor to a commercial steam reforming catalyst producing
>95% H2 in a laboratory-scale fixed bed reactor.

When calcium oxide is used as a sorbent, the non catalytic highly exothermic
carbonation reaction is included to the system of reactions:

C aO+CO2−→C aCO3 ∆H298K =−178[kJ/mol] (6.6)
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6.2 Previous work

CaCO3 is cheap and readily available in nature [3] but it was reported that rapid
sintering occurs with repeated carbonation-calcination cycles [2, 6]. Because
of the high heat transfer rate combined with the relative low temperature of SE-
SCWG compared to the process of SESMR the problem of sintering is expected
to be less severe for SE-SCWG.

Alkali-salts are also interesting for the process of SE-SCWG because they can
fulfill the role of both sorbent for CO2 and they can act a as catalyst for the WGS
reaction. Kruse at al. [66] have shown that alkali salts like potassium hydroxide
(KOH) and potassium carbonate (K2CO3) promote the gasification of pyrocat-
echol in supercritical water even at a low temperature of 773 K. Watanabe et
al. [121] show that NaOH is an effective sorbent for the gasification of both
glucose and cellulose at a low temperature of supercritical water (i.e. 673 K).
The H2 yield of gasification of lignin in supercritical water proved to be almost
4 times higher in the presence of sodium hydroxide than when gasified with-
out a sorbent [122]. Alkali salts are effective catalysts for the water-gas shift
reaction [39, 62, 63]. In the presence of such salts, high hydrogen yields at rea-
sonable reaction times are possible. A possible reaction path for CO2 capture
using NaOH could be:

2N aOH+CO2−→N a 2CO3+H2O (6.7)

The use of hydrotalcite-based sorbents for CO2 capture at high temperatures
can be found in several studies [18, 35, 42, 69, 70, 90, 96]. Hydrotalcite belongs
to the class of anionic clay minerals consisting of positively charged layers of
metal oxide (or metal hydroxide) with inter-layers of anions, such as carbon-
ate [34]. Exchange of the anionic layer can lead a wide range of catalytic and
adsorptive properties, with particular stability under wet gas and high temper-
ature conditions [20, 34, 49]. A detailed study on the mechanism of CO2 sorp-
tion of hydrotalcite can be found in the work of Walspurger and co-workers
[119]. These studies showed that hydrotalcite like compounds are one of the
most promising adsorbents for sorption enhanced hydrogen production.

As can be found in literature CaO, NaOH and hydrotalcite are three of the most
interesting sorbents available for SE-SCWG. In the following sections both nu-
merical calculations and experimental tests are used to perform an evaluation
of these sorbents.
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Figure 6.1: Equilibrium H2 molar fraction (dry basis) in the product gas with and with-
out a stoichiometric amount of sorbent. Results are plotted as a function of temperature
at fixed pressure and steam to carbon ratio.

6.3 Chemical equilibrium calculations

Supercritical water gasification (SCWG) of methanol is modeled using a chem-
ical equilibrium calculation. Equilibrium calculations were performed using
the Gibbs free energy method [67], combined with the Modified Soave Redlich
Kwong equation of state [105]. Equilibrium H2 molar fraction in the product
gas on a dry basis is plotted in Fig. 6.1. This is done with and without CaO and
NaOH as a CO2 acceptor as a function of temperature at both fixed pressure
(300 bar) and Steam to Carbon ratio (S/C = 16).

Fig. 6.1 shows that at a fixed pressure in the case of conventional SCWG of
methanol the H2 concentration increases at the temperature increment and
reaches a maximum of 0.73 at 950◦C.

In the case of sorption enhanced (SE) SCWG of methanol using CaO as a sor-
bent, the maximum volume percentage of H2 is reached at 750◦C (Fig. 6.1(a)).
Above 850◦C the calcination reaction (Eq. 6.8) starts which is the reverse reac-
tion of the carbonation reaction (Eq. 6.6).

C aCO3−→C aO+CO2 ∆H298K =+178[kJ.mol] (6.8)
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Figure 6.2: H2 yield per mole of CH3OH at different temperatures.

The CaCO3 releases the CO2 and therefore the volume percentage of H2 in the
dry product gas decreases. Similar results were obtained by Balasubramanian
et al. [16] and Barelli et al. [17].

When NaOH is used as a CO2 acceptor, the difference in H2 production be-
tween SE-SCWG and conventional SCWG of methanol is even bigger. At tem-
peratures below 950◦C the mole percentage of H2 is above 99%.

To give better insight in the amount of H2 produced from methanol, the H2

yield is plotted in Fig. 6.2. This figure depicts the H2 yield per mole of CH3OH
for the cases with and without sorbent. For the case where NaOH is used
as a sorbent also a corrected case for the H2 formed by the H present in the
NaOH is presented in the figure. The corrected case shows that for the temper-
ature range presented the hydrogen yield is close to the theoretical maximum
for CH3OH reforming, this will be explained in more detail later on. Fig. 6.3
presents the yield of both CO2 and H2O.

It can be seen in Fig. 6.2 that when CaO is used as a sorbent the WGS reaction
(Eq. 6.2) is strongly influenced by the presence of CaO. Because of the CO2

capture the reaction is shifted in the direction of H2, this results in a larger H2-
production and hence a larger H2O consumption (Fig. 6.3(b)). As mentioned
before the CaCO3 releases CO2 at temperatures above 850◦C, this is shown in
Fig. 6.3(a). This results in an extra H2O reduction due to the formation of
Ca(OH)2 (Eq. 6.9):
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Figure 6.3: Yield of product gases per mole of CH3OH at different temperatures

C aO+H2O −→C a (OH )2 ∆H298K =−109[kJ.mol] (6.9)

Compared to the case with CaO as sorbent and the case without sorbent Fig.
6.3 shows that there is nearly no H2O production or consumption when NaOH
is used as a CO2-acceptor. This can be explained by looking at Eq. 6.7, for
every mole of CO2 captured by the NaOH one mole of H2O is formed. So even
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Figure 6.4: H2 mole percentage of dry product gas for the supercritical gasification of
algae (C3.81H7.84N0.54O2.42) at different temperatures. NaOH is used for the sorbent case.
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6.3 Chemical equilibrium calculations
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Figure 6.5: H2 yield per mole of algae C3.81H7.84N0.54O2.42) at different temperatures.

though the WGS reaction (Eq. 6.2) is strongly shifted in the direction of H2 and
CO2 this is not visible in the consumption of H2O. When H2O does not play a
role in the reactions the theoretical yield of H2 from the SCWG of CH3OH is 2
moles of H2 per mole of CH3OH. As can be seen in Fig. 6.2 the theoretical yield
is reached even at temperatures close to the critical temperature. When NaOH
is added to the reactants almost all the gas present in the dry product gas is H2,
all the C molecules from the CH3OH are captured in the form of Na2CO3.
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Figure 6.6: Yield of product gases per mole of algae (C3.81H7.84N0.54O2.42) at different
temperatures.
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Fig. 6.4 shows the chemical equilibrium calculation results for the SCWG of a
7.3 wt% algae slurry with a composition as given in table 5.1. For the H2 con-
centrations the results look very similar to the results as obtained for CH3OH
(Fig. 6.1(b)).

The H2 yield from algae (Fig. 6.5) predicted by the model is quite different to
the H2 yield from CH3OH (Fig. 6.2). This is due to the difference in ratio of C
and H molecules of algae and methanol. Because of the higher carbon content
of an algae molecule more moles of NaOH are necessary for a stoichiometric
reaction, hence more H2 is produced by the NaOH per molecule of algae, as
can be seen in Fig. 6.5. When the H2 yield is corrected for H2 produced from
NaOH and from H2O, the H2 yield is close to the theoretical limit of H2 produc-
tion per mole of algae.

When no sorbent is used for the SCWG of algae, the theoretical H2-yield is ex-
ceeded for temperatures above 600◦C, this is due to a high H2O consumption
as can be seen in Fig. 6.6(b). At temperatures close to the critical point the
H2O consumption and hence the H2 production are low. When NaOH is used
as a sorbent the thermodynamic model predicts a H2 mole percentage of more
than 99% even at temperatures slightly above the critical temperature.

From the equilibrium calculations it can be concluded that a large increase
in H2-production can be seen for both CaO or NaOH as CO2-acceptor. The
calculations show that the WGS reaction is strongly shifted in the direction of
H2 in the product gases for the case of SE-SCWG of methanol and algae.

6.4 Experimental results

The sorption enhanced gasification of biomass in supercritical water is tested
in the autoclave batch reactor as described in Section 5.3.2. Testing was done
using methanol as a model compound for biomass and micro-algae as a real
biomass. Both hydrotalcite and NaOH are used as a sorbent and compared to
the case when no sorbent is used. The experimental procedure is very similar
to the procedure described in Section 5.3.3, with the main difference that the
sorbents used for the experiment are added to the reactor before the reactor is
heated up to process temperature.

161



6.4 Experimental results

Figs. 6.7, 6.8 and 6.9 show the yield of product gases for the supercritical gasi-
fication of methanol with and without sorbents. The gasification experiments
were conducted at a pressure of 260 bar and at temperatures of 450◦C, 500◦C
and 550◦C respectively. Similar trends for the H2 yield in the dry product gases
are shown in the three figures, where the yield increases from 1 mole of H2 per
mole of methanol when no sorbent is used to 3 moles of H2 when NaOH is used
as a sorbent. For hydrotalcite also an increase in H2 production can be seen,
but not as strong as for NaOH. From these results it can be concluded that the
influence of NaOH on the WGS-reaction is larger than that of hydrotalcite.

Figs. 6.7, 6.8 and 6.9 show that for hydrotalcite the production of CO2 and
H2O is for all three temperatures lower than without sorbents. For NaOH as
sorbent no production of CO2 and CH4 can be noted. This could mean that
all C molecules present in the methanol are captured in the form of Na2CO3

during the process.

Another interesting parameter for the process of sorption enhanced gasifica-
tion of biomass in supercritical water is the conversion time. Fig. 6.10 shows
that both sorbents have a very large influence on the conversion time. For
hydrotalcite the conversion time decreases with 70% and for NaOH the con-
version time decreases with 80%.

As mentioned in Chapter 2, biomass itself is a complicated mixture of organic
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Figure 6.7: Gas products yield of supercritical gasification of methanol with and without
sorbents. Experiments done with 5wt% of methanol at a temperature of 450◦C starting
at a pressure of 260 bar.
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Figure 6.8: Gas products yield of supercritical gasification of methanol with and without
sorbents. Experiments done with 5wt% of methanol at a temperature of 500◦C starting
at a pressure of 260 bar.

and inorganic components. In the results discussed so far only experiments
with methanol as a biomass model compound have been shown. The next
step is sorption enhanced gasification with a real biomass. In this research
micro-algae were selected for investigation. Chlorella Vulgaris is chosen as the
type of microalgae, the experimental results for micro-algae are presented in
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Figure 6.9: Gas products yield of supercritical gasification of methanol with and without
sorbents. Experiments done with 5wt% of methanol at a temperature of 550◦C starting
at a pressure of 260 bar.
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6.4 Experimental results
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Figure 6.10: Time till conversion for supercritical gasification of methanol with and
without catalysts. Experiments done with 5wt% of methanol at three different tempera-
tures starting at a pressure of 260 bar.

Figs 6.11, 6.12 and 6.13. NaOH was chosen as the most effective type of sor-
bent based on the methanol results shown earlier. Similar trends can be seen
for micro-algae. For all three temperatures (450, 500, and 550◦C) a large in-
crease in H2 production in the dry product gases can be noted compared to
the case without sorbents. The production of CH4, CO2 and C2H6 is reduced
significantly when NaOH is added to the process.
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Figure 6.11: Gas product concentration of supercritical gasification of algae with and
without sorbents. Experiments done at a temperature of 500◦C, a starting pressure of 260
bar and a residence time of 2 hours.
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Figure 6.12: Gas product concentration of supercritical gasification of algae with and
without sorbents. Experiments done at a temperature of 550◦C, a starting pressure of 260
bar and a residence time of 2 hours.

It is noted that the conversion of algae during the supercritical gasification ex-
periments presented in this section is much lower than the conversion for the
experiments presented in Section 5.4.2. The experimental series for the re-
sults shown in Chapter 6 were conducted under the assumption that the algae
had the same composition as the algae used in Section 5.3.1. When the re-
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Figure 6.13: Gas product concentration of supercritical gasification of algae with and
without sorbents. Experiments done at a temperature of 600◦C, a starting pressure of 260
bar and a residence time of 2 hours.
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6.5 Discussion

sults presented here are compared to the results presented in Chapter 5 it may
be clear that this was not the case. It is expected that the algae used in this
chapter contain a higher amount of organics in the feed than the algae used
in Chapter 5. Unfortunately no moisture data of the present data are available
to verify this assumption. The conversions shown in Figs. 6.11, 6.12 and 6.13
were calculated under the assumption that the algae contained 7.3wt% of or-
ganics in the feed, which is similar to the algae used in Chapter 5. In order to
obtain more detailed information it is recommended that the experiments are
repeated. Nevertheless, the present series of experiments can be used to get
more insight in the effects of CO2 sorbents on the SCWG process.

When NaOH is added to the reactor a large improvement in the conversion
degree can be seen. At all three process temperatures the gas efficiency more
than doubles. The conversion plotted in Figs 6.11, 6.12 and 6.13 is based on
the H-balance and is corrected for H2 produced from NaOH and H2O.

6.5 Discussion

When a CO2 acceptor is added to the reactor, carbon dioxide is converted im-
mediately to a solid carbonate, causing a shift in the reforming and WGS reac-
tions beyond their conventional thermodynamic limits. From the perspective
of hydrogen production both the numerical and the experimental results show
that sorption enhanced gasification in supercritical water enables lower reac-
tion temperatures, which may results in a reduction of sorbent sintering, while
enabling the use of less expensive reactor wall materials. Most of the heat re-
quired by the endothermic reforming reactions will be supplied by the heat re-
lease of the exothermic carbonation reactions. But it must be considered that
the largest challenge in terms of heat transfer and reactor construction will be
caused by the heat required for the energy intensive calcination reaction which
is essential for sorbent regeneration. Regeneration of the sorbent can be used
for the release of pure CO2 suitable for sequestration.

Research done for CaO sorption enhanced methane reforming showed that
additional energy is needed to reverse the CO2 capturing reaction [47]. Due to
a lower process temperature a reduction of 20% to 25% in the overall energy re-
quirement is estimated to be possible when compared to the standard reform-
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ing process [26, 91]. Ca-based sorbents show a decay in adsorption capacity as
a function of the number of calcination-carbonation cycles [54]. For hydrotal-
cite and NaOH these numbers are not known, but a similar trend is expected.
Abanades et al. [3] shows that synthetic sorbents (for example Li2ZrO3) have
a better multi-cycle stability, but to compete with natural sorbents their cost
would require them to sustain >10.000 cycles [54]. More information on the
adsorption capacity and the chemical stability during carbonation/calcination
cycles is needed for the used sorbents to qualify the optimal sorbent for sorp-
tion enhanced gasification of biomass in supercritical water.

The sorption enhanced gasification of methanol experiments result in a very
low gas production of hydrocarbons and CO2. It is expected that nearly all C-
molecules present in the methanol are captured in the form of Na2CO3, hence
maximum CO2 capture is achieved. When algae are used as a biomass com-
pound, the experimental results show a large reduction in CO2 product gases
when compared to the case when no sorbent is used. This combined with the
increase in algae conversion leads to the conclusion that NaOH is an interest-
ing additive for SCWG of biomass.

6.6 Conclusions

Thermodynamic calculations were done to model the process of sorption en-
hanced gasification in supercritical water. A large increase in H2 production
can be seen for both CaO or NaOH as CO2-acceptor. The model predicts a H2

mole percentage of more than 99% when NaOH is used as a sorbent, even at
temperatures slightly above the critical temperature. The calculations show
that the WGS reaction is strongly shifted in the direction of H2 in the product
gases for the case of SE-SCWG of methanol. For CaO as a sorbent additional
H2O consumption is noted, while for NaOH in no additional H2O production
or consumption can be seen.

Due to the difference in C/H ratio of algae and methanol, the yields predicted
by the chemical equilibrium model for the sorption enhanced supercritical
water gasification of algae and methanol differ. Due to the higher carbon con-
tent of algae more moles of NaOH per mole of algae are required for a stoichio-
metric reaction. Hence more H2 is produced by the NaOH per mole of algae.
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6.6 Conclusions

When the H2 yield in the predicted product gases is corrected for the H2 pro-
duced from the NaOH, the H2 yield is very close to the theoretical limit of H2

production from algae.

Sorption enhanced gasification of both methanol and micro-algae in super-
critical water are experimentally tested in a high-throughput batch reactor.
Hydrotalcite and NaOH were tested with methanol as a biomass model com-
pound and micro-algae as a real biomass source. Especially the results for
NaOH were promising with high production of H2 and a large reduction in
both conversion time and CO2 in the dry product gases. For the algae case a
large reduction in CO2 production is shown in the experimental results. Even
though algae are a difficult compound to convert completely to dry product
gases, the conversion was more than doubled when NaOH was added to the
process.
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7
Conclusions and recommendations

The results from the present research have led to new insights and tools for a
better design of supercritical gasification of wet biomass. The first section of
this concluding chapter presents the answers to the research questions posed
in Chapter 1. Finally in Section 7.2 various recommendations for both improv-
ing the results obtained and suggestions for follow up research are discussed.
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7.1 Conclusions

7.1 Conclusions

Can gasification of wet biomass in supercritical water be designed as a ther-
mally efficient process?
The gasification of biomass in supercritical water can be designed as a ther-
mal efficient conversion process. A thermodynamic system model has been
developed and calculations have been carried out with methanol/water solu-
tions. The results obtained with the model show that the composition of the
product gases can be tailored to a desired product composition by changing
the key process parameters such as the reactor temperature, pressure or the
concentration of organic material in the feed. High temperature, low pressure
and a low methanol concentration result in a product gas consisting mainly of
hydrogen. On the other side a concentrated methanol feed at high pressure
and low temperature is converted mainly to methane. The higher the con-
centration of organics in the stream the higher the thermal efficiency, until it
stabilizes at concentrations above 40 wt%.

The efficiency of the heat exchanger has a strong effect on the thermal effi-
ciency of the system. This can be explained by the high heat capacity of water
and the high water content of the feed stream. In this research it is shown that
a small increase in the heat exchanger effectiveness has a strong impact on the
overall thermal efficiency. A feed with 10 wt% of methanol shows an increase in
thermal efficiency of 25% when the heat exchanger effectiveness is improved
with 10%. Therefore an optimum design of the heat exchanger is required.

From the comparison between the process optimized for hydrogen production
and the process optimized for methane production it can be concluded that
from an energy perspective it is better to optimize the process for methane.
The thermal efficiency for a feed with 10 wt% of methanol 48.5% and 40% for
respectively a methane and a hydrogen system. For a feed with 30 wt% of 30
methanol the thermal efficiencies for methane and hydrogen are 87% and 84%,
respectively. The difference is mainly caused by the fact that the methane opti-
mized case has a much lower temperature than the hydrogen case, respectively
400 and 600◦C. It is noted that the process optimized for methane at 600◦C
needs a catalyst for a good carbon efficiency.

The supercritical gasification process has the possibility of in-situ capturing
CO2 in the water phase. For a case of 10 wt% of methanol in water at 600◦C
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and 300 bar, 40% of the CO2 present in the product gases can be captured using
the water present in the system. The process water can be recycled to absorb
more CO2, but this comes at the expense of the thermal efficiency. A feed with
5 wt% of methanol shows a decrease of 20% in thermal efficiency when the CO2

capture efficiency is improved with 20%, this is due to an increase in dissolved
H2 and CH4.

What is the influence of the large property variations of water, in the transi-
tion from sub- to supercritical water, on the heat transfer in the SCWG pro-
cess?
The property variations of water in the vicinity of the (pseudo-)critical point
significantly influence the heat transfer. Depending on the flow conditions,
the variations in fluid properties can result in heat transfer enhancement or
deterioration.

For the design of efficient heat exchangers more knowledge is required on heat
transfer in supercritical water. In the present study, heat transfer from the wall
to supercritical water has been modeled in a one-dimensional domain by use
of a plug flow approach. Nusselt correlations are required for prediction of the
heat transfer coefficient in order to close the set of equations. The experimen-
tal validation for three different cases show that the model is able to accurately
predict the bulk temperature based on heat transfer rates provided by a suit-
able Nusselt correlation.

However, the results also give reason to assume that the Nusselt correlations
are very specific for the flow conditions of the experiments from which the
Nusselt correlations were derived. Nusselt correlations that are valid for similar
operating conditions, and have to be chosen a priori to close the 1D-model
equations, do not necessarily give similar results. The large deviations between
the predictive capability of the Nusselt correlations leads to the conclusion that
it is important to consider boiling effects that occur when a critical heat flux is
reached. The right choice of the Nusselt correlation for the simulated case is
crucial for the quality of the 1D-model.

Simulations in a two-dimensional domain have been performed using the low-
Reynolds k-εmodel and the IAPWS-IF97 formulation. The simulation results
clearly show at which position the phase transition to supercritical water takes
place. An interesting feature of the phase transition for the case under inves-
tigation is that the critical point is reached in a thin layer that sticks close to
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7.1 Conclusions

the wall. The phase transition separates the gaseous supercritical water ad-
jacent to the wall from the liquid bulk flow at sub-critical temperatures. This
causes the temperature to rise slowly due to the high heat capacity and a steep
decrease in conductivity of water in the proximity of the critical point.

The critical heat flux is a good indicator for the occurrence of pseudo-film boil-
ing. When the critical heat flux obtained by the 2D-model is compared to the
critical heat flux calculated with empirical correlations from literature, it can
be concluded that the 2D-model is capable of predicting the occurrence of
pseudo-film boiling. This is an important feature of the model as pseudo-film
boiling is a cause for the detoriation of the heat transfer.

In order to validate the 2D-simulations, fluid temperatures of a supercritical
water flow during heat up have been successfully measured using a new exper-
imental setup. The comparison of the temperature results show a good agree-
ment between the experimental data and the numerical predictions. When the
temperature error is calculated on a ◦C basis, the maximum error between the
experimental and numerical data for the G = 6.6 kg/m2·s case is 11%, and for
the G =10 kg/m2·s case the maximum error is 7%.

The 2D-model results have been compared with results from the 1D-model us-
ing several Nusselt correlations from literature. Each individual Nusselt corre-
lation shows an incapability to predict the heat transfer coefficient accurately
over the entire pipe length. Therefore it can be concluded that 1D-models
should not be used to simulate the heat transfer to supercritical water in long
or complex pipe configurations.

For both the 1D-model and the 2D-model the effect of the methanol decompo-
sition reaction on the heat transfer has been investigated. Due to the plug flow
assumption of the 1D-model, the model is not capable of capturing the high
temperature gradients in radial direction, which leads to an underestimation
of the conversion rate. The 2D-model is more suitable for predicting chemi-
cally reacting flow. From the 2D-model results the heat transfer to a reacting
flow is larger than heat transfer to a non-reacting flow. The improvement of
the heat transfer is caused by the production of hydrogen in the hot bound-
ary layer, and hydrogen has a positive effect on the local thermal conductivity.
Another contributing effect to the heat transfer is the increase in the turbulent
kinetic energy near the wall for the case of reacting flow.
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Is it possible to gasify wet biomass such as algae in supercritical water?
It is possible to gasify wet biomass such as algae in supercritical water. A novel
high-throughput batch reactor is developed and tested for the gasification of
methanol and algae in supercritical water. An increase in both hydrogen yield
and conversion degree is observed when the process temperature increases.

For the methanol case the temperature has a significant influence on both
the gas yield and the methanol conversion. The conversion increases from
9% at 460◦C to 82% at a temperature of 700◦C. The hydrogen yield increases
from 0.25 moles per mole of methanol at low temperature to approximately
1.7 moles per mole of methanol at 700◦C. When a slurry of water and 7.3 wt%
of micro-algae is used as a feedstock for supercritical gasification the conver-
sion rises from 33% at 450◦C to 73% at 650◦C.

In the present study an autoclave reactor is extended with a high pressure in-
jection system which allows the injection of both liquid and solid particles into
the reactor under supercritical conditions. Due to the newly developed injec-
tion system the time of the heating up trajectory has decreased from ten min-
utes to twenty seconds, this results in an increase of the conversion over the
complete temperature range. Due to a smaller possibility of sub-critical reac-
tions the formation of less reactive intermediates is reduced.

Does the SCWG process allow for in-situ capturing of CO2 during the pro-
cess?
The supercritical gasification process has the possibility of in-situ capturing
CO2. This can be achieved either by the capturing of CO2 in the water phase or
by using a CO2-sorbent.

Thermodynamic calculations were done to model the process of sorption en-
hanced gasification in supercritical water. A large increase in H2 production
can be seen for both CaO or NaOH as a CO2-acceptor. The model predicts a
H2 mole percentage of more than 99% when NaOH is used as a sorbent, even
at temperatures slightly above the critical temperature. The calculations show
that the WGS reaction is strongly shifted in the direction of H2 in the product
gases for the case of SE-SCWG of methanol.

Due to the higher carbon content of algae more moles of NaOH per mole of
algae are required for a stoichiometric reaction. Hence more H2 is produced by
the NaOH per mole of algae. When the H2 yield in the predicted product gases
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is corrected for the H2 produced from the NaOH, the H2 yield is 4 moles of H2

per mole of algae. This is approximately the theoretical limit of H2 production
for the sorbent enhanced gasification of a slurry with 7.3wt% of algae.

Sorption enhanced gasification of both methanol and micro-algae in super-
critical water are experimentally tested in the high-throughput batch reactor.
Especially the results with NaOH as a sorbent are promising with high produc-
tion of H2 and a large reduction in both conversion time and CO2 in the dry
product gases. For the algae case a large reduction in CO2 production is shown
in the experimental results. Even though algae are a difficult compound to
convert completely to dry product gases, the conversion doubles when NaOH
is added to the process.

7.2 Recommendations

The thermodynamic system model shows that use of the heat present in the
combustion flue gases is a good opportunity for further improvement of the
thermal efficiency. Availability of the heat present in the combustion flue gases
for preheating the water present in the feedstream should be investigated more
thoroughly.

In order to design an economically feasible SCWG process a high efficient heat
exchanger needs to be developed.

Each individual Nusselt correlation from literature shows an incapability to
predict the heat transfer coefficient accurately over the entire pipe length.
Therefore it is recommended to use a two dimensional or a three dimensional
modeling approach to simulate the heat transfer to supercritical water in long
or complex pipe configurations.

On basis of the two dimensional model results, heat transfer to the reacting
flow has been found to be more effective than to the non-reacting flow. The
considerable improvement of heat transfer is mainly due to the production of
hydrogen in the hot boundary layer, which has a positive effect on the local
thermal conductivity. The chemistry of biomass conversion should however
be included in more detail for a more realistic simulation of the reacting flow.

174



The chemistry of supercritical gasification of both methanol and micro-algae
remain poorly understood and need to be studied in more detail in the future.
The high-throughput reactor developed in this research can be used as a fast
screening tool for the understanding of each separate reaction step in the con-
version of wet biomass within a supercritical gasifier.

Several sorbents are investigated for the process of sorbent enhanced super-
critical gasification of wet biomass. For hydrotalcite and NaOH a decay in
adsorption capacity as a function of the number of calcination-carbonation
cycles is expected, similar to the decay in adsorption capacity of CaO. More
research on the adsorption capacity and the chemical stability during carbon-
ation/calcination cycles is needed for the used sorbents to qualify the optimal
sorbent for sorption enhanced gasification of biomass in supercritical water.
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Nomenclature

Roman

a i j Molar number of element i in compound j [-]

b 0
i Initial number of element i in the initial reactant [-]

Cp Specific isobaric heat capacity [J/kgK]

Cε1 Constant, Cε1=1.5, in the Low Reynolds k −εmodel [-]

Cε2 Constant, Cε2=1.9, in the Low Reynolds k −εmodel [-]

Cµ Constant, Cµ=0.09, in the Low Reynolds k −εmodel [-]

D Tube diameter [m]

Di m Diffusion coefficient for diffusion of species i into a mixture of other species
[m2/s]

~d i Diffusion driving forces [1/m]

E Total energy [m2/s2]

Ea Activation energy [kJ/mol]

~f Volume forces [m/s2]

f i Partial fugacity of component i [bar]

G Mass velocity [kg/m2s]

∆r G Gibbs energy of reaction [J]

g Acceleration due to gravity [m/s2]

H Enthalpy [J]

∆Hr Heat of reaction at constant pressure [J]
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h Heat transfer coefficient [W/m2K]

h Specific enthalpy [J/kg]

~j i Diffusive mass flux vector [kg/m2s]

Kw Ionic dissociation constant [(mol/kg)2]

L Tube length [m]

k Thermal conductivity [W/mK]

k Turbulence kinetic energy [m2/s2]

kH Henry’s coefficient [mole/kg · bar]

k 0
H Henry’s coefficient at atmospheric temperature [mole/kg · bar]

kn Homogeneous reaction velocity constant, for nth order: [m3(n−1)/kmoln−1 · s]

kb ,j Backward reaction rate constant for reaction j [mol/s]

k f ,j Forward reaction rate constant for reaction j [mol/s]

lw Distance closest to the wall [m]

M i Molecular weight of species i [kg/mol]

N Number of moles

n j Molar number of component j [-]

Pc Critical pressure [bar]

p Pressure [bar]

Q̇ Volumetric heat source [W]

~q Heat flux vector [W/m2]

R Specific gas constant of mixture [J/kg · K]

ri Chemical source term [kg/m3s]

T Temperature [K]

Tc Critical temperature [K]

t Time [s]

~u Velocity vector [m/s]

x i Mole fraction of species i [-]



Xc Specific gas constant of mixture [J/kgK]

yi Mass fraction of species i [-]

z Axial coordinate [m]

Greek

α Thermal diffusivity [m2/s]

β Coefficient of volume expansion [1/K]

~~δ Unity vector [-]

ε Dielectric constant [-]

ε Rate of dissipation of k [m2/s3]

ηt h Thermal efficiency [-]

κ Dilatational viscosity [kg/m·s]

Λ Wall distance parameter [1/m]

µ Dynamic viscosity [kg/ms]

µj chemical potential of component j [J/mol]

ν Kinematic viscosity [m2/s]

ν ′i j Stoichiometric coefficient of forward reaction [-]

ν ′′i j Stoichiometric coefficient of backward reaction [-]

ξ Extent of reaction [-]

ξ Friction factor [-]

ρ Density [kg/m3]

σε Constant,σε=1.5, in the Low Reynolds k −εmodel [-]

σk Constant,σk =1.4, in the Low Reynolds k −εmodel [-]

~~τ Viscous stress tensor [kg/m · s2]

Mathematical

x̄ Reynolds average of a quantity x

· Inner product

∂
∂ t Partial derivative



∑

Summation

x̃ Favre average of a quantity x

~∇ Gradient operator

~~AT Transpose of vector or matrix ~~A

x ′′ Fluctuation corresponding to Favre average of x

Subscripts

0 Refers to inlet conditions

∞ Refers to the fully developed condition

GC Gas chromatograph

HPLC High pressure liquid chromatography

aid aiding

b Refers to fluid bulk conditions

for forced

lam laminar

mix mixed

nat natural

opp opposing

tur turbulent

w Refers to conditions at the tube wall

Dimensionless groups

Bo Buoyancy parameter

Br Brinkman number

Fr Froude number

Gr Grashof number based on temperature

Grq Grashof number based on heat flux

Gz Graetz number

Nu Nusselt number



Pe Peclet number

Pr Prandtl number

Ra Rayleigh number

Re Reynolds number

St Stanton number

Abbreviations

BM Boston Mathias α function

BPR Back pressure regulator

BSL Baseline

CFD Computational fluid dynamics

EOS Equation of state

IAPWS International association for the properties of water and steam

LHV Lower heating value

MHV2 Modified Huron Vidal mixing rule

PFR Plug flow reactor

RANS Reynolds averaged navier stokes

SCWG Supercritical water gasification

SST Shear stress transport

WS Wong Sandler mixing rule
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