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Summary

The world energy consumption will increase in the next decades. However, many aging oil
fields are showing a steady decline in oil production. Furthermore, new, easily-accessible
fields are discovered at a decreasing rate. Therefore, the oil and gas industry is developing
new technology to extract the maximal amount of oil from an oil field in order to extend
the economic lifespan of the wells.
Over time, many oil fields will produce increasing amounts of water, making the separa-
tion of the oil from the oil-water mixture an important processing step. In-line separation
equipment using swirling flow can provide a light-weight, compact solution for offshore
platforms and deepsea production sites, for which the use of large gravity-based separation
vessels is very costly. In a collaborative ISPT (Institute of Sustainable Process Technology)
project between the University of Twente (UT), Delft University of Technology (TUD),
Wageningen University and Research Centre (WUR) and parties from the oil and gas
industry such an in-line separator has been investigated numerically and experimentally.
In this thesis the work carried out at the UT on the numerical part using computational
fluid dynamics, is discussed. This work has been done in close cooperation with Laurens
van Campen, who has carried out measurements in a large-scale flow loop at the TUD
and with Thomas Krebs, who has investigated experimentally oil-water emulsions at the
WUR.
The numerical simulations employ the time-dependent Reynolds-averaged Navier-Stokes
equations for both single and two-phase flow. The anisotropic SSG Reynolds stress turbu-
lence model is used to describe the effect of turbulence on the mean flow field quantities.
The separator consists of a pipe with an internal diameter of 100 mm, in which the in-
ternal swirl element (ISE) is placed. The ISE is equipped with vanes, which generate the
swirling flow. Downstream of the ISE, due to the centrifugal force the oil flows towards
the center of the 1.7 m long pipe. At the end of this pipe, the oil is extracted by a
concentrically placed pick-up tube.
Based on the incoming oil droplet size, fluid properties, length of the separator, pipe
diameter and other parameters, the required centrifugal force, and therefore the flow de-
flection produced by the ISE, are computed using an engineering approach. A potential
flow method is used to design the shape of the vanes, which cross-section is based on an
airfoil of the NACA four-digit airfoil series. Care is taken in the design of the nose and tail
section of the ISE to smoothly guide the flow past the ISE and to avoid the introduction
of disturbances in the flow.
The performance of the in-line separator is compared to that of a hydrocyclone design in
term of separation efficiency and pressure drop. It turned out that the more compact ISE
has a lower total pressure drop and shows separation efficiency comparable to that of the
hydrocyclone.
The results of numerical simulations of single-phase flow show reasonable agreement with
LDA measurements of the flow in the experimental rig at the TUD. The radial distribution
of the axial velocity is a W-shaped distribution with an annular region of reversed flow
and positive axial velocity in the center of the pipe and near the wall. The distribution
of the azimuthal velocity shows a solid-body rotation in the center and a potential-flow
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vortex type of distribution at larger radius.
A study varying the flow rate has demonstrated that, when scaled with the inlet velocity,
the velocity distributions for high Reynolds numbers almost collapse onto a single curve.
The flow split FS is defined as the ratio between the mass flux extracted through the
pick-up tube and the mass flux at the inlet. For increasing FS, the axial and azimuthal
velocity components in the center increase considerably, while the flow away from the
center shows only small changes. As a result of the increase in azimuthal velocity, the
centrifugal force in the center increases substantially, almost tripling in magnitude when
FS in increased from 0.2 to 0.4.
The velocity distribution downstream of the ISE depends heavily on the ratio of the axial
and azimuthal velocity at the trailing edge of the vanes. This ratio is defined as the swirl
angle Sw. Decreasing Sw from the design value of 6.72, results in a decrease in both the
maximum positive and negative values in the axial velocity distribution, that is, the dis-
tribution becomes flatter. The flow reversal disappears when Sw is decreased further. For
very low Sw, the radial distribution of the axial velocity is V-shaped instead of W-shaped.
The parameter studies have shown that the flow pattern in the separator is complex and
that the dependance of the flow pattern on Re, FS and Sw is complicated.
For two-phase flow, the modeling of the interfacial force terms has been investigated.
Compared to the results of emulsion compression experiments at the WUR, the use of
the Ishii-Zuber drag law in the numerical simulations leads to an overprediction of the oil
volume fraction. Also, a maximum oil volume fraction as function of the centrifugal force
is observed in the experiments. However, this is not seen in the numerical results. The
numerical results obtained using the Ishii-Zuber drag law therefore require critical review.
Furthermore, the use of an isotropic turbulent dispersion model results in excessive dif-
fusion of the oil volume fraction. The development of a model for anisotropic turbulent
dispersion is recommended for future work. Finally, in Ansys CFX 14.0 the use of the
virtual mass force leads to an unphysical distribution of the oil volume fraction near the
pipe wall. Its use is therefore not recommended until this issue is resolved.
In the in-line separator, the radial distribution of the velocity for two-phase flow is similar
to that of single-phase flow. As expected, the separation efficiency increases for increasing
FS. However, the numerical results overpredict the separation efficiency, in some extreme
cases by 50 %. For a high oil volume fraction at the inlet, the numerical results show a
flooding phenomenon, which gives a decrease in separation efficiency. This feature has
not been observed in the experiments.
In the experiments droplet break-up has been observed, which causes a mismatch between
the droplet size in the experimental work and the one assumed in the numerical work.
A reduction in the size of the mono-dispersed droplets in the numerical simulations to
values representative for ones in the flow loop at the TUD, decreases the differences in
results between experimental and numerical work substantially. Although, the separation
efficiency is still overpredicted by the numerical simulations compared to the experiments.
Furthermore, the drag law fails to reproduce the behavior of the emulsion seen in the
center of the pipe in the experiments. Further research is needed to improve the modeling
of the drag between the phases in order to accurately predict the oil volume fraction. The
inclusion of an anisotropic turbulent dispersion model in the computation may improve
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the numerical predictions.
The evolution of the droplet size distribution can be described by the use of population
balance models. In the present work a method of classes has been used. Only turbulence-
induced coalescence is currently accounted for in the modeling. The coalescence model
of Coulaloglou and Tavlarides has been implemented in Ansys CFX in order to more accu-
rately describe the coalescence behavior for liquid-liquid two-phase flows. Unfortunately,
the break-up model did not function properly. Therefore, a simulation has been carried
out with a droplet size of 50 µm at the inlet, for which it is expected that break-up will
not occur in the flow as it passes the ISE. Further downstream the turbulent dissipation
rate is much lower and break-up, even of large droplets, is not expected to occur.
The result for poly-dispersed two-phase flow show a modest increase in the Sauter mean
diameter from 50 to about 80 µm in the center of the pipe. Further away from the
axis of the separator the droplet growth is even smaller. The separation efficiency is,
although improved, still quite close to the one for the two-phase flow simulation with
mono-dispersed 50 µm droplets.
The current modeling of the coalescence process in the densely packed emulsion in the
center of the pipe is apparently incomplete. Further research is required to achieve a better
prediction of the poly-dispersed flow in the center. Droplet break-up should be incorpo-
rated into future research. Although much progress has been made, the large differences
between experimental and numerical results, limited understanding of dense emulsions in
swirling, turbulent flow and long computational times raise questions about the feasibility
of using transient CFD calculations to optimize the design of oil-water separators in an
industrial environment.
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Samenvatting

De wereldwijde vraag naar energie zal de komende decennia toe blijven nemen. Vele oud-
ere olievelden laten echter een dalende olie productie zien. Tevens worden er steeds minder
nieuwe, gemakkelijk toegankelijke olievelden ontdekt. De olie en gas industrie ontwikkelt
daarom nieuwe technologie om de economische levensduur van een veld te maximaliseren.
Na verloop van tijd zal voor de meeste olievelden de hoeveelheid geproduceerd water
toenemen. Dit maakt de scheiding van de olie uit het olie-water mengsel een belangrijke
stap in de verwerking van de ruwe olie. In-line centrifugale scheidingsinstallaties kunnen
compacte, lichtgewicht alternatieven bieden, die in te zetten zijn op plaatsen waar gang-
bare scheidingsvaten hoge kosten met zich mee brengen, bijvoorbeeld op boorplatforms
en in sub-sea installaties. In een samenwerkingsproject van de Universiteit Twente (UT),
de Technische Universiteit Delft (TUD), de Wageningen Universiteit en Research centrum
(WUR) en de industrie is een dergelijke compacte, centrifugale olie-water scheider zowel
numeriek als experimenteel onderzocht. Het onderzoek met betrekking tot het numerieke
gedeelte, uitgevoerd aan de Universiteit Twente, wordt in dit proefschrift beschreven.
Laurens van Campen heeft in Delft metingen verricht aan een experimentele opstelling
van de scheider. Thomas Krebs heeft in Wageningen het gedrag onderzocht van olie-
water emulsies.
De numerieke simulaties maken gebruik van de tijdsafhankelijke Reynolds-gemiddelde
Navier-Stokes vergelijkingen voor zowel een- als twee-fase stromingen. Het anisotrope
SSG Reynolds spanningsmodel is gebruikt om het effect van de turbulentie op de gemid-
delde snelheden te representeren.
De olie-water scheider bestaat uit een pijp met een diameter van 100 mm, waarbinnen
een wervelgenerator is geplaatst. De interne wervelgenerator bestaat uit een centraal
lichaam, met negen gekromde bladen tussen het centrale lichaam en de binnenwand van
de pijp. De wervelgenerator produceert een roterende stroming in de pijp. In deze wervel-
stroming beweegt de olie naar het midden van de 1.7 m lange pijp, waar de olie wordt
afgevangen door een centraal geplaatste extractiebuis. Een praktische aanpak is gevolgd
om de benodigde centrifugale krachten, en daarmee de gewenste azimuthale snelheid van
het olie-water mengsel te bepalen. Hierbij is rekening gehouden met de diameter van
de binnenkomende druppels, de vloeistof eigenschappen, de scheider lengte en de pijp
diameter. Een potentiaalstromingsmethode is gebruikt om de vorm van de bladen te
ontwerpen. Deze bladen zijn gebaseerd op de NACA 4-serie. De neus en staart secties
van de interne wervelgenerator zijn dusdanig ontworpen dat de stroming glad verloopt
en dat verstoringen van de stroming worden vermeden. De prestaties van de centrifugaal
scheider zijn vergeleken met die van een hydrocycloon in termen van scheidingsefficiëntie
en drukval. Voor vergelijkbare scheidingsefficiëntie is de drukval over de compactere cen-
trifugaal scheider kleiner.
Vergelijking van de resultaten van de numerieke simulaties en de resultaten van de ex-
perimenten laat voor een-fase stromingen een redelijke overeenkomst zien. De radiale
verdeling van de axiale snelheid heeft een W-vorm met positieve snelheden in zowel het
midden van de pijp als bij de wand en een annulair gebied met terugstroming. De radiale
distributie van de azimuthale snelheid lijkt sterk op die van een potentiaal wervel met
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een vaste-lichaam rotatie in het centrum van de pijp. Een studie naar het effect van de
variatie van het debiet laat zien dat, mits geschaald met de inlaat snelheid, de snelheids-
verdelingen bij hoge Reynolds getallen op dezelfde kromme samenvallen.
De extractie ratio is gedefinieerd als de verhouding tussen de massa-flux welke de scheider
verlaat door de extractie buis en de massa-flux door de inlaat. Bij toenemende extrac-
tie ratio nemen de axiale en azimuthale snelheden in het midden van de pijp meer dan
evenredig toe, terwijl de snelheidsveranderingen in de buurt van de wand gering zijn. Ten
gevolge van de toegenomen azimuthale snelheid neemt de centrifugale kracht drastisch
toe. Voor een toename van de extractie ratio van 0.2 tot 0.4, stijgt de maximale centrifu-
gale kracht met een factor 3.
Het stromingspatroon hangt sterk af van de verhouding tussen azimuthale en axiale snel-
heid van de stroming uit de wervelgenerator. Deze verhouding is gedefinieerd als de
wervelhoek. Verlaging ten opzichte van de ontwerpwaarde van 6.72, leidt tot een af-
name van zowel de maximale positieve als negatieve snelheden. Het snelheidsprofiel in
het dwarsvlak wordt dus vlakker. Het terugstroomgebied verdwijnt bij een verdere af-
name van de wervelhoek. De axiale snelheidsverdeling heeft zelfs een V-vorm in plaats
van een W-vorm voor zeer lage wervelhoek. Parameter studies hebben aangetoond dat
het stromingspatroon in de scheider complex is en dat er geen simpele relaties zijn voor
de afhankelijkheid van de stroming met betrekking tot Reynolds getal, extractie ratio en
wervel hoek.
Er is een analyse uitgevoerd van de modelering van de interactie-krachten in twee-fase
stromingen. In vergelijking met de resultaten van emulsie compressie experimenten uit-
gevoerd aan de WUR, leidt het gebruik van de correlatie voor de weerstand van Ishii en
Zuber in de numerieke simulaties tot een te hoge olie volume fractie. Ook wordt er in
de experimenten een maximale olie volume fractie gevonden, welke afhankelijk is van de
grootte van de centrifugaal kracht. Dit effect is niet waargenomen in de numerieke simu-
laties. De resultaten verkregen met de Ishii-zuber correlatie voor de weerstand moeten
kritisch worden gëınterpreteerd.
Als er in de numerieke simulaties gebruik wordt gemaakt van een isotroop turbulent disper-
sie model treedt er niet-realistische diffusie op van de olie volume fractie. De ontwikkeling
van een anisotroop turbulent dispersie model wordt aanbevolen voor toekomstig onder-
zoek.
In de resultaten van numerieke simulaties met Ansys CFX 14.0, ontstaat er een niet-
fysische verdeling van de olie volume fractie bij de wand van de pijp als de toegevoegde
massa van de gedispergeerde fase wordt meegenomen. Het advies is daarom om dit model
niet te gebruiken totdat deze problemen zijn opgelost.
De snelheidsverdeling bij twee-fase stromingen zijn vergelijkbaar met die van de een-fase
stroming. Zoals verwacht stijgt de scheidingsefficiëntie met toenemende extractie ratio.
Echter, de scheidingsefficiëntie wordt numeriek te hoog voorspeld. De overschatting kan
in het meeste extreme geval oplopen tot 50 %. Voor een hoge inlaat olie volume fractie
laten de berekeningen een duidelijke daling zien in scheidingsefficiëntie, dit effect wordt
niet gevonden in de metingen bij de TUD.
In de experimentele opstelling breken de olie druppels op in kleinere druppels, waardoor er
een verschil ontstaat tussen de druppelgrootte in de experimenten en die in de berekenin-
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gen wordt gebruikt. Het gebruik van een druppelgrootte, welke meer overeenkomt met
de druppelgrootte waargenomen in de experimentele opstelling, leidt tot een significante
verkleining van het verschil in scheidingsefficiëntie tussen metingen en berekeningen. Maar
de scheidingsefficiëntie wordt nog steeds overschat in de numerieke resultaten. De ge-
bruikte modelering van de weerstandskrachten kan het gedrag van de emulsie in het
midden van de pijp niet goed beschrijven. Daarom is verder onderzoek nodig om een
betere modelering van de weerstandskrachten te krijgen en zodoende beter de olie volume
fractie in het midden van de pijp te kunnen voorspellen. Ook kan het meenemen van
anisotrope turbulente dispersie de nauwkeurigheid van de resultaten verbeteren.
De verandering van de druppelgrootte verdeling kan worden beschreven door gebruik te
maken van populatie balansmodellen. In dit onderzoek is gebruik gemaakt van een zoge-
naamde klassen methode. Enkel coalescentie ten gevolge van turbulentie is meegenomen
in de modelering. Het coalescentie model van Coulaloglou en Tavlarides is gëımplementeerd
in Ansys CFX, omdat dit model een betere beschrijving van coalescentie in olie-water
mengsels geeft. Helaas werkte in CFX het standaard model voor het opbreken van drup-
pels niet goed. Daarom is een numerieke simulatie uitgevoerd met een poly-disperse
verdeling van druppelgroottes, startend met een uniforme verdeling van druppels met een
diameter van 50 µm bij de inlaat. Er wordt verwacht dat voor deze druppelgrootte het
opbreken van druppels niet optreedt als het olie-water mengsel door de interne wervelgen-
erator stroomt. Verder stroomafwaarts zullen ook grotere druppels stabiel zijn, omdat de
turbulente dissipatie hier veel lager is.
De resultaten van de numerieke simulatie met een poly-disperse verdeling laten een
beperkte groei in Sauter gemiddelde diameter zien, namelijk van 50 tot ongeveer 80
µm in de midden van de pijp. De druppelgroei neemt af naar de wand toe en is nihil
bij de pijpwand. De scheidingsefficiëntie is weliswaar hoger, maar ligt dicht bij de schei-
dingsefficiëntie berekend voor een twee-fase stroming met een constante druppelgrootte
van 50 µm.
De huidige beschrijving van het coalescentie proces in de dichtgepakte emulsie in het
midden van de pijp is incompleet. Verder onderzoek is nodig om betere voorspellingen te
kunnen doen van dergelijke twee-fase stromingen. Daarnaast moet in volgend onderzoek
het opbreken van de druppels worden meegenomen. De grote verschillen tussen numerieke
en experimentele resultaten, onvolledige kennis van coalescentie gedrag in dichte emulsies
in roterende, turbulente stromingen en de zeer lange rekentijden maken dat verder on-
derzoek nodig is voordat de toepasbaarheid van tijdsafhankelijke numerieke stromings-
berekeningen voor het optimaliseren van olie-water scheiders haalbaar is in een industriële
omgeving.
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CHAPTER 1

Introduction

1.1 Oil production

Crude oil is the world’s primary energy source and is an essential raw material for many
products such as plastics and pharmaceuticals. In 2007 the world use of liquid fuels was
86.1 million barrels per day. Furthermore, the worldwide demand for oil, while fluctuating
due to economic circumstances, show an increasing trend. From 2007 to 2035, the world
energy consumption is predicted to rise by 49% [22]. In addition to the increasing demand
for oil, the number of easily accessible fields is decreasing. For example, in 2010 the proven
world oil reserves are estimated to have increased by 12 billion barrels or about 1% since

Figure 1.1: World marketed energy consumption in exajoule (EJ), 1990-2035. Adapted from
[22].
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2009 [22]. Therefore, the amount of oil extracted from each oilfield is being maximized
to extend its economic lifespan.

1.1.1 Geology

In the Middle East oil was already used for lighting and for the waterproofing of boats
five thousand year ago. In that region the oil was seeping out of the ground. However, in
general the crude oil, along with gases and water, has to be extracted from porous reservoir
rocks buried deep below the surface. These rocks are permeable so fluid can migrate into
the reservoir. An essential feature of these reservoir rocks is the impermeable ceiling,
trapping its content in the reservoir. These conditions can for instance be encountered in
an anticline, as sketched in figure 1.2.
Due to the density differences, gas and crude oil will migrate to the upper levels of the
reservoir, pushing down the water. Therefore, as oil fields mature, crude oil is produced
with increasing quantities of water. This volume fraction of water can increase to over
80% [90, 95]. In the first stage of recovery a well is drilled through the impermeable layer.
Initially, the well pressure is often high enough to push the crude oil to the surface. At
a later stage, the well pressure decreases and other methods need to be employed to
maintain an economic extraction rate. These methods include using beam pumps or the
introduction in the reservoir of surface-tension reducing chemicals.

1.1.2 Gravity-based oil-water separation

Due to the high water cut, that is the volume fraction of water, the efficient separation of
oil from water becomes an increasingly important processing step. The water is often salty,
which may lead to corrosion of downstream equipment. Furthermore, the separation of the
phases is required in order to reduce the demands on the transport facilities. The volume
to be transported over long distances is greatly reduced by discharging cleaned, separated
water into the environment. Alternatively, the separated water can be re-injected into the
deeper layers of the reservoir in order to maintain the well pressure. In both cases the

Figure 1.2: An anticline formed by an impermeable layer trapping hydrocarbons. After [102]
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Figure 1.3: Sketch of a three-phase, gravity-based separation vessel. Adapted from [15].

water quality has to meet certain specifications.
The separation of the liquid phases presents some difficulties. The density difference
between the oil and the water, which is the driving force behind mechanical separation,
is only small. Furthermore, emulsification can be encountered. Sometimes the formation
of these emulsions is exacerbated by chemicals added to the reservoir. The emulsions
must be broken but poor coalescence properties can hinder this process. In addition, the
separation equipment must be capable to deal with slugging, which introduces strong
variations in volume fractions of the incoming feed.
Mostly, separation is achieved in very large vessels employing the action of gravity. This
method has not changed significantly over the last decades. A sketch of such a vessel
with its various internal components is given in figure 1.3. A mixture of oil, water and
gas enters through an inlet device which distributes the incoming mixture evenly over
the cross-section of the separator. A weir is placed to collect the water and to prevent
spill over of water into the oil outlet. Often coalescing packs are installed to increase
the capacity of the separator. These packs consist of inclined, perforated plates which
drastically reduce the settling distance of the droplets. The droplets coalesce on these
plates to form larger droplets or a continuous layer of liquid which can be separated more
easily.
To attain a large separation capacity the separation vessels need to be very large as well.
The corresponding large weight and space requirements of these vessels lead to high costs
for off-shore processing facilities. The reasons are that the platform needs to be expanded
to accommodate these facilities, while also the structure of the entire platform needs to
be strengthened to carry the larger weight. This will in turn further increase the weight
and therefore the costs.

1.2 Centrifugal in-line separation

The separation can also be achieved by the use of swirling flow. In that case the driving
force behind separation of the phases is the centrifugal force which can easily be a hundred
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times larger than gravity. The lighter fluid will be forced to migrate to the center of the
centrifugal force field, while the heavier fluid flows towards the outside. Subsequently, the
phases can be extracted by separate outlet devices. Preferably, this method of separation
is carried out in-line. For in-line separation piping is used instead of large vessels.
The higher body forces experienced by the dispersed phase leads to a strong reduction in
residence time, and therefore to a reduction in footprint and weight, of the separation de-
vice while retaining the required capacity. The size reduction also leads to significant cost
reduction. Additionally, the small size results in a lower amount of hydrocarbons present
in the separator during operation. This reduction in volume diminishes the requirement
for flare and vent facilities needed in case of a blow-down, hence leading to improved
safety features. The smaller size of the equipment requires a lower level of control and
monitoring instrumentation, which reduces the maintenance burden. Also by utilizing
piping to achieve separation, the need for costly inspections of the large separation vessels
is eliminated.
One of the disadvantages of centrifugal separators is the risk of droplet break-up due to
the occurrence of strong shear layers and increased turbulence. Moreover, complete se-
paration may not be achieved and multiple devices in series may be needed. Controllability
of the process, for instance in case of slug formation, is more difficult compared to that
of the gravity-based vessels. This is due to the shorter residence times in the centrifugal
separator than in a gravity settler.
Swirling flow has been used successfully for other applications, such as the separation of
solids from either gas [48] or liquid [11]. Liquid-liquid separation is more challenging due
to the smaller density difference between the phases, high volume fraction of oil, poor
coalescence and the danger of emulsion formation. Early research on hydrocyclones for
liquid-liquid separation was carried out by Colman [21]. Further work on this type of
separators is an active field of research, see for instance [39, 81, 99]. Dirkzwager [29]
designed an axial hydrocyclone for in-line liquid-liquid separation. In an axial hydrocy-
clone the separated phases flow co-currently towards their respective downstream outlets.
Single-phase experiments were carried out for this separator by Dirkzwager. Subsequently,
Murphy et al. [78] compared these measurements with numerical results from two differ-
ent computational fluid dynamics (CFD) packages. It was found that the main features
of the flow were qualitatively well represented in the numerical simulations. However,
large quantitative differences were observed between the numerical results mutually and
between numerical results and experimental data. The in-line separator was further de-
veloped and investigated numerically by Delfos et al. [27]. This involved the design of an
oil extraction outlet and the development of a computationally inexpensive numerical tool
for the design of separator prototypes. The development in the present project is based
on this previous work.

1.3 Project structure and objectives

The present project is a research project of the Institute for Sustainable Process Tech-
nology (ISPT) research project: Oil & Gas 00-004. ISPT is a public-private partnership
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facilitating technology innovation programs in which universities, industry partners and
knowledge institutes collaborate. The present project involves three universities, the Uni-
versity of Twente (UT), Delft University of Technology (TUD) and Wageningen University
and Research Centre (WUR) and four industrial partner companies; FMC-CDS separation
systems, Frames BV, Shell and Wintershall. The goal is to investigate the processes of
enhanced oil-water separation by swirling flow encountered in these dense dispersions. Al-
though cyclonic separation equipment for oil-water separation is already available on the
market, there is a strong need for a better understanding of these processes. At the Uni-
versity of Twente the focus is on the modeling and on numerical simulations using CFD.
That part of the ISPT project is discussed in this thesis. At Delft University of Technol-
ogy the large-scale flow loop experiments are carried out by Laurens van Campen. At the
Wageningen University Thomas Krebs studies dispersions on a smaller scale; specifically
the coalescence behavior.
At the UT the CFD is utilized as a tool to obtain a good understanding of flow patterns
of the swirling turbulent flow of oil-water mixtures. The CFD methodology employed uses
two-phase flow models that incorporate a coalescence model for oil droplets. The aim is
to understand the oil-water separation capability of devices using swirling oil-water flows
as function of key parameters, such as geometry, oil properties and operating conditions.
These numerical results are validated by the results of the experiments carried out at
the TUD for both single-phase water flow and for oil-water flows. The effect of opera-
tional parameters on the separation efficiency and pressure drop is described. From the
coalescence studies at the WUR an understanding and description of the various droplet
coalescence mechanisms will be attained as well as insight how the dispersion properties
depend on oil properties and surfactant concentrations.

1.4 Outline of thesis

In chapter two the CFD methodology used is described in some detail. This discussion
includes the governing equations for single and two-phase flow, the turbulence model
necessary for the closure of the Reynolds-averaged-Navier-Stokes (RANS) equations and
the coupling between the equations for oil and water in the Eulerian model of two-phase
flow. Subsequently, chapter three describes the design of the prototype of the oil-water
separator. In addition, the experimental setup at the TUD is briefly discussed. In chapter
four the results for single-phase flow through the separator are examined, including a
comparison between numerical and experimental results. A similar analysis for the results
obtained for the two-phase flow is presented in chapter five. The topic of chapter six is
the research on the population balances, which model the evolution of the droplet size
distribution (DSD) in the two-phase flow. In chapter seven conclusions are formulated
and recommendations are made for further research.
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CHAPTER 2

Computational fluid dynamics

2.1 Introduction

The behavior of the flow is described by the Navier-Stokes equations. For a transient,
incompressible flow they are given by:

∇.u = 0 (2.1)

∂u

∂t
+ (u.∇)u = −∇p

ρ
+ ν∇2u + g (2.2)

Here ρ is the density, p is the static pressure, u is the velocity, ν the kinematic viscosity and
g is the gravitational acceleration. In the present study it is assumed that the temperature
does not vary significantly, so that the dynamic viscosity can be considered constant and
therefore ν = µ/ρ. The flow field in the centrifugal separator is complex and cannot be
predicted by analytical means. Therefore, numerical simulations are used to investigate
the flow. A direct numerical simulation (DNS), which reveals all details of the flow by
resolving all relevant length and time scales, is simply unattainable due to the enormous
computational costs. Therefore, the Reynolds averaged Navier-Stokes (RANS) equations
are used.
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2.2 Single-phase Reynolds Averaged Navier-Stokes equa-
tions

In the derivation of the RANS equations for incompressible, isothermal turbulent flows
the Reynolds decomposition of the velocity and the pressure is used

u = 〈u〉+ u′

p = 〈p〉+ p′ (2.3)

Here 〈u〉 and 〈p〉 are the time-averaged mean velocity vector and time-averaged pressure,
respectively. Moreover, u′ and p′ are the fluctuating velocity vector and the fluctuating
pressure, respectively. The underlying assumption is that the time-scale over which the
equations are averaged is much larger than the time-scale of the turbulent fluctuations,
but is much smaller than the time-scale of changes of the mean flow field quantities.
Substitution of equation (2.3) in equations (2.1) and (2.2) and time-averaging the result
leads to the Reynolds-averaged Navier-Stokes equations

∇.〈u〉 = 0 (2.4)

∂〈u〉
∂t

+ (〈u〉.∇)〈u〉 = −∇〈p〉
ρ

+ ν∇2〈u〉+ g −∇.〈u′u′〉 (2.5)

In equation (2.5) 〈u′u′〉 are the so-called Reynolds stresses. The quantity ρ〈u′u′〉 can be
identified as the apparent stress arising from the mean momentum flux by the fluctuating
velocity field [82]. The introduction of the Reynolds stresses leads to a closure problem:
a model is required that expresses the Reynolds stresses in terms of the time-averaged
flow field quantities. This will be discussed in section 2.3.
Regions in the flow domain of complicated topology or fine-scale solid structures, such as
membranes or honeycomb flow straighteners, can be approximated as porous domains. In
the porous domain the single-phase flow equations are given by

∇.(γ〈u〉) = 0 (2.6)

γ
∂〈u〉
∂t

+ γ(〈u〉.∇)〈u〉 = −γ∇p
ρ

+ γν∇2〈u〉+ γg (2.7)

− γ∇.〈u′u′〉+
γ

ρ
Sm (2.8)

The porous region is characterized by its porosity γ(x) and the momentum loss vector
Sm. The porosity γ is defined as the fraction of the volume occupied by fluid. At the
interfaces between the fluid and the porous regions a jump in porosity is present. The
momentum loss vector Sm represents the inertial loss, which depends on the dynamic
pressure, that is the square of the fluid velocity

Sm = −Kloss
ρ

2
|〈u〉|〈u〉 (2.9)

Here Kloss is a tensor of loss coefficients.
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2.3 Turbulence modeling

The use of eddy-viscosity models to express the Reynolds stresses in terms of the mean
quantities is not well suited for swirling flow [82]. The skewness of the flow violates the
eddy-viscosity assumption that the shear stress and the velocity gradient have the same
direction, as pointed out by Kitoh [57]. Various sources of turbulence, for example strain
rates, are not represented by the eddy viscosity models. Moreover, the assumption of
isotropic turbulence overstates the shear stresses and the radial diffusion of momentum
[78].
Therefore a Reynolds stress model (RSM) is used, in which the six independent Reynolds
stresses 〈u′u′〉 are provided by transport equations. One of the advantages of this model is
that the production terms of the Reynolds stresses can be represented exactly. Therefore,
the strain rates associated with streamline curvature and flow skewness, both occurring
in swirling flow, are incorporated in the terms representing production of turbulence [45].
Moreover, anisotropic behavior of the turbulent flow can be accounted for by the use of
separate transport equations for each of the Reynolds stresses.
In the present research the Reynolds stress model SSG of Speziale, Sarkar and Gatski is
used [105]. Contrary to other models, this model uses a quadratic pressure-strain relation.
This will be explained in more detail below. The SSG RSM is recommended for swirling
flows, e.g. by Cullivan et al. [25] and Chen et al. [18]. To close the SSG model, a seventh
transport equation for the turbulent dissipation rate ε is included.

2.3.1 Reynolds stress transport equation

By subtracting the Reynolds averaged Navier-Stokes equations (2.5) from the Navier-
Stokes equations, equation (2.2), a transport equation for the velocity fluctuation u′j is
obtained

∂u′j
∂t

+ uk
∂u′j
∂xk

= −u′k
∂〈uj〉
∂xk

− 1

ρ

∂p′

∂xj
+ ν

∂2u′j
∂xk∂xk

+
∂〈u′ku′j〉
∂xk

(2.10)

Here the notation of summation over re-occurring indices is used. Employing the relation〈
u′j

(
∂u′i
∂t

+ uk
∂u′i
∂xk

)
+ u′i

(
∂u′j
∂t

+ uk
∂u′j
∂xk

)〉
=
∂〈u′iu′j〉
∂t

+ 〈uk〉
∂〈u′iu′j〉
∂xk

+
∂〈u′iu′ju′k〉

∂xk
(2.11)

a transport equation for the Reynolds stresses can be derived

∂〈u′iuj〉
∂t

+ 〈uk〉
∂〈u′iu′j〉
∂xk

+
∂〈u′iu′ju′k〉

∂xk
= Pij + Πij − εij + ν

∂2〈u′iu′j〉
∂xk∂xk

(2.12)

Here Pij is the production tensor which gives the Reynolds stresses generated by the
gradients of the mean flow velocity. It transfers kinetic energy from the mean velocity
field to the fluctuation velocity field. The production tensor is given by

Pij = −〈u′iu′k〉
∂〈uj〉
∂xk

− 〈u′ju′k〉
∂〈ui〉
∂xk

(2.13)
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The Πij term is the velocity-pressure gradient tensor. The effect of the fluctuating pressure
is to redistribute the energy among the Reynolds stress components. The velocity-pressure
gradient tensor is given by

Πij = −1

ρ

〈
u′i
∂p′

∂xj
+ u′j

∂p′

∂xi

〉
(2.14)

The dissipation tensor εij is given by

εij = 2ν

〈
∂u′i
∂xk

∂u′j
∂xk

〉
(2.15)

Further insight can be gained when Πij is decomposed into

Πij = Rij −
∂T

(p)
ijk

∂xk
(2.16)

Here Rij is the pressure-strain tensor, which redistributes the energy among the Reynolds
stresses. It is given by

Rij =

〈
p′

ρ

(
∂u′i
∂xj

+
∂u′j
∂xi

)〉
(2.17)

The pressure transport tensor T
(p)
kij is given by

T
(p)
kij =

1

ρ
〈u′ip′〉δjk +

1

ρ
〈u′jp′〉δik (2.18)

Here δij is the Kronecker delta. It should be noted that this decomposition is not unique
and other options are available. Further simplification can be achieved by grouping
the pressure transport, the turbulent convection and the viscous diffusion tensors in the
Reynolds stress flux tensor Tkij

Tkij = T
(u)
kij + T

(p)
kij + T

(ν)
kij (2.19)

with the turbulent convection tensor T
(u)
ijk

T
(u)
kij = 〈u′iu′ju′k〉 (2.20)

and the viscous diffusion tensor T
(ν)
kij

T
(ν)
kij = −ν

∂〈u′iu′j〉
∂xk

(2.21)

This yields the exact transport equation for the Reynolds stresses for an incompressible,
isothermal turbulent flow

∂〈u′iuj〉
∂t

+ 〈uk〉
∂〈u′iu′j〉
∂xk

+
∂Tijk
∂xk

= Pij +Rij − εij (2.22)

The term representing convection by mean flow and the production term consist of known
quantities within the framework of the RANS equations, however, the other terms have
to be modeled
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Reynolds stress closure

Currently, in most Reynolds stress models the terms T
(u)
kij and T

(p)
kij are combined into

T ′kij and are subsequently modeled as one term [82]. Here the gradient-diffusion model
of Shir [101] is used

T
(ν)
kij + T ′kij = −

(
ν +

2

3
Cs
k2

ε

)
∂〈u′iu′j〉
∂xk

(2.23)

Here Cs is a constant and k is the turbulent kinetic energy given by k = 1
2u
′
iu
′
i.

The pressure strain tensor Rij is of crucial importance and its modeling has been subject
to extensive research. Insight into the various mechanisms contributing to the pressure-
strain tensor can be gained by examining the fluctuating pressure p′. For incompressible
flows taking the divergence of the Navier-Stokes equations gives a Poisson’s equation
for the pressure p. Reynolds decomposition can be applied to find an expression for the
Reynolds averaged pressure 〈p〉. The latter can be subtracted from the former to find the
following equation for the fluctuating pressure p′

1

ρ
∇2p′ = −2

∂〈ui〉
∂xj

∂u′j
∂xi
− ∂2

∂xi∂xj
(u′iu

′
j − 〈u′iu′j〉) (2.24)

Therefore the fluctuating pressure p′ can be split into three contributions

p′ = p(s) + p(r) + p(h) (2.25)

Here the superscripts s, r and h stand for slow, rapid and harmonic, respectively. The
slow pressure p(s) satisfies

1

ρ
∇2p(s) = − ∂2

∂xi∂xj
(u′iu

′
j − 〈u′iu′j〉) (2.26)

Unlike the slow pressure p(s), the rapid pressure p(r) responds directly to changes in the
mean velocity gradients. It satisfies

1

ρ
∇2p(r) = −2

∂〈ui〉
∂xj

∂u′j
∂xi

(2.27)

Finally the harmonic pressure p(h) satisfies

1

ρ
∇2p(h) = 0 (2.28)

In the same manner the pressure-strain tensor can be split into the three contributions,

for instance by replacing p′ in equation (2.17) by p(s). The harmonic contribution R
(h)
ij

is often neglected in the modeling since it is assumed to be much smaller than the other
two contributions and is insignificant away from the wall [72]. In decaying homogeneous

anisotropic turbulence R
(s)
ij is the only non-zero term in the pressure-strain tensor and will
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act to make the turbulence more isotropic. Subsequently this type of turbulent flow has
been used extensively for the modeling of this slow pressure or return-to-isotropy term.
Often the model by Rotta [89] is used

R
(s)
ij = −CRεaij (2.29)

Here the constant CR = 1.8 and aij is the normalized anisotropy tensor defined as

aij =
〈u′iu′j〉
k
− 2

3
δij (2.30)

However, for swirling flow the non-linear return-to-isotropy modeling from the SSG model
[105] performs better, therefore it is used in the present work

R
(s)
ij = −ε

[
Cs1aij + Cs2

(
aikakj −

1

3
almalmδij

)]
(2.31)

Here the constants Cs1 = 1.7 and Cs2 = -1.05. Evidently, this term is quadratic in the
anisotropy tensor. The rapid pressure-strain tensor in the SSG model is given by

R
(r)
ij = −Cr1

P

ρ
aij + Cr2kSij

−Cr3kSij
√
almalm

+Cr4k (aikSjk + ajkSik − 2/3 aklSklδij)

+Cr5k (aikΩjk + ajkΩik) (2.32)

here P is the production of turbulent kinetic energy

P = −1

2
Pkk = −〈u′ku′l〉

∂〈uk〉
∂xl

(2.33)

Sij is the mean strain rate tensor, defined by

Sij =
1

2

(
∂〈ui〉
∂xj

+
∂〈uj〉
∂xi

)
(2.34)

and Ωij is the mean vorticity tensor, defined by

Ωij =
1

2

(
∂〈ui〉
∂xj

− ∂〈uj〉
∂xi

)
(2.35)

The constants of the pressure strain tensor Rij in SSG model are given in table 2.1. The
dissipation tensor εij is modeled as

εij =
2

3
δijε (2.36)
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Cs1 Cs2 Cr1 Cr2 Cr3 Cr4 Cr5

1.7 -1.05 0.9 0.8 0.65 0.625 0.2

Table 2.1: Constants of rapid pressure tensor R
(r)
ij in the SSG model.

Here ε is the dissipation rate of turbulent kinetic energy or simply dissipation. For flows
at high Reynolds numbers equation (2.36) is valid due to local isotropy [82]. A separate
transport equation for ε is part of the turbulence modeling. This equation is given by

∂ε

∂t
+ 〈uk〉

∂ε

∂xk
=

∂

∂xk

(
CRS

k2

ε

∂ε

∂xk

)
+ ν

∂2ε

∂xk∂xk
+ Cε1

Pε

k
− Cε2

ε2

k
(2.37)

The constants Cε1 = 1.45, Cε2 = 1.83 and CRS = 0.066. For more information on the
dissipation transport equation the reader is referred to Hanjalic and Launder [46]. Below
the summation convention is no longer used.

2.3.2 Wall functions

To accurately describe the flow near the wall a very fine mesh is required in order to resolve
the steep gradients in the velocity close to the wall. Moreover, damping functions must be
added to the turbulence modeling to ensure its validity in the viscous sub-layer. For three-
dimensional industrial flow problems the former requirement leads to large computational
times and the latter increases the complexity of the model. Both issues can be avoided
by the use of wall functions. These wall functions employ the log-law

〈u1〉 = uτ

(
1

κ
ln(y+) +B

)
(2.38)

Here 〈u1〉 is the velocity tangential to the surface, κ = 0.41 and B = 5.2 [82]. Further-
more, uτ is the so-called friction velocity

uτ =
√
τw/ρ (2.39)

The wall shear stress is denoted by τw. The dimensionless wall distance y+ is given by

y+ =
yuτ
ν

(2.40)

Here y is the distance normal to the wall. For flow parallel to the wall, equation (2.38)
gives the relation between wall shear stress and velocity in the log-layer. This empirical
relation can be used to bridge the viscosity-affected layer very close to the wall, the so-
called viscous sublayer in which 〈u1〉 = uτy

+, by applying the boundary condition at a
distance away from the wall.
However, equation (2.38) becomes singular when the wall shear stress approaches zero.
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Therefore, the friction velocity uτ in the natural logarithm is replaced with a more robust
velocity scale; the nominal friction velocity u∗τ

u∗τ = C
1/4
µ k

1/2 (2.41)

Even when the wall shear stress is zero u∗τ will be non-zero. The derivation of the
nominal friction velocity is based on the two-equation turbulence modeling, for which
the wall function approach was initially developed. In a two-dimensional boundary layer,
the momentum equation of the RANS equations for steady flow with a two-equation
turbulence model can be approximated as

〈u1〉
∂〈u1〉
∂x1

+ 〈u2〉
∂〈u1〉
∂x2

= −1

ρ

∂〈p〉
∂x1

+
∂

∂x2

[
(ν + νt)

∂〈u1〉
∂x2

]
(2.42)

The subscripts 1 and 2 refer to the tangential and the normal direction with respect to
the wall, respectively. The kinematic eddy viscosity νt is defined as

νt = Cµ
k2

ε
(2.43)

The empirical constant Cµ = 0.09 is used in two-equation turbulence modeling. By
rewriting the velocity components in a series expansion Wilcox [115] shows that, to leading
order, in the log-layer the convective term and the pressure gradient are small compared
to the viscous term. Therefore, the equation can be further approximated as

∂

∂x2

[
(ν + νt)

∂〈u1〉
∂x2

]
= 0 (2.44)

Integrating and realizing that at x2 = 0 the term between the brackets multiplied by the
density is equal to the wall shear stress, yields

(ν + νt)
∂〈u1〉
∂x2

=
τw
ρ

(2.45)

Further away from the wall, that is for larger x2, the molecular kinematic viscosity ν
can be neglected compared to the turbulent viscosity νt. Also, the right hand side is by
definition equal to u2

τ

u2
τ = νt

∂〈u1〉
∂x2

(2.46)

Also, according to the turbulent-viscosity hypothesis the relation between the Reynolds
stress and the velocity gradient for simple shear is

〈u′1u′2〉 = −νt
∂〈u1〉
∂x2

(2.47)

Equating the previous two equations gives

〈u′1u′2〉 = −u2
τ (2.48)
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Equation (2.47) can be rewritten by substituting equation (2.43), multiplying both sides
by 〈u′1u′2〉 and applying equation (2.33) for simple shear. This yields

〈u′1u′2〉2 = Cµk
2P

ε
(2.49)

By assuming local equilibrium, that is P = ε, it follows that indeed a velocity scale
equivalent to uτ can be found

u∗τ =
√
|〈u′1u′2〉| = C

1/4
µ k

1/2 (2.50)

In addition to boundary conditions for the momentum equations, wall functions have to
be provided for the Reynolds stresses and the dissipation. In the k-ε turbulence models
the turbulent kinetic energy k has a zero-gradient condition implemented at the first node
off the wall. The wall functions used for the RSM are straightforward extensions of the
original methods for two-equation models and therefore the Reynolds stresses also have
a zero-gradient at the wall. This is consistent with the notion that there is no diffusion
of kinetic energy to the wall. In the two-equation turbulence model, the equation for the
dissipation is given by

∂ε

∂t
+ (〈u〉.∇) ε = ∇.

[(
ν +

νt
σε

)
∇ε
]

+ Cε1
Pε

k
− Cε2

ε2

k
(2.51)

Here σε is a constant. In a fully-developed flow, the flow variables only depend on x2.
Furthermore, it is again assumed that the production P is equal to the dissipation ε; that
the kinematic viscosity ν is small compared to the kinematic turbulent viscosity νt in the
log-layer and that the convective term is small compared to the viscous term [115]. The
dissipation equation then simplifies to

∂

∂x2

(
νt
σε

∂ε

∂x2

)
− (Cε2 − Cε1)

ε2

k
= 0 (2.52)

This equation is satisfied by

ε =
u∗τ

3

κy
=
C

3/4
µ k3/4

κy
(2.53)

The constants are related by

κ2 = σεC
1/2
µ (Cε2 − Cε1) (2.54)

In the discrete formulation x2 is replaced with ∆x2, which is the distance between the
first node and the wall.
A problem arises when the mesh is refined and the location of the first node off the wall is
no longer in the log-layer but in the viscous sublayer. For this situation the equations of
the preceding section are no longer valid. The transition from log-layer to viscous sublayer
is often taken as the point where the linear velocity profile of the viscous sublayer and the
logarithmic velocity profile of the log-layer intersect, that is at y+ = 11.06. Therefore,
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a feature is used in which the y+ used in the calculation is not allowed to drop below
this value. In effect, the log-layer is pulled towards the wall by the wall functions for y+

< 11.06. Evidently, it would be best if the y+ found in the computation does not drop
below 11.06.
Wall functions assume that the velocity profile follows the log-law, equation (2.38), and
therefore these functions fail if the velocity profile deviates from that. This situation
is encountered in separating and re-attaching flows, rotating walls, flows with strong
pressure gradients or when there is locally no equilibrium between turbulent production
and dissipation [45]. However, measurements from Kitoh [57] of moderately swirling pipe
flow agree very well with the log-law for y+ < 100. In addition, Murphy [78] concludes
that overall his numerical simulations predicted the near-wall behavior quite well and
thereby confirming the applicability of wall functions for strongly swirling flows.
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2.4 Two-fluid model

Two-phase flow is characterized by a complex topology with countless, continually chang-
ing interfaces between the two fluids. Resolving all details of the flow would be even
more computationally expensive than for single-phase turbulent flow. Therefore, a spatial
averaging procedure is carried out leading to a set of equations for spatially averaged
quantities, which still capture the essential macroscopic details of the flow for affordable
computational efforts.

2.4.1 Volume averaging procedure

The interior of each region with two phases is fully described by the instantaneous Navier-
Stokes equations (2.1) and (2.2) for each individual phase while interfacial boundary
conditions couple the two solutions at the interface.
Let us define an arbitrary averaging volume V which is independent of space and time.
Say the volume is defined in a local coordinate system ξ1, ξ2 and ξ3, whose axes are
parallel to the x, y and z-directions, respectively, and which has its origin at location x.
An example of such a volume is given in figure 2.1. The interest lies in obtaining averaged
equations for phase k, this could be any of the two fluids. Since phase k is not present
everywhere, a phase indicator function γk is defined to filter out the other phase.

γk(x, t) =

{
1, if phase k is present at (x, t)

0, otherwise
(2.55)

Now the volume average of a variable qk pertaining to phase k is given by

〈qk〉V =
1

V

∫
V

qk(x + ξ, t)γk(x + ξ, t)dvξ (2.56)

Figure 2.1: Sketch of two-dimensional averaging volume V in a two-phase flow region with local
coordinate system ξ. Origin of volume V is indicated by vector x. The continuous fluid (white)
is defined as phase k, nk,i is the outward normal of phase k at the interface.
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Some useful mathematical relations for the derivation of the governing equations are
now discussed. The phase indicator function γk(x, t) can be seen as a sum of Heaviside
functions, the derivative of which are Dirac delta functions [43]. Therefore, the gradient
of γk is given by

∇γk(x, t) = −nk,iδ(x− xk,i) (2.57)

Here xk,i is the position vector of the interface between phase k and the other phase.
Furthermore, nk,i is the outward normal of phase k at the interface. The gradient of
γk(x, t) is only non-zero at the interface. Furthermore, the total derivative of the phase
indicator function γk(x, t) with respect to time is given by

dγk
dt

=
∂γk
∂t

+
∂γk
∂x

∂x

∂t
+
∂γk
∂y

∂y

∂t
+
∂γk
∂z

∂z

∂t
(2.58)

This can be rewritten into
dγk
dt

=
∂γk
∂t

+ uk,i ·∇γk (2.59)

Here uk,i is velocity at the interface. In this work mass transfer will be assumed to be
absent, therefore the phase indicator γk will move with the flow and an observer moving
with the interface will not see a change in γk, therefore the total derivative is zero. This
leads to the following relation

∂γk
∂t

= −uk,i ·∇γk (2.60)

A fundamental property of the δ-function is that an integral, whose integrand is a Dirac
δ-function multiplied by some other function, for instance qknk,i, is that other function
evaluated at the singular points of the δ-function [56].

1

V

∫
V

qk(x + ξ, t)nk,iδ(x + ξ − xk,i, t)dvξ =
1

V

∫
Ak,i

qk(x + ξ, t)nk,idA (2.61)

The interface surface Ak,i is defined by x = xk,i.
Besides the averaged quantity defined in equation (2.56), one is often interested in the
quantity

〈qk〉 =
1

Vk

∫
V

qk(x + ξ, t)γk(x + ξ, t)dvξ =
1

Vk

∫
Vk

qk(x + ξ, t)dvξ (2.62)

which gives the average of the quantity qk while only taking into account the volume that
phase k occupies. When comparing equations (2.56) and (2.62) the following relation
can be found

〈qk〉V = αk〈qk〉 (2.63)

In which αk is readily identified as the volume fraction of phase k:

αk =
Vk
V

=
1

V

∫
V

γk(x + ξ, t)dvξ (2.64)
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Equations (2.57), (2.60), (2.61) and (2.63) will be applied in the averaging procedure.
For convenience the dependance on space and time of variables is from now on no longer
explicitly mentioned.
Now multiplying the instantaneous continuity equation for phase k

∇ · uk = 0 (2.65)

by the phase indicator function γk and integrating over volume V leads to

1

V

∫
V

γk∇·ukdvξ = 0 (2.66)

This expression will lead to the average of the divergence of velocity uk, while the in-
terest is in the divergence of the averaged velocity 〈uk〉. Therefore, the chain rule of
differentiation is employed to rewrite equation (2.66) as

1

V

∫
V

∇·(ukγk)dvξ −
1

V

∫
V

uk ·∇γkdvξ = 0 (2.67)

Substitution of equation (2.60) and realizing that the space and time-derivatives can be
moved outside the integrals since this volume V does not depend on space x or time t,
leads to

∇·

 1

V

∫
V

(ukγk)dvξ

+
∂

∂t

 1

V

∫
V

γkdvξ

 = 0 (2.68)

Using equations (2.56), (2.63) and (2.64) and rearranging, the final expression for the
continuity equation for phase k is found:

∂αk
∂t

+∇·(αk〈uk〉) = 0 (2.69)

A similar procedure is followed for the instantaneous momentum equation for phase k
given by

∂uk
∂t

+∇·(ukuk) = − 1

ρk
∇pk + νk∇·

(
∇uk + (∇uk)T

)
+ g (2.70)

A constant kinematic viscosity for phase k is assumed here. This leads to

1

V

∫
V

∂uk
∂t

γkdvξ +
1

V

∫
V

∇·(ukuk)γkdvξ =− 1

ρkV

∫
V

∇pkγkdvξ (2.71)

+
1

V

∫
V

νk∇·
(
∇uk + (∇uk)T

)
γkdvξ

+
1

V

∫
V

gγkdvξ
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By applying the chain rule of differentiation on the first term on the left-hand side and
realizing that the volume does not depend on time, the result is

1

V

∫
V

∂uk
∂t

γkdvξ =
∂

∂t

 1

V

∫
V

ukγkdvξ

− 1

V

∫
V

uk
∂γk
∂t

dvξ (2.72)

Now using equations (2.60) and (2.57) the following is attained

1

V

∫
V

∂uk
∂t

γkdvξ =
∂

∂t

 1

V

∫
V

ukγkdvξ

− 1

V

∫
V

uk(uk ·nk,i)δ(x− xk,i)dvξ (2.73)

Using equations (2.56) and (2.63) to rewrite the first term on the right-hand side and
using (2.61) to arrive at a surface integral for the second term, the final result is

1

V

∫
V

∂uk
∂t

γkdvξ =
∂

∂t
(αk〈uk〉)−

1

V

∫
Ak,i

uk(uk ·nk,i)dA (2.74)

For the other terms in equation (2.71) the following averaging procedure is used. First,
the term is rewritten using the chain rule of differentiation, as was done in equation
(2.67). Subsequently, equations (2.57) and (2.61) are applied, which leads to a term with
a surface integral. Finally, equations (2.56) and (2.63) are used to rewrite the volume
integral into the desired form:

1

V

∫
V

∇·(ukuk)γkdvξ =∇·(αk〈ukuk〉) +
1

V

∫
Ak,i

uk(uk ·nk,i)dA (2.75)

1

ρkV

∫
V

∇pkγkdvξ =
1

ρk
∇(αk〈pk〉) +

1

ρkV

∫
Ak,i

pknk,idA (2.76)

1

V

∫
V

νk∇·
(
∇uk + (∇uk)T

)
γkdvξ =νk∇·

(
αk〈∇uk + (∇uk)T 〉

)
(2.77)

+
1

V

∫
Ak,i

νk
(
∇uk + (∇uk)T

)
·nk,idA (2.78)

1

V

∫
V

gγkdvξ =αk〈g〉
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Substitution of equations (2.74) to (2.79) and applying the Reynolds decomposition,
equation (2.3) gives

∂

∂t
(αk〈uk〉) +∇·(αk〈uk〉〈uk〉) =− 1

ρk
∇(αk〈pk〉) (2.79)

+ νk∇·
(
αk〈∇uk + (∇uk)T 〉

)
+ αk〈g〉 − ∇·(αk〈u′ku′k〉)

+
1

ρkV

∫
Ak,i

[
−pknk,i + µk

(
∇uk + (∇uk)T

)
·nk,i

]
dA

Furthermore, the pressure term ∇(αk〈pk〉) is split into two parts

∇(αk〈pk〉) = αk∇〈pk〉+ 〈pk〉∇αk (2.80)

The second term is grouped with the surface integral term, which is also known as the
interfacial source term, and together these two terms are identified as the force acting on
phase k. For instance, a static pressure increase in an incompressible two-phase mixture
would not alter the interfacial force. However, the surface integral will change if surface
Ak,i is not a closed surface, as is the case in figure 2.1, where some of the droplets are
intersected by the averaging volume. If the interfacial force is solely formed by the surface
integral this would lead to non-physical results. Yet the inclusion of the term 〈pk〉∇αk,
which is non-zero if the surface Ak,i is open, cancels out the integral. Prosperetti and
Tryggvason [85] argue that the product of the averaged total stress tensor and the volume
fraction gradient, that is [〈pk〉I + µ〈∇u + (∇u)T 〉]·∇αk, should also be included in the
interfacial force. However, Ishii [52] and Drew [30] only incorporate the pressure term.
The latter definition is used here since it is also used in Ansys CFX 14.0. For convenience,
the following definition is used

τk = µk
(
∇uk + (∇uk)T

)
(2.81)

It is customary to rewrite the interfacial source term by splitting both pk and τk in a
surface averaged part and a variation with respect to that averaged part, the latter is due
to turbulence and the movement of the interfaces caused by the flow [52, 31]:

pk = 〈pk〉Ak,i + pS
′

k (2.82)

τk = 〈τk〉Ak,i + τS
′

k (2.83)
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Now the interfacial source term is rewritten as

1

V

∫
Ak,i

[−pknk,i + τk ·nk,i] dA =
1

V

∫
Ak,i

[
−〈pk〉Ak,iI + 〈τk〉Ak,i

]
·nk,idA

+
1

V

∫
Ak,i

(−pS
′

k I + τS
′

k )·nk,idA

= [〈pk〉Ak,iI − 〈τk〉Ak,i]
1

V

∫
V

∇γkdV +Mk,i

=〈pk〉Ak,i∇αk − 〈τk〉Ak,i∇αk +Mk,i (2.84)

Here Mk,i is the generalized interfacial drag term:

Mk,i =
1

V

∫
Ak,i

(−pS
′

k I + τS
′

k )·nk,idA (2.85)

This term accounts for the pressure and viscous stresses that work on the dispersed phase
integrated over de wetted area of the dispersed phase, which we could call drag and
lift. Often the term 〈τk〉Ak,i∇αk is also included in the generalized interfacial drag term
[30, 116]:

Mk,i =
1

V

∫
Ak,i

(−pS
′

k I + τk)·nk,idA (2.86)

This latter definition is used here, since it is also used in Ansys CFX 14.0. In the present
study effects of surface tension are not taken into account in the formulation of the
momentum equations of the two-fluid model and therefore

2∑
k=1

[
〈pk〉Ak,i∇αk +Mk,i

]
= 0 (2.87)

Also, since effects of surface tension are neglected it is reasonable to assume that the two
phases share the same pressure field, that is 〈p1〉 = 〈p2〉 = 〈p〉. Therefore, since in the
current work α1 + α2 = 1:

2∑
k=1

〈p〉∇αk = 0 (2.88)

this is leads to
2∑
k=1

Mk,i = 0 (2.89)

Moreover, the pressure difference ( 〈pk〉Ak,i − 〈pk〉 )∇αk now appears in the equations.
This difference is non-zero when velocities are comparable to the speed of sound, for
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example in situations in which acoustics are of importance. Otherwise this term can be
neglected [30]. The final momentum equation then becomes

∂

∂t
(αk〈uk〉) +∇·(αk〈uk〉〈uk〉) =− 1

ρk
αk∇〈p〉+ νk∇·

(
αk〈∇uk + (∇uk)T 〉

)
(2.90)

+ αk〈g〉 − ∇·(αk〈u′ku′k〉) +
1

ρk
Mk,i

For convenience the volume fraction of the oil is now defined as α, that is α = αo. The
volume fraction of the water phase is given by αw = (1− α).

2.4.2 Interfacial coupling

For the derivation of the generalized interfacial drag term Mk,i the assumption of dispersed
oil droplets in water is made. In principle, all known interfacial forces such as drag force,
virtual mass force, lift force, wall lubrication force, Basset history force and turbulent
dispersion forces can be included in this term.

Drag force

The most important interfacial force in the drag force. The expression for the drag force
acting on the oil phase is given by

Mo =
3

4

CD
d
ρwα | 〈uw〉 − 〈uo〉 | (〈uw〉 − 〈uo〉) (2.91)

Here CD is the drag coefficient, d is the diameter of the oil droplets and the subscripts
w and o stand for water and oil, respectively. The formulation of the drag law by Schiller

Figure 2.2: Drag coefficient CD as function of Reynolds number Red as given by equation 2.92
(solid) and the one by Stokes drag: CD = 24/Red (dashed).
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and Naumann [97] and the one by Ishii and Zuber [53] are used in the present work. The
correlation of Schiller and Naumann is defined as

CD =
24

Red
(1 + 0.15Red

0.687) (2.92)

Here Red is the Reynolds number based on the droplet diameter and the relative velocity:

Red =
ρw | 〈uo〉 − 〈uw〉 | d

µw
(2.93)

The drag coefficient CD as function of Red for the formulation by Schiller and Naumann
and by Stokes;

CD =
24

Red
(2.94)

are shown in figure 2.2. The correlation in equation (2.92) is applicable to spherical
droplets for Reynolds numbers up to 1000. However, it does not take into account the
hinderance effect that other, nearby droplets will have on the movement of a droplet.
The presence of a dispersed phase leads to a higher resistance to deformation of the
flow field. It was shown by Einstein that the viscosity µm of a dilute mixture with
small suspended solid spheres increases with increasing particle concentration [33, 34] like
µm/µw = 1 + 2.5α. Later, this result was extended to small spherical droplets by Taylor
[108], taking the flow inside the droplets into account. The ratio of the viscosity of the
mixture µm to that of the continuous water phase µw is now given as

µm
µw

= 1 + 2.5α

(
µo + 2/5µw
µo + µw

)
(2.95)

The original expression of Einstein is recovered for very high viscosity µo of the dispersed
oil phase. The result for solid spheres has been extended to high volume fractions of the
dispersed phase by Roscoe [88]. In his derivation, Roscoe starts with very small particles
suspended in a liquid. The viscosity of this mixture is readily derived by employing Ein-
stein’s expression for the mixture viscosity. Subsequently, the volume fraction is increased
by adding much larger particles. Compared to the mixture with these large particles,
the continuous fluid with the much smaller particles can be considered as a homogeneous
mixture, of which the mixture viscosity was previously computed. By employing Einstein’s
expression once more the viscosity of the new mixture is obtained. By repeating this pro-
cedure, the change in viscosity with increasing volume fraction of the dispersed phase is
obtained. This relation is then integrated to yield

µm
µw

= (1− α)−2.5 (2.96)

The results of Taylor and Roscoe have been combined by Ishii and Zuber [53] who give
the mixture viscosity for high volume fraction systems as

µm = µw(1− α)−2.5
µo+2/5µw
µo+µw (2.97)
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Figure 2.3: Ratio of the viscosity of the mixture µm to that of the water phase µw as given
by equation (2.97). The water viscosity is that of water with 9 wt% salt: µw = 1.183x10−3

kg/(m.s). The oil viscosity is that of Shell Morlina 10: µo = 19.5x10−3 kg/(m.s).

The ratio of the viscosity of the mixture µm to that of the water phase µw given by
equation (2.97) is shown in figure 2.3. The viscosity of water in equation (2.93) is therefore
replaced by the mixture viscosity of equation (2.97) to give the following expression for
the drag coefficient for dense emulsions of undistorted droplets:

CD =
24

Red
(1 + 0.15Red

0.687)(1− α)−2.5
µo+2/5µw
µo+µw (2.98)

The underlying assumptions are that the dispersed phase is not deformed and the droplets
do not directly interact with each other. Also, a wide size distribution was assumed in
the derivation of the mixture viscosity, while the interfacial area is estimated based on a
single diameter d. This is an internal contradiction of the model.
The drag coefficient CD will increase exponentially for α approaching unity. Therefore,
the velocity difference between the oil phase and the water phase will become very small
and further separation is prevented, limiting the increase in oil volume fraction. Ishii and
Zuber claim their drag relation can be used for dispersed volume fractions up to 0.95 if
the dispersed phase is a gas or liquid. However, in a real application it is likely that at
lower oil volume fractions coalescence between the droplets will occur. At a certain point
phase inversion is likely to occur and water will become the dispersed phase. However, in
the current drag formulation the oil is treated as the dispersed phase, regardless of the
value of the oil volume fraction.

Turbulent dispersion

The effect of turbulence on the motion of the dispersed phase is not completely captured
by the drag law. The drag law only accounts for the interfacial forces arising from the
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difference between the mean velocity of the dispersed phase and that of the continuous
phase. The SSG turbulence model accounts for the effect of turbulence on the mean
flow field and therefore turbulence only indirectly influences the relative motion of the
phases. The effect of turbulent fluctuations on motion of the dispersed phase can be
incorporated by turbulent dispersion models. Their use in computing two-phase flow is
not widely spread, indicating some uncertainty with regards to their validity and accuracy.
Burns et al. [14] state that the term which can be interpreted as turbulent dispersion
arises in the derivation of the two-phase flow equations after applying both volume and
time averaging. This term contains the, in time, fluctuating oil volume fraction. However,
Gosman et al. [42] employ a similar model for the turbulent dispersion while starting with
the volume-averaged equations for two-phase flow. In CFX 14.0 the model by Burns et
al. [14] is available. The turbulent dispersion force acting on the oil phase is given by

MTD
o = −C1

3

4

CD
d
ρwα | 〈uo〉 − 〈uw〉 |

νt
σt

∇α
α(1− α)

(2.99)

The adjustable parameter C1 is unity by default. The turbulent Schmidt number σt is set
to 0.9. The turbulent Schmidt number is defined as the ratio of the turbulent momentum
diffusivity or eddy viscosity νt and the turbulent mass diffusivity Dt:

σt =
νt
Dt

(2.100)

The model assumes isotropic turbulence and so the gradient-diffusion and the turbulent-
viscosity hypothesis are applied in the construction of the model. It is assumed that the
diffusion will take place in the direction of the gradient of the volume fraction, and that
the strength of the diffusion is given by the eddy viscosity νt.

Virtual mass force

When a droplet is accelerated, there will be a corresponding acceleration of the surrounding
fluid. A force equal but opposite in sign to the force required for the acceleration of the
surrounding fluid will act on the droplet. Since a larger force will be needed for a certain
acceleration of the droplet than expected, based on the mass of the droplet, the droplet
appears to have a larger mass. The effect is accounted for by the virtual mass force. The
virtual mass force acting on the disperse phase per unit volume is given by:

MAD
o = αρwCAD

(
D〈uo〉
Dt

− D〈uw〉
Dt

)
(2.101)

The virtual mass constant CAD = 0.5 for spherical droplets. Its value is derived by
equating the change in kinetic energy of the inviscid, incompressible, accelerated flow
surrounding a spherical droplet to the work done by the added mass force [24]. The flow
field surrounding the droplet is computed using potential flow. No other widely accepted
correlation for CAD exists. As can be seen in equation (2.90), the generalized interfacial
drag term Mk,i is divided by the density of the fluid k. Therefore, in cases with a high
density ratio of the disperse and the continuous phase, such as in bubbly flow, the virtual
mass force has a significant effect on the behavior of the dispersed phase. In the current
liquid-liquid application its effect will be smaller.
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Lift force

In a shear layer, the dispersed phase experiences a lateral lift force because the difference
in velocity over the droplet results in a difference in the pressure distribution. This lift
force leads, for instance, to non-uniform gas volume fraction distributions in vertical pipes
with bubbly flow. Accurately describing the lift force is complicated and some observed
trends are not completely understood [24]. Depending on the deformation of the droplet
even negative lift forces due to flow separation and vortex shedding have been observed.
An additional problem is that the effects on the lift force of high volume fractions of the
dispersed phase are largely unknown [92]. The lift force is often assumed to be insignificant
and therefore not incorporated in the numerical simulations of hydrocyclones [79].
The lift force model of Saffman-Mei [77, 93, 94] is employed in the present work. The
original model by Saffman for spherical solid particles has been extended by Mei to Red

up to 100. In the current application oil droplets are assumed to be spherical due to
their small size. Also the relatively high viscosity of the oil will effectively prevent internal
circulation and therefore the droplets can be approximated as solids. Due to the high
drag force the relative velocity is likely to be small leading to low values of Red for which
this model is suited. The Saffman-Mei model is given by

ML
o =

3

2π

√
ρwµw

d
√
|ωw |

Clflρwα∆〈u〉 × ωw

=
3

2π

√
Ro

Red
Clflρ

2
wα∆〈u〉 × ωw (2.102)

Here ωw is the vorticity, given by

ωw = ∇× 〈uw〉 (2.103)

The velocity difference of the mean velocities is given by

∆〈u〉 = 〈uw〉 − 〈uo〉 (2.104)

In the present study the Rossby number Ro is defined as

Ro =
|∆〈u〉 |
|ωw | d

(2.105)

The lift coefficient Cl = 6.46 and the fl is the correction function of Mei et al. This
correction function is given by

fl = e−0.1Red − 0.3314√
2Ro

(
e−0.1Red − 1

)
for Red < 40 (2.106)

fl = 0.0524

√
Red

2Ro
for 40 < Red < 100 (2.107)
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2.4.3 Multiphase turbulence modeling

Turbulence in multi-phase flow is a complex and little understood phenomenon. A dis-
persed phase can either dampen or enhance the turbulence, depending on the volume
fraction, droplet size and density difference between the dispersed and continuous phase.
Also phase inversion, which is likely in these bulk separators, further complicates the de-
scription of the flow, since then the material properties of the continuous and dispersed
phase interchange. Within the framework of the two-fluid model, models exist which pre-
dict the effect of the disperse phase on the continuous phase and predict turbulent flow
behavior of a dilute dispersed phase [35, 42, 64, 103]. These models presume a situation
in which one phase can be clearly defined as the continuous phase and its turbulence is
seen as the dominant process, while the disperse phase is dilute. However, in the current
application the phases separate so regions will form where this condition is no longer
satisfied. Moreover, for high volume fractions the difference in the fluctuating velocity of
the phases tends to zero [92].
Therefore, in this work a homogeneous turbulence model is applied, which means that
both oil and water share the same turbulence field. Consequently, identical Reynolds
stresses are used in the momentum equations for both phases. This type of modeling is
advised for phase-separating flow as are encountered here [3]. The SSG turbulence model
for single-phase flow is readily extended to two-phase flows by replacing in the models the
density and the velocity by the mixture density and the mixture velocity, respectively.

2.5 Ansys CFX

The software package Ansys CFX 14.0 is used to solve the governing equations. To
compute the solution, the computational domain is first discretized by dividing it into
elements. ICEM CFD was used for the construction of these computational meshes. The
meshes used for the numerical results discussed in this thesis are all block-structured
hexahredral meshes. For use in Ansys CFX, these meshes are converted to unstructured
meshes. However, is only means that the systematic numbering of the nodes is lost, but
the elements stay in place. The hexahedral elements are used for their favorable effect on
numerical quality [111], that is lower computational cost for equal accuracy compared to
a mesh consisting of, for example, tetrahedral elements.
In Ansys CFX the equations are discretized using a finite-volume formulation. Control
volumes are constructed around the nodes of the elements. These control volumes are
employed as the volumes to which the integral conservation form of the Navier-Stokes
equations is applied. The surface integrals appearing in this formulation are then approx-
imated by the fluxes across the element boundaries [10]. Ansys CFX uses a collocated,
vertex based, finite volume method. This means that both velocities and pressures are
stored at the nodes of the elements. Linear shape functions are employed to find the
variables at locations in between the nodes by interpolation. To prevent checkerboard
instabilities of the pressure associated with this type of discretization, a pressure-velocity
coupling similar to that of Majumdar [70] was used. An implicit method is used for
the time discretization. The discretization of the equations leads to a scheme that has
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second-order accuracy in time and near second-order accuracy in space, while the solution
stays bounded.
Ansys CFX uses a coupled solver for the velocity and pressure is which these variables are
solved simultaneously. For each time step this nonlinear set of equations is linearized and
it is iteratively solved using an incomplete lower upper factorization technique. To attain
faster convergence an algebraic multigrid method [87] is used in combination with this
factorization technique. This linearized procedure is repeated with the updated variables
until user-defined convergence criteria are met.
It was found that time-accurate (transient) simulations were necessary to arrive at a
converged solution. Convergence stalled when steady-state simulations were attempted.
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CHAPTER 3

Design of separator

3.1 Introduction

To investigate the flow and the separation characteristics in a centrifugal separator, a
prototype had to be developed. This chapter discusses the design processes, comparison
of different design configurations, selection of a separator prototype and the experimental
setup constructed at the TUD.
One of the design specifications is that the separator does not contain any moving parts,
that is the swirling motion has to be flow induced. Various configurations have been
considered as prototype. They are compared in terms of pressure drop and separation
efficiency.
Earlier Dirkzwager [29] designed and experimentally investigated an axial centrifugal sep-
arator. This configuration was further developed by Delfos et al. [27]. Here the term axial
centrifugal separator is used for a device in which the swirling flow is generated by vanes
inside the piping, that is it is generated in-line. This axially incoming feed is the differ-
entiating feature when comparing the axial centrifugal separator with the more common
tangential hydrocyclones. In the latter the incoming flow is tangentially injected in such a
way that swirling flow is generated. An advantage of the axial centrifugal separator over
the tangential hydrocyclone is that the former is more compact. For the present project
a new in-line centrifugal separator has been designed.
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3.2 Design of internal swirl element

In the new design, the swirling flow is generated by a stationary internal swirl element
(ISE) which is placed within a pipe with a 100 mm internal diameter. This ISE consists of
a central body which is equipped with vanes that deflect the flow. The vanes are attached
to the pipe wall in order to fix the ISE in place. The general layout of the ISE is shown
in figure 3.1. Key design features are the vane geometry, central body radius Rin, nose
section and tail section.

3.2.1 Requirements of the velocity field

For the design of the vanes the required velocity fields at the trailing edge should be known.
The first step of the design process is to estimate that data. Unfortunately, swirling
flow can lead to complex flow patterns which are not known a priori and therefore an
engineering approach will be taken to develop the prototype based on many assumptions.
The azimuthal velocity distribution should be such that an oil droplet will migrate quickly
towards the center of the pipe. The drag on the droplet is assumed to be given by Stokes’
law

DSt = 3πµw |∆u |d (3.1)

In the present analysis the axial and azimuthal components of the velocity difference
are negligible compared to the radial component. Also the continuous, water phase is
assumed to have negligible radial velocity, therefore the velocity difference is equal to the
radial velocity of the droplet |∆u |≈ ur. This drag force is balanced by the centrifugal
body force acting on the droplet

Fcen = ∆ρ
πd3

6

u2
θ

rd
(3.2)

Here ∆ρ is the density difference between the phases and rd is the radial location of the
droplet. The radial velocity of the droplet then follows as

ur = −∆ρd2u2
θ

18µwrd
(3.3)

Figure 3.1: Internal swirl element with key design features indicated.

32



Note that the effects of turbulence are neglected in this analysis.
Experimental data on swirling pipe flow shows that the azimuthal component of velocity
has a distribution similar to that of a Rankine vortex, that is with a solid-body rotation
in the center and a potential flow vortex at larger radius [29, 57, 107]. This velocity
distribution is approximated by the following relation:

uθ(r, z) = Uθ(z)
r
Rc

for 0 < r < Rc
uθ(r, z) = Uθ(z) for Rc < r < R

(3.4)

Here Uθ(z) is an azimuthal velocity scale. RC is the radius of the core which has a solid-
body rotation, the ratio RC/R ≈ 0.25 [29, 57, 107]. This azimuthal velocity distribution is
illustrated in figure 3.2. Included in figure 3.2 are the experimental data from Dirkzwager
[29], which shows the similarity. It is noted in passing that the distribution in equation
(3.4) might be improved by replacing the radially constant distribution in r ∈ [Rc, R] by
uθ(r, z) = Uθ(z)Rc/r. This may give an improved fit of the data, while midly complicating
the analysis. However, in the present study the distribution given in equation (3.4) has
been used.
The intended use of the prototype is the separation of dense dispersions for which there
will be an oil core in the center. Therefore, the oil droplet does not have to travel to the
geometrical center, reaching the edge of the oil core will be adequate. For an oil volume
fraction α of 10% the oil core will already be larger than RC . Hence, only the outer,
constant velocity part will be taken into account. An expression for the radial location of
the droplet as function of the axial distance follows from

ur =
drd
dt

=
dzd
dt

drd
dzd

= uz
drd
dzd

(3.5)

Figure 3.2: Radial distribution of azimuthal velocity in swirling pipe flow at various axial locations
measured by Dirkzwager [29] and approximation of azimuthal velocity distribution (solid line, no
symbols) used in design of ISE.

33



∆ρ = 200 kg/m3 R = 0.05 m
d = 100 µm α = 0.1
L = 1 m µw = 1x10−3 Pa.s
uz,b = 2 m/s Cdecay = 0.04

Table 3.1: Parameters used in estimation of required azimuthal velocity in separator.

Here the axial bulk velocity uz,b will be used for uz. The dependence of uθ on z is
represented by modeling the decay of the swirl according to

Uθ(z) = Uθ(0)e−Cdecayz/2R (3.6)

Here Uθ(0) is the azimuthal velocity just downstream of the ISE. Also, Cdecay is an experi-
mentally determined parameter set to 0.04 [29]. Equations (3.5) and (3.6) are substituted
into equation (3.3) and yield, after rewriting and integration, the radial position of an oil
droplet as function of the downstream direction z:

r2
d(z) = r2

d(0)− 2∆ρd2U2
θ (0)R

18µwuz,bCdecay

[
1− e−Cdecayz/R

]
(3.7)

In equation (3.7) rd(0) is the initial radial position of the droplet at the inlet, here the
worst-case scenario is taken; rd(0) = R. The separator length is given by L. At z = L
the radial position of the droplet should be

rd(L) = R
√
α (3.8)

After rewriting, equation (3.7) will give the azimuthal velocity Uθ(0)

Uθ(0) =

√
9µwuz,bCdecayR(1− α)

∆ρd2(1− e−CdecayL/R)
(3.9)

The parameters used in the calculation of the azimuthal velocity are listed in table 3.1.
These parameters are presumed to have realistic and relevant values. This leads to a
required tangential velocity Uθ(0) = 5.4 m/s to separate oil droplets of 100 µm diameter
in an oil-water mixture of α = 0.1. The next step is to derive the required azimuthal
velocity just aft of the trailing edge of the vanes. For this purpose the conservation of
axial flux of angular momentum is employed, that is:

R∫
Rin

uz,te2πrρruθ,tedr =

RC∫
0

uz,b2πrρrUθ(0)
r

RC
dr +

R∫
RC

uz,b2πrρrUθ(0)dr (3.10)

Here the axial velocity distribution is approximated by the axial bulk velocity. Rin is the
radius of the central body at the vane section of the ISE. The vanes are mounted in the
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annular ring between the inner body and the pipe wall. uz,te and uθ,te are the axial and
azimuthal velocity components at the trailing edge, respectively. Dirkzwager [29] specifies
his design parameters and provides measured data of velocity profiles. From this it can
be derived that about 50% of the angular momentum is lost between the vane section
and the first measurement station in the pipe section. Therefore, the left-hand side of
equation 3.10 is multiplied with (1-εSW ), here the loss factor εSW = 0.50. The azimuthal
velocity uθ,te is assumed to be constant across the height of the narrow gap between the
pipe wall and the inner body. The relation between the axial velocities is easily deduced
from conservation of mass and given by

uz,te = uz,b
R2

R2 −R2
in

(3.11)

From substitution of equation (3.11) in (3.10) it follows that

uθ,te = Uθ(0)

(
R3 − 1

4R
3
C

) (
R2 −R2

in

)
R2 (R3 −R3

in) (1− εSW )
(3.12)

The use of vanes leads to a fixed ratio of azimuthal over axial velocity at the trailing edge
of the vanes. To attain high azimuthal velocities a high axial velocity is therefore required.
This high axial velocity is achieved by creating a narrow annular gap, in which the vanes
are placed. Both the higher axial velocity, and the relatively large radius at which the
vanes are placed, contribute to the increase in angular momentum. However, when the
section is too narrow shear forces lead to high pressure losses and in addition may lead to
droplet break-up. Therefore, a compromise has to be made. This leads to a radius of the
central body of Rin = 40 mm . This results in required azimuthal velocity at the trailing
edge uθ,te = 8.0 m/s as follows from equation (3.12) using Uθ(0) = 5.4 m/s and RC =
12.5 mm. Moreover, from equation (3.11) it follows that uz,te = 5.6 m/s. This yields to
the required flow deflection of

arctan

(
uθ,te
uz,te

)
= 55◦ (3.13)

However, in the intended application many droplets flow towards the center in the sep-
arator and they will hinder each other on their way towards to center. Moreover, the
effects of turbulence, which can negatively influence the separation performance are not
incorporated in this analysis. Therefore, the many approximations lead to uncertainty of
the results. To counteract the uncertainty the vanes are designed with a larger deflec-
tion angle of the flow. This provides some margin. Here the required flow deflection is
increased by 10◦ from 55◦ to 65◦. The azimuthal velocity at the trailing edge uθ,te now
increases to 11.9 m/s.

3.2.2 Design of vane geometry

The software program CASCADE [67] was used the find a vane shape which meets the
criteria of uθ,te = 11.9 m/s and which has a shock-free approach of the flow at the leading
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edge of the vane. CASCADE uses a potential flow model to calculate the flow around a
cascade of vanes. A cascade is a row of vanes, giving a two-dimensional approximation of
the vane section of the swirl element. A sketch of the cascade with vane geometry and a
graphical explanation of the main design variables is shown in figure 3.3.
The program requires the pitch, stagger angle, camber line shape, thickness distribution
and fluid inlet angle as input. The pitch is the distance between vanes. The stagger angle
is the angle between the chord line, that is the line from leading edge to trailing edge,
and the axis of the pipe. The camber line is the curve equidistant from upper and lower
surface of the vane. The camber line is given as its distance perpendicular to the chord
line. As the name implies the thickness distribution gives the distance from camber line
to the surface. The fluid inlet angle is set to 0◦, that is parallel with to axis of the pipe.
The program calculates the shock-free stagger angle and the fluid deflection.
A vane geometry is found which satisfies the design criteria. The vanes are based on the
NACA four-digit airfoil series. The chord length c is chosen equal to 100 mm. A larger
flow deflection can be accomplished with longer vanes. Flow separation will occur if the
vanes are too short. Also the mechanical strength will increase for longer vanes and the
connection of the vanes to the pipe wall can be made structurally more robust. However,
longer vanes will create longer shear layers along their surfaces. These regions generate
more turbulence which will lead to more losses and, quite importantly, more droplet break-
up. The current length is presumed to be a compromise between the negative effect of
length on shear and the positive effect on mechanical strength.
The camber line has a parabolic shape with its maximum deflection located at 50% of
the chord length. The maximum distance ∆m from the chord line is given as fraction of

Figure 3.3: Sketch of the cascade showing vane geometry and explanation of the main design
variables.
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Figure 3.4: Geometry of vane (solid) in local coordinate system showing the camber line (dotted).
Detailed view shows visual explanation of equation (3.16).

the chord length: ∆m = 0.1751. The camber line shape is given by

Y (s) =
4∆m

c
(cs− s2) (3.14)

Here s is the coordinate along the chord line starting with s = 0 at the leading edge and
ending with s = c at the trailing edge. The thickness distribution δ(s) is given by the one
for the NACA four digit section

δ(s) =
δmax
0.20

c

(
a0

√
s

c
+ a1

s

c
+ +a2

(s
c

)2

+ a3

(s
c

)3

+ a4

(s
c

)4
)

(3.15)

Here the maximum thickness δmax is scaled with the chord length c and is 4.8%. The
coefficients are given by a0 = 0.2969, a1 = -0.1260, a2 = -0.3516, a3 = 0.2843 and
a4 = −0.1015 [1]. The upper and lower surface are now formed by

sl(s) = s + δ sinψ(s),

Yl(s) = Y (s)− δ cosψ(s),

su(s) = s − δ sinψ(s),

Yu(s) = Y (s) + δ cosψ(s), (3.16)

Here ψ is the slope of the camber line shape with respect to the chord line.

ψ = arctan

(
dY

ds

)
= arctan

(
4∆m

c
(c− 2s)

)
(3.17)
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Figure 3.5: Sketch of wrapping 2D vane geometry around central body. Parameters in coordinate
transformation are shown.

The resulting vane geometry given by equation (3.16) and the camber line given by
equation (3.14) are shown in figure 3.4. A close-up in the figure shows a visual explanation
of equation (3.16). A shock-free approach of the fluid is achieved when the stagger angle
is set to -33.1◦. The vane geometry is thus rotated over an angle of -33.1◦; this is shown
in figure 3.3. The transformation is given by

Y ′i =
√
s2
i + Y 2

i sin

(
arctan

(
Yi
si

)
− 33.1

180
π

)
s′i =

√
s2
i + Y 2

i cos

(
arctan

(
Yi
si

)
− 33.1

180
π

)
(3.18)

Here the subscript i is u or l, giving the upper and lower surface in the rotated coordinates,
respectively. The angle of the camber line at the trailing edge of the vane with the axial
direction is now 68.1◦. The angle of the suction and pressure side is 71.1◦ and 65.9◦,
respectively. Thus, the angle of the final vane design is slightly higher than the design
angle of 65◦. The axial length of the vane is 83.5 mm. In the present internal swirl
element, 9 vanes are used, this gives an average pitch of 31.4 mm. The use of more
vanes will make it easier to obtain a larger flow deflection and to prevent flow separation.
However, too many vanes will lead to additional frictional losses and a larger pressure drop
due to a larger blockage of the flow area. The lift per vane is known to decrease if vanes
are added. A lower lift will generate less fluid deflection. Increasing the number of vanes
will eventually lead to a decrease in fluid deflection. To check whether this situation is
already reached for 9 vanes a further analysis with CASCADE has been carried out. This
showed that this is not the case since more lift is obtained when one or two vanes are
added. However, adding these vanes would lead to the negative effects discussed above.
The two-dimensional geometry is wrapped around the central body. The contour of a
vanes on the central body in the global frame of reference is given by

xin = Rin cos (Y
′
i/Rin) ,

yin = Rin sin (Y
′
i/Rin) ,

zin = s′i (3.19)
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∆xn = 80 mm fn(0) = 0
b1 = 0.9 f ′n(0) = 3− 15/8 b1 − 3/8 b2
b2 = 6.0 fn(1) = 1− b1 − b2
Rin = 40 mm f ′n(1) = −1/2 b1 − 3/2 b2

Table 3.2: Parameters used in design of nose section.

Figure 3.5 depicts this coordinate transformation. It shows the cross-flow plane of the
vane section with the central body with radius Rin with the planar vane geometry at the
top. The azimuthal coordinate of a point on the planar vane is found by using θ = Y ′i/Rin.
Finally the geometry is radially extruded to the pipe wall to form a three-dimensional vane
geometry.

3.2.3 Design of nose section

Now that the central body with vane section has been defined the next step is to design the
nose section. The nose section will have a hemispherical-like shape and should smoothly
accelerate the flow towards the vane section and it should not have any abrupt changes
in shape, which may introduce disturbances to the flow. This can be accomplished by
ensuring that the radius, the slope and its derivative of the nose section match the ones
of the vane section at the interface between these two sections. The approach taken here
is to define the shape of the nose by revolving a polynomial around the pipe axis. The
shape of nose cap is given by the following 6-parameter expression:

r(ξn) = Rin[b1ξ
1/2
n + b2ξ

3/2
n + fn(0)P1(ξn)

+ f ′n(0)P3(ξn) + fn(1)P2(ξn) + f ′n(1)P4(ξn)] (3.20)

The dimensionless coordinate ξn is defined as

ξn =
xn − xnose

∆xn
(3.21)

Here ∆xn = xvanes − xnose = 80 mm. The axial coordinates xnose and xvanes are the
begin point of the nose and vane section, respectively. Furthermore, P1 to P4 are Hermite
polynomials which are multiplied by weight factors fn and f ′n. These factors fn and f ′n
are included because they can be chosen such that the function describing the nose cap
meets the following matching criteria.

r|ξn=0 = 0,

r|ξn=1 = Rin,

dr

dxn

∣∣∣∣
ξn=1

= 0,

d2r

dx2
n

∣∣∣∣
ξn=1

= 0 (3.22)
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Figure 3.6: Shape of nose section as given by equation 3.20 with parameters from table 3.2.

These four constraints leave two parameters, b1 and b2, to be chosen. The ξ
1/2
n and ξ

3/2
n

terms are included to achieve a suitable, hemispherical-like nose shape. This description
has been obtained by trial-and-error. The parameters used in the design of the nose cap
are listed in table 3.2. The weights b1 and b2 can be chosen freely and are determined
heuristically. Figure 3.6 shows the shape of the nose section obtained with this procedure.
Further information on Hermite polynomials and the derivation of the parameters can be
found in appendix A.

3.2.4 Design of tail section

For the tail section a similar procedure is followed as for the nose section. This time
a quintic polynomial is employed so that it is possible to determine the radius, slope
and second derivative at the begin and endpoint of the tail section. The 6-parameter
expression for the tail is

r(ξt) = Rin[ft(0)Q1(ξt) + f ′t(0)Q3(ξt) + f ′′t (0)Q5(ξt)

+ ft(1)Q2(ξt) + f ′t(1)Q4(ξt) + f ′′t (1)Q6(ξt)] (3.23)

Here Q1 to Q6 are the quintic Hermite polynomials given in the appendix B. The variable
ξt is the dimensionless axial coordinate defined as

ξt =
xt − xtail

∆xt
(3.24)
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Here ∆xt = xtip − xtail = 200 mm. At the transition from vane section to tail section
the radius, slope and gradient of the slope should match, that is

r|ξt=0 = Rin,

dr

dxt

∣∣∣∣
ξt=0

= 0,

d2r

dx2
t

∣∣∣∣
ξt=0

= 0 (3.25)

At the tip, the boundary conditions are

r|ξt=1 = 0,

dr

dxt

∣∣∣∣
ξt=1

= − tanφt,

d2r

dx2
t

∣∣∣∣
ξt=1

= 0 (3.26)

Here φt is the angle of the tip of the tail section with respect to the pipe axis. After a
trail-and-error process, it has been set to 10◦. As detailed in appendix B, the only non-
zero parameters are ft(0) = 1 and f ′t(1) = −∆xt/Rin tanφt. When these requirements
are substituted in equation (3.23) the expression becomes

r(ξt) = RinQ1(ξt)−∆xt tanφtQ4(ξt) (3.27)

For manufacturing reasons the sharp tip is replaced by a spherical cap. However, the
mathematical expression (3.27) is still used for the shape upstream of this cap. The cap
has a radius of 17.87 mm and has its center 104.12 mm downstream of the start of the

Figure 3.7: Shape of tail section. The shape of the upstream part is given by equation (3.27)
with spherical cap at the end. Removed section is shown as dashed line.
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Figure 3.8: Design of hydrocyclone for comparison studies, dimensions are in mm.

tail section xtail. This coincides with ξt= 0.5206. The dimensions of the cap are based
on visual inspection. At the transition from the shape given by equation (3.27) and the
spherical cap the slope and its derivative are no longer continuous. However, a smooth
transition is beneficial in the high velocity region just after the vanes. Further downstream
a reversed flow region is present around the tail section. The effects on the flow of the
transition between tail and cap are assumed to be negligible. The final shape of the tail
is given in figure 3.7. The combination of the individual sections leads to the design of
the ISE given in figure 3.1.

3.3 Comparison with alternative separator geometries

The performance of the ISE is compared to that of a simple hydrocyclone. This preliminary
study should bring to light what potential advantages and drawbacks the various designs
have and this comparison will lead to a selection of a prototype for further studies.

3.3.1 Alternative configuration

The geometry of the hydrocyclone is given in figure 3.8. The hydrocyclone has four
tangential inlets, each a cylinder with a 20 mm diameter. The light-phase outlet (LPO)
at the top of the separator has a diameter of 45 mm. This vortex finder penetrates 100
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mm into the pipe. The inlet velocity in each of the four inlets is 12.5 m/s, leading to a
flow rate of 56.5 m3/hr, that is the same flow rate as for the ISE configuration. The sizing
of the four inlets is such that just downstream of the inlet section in the hydrocyclone,
the axial flux of angular momentum is very similar to that in the ISE just downstream of
the vanes. This allows for a meaningful comparison.
Extraction of the oil can be done in two ways; co-current or counter-current. In co-current
separation the separated oil and water both flow downstream where they are subsequently
extracted separately. In a counter-current separator the separated oil and water streams
have opposite directions. A counter-current in-line separator with similar design as the ISE
is already available on the market [98] and will not be investigated in the present thesis.
Therefore, the ISE will be equipped with a pick-up tube placed concentrically at the
downstream end of the separator. For completeness, both co-current and counter-current
applications of the hydrocyclone are investigated here. A co-current hydrocyclone can
simply be obtained by blocking the vortex f inder. This configuration will be designated
by HC-BVF. Likewise the counter-current configuration, which has an open vortex f inder,
is abbreviated by HC-OVF.
In all cases, the pipe extends 2.0 m downstream, measured from the tip of the tail of the
ISE and the edge of the vortex finder in the hydrocyclone. This straight pipe is followed by
a short tapered section. The tapered section is 0.2 m long and reduces the pipe diameter
from 100 to 45 mm. In the tapered section the flow is accelerated and therefore it will
prevent reversed flow as, for instance, is often seen in a counter-current hydrocyclone.
Later designs will feature a more refined extraction geometry. However, for the present
purposes a tapered section is adequate. In this tapered section a conical pick-up tube is
placed. This outlet is defined as the heavy-phase outlet (HPO) The resulting geometries
are presented in figure 3.9.
The calculations have been carried out using Ansys CFX 14.0 using a mesh of 0.58M and
0.52M hexahedral elements for the ISE and the hydrocyclone, respectively. As this has
been a exploratory study to select a prototype for further studies, the meshes are rather
coarse.

3.3.2 Comparison results

To ensure a fair comparison, similar levels of swirl intensity should be achieved in the
different configurations. The swirl number S can be interpreted as a measure of the

Figure 3.9: ISE (top) and HC-BVF (bottom) geometries used in preliminary study for prototype
selection. In counter-current HC-OVF geometry the downstream pick-up tube is removed.
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Figure 3.10: Comparison of evolution of S(z) for design alternatives.

intensity of the swirl. For single-phase water flow, it is defined as [57]

S(z) =

∫ R
0

∫ 2π

0
ρwuθr uzrdθdr

ρwπR3u2
z,b

(3.28)

The swirl number gives a measure of the ratio of the flux of azimuthal and axial momen-
tum. The azimuthal velocity can be related to the g-forces the dispersed phase will be
subjected to, while the bulk velocity can be related to the residence time. The evolution
of S with z for the three configurations is given in figure 3.10, showing the decay of swirl
as function of z. As can be seen the two co-current designs show a very similar evolution
of the swirl number S, although the ISE is starting with a slightly lower swirl intensity.
Therefore, differences in performance can be attributed to the design and not to the inlet
conditions. The counter-current version AC-OVF shows a lower swirl number than the
ISE and the AC-BFV configurations at every axial location, which should be taken into
account when evaluating the designs. The key parameters for comparison are the pressure
drop over the separator and the separation efficiency.

Pressure drop

The swirl is generated at the expense of static pressure. The amount of pressure drop has
economic relevance since it often has to be restored in order to transport the produced
fluids. Here both the static and total pressure are considered. The total pressure should
be considered as an unbiased comparison, since the inlet and outlet velocities differ for
the different configurations. In addition, the total pressure can be used to estimate
how much static pressure can be recovered. Moreover, the decrease in total pressure
represents the losses in the separator. The tapering at the end of the pipe leads to high
velocities and therefore the pressure drops sharply near the end of the separator. However,
the exit geometry is identical for all cases and therefore a fair comparison between the
configurations can be made.
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ISE HC-BVF HC-OVF

heavy-phase outlet - inlet
∆p̄ (bar) 2.3 1.8 2.0
∆p̄tot (bar) 1.3 1.6 1.8

light-phase outlet - inlet
∆p̄ (bar) 4.2 3.5 1.8
∆p̄tot (bar) 2.0 2.2 2.4

Table 3.3: Area-averaged static and total pressure difference ∆p̄ and ∆p̄tot between inlet and
outlet.

Table 3.3 gives the drop in static and total pressure between the inlet and outlets for the
three configurations. The pressure drop observed in the ISE is the largest, however, this
is due to the low inlet velocity which leads to a large pressure drop necessary to generate
the swirl. Examination of the drop in total pressure shows that the ISE has actually the
lowest losses. The highest losses can be seen for the HC-OVF. The swirl numbers indicate
that the ISE has a lower swirl intensity. To operate the other separators at the same swirl
intensity, the other co-current separator’s inlet velocity needs to be reduced. This will lead
to smaller total pressure losses, reducing the difference between the co-current separators
somewhat.
In general, the numerical results show a large drop in pressure from the inlet to a location
just after the ISE or vortex-finder section of the HC-BVF and HC-OVF. In contrast, further
downstream the pressure, averaged over the cross-section, decreases only slightly.

Separation characteristics

Of large importance is the separation efficiency of the separator. The separation capability
has been assessed using the two-fluid framework discussed in section 2.4. The inlet oil
volume fraction is set to 0.25, representing a feed from a high watercut oil field. The
mass flow split through the oil outlet is set to 0.3, that is

ṁLPO

ṁinlet
= 0.3 (3.29)

The mass fraction of oil at the inlet is lower than 0.3, therefore this mass flow setting will
likely result in cleaner water at the water outlet rather than purer oil at the oil outlet.
Clean water is often preferred over dry oil due to increasingly stringent regulations on
water discharge [36]. An oil droplet size needs to be specified for the Ishii-Zuber drag
law. Here a droplet diameter of 100 µm is chosen.
To measure the separation efficiency the following expression is often used [40, 50]

η1 =
Qo,LPO
Qo,inlet

(3.30)
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αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(%) (%) (%) (%) (%) (%) (%)

ISE 1.4 72 39 96 0.21 96 0.32
HC-BVF 3.7 70 41 90 0.06 90 0.08
HC-OVF 0.6 72 28 98 0.46 98 0.70

Table 3.4: Separation characteristics for the different configurations.

Here Qo,LPO and Qo,inlet are oil flow rates at the LPO and inlet, respectively. The
separation efficiency η1 thus gives the fraction of the incoming oil that is separated. For
convenience, this is rewritten in terms of Qo,HPO, which is the oil flow rate at the HPO,
using Qo,inlet = Qo,HPO +Qo,LPO

η1 = 1− Qo,HPO
Qo,inlet

(3.31)

Equation 3.31 will be used to calculate η1. However, this measure does not incorporate
the flow split FS. The flow split is defined as the volumetric flow rate through the LPO
divided by the total flow rate.

FS =
QLPO
Qinlet

(3.32)

As a result the efficiency η1 will approach unity for a flow split approach unity. In these
cases the outgoing mixture from the LPO has a similar oil volume fraction as the incoming
feed and hardly any separation has taken place. Therefore, an additional efficiency measure
is introduced [117]

η2 = 1− αHPO
αinlet

= 1− 1

1− FS
Qo,HPO
Qo,inlet

(3.33)

When rewritten in terms of oil volume fluxes, it is clear that the flow split is incorporated
into this measure. Since efficiency definition (3.31) as well as definition (3.33) are often
used in the literature, both measures will be given for two-phase flow results.
A small oil imbalance is present in the results, that is, the flow pattern has not yet fully
established itself.

∆Qo = Qo,inlet −Qo,HPO −Qo,LPO (3.34)

This imbalance could reduced further by continuing the computation for a longer time.
However, this substantially increases the computational costs without adding much accu-
racy. The imbalance results in a slight error in the calculated efficiencies since the current
Qo,HPO can deviate from the Qo,HPO in the operational state. Therefore, the lower and
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the upper limit for the efficiencies η1 and η2 are given by

if∆Qo > 0

η−1 = 1− Qo,HPO + ∆Qo
Qo,inlet

(3.35)

η+
1 = 1− Qo,HPO

Qo,inlet
(3.36)

η−2 = 1− 1

1− FS
Qo,HPO+∆Qo

Qo,inlet
(3.37)

η+
2 = 1− 1

1− FS
Qo,HPO
Qo,inlet

(3.38)

if∆Qo < 0

η−1 = 1− Qo,HPO
Qo,inlet

(3.39)

η+
1 = 1− Qo,HPO −∆Qo

Qo,inlet
(3.40)

η−2 = 1− 1

1− FS
Qo,HPO
Qo,inlet

(3.41)

η+
2 = 1− 1

1− FS
Qo,HPO−∆Qo

Qo,inlet
(3.42)

The results are summarized in table 3.4. The oil hold up is defined as the fraction of the
volume in the separator occupied by the oil. Since ∆Qo > 0, equations (3.31) and (3.33)
give the upper limit of the efficiencies. ∆Qo/Qo,inlet provides the error margin. The
HC-OVF shows slightly better values, but the results for the ISE are close. The HC-BVF
shows a somewhat lower efficiency and also a higher hold up of oil in the separator.

3.3.3 Conclusion

Changing the configuration by using tangential inlets instead of an in-line central body
with vanes or by changing the method of extraction from co-current to counter-current
does not result in large differences in either separation performance nor pressure drop.
Since the geometries explored here are not optimized and it is expected that the modeling
errors in the numerical flow simulations are appreciable, the differences seen between the
configurations should not be overemphasized. Within the presumed error margins of these
exploratory calculations, it appears that none of the configurations that has a clear edge
over the competition. Besides having the lowest total pressure loss and a good separation
efficiency, the ISE is the configuration that is most in-line. This facilitates implementation
in existing pipe lines and allows for a more compact design. Such a compact design is a
highly desired feature of the prototype. Therefore, the novel ISE is selected for further
investigation.
The final design uses a straight outer pipe and a straight pick-up tube, as can be seen

47



Figure 3.11: Final design of in-line separator showing ISE, pick-up tube and flow straightener.

in figure 3.11. The distance between the end of the ISE and the opening of the pick-
up tube is increased to 1.7 m based on preliminary experimental results. In the annular
pipe leading towards the HPO, a flow straightener is placed 215 mm downstream of the
entrance of the pick-up tube. This flow straightener eliminates the swirl in the HPO. In
the figure it is indicated by the dark grey ring.

3.4 Experimental setup

At Delft University of Technology an experimental setup of the separator has been built
to perform both single and two-phase flow measurements. The main components can be
seen in figure 3.12.
Two large storage vessels are placed at the ground level, one vessel contains 9 m3 water
with 9 wt% NaCl and the second vessel contains 4.2 m3 oil. The vessels feed centrifugal
pumps which can produce a mixture with a widely varying oil volume fraction. These
centrifugal pumps have independent frequency drives. The minimum flow rate through

Figure 3.12: Sketch of experimental setup at the TUD showing ISE, pick-up tube, settling tanks,
storage vessels and pumps. Courtesy of Laurens van Campen.
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Figure 3.13: Scheme of wiremesh setup, adapted form [83].

each of the pumps is 10 m3/hr, therefore a flow rate of 20 to 60 m3/hr can be reached.
The typical flow rate is 56.5 m3/hr, leading to an axial bulk velocity of 2 m/s for a pipe
with a 100 mm inner diameter. Downstream of both pumps float flow meters are installed
to measure the flow rate of each phase. The phases mix in the T-section, however, mixing
can be enhanced by passing the oil-water mixture through a static mixer. Subsequently,
the mixture enters the ISE.
Downstream of the ISE, different measurement sections can be placed. For instance,
a polymethyl methacrylate (PMMA) measurement pipe segment, which provides optical
access for the Laser Doppler Anemometry (LDA) measurements. Alternatively, stronger
polyvinylchloride (PVC) pipe sections or sections that contain the entrances for mea-
surement probes can be placed. The total pipe length can be varied as well. Further
downstream a stainless steel pick-up tube is placed to collect the bulk of the oil. The
cylindrical pickup tube has an outer diameter of 50 mm and wall thickness of 2 mm.
Subsequently the stream flows into the oil settling tank. The flow straightener in the
annular section between the pipe wall and the pick-up tube consists of a perforated disc
of PVC with holes of 5 mm diameter. Practice has learned that if the swirl of the flow
is not eliminated, air will be sucked into the separator from the water settling tank. A
coriolis flow meter, which measures mass flow rate and density, is placed in the pipe
leading to the water settling tank. In combination with the float flow meters, the flow
split and oil volume fractions of the two outlet flows can be determined. In the settling
tanks coalescing plate packs are installed to achieve complete separation of the oil-water
mixture. Finally, the oil and water flow to their respective storage vessels.

3.4.1 Measurement techniques

The single-phase fluid flow is examined using Laser Doppler Anemometry (LDA). In or-
der to reduce refraction of laser light the PMMA measurement tube is surrounded by a

49



square box filled with water. Since the optical transition between the PMMA tube wall
and the water causes refraction, measurements are only done along lines passing through
the center of the tube. An Argon laser is used, from which the 488.0 nm light beams
are used for the measurement of the axial velocity component and the 514.5 nm light
beams for the azimuthal velocity component. The burst correlation is conducted in a
Dantec F60 BSA signal processor. The average velocity is calculated using a software
package developed by Belt [8], which corrects the LDA time-averaged results for white
noise, multiple validation and a bias towards high velocities.
The temperature of the mixture is monitored during operation. It rises due to the power
of the pumps which is converted into heat. The increasing temperature did not show to
have a significant impact on the measurements of the velocity.
For higher volume fraction of the dispersed phase, the many interfaces refract the light
severely and optical measurement techniques can no longer be used. However, the differ-
ence in electrical conductance of the water and the oil can be used to visualize the flow.
This can be done by the use of an electrical conductance wire-mesh system, as described
by Prasser et al. [8]. Figure 3.13 depicts such an electronic circuit. However, in the
current application the high salinity and high velocities require adaption to the standard
wire mesh senors.
Moreover, fluid samples can be taken from various locations in the separator. These
sample are analyzed in a Beckman Coulter LS 230 laser diffractiometer to determine the
droplet size distribution. After extraction the sample is stabilized by a BRIJ-35 solution
to prevent coalescence. Alternatively, an endoscope can be position in the flow to make
in-situ recordings of the flow. Post-processing needs to be carried out in order the obtain
de droplet size distribution from these images.



CHAPTER 4

Results for single-phase flow

4.1 Introduction

In this chapter the results for single-phase flow are discussed. Although the separator will
be used for multi-phase flow, it is useful to first analyze single-phase flow. Single-phase
flow is computationally less expensive. Therefore, it has been used for the design phase
in chapter 3 and for mesh convergence studies in the present chapter. Single-phase flow
is also less complex than multiphase flow, making it easier to study the flow behavior
in parameter studies. Moreover, single-phase flow is better understood than multiphase
flow, leading to less uncertainty in the modeling and to more reliable results. Since mea-
surement of the velocity distribution is only possible for single-phase water flows, the
simulations of single-phase flow can be compared to the experimental data obtained in
the experimental setup at the TUD.
The chapter is organized in the following way: first the preprocessing for the numerical
simulations is discussed. Subsequently, the computed flow patterns are discussed and
compared to experimental findings. Also, some interesting flow phenomena are studied in
more detail. In this chapter the emphasis is more on the flow phenomena seen in the sepa-
rator, while chapter 5 on two-phase flow will focus more on the separation characteristics.
Finally, observed trends in flow parameters studies are reviewed.

4.2 Preprocessing

The prerequisites for the numerical simulations are considered in this section. These are
the computational mesh and the settings of the solver.
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Figure 4.1: Computational surface mesh on ISE.

4.2.1 Computational mesh

For the flow simulations a computational mesh has to be created. This was accomplished
employing ICEM CFD 14.0. The flow domain is divided into a not too large number of
large hexahedral volumes, called blocks. These blocks are themselves divided into hex-
ahedral elements. Care is taken to comply with the mesh quality requirement such as
minimum and maximum angles of the hexahedral elements, variation in volume between
adjacent elements and values of y+ at the walls, without using an unacceptably large
number of hexahedral elements. The result of the long procedure to generate, iteratively,
an adequate grid is given here, along with some meshing strategies that have been devel-
oped while generating the mesh.
In figure 4.1 the mesh on the surface of the ISE is shown. The fine mesh near the solid
walls can be seen at the intersection of the vanes with the central body. This refinement
is essential to capture the production of turbulent kinetic energy in the shear layer next
to the walls. The large deflection of the flow by the vanes in combination with the peri-
odicity of the geometry necessitated the introduction of a point where three, instead of
four, blocks connect in order to increase the element angle to acceptable values. This
point can be seen just downstream of the vanes. For the same purpose the block edges
are slightly curved at various locations. At the nose and tail of the ISE all mesh lines
converge, leading to a region with small elements.
A mesh without hanging nodes between the blocking interfaces is created to avoid in-
terpolation between non-matching mesh parts. Such interpolation would lead to small
wiggles in pressure and velocity and to increased computational time. To obtain such a
mesh without hanging nodes the 9 blocking structures of the 9 vane passages need to
connect in the center of the pipe further downstream. This leads to an O-mesh type of
structure shown in figure 4.2. This figure shows a cross-section of the mesh at z = 1.0 m.
A series of numerical flow simulations has been carried out using increasingly fine meshes
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in order to determine the mesh convergence of the flow solution. It was found that for
mesh convergence the element size in the center of the pipe is of prime importance. The
fine mesh in the center of the pipe is required to accurately resolve the azimuthal and
axial velocity distribution. It turned out that the mesh spacing in the radial and axial
direction may be coarser than the mesh distribution in the azimuthal direction.
At the entrance to the pick-up tube the flow domain splits into a central cylinder leading
towards the LPO and an annular region leading towards the HPO. The cut-away of the
mesh in figure 4.3 shows the three-dimensional structure of the mesh in this region. The
pick-up tube can also be distinguished in the figure. The mesh in the pipe can be divided
into three radial sections; central, middle and near-wall. The central part contracts as it
enters the pick-up tube, leading to a fine mesh in the center. It was necessary to extend
the pick-up tube for 1.20 m in order to avoid upstream influence of imposing the location
of the boundary condition on the region near the pick-up tube entrance. A C-mesh is
placed around the leading edge of the pick-up tube in order to better account for the
boundary layer along the wall of the pick-up tube. The middle part terminates on the
leading edge of the pick-up tube, providing a high resolution mesh at this high-velocity
gradient location. Again, curved block edges are employed near the pick-up tube entrance
to achieve more desirable element angles. The near-wall section clearly shows the inflation
layers at the pipe wall necessary to resolve the boundary layer along the pipe wall.
This mesh has 2.3M hexahedral elements and is used in the remainder of this research,

Figure 4.2: Computational mesh on cross-sectional plane in separator, 1.0 m downstream of
ISE.
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Figure 4.3: Cut-away showing three-dimensional mesh structure around entrance to the pick-up
tube. Pick-up tube is shown as non-meshed surface. C-mesh surrounding pick-up tube leading
edge, as well as inflation layer near pipe wall can be clearly distinguished.

unless stated otherwise. The minimum angle between grid lines is larger than 50◦, while
the maximum angle is smaller than 130◦. The variation of the element volume of adjacent
elements is smaller than a factor 1.75 for more than 99% of the elements. The maximum
variation in volume is a factor 2.5. It is advised not to let the mesh growth rates in any
direction exceed 1.3. For the present three-dimensional mesh the volume variations are
within this limit.

4.2.2 Solver settings

The boundary conditions used for the simulations of single-phase flow are shown in figure
4.4. At the inlet an axial velocity of 2 m/s is imposed. At the LPO a mass flow is
prescribed, which determines the flow split FS for single-phase flow. The velocity can
vary over the cross-section of the outlet since only the total mass flow is kept at the
specified value. At the HPO an area-averaged pressure is set. This combination of
inlet and outlet conditions together with the solid-wall boundary conditions completely
determines the flow inside the separator. The outlet conditions on LPO and HPO cannot
be interchanged. Imposing a pressure condition on the LPO leads to back flow at that
outlet into the flow domain. The back flow is numerical in origin and is caused by the low
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Figure 4.4: Boundary conditions used for simulations of single-phase flow.

pressure in the center of the pipe due to the swirling flow and the scaling of the pressure
in order to comply with the imposed boundary condition. Moreover, the gravity vector
points in the negative z-direction, that is, the fluid is flowing upwards, just like in the
experimental setup at the TUD.
In the transient flow simulations the timestep ∆t is set at 0.5 ms. The timestep has
been varied to check the effect of the timestep on the flow solution. It was found that
very similar results were attained for half the timestep, while increasing the timestep by a
factor of two led to damping of temporal oscillations in the velocity. A smaller timestep
was used when the solution had difficulty in converging.
The RMS residual criteria is set to 2.5x10−6, since a convergence study of the residual
revealed minimal improvement in the results for stricter criteria of the RMS residuals.
Note that Ansys CFX uses a normalization procedure, however, the details of which are
not disclosed in the manual.
Since the interest is not in the temporal behavior of the flow, but in the mean behavior,
the results are time-averaged. In the computational domain monitoring points are placed
at which the evolution of the velocity components is tracked. An operational state is
defined as the state in which the velocity oscillates around a certain mean value. When
this state is attained the logging of transient statistics is enabled in order to determine
the time-averaged quantities. In the single-phase flow cases, it is generally sufficient for
the transient statistics to run the simulations for about 1 second, that is 2000 time steps.
For these transient statistics, additional solver memory needs to be allocated in the solver
definition in order to prevent a memory overflow when statistics are updated after each
time step.

4.2.3 Modeling of the flow through straightener

The flow straightener in the annular channel leading towards the HPO eliminates the swirl
in the HPO. It has a honeycomb-like structure, which is very cumbersome to represent
accurately in the mesh. Also, the details of the flow through the flow straightener are not
of prime importance to this project.
Therefore, the flow straightener is modeled in the numerical simulations is modeled as a
porous region. For this flow straightener the porosity is γ = 0.2667. The reduction in
flow area leads to a substantial increase in velocity. The momentum loss term Sm is given
by the vector

Sm = −Kloss
ρ

2
|〈u〉|〈u〉 (4.1)

55



There is not sufficient experimental data available for calibration of the constants in the
tensor Kloss. Therefore, estimates have to be made and the calculated pressure drop will
contain a considerable uncertainty.
It is assumed that the flow is accelerated and decelerated without losses at the start and
end of the porous region, respectively. So the velocities are constant in the porous region.
In addition, the Reynolds stresses are assumed to be constant as well. Since the porous
region is relatively short, the viscous losses are expected to be small compared to the
momentum losses caused by Sm. Therefore the following approximation is found

∇p = Sm (4.2)

The pressure drop in the flow straightener is presumed to be caused by the contraction
and expansion of the flow area. The losses experienced in a pipe contraction or expansion
is often expressed as

∆p = closs
ρ

2
〈u〉2 (4.3)

Here closs is an empirically determined loss coefficient. For constant velocity 〈u〉, the
different contributions in closs from various pipe features can be summed to obtain the
total loss coefficient Closs. Using ∇p = ∆p/lstr, where lstr is the length of the flow
straightener (about 0.04 m), an estimate for Kloss is obtained

Kloss =
Closs

lstr
(4.4)

Since burrs have been removed after fabrication of the flow straightener, the edges of
the contractions and expansion are assumed to be slightly rounded. The contraction and
expansion are assumed to have the same loss coefficient closs = 0.25 [74], leading to
Closs = 0.50. The transverse components of the tensor Kloss are set a factor ten higher
than the axial component to ensure the suppression of the radial and azimuthal velocity
components. The loss tensor Kloss is then given by

Kloss =

 120 0 0
0 120 0
0 0 12

 [m−1] (4.5)

As indicated by the many assumptions, this estimate of Kloss probably contains an rel-
atively large error. However, the precise details of the flow in the flow straightener are
not the focus of the project, merely the effect of eliminating the swirl needs to be accom-
plished.

4.3 Flow patterns

The predicted flow shows a distinct flow pattern, which is associated with the swirling
flow imposed by the ISE. In figure 4.5 a contour plot of the time-averaged azimuthal and
axial velocity components is presented for a plane through the axis of the separator. The
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highest azimuthal velocity occurs just downstream of the ISE, reaching velocities up to 16
m/s. Initially, the azimuthal velocity decreases rapidly, but further downstream the rate
of decay of the swirl diminishes. The maximum azimuthal velocity at every axial location
remains higher than 8 m/s. In downstream direction the location of the maximum in the
radial distribution of the azimuthal velocity moves towards the center of the pipe. Near the
leading edge of the pick-up tube the flow converges, leading to centrifugal accelerations
as high as 600 g. The porous region emulating the flow straightener is indicated by the
dark grey ring in figure 4.5. Downstream of the flow straightener the azimuthal velocity
component is zero.
The radial distribution of the azimuthal velocity is as expected. On the contrary, the
distribution of the axial velocity can not be readily explained. Over most of the length
of the pipe an annular region of reversed flow is observed. With a positive axial velocity
near the wall and in the center, the radial distribution of the axial velocity is W-shaped.
In the region of the afterbody of the ISE the flow detaches from the surface of the ISE,
this is caused by the swirling flow. The location of this detachment line depends on the
amount of swirl, as will be discussed later on.
Although obscured by the time-averaging, the flow is quite unsteady near the center of
the pipe. Also obscured by the time-averaging is the mild precession of the vortex core.
This vortex core precession is a low-amplitude time-dependent motion of a helical vortex
core around the geometrical axis of the pipe. The vortex core precession is strongest just
aft of the ISE. The unsteadiness decreases in the downstream direction. The latter may
be attributed to the pick-up tube, which appears to have a stabilizing effect on the flow.

4.3.1 Flow reversal

Reversed axial flow in strongly swirling pipe flow has been reported before in the litera-
ture [57, 29]. Often the axial velocity distribution shows a local minimum in the center
of the pipe, resulting in a V-shaped velocity distribution. This distribution is sometimes
explained by the adverse pressure gradient along the pipe axis [16]. The swirl decreases

Figure 4.5: Contours of time-averaged azimuthal (top) and axial velocity (bottom) on the plane
x = 0 m through the axis of separator. Annular reversed flow region is visible. Inlet bulk velocity
is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.
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Figure 4.6: Comparison of calculated (solid) and measured (dotted) radial distribution of the
time-averaged axial velocity along a line through the axis of the separator at z = 0.44 m down-
stream of ISE. Inlet bulk velocity in simulation is 1.5 m/s (42.2 m3/h). Flow rate in experiment
is 43 m3/hr. Error bars indicate standard deviation in experimental results. Experimental results
by Laurens van Campen, TUD.

in the downstream direction due to friction. As a consequence, the difference in pressure
between the center and the wall will also decrease in the axial direction z. This results
in an increase in pressure in the center, while near the wall the pressure decreases. This
mechanism gives not the complete explanation for all instances of swirling flow in which a
V-shaped distribution of the axial velocity is observed. For the current situation, showing
a double reversal or W-shaped distribution of the axial velocity, it fails to reveal the cause
of the observed flow pattern.
The W-shaped profile has been observed before by Mattner et al. [75] and Brücker [13]
for swirling pipe flow at very high swirl numbers. Mattner associated this flow pattern
with the phenomena of vortex breakdown. Vortex breakdown can be described as a sud-
den structural change in the flow pattern in swirling flow. It is commonly seen in swirling
pipe flow, wing trailing vortices, vortical flow generated by delta wings and inside com-
bustion chambers. Although vortex breakdown has a long history of investigation, still
little agreement exists on the complete explanation of the phenomenon. Various theories
have been put forward to explain vortex breakdown. The critical state theory [9, 106]
states, roughly, that vortex breakdown occurs at the transition between a state in which
infinitesimal waves can only travel downstream into a state in which upstream propagation
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Figure 4.7: Comparison of calculated (solid) and measured (dotted) radial distribution of the
time-averaged azimuthal velocity along a line through the axis of the separator at z = 0.44 m
downstream of ISE. Inlet bulk velocity in simulation is 1.5 m/s (42.2 m3/h). Flow rate in exper-
iment is 43 m3/hr. Error bars indicate standard deviation in experimental results. Experimental
results by Laurens van Campen, TUD.

is possible. Another explanation may be provided by hydrodynamical instability, for in-
stance Leibovich and Stewartson [66] supply a criterion below which the columnar vortex
flow becomes unstable. The existence of multiple flow solutions at a certain swirl number
and the flow transition between these solutions offers yet another way to gain insight into
vortex breakdown [91]. Also attempts have been made to relate different theories in order
to arrive at a more complete mechanism of vortex breakdown [80]. More mechanisms
have been investigated [113], however a thorough examination of vortex breakdown is
beyond the scope of this thesis. For a more comprehensive treatment of this phenomenon
the reader is referred to literature reviews by for instance Lucca-Negro [80] and Leibovich
[65].

4.3.2 Validation by comparison with experimental data

A comparison between the numerical and experimental results along a line through the
axis of the separator at z = 0.44 m is shown in figures 4.6 and 4.7. The results are
time-averaged velocities and the error bars indicate the standard deviation in the mea-
surements. The LDA measurements have been provided by Laurens van Campen from
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the TUD. The flow rate in the experiment is 43m3/h. In the simulation the inlet velocity
is 1.5m/s, giving a flow rate of 42.4m3/h.
The experimental results show asymmetries, which are steady in time. These are caused
by asymmetries in the experimental setup, presumably bends in the piping downstream of
the LPO and small misalignment of the various parts in the setup. The asymmetry of the
flow is greatly reduced when a flow straightener is placed upstream of the pick-up tube,
preventing swirling flow in the pipe bend further downstream. Moreover, despite efforts
to remove all air and oil from the incoming flow, a very thin kernel of lighter phase was
present at the very center of the pipe. This slightly influences the flow in the center and
affects the accuracy of the measurements.
Besides the asymmetries, good agreement on the flow pattern is attained. The experimen-
tal results show the W-shaped distribution of the axial velocity with the annular reversed
flow region. The comparison confirms that the computed flow pattern is also seen in
reality and it is not some numerical artifact stemming from the modeling.
The radial distribution of the azimuthal velocity follows the same trend in the numerical
simulation and the experiment, however, the experiment shows higher velocities near the
center.
Overall, the accuracy of the result of the numerical simulations based on single-phase
RANS is satisfactory and therefore these simulations are used for further study of the flow
in the separator.

4.3.3 Evaluation design approach

In chapter 3, an engineering approach has been followed to design the ISE. This design
approach is now evaluated by comparing the results from the CFD simulations to the
estimated design requirements.
Various assumptions have been made in the derivation of the required azimuthal velocity
at the trailing edge of the vanes. In equation (3.4) the azimuthal velocity is approximated
by a core with a solid-body rotation and a constant velocity in the outer part. The match-
ing of these velocity distributions is at RC = 0.25R. The simulations confirm that this
is a reasonable approximation of the velocity field in the design phase. However, a more
accurate description can be attained in future work by using a potential-flow distribution
for the azimuthal velocity in the outer part of the radial distribution.
Moreover, in deriving equation (3.9) it has been assumed that the droplets are subject to
Stokes’ drag and that turbulent dispersion of droplets is neglected. The range of validity
of Stokes’ drag stops when the incoming feed can no longer be seen as a dilute dispersion.
Furthermore, the effect of turbulence was shown to be significant in exploratory droplet
tracking calculations. Both effects cannot be predicted by simple engineering approaches.
The best way is to account for these effects by using some safety margin in the design.
The loss factor εSW should give the decrease is angular momentum caused by the transi-
tion from the flow in the vane section to the swirling pipe flow, that is, the decrease not
accounted for by the viscous shear at the solid surfaces. The design velocity at the trail-
ing edge of the vane scales inversely with this loss factor εSW . Analysis of the numerical
results shows that there is no sudden, large drop in angular momentum and that, also
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very close to the ISE, the decrease in angular momentum shows an exponential decay.
In the work of Dirkzwager [29], the first measurement location showed a large decrease
in angular momentum compared to the design specification of his axial hydrocyclone.
To capture this effect the loss factor was introduced in the design phase. However, this
first measurement location was 10 pipe diameters downstream of the swirl element. The
numerical simulations show a very similar decrease in angular momentum of 46% over
the same distance. Such losses are already accounted for in the exponential decay of the
azimuthal velocity given in equation (3.6). In retrospect it was wrongfully assumed that
these losses were caused by transitional effects. The advice is to not use the loss factor
εSW for future design studies.
Furthermore, the axial velocity in the calculation of the angular momentum was assumed
constant over the cross-section. Simulations show that this is not the case. It is, however,
difficult to account for the complex flow patterns in these engineering design methods.
Inspection of the flow around the vanes shows that flow separation does not occur. The
azimuthal velocity, averaged over a cross-flow plane just aft of the vanes, is 13.6 m/s.
This corresponds to an averaged flow deflection of 69◦ measured with respect to the axial
direction. This is very close to the angle of the camber line of 68.1◦ as given in section
3.2.2. Therefore, the assumptions made in the vane design process and the vane design
procedures, that is the use of a potential flow method and a two-dimensional cascade
geometry, are considered appropriate.
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4.4 Velocity distributions

A more detailed view of the flow field can be obtained by examining the radial distri-
bution of the axial and azimuthal velocity components. Figures 4.8, 4.9 and 4.10 show
the evolution with axial distance from the ISE of the time-averaged axial velocity. In the
pipe downstream from the ISE, the characteristic W-shape is seen with a small dip at the
center of the pipe. Halfway the pipe, a distinct trend can be seen; the annular reversed
flow region moves inward while its minimum velocity slowly become less negative. Simul-
taneously the axial velocity near the pipe wall decreases, while the axial velocity in the
center of the pipe increases. Also the dip in the axial velocity distribution in the center
of the pipe becomes more distinct in downstream direction.
The flow changes when it approaches the pick-up tube at z = 1.70 m. The trends seen in
the annular reversed flow region continue, while the axial velocity in the center starts to
decrease. This yields a smoother velocity distribution in which the annular reversed flow
region dissolves, see figure 4.9.
The last shown axial location at z = 1.75 m is just inside the pick-up tube. The disconti-
nuity in the velocity distribution is due to the wall of the pick-up tube, which has an inner
and outer radius of 23 and 25 mm, respectively. In the pick-up tube a local maximum
forms at the center, replacing the dip, see figure 4.10. The cause of this is not easily
found and is likely to be related to the change in swirl.

Figure 4.8: Radial distribution of the time-averaged axial velocity on a line through the center
of the pipe at z = 0.50, 0.75 and 1.00 m. Inlet bulk velocity is 2 m/s, HPO reference pressure
is 0 Pa, ṁLPO = 5.03 kg/s.
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Figure 4.9: Radial distribution of the time-averaged axial velocity on a line through the center
of the pipe at z = 1.00, 1.25 and 1.50 m. Inlet bulk velocity is 2 m/s, HPO reference pressure
is 0 Pa, ṁLPO = 5.03 kg/s.

Figure 4.10: Radial distribution of the time-averaged axial velocity on a line through the center
of the pipe at z = 1.50 and 1.75 m. Inlet bulk velocity is 2 m/s, HPO reference pressure is 0
Pa, ṁLPO = 5.03 kg/s.
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The azimuthal velocity distribution in the pipe is plotted in figure 4.11. The azimuthal
velocity distribution can be divided into three regions. Near the wall a thin boundary layer
is observed. Further away from the wall a region exists with high azimuthal velocities and
a distribution similar to that of a potential-flow vortex. Near the center the distribution
resembles that of a solid-body rotation, although the gradient is not constant. The
velocity at the wall does not become zero since the meshing is too coarse to fully resolve
the boundary layer. Instead wall functions are employed and the y+ at the outer wall
varies from 90 near the location of the detachment line on the ISE to 40 at the end of
the separator near the flow straightener. This is the range of y+ for which the log law
applies.
In the potential flow vortex region the velocity decreases with axial distance due to friction.
After an initial decline the maximum azimuthal velocity increases further downstream,
while the location of the maximum moves towards the pipe axis. In the center of the
solid-body rotation core, the slope of the azimuthal velocity decreases slightly in the
downstream direction, while it increases at the edge of this core.
Near the ISE a dent in the azimuthal velocity distribution can is seen around r = 0.02 m.
This is due to the specific flow around and just downstream of the ISE. Close to the ISE
there is actually a local minimum in the azimuthal velocity, however, at z = 0.50 m this
minimum in the distribution is already smoothed out.
In figure 4.12 the azimuthal velocity distribution in the pick-up tube is given. Again the
location of maximum velocity moves inward with the downstream direction. A relatively

Figure 4.11: Radial distribution of the time-averaged azimuthal velocity on a line through the
center of the pipe at z = 0.50, 0.75, 1.00, 1.25 and 1.50 m. Inlet bulk velocity is 2 m/s, HPO
reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.

64



rapid decrease is seen in the maximum velocity due to friction at the wall of the pick-up
tube. In the center the velocity gradient now increases in downstream direction. This is
different from the trend observed in the pipe. However, this steepening of the velocity
gradient in downstream direction has been reported before by Kitoh [57] and Dirkzwager
[29]. At z = 2.00 m the flow has passed the flow straightener, which effectively sets the
azimuthal velocity component equal to zero in the HPO.
Figure 4.13 shows the evolution of the maximum time-averaged azimuthal velocity in the
cross-flow plane as function of z. A gradual decrease in maximum azimuthal velocity is
observed up to z = 1.00 m, after which it increases until the entrance to the pick-up tube is
reached. As the flow enters the pick-up tube a sharp peak in maximum azimuthal velocity
is seen. Inside the pick-up tube the maximum azimuthal velocity is quickly reduced.
The radial velocity component is very small compared to the other two components. The
radial component of the velocity is smaller than 2% of the axial bulk velocity uz,b except
for regions near the ISE and the pick-up tube.
Another way to examine the distribution of the azimuthal velocity is to plot the distribution
of the axial vorticity ωz

ωz =
1

r

∂

∂r
(ruθ) (4.6)

Near the wall of the pipe the azimuthal velocity rapidly decreases with increasing radius,
therefore a large negative axial vorticity ωz will be present in this region. Further away
from the wall a region with a potential-flow like distribution of the azimuthal velocity is

Figure 4.12: Radial distribution of the time-averaged azimuthal velocity on a line through the
center of the pipe at z = 1.75, 2.00 and 2.25 m. Inlet bulk velocity is 2 m/s, HPO reference
pressure is 0 Pa, ṁLPO = 5.03 kg/s.
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Figure 4.13: Maximum time-averaged azimuthal velocity in cross-flow plane as function of z.
Inlet bulk velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.

identified. In such a region the azimuthal velocity varies with the radius as uθ(r) ∝ 1/r,
this yields a region of zero axial vorticity. Near the center of the pipe solid-body rotation-
like distributions of the azimuthal velocity with different slopes are seen. In these regions
the azimuthal velocity varies as uθ(r) ∝ r and so ωz is piece-wise constant in these
regions.
Figure 4.14 shows the radial distribution of the time-averaged axial vorticity ωz on a line
through the center of the pipe at z = 0.50, 1.00 and 1.50 m. Near the wall a thin region
of large negative axial vorticity is indeed seen. Note that the vertical axis of the figure
is clipped at ωz = -1000 1/s for convenience. The actual potential-flow region is smaller
than expected based on figure 4.11, as appreciable axial vorticity levels are observed in
the region 0.02 < r < 0.04 m. However, the distribution becomes more potential-flow-
like in the downstream direction. In the center the distribution of axial vorticity shows a

Figure 4.14: Radial distribution of the time-averaged axial vorticity on a line through the center
of the pipe at z = 0.50, 1.00 and 1.50 m. Inlet bulk velocity is 2 m/s, HPO reference pressure
is 0 Pa, ṁLPO = 5.03 kg/s.
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more parabolic behavior, rather than a constant value. At z = 1.50 m, the axial vorticity
distribution in the center corresponds to the lower slope of the azimuthal velocity at the
pipe axis and a steeper slope at large radius, as is seen in figure 4.11. The variation in
axial vorticity indicates a continuously varying slope of the azimuthal velocity distribution
and therefore the distribution of the azimuthal velocity only approximates the solid-body
rotation and potential-flow velocity distributions.

4.5 Pressure distribution

The absolute pressure p can be split into three contributions

p = p̂+ ρg(h− z) + p0. (4.7)

Here p0 is a reference pressure, set to zero in this work for convenience. At the reference
height h, the hydrostatic pressure is zero relative to p0. The gradient of the hydrostatic
pressure component ρg(h− z) cancels out with the gravity term ρg and only p̂ influences
the velocity distribution. Moreover, in the current application both p0 and h are not
uniquely determined, which leads to an arbitrary absolute pressure. Therefore, only the
pressure component p̂ will be discussed and the hat is subsequently dropped for conve-
nience. Figure 4.15 shows the time-averaged radial pressure distribution at z = 0.50, 1.00
and 1.50 m. Negative pressures are seen because the reference pressure is set at the HPO

Figure 4.15: Radial distribution of the time-averaged static pressure on a line through the center
of the pipe at z = 0.50, 1.00 and 1.50 m. Inlet bulk velocity is 2 m/s, HPO reference pressure
is 0 Pa, ṁLPO = 5.03 kg/s.
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to 0 Pa. In the region just outside the center (r > 5 mm), the radial pressure gradient
increases in downstream direction, which corresponds to the increase in the maximum
azimuthal velocity gradient seen in figure 4.11. The pressure difference between the wall
and the center is declining from 2.2 bar just downstream of the ISE to 1.7 bar just up-
stream of the pick-up tube.
From the distributions in figure 4.15 it can be inferred that the axial gradient of the pres-
sure changes sign three times from the center to the wall. This can be matched with the
behavior of the distribution of the axial velocity. The negative axial pressure gradient near
the wall and in the region 5 mm < r < 15 mm, corresponds with a positive axial velocity.
The annular region of reversed flow is seen at 15 mm < r < 35 mm . In the very center
the pressure gradient is also positive. Although the axial velocity remains positive there,
the velocity dip deepens as can be observed in figure 4.8, that is the flow decelerates.
The time-averaged pressure along a line on the pipe wall at r = 0.05 m can be seen in
figure 4.16. The pressure shows an exponential-like decay. The brief pressure increase at
z = 1.70 m is caused by the presence of the pick-up tube entrance.
The time-averaged pressure along the axis of the pipe is shown in figure 4.17. From z =
0.50 m the pressure rises to a maximum at about z = 1.60 m, after which the pressure
decreases rapidly as the flow enters the pick-up tube indicating an increase of the swirl of
the flow.
A relevant separator characteristic is the pressure drop between the inlet and the outlets.
Since the pressure drop over the flow straightener is not accurate because of the simple
model used for the losses in that region, the area-averaged pressure at the HPO is evalu-
ated at the annular plane half a pipe diameter upstream of the flow straightener. For fair
comparison the area-averaged pressure at the LPO is evaluated at the same axial loca-
tion. The pressure drop between the inlet and the HPO is 1.6 bar, while the pressure drop

Figure 4.16: Time-averaged static pressure along a line on the pipe wall at r = 0.05 m. Inlet
bulk velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.
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Inlet - ISE Inlet - HPO Inlet - LPO

∆〈p̄〉 (bar) 1.8 1.6 2.5
∆〈p̄tot〉 (bar) 1.1 1.4 2.1

Table 4.1: Area-averaged static and total pressure difference ∆〈p̄〉 and ∆〈p̄tot〉 between inlet
and outlets.

between the inlet and LPO is 2.5 bar. The ISE generates the swirling flow at the expense
of a decrease in static pressure of 1.8 bar. This is computed by taking the area-averaged
pressure over a cross-sectional plane 10 mm upstream and downstream of the ISE.
The energy losses in the separator can be made clear by examining the time-averaged

total pressure 〈ptot〉 area-averaged over the cross-flow plane:

〈p̄tot〉 =
1

πR2

∫ R

0

〈ptot〉2πrdr (4.8)

The drop in total pressure 〈p̄tot〉 between inlet and the HPO is 1.4 bar, while between
the inlet and the LPO 2.1 bar of 〈p̄tot〉 is lost. Inside the pick-up tube high losses are
observed due to the high velocities in the narrow pipe. The decrease in the kinetic energy
can also be deduced from figure 4.12. Comparing the total and static pressure drops
between inlet and outlets is clear that due to high losses only limited gains can be made
by pressure recovery, for instance by de-swirling, in downstream piping. The decrease in
〈p̄tot〉 over the ISE is 1.1 bar. So only about 40% of the static pressure drop is converted
into kinetic energy. The difference in static pressure, averaged over a plane just after the

Figure 4.17: Time-averaged static pressure along the axis of the pipe. Inlet bulk velocity is 2
m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.
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Figure 4.18: Time-averaged total pressure, area-averaged over cross-flow plane as function of
z. Inlet bulk velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.

ISE and just before the pick-up tube, is relatively small. However, the decrease is total
pressure over this part of the pipe is about 0.37 bar, so about half the kinetic energy is
dissipated in the main part of the separator. This evolution of 〈p̄tot〉 with z is presented
in figure 4.18, showing an exponential-like decay. A good fit is obtained for z > 0.40 m
by 〈p̄tot〉 = 0.64e−0.53z. Therefore, of the 1.8 bar static pressure drop over the ISE, 60%
is lost during the swirl generation and an additional 20% is lost before the flow reaches
the pick-up tube.
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Figure 4.19: Time-averaged axial velocity near the pick-up tube on the plane x = 0 m through
the separator. Inlet bulk velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.

4.6 Flow near pick-up tube

The pick-up tube has a significant influence on the flow. A contour plot of the time-
averaged axial velocity is given in figure 4.19, see also figure 4.10. A local velocity
maximum seems to develop within the central minimum in downstream direction. The
annular region of low axial velocity can be seen to widen as it approaches to pick-up tube.
At the inner side of the pick-up tube, the axial velocity increases significantly.
On the outer surface of the pick-up tube, an adverse pressure gradient is experienced by the
flow. This pressure gradient is stronger closer to the surface. The flow is decelerated in the
region surrounding the outer surface and the flow reverses direction while it moves inward.
The reversed flow is accelerated towards the leading edge of the pick-up tube, where the
fluid flow bends around the leading edge, enters the pick-up tube and subsequently flows
towards the LPO. The flow reversal is caused by the swirling flow and not by the suction
effect due to a lower pressure inside the pick-up tube. When the LPO is closed this
reversed flow region is still present. However, the size of the region of reversed flow
surrounding the pick-up tube increases with increasing flow rate through the LPO.

Azimuthal velocity (m/s)

Figure 4.20: Time-averaged azimuthal velocity near the pick-up tube on the plane x = 0 m
through the separator. Inlet bulk velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO =
5.03 kg/s.
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Although wall-functions are employed for the current results, a similar flow reversal was
seen in previous simulations in which integration to the wall was carried out. The flow
reversal is therefore not an artifact of the wall-functions.
The time-averaged azimuthal velocity field is depicted in figure 4.20, see also figures 4.11
and 4.12. As the flow enters the pick-up tube the azimuthal velocity increases due to
vortex stretching. Also, a significant reduction in azimuthal velocity can be seen near the
surface of the pick-up tube in the region between the pick-up tube and the pipe wall.
More insight into the flow can be gained by examining the two-dimensional streamlines on
the plane through the separator, see figure 4.21. These streamlines have been constructed
using the time-averaged two-dimensional velocity field on that plane. Since the time-
averaged flow field is axisymmetric, a three-dimensional streamline, which crosses the two-
dimensional streamline, keeps intersecting that two-dimensional streamline downstream.
The two-dimensional streamlines are the intersections of the three-dimensional streamlines
with the two-dimensional plane. Therefore, the two-dimensional streamlines give useful
information on the three-dimensional flow field. The figure is divided into two parts by
the white line at r = 0 m. The background coloring on the top half is the axial velocity
and on the lower half the azimuthal velocity. The streamlines are converging to the inner
side of the surface of the pick-up tube and at the center. Here the axial and azimuthal
velocities increase. Likewise, diverging streamlines are seen where the annular region with
reversed flow inside the pick-up tube develops.

Figure 4.21: Two-dimensional streamlines of time-averaged velocity field on plane through
separator axis near pick-up tube. Background coloring shows time-averaged axial (top half) and
time-averaged azimuthal (bottom half) velocity divided by white line at r = 0 m. Inlet bulk
velocity is 2 m/s, HPO reference pressure is 0 Pa, ṁLPO = 5.03 kg/s.
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4.7 Parameter studies

Sofar only the design point condition of the separator has been considered. In this section
flow parameters are varied in order to obtain a better understanding of the behavior of
the separator for other conditions than the design point condition.

4.7.1 Dimension analysis

The Buckingham Π theorem is applied to find non-dimensional groups of variables to
describe the flow. Restating the solution is terms of non-dimensional variables reduces
the total number of variables that is to be varied in the parameter study. Furthermore,
the use of non-dimensional variables can reveal patterns in the results otherwise obscured
when dimensionfull variables are used. Examples of these patterns are self-similarity so-
lutions, in which different solutions collapse into a single curve when expressed in terms
of dimensionless variables. For self-similarity solutions the influence of one aspect of the
flow, such as the Reynolds number, on the solution can often be clearly identified.
The Buckingham Π theorems states that a results of a physical problem depending on β
variables can be rewritten into a dimensionless quantity depending on Π non-dimensional
variables. The number Π is equal to β minus the number of independent dimensions
present in set β. For more information on the Buckingham Π theorem the reader is re-
ferred to textbooks, for instance Fox and McDonald [38]. For the present case β is seven.
The seven variables are the inlet velocity uz,b, the density ρ, the viscosity µ, the flow
rate through the LPO QLPO, flow deflection at the vanes, the pipe diameter D and the
distance between ISE and pick-up tube L.
The azimuthal velocity at the trailing edge of the vanes uθ,te is used as flow deflection
scale. It is area-averaged on a cross-sectional plane just after the vanes. The variable
characterizing the swirling flow is not unique. Here uθ,te is chosen since it can be unam-
biguously defined and is closely linked to the design of the ISE.
There are three independent dimensions: mass, length and time. The density ρ, veloc-
ity uz,b and pipe diameter D are selected as recurring variables. Four non-dimensional
numbers can be found by combining these three recurring variables with one of the four
remaining variables from the set. The non-dimensional numbers describing the single-
phase flow are the length ratio L’, the flow split FS, the Reynolds number ReD and the
trailing edge swirl angle Sw.

L′ =
L

D
(4.9)

FS =
QLPO

πρuz,bD
2
/4

(4.10)

ReD =
ρuz,bD

µ
(4.11)

Sw =
uθ,te
uz,b

(4.12)
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In subsequent chapters the length ratio L/D = 17 at all times. The dimensionless numbers
FS, ReD and Sw will be varied in subsequent sections.

4.7.2 Variation of flow rate

Of interest is the change in the behavior of the flow in the separator with variation in
flow rate Qinlet. A change in flow rate amounts to a change in ReD. Here the results
of water flows with 75, 100 and 125% of the design flow rate are discussed. This is an
appropriate range for the flow rate, but leads only to a relatively small change in ReD. To
explore the effect of large variations in ReD also a numerical simulation for a single-phase
oil flow is carried out. The properties of the oil are that of Vitrea 10. All relevant material
properties, flow conditions and non-dimensional variables are listed in table 4.2. To mimic
the flow in the experimental setup as closely as possible the measured material properties
of water with 9 wt% salt are used.
The time-averaged non-dimensional axial and azimuthal velocity distributions in the cross-
flow plane at z = 0.50 m are shown in figures 4.22 and 4.23, respectively. The distributions
at z = 1.50 m are shown in figures 4.24 and 4.25. The results for the single-phase water
flows almost collapse onto a single curve, indicating that for this range of ReD the variation
due to Reynolds number is insignificant. For dilute oil-water flows independency of ReD

can therefore be expected. However, more viscous fluids will, for typical flow rates, have
a range of ReD for which viscous effects have a clear influence on the flow pattern.

Figure 4.22: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 0.50 m for variations in ReD. Flow parameters are specified
in table 4.2.
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Figure 4.23: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 0.50 m for variations in ReD. Flow parameters are
specified in table 4.2.

Figure 4.24: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 1.50 m for variations in ReD. Flow parameters are specified
in table 4.2.
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Qinlet ρ µ uz,b FS ReD Sw Eu
(kg/m3) (kg/(m.s)) (m/s)

75%, water 1067.8 1.183x10−3 1.50 0.30 1.35x105 6.71 115.4
100%, water 1067.8 1.183x10−3 2.00 0.30 1.81x105 6.72 118.2
100%, oil 869 16.5x10−3 2.00 0.30 1.05x104 6.58 97.7
125%, water 1067.8 1.183x10−3 2.50 0.30 2.26x105 6.73 120.6

Table 4.2: Material properties, flow conditions and dimensionless variables in study on variation
in the inlet flow rate.

The results of variation of ReD can no longer be deduced from the non-dimensional
solution. Although the basic flow pattern, such as the W-shape remains intact for flows
at low ReD, the distribution now does not show a reduction of the axial velocity at the
center.
The distribution of the azimuthal velocity for the different ReD shows larger differences,
also for ReD around the one of the design point. For the case of single-phase oil flow
the reduction in azimuthal velocity is especially clear. A lower azimuthal velocity for
low ReD flow will lead to lower centrifugal forces decreasing the separation efficiency.
In addition, the dent in the distribution seen at r/D ≈ 0.1 for z = 0.50 m is almost

Figure 4.25: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 1.50 m for variations in ReD. Flow parameters are
specified in table 4.2.
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smoothed out for the pure oil case, which also shows a lower value of the axial velocity
here. Further downstream, at z = 1.50 m, the differences in the distribution of the axial
velocity resemble those for z = 0.50 m. The distribution of the azimuthal velocity has
now about the same slope in the center of the pipe for all ReD considered, but for the
the low ReD it does not reach the levels it reaches for the higher ReD.
The non-dimensional pressure on a line through the center of the pipe at z = 1.00 m is
shown in figure 4.26. While the results for the azimuthal velocity show minor differences,
the pressure distribution for the single-phase water cases clearly do not collapse onto a
single curve, that is, there is a dependence on ReD. The pressure difference between wall
and the center of the pipe increases for increasing ReD. The result for the single-phase oil
flow clearly shows a much higher pressure in the center which corresponds to the much
lower azimuthal velocity for this case, thus less solid-body rotation.
The area-averaged pressure difference ∆〈p̄〉 between inlet and LPO is normalized by the
dynamic pressure at the inlet to form the Euler number Eu

Eu =
∆〈p̄〉
1
2ρu

2
z,b

(4.13)

Again, the pressure difference ∆〈p̄〉 does not include the hydrostatic pressure. Figure
4.27 shows Eu as function of ReD. The values of Eu are included in table 4.2. Only the
single-phase water flow results are presented here since the pressure drop is sensitive to
relatively small changes in the swirl angle Sw. Therefore, the results for single-phase oil
flow does not lie in the ReD-FS plane at constant Sw shown in figure 4.27. The curve is

Figure 4.26: Radial distribution of the time-averaged non-dimensional pressure at z = 1.00 m
for different values of ReD. Flow parameters are specified in table 4.2.

77



fitted to the data by a power law, which is given by

Eu = 42.2ReD
0.085 (4.14)

A higher pressure drop between inlet and LPO is expected for higher inlet velocities in the
separator. However, here an increase in Eu is also observed for increasing ReD. So the
pressure drop scales as ∆〈p̄〉 ∝ u2.085

z,b .
The value of Eu in non-swirling pipe flow is given by

∆p
1
2ρu

2
z,b

= f
L

D
(4.15)

Here f is the friction factor which dependent on ReD and L/D = 17. For turbulent pipe
flow the friction factor f always decreases with increasing ReD. Contrary to non-swirling
pipe flow, the non-dimensional pressure drop between inlet and LPO for strongly swirling
flow increases with higher ReD.

Figure 4.27: Dimensionless pressure drop from inlet to LPO as function of ReD with power law
curve fit for single-phase water flow. Data from table 4.2 is used.
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4.7.3 Variation of flow split

Another important flow parameter is the flow split FS. The separator is designed to handle
mixtures in which water is the continuous phase, with a typical oil cut in the feed of around
15 to 40%. The flow split is usually higher than the inlet oil volume fraction since cleaner
water is in general more valued than dryer oil. Of interest is the performance of the
separator for different feeds and therefore different flow splits. The variation of the flow
split FS for the present study is FS = [ 0.20, 0.30, 0.40, 0.50 ].
The radial distributions of the time-averaged axial and azimuthal velocity on a line through
the center of the pipe at z = 0.50 m are shown in figures 4.28 and 4.29, respectively. A
change in flow split alters the axial velocity distribution in a region more than 10 diameters
upstream from the pick-up tube. With increasing flow split the central dip flattens and
develops into an local maximum. However, the rest of the distribution is not much affected
by the change in FS, it is only the central part, the core region that changes.
Larger differences, as well as over a larger region can be observed in the radial distribution
of the azimuthal velocity. For increasing flow split the dent in the distribution at r/D ≈ 0.1
is more pronounced and moves slightly inwards together with the increase in the strength
of the solid-body rotation. Striking is this increase in magnitude of the azimuthal velocity
for higher flow splits that far upstream of the pick-up tube.
The axial velocity distribution on a line through the center of the pipe at z = 1.50 m can
be seen in figure 4.30. The axial velocity increases for higher flow splits in the region 0
< r/D < 0.275. However, the axial velocity increase is not evenly distributed as the flow

Figure 4.28: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 0.50 m for flow split FS = [ 0.20, 0.30, 0.40, 0.50 ]. For
all cases ReD = 1.81x105 and Sw = 6.72.
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Figure 4.29: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 0.50 m for flow split FS = [ 0.20, 0.30, 0.40, 0.50 ].
For all cases ReD = 1.81x105 and Sw = 6.72.

Figure 4.30: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 1.50 m for flow split FS = [ 0.20, 0.30, 0.40, 0.50 ]. For
all cases ReD = 1.81x105 and Sw = 6.72.
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in the center is much more affected. In figure 4.31 the azimuthal velocity distribution on
a line through the center of the pipe at z = 1.50 m is shown. Similar to the flow further
upstream, in the core the swirl increases with increasing flow split and the inward motion
of the location where the azimuthal velocity is maximal, is now more distinct. In addition,
for flows with low flow split FS the solid-body rotation core has a lower slope in the center
and the slope increases just outside the center. This forms a dent in the distribution of
the azimuthal velocity, which is more pronounced for smaller FS and straightens out for
increasing flow split.
While scaling the results with the inlet bulk velocity showed a weak dependence on ReD,
for the range considered, here no straightforward dependence of the flow on the flow split
is found.
Due to the larger axial velocity in the center for higher flow splits more fluid will flow to the
center. The inward motion of angular momentum leads to the observed higher azimuthal
velocities and therefore to higher centrifugal forces acting on the dispersed phase in multi-
phase applications. The centrifugal acceleration on a line through the center of the pipe
at z = 0.50 m and 1.50 m for FS varying from 0.20 to 0.50 is presented in figures
4.32 and 4.33, respectively. As shown in the figures the maximum centrifugal force rises
substantially for increasing flow split FS. The motion of the location of the maximum
centrifugal force with respect to the pipe axis does not show a consistent trend. For a
high flow split of 0.40 and 0.50 the distance between location of the maximum centrifugal

Figure 4.31: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 1.50 m for flow split FS = [ 0.20, 0.30, 0.40, 0.50 ].
For all cases ReD = 1.81x105 and Sw = 6.72.
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Figure 4.32: Radial distribution of the time-averaged non-dimensional centrifugal acceleration
on a line through the center of the pipe at z = 0.50 m for flow split FS = [ 0.20, 0.30, 0.40,
0.50 ]. For all cases ReD = 1.81x105 and Sw = 6.72.

Figure 4.33: Radial distribution of the time-averaged non-dimensional centrifugal acceleration
on a line through the center of the pipe at z = 1.50 m for flow split FS = [ 0.20, 0.30, 0.40,
0.50 ]. For all cases ReD = 1.81x105 and Sw = 6.72.
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Figure 4.34: Radial distribution of the time-averaged non-dimensional pressure on a line through
the center of the pipe at z = 1.00 m for flow split FS = [ 0.20, 0.30, 0.40, 0.50 ]. For all cases
ReD = 1.81x105 and Sw = 6.72.

force and the center of the pipe increases with increasing z, while for lower flow splits the
location of the maximum centrifugal force initially moves radially outwards and starts to
move inwards further downstream. However, at a fixed axial station the location of the
maximum centrifugal force is closer to the axis of the pipe for increasing flow split.
Due to the strong variations observed in the g-forces acting on droplets, the separation
efficiency for oil-water mixtures will increase for higher flow splits. Therefore it may be
beneficial to design, for a given oil cut in the feed, a separator with a relatively small
diameter pick-up tube and thus a higher axial velocity in the center of the pipe. This will
lead to vortex stretching and therefore to a spin-up of the azimuthal velocity, achieving
higher centrifugal forces. Although, for higher flow splits the residence times of the oil
will be shorter due to the increased axial velocity in the center. Therefore, the oil phase
will have less time to separate. Moreover, for increased flow split higher turbulent kinetic
energy and dissipation rates are seen. These two effects reduce the gains in separation
efficiency to some, probably small, extent.
However, at the same time the higher flow split will lead to a larger pressure drop over
the separator. The dimensionless pressure on a line through the center of the pipe at z =
1.00 m is shown in figure 4.34. The pressure difference between the wall and the center
of the pipe doubles when the flow split is increased from 0.20 to 0.50. In figure 4.35 the
dimensionless pressure drop Eu is shown as a power law fit. The dimensionless pressure
drop Eu as function the flow split FS is fitted as

Eu = 145.5FS0.17 (4.16)
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Figure 4.35: Euler numbers Eu as function of flow split with power law fit Eu = 145.5FS0.17.
For all cases ReD = 1.81x105 and Sw = 6.72.

So, as expected, an increase in pressure drop is seen for increasing flow split, although
the increase in Eu is not strong. The increase in pressure drop decreases for higher flow
split.

4.7.4 Variation of swirl angle

The shape of the vanes of the ISE has been determined by the design procedure discussed
in chapter 3. An ISE with a different vane deflection angle will lead to a change in the
downstream velocity distribution and will therefore alter the separation characteristics.
Not only will a stronger deflection result in higher g-force on the dispersed phase, it will
likely lead to more turbulence, higher pressure drop and possibly to droplet break-up. The
increased turbulence level could remix the segregated phases, undoing the effect of the
higher centrifugal forces.
An optimized design is desired for commercial application of this technology. However, a
thorough study of design variations falls beyond the scope of the present study. Instead
results are presented here for a few swirl angles to give an outline of its effect on the flow
field.
A complete re-design of the ISE, essentially following the steps in chapter 3 once more,
and subsequent meshing efforts would take an unwarranted amount of time. Therefore,
a simplified geometry is used in which the nose section, the vanes and the initial part
of the afterbody are removed. The velocity components are directly imposed on the
newly formed inlet boundary. Figure 4.36 shows the original geometry and the simplified
geometry.
The differences introduced by not resolving the vanes can be evaluated by comparing the
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solution for the vane-less configuration with that for the full configuration. Therefore,
area-averaged velocity components for the full geometry have been determined at the
location corresponding to the inlet of the vanes-less geometry. These area-averaged values
uvlz = 5.35 and uvlθ = 13.44 are subsequently used as input for the numerical simulation
of the flow in the vanes-less configuration. It turns out that for the vane-less geometry
the flow is more unsteady than for the original complete configuration. Nevertheless the
results also show that the time-averaged velocity distributions of the two configurations
agree very well, as will be shown later. However, for the vane-less geometry the Reynolds
stresses and turbulent dissipation are considerably lower, since the upstream shear layers
are absent. However, these effect do not influence the velocity distribution strongly. On
the other hand it is expected that in the case of two-phase flow, the numerical simulations
for polydispersed multiphase flow using a vane-less geometry will not yield accurate results
for the variation in droplet size. This is primarily because much of the droplet break-up
is expected to occur around the ISE, especially in the vane section.
Four simulations for the vane-less geometry have been carried out for the flow parameters
given in table 4.3. Lower azimuthal velocities are chosen here because the safety margins
used in the design, such as εSW , make it likely that enough centrifugal force is available
and lower velocities may still lead to the required separation but for a lower pressure drop.
The distribution of the time-averaged axial velocity on the plane x = 0 m through the
upstream part of the separator for the four cases given in table 4.3 and the full geometry
case are shown in figure 4.37. The vanes in the full geometry cause non-axisymmetric
features in the flow surrounding the afterbody. These features are not present in the
results of the simulation for the vane-less configurations with Sw = 6.72. Therefore,
differences can be seen in the darkly colored reversed flow region near the afterbody of
the ISE. However, these features are smoothed out rapidly and the results for the vane-less
geometry do not differ significantly from the results for the vaned geometry in the velocity
distribution further downstream.
For the medium swirl case the flow directly aft of the afterbody shows that the detachment

Figure 4.36: Cut-away view of full ISE geometry (top) and geometrically simpler vane-less
geometry (bottom) used for the study of the effect of swirl angle variation. In vane-less geometry
constant axial velocity uvlz and azimuthal velocity uvlθ are imposed on inlet.
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uvlz (m/s) uvlθ (m/s) Sw (-) FS ReD

nominal swirl 5.35 13.44 6.72 0.30 1.81x105

medium swirl 5.35 5.00 2.50 0.30 1.81x105

low swirl 5.35 1.00 0.50 0.30 1.81x105

zero swirl 5.35 0.00 0.00 0.30 1.81x105

Table 4.3: Inlet conditions for study of variation in swirl angle.

of the flow from the afterbody is delayed. Possibly criteria for flow detachment depending
on the swirl strength are satisfied at a location further downstream when the swirl is
reduced. The azimuthal velocity, which increases along the surface of the afterbody
due to the conservation of angular momentum, needs a longer distance to increase such
that these criteria are satisfied. Previous preliminary simulations also indicated that the
detachment line moves upstream for stronger swirl.
Flow detachment and regions of reversed flow are also seen for the cases of low and zero
swirl. The location of flow detachment is approximately the same for the latter two cases.
So the downstream movement of the flow detachment for lower swirl is not continued
here. Also, the shape of the reversed flow region for the cases of low and zero swirl
is different compared to the one for the cases at the higher swirl. For the nominal and
medium swirl angles the reversed flow region has, at its inception on the afterbody, a front
which is almost perpendicular to the surface of the afterbody. This is not seen for the
low and zero swirl cases, for which the angle of the reversed flow front with the surface

Figure 4.37: Contours of time-averaged axial velocity in the region downstream of the vanes of
the ISE on a plane through of separator for variations swirl angel Sw.
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of the afterbody is much smaller.
Inspection of the axial pressure gradient shows that for the nominal and medium swirl
cases, the increasing velocity near the afterbody yields a negative pressure gradient in the
region upstream of the flow detachment. On the contrary, for the cases of low and zero
swirl an adverse pressure gradient along the afterbody is seen. It is believed that for the
latter two cases this flow separation is caused by the adverse pressure gradient instead of
the swirl.
The time-averaged axial velocity distribution on a line through the center of the pipe at
z = 0.50 m is shown in figure 4.38. Clear differences can be observed in the results for
different swirl angles. By decreasing the swirl angle the difference between maximum and
minimum velocity seen in the cross-plane also decreases. For medium swirl, the central
dip in the radial distribution of the axial velocity is no longer present. Also the annular
region of reversed flow becomes narrower, which may be explained by the smaller radius
at which the flow detaches from the afterbody. The interaction of the swirl and specific
afterbody geometry is not clear.
For low swirl the axial flow pattern changes from a W-shaped into a V-shaped distribution.
This V-shaped velocity distribution was previously observed, among others, by Kitoh [57]
and Dirkzwager [29]. The case of zero swirl shows that the wake caused by the ISE is
much wider and less pronounced than the central decrease in axial velocity in the case of
low swirl. Moreover, the wake in the case of zero swirl smoothens out in the downstream
direction and eventually a flat profile develops at z = 1.00 m. The V-shape distribution in
the low swirl case is maintained in downstream direction, indicating that this flow pattern

Figure 4.38: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 0.50 m for the different swirl angles specified in table 4.3.
For all cases ReD = 1.80x105 and FS = 0.3.
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is primarily caused by the swirl and not by the wake of the ISE.
The radial distribution of the time-averaged azimuthal velocity on a line through the
center of the pipe at z = 0.50 m is shown in figure 4.39. For the case of nominal swirl,
Sw = 6.72, a dent in the azimuthal velocity at r/D ≈ 0.1 m is seen, followed by a region
with a lower gradient until the maximum is reached. This change in the gradient of the
azimuthal velocity is also seen in the case of medium swirl, for which Sw = 2.50, but here
it is less distinct. However, the change in the gradient is absent in the case of low swirl,
for which Sw = 0.50. For the case of low swirl a different flow pattern surrounds the
afterbody, which is due to the different mechanism of flow detachment. For the case of
low swirl, instead of an increase in azimuthal velocity near the surface of the afterbody, the
azimuthal velocity is decreasing in the zone upstream of the flow separation. In addition,
the location of the maximum azimuthal velocity is shifting towards the center for lower
swirl.
Figures 4.40 and 4.41 show the distribution of the time-averaged axial and azimuthal
velocity on a line through the center at z = 1.50 m, respectively. The case of medium
swirl now shows a local minimum in the center just as seen for the stronger swirling
nominal case. Also the case of low swirl starts to form a local maximum in the center,
which increases in the downstream direction. This gives the axial velocity distribution a
W-shape, just as for the case of medium swirl at z = 0.50 m. For the case of low swirl
the annular region of low velocity disappears inside the pick-up tube and a jet-like velocity
profile is seen in the center. However, further downstream in the pick-up tube

Figure 4.39: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 0.50 m for the different swirl angles specified in table
4.3. For all cases ReD = 1.80x105 and FS = 0.3.
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Figure 4.40: Radial distribution of the time-averaged non-dimensional axial velocity on a line
through the center of the pipe at z = 1.50 m for the different swirl angles specified in table 4.3.
For all cases ReD = 1.80x105 and FS = 0.3.

Figure 4.41: Radial distribution of the time-averaged non-dimensional azimuthal velocity on a
line through the center of the pipe at z = 1.50 m for the different swirl angles specified in table
4.3. For all cases ReD = 1.80x105 and FS = 0.3.
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the V-shaped of the axial velocity distribution is recovered. As stated before the wake in
the case of zero swirl has disappeared and a plug flow type of velocity distribution is seen.
The distribution of the azimuthal velocity at z = 1.50 m shows similar features as observed
at z = 0.50 m, that is a lower maximum which moves inward with decreasing swirl angle.
The azimuthal velocity distribution appears to collapse in the center, showing the same
velocity gradient, that is, the same level of axial vorticity and solid-body rotation. This is
not seen at upstream and downstream locations and is considered a coincidence. Contrary
to the variation in ReD, no straightforward trend has been found for results for variation
in the swirl angle.
The radial distribution of the time-averaged non-dimensional pressure on a line through
the center of the pipe at z = 1.00 m for the variations in swirl angle specified in table
4.3 is shown in figure 4.42. The increase in pressure difference between the pipe wall and
the center with increasing swirl angle Sw can clearly be seen. Also the pressure at the
pipe wall increases for increasing Sw. This is caused by the boundary condition at the
HPO. For higher Sw the azimuthal velocity is higher in the annular channel towards the
HPO. A higher incoming azimuthal velocity leads to a higher pressure drop over the flow
straightener. Since the reference pressure is set to zero at the HPO, the pressure near the
wall further upstream is higher for higher Sw.

Figure 4.42: Radial distribution of the time-averaged non-dimensional pressure on a line through
the center of the pipe at z = 1.00 m for the differnt swirl angles specified in table 4.3. For all
cases ReD = 1.80x105 and FS = 0.3.
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4.8 Conclusions

The analysis of the single-phase flow in the in-line separator shows a complicated flow
pattern with a W-shaped radial distribution of the axial velocity. A straightforward, mech-
anistic explanation of this flow pattern is not available. The region of annular reversed flow
is validated using experimental data from the TUD. Quantitative differences in the radial
distribution of the time-averaged velocity components are found when comparing numer-
ical and experimental results. However, the overall agreement is reasonable. Therefore,
RANS CFD is deemed adequate to perform parameter studies to investigate the behavior
of the flow in the separator and its performance in terms of separation efficiency.
In the separator the static pressure varies considerably. For the investigated design the
swirling flow is generated at the expense of a 1.8 bar pressure drop over the ISE. The
swirling flow leads to a parabolic-like radial distribution of the pressure, with a minimum
pressure in the center. The maximum pressure difference between the pipe wall and center
is 2.2 bar. The pressure differences between inlet and HPO and between inlet and LPO
are 1.6 and 2.5 bar, respectively. Examination of the distribution of the total pressure
indicates that it is unlikely that pressure recovery from de-swirling the flow is worthwhile.
The velocity distributions scale linearly with the inlet bulk velocity when the flow rate is
varied. The W-shaped distribution of the axial velocity stays intact within a range of ReD

of more than an order of magnitude. For low-viscosity incoming feeds the distribution of
the velocity is independent of ReD for the considered range of flow rates.
Altering the flow split leads to a significant change in the velocity in the center of the
pipe, but the region near the pipe wall is largely unaffected. Also, a large increase in the
g-forces experienced by the flow are seen for higher flow splits. However, a higher value
of FS also reduces the residence times in the separator due to the higher axial velocities
in the center.
In general, changes in boundary conditions in the center, such as changes in flow split
or modifications of the geometry of the pick-up tube, have a large influence on the flow
field. On the other hand, features in the region closer to the pipe wall, such as the flow
straightener, barely have an impact in upstream direction.
The effects of alternative vane designs are approximated by imposing the distribution
of the axial and azimuthal velocity on a cross-flow plane just aft of the location of the
trailing edge of the vanes. Comparison of the results for the vane-less geometry with the
ones for the full geometry shows that this is an accurate approximation. The vane-less
geometry, for which it is easier to generate the mesh and is less computationally expen-
sive, can be used in the design stage to determine the required cross-sectional velocity
distribution just aft of the vanes and therefore the criteria for vane design. A reduction
of the swirl leads to a smaller difference between the maximum and the minimum in the
radial distribution of the axial velocity. Reducing the swirl further will eventually lead
to a V-shaped distribution of the axial velocity. However, for the present separator the
W-shaped distribution of the axial velocity is observed for the range of required azimuthal
velocities. The location at which the azimuthal velocity is maximal moves inwards for
decreasing swirl. Nevertheless, compared to the axial velocity, the change in azimuthal
velocity for different levels of swirl can be more easily anticipated.
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It has been shown that the swirling flow occurring in the present separator design is
complex. Changes in flow parameters often lead to substantial changes in the velocity
distributions. The dependance of the flow on these parameters is not straightforward.
Additional simulations are required to determine this dependency.



CHAPTER 5

Results for two-phase flow

In this chapter the results of oil-water flow using the two-fluid model are discussed. First,
the modeling of the interaction between the two phases is analyzed. Subsequently, the
results for two-phase flow are compared to the solution of the single-phase flow for the
standard case of a flow rate of Q = 56.5 m3/h and a flow split FS = 0.3. Finally, the
results of the study of the dependency of the flow solution on parameters like the inlet oil
volume fraction α, the flow split FS and droplet diameter d are discussed and compared
to measurements.

5.1 Introduction

Much work has been carried out on the numerical simulation of single-phase flow in
separators, such as hydrocyclones [28, 49, 55, 78]. However, for multi-phase flow fewer
literature sources are available and most are concerned with gas-liquid separation [20, 50].
As indicated in chapter 2, two-phase flow is much more complex than single-phase flow.
Therefore, it is more difficult to obtain models which describe the behavior of the two-
phase flow adequately.
For the two-phase flow simulations the same computational mesh is used as for the

Figure 5.1: Boundary conditions used for simulation of two-phase flow.
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single-phase flow. The boundary conditions for the two-phase flow simulations are shown
in figure 5.1. At the inlet the velocity of the oil-water mixture is imposed. The oil and
water velocities are identical to uz,b. In addition, the oil volume fraction αinlet is set at
the inlet. As before the reference pressure is set to 0 Pa at the HPO. To control the
flow split FS the boundary condition at the LPO is employed. The mass flow at the LPO
can no longer be used to determine this condition, because the mass flow depends on the
composition of the mixture, which is now an outcome of the simulation. Therefore, a
normal velocity uz,LPO is imposed to fix the volume flow rate through the LPO. Only the
axial component of the velocity is set, while the radial and azimuthal velocity components
are part of the solution. Consequently, the swirling flow is not suppressed by the boundary
condition at the LPO.
The input parameters given in table 5.1 are used in the numerical simulations of the flow
through the separator discussed in this chapter. Other parameters may vary for differ-
ent simulations and complete lists of input parameters will be specified in each section.
The time step is occasionally reduced slightly when convergence slowed down. The RMS
residuals need to converge below 2.5x10−6. The time-averaging procedure is identical
to the one used for single-phase flow. The two-phase flow simulations need to run for a
considerably longer simulation time than the single-phase counterparts in order to obtain
the oil volume fraction distribution of the operational state.
The number of non-dimensional parameters is higher for two-phase flow due to the in-
creased number of variables. Now seven non-dimensional numbers can be found. The
non-dimensional numbers describing the two-phase flow are the length ratio L’, the flow
split FS, the Reynolds number ReD, the trailing edge swirl angle Sw, the oil volume
fraction α, the ratio of the densities ρo/ρw and the ratio of the viscosities µo/µw. For
two-phase flow ReD is based on the mixture viscosity µm given by [53]

µm = µw(1− α)−2.5
µo+2/5µw
µo+µw (5.1)

and the mixture density ρm is given by

ρm = αρo + (1− α)ρw (5.2)

Furthermore, just as L’ the ratios of the densities and the viscosities are fixed in the
remainder of the present work. In later sections the FS and α will be varied.

uz,b = 2.00 m/s ρo = 881 kg/m3

∆t = 0.5 ms ρw = 1067.8 kg/m3

µo = 19.4x10−3 Pa.s σ = 0.021 N/m
µw = 1.183x10−3 Pa.s pHPO = 0 N/m2

Table 5.1: Input parameters used for two-phase flow simulations.
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5.2 Evaluation of the modeling

Due to the complexity of two-phase flow the modeling will be based on assumption and
approximations. It is therefore useful to examine the various models available in Ansys
CFX 14.0 in order to obtain an indication of their applicability to the flow in the separator.

5.2.1 Evaluation of drag law1

Since the influence of the drag law in the multiphase results is of prime importance, it
is analyzed more closely. Ishii and Zuber [53] compared the results for two-phase flow
attained with their correlation

CD =
24

Red
(1 + 0.15Re0.687

d )(1− α)−2.5
µo+2/5µw
µo+µw (5.3)

with experimental data and found very favorable agreement. Another evaluation of differ-
ent drag law correlations has been carried out by Rusche [92] using available experimental
data from a wide range of systems and flow conditions. To characterize the experimental
data for liquid-liquid flows the Archimedes number Ar is used.

Ar =
d3ρw | ∆ρ | a

µ2
w

(5.4)

Here ∆ρ =ρw − ρo and a is the acceleration experienced by the droplet. In the current
application 0 < Ar < 100, for which Rusche found that quite accurate predictions were
obtained with the Ishii-Zuber correlation. In the experimental data the volume fraction
of the dispersed phase ranged from α = 0.2 to α = 0.6. However, in the separator
even higher volume fractions are expected near the center. Experiments on emulsion
compression have been performed at the WUR by Thomas Krebs in order to investigate
the accuracy of the Ishii-Zuber drag law at these high α conditions.

Micro-centrifuge setup

For the micro-centrifuge experiments at the WUR, a custom-made setup was used. Figure
5.2A displays a photo of the experimental setup. The setup consists of a disk, which is
connected to a DC motor. The range of accessible rotation frequencies fmc is 1.5 Hz <
fmc < 100 Hz. A sample holder can be mounted on the disk. The distance rmc between
the center of this sample holder and the motor axis is 0.10 m. The radial acceleration ar
is then given by

ar = (2πfmc)
2rmc (5.5)

The range of the accelerations is thus 8.88 m/s2 < ar < 39500 m/s2, or 0.905 < a/g <
4020, when expressed in terms of multiples a/g of the normal gravitational acceleration
g = 9.81 m/s2. For the entire range of a/g the induction time of the motor to reach 95%
of the desired acceleration was smaller than 0.5 s.

1Part of the results presented in this section have been published in revised form in Krebs et al. [61]
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The disk and the motor are enclosed in a protective housing. The entire assembly is
placed on a custom-made plate, which is mounted on an inverted optical microscope
(Axiovert 200, Zeiss). Three set screws allow to align the sample with the objective of
the microscope. A high-speed camera (Y4-S2, IDT Inc.) is connected to the microscope.
A software trigger has been used (Motion Pro Studio, IDT Inc), which triggered recording
when at least one pixel in the image was not black, indicating that the transparent sample
chamber is passing by the microscope. A frame rate of 5000 Hz and an exposure time
of 100 ns were used for the experiments. The recorded images were processed with the
program ImageJ [37] using custom-written scripts.
A drawing of the sample chamber, which is placed in the sample holder, is displayed in
figure 5.2B. The sample chamber consists of two parts, both made from polydimethyl-
siloxane (PDMS). The bottom part contains a channel of dimensions 5.25 mm x 1 mm x
0.2 mm, which is open at one side. The top part of the sample holder contains no specific
features. The parts are made by mold casting using the Sylgard Elastomer Kit, which
consists of liquid PDMS and a curing agent [86]. The top and bottom part are chemically
bonded after exposure to an oxygen plasma. Before each experiment, the sample chamber

Figure 5.2: Panel A: photograph of the experimental setup at the WUR. Panel B: sketch of the
sample chamber used for the centrifuge experiments. The chamber is made from two PDMS
disks. The bottom disk contains a channel of dimensions 5.25 mm x 1 mm x 0.2 mm, in which
the emulsion is inserted. Panel C: photograph of an oil-in-water emulsion in the sample chamber.
The oil phase was Sil180 silicone oil, the aqueous phase a 10 mM SDS solution. The top layer
of a bilayer of monodisperse droplets with a mean diameter of 79.3 µm is seen. The position of
the second droplet layer is indicated by the dotted circles.
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was exposed to an oxygen plasma to render the chamber walls hydrophilic, in order to
enable wetting of the channel walls with the continuous phase [86].

Emulsion preparation

Monodisperse droplets of Sil180 silicone oil in a 10 mM aqueous sodium n-dodecyl sulfate
(SDS) solution were produced with a microfluidic T-junction. This experimental setup
and its parameters have been described previously by Krebs et al. [59]. At a temperature
of 293 K, the density of Sil180 is 931 kg/m3 and the viscosity equals 10.4 mPa s. The
difference in density between pure water and this oil is ∆ρ = 69 kg/m3. The SDS
prevented coalescence and thereby stabilized the emulsion for the entire duration of the
micro-centrifuge experiments.
An oil-in-water emulsion with a mean droplet diameter d = 79.3 ± 0.8 µm was obtained.
The constant diameter of the oil droplets and the fact that the oil phase remains the
dispersed phase are in accordance with the assumptions made in the two-fluid model
simulations using the Ishii-Zuber model. The emulsion is creamed in a storage flask;
droplets are removed from the dense layer using a pipette and are injected into the sample
chamber. The mean oil volume fraction α0 in the creamed emulsion layer was measured

Figure 5.3: Panel A: photograph of the emulsion at rest. The droplet diameter is d = 79.3
µm. An air bubble can be seen on the right. Panel B: Photograph of the same emulsion as in
panel A after 5 s of centrifugation at 231 g. hc and ht indicate the height of the compressed
emulsion layer and total height of the liquid column, respectively. Emulsion chamber rotates
counterclockwise.
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rmc

α

Figure 5.4: Distribution of oil volume fraction α on a line through the center of the sample
chamber after 10 s of centrifugation at 103 g as obtained from the CFD calculation.

by removing 1 µl of sample and counting the number of droplets after spreading of the
test volume on a microscope slide. Figure 5.2C displays a photograph of the emulsion in
the sample chamber. The droplets have a circular cross section and form a bilayer. The
image is focussed on the top layer of droplets. The second layer of droplets is visible, but
it appears blurry in figure 5.2C. The position of the droplets in the bottom layer relative
to those in the top layer is sketched by the dotted circles.

Numerical simulations

The governing equations have been solved using the commercial CFD package Ansys CFX.
A mesh of 3.3 million hexahedral elements and the use of double precision executables
are required to capture the steep gradients in the oil volume fraction and to avoid strong
oscillations in the region around that gradient in the numerical solution. A no slip condition
is imposed on the walls. The use of a spatially varying centrifugal force leads to numerical
oscillations in oil volume fraction. Therefore, a constant body force is used instead. Due
the large radius of O(100 mm) at which the chamber is placed in the centrifuge, compared
to the chamber dimensions of O(1 mm), the error made in the centrifugal force is smaller
than 1%. All other parameters used in the calculation, such as d, a and α0 are matched
with the experimental values. As initial condition a homogeneous emulsion with oil volume
fraction α0 = 0.705 is used.
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Figure 5.5: Comparison of experimentally and numerically determined averaged oil volume frac-
tion αc in the compressed droplet layer as a function of dimensionless time for a = 103 g (exp.:
x, CFD: �), a = 234 g (exp.: +, CFD: ◦) and a = 521 g (exp.: o, CFD: 4 ) centrifugal accel-
eration. Three experiments have been carried out for each a. Due to the scaling all computed
values collapse onto a single curve. u∞ is the terminal velocity of an isolated oil droplet in an
infinite domain.

Results and discussion

Two images from the compression experiments are shown in figure 5.3. Panel A displays
the emulsion at rest before centrifugation. Panel B displays a snapshot of the emulsion
during centrifugation at 231 g, 5 s after the start of centrifugation. Upon centrifugation,
droplets are accelerated towards the axis of rotation, thereby forming a dense layer. From
the height of the compressed droplet layer hc and the total height of the liquid column
ht the averaged oil volume fraction αc in the compressed layer can be calculated; αc =
α0ht/hc. For the example shown in figure 5.3B, we obtain αc = 0.83.
Figure 5.4 shows the distribution of the oil volume fraction α on a line through the center
of the sample chamber during centrifugation as obtained from the CFD calculations at
103 g after 10 s of centrifugation. Due to the density difference between the two phases,
oil is concentrated at the right side of the sample chamber. At the left side of the sample
chamber furthest away from the axis of rotation, pure water accumulates. The transition
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between the oil-rich and the oil-free layer is sharp. In the oil-rich layer, α(rmc) increases
with decreasing distance from the rotation axis, and eventually reaches unity. From the
profiles of α(rmc) the average oil volume fraction αc of the oil-rich layer is calculated,
which can be used to compare the CFD results with the results of the experiments. For
this particular example shown in figure 5.4, αc = 0.87 is obtained.
Figure 5.5 displays αc as a function of time, obtained from the experiments and compares
this with the results from the CFD calculations, for 103, 234 and 521 g centrifugal
acceleration. The time is non-dimensionalized by the length scale ht and the terminal
velocity u∞ of a single droplet subjected to a constant acceleration in an infinite domain.

u∞ =
∆ρad2

18µc
(5.6)

At the terminal velocity the body forces and the drag force on the droplet are in balance.
Note that the terminal velocity depends linearly on the acceleration a. The computed
values in figure 5.5 collapse onto a single line when the time is non-dimensionalized as
tu∞/ht. This clearly does not happen for the experimental data. The agreement between
the experimental and numerical curve for αc(t) is not good, nor from a quantitative nor
from a qualitative point of view. The calculated values overestimate the experimental
values, however, this difference decreases with increasing centrifugal acceleration.
While the curves for αc(t) obtained from CFD continue to increase in time, the measured
αc(t) eventually appear to approach asymptotic values. The maximum volume fraction
for equal-diameter hard spheres is ≈ 0.74, which is close to the measured value of the
monodisperse dense droplet layer from which the emulsion was sampled. For droplets,
higher packing fractions can be achieved, since droplets are deformable. The Bond number
Bo is given by

Bo =
∆ρad2

σ
(5.7)

Here σ is the interfacial tension. The Bond number Bo compares the magnitude of the
body force and that of the interfacial tension force. For the present system, at the smallest
acceleration of 103 g, we obtain Bo ≈ 0.11, which indicates that droplet deformation will
take place [44], and that the measured values of αc are physically reasonable. For a =
103, 234 and 521 g, Bo = 0.11, 0.25 and 0.55, respectively, and the measured maximum
oil volume fractions αc,max = 0.75, 0.79 and 0.90, respectively.
The maximum oil volume fraction αc,max appears to increase linearly as function of the
Bond number Bo as is shown in figure 5.6. The linear fit shown in the figure is given by

αc,max = 0.355Bo + 0.71 (5.8)

Error bars give standard deviation in experimental results.
Due to the volume averaging procedure carried out in the derivation of the two-fluid
model, the oil phase no longer has the characteristics of discrete droplets, but those of
a continuous medium. Therefore, the behavior of the emulsion related to the droplet
deformation cannot be captured and the calculated oil volume fraction α will eventually
approach unity for any non-zero radial acceleration. In addition, as pointed out in chapter
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Figure 5.6: Maximum oil volume fraction αc,max as function of Bond number Bo found in
experiment on emulsion compression with linear curve fit: αc,max = 0.355Bo + 0.71. Error bars
give standard deviation in experimental results.

2, Taylor [109] assumed spherical droplets in his derivation of the mixture viscosity, while
in the present experiments considerable deformation of the droplets are seen. Further-
more, while some deviations from the spherical shape are permitted according to Roscoe
[88], his derivation of the mixture viscosity assumes a very wide particle size distribution.
In the present numerical simulations, a monodisperse emulsion is used. These differences
between the experiments and the assumptions in the derivation of the model also con-
tribute to the observed discrepancies in the results.
In principle the maximum oil volume fraction in the numerical simulations can be limited
based on experimental correlation such as given in equation (5.8). However, in that case
the numerical method will be tailored to these experiments with emulsions in which co-
alescence is prevented. In the experimental setup at the TUD coalescence is expected,
leading to a different behavior of the emulsion. Therefore imposing a limit on the oil
volume fraction may not lead to more accurate results.
The results demonstrate that the Ishii-Zuber drag law should be applied with caution in
CFD calculations simulating multiphase flows with high volume fractions of the dispersed
phase since large deviations from experiments are seen even for relatively simple flows.
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5.2.2 Turbulent dispersion2

Preliminary studies with Euler-Lagrangian droplet tracking indicated the importance of
modeling the turbulent dispersion for the separation of liquid-liquid mixtures in dilute
multi-phase systems. Therefore, these results are discussed here as they imply that tur-
bulent dispersion will also have an effect in the case of denser systems. These compu-
tationally inexpensive two-phase flow simulations were carried out in the design phase of
the ISE in order to obtain a first estimate on the behavior of the dispersed phase. In these
early computations in the design phase a separate oil outlet (LPO) was not present.

Lagrangian droplet tracking method

A small number of oil droplets was simultaneously released at the inlet and followed
through the separator. One-way coupling was used, so there is no influence of the dispersed
droplets on the continuous flow field. The one-way coupling is justified as indicated by
Crowe [24], since the droplets are small (d� 1mm), the number of droplets is low (nd ∼
103), the density difference between the phases is low (∆ρ ≈ 200 kg/m3) and viscosity
of water is relatively high.
The equation of motion of a droplet is given by [3]:

md
d〈ud〉
dt

=
1

2
ρcCDAd | 〈uc〉 − 〈ud〉 | (〈uc〉 − 〈ud〉) (5.9)

+ (md −mc)g

+
1

2
mc

(
d〈uc〉
dt
− d〈ud〉

dt

)
+
mc

ρc
∇〈p〉

Here md is the mass of the oil droplet, mc is the mass of the displaced water and Ad is
the effective droplet cross-sectional area. The correlation of Schiller and Naumann [97],
equation (2.92), is used for the drag coefficient CD. The subsequent terms on the right-
hand side of equation (5.9) represent: the drag force; the buoyancy force due to gravity;
virtual mass force; and the pressure gradient force, respectively. Note that in the virtual
mass force the time derivative of the velocity of the water phase is used instead of the
material derivative. This corresponds to the implementation of the virtual mass force in
CFX 14.0. In addition, the Basset history force is not included. For the present case the
history force is assumed to be small relative to the drag force [32].
The motion of small droplets is affected by the turbulent fluctuations of the continuous
flow. Turbulent eddies can displace a droplet and therefore frustrate the segregation
process. This turbulent dispersion is accounted for by using the model of Gosman and
Ioannides [41]. This model assumes that the droplet is present in and interacts with a single
turbulent eddy. The interaction with the eddy is modeled by adding velocity increments
ũ′c to the mean velocity 〈uc〉 of the fluid surrounding the droplet. Velocity increment ũ′c
is an approximation of the turbulent velocity fluctuation u′c. The new estimate of the

2Part of the results presented in this section have been published in revised form in Slot et al. [104]
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instantaneous fluid velocity 〈ũc〉 = 〈uc〉 + ũ′c replaces 〈uc〉 and is used in the calculation
of the drag force and the relative Reynolds number. The velocity increment is defined as:

ũ′c = Γ
√

2k/3 (5.10)

Here Γ is a normal-distributed random vector, which ensures that the velocity increments
are randomly distributed over the different directions. In order to conserve kinetic energy
Γ is a unit vector, that is ‖Γ‖ =1. Furthermore k is the local turbulent kinetic energy.
Note that

√
2k/3 is the magnitude of the velocity fluctuations in isotropic turbulent flow.

The velocity increment ũ′c is constant during the droplet-eddy interaction time τint. This
is the minimum of two timescales: the eddy lifetime τe and transit time τtr. The charac-
teristic length scale of the eddy is

le =
C

1/2
µ k3/2

ε
(5.11)

Here Cµ is a turbulence constant equal to 0.09 and ε is the turbulent dissipation rate.
The eddy lifetime is then given by

τe =
le√
2k/3

(5.12)

The transit time is defined as the time required for the droplet to transverse the eddy.
This time scale is estimated from the solution of the simplified equation of motion of the

Figure 5.7: Radial distance from pipe axis of a 50 µm diameter droplet as function of axial
distance z, calculated with (solid) and without (dash-dotted) turbulent dispersion . ReD =
1.81x105 and Sw = 6.72.
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droplet

τtr = −τdln
(

1− le
τd | 〈ũc〉 − 〈ud〉 |

)
(5.13)

Here 〈ud〉 is the mean velocity of the droplet and τd is the droplet response time, given
by:

τd =
ρdd

2

18µc
(5.14)

The product τd | 〈ũc〉 − 〈ud〉 | is an estimate of the distance the droplet travels before it
adjusts to the characteristic velocity of the eddy. This needs to be larger than le, if the
droplet is to cross the eddy at all. When the droplet-eddy interaction time is reached,
new values of ũ′c, le and τint are calculated based on local values of the mean velocity
〈uc〉, the turbulent kinetic energy k and turbulent dissipation rate ε at the position of the
droplet.
Equation (5.9) is integrated in time using the velocity field that is calculated for the
present time step. Equation (5.9) is integrated using 250 integration steps per cell of
the mesh. This is higher than the default setting but is required to yield results which
are independent of the number of integration steps. At every droplet position the forces
are determined by interpolating linearly between values at the the surrounding vertices.
Integration is continued until one time step is completed. At a given time 200 droplets are
simultaneously released at the inlet. The droplets are randomly distributed over the cross-
sectional area of the inlet. The droplets have a density ρd of 800 kg/m3, the water has
a density of 997 kg/m3. Three calculations have been carried out for a mono-dispersed
droplet size of 50, 75 and 100 µm. Due to computational constraints a somewhat coarser
mesh of 1.25x106 hexahedral elements was used for the droplet trajectory calculations.

Droplet trajectories

The effect of the turbulent dispersion is illustrated in figure 5.7. This figure shows the
radial distance from the pipe axis of a 50 µm diameter droplet as function of axial distance
z, which is calculated with and without the turbulent dispersion model. The result of the
simulation with turbulent dispersion taken into account shows an erratic trajectory of
the oil droplets through the separator. As the trajectory indicates, droplets can also be
transported away from the center after being segregated. In contrast, the simulation

Figure 5.8: Trajectories of droplets of 50 (top), 75 (middle) and 100 µm (bottom) diameter at
t = 2.8 s after release at inlet. For each droplet size 40 trajectories are shown. ReD = 1.81x105

and Sw = 6.72.
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without the turbulent dispersion modeling shows a relatively smooth motion toward the
center of the pipe with only small-amplitude oscillations near the center.
Figure 5.8 shows trajectories of 50, 75 and 100 µm diameter droplets at t = 2.8 s
after release of the droplets at the inlet. For each diameter size 40 randomly selected
trajectories of the 200 computed trajectories are shown. After t = 2.8 s not all droplets
have reached the outlet. Some droplets have segregated towards the center of the pipe
and are slowly transported downstream. Away from the center, the axial velocity is much
higher and there the droplets move quickly to the outlet. The figure clearly demonstrates
the influence of the droplet size on the separation. A large number of trajectories of
the smaller droplets remain near the wall and no apparent inward motion is observed. A
detailed view on two droplet trajectories is shown in figure 5.9. The figure shows the
radial distance from the pipe axis of a 50 and a 100 µm diameter droplet as function
of the axial distance z. The effect of the turbulent dispersion decreases with increasing
droplet diameter due to the higher droplet response times of the larger droplets. However,
the 100 µm diameter droplets can still be considered small since both 50 and 100 µm
diameter droplets experience radial in- and outward displacement of roughly the same
order of magnitude and frequency. The larger centrifugal force on the 100 µm diameter
droplets is responsible for the better segregation of these droplets. Close inspection of the
100 µm droplet trajectory reveals the presence of the annular reversed flow region, since
around z = 1.1 m the droplet briefly moves upstream.

Figure 5.9: Radial distance from pipe axis of a 50 µm diameter droplets (solid) and a 100 µm
diameter droplet (dotted) as function of axial distance z. ReD = 1.81x105 and Sw = 6.72.
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Two-fluid turbulent dispersion model

The droplet tracking results indicate that turbulent dispersion is an important effect and
it should be incorporated in the two-fluid modeling. This turbulent dispersion model has
been discussed in section 2.4.2. Unfortunately, the turbulent dispersion model of Burns et
al. [14] assumes isotropic turbulence, while the turbulence inside the separator is clearly
anisotropic.
The turbulent dispersion model by Burns et al. [14] contains an adjustment parameter
C1, which can be altered to tune the model. The default value of C1 is 1.0. To assess
the sensitivity of the result to the adjustment parameter in the turbulent dispersion model
of Burn et al. [14], simulations were run for three values of C1: 0, 0.5 and 1. The
magnitude of the turbulent dispersion depends linearly on the drag coefficient CD. For
these simulation the Schiller-Naumann drag law, given in equation (2.92), is used to define
CD. In other two-phase flow simulations the Ishii-Zuber drag law is applied because of the
high volume fraction of the dispersed phase. However, the observed trends with regards
to C1 in the simulations with the Schiller-Naumann drag relation also hold for different
drag laws. Figure 5.10 shows the predicted time-averaged oil volume fraction α on the
cross-sectional plane through the axis of the separator. In the results presented in figure
5.10 the droplet size d = 100 µm and ReD = 0.86x105. Moreover, figure 5.11 shows the
radial distribution of the oil volume fraction for the three cases with varying C1 on a line
through the center of the pipe in the plane z = 1.5 m.
Clearly, the impact of using the model of turbulent dispersion is large. The case without
turbulent dispersion shows pure oil in the center, while the other cases show a decrease
in oil volume fraction along the centerline in downstream direction. The diffusion of the
oil volume fraction is very likely to be too strong, and therefore the oil volume fraction is
underestimated. The reason for this strong dispersion is the underlying assumption that
the turbulent transport is described by the eddy diffusivity hypothesis and the increased
radial diffusion of the oil volume fraction is similar to the increased radial diffusion of
momentum observed when using two-equation turbulence models for this type of swirling

Figure 5.10: Time-averaged oil volume fraction α on a plane through the axis of separator for
different constants C1 in equation (2.99): C1 = 0 (top), C1 = 0.5 (middle) and C1 = 1 (bottom).
In axial direction the oil volume fraction can clearly be seen to decrease when turbulent dispersion
is enabled. FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3, αinlet = 0.25.
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Figure 5.11: Radial distribution of time-averaged oil volume fraction α for C1 = 0 (solid), C1

= 0.5 (dotted) and C1 = 1 (dashed) on a line through the center of the pipe in the plane z =
1.5 m. Dispersion of oil phase can clearly be seen when turbulent dispersion is enabled. FS =
0.30, ReD = 0.86x105, Sw = 6.61, d/D= 1.00x10−3, αinlet = 0.25.

flow [78]. The current model seems inadequate for swirling flow.
In light of the results for the dilute two-phase flow, turbulent dispersion may be an
significant feature of the flow and it needs to be modeled accurately. However, the higher
oil volume fractions may dampen the turbulence and the possible formation of an oil
continuous layer will lead to a different effect of the turbulence on the oil phase compared
to the case of dilute two-phase flow. Further research, both experimental and modeling, is
required to shed light on the significance of turbulent dispersion for dense systems and the
appropriate modeling of turbulent dispersion that can be used for numerical simulations.
Currently, a model for anisotropic turbulent dispersion model is not available within CFX
14.0. The present turbulent dispersion model is thought to over-predict the diffusion of
oil and accurate tuning of C1 is not known. Therefore, the turbulent dispersion model
is not used in subsequent simulations of two-phase flow, as its use presumably results in
inaccurate flow solutions.

5.2.3 Virtual mass force

A numerical simulation has been carried out in which the virtual mass force is enabled
in order to investigate its influence on the flow field. This influence was expected to be
small, however, the virtual mass force is expected to slow down the radially inward motion
of the oil and will therefore negatively affect the separation.
Unfortunately, the use of the virtual mass force as implemented in CFX 14.0 leads to
problems. In figure 5.12 the distribution of the oil volume fraction on the wall just aft
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of the ISE is plotted. The vanes can be seen on the left in the figure. Upstream of the
vanes the oil volume fraction at the wall is increasing to a value just above α = 0.25. The
elongated streaks of oil-rich fluid on the pipe wall are oriented almost perpendicular to the
direction of the swirling flow and the streaks are advected downstream. The azimuthal
velocity is non-zero at the location of these streaks and it is unclear what is holding the
oil at the wall. In addition, large amplitude wiggles in velocity and large slip velocities
between the phases are seen near the wall. Based on equation (2.101) of the virtual mass
force this behavior is unexpected and thought to be a numerical artefact. Enabling double
precision solver executables or time step reductions did not alleviate the problem. Also
difficulties in the convergence of the residuals were encountered. The virtual mass force
therefore is considered not to be suited for the present application and it is not used in
further numerical simulations.

5.2.4 Lift force

Two simulations have been carried out to evaluate the effect of enabling the Saffman-Mei
lift force [93, 94, 77]. One with the lift force enabled and the other without the lift force,
in all other respects the input and computational grid for the two simulations are identical.
The results show that the lift force is of minor influence on the flow solution. Although
the vorticity is high, the velocity difference in most of the separator is quite small. The
low slip velocity is due to the high drag force experienced at high volume fraction of
the dispersed phase. This decreases the lift force, which is given in equations (2.102) to
(2.107).
The axial velocity is only significantly affected in the center of the pipe. The numerical
simulation with the lift force showed a lower velocity in the center. This difference in
velocity increases in downstream direction. At z = 1.50 m, the maximum difference is
about 5 cm/s, as can be seen in figure 5.13. The azimuthal velocity component is virtually
identical with or without the lift force. The largest differences are of the order of 1% of
the magnitude of the maximum azimuthal velocity. Minor differences in the distribution
of the oil volume fraction are seen, resulting in insignificant changes in the separation

Figure 5.12: Distribution of oil volume fraction α on pipe wall just downstream of ISE. Oil
streaks appear at the wall when the virtual mass force is taken into account. Location of the
vanes can be seen on the left. FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3,
αinlet = 0.25.
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Figure 5.13: Comparison of the radial distribution of the time-averaged axial component of the
oil velocity on a line through the center of the pipe in the plane z = 1.50 m for cases with
(solid) and without (dashed) lift force enabled. FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D
= 1.00x10−3, αinlet = 0.25.

performance.
Since the lift force is not important, it could be neglected in the numerical simulations.
However, the model for the lift force is readily available within Ansys CFX and including
it will incorporate more physics into the model. Therefore, the lift force will be used in
subsequent numerical simulations.

5.2.5 Conclusions

The results of the numerical flow simulations obtained with the Ishii-Zuber drag law show
large differences compared to experimental results, even for a relatively simple flow without
turbulence and without phase inversion. Thus, the numerical solutions obtained with the
Ishii-Zuber drag law should be critically reviewed and the end-user should be aware of the
deviations from reality due to incomplete modeling. However, the Ishii-Zuber relation for
the drag law is the best of the currently available models and is therefore employed in the
present project.
Turbulent dispersion of the oil droplets is expected to be an important aspect of the
flow. In the present project this flow feature cannot be incorporated accurately due to
inadequacy of the model for turbulent dispersion in a swirling flow. Further research effort
is necessary to develop and to implement appropriate modeling for turbulent dispersion in
dense swirling two-phase flows.
In addition, it was shown that the use of the virtual mass force leads to unphysical
oil distributions at the pipe wall. Therefore, the use of the virtual mass force is not
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d = 100 µm αinlet = 0.25
FS = 0.30 µo = 19.4x10−3 Pa.s
ReD = 0.86x105 µw = 1.183x10−3 Pa.s
Sw = 6.61 ρo = 881 kg/m3

uz,b = 2.00 m/s ρw = 1067.8 kg/m3

Table 5.2: Input parameters used for two-phase flow simulations discussed in section 5.3.

recommended. Fortunately, the effect of the virtual mass force is presumed to be small
due the relatively small density differences between the water phase and the oil phase.
Since the density difference is small the lift force is thought to be of minor importance
as well. However, the lift force is incorporated in the flow simulations since the model of
the lift force is readily available.
Furthermore, from experiments it is known that for a certain range of volume fractions of
the dispersed phase and droplet size the viscosity of the mixture can be much higher than
the viscosity of the individual components [5]. Such a flow feature may be incorporated
into a two-phase mixture model. In the mixture model the two-phase mixture is described
by a single velocity field and the evolution of the oil volume fraction needs to be modeled,
for example by a transport equation [71]. However, within in the framework of the two-
fluid model this is not possible. The mixture viscosity can indeed be incorporated into the
drag law, but in this way it only affects the slip velocity. The velocity distribution of the
two phases is coupled by the generalized interfacial drag term Mk,i, but the computation
of these velocity distributions uses the individual viscosities µo and µw. Flow features
such as a peak in viscosity depending on the flow condition cannot be represented by the
two-fluid model.

5.3 Results for two-phase flow

The numerical simulation of the two-phase flow for nominal conditions will now be dis-
cussed. The input parameters for the two-phase flow simulation are given in table 5.2.
Note that here the oil has different material properties than the oil used in chapter 4.
The reason is that in the present chapter the conditions for the numerical simulations

Figure 5.14: Distribution of time-averaged oil volume fraction α on plane through the axis of
the separator. Large hold-up of oil is seen and maximum α is just above 0.80. FS = 0.30, ReD
= 0.86x105, Sw = 6.61, d/D = 1.00x10−3, αinlet = 0.25.
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are matched with the ones of the experiments at the TUD. The velocity field reaches
the operational state in about 2 to 3 simulation seconds. However, the evolution of the
oil volume fraction typically needs an additional 1 to 2 seconds of simulation time. In
addition, two sets of governing equations for the phases need to be solved now. This leads
to substantial computational times for two-phase flow simulations. Therefore, the total
number of numerical simulations of two-phase flow discussed in this chapter is limited.

5.3.1 Separation performance

Generally the slip velocity between the water and the oil phase is quite small. Only in
the outer region, close to the pipe wall, slip velocities between the two phases of 0.10 to
0.15 m/s are seen. This is mostly due to the radial component of the slip velocity, which
drives the separation. The axial and azimuthal components of the slip velocity of roughly
0.05 m/s, are about 1% of the magnitude of the respective velocity components of the
oil and water phase. For r < 35mm, the slip velocity is smaller than 5x10−3 m/s.
The distribution of the oil volume fraction α is of prime importance for the separation
performance of the separator. The distribution of the oil volume fraction can be seen
in figure 5.14. Oil quickly moves away from the outer region of the pipe towards the
center, where a large region of oil-rich fluid is seen. The hold-up of oil is defined as the
volume-averaged oil volume fraction α in the total volume of the separator. In the present

Figure 5.15: Radial distribution of the time-averaged oil volume fraction α in number of cross-
flow planes. In downstream direction the oil-rich core becomes more narrow and the maximum α
increases to a value just above 0.80. FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3,
αinlet = 0.25.
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αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(%) (%) (%) (%) (%) (%) (%)

CFD 4.9 72 42 86 0.56 80 0.80
Exp. 16 46 - 56 - 37 -

Table 5.3: Separation characteristics predicted by CFD and measured in experiments at the
TUD. FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3, αinlet = 0.25.

case the hold up is 0.42, much higher than the inlet oil volume fraction of αinlet = 0.25.
Also, the maximum oil volume fraction that is reached in the center is just over 0.80.
This is due to the high mixture viscosity resulting from the use of the Ishii-Zuber drag
law. At these high oil volume fractions the drag is so high that further separation is not
possible within the residence time of the fluids inside the separator.
The time-averaged radial distribution of the oil volume fraction at z = 0.50, 1.00 and
1.50 m is shown in figure 5.15. In the center the oil volume fraction increases until it
reaches the maximum of α = 0.82. The oil-rich core becomes more narrow in downstream
direction. Note that the annular reversed flow region is still present at z = 1.00 m, so
the outer part of the oil rich core is transported upstream.
As the oil phase in the outer region moves inwards, part of it is captured by the annular
reversed flow region. The iso-surface with zero axial velocity, marking the boundaries of
the annular reversed flow region, is not a stream tube so fluid is moving in and out of this
region. Two effects that are seen are the oil phase moving inward due to the centrifugal
force and in and out flow due to the unsteadiness of the flow. The latter effect can be
averaged out by examining the time-averaged flow to study the flow of oil through the
separator. The annular region of reversed flow does not appear to be beneficial to the
separation, since analysis shows that most of the oil, that is collected in that region, is
recirculated back into the outer region. Near the ISE the annular reversed flow region has
a positive time-averaged radial oil velocity. This is to be expected since the capacity to
transport oil through the center is limited due to the low axial velocity and small diameter
of that part of the core which has a positive axial velocity. Therefore a relatively large
fraction of the oil needs to separate in the downstream part of the separator where the
annular reversed flow region is small or has ended.
To determine the separation performance the separation efficiencies η1 and η2 are used

η1 = 1− Qo,HPO
Qo,inlet

(5.15)

η2 = 1− 1

1− FS
Qo,HPO
Qo,inlet

(5.16)

The separation characteristics for the nominal two-phase flow case obtained by CFD and by
the experiments are given in table 5.3. The numerical simulations show high separation
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αinlet d/D FS ReD Sw

Single-phase flow - - 0.30 1.81x105 6.72
Two-phase flow 0.25 1.00x10−3 0.30 0.86x105 6.61

Table 5.4: Dimensionless variables in single and two-phase flow comparison.

efficiencies, which indicates that the present design functions well as a bulk separator.
However, the efficiency measurements at the TUD show a much lower separation efficiency.
The difference between experiment and numerical simulation will be discussed in more
detail in subsequent sections.

5.3.2 Comparison of single and two-phase flow

The solution of the two-phase flow is compared to the solution of the single-phase flow
at the same flow rate. The comparison will show the effect on the flow of adding the
lighter phase, as predicted using the two-fluid model. The non-dimensional variables used
here are listed in table 5.4. The ReD differs between the single and two-phase flow cases
because of the change in mixture density and mixture viscosity. Also the swirl angle Sw
is slightly lower for the two-phase case, however, the difference is smaller than 2%. To
investigate whether such a small difference in Sw has a significant impact on the flow, an

Figure 5.16: Comparison of the radial distribution of the time-averaged axial water velocity on
a line through the center of the pipe at z = 0.50 m for single-phase water flow (dashed) and
two-phase flow (solid). Single-phase flow: FS = 0.30, ReD = 1.81x105, Sw = 6.72; two-phase
flow: FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3, αinlet = 0.25.
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additional simulation for single-phase water flow has been carried out using the vane-less
geometry, which is shown in figure 4.36. The flow in this simulation has the same ReD

as the single-phase flow case: ReD = 1.81x105 and the swirl angle Sw of the two-phase
flow case: Sw = 6.61. The comparison between the single-phase flows with Sw = 6.72
and the one with Sw = 6.61 is discussed in appendix C. The conclusion is that for single-
phase flow the change in Sw does result in minor changes only. This suggests that the
differences the between the single and the two-phase flow case are largely caused by other
factors.
Figures 5.16 and 5.17 show the time-averaged radial distribution of the axial and azimuthal
water velocities, respectively, on a line through the axis of the pipe at z = 0.50 m for
single-phase water flow and two-phase oil-water flow. In the distribution of the axial
velocity the W-shaped flow pattern is seen in both cases. For the two-phase flow, the
axial water velocity is equal in the center, less negative in the annular reversed flow region
and lower in the outer region. As seen from the distribution of the azimuthal water
velocity, the solid-body rotation core has a lower strength for the two-phase flow case.
Figures 5.18(a) and 5.18(b) show the radial distribution of the time-averaged axial and
azimuthal water velocities, respectively, on a line through the axis of the pipe at z =
1.50 m for single-phase water flow and two-phase oil-water flow. For the azimuthal water
velocity the difference between the single and the two-phase flow results is similar to the
one at the upstream station at z = 0.50 m. However, in the center of the pipe the axial
component of the water velocity now differs significantly.

Figure 5.17: Comparison of the radial distribution of the time-averaged azimuthal water velocity
on a line through the center of the pipe at z = 0.50 m for single-phase water flow (dashed) and
two-phase flow (solid). Single-phase flow: FS = 0.30, ReD = 1.81x105, Sw = 6.72; two-phase
flow: FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3, αinlet = 0.25.
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(a) Axial water velocity

(b) Azimuthal water velocity

Figure 5.18: Comparison of the radial distribution of the time-averaged axial (top) and azimuthal
(bottom) water velocity on a line through the center of the pipe in the plane z = 1.50 m for
single-phase water flow (dashed) and two-phase flow (solid). Single-phase flow: FS = 0.30, ReD
= 1.81x105, Sw = 6.72; two-phase flow: FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D =
1.00x10−3, αinlet = 0.25.
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For the two-phase flow ReD = 0.86x105, which is lower, but close to the values of the
Reynolds numbers of the single-phase water flows shown in figures 4.22 and 4.23. There-
fore, similar scaling behavior of the velocity distributions might be expected. This appears
to be true for the azimuthal velocity; for lower inlet ReD slightly more dissipation is ob-
served yielding a lower azimuthal velocity. Yet for the axial velocity profile, a different
trend is seen. The annular reversed flow region is less pronounced for the two-phase flow.
This is clearly caused by the segregation of the phases, not the higher viscosity of the oil.
Note that even for the pure oil case, with ReD = 1.05x104, the most negative velocity in
the reversed flow region and the width of this region are roughly the same as seen in the
single-phase water flows.
As expected for the higher ReD for the single-phase flow, the Reynolds stresses are higher
for that case, often as much as 25%, compared to the ones in the two-phase flow case.
In both cases the Reynolds stresses show higher values near the outer region and some-
what lower values in the center. Furthermore, the Reynolds stresses are increasing in the
downstream direction for both flows. Likewise, the turbulent dissipation ε is also higher
for the single-phase flow than for the two-phase flow. In the case of two-phase flow the
turbulent dissipation stays below 30 m2/s3, except very close to the wall where it rises
steeply. In the single-phase flow the turbulent dissipation is about 5 m2/s3 higher than
that for 0 < r/D < 0.9 and z > 1.0 m. In the downstream direction little change is seen

Figure 5.19: Comparison of the radial distribution of the time-averaged pressure on a line through
the center of the pipe at z = 1.00 m for single-phase water flow (dashed) and two-phase flow
(solid). Mixture density at the inlet is used for scaling. Single-phase flow: FS = 0.30, ReD
= 1.81x105, Sw = 6.72; two-phase flow: FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D =
1.00x10−3, αinlet = 0.25.
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ρ µ uz,b FS ReD Sw
(kg/m3) (kg/(m.s)) (m/s)

Q = 75%, water 1067.8 1.183x10−3 1.50 0.30 1.35x105 6.71
Q = 100%, oil 869 16.5x10−3 2.00 0.30 1.05x104 6.58
Q = 100%, oil-water 1021.1 (inlet) 2.369x10−3 2.00 0.30 0.86x105 6.61
Q = 100%, water 1067.8 1.183x10−3 2.00 0.30 1.81x105 6.72
Q = 125%, water 1067.8 1.183x10−3 2.50 0.30 2.26x105 6.73

Table 5.5: Material properties, flow conditions and dimensionless variables in flow rate variation
study.

in the turbulent dissipation rate for both single and two-phase flow.
The radial distribution of the pressure is presented in figure 5.19. Also for two-phase flow,
the hydrostatic pressure component is subtracted from the pressure presented here. To
calculate the hydrostatic pressure CFX does not use the local mixture density but a con-
stant reference density, here set equal to the density of the water: ρw = 1067.8 kg/m3.
So the hydrostatic pressure only depends on the height and not on other parameters that
have an effect on the mixture density in the separator, such as the oil volume fraction at
the inlet or the flow split. In addition, the hydrostatic pressure at z = 1.00 m is a constant,
which magnitude is also arbitrary since the reference height h can be chosen freely. Now,

Figure 5.20: Time-averaged radial distribution of non-dimensional pressure on a line through
the center of the pipe at z = 1.00 m for single-phase water flow. Flow rates specified in table
5.5.
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the gradient of the hydrostatic pressure ρwg(h−z) in the momentum equations of the oil
phase does not cancel out with the gravity term ρog but forms a constant buoyancy term
∆ρg and therefore the hydrostatic pressure will have an effect on the velocity distribution.
For comparison, figure 5.20 presents the pressure distribution of the single-phase flows for
various values of ReD. The single-phase water flow in figure 5.19 corresponds to the case
of 100% flow rate in figure 5.20. Just as the azimuthal velocity distribution, the pressure
distribution of the two-phase flow follows the trend seen in the results for single-phase
flow. The pressure in the center is less negative for lower ReD.
An additional difference between single and two-phase flow is the radial variation of the
mixture density. In the two-phase flow case, the mixture density in the center of the pipe
can be up to about 10% lower than at the inlet. Therefore, the pressure will increase less
steeply in radial direction in the center for the two-phase flow case. Near the wall the
opposite effect is seen since there the mixture density is higher than at the inlet. However,
this effect is smaller near the pipe wall since the difference in mixture density between
the pipe wall and the inlet is smaller compared to the one between center of the pipe
and the inlet. At the wall the pressure for single and two-phase flow are equal due to the
boundary condition at the HPO where the pressure is set to the reference value of 0 Pa.
The evolution of the pressure with the axial direction show similar trends for both single
and the two-phase flow.

Figure 5.21: Radial distribution of the time-averaged axial oil velocity on a line through the
center of the pipe in the plane z = 0.50 m for flow split FS = [ 0.30, 0.40, 0.50 ]. For all cases
ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3 and αinlet = 0.25.
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5.4 Separation efficiency studies

The flow split FS and the inlet oil volume fraction αinlet have been varied in order to study
their effect on the separation efficiency. The results from these numerical simulations are
discussed and are subsequently compared to experimental measurements carried out at
the TUD. The predictions of the numerical simulations are evaluated and explanations for
the differences between numerical and experimental results are given.

5.4.1 Variation of the flow split

An increase of separation efficiency can be obtained by increasing the flow split FS.
However, after a certain threshold value of FS the separation efficiency hardly improves
with further increases in FS, while the pressure drop, as well as the amount of water
phase that is leaving through the LPO, will still increase. Often the oil volume fraction in
the HPO is required to fall below a certain value, which for example can be specified by
legislation. Therefore, an optimum FS can be found for which the separator delivers water
with the oil volume fraction below the specified value through the HPO with a minimal
pressure drop over the separator.
In the present study the separation efficiency is examined for an inlet oil volume fraction
αinlet = 0.25 for FS = [ 0.30, 0.40 and 0.50 ]. In two-phase flow the distribution of the
velocity for different values of the flow split FS is similar to the ones found in single-phase

Figure 5.22: Radial distribution of the time-averaged azimuthal oil velocity on a line through
the center of the pipe in the plane z = 0.50 m for flow split FS = [ 0.30, 0.40, 0.50 ]. For all
cases ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3 and αinlet = 0.25.
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flow. The distribution of the time-averaged axial oil velocity on a line through the center
of the pipe at z = 0.50 m for a flow split FS of 0.30, 0.40, 0.50 is shown in figure 5.21.
Here only the axial velocity of the oil is shown, the axial water velocity is nearly identical
except in the boundary layer at the pipe wall. As is seen for single-phase flow, the axial
velocity component in the two-phase flow case shows a strong increase in the center of
the pipe when the flow split FS is increased. However, the two-phase flow shows a lower
axial velocity in the outer region near the pipe wall and less negative axial velocities in
the region of reversed flow compared to single-phase flow.
The distribution of the time-averaged azimuthal velocity is shown in figure 5.22. The
spin-up of the azimuthal velocity component with increasing FS can clearly be seen. As
observed before in figure 5.17, the maximum azimuthal velocity is somewhat lower for
two-phase flow compared to single-phase flow, see the single-phase flow results in figure
4.29. Due to the similarity between the velocity distributions of single and two-phase flow
for variations in the flow split, only the results in the cross-flow plane z = 0.50 m are
given here.
The radial distribution of the time-averaged pressure on a line through the center of the
pipe in the plane z = 1.00 m for flow split FS = [ 0.30, 0.40, 0.50 ] is shown in figure 5.23.
Here larger differences between the results for single and two-phase flow as a function of
FS can be seen. Near the pipe wall the pressure is the same for identical flow split for
single and two-phase flow. However, a much higher pressure is seen at the axis of the
pipe for two-phase flow. The difference in non-dimensional pressure is about 20, or 20 to
30%. The main reason for this difference in the distribution of the pressure is the lower

Figure 5.23: Radial distribution of the time-averaged pressure on a line through the center of
the pipe in the plane z = 1.00 m for flow split FS = [ 0.30, 0.40, 0.50 ]. For all cases ReD =
0.86x105, Sw = 6.61, d/D = 1.00x10−3 and αinlet = 0.25.
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azimuthal velocity component near the center of the pipe for the two-phase flow cases,
which in turn can be related to their lower ReD.
The non-dimensional pressure drop Eu

Eu =
∆〈p̄〉
1
2ρu

2
z,b

(5.17)

as function of the flow split FS is shown in figure 5.24. Here ∆〈p̄〉 is the pressure difference
between inlet and LPO. Based on the results of the variation in flow split FS for single-
phase flow, a power law curve fit is used here. A good fit for this range of FS is obtained
by

Eu = 140FS0.215 (5.18)

This is reasonably similar to the curve fit obtained for single-phase flow given in equation
(4.16). However, due to the lower swirl angle Sw and lower Reynolds number ReD for
equal FS, the non-dimensional pressure drop Eu is lower in the present two-phase flow
case.
The radial distribution of the oil volume fraction on a line through the center in the cross-
flow plane z = 1.50 m is shown in figure 5.25. The oil-rich core becomes narrower as the
flow split increases, due to the higher g-force experienced for larger FS. In the center of
the pipe, the oil volume fraction increases slightly with increasing FS to a value around
α = 0.82. However, because of the very high mixture viscosity for α > 0.80 a further
increase in oil volume fraction is not observed when the flow split is increased from 0.40 to
0.50. The oil volume fraction is even slightly lower for FS = 0.50. This may be explained
by the higher axial velocity for FS = 0.50. The higher axial velocity shortens the residence
time for the oil in the central core inside the separator, giving the oil phase less time to

Figure 5.24: Non-dimensional pressure drop Eu as function of the flow split. The power law
fit Eu = 140FS0.215 is used. For all cases ReD = 0.86x105, Sw = 6.61, d/D = 1.00x10−3 and
αinlet = 0.25.
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FS αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(%) (%) (%) (%) (%) (%) (%)

0.30 4.8 72 42 86 0.56 80 0.80
0.40 0.15 63 40 99.7 0.25 99.4 0.41
0.50 0.08 50 38 99.9 0.46 99.7 0.91

Table 5.6: Separation characteristics as function of flow split for two-phase flow. ReD =
0.86x105, Sw = 6.61, d/D = 1.00x10−3 and αinlet = 0.25.

build up in the center.
The separation characteristics as function of the flow split are summarized in table 5.6.
As expected both measures of separation efficiency η1 and η2 increase for higher FS.
However, for FS = 0.40, the efficiencies are already above 99%, so little increase in
separation efficiency can be gained by further increasing FS. From table 5.6 it can also
be seen that the hold up of oil decreases with increasing flow split.

Figure 5.25: Radial distribution of the time-averaged oil volume fraction α on a line through
the center in the plane z = 1.50 m for FS = [ 0.30, 0.40, 0.50 ]. For all cases ReD = 0.86x105,
Sw = 6.61, d/D = 1.00x10−3 and αinlet = 0.25.
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αinlet FS/αinlet d/D FS ReD Sw Eu

0.15 1.2 1.00x10−3 0.18 1.19x105 6.62 100.9
0.25 1.2 1.00x10−3 0.30 0.86x105 6.61 108.7
0.40 1.2 1.00x10−3 0.48 0.49x105 6.61 118.2

Table 5.7: Dimensionless variables in study of the effect of inlet oil volume fraction.

5.4.2 Variation of the inlet oil volume fraction

To further investigate the performance of the separator a study has been carried out into
the effect on the separation efficiency of the oil fraction at the inlet αinlet = [ 0.15, 0.25,
0.40 ]. The flow split FS will be varied accordingly. For each numerical simulation the
ratio FS/αinlet is set equal to 1.2. The non-dimensional parameters used in this study
are given in table 5.7.
The trends observed in the distribution of the velocity for varying αinlet are very similar
to the results presented in section 5.4.1 and therefore the distribution of the velocity will
not be shown here in detail. The increase is oil content at the inlet is of relatively small
influence on the velocity distribution, although some decrease in swirl is seen due to the
lower ReD in the cases with higher inlet oil volume fractions. The decrease in swirl leads
to a slightly higher pressure in the center of the pipe for the flows with higher inlet oil

Figure 5.26: Distribution of the time-averaged oil volume fraction α on a plane through the axis
of the separator in the region near the pick-up tube for αinlet = 0.40 (top) and αinlet = 0.25
(bottom). Spill-over of oil can clearly be seen for αinlet = 0.40. Non-dimensional parameters
are given in table 5.7.
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volume fractions compared to the results of section 5.4.1. However, the variation of the
pressure distribution with changing FS is very similar.
The separation performance for the present study is given in table 5.8. The efficiencies η1

and η2 rise initially when the inlet oil volume fraction is increased from 0.15 to 0.25 and
the FS is adjusted from 0.18 to 0.30, although the difference in efficiency is small. This
increase in efficiency may be attributed to the higher centrifugal forces that are generated
for FS = 0.30. However, for the case of αinlet = 0.40 the efficiencies decrease. This is
especially clear for η2, in which the quality of the water outlet is incorporated, see equation
(3.33). The numerical simulations predict that the separator is flooded with oil for these
high inlet oil volume fractions and at the pick-up tube this leads to large spill-overs of oil
towards to HPO. The spill-over of oil is shown in figure 5.26, which shows the distribution
of the oil volume fraction α on a plane through the axis of the separator in the region
near the pick-up tube for αinlet = 0.40 and αinlet = 0.25. This flooding results in a very
high oil volume fraction at the HPO. Apparently, the even higher g-forces seen for FS =
0.48 cannot compensate for the higher mixture viscosity experienced by the oil phase as
it moves towards the center. For example, compared to the case of αinlet = 0.15, the
mixture viscosity at the inlet increases by 130% and 225% for αinlet = 0.25 and αinlet =
0.40, respectively. This higher mixture viscosity slows down the inward motion of the oil
phase, which results in a wider band of oil-rich fluid as is shown in figure 5.27. This figure
shows the radial distribution of the oil volume fraction α on a line through the center at
z = 1.50 m for αinlet = [ 0.15, 0.25, 0.40 ]. The higher mixture viscosity decreases the

Figure 5.27: Radial distribution of the time-averaged oil volume fraction α on a line through
the center in the plane z = 1.50 m for αinlet = [ 0.15, 0.25, 0.40 ]. Non-dimensional parameters
are given in table 5.7.
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αinlet αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(%) (%) (%) (%) (%) (%) (%)

0.15 3.1 70 37 83 0.44 79 0.54
0.25 4.8 72 42 86 0.56 80 0.80
0.40 13 70 50 83 0.05 68 0.10

Table 5.8: Separation characteristics as function of the inlet oil volume fraction. Non-dimensional
parameters are given in table 5.7.

flow of oil towards the center to such extent that the maximum oil volume fraction in the
case of αinlet = 0.40 is even lower than for αinlet is 0.15 and 0.25. Currently the ratio
FS/αinlet has been fixed to a constant value, but the results of the simulations indicate
that for a better separation performance this ratio should be increased for higher αinlet.
However, for increasing FS the centrifugal acceleration increases only in the center of the
pipe, while the spin-up effect of the azimuthal velocity component is absent at larger
radius, see for instance figure 4.32. The issues for high αinlet seen above may therefore
persist and the current separator may only be suited for αinlet below a certain threshold
value. Also note that the hold-up of oil increases considerably with increasing inlet oil
volume fraction.
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5.4.3 Validation by comparison with experimental data

Figures 5.28 and 5.29 show the separation efficiencies η1 and η2, respectively, determined
by numerical simulations and by measurements as function of flow split FS for αinlet
= 0.25. The numerical simulation greatly overpredicts the separation efficiency of the
separator by as much as 30% and 60% for η1 and η2, respectively. The results from the
numerical simulations indicate that the maximum efficiency is already attained at a FS
of about 0.40. However, the measurements show that both η1 and η2 are still increasing
with increasing FS for FS > 0.70. In the experiments an average αinlet of 0.248 has been
determined with a standard deviation of 5.3x10−3.
The numerical results for η1 as function of FS for various inlet volume fractions αinlet = [
0.15, 0.25, 0.40 ] are compared with experimental data in figure 5.30. Again the numerical
results deviate considerably from the experimental values. The numerical simulations show
the highest efficiency for αinlet = 0.25, although the change in efficiency is relatively small.
The experimental results show that the increase in η1 for increasing FS seen for αinlet =
0.25 also holds for a wider range of inlet oil volume fractions. Contrary to the numerical

Figure 5.28: Comparison of separation efficiency η1 determined by numerical simulations (*) and
by measurements (o) as function of flow split FS. In numerical simulations: αinlet = 0.25, ReD
= 0.86x105, Sw = 6.61 and d/D = 1.00x10−3, in measurements: αinlet = 0.248. Experimental
results by Laurens van Campen, TUD.
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results, a decline in efficiency for αinlet = 0.40 is not observed. This indicates that in the
experiments the flooding effect is not present.
Since the ratio FS/αinlet is much higher for lower inlet oil volume fractions, it is no
surprise that η1 is higher for lower values of αinlet. The numerical and experimental
results for η1 are shown as function of FS/αinlet for αinlet = [ 0.15, 0.25, 0.40 ] in figure
5.31. The experimental results now clearly show that when FS is adjusted to the inlet oil
volume fraction, the separator performs better for higher inlet oil volume fractions. This
is an opposite trend than the one observed in the numerical simulations.
The measurements may show a higher η1 as function of FS/αinlet for higher αinlet due
to the spin-up of the azimuthal velocity component. The pick-up tube occupies about
25% of the cross-flow plane. For an αinlet of 0.40 this may appear relatively small and
at first glance a larger diameter for the pick-up tube should be considered in the design.
However, a relatively small diameter pick-up tube will lead to a stronger inward motion
and so to more spin-up of the azimuthal velocity component. Further investigation with
different pick-up tube designs is needed, but it appears that a relatively small pick-up
tube is beneficial to the separation. Unfortunately, this will also increase the pressure

Figure 5.29: Comparison of separation efficiency η2 from numerical simulations (*) and from
measurements (o) as function of flow split FS. In numerical simulations: αinlet = 0.25, ReD =
0.86x105, Sw = 6.61 and d/D = 1.00x10−3, in measurements: αinlet = 0.248. Experimental
results by Laurens van Campen, TUD.
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drop between inlet and LPO. A compromise between these two conflicting requirements
has to be found. This compromise will depend on the specific conditions of the oil field
from which the separator receives its oil-water mixture. For example, these conditions can
be the (reservoir) pressure that is available, the cost of re-pressurizing the flow downstream
of the separator by using booster pumps and the difficulty of meeting separation efficiency
targets.
Figure 5.32 shows η2 as function of the flow split for the numerical results and experimental
data for different values of the inlet volume fraction αinlet = [ 0.15, 0.25, 0.40 ]. As before,
the numerical simulation predicts separation efficiencies which are much higher than the
ones seen in the measurements. The difference between numerical and experimental
results for η2 is even larger than for η1. In the simulations an increase in η2 is seen for
αinlet = 0.25 compared to the αinlet = 0.15 case, while the experiments clearly show
lower η2 for increasing αinlet. Also, the experimental data shows a larger difference in
separation efficiency η2 for different inlet volume fractions compared to the results for η1

in figure 5.30. However, as is shown in figure 5.33, if the flow split is scaled by the inlet
oil volume fraction the experimental results more or less collapse into a single curve within

Figure 5.30: Comparison of separation efficiency η1 as function of FS determined from numerical
simulations and from measurements for αinlet = [ 0.15, 0.25, 0.40 ]. Non-dimensional parameters
used in numerical simulations are given in table 5.7. Experimental results by Laurens van Campen,
TUD.
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the variation of η2 for repeated measurement at equal flow split. The scaling of FS with
αinlet points out that the decline in separation efficiency η2 for high αinlet is not present
in the experimental data. The same trend was seen before for η1 as function of FS.
The large difference between the numerical and experimental results may, at least partially,
be explained in terms of three issues:

• the formulation of the drag between the phases.

• the inability of the present numerical simulations to capture directly the effect of
turbulence on the motion of the oil phase.

• the mismatch between the droplet size used in the numerical simulations and the
droplet size distribution present in the separator in the experimental setup at the
TUD.

Not only is the efficiency overpredicted by the numerical simulations, also the trend with
increasing inlet oil volume fraction αinlet is different. The difference may be explained by
droplet coalescence. Coalescence is expected to occur more often for high inlet oil volume

Figure 5.31: Comparison of separation efficiency η1 as function of FS/αinlet from numerical
simulations and from measurements for αinlet = [ 0.15, 0.25, 0.40 ]. Non-dimensional parameters
used in numerical simulations are given in table 5.7. Experimental results by Laurens van Campen,
TUD.
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fractions, since the space between the oil droplets is smaller leading more frequently to
droplet-droplet collisions. In addition, in denser emulsions the time droplets are in contact
during such a collision is likely to increase due to the lower velocity difference between the
droplets. This longer contact time further increases the coalescence rate. The increase in
droplet size will lead to a large reduction of the drag between the phases. Also, relatively
large regions of continuous oil may be formed and in the center of the pipe phase inver-
sion may be expected. For such a flow the modeling of the mixture viscosity as given in
equation (2.97) is no longer appropriate. These flow features may explain the absence of
the declining efficiencies for high αinlet in the measured results since they facilitate the
separation and prevent flooding.
Coalescence and phase inversion are flow features which lead to a drag between the phases
that is different than predicted by the drag law. The numerical simulations of the micro-
centrifuge experiments also showed a higher oil volume fraction than the experimental
data, see section 5.2.1. However, the emulsions in the micro-centrifuge have been sta-
bilized to prevent coalescence, while in the experimental setup at the TUD coalescence
and phase inversion can occur. Compared to the drag for a system with coalescence,

Figure 5.32: Comparison of separation efficiency η2 as function of FS from numerical simulations
and from measurements for αinlet = [ 0.15, 0.25, 0.40 ]. Non-dimensional parameters used in
numerical simulations are given in table 5.7. Experimental results by Laurens van Campen, TUD.
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the Ishii-Zuber drag law with constant droplet diameter is expected to yield a drag that
is too high. So based on the drag law formulation an underprediction of the separation
efficiency is expected instead of an overprediction. Therefore, the formulation of the drag
law is unlikely to be the cause of the overprediction of the separation efficiency.
The lack of a model for turbulent dispersion in the numerical simulations does provide an
explanation for the overprediction of the separation efficiency. However, it is difficult to
assess a priori the impact of turbulent dispersion on the separation efficiency. Experimen-
tal research into turbulent dispersion is challenging for the present system due to the high
oil volume fraction, which prevents optical access to regions deeper into the separator.
Moreover, it is nearly impossible to separate the effect of turbulent dispersion from other
flow features. This complicates validation of turbulent dispersion models for flows with
anisotropic turbulence.
The droplet size has a large influence on the separation efficiency. So a different (mean)
droplet size at the inlet of the separator in the experiment compared to the one used in
the numerical simulation will have a large influence on the separation performance. The
droplet size at the inlet of the experimental setup is not easily controlled, however, prelim-

Figure 5.33: Comparison of separation efficiency η2 as function of FS/αinlet from numerical sim-
ulations and from experimental measurements for αinlet = [ 0.15, 0.25, 0.40 ]. Non-dimensional
parameters used in numerical simulations are given in table 5.7. Experimental results by Laurens
van Campen, TUD.

131



inary droplet size measurements pointed out that the mean droplet diameter is reasonably
close to 100 µm, which corresponds with the size used in the numerical simulations.
The droplet diameter is assumed constant in the present numerical simulations. In large-
scale experiments a distribution of the droplet size will be present. Coalescence and
break-up will change this distribution of the droplet size as the oil-water mixture flows
through the separator. The preliminary droplet size measurements also point out that
considerable droplet break-up occurs as the mixture flows through the ISE. High turbu-
lent dissipation rates are observed near the surface of the ISE and in the detachment
region on the afterbody. This turbulence deforms the droplets and may cause break-up of
large droplets. In addition, the flow is accelerated in the vane section which stretches the
oil droplets and this also may lead to break-up. To assess the effect of the droplet size
on the separation performance a series of numerical simulations for different inlet droplet
diameters has been performed. This is discussed in the next section.

5.4.4 Variation of the inlet droplet size

The effect on the separation efficiency of the droplet diameter is studied using d = [ 50,
75, 100 ] µm. The effect of the smaller droplet diameter on the separation of oil from the
oil-water mixture can be seen in figure 5.34. The maximum oil volume fraction can be

Figure 5.34: Radial distribution of the time-averaged oil volume fraction α on a line through
the center of the separator in the plane z = 1.50 m for droplet diameter d = [ 50, 75, 100 ] µm.
Non-dimensional parameters are FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = [ 0.50 0.75
1.00 ]x10−3 and αinlet = 0.25.
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d αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(µm) (%) (%) (%) (%) (%) (%) (%)

50 14 51 37 61 0.53 45 0.76
75 7.6 65 41 79 0.38 70 0.54

100 4.8 72 42 86 0.56 80 0.80

Table 5.9: Results for different oil droplet diameter d. FS = 0.30, ReD = 0.86x105, Sw = 6.61,
d/D = [ 0.50 0.75 1.00 ]x10−3 and αinlet = 0.25.

seen to increase with increasing droplet diameter. For d = 100 µm the maximum value
of α is higher than 0.80, while for a droplet diameter of 50 µm the maximum α does not
become larger than about 0.70. For the latter case oil-free water is not even obtained at
the wall. Furthermore, for larger oil droplets the oil-rich core is narrower and the gradient
of the oil volume fraction in the radial direction is larger.
The velocity distribution is nearly identical for the three droplet diameters. The axial

Figure 5.35: Comparison of separation efficiencies η1 (left) and η2 (right) as function of FS
determined from numerical simulations and from measurements for d = [ 50, 75, 100 ] µm.
Non-dimensional parameters are FS = 0.30, ReD = 0.86x105, Sw = 6.61, d/D = [ 0.50 0.75
1.00 ]x10−3 and αinlet = 0.25.
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velocity in the center of the pipe is slightly higher for smaller droplet diameter. However,
the maximum difference in axial velocity for the cases of 50 and 100 µm droplet diameter
is only 5% of the bulk velocity uz,b. So the distribution of the oil volume fraction has a
limited influence on the distribution of the velocity. Also, the non-dimensional pressure
drop Eu is nearly the same for this range in inlet droplet diameters with ∆Eu < 1%.
The results of the calculations for different droplet diameter are shown in table 5.9. The
separation efficiencies from table 5.9 are plotted together with the experimental results
in figure 5.35. The comparison for η1 is shown on the left and for η2 on the right. Note
that the horizontal axis is now clipped at FS = 0.50. For both separation efficiencies the
numerical results approach the experimental data when the droplet size is reduced. The
preliminary droplet size measurements indicated that the smallest droplet size that exists
in some reasonable quantity is about 50 µm. Smaller droplet are observed but only in
very small quantities and are therefore not thought to have an noticeable influence on the
separation efficiency. Therefore the mean droplet diameter in the experimental results is
expected to be larger than 50 µm. Therefore the numerical simulations still overpredict
the separation efficiency. However, the gap between numerical and experimental results
is much smaller.

5.4.5 Conclusions

For two-phase flow the comparison between the results of numerical simulation and exper-
iments show large differences in separation efficiency. The numerical simulations predict a
much better performance of the separator than observed in the experiments at the TUD.
A model to account for the turbulent dispersion is lacking in the numerical method used.
However, the misrepresentation of the droplet size in the numerical simulations is expected
to be the main cause for the deviation of the numerical results from the measurements.
Even if a representative mean droplet diameter is used in the numerical simulations, it
fails to account for the changes in the droplet size distribution caused by droplet coales-
cence and break-up. In order to more accurately predict the flow of oil-water mixtures
incorporation of this evolution of the droplet size distribution in the numerical method
is required. At least the variation of the mean droplet diameter should be taken into
account. Therefore, in the next chapter two-phase flow simulations with a distribution of
the droplet size and a varying mean droplet diameter will be explored. However, these
models also contain many simplifications, which are based on many assumptions.
Besides the value of the separation efficiency, also the predicted trend for increasing inlet
oil volume fraction differs from experimental findings. The cause for this may be found in
the formulation of the drag law. The assumption of spherical-like oil droplets of certain
diameter in a continuous water phase is unlikely to hold in the dense emulsion present
in the center of the pipe. Again, the lack of numerical methods for the evolution of the
droplet size distribution reduce the accuracy of the predictions. Adaptations could be
made by incorporating, for instance, a mixture viscosity that accounts for phase inversion.
However, criteria for phase inversion must then be developed. Small-scale emulsion tests
at the TUD and the WUR have shown that these criteria are far from trivial since phase
inversion depends on factors, such as the droplet size distribution, initial conditions, tur-
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bulence dissipation rates and many other factors.
Many of these issues can in principle be resolved by incorporating more physics and there-
fore more details, in the models of the numerical method. However, the computational
time required for a typical numerical simulation of two-phase flow discussed in this chapter
is about 20 to 30 days using 20 to 24 CPU’s on a present-day computer cluster. Thus for
the present application the computational cost are already quite high and numerical meth-
ods that incorporate more physics, such as volume of fluid methods (VOF) or large eddy
simulations (LES) for two-phase flow are not feasible in the near future. Therefore, the
current two-fluid RANS method is thought to be the best method that is currently feasi-
ble. Nonetheless, the end-user should be aware of the large deviations between numerical
results and experimental results.
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CHAPTER 6

Coalescence and break-up

6.1 Introduction

The accurate prediction of the separation efficiency depends on an accurate prediction
of the relative velocity between the phases. One of the key parameters in the modeling
of the interaction of the phases is the droplet diameter. Its importance has been shown
in section 5.4.4. So far, a constant droplet diameter has been used in the numerical
simulation of two-phase flow. In reality, a distribution of the droplet size is present at
the inlet and the size distribution alters in the separator due to the non-uniform flow and
coalescence and break-up of the droplets. This evolution of the distribution of the droplet
size can be predicted by the use of population balance equations (PBE).
The development of these methods started in the 1960s in the field of chemical engineer-
ing. Various types of PBE have been developed since then [54]. The first population
balance method was presented by Hulburt and Katz [51]. They formulated equations de-
scribing the nucleation, growth and agglomeration of solid particles using concepts from
classical statistical mechanics.
Here, the method of classes will be used, which is a method based on a macroscopic
rather than a microscopic approach. This development was initiated by Coulaloglou and
Tavlarides [23]. Subsequent modeling efforts produced many PBE formulations, espe-
cially for gas-liquid flows, as summarized by Liao [68] and Jakobsen [54]. In the method
of classes the droplet size distribution is divided into droplet size groups. Transport equa-
tions for these groups are provided and coalescence and break-up models account for the
mass transfer between the size groups. An advantage of the method of classes is that
the droplet size distribution is directly known [6] and that the method is computationally
robust [4].
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For flows with large differences in droplet size, many droplet size groups may be required
in order to accurately describe the droplet size distribution. The large number of droplet
size groups may lead to excessive computational costs. This can be resolved by employing
the method of moments (MOM), which describes the evolution of the droplet size distri-
bution using an limited number of moments of that distribution [76]. The equations for
the moments do not provide information on the shape of the distribution, which presents a
closure problem. The integrals in the moment equations can be approximated by Gaussian
quadrature, this yields the quadrature method of moments (QMOM). An improvement
to this method is the direct quadrature method of moments (DQMOM) by Machisio and
Fox [73].
DQMOM gives results comparable to the results of the methods of classes, while DQ-
MOM is much more computationally efficient [96, 100]. Thus, DQMOM is expected to
become the preferred method for PBE in the future. However, an implementation of
DQMOM is currently not available in Ansys CFX and the implementation of DQMOM
with a user-defined subroutine in Ansys CFX is beyond to scope of the present project.
Therefore, the method of classes will be employed here.

6.2 Population balances

6.2.1 Number density equations

The starting point of the derivation of the PBE is the transport equation of the number
density np ([np] = 1/m3) of droplets of mass mp

∂ np
∂t

+∇·(up np) = BB,p −DB,p +BC,p −DC,p (6.1)

Here up is the velocity of droplets of size p. The first source terms on the right-hand side
is the birth by break-up term BB,p ([BB,p] = 1/m3s), which accounts for the increase in
np caused by the break-up of larger droplets

BB,p =

max∑
q=p+1

g(mq : mp)nq (6.2)

The specific break-up rate g(mq : mp) ([g] = 1/s) gives the rate at which droplets of
mass mq break-up into droplets of mass mp and mq −mp. Here mmax is the mass of
the droplets in the class with the largest droplets. Break-up of droplets of mass mp are
accounted for in the death by break-up term DB,p

DB,p = np

p−1∑
q=min

g(mp : mq) (6.3)

Here mmin is the mass of the droplets in the class with the smallest droplets. The birth
by coalescence term BC,p gives the increase of the number density np due to coalescence
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of smaller droplets into a droplet of mass mp

BC,p =
1

2

p−1∑
q=min

Q(mp −mq : mq)np−qnq (6.4)

Here Q(mp−mq : mq) ([Q] = m3/s) is the specific coalescence rate at which droplets of
mass mp −mq and mq coalesce into droplets of mass mp. Since Q(mp −mq : mq) and
Q(mq : mp−mq) involve the same droplet sizes, the factor 1/2 is introduced. Evidently,
a droplet of mass mp can collide with other droplets and coalesce into large droplets.
This rate is given by the death by coalescence term DC,p

DC,p = np

max∑
q=min

Q(mp : mq)nq (6.5)

In principle, every droplet size has its own number density np. In practice many droplet
sizes exists in the flow and computing a transport equation for all number densities will
be computationally impossible. Therefore size groups are formed, which consist out of
droplets within a range of droplet sizes. The number density Np of size group p with
characteristic mass Mp is given by

Np =

s∑
p′=r

np′ (6.6)

Here r and s are the smallest and largest droplet sizes of the range of droplet sizes
which constitute size group p. If the summation operation of equation (6.6) is applied to
equation (6.1) and the result is multiplied by Mp, while realizing that MpNp = ρoαfp,
the following transport equation is obtained

∂(αfp)

∂t
+∇·(ud αfp) =

1

ρo

(
B′B,p −D′B,p +B′C,p −D′C,p

)
(6.7)

The size group fraction fp of size group p is given by

fp =
αp
α

(6.8)

Here αp is the volume fraction of droplet size group p. The source terms can be rewritten
straightforwardly into source terms for the size groups by summing over the size groups
instead of over the droplet sizes. The result for the break-up terms B′B,p and D′B,p ([B′B,p]

= kg/m3s) in the equation for size group p are

B′B,p = ρoα

max∑
q=p+1

g(Mq : Mp)fq (6.9)

D′B,p = ρoαfp

p−1∑
q=min

g(Mp : Mq) (6.10)
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If the mass of a droplet formed by coalescence does not coincide with the averaged mass
of one of the size groups, then the mass flux must be distributed between adjacent size
groups. The fraction of the mass flowing into size group p for coalescence events between
droplets of mass Mq and Mr is given by

Xpqr =


(Mq +Mr)−Mp−1

Mp −Mp−1
if Mp−1 ≤ (Mq +Mr) < Mp

Mp+1 − (Mq +Mr)

Mp+1 −Mp
if Mp < (Mq +Mr) < Mp+1

0 otherwise

(6.11)

For the cases for which Mp−1 < Mq +Mr < Mp the distribution is graphically explained
in figure 6.1. The birth by coalescence term is now given by

B′C,p =
1

2
(ρoα)2

p−1∑
q=min

p−1∑
r=min

Q(Mq : Mr)Xpqrfqfr
Mq +Mr

MqMr
(6.12)

And finally the death by coalescence term D′C,p is given by

D′C,p = (ρoα)2
max∑
q=min

Q(Mp : Mq)fpfq
1

Mq
(6.13)

The next and crucial step is to determine the specific coalescence rate Q and the specific
break-up rate g.

Figure 6.1: Graphical depiction of distribution of inflowing mass between size group Mp−1 and
Mp after coalescence of droplets Mq and Mr for Mp−1 < Mq +Mr < Mp.
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6.2.2 Turbulence-induced coalescence

In a turbulent flow, the motion of the oil droplets is affected by turbulent eddies. These
eddies can cause collisions between droplets, which in turn may lead to coalescence. Three
stages are distinguished in a coalescence event [112]. These are:

• the approach of the droplets

• the drainage of the continuous film between the droplets that are very close to each
other

• the film rupture

The motion of the droplets due to turbulence is often the only coalescence mechanism
accounted for in turbulent flows [68]. In Ansys CFX, the turbulence-induced coalescence
model of Prince and Blanche [84] is used. This model has been originally developed
for bubble columns. The model by Prince and Blanche therefore assumes fully mobile
interfaces, since this behavior is seen during film drainage in these bubble systems. A fully
mobile interface between the droplet and the continuous fluid allows for circulation of the
fluid inside the droplet during the draining of the film before coalescence. This circulation
greatly facilitates the drainage of the film and therefore shortens the coalescence time.
The distribution of the velocity in the film for three types of interface mobility are sketched
in figure 6.2. In the oil-water systems considered here, the viscosity of the oil is much
higher than the viscosity of the water. Furthermore, it is expected that surface-active
contaminants will be present. These contaminants decrease the interface mobility even
for low concentrations of the contaminants. Therefore, the interface is at best partially
mobile and an immobile interface can be assumed for the derivation of a conservative
estimate of the coalescence time scale. Therefore, a different model has been used to

Figure 6.2: Distribution of the velocity in film during drainage of the film between two colliding
large droplets of equal size, for three types of interface mobility: fully mobile (left), partially
mobile (middle) and immobile (right).
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model the turbulence-induced coalescence. A suitable model is presented by Coulaloglou
and Tavlarides [23]. This widely-used model is developed for coalescence between liquid
droplets with immobile surfaces in stirred vessels. Fortunately, it is applicable for the
range of turbulent dissipation rates observed in the separator. The specific coalescence
rate is modeled as the product of the specific collision frequency θ ([θ] = m3/s) and the
coalescence efficiency λ. The collision efficiency λ gives the probability of coalescence in
the event of a collision. The specific coalescence rate is given by

Q(Mp : Mq) = θpqλpq (6.14)

The mechanism of droplet collisions is assumed to be similar to that of collisions between
molecules, as described in the kinetic gas theory [17].

θpq =
π

4
(dp + dq)

2(u′
2
p + u′

2
q)

1/2 (6.15)

Here dp and dq are the droplet diameters pertaining to mass Mp and Mq, respectively.
The magnitude of the average fluctuating velocity of droplet dp is u′p. Note that only
binary collisions are considered here. Also note that for dense emulsions the assumed
similarity of the collision mechanism for droplets to that of molecules is less appropriate.
The fluctuating velocities of the droplets are caused by eddies of a size similar to that of
the droplets. A large eddy, compared to the size of the size of the droplet, will simply
transport the droplet, while a small eddy will impart little movement on to the droplet.
Some assumptions are made to arrive at an expression for the fluctuating velocity. It
is assumed that the fluctuating velocity of the droplet is equal to the velocity of the
interacting eddy. Since the disperse phase is lighter than the continuous phase, this
assumption will most probably be valid. Also, the turbulence is assumed to be isotropic.
The flow encountered here does not feature isotropic turbulence, however, at the smaller
scales the turbulence will be more isotropic. Thus the assumption of isotropic turbulence
is probably not that far from reality. Also the size of the droplets, and therefore of the
eddies, are stated to be within the inertial subrange of turbulence. However, for the
turbulent dissipation levels seen in the separator, the droplet sizes are smaller than the
typical length scale of 60 η, which divides the dissipation range and the inertial subrange
[82]. Here η is the Kolmogorov length scale, defined as

η =

(
ν3

ε

) 1
4

(6.16)

In the flow in the separator it is expected that 10 < η < 20 µm. However, since this
length scale is an order of magnitude estimate it is assumed that the error made by using
the turbulence characteristics of the inertial subrange to estimate the fluctuating velocity
is relatively small. Based on turbulence theory one then finds [58]

u′
2
p ∼ (εdp)

2/3 (6.17)

Coulaloglou and Tavlarides [23] found difficulty in correlating the outcome of the the-
oretical model to experimental results for cases with relatively high volume fractions of
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the dispersed phase. This comparison improved after they accounted for the damping
of turbulence by the presence of many small droplets. The damping of the fluctuating
velocity is approximated by

u′
2
p ∼

(εdp)
2/3

(1 + α)2
(6.18)

Finally, substitution of equation (6.18) into equation (6.15) and multiplying with an
empirical constant C3 leads to the specific collision frequency

θpq = C3
ε1/3

(1 + α)
(dp + dq)

2(d
2/3
p + d

2/3
q )

1/2 (6.19)

The coalescence efficiency λpq between droplets of size dp and dq is usually modeled by
an exponential function depending on the time scale of coalescence tpq and the timescale
of the collision or contact time τpq [23].

λpq = e−tpq/τpq (6.20)

Evidently, the likelihood of coalescence decreases as the time necessary for coalescence
increases. According to Coulaloglou and Tavlarides [23] the timescale of coalescence of
two deformable droplets dp and dq scales as

tpq ∼
µwF

σ2

(
1

h2
f

− 1

h2
0

)(
dpdq
dp + dq

)2

(6.21)

Here F is the compressive force, hf and h0 are film thicknesses at which the film rup-
tures and at which the drainage starts, respectively. Both h0 and hf are assumed to be
constants. The term (dpdq)/(dp+dq) is the equivalent radius as defined by Chesters [19]:

rpq = 2

(
1

rp
+

1

rq

)−1

= 2

[
rprq
rp + rq

]
=

dpdq
dp + dq

(6.22)

Note that the coalescence time increases with the compressive force F , which drives the
film drainage. This is due to the stronger deformation of the droplet for higher F . A larger
deformation of the droplets creates a larger surface area of the film between the droplets,
which leads to a higher flow resistance against film drainage. The compressive force
F is caused by inertial collision between the droplets caused by the action of turbulent
eddies. From dimensional analysis one finds that the force F scales with the density of
the continuous fluid times the square of a characteristic velocity scale U times the square
of a characteristic length scale L [110], that is

F ∼ ρw(UL)2 (6.23)

Coulaloglou [23] defines the velocity scale as

U2 =
ε2/3

(1 + α)2
(dp + dq)

2/3 (6.24)
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and the length scale as

L =
dpdq
dp + dq

(6.25)

This lead to

F ∼ ρwε2/3
(dp + dq)

2/3

(1 + α)2

(
dpdq
dp + dq

)2

(6.26)

Coulaloglou and Tavlarides [23] define the collision time-scale as

τpq ∼
(dp + dq)

2/3

ε1/3
(1 + α) (6.27)

Substitution into equation (6.20) and the inclusion of an empirical constant C4 leads to

λpq = exp

(
−C4

µwρwε

σ2(1 + α)3

(
dpdq
dp + dq

)4
)

(6.28)

Quite a few sets of the values of the constants C3 and C4 exist and most sets are
rather similar. Here the original constants of Coulaloglou and Tavlarides are used: C3 =
2.17x10−4, C4 = 2.28x1013 m−2.
The effect of using the model by Coulaloglou and Tavlarides instead of the model by
Prince and Blanch can be assessed by considering the difference in coalescence efficiency.
The time-scale of coalescence tPBpq in the model of Prince and Blanche is given by

tPBpq =

√
r3
pqρw

16σ
ln

(
h0

hf

)
(6.29)

The contact time τPBpq is derived from dimensional analysis of turbulent flow and is given
by

τPBpq =
r

2/3
pq

ε1/3
(6.30)

Substitution of the time scales into equation (6.20) leads to

λPBpq = exp

−1

4
ln

(
hf
h0

)√
ρwε

2/3

σ

(
dpdq
dp + dq

)5/6
 (6.31)

The coalescence efficiencies can now be examined for a range of droplet sizes and levels
of turbulent dissipation rate ε. The material properties are fixed and are chosen as ρw =
1067.8 kg/m3, µw= 1.183x10−3 Pa.s and σ= 0.021 N/m. Moreover, h0 = 100 µm and
hf = 0.01 µm [84]. Also, for fair comparison, the attenuation of the turbulence given
in equation (6.18) is not taken into account. Therefore, the comparison can be thought
of as for dilute systems. An iso-contour plot of the ratio λpq/λPBpq is shown in figure 6.3
for droplet sizes in the range 10-200 µm. The turbulent dissipation rate is set equal to
ε = 25 m2/s3, which is a representative value for the turbulent dispersion rate in the
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intermediate region r > 25mm, except very close to the pipe wall. In figure 6.4 the ratio
λpq/λPBpq is shown for equally sized droplets dp = dq, while the turbulent dissipation rate
is varied from unity to 250 m2/s3.
Figures 6.3 and 6.4 show that the newly implemented coalescence model predicts a coa-
lescence efficiency that is much lower than the one obtained by the model of Prince and
Blanche applied for flow conditions and material properties encountered in the current
application. For droplets larger than 75 µm, the coalescence efficiency λpq is at least
an order of magnitude lower than λPBpq . The difference can be attributed to the larger
deformation of the droplets, which creates a larger film area in the contact region be-
tween the droplets. This affects the film drainage more drastically for immobile surfaces.
Larger droplets, especially in combination with lower interfacial tension, deform more eas-
ily. Also, a higher turbulent dissipation rate ε and the higher velocity of the larger eddies,
which transports the larger droplets, lead to more forceful collisions and therefore larger
deformations.

Figure 6.3: iso-contours of ratio of coalescence efficiencies λpq/λPBpq with λpq and λPBpq given by
equations (6.28) and (6.31), respectively, as function of the droplet size dp and dq of colliding
droplets for a turbulent dissipation rate of ε = 25 m2/s3. Input parameters are: h0 = 100 µm,
hf = 0.01 µm, µw = 1.183x10−3 Pa.s, ρw = 1067.8 kg/m3, σ = 0.021 N/m.
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6.2.3 Droplet break-up

Large droplets may break-up into smaller ones, which are more difficult to separate. At
the TUD droplet size measurements have been carried out. These measurements show
that droplet break-up occurs in the separator. Therefore, incorporating droplet break-up
accurately into the numerical simulations is expected to considerably improve the accuracy
of the predictions.

Theory

Due to the deformation of the droplet, its surface area increases. Consequently, the
interfacial energy of the droplet is increased. If the deformation is large enough the
surface area can be reduced by droplet break-up. The deformation is caused by the
external flow field. This can be by strain rates in the mean velocity field, for instance
caused by elongation of the flow and by shear layers. Also the deformation can be caused
by turbulent fluctuations.
In the vane section of the ISE the flow is strongly accelerated and break-up may occur
due to elongation of the droplets. However, since the flow is highly turbulent, break-up

Figure 6.4: Iso-contour of ratio of coalescence efficiencies λpq/λPBpq with λpq and λPBpq given by
equations (6.28) and (6.31), respectively, for equal-sized droplets as function of the droplet size
dp and the turbulent dissipation ε. Input parameters are: h0 = 100 µm, hf = 0.01 µm, µw =
1.183x10−3 Pa.s, ρw = 1067.8 kg/m3, σ = 0.021 N/m.
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is expected to be caused mainly by turbulent fluctuations.
The interaction of a turbulent eddy with a droplet can lead to two types of deforming
forces; tangential stress and pressure forces. The droplets are subjected to tangential
stresses τµ, stemming from viscosity. An estimate for τµ is given by

τµ ∝
µw∆u

d
(6.32)

Here ∆u is the velocity difference over the droplet of diameter d induced by turbulent
eddies. Moreover, normal stresses τpres are acting on the droplets due to the pressure
fluctuations. This stress scales as

τpres ∝ ρw (∆u)
2 (6.33)

The relative importance of the external stresses can be judged from the droplet Reynolds
number Red, which is the ratio between equations (6.32) and (6.33):

Red =
ρw∆ud

µw
(6.34)

In the separator Red is expected to be in the order of 1 to 10, which is not that large. The
external viscous stress is counteracted by the viscous stresses arising from the movement
of the oil in the droplet τin:

τin ∝
µduin
d

(6.35)

Here uin is the velocity of the oil in the droplet. The deformation induced by the fluctu-
ating pressure is opposed by the Laplace pressure due to the interfacial tension. The later
stress τif is given by

τif ∝
4σ

d
(6.36)

In the present case the viscosity ratio is µo/µw is higher than 15. This high viscosity
ratio makes it more difficult to break-up the droplet by viscous stress, as has been found
by Taylor [109]. Also Davies [26] states that simple shear and stretching cannot form
emulsions for viscosity ratios µo/µw > 3.5. In these cases the time required for elongation
of the droplet is longer than the lifetime of the eddy. Therefore, mainly the turbulent
pressure fluctuations are expected to be responsible for the break-up. Equations (6.33)
and (6.36) are thus used to estimate the stresses, which are acting on the droplet.
Equations (6.33) and (6.36) can be combined to give the Weber number We.

We =
ρw (∆u)

2
d

σ
(6.37)

One can define a critical Weber number based on the maximum size of the droplets dmax
that can occur in the flow

Wecr =
ρw (∆u)

2
dmax

σ
(6.38)
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Larger drops, with correspondingly larger Weber numbers, will break-up into smaller
droplets. It can be shown that in the inertial subrange the velocity difference is given
by [7]

(∆u)
2

= 2.0 (εle)
2/3 (6.39)

Thus the energy of an eddy increases with its size le. Also, it is assumed that eddies,
larger than the droplet, simply transport the droplet. Therefore, the eddies of the same
size as the droplet are most capable to break-up the droplet. Thus le is equal to dmax.
This leads to

dmax =

(
Wecr

2

)3/5(
σ

ρw

)3/5

ε−2/5 (6.40)

Based on experiments with two co-axial cylinders, of which the inner cylinder is rotating,
Hinze finds a critical Weber number Wecr = 1.2 [47]. In that experiment the turbulence
is assumed to be isotropic. However, in the separator the turbulence is anisotropic, but
at the length scale of the droplets the flow will be approximately isotropic.
Hinze also assumes a low viscosity of the dispersed phase. However, the high viscosity
ratio in the present case must be accounted for. Davies [26] adds to the interfacial tension
of equation (6.36), an additional ’resistance’ term in which the droplet viscosity is divided
by the timescale of the eddy, that is the available break-up time:

τDav =
4σ

d
+
µd∆u

d
(6.41)

Davies used the relation ∆u = (εdmax)1/3 in his derivation. Now ∆u is the characteristic
velocity scale of an eddy. The deformation-resisting stress as defined by Davies can be used
for an alternative definition of the Weber number. Rewriting the expression in equation
(6.40) yields

dmax = CDav

(
σ +

µd(εdmax)1/3

4

)3/5

ρ−3/5
w ε−2/5 (6.42)

Davies sets the constant CDav to unity. In the limit of inviscid dispersed flow, this
expression therefore deviates from Hinze’s results. Vankova et al. [114] and van der Zande
[118] found that equation (6.42) predicts the maximum droplet size quite well compared
to their experimental data, although they adjusted the constant CDav to obtain a better
fit.
These correlations only give a quick estimate of the maximum droplet size in the flow.
However, for PBE a set of equations is required that describes the evolution of the droplet
size distribution. Such a model is provided by Luo and Svendsen [69], who have developed
a break-up model for bubbles or droplets in turbulent flow. Unlike its predecessors, this
model contains no empirical fit parameters. In the model, a droplet of mass Mp can break
up into two daughter droplets of mass Mq = MpfBV and Mr = Mp(1 − fBV ), where
fBV ∈ [0,1] is the breakage mass fraction:

fBV =
Mq

Mp
= 1− Mr

Mp
(6.43)
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due to the arrival of a turbulent eddy of size λ at the surface of the droplet. The breakage
rate of droplets with mass Mp into smaller droplets, of which one has mass Mq, is given by
integrating the product of the breakage probability P (Mp : Mq, λ) and the droplet-eddy
collision frequency ω̇B,λ(Mp) over all relevant eddy sizes.

g(Mp : Mq)np =

∫ dp

λmin

P (Mp : Mq, λ)ω̇B,λ(Mp)dλ (6.44)

Here λmin is the smallest eddy which may break-up the droplet. Note that eddies larger
than the diameter dp of the droplet only transport the droplet and do not deform it.
Similar to the droplet-droplet collisions, the droplet-eddy collision frequency ω̇B,λ(dp)
([ω̇B,λ(dp)] = 1/m4s) for np droplets of diameter dp per volume with nλ eddies of sizes
between λ and λ+ dλ per volume is given by

ω̇B,λ(dp) =
π

4
(dp + λ)2u′λnλnp (6.45)

Note that
∫
nλdλ give the number of eddies per unit volume. Here u′λ is the velocity of

the eddies and this is also assumed to be the scale of the velocity difference between the
eddy and the droplet. Note that here the eddies are smaller than the droplet, contrary to
the case of coalescence in which case the eddies are larger than the droplet. The eddy
velocity u′λ is known in the inertial subrange for isotropic turbulent [62, 63]. The eddy
number density nλ is estimated using the energy spectrum in the inertial subrange. The
result is, see [69]

ω̇B,λ(dp) = 0.923 (1− α)npε
1/3d2

p

(1 + λ/dp)2

λ11/3
(6.46)

The break-up probability is equal to the chance that the arriving eddy contains more
kinetic energy than the increase in interfacial energy required for the formation of two
new droplets. Only the interfacial energy increase is incorporated in the criterion for
break-up. A drawback of this model is that it does not take the disperse phase viscosity
into account in the deformation of the droplets. In the current application the dispersed
phase has a high viscosity. Luo and Svendsen [69] define χ as the ratio of the increase
in interfacial energy and the kinetic energy of the eddy. The critical χc, at which just
sufficient energy is available for breakage, is defined as

χc =
12
(
f

2/3
BV + (1− fBV )2/3 − 1

)
σd2

p

2ρwε2/3λ11/3
(6.47)

The probability is then given by

P (Mp : Mq) = 1−
∫ χc

0

e−χdpχ = e−χc (6.48)

Finally, the break-up rate of a droplet with mass Mp into two droplet of mass Mq and
Mr, respectively, is given by

g(Mp : Mq)np = 0.923(1− α)np

(
ε

d2
p

)1/3 ∫ 1

λmin/dp

(1 + λ/dp)2

(λ/dp)11/3
e−χcdp(λ/dp) (6.49)
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In addition to the assumption of isotropic turbulence and the neglect of the viscous effects
of the dispersed phase, a third unfavorable characteristic of the model is that it predicts the
generation of too many very small droplets compared to experimental data [54]. However,
the widely-used Luo and Svendsen model is one of the more advanced break-up models
currently available and is the only break-up model available in Ansys CFX 14.0. Therefore
it has been used in the present study.

Break-up results

The simulation for two-phase flow which incorporated the break-up model by Luo and
Svendsen had difficulty to converge the residuals, even for a very small time step. Also,
counter-intuitive results were observed, such as larger increases in the mean droplet di-
ameter when the break-up model was enabled compared to the results without break-up
modeling. A simulation of the flow in a simplified channel was carried out in order to study
the problem more thoroughly. In this test case the velocity, pressure, turbulent dissipation
and turbulent kinetic energy were set to constant values throughout the domain. In ad-
dition, coalescence modeling was not enabled and only the population balance equations
for break-up were solved. Analysis of the results showed unbalanced mass fluxes between
the droplet size groups, such as, mass flow from a smaller size group into a larger one.
This result is clearly unphysical.
Ansys support was contacted and it was confirmed that there was a problem with the
numerical implementation of the Luo and Svendsen break-up model. The issue is investi-
gated by Ansys and the problem is expected to be solved in future releases of Ansys CFX.
Unfortunately, at this point a model for break-up can not be used.
However, some estimates for the break-up can still be made. The turbulent dissipation is
high near the solid surfaces of the pipe wall and the ISE. However, inside the separator
much lower values are seen. Further away than 1 mm from the pipe wall, the turbulent
dissipation is less than 50 m2/s3. For the parameters listed in table 6.1, equations (6.40)
and (6.42) give a maximum droplet diameter dmax = 231 and 325 µm, respectively. Here
dmax for the correlation of Davies has been iteratively calculated using ∆u = (εdmax)1/3.
Close to the pipe wall the oil volume fraction is very small. Therefore the assumption
is made that after the flow passes the ISE, where a considerable reduction of the mean
droplet size occurs, no subsequent droplet break-up is experienced further downstream.
Useful information can therefore be obtained from a poly-dispersed flow simulation without
break-up modeling, if the inlet droplet diameter is small enough that negligible break-up
occurs as the flow passes the ISE. In preliminary droplet size measurements at the TUD it
was found that a 50 µm diameter droplet is a good representation of the smallest droplets
that are created by the break-up. Therefore, the droplet size at the inlet is set to 50 µm

ε = 50 m2/s3 ρw = 1067.8 kg/m3

µo = 19.4x10−3 Pa.s σ = 0.021 N/m

Table 6.1: Input parameters used for calculation of maximum droplet diameter dmax.
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in the poly-dispersed flow simulations. In this way, a worst-case scenario for very small
incoming droplets is computed and increase in droplet size due to coalescence and the
effect this has on the separation can be considered.

6.3 Poly-dispersed two-phase flow

6.3.1 Poly-dispersed flow results

In the poly-dispersed two-phase flow simulation all the oil droplets have a diameter of 50
µm at the inlet. The numerical results for two-phase flows with mono-dispersed 50 µm
droplets have been discussed in section 5.4.4. In this section the degree of droplet growth
by coalescence and the consequences this has for the separation efficiency are examined.
The computational mesh, time step of ∆t = 0.5 ms and solver settings are equal to those
used for the two-phase flow simulations in chapter 5.
Ten size groups are employed to represent the droplet size distribution. A compromise
has to be made in the number of size groups, between improving accuracy and increasing
computational time. The mean diameters and mean masses of droplets in the size groups
are given in table 6.2. The first few size groups approximately match the possible droplet
sizes that can be generated by coalescence in order to obtain a good description of the
behavior of these groups. As will be shown later, the results showed that 50 % of the oil
phase is contained in these size groups so their behavior should be predicted accurately.
However, the size group resolution decreases as larger size groups consist out of wider
ranges of droplet sizes. Full resolution is not attainable, for instance 50 size groups would
already be required for the relatively narrow droplet diameter range from 50 to 180 µm.
The large computational costs associated with the accurate description of wide droplet
size distributions is the main drawback of the class method for population balances.
Schutz et al. [99] use 19 size groups in order to describe the evolution of the droplet size

Size Group p dp (µm) mp/m1

1 50 1
2 60 1.7
3 70 2.7
4 80 4.1
5 90 5.8
6 105 9.3
7 120 13.8
8 140 22.0
9 160 32.8

10 180 46.7

Table 6.2: Mean diameter dp and relative mean mass mp/m1 of size groups used for the
poly-dispersed two-phase flow simulation. Mass of smallest droplet m1 = 5.77x10−11 kg.
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distribution in a hydrocyclone for liquid-liquid separation. However, the droplet diameters
for the two investigated cases are 21.5 to 280 µm and 11.3 to 805 µm, which is an
increase in mass between the smallest and largest droplets of about 2.2x103 and 3.6x105,
respectively. Bannari et al. [6] compared the results for the simulations of the poly-
dispersed flow in a bubble column using 7, 11, 15 and 25 size groups, with experimental
data and found reasonable agreement for 11 or more size groups. For 11 size groups
the ratio between the smallest and largest diameter is a factor 10, therefore the range of
droplet masses covers a factor 1000. Finally, Alopaeus et al. [2] considered a liquid-liquid
stirred tank and found only small changes in the solution if more than 15 size groups are
used. Depending on the impeller speed of the stirred tank the droplet diameter varied
between 10 to 250 µm and 10 to 400 µm. The number of size groups used in the present
work relative to the droplet diameter range, that is the size group resolution, is somewhat
finer but otherwise comparable to what has been found in the literature.
The current implementation of the population balance method in CFX 14.0 uses a single
velocity distribution for the oil. This means that ud in equation (6.1) is the same for all
size groups. Since the relative motion of the oil phase depends on the droplet diameter,
different droplet sizes will have different velocities. However, the spread in velocities
between the size groups is not expected to be large since in the current case the range of
droplet diameters is relatively small and the drag between the phases is high due to the
high volume fraction. However, the assumption of a homogeneous velocity distribution
for the oil phase is clearly an approximation. Computation of the velocity distribution
for each size group would necessitate solving three momentum equations for each size
group in addition to calculating the mass fluxes between the size groups. For the current
simulation of poly-dispersed flow this would increase the computational cost fivefold.
The drag force per unit volume acting on the oil phase for the poly-disperse two-phase
flow is obtained by summing the contributions for all size groups

Mo =

qmax∑
q=1

3

4

CD,q
dq

ρwαfq | 〈uw〉 − 〈uo〉 | (〈uw〉 − 〈uo〉) (6.50)

Here fq is the size group fraction of size group q defined in equation (6.8). In CFX 14.0
the summation term is approximated by

qmax∑
q=1

CD,qfq
dq

≈ CD
qmax∑
q=1

fq
dq

=
CD
d32

(6.51)

This is only exact for multiphase flow for which Red > 1000 since CD is then constant.
The Sauter mean diameter d32 is defined as [12]

d32 =

∑qmax
q=1 nqd

3
q∑qmax

q=1 nqd2
q

(6.52)

Here nq is the number density of size group q. The equality is equation (6.51) can
be shown by rewriting equation (6.52) using nqd

3
q = 6/παfq and

∑
fq = 1. For poly-

dispersed flow the drag coefficient CD is evaluated at d = d32.
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Figure 6.5: Distribution of the time-averaged Sauter mean diameter d32 on a plane through the
axis of the separator. Ten size groups are used, see table 6.2. Non-dimensional parameters are
FS = 0.30, ReD = 0.86x105, Sw = 6.61 and αinlet = 0.25.

The velocity distribution is very similar to the one for the case of mono-dispersed two-
phase flow. As noted in section 5.4.4, the velocity distribution changes little with variation
in droplet diameter. Therefore, the velocity distributions of the poly-dispersed flow simu-
lation are not shown here. Figure 6.5 shows the distribution of the time-averaged Sauter
mean diameter d32 on a plane through the axis of the separator. The initial droplet size
of d32 = 50 µm increases to about 75 to 80 µm in the center of the pipe. So although
considerable coalescence is seen, the maximum Sauter diameter remains relatively small.
The region of larger droplets in the center is wider in the upstream part of the separator
where it covers part of the reversed flow region. While flowing towards the ISE, a small
portion of this region with high d32 is fed into the central positive axial velocity core.
However, most is mixed with the outer part of the reversed flow region, where d32 is

Figure 6.6: Cumulative size group fraction f̄p for y = [0, 15, 30, 45] mm at z = 1.5 m. Ten size
groups are used, see table 6.2. Non-dimensional parameters are FS = 0.30, ReD = 0.86x105, Sw
= 6.61 and αinlet = 0.25.
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relatively small. Just aft of the ISE a region with a smaller d32 is seen. This region is
mainly fed by the outer part of the reversed flow region with its low d32. Also the low
turbulent dissipation in this region leads to lower coalescence rates.
A more detailed view of the droplet size distribution can be obtained by examining the
cumulative size group fraction

f̄p =

p∑
q=1

fq (6.53)

This quantity gives the fraction of the total oil volume present in the size groups up to
size group p. Figure 6.6 shows the cumulative size group fraction at y = 0, 15, 30 and
45 mm at axial station z = 1.50 m. Near the wall, at y = 45 mm, about 80 % of the oil
volume is still present in the smallest size group of 50 µm droplets. Nearly all the oil is
taken up by small droplet sizes from 50 to 70 µm. For a smaller radius, more oil volume
has coalesced into the larger size groups, leading to a larger Sauter mean diameter as is
shown in figure 6.5. The main reason for this increase in coalescence is the increasing
volume fraction for smaller radius. Large changes can be seen in the cumulative size
group fraction for larger distances from the wall. However, the difference between y = 0
and 15 mm is relatively small. Further coalescence is limited since on the one hand the
coalescence efficiency is much lower for pairs of larger droplets and on the other hand the
number of small diameter droplets which easily coalesce is substantially reduced.
At the axis of the separator, the 50 µm droplets make up about a fifth of the total oil

Figure 6.7: Radial distribution of the time-averaged oil volume fraction α on a line through the
center of the separator in the cross-plane z = 1.50 m for mono-dispersed droplet diameters d = 50
and 75 µm and for poly-dispersed flow. Ten size groups are used, see table 6.2. Non-dimensional
parameters are FS = 0.30, ReD = 0.86x105, Sw = 6.61 and αinlet = 0.25.
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d αHPO αLPO hold up η1
∆Qo
Qo,inlet

η2
1

1− FS
∆Qo
Qo,inlet

(µm) (%) (%) (%) (%) (%) (%) (%)

50 14 51 37 61 0.53 45 0.76
poly-dispersed 12 55 39 65 -0.18 50 -0.25

75 7.6 65 41 79 0.38 70 0.54
100 4.8 72 42 86 0.56 80 0.80

Table 6.3: Separation efficiencies obtained from numerical simulations of mono and poly-
dispersed flow. FS = 0.30, ReD = 0.86x105, Sw = 6.61 and αinlet = 0.25.

volume. The fractions of the size groups with diameter between 60 and 140 µm all have
a similar fraction of about 10 %. The groups with largest sizes contain each about 5 %
of the oil volume. The cumulative size fraction in the center of the pipe is very similar at
upstream locations of z = 1.50 m. This indicates that the maximum droplet diameter, to
be obtained by turbulent-induced coalescence, is more or less reached at a small distance
downstream of the ISE. Since the region of higher Sauter mean diameter is wider at up-
stream locations the distribution of the cumulative size group fractions at larger radius
differs somewhat from the situation at z = 1.50 m, however, the trends are the same.
Figure 6.7 compares the radial distribution of the time-averaged oil volume fraction on a
line through the center of the separator in the cross-plane z = 1.50 m computed for the
mono-dispersed flow with d = 50 and 75 µm and for the poly-dispersed flow. At z =
1.50 m, the Sauter mean diameter in the poly-dispersed case is approximately equal to
the 75 µm mono-dispersed case near the center (r/D < 0.15). However, the distribution
of the oil volume fraction over the whole cross-plane appears very similar in shape to the
50 µm droplet case. Of course the poly-dispersed results show higher values for the oil
volume fraction since the droplet diameter is larger. So the results for the poly-dispersed
flow simulation are closer to the results of the 50 µm droplet case than to the 75 µm
droplet case.
The same conclusion can be drawn from the separation efficiencies. The separation effi-
ciencies for the poly-dispersed flow simulation is given in table 6.3 along with the results
for the droplet diameter variation study of section 5.4.4. As expected the separation
efficiencies improve when droplet coalescence is accounted for. However, the gains are
relatively small. Many small droplet are still present in the flow, leading to a substantial
spill-over of oil towards the HPO.
The droplet size distribution and separation characteristics will be different for a different
droplet size distribution at the inlet. Still, based on the current results it is expected that
also for larger droplets at the inlet the positive effect of coalescence on the separation
efficiencies is limited. For larger droplets the amount of coalescence is even less due to
lower coalescence efficiencies and lower collision probability. On the other hand, droplet
break-up, which is absent in the current simulation, is likely to play a larger role when the
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inlet droplet diameter is increased.
The mono-dispersed case for 50 µm diameter droplets over-estimates the separation ef-
ficiency compared to the measurements at the TUD. So the current poly-dispersed flow
simulation does not improve the comparison between experimental and numerical results.
However, the main goal of calculating the poly-dispersed flow is to investigate the ex-
tent of droplet growth by coalescence and its effect on the separation efficiency for this
application. The current approach, however, has its limitations.

6.3.2 Limitations of population balance method

One important limitation of the method employed above is that droplet break-up is absent.
Droplet break-up is an important flow feature in these highly turbulent flows. Experimen-
tal data show significant reduction of the droplet diameter when the flow passes from the
inlet through the ISE. Further break-up may be experienced in the region where the re-
versed flow region starts, near the walls and around the entrance of the pick-up tube. Even
if the Luo and Svendsen break-up model [69] could be used, break-up of non-turbulent
flow origin, for instance shear-induced break-up in regions with large velocity gradients,
will still not be included. Due to the absence of the break-up model it is necessary
to impose a rather artificial inlet droplet size distribution, which estimates the effects of
downstream break-up. The inclusion of droplet break-up modeling in future work is highly
recommended.
A second major shortcoming of the present modeling is that it does not accurately de-
scribe the coalescence process for high volume fractions. In the center of the pipe a
dense emulsion layer is formed. Not only are the turbulence velocity fluctuations expected
to be considerably damped, also the inter-droplet distance is so small that the collision
mechanism is different from that in more dilute regions. Droplets are expected to be in
prolonged contact with each other and they may roll-over and slide along each other. The
contact time given in equation (6.27) will not longer hold. An oil core may form in the
center of the pipe, which leads to a coalescence process which cannot be described by
binary or droplet-droplet coalescence.
The coalescence behavior is a dense emulsion in turbulent flow is not well understood.
Experimental research is difficult since there is no optical accessibility and non-optical
measuring methods may drastically influence the flow. The investigation of the coales-
cence characteristics is ongoing, see for instance Krebs et al. [60]. Krebs investigated the
growth of a pure oil layer in an emulsion under centrifugation. The results indicated that
the coalescence rates of oil droplets with the pure oil layer is much higher than for droplet-
droplet coalescence. One could approximate the coalescence process of a droplet with a
pure oil core by the coalescence process of a small and very large droplet. However, the
turbulence-induced coalescence model predicts the opposite trend, since the coalescence
efficiency lowers for droplet pairs with larger equivalent radius. The equivalent radius is
defined in equation (6.22). To further complicate the matter, the results of Krebs et al.
[60] indicate that the presence of surfactants greatly influences the coalescence rate. This
feature is also not included in the numerical method. More experimental data is required
for the development of a population balance model for the binary coalescence of droplets
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in a dense emulsion under centrifugation. It is also not evident how these results change
if turbulence is present in the flow.
A third limitation of the poly-dispersed flow simulations are the long computational times
that are required. The calculation of 10 size fractions accounted for about 15 % of the
computational time, and its impact on the total computational time is therefore limited.
However, the evolution of the size fractions is a very slow process. A wall clock time of
about 3.5 month on a 24-CPU present-day computer cluster was necessary to compute
the solution, including the transient statistics. These computational costs limit the appli-
cability of time-dependent, poly-dispersed flow simulations for oil-water separator design
in industry.

6.4 Conclusion

An analysis of the effect of droplet coalescence on the flow has been carried out using a
poly-dispersed two-phase flow simulation. A method of classes is used to formulate the
population balance equations. The coalescence model of Coulaloglou and Tavlarides [23]
has been implemented in CFX 14.0 using user-defined functions. This model is developed
for liquid-liquid dispersions and is therefore better suited for the current application than
the standard CFX option of the Prince and Blanche model [84]. The Prince and Blanche
model is intended for gas-liquid flows, such as bubble columns. The surface mobility of
the gas-liquid interface leads to an overprediction of the coalescence rates for oil-water
flows. The coalescence rates are now much more realistic with the newly implemented
model.
Unfortunately, the droplet break-up model of Luo and Svendsen [69] leads to unphysical
results for the current range of flow conditions and material properties. Improvements are
being carried out by Ansys CFX in order to fix this problem in future releases. Droplet
break-up is an important feature of the flow and it is recommended to incorporate it into
future work. In the separator the droplet break-up is expected to take place around the
ISE and near the walls. Further downstream the dissipation rate is lower and the formation
of relatively large droplets is possible. In preliminary measurements of the droplet size
distribution, a representative size for the smallest droplets produced by break-up was found
to be d = 50 µm. That is, these droplet will not be further broken up in the flow near
the ISE. Also, as the fluid near the walls is devoid of oil, little break-up is expected there.
Thus for an incoming flow with droplets of 50 µm diameter, break-up is expected to be
not of importance and a relevant case study could be done without break-up modeling.
The aim of this case study is to examine the extent of droplet growth by coalescence and
its effect on the separation efficiency.
Considerable growth of the incoming droplets is indeed seen in the numerical simulation,
although the maximum Sauter mean diameter is rather limited to about 75 to 80 µm.
This is caused by the lower coalescence efficiencies seen for larger droplets, since they
are more easily deformed. This indicates that turbulence-induced coalescence does not
generate large droplets in the in-line separator. In terms of the distribution of the oil
volume fraction and the separation efficiencies, the results for poly-dispersed flow are
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in-between the results for mono-dispersed flow with 50 and 75 µm droplets, although it
is closer to the 50 µm result. The separation efficiencies improve by about 5% when
coalescence in enabled.
The use of the coalescence model leads to serious errors in the dense emulsion in the center
of the pipe. The turbulent collisions may very well not be present, or at least its frequency
is strongly reduced. A model for other mechanisms of coalescence is absent. Such a model
could take into account the prolonged contact between droplets as they slide along each
other, the high volume fraction and the compression due to the centrifugal force acting
on the droplets. The predicted droplet size distribution in the center should therefore
be viewed in a qualitative manner only, as the quantitative results contain substantial
errors. It is expected that due to the longer contact times, the coalescence rate will
be higher in the center than predicted by the current method. However, this growth
takes place in the center of the pipe. The oil in this region is already separated and
will exit the separator through the LPO. Therefore, the increase in separation efficiency
when coalescence mechanisms in the dense emulsion are incorporated may be fairly small
after all. However, for a better prediction of the droplet size distribution in the center
of the pipe the current coalescence model is incomplete and further development of the
coalescence model must be undertaken.



CHAPTER 7

Concluding remarks and recommendations

A design study has been carried out to develop an oil-water separator. In the study,
a number of alternative configurations has been explored. Analysis using CFD showed
comparable performance for these initial designs. Because of its in-line geometry, and
its relatively low pressure drop, the separator featuring an internal swirl element (ISE)
has been adopted for further research. The in-line aspect facilitates implementation in
existing pipe lines and allows for a compact design. The final design features a straight
pipe with as internals the ISE and a straight concentric pick-up tube. For a pipe with
an internal diameter of 0.10 m, the distance between the afterbody of the ISE and the
entrance of the pick-up tube has been chosen as 1.7 m. This choice has been based on
results of experiments. A method for designing future separators maybe derived from the
present design process.
The current separator is a first design and improvement to its geometry can be made.
The tail of the ISE is rather blunt in order to decrease the total length of the ISE. Just
downstream of the ISE a dead water zone forms, which takes up space inside the separator.
Furthermore, it induces unsteady flow effects. The length and unsteadiness of the dead
water zone may be reduced by using a more conical, pointed tail shape. The pick-up tube
is currently a simple straight pipe. Large increases in velocity are seen near its entrance,
which leads to pressure drop and turbulence production. Also the pipe wall can be slightly
tapered in order to compensate for the frictional losses in the azimuthal velocity. It is
recommended to experiment with design variations in order to search for a possibly more
optimum separator.
The generation of the strongly swirling flow leads to a W-shaped axial velocity distribution
with an annular reversed flow region. This flow pattern cannot merely be explained by
an adverse pressure gradient, which in turn is caused by friction at the pipe wall. A
straightforward, cause-and-effect explanation of the flow pattern has yet to be found. The
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features in this flow are expected to be caused by mechanisms similar to those associated
with vortex break-down. The W-shaped axial velocity distribution is also seen in the LDA
experiments carried out at the TUD.
The change in flow pattern for increasing flow rate shows a predictable trend. In terms
of non-dimensional variables, the results collapse onto a single velocity distribution for
low-viscosity fluids.
For variations in other flow parameters the change in the velocity distribution is harder
to anticipate. An increase in flow split FS shows a substantial increase in the axial and
azimuthal velocity near the center of the pipe, while at larger radii the flow does not appear
to be affected. In general, changes in boundary conditions in the center, such as changes
in flow split or modifications of the geometry of the pick-up tube, have a large influence
on the flow field. On the other hand, features in the region closer to the pipe wall, such
as the flow straightener, barely have an impact in the flow upstream. An increase of the
flow split leads to a large increase of the centrifugal force, locally an increase of 200%
is possible within the operational range of the flow split. For increasing flow split both
numerical and experimental results show an increase in separation efficiency. However,
at a certain FS the separation efficiency levels off and a maximum is reached. A further
increase of FS will then only lead to more pressure drop over the separator.
A change in swirl angle Sw leads to large changes in the flow. When the swirl angle
is considerably reduced a V-shaped axial velocity distribution develops. The study on
the variation of the swirl angle showed that for lower swirl angles, a smaller annular
reversed flow region is formed. It is therefore recommended to investigate in-line separators
with lower swirl angle in future research, since the reversed flow region is not beneficial
to separation. Most of the oil that is captured by the annular reversed flow region is
recirculated to the outer flow at upstream locations near the ISE. The reversed flow
region occupies volume which leads to a less compact separator. Although sufficient
centrifugal forces on the droplets should be present, a decrease in swirl angle may lead
to improved separation efficiency. The flow field generated by an ISE design with lower
swirl angle can be investigated numerically by imposing a distribution of the velocity on
a cross-flow plane just aft of the location of the vanes. It has been shown that this is an
accurate approximation. In this way design criteria for the vane geometry can be derived.
In addition, a lower swirl angle will lead to a lower required pressure drop over the ISE.
The static pressure varies considerably over the separator. For the nominal flow rate of
56.5 m3/hr, the pressure drop over the ISE is ∆〈p̄〉= 1.8 bar, while the pressure differences
between inlet and HPO and between inlet and LPO are 1.6 and 2.5 bar, respectively. The
pressure drop between the inlet and the LPO scales as ∆〈p̄〉 ∝ u2.085

z,b . Therefore, the
non-dimensional pressure drop between inlet and LPO for strongly swirling flow increases
with higher ReD. This is opposite to the trend observed for non-swirling pipe flow. The
pressure drop between inlet and LPO also increases with increasing flow split, although
the dependence is weak: Eu ∝ FS0.17. As high frictional losses are experienced by the
flow, gains from pressure recovery by de-swirling the flow are small.
A numerical simulation for poly-dispersed flow, using a turbulence-induced coalescence
model without droplet break-up for liquid-liquid two-phase flows, predicted an increase
in droplet diameter from 50 µm to slightly over 75 µm in the center of the pipe. This
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indicates that turbulence-induced coalescence does not generate very large droplets in
the in-line separator. Smaller droplets are found in the outer part of the pipe. The low
oil volume fraction in that region leads to fewer droplet collisions and therefore prevents
further droplet growth. The numerical simulation for poly-dispersed flow showed improved
separation performance over the results for the mono-dispersed case with droplets of 50
µm diameter. However, the improvement of 5% is modest.
While the numerical results for single-phase flow have shown reasonable agreement with
the experimental results, the predictions for two-phase flow show large deviations from
the results of the measurements. The separation efficiency is overpredicted by 25 to 50 %
depending on the flow conditions and on the used definition of separation efficiency. For
high inlet volume fractions, the flow simulations show a decreasing separation efficiency
due to a flooding phenomenon. In contrast, the experimental results nearly collapse onto
a single curve when the separation efficiency is plotted as function of the flow split divided
by the inlet oil volume fraction: FS/αinlet. Therefore, in terms of quantitative predictions
of the distribution of the oil volume fraction and separation efficiency, the numerical flow
simulations are not close to the data measured in the flow rig at TU Delft.
There may be various causes for this discrepancy between numerical and experimental
results. A major reason is the use of a too large droplet size at the inlet in the numerical
solutions. For separation the droplet size is the prime parameter. The difference between
the numerically and experimentally determined separation efficiencies becomes smaller
when smaller, more representative droplet sizes are used in the computations. The use
of the correct droplet size (distribution) at the inlet is an essential prerequisite for an
accurate prediction. It is a necessary but not sufficient condition as the results of the flow
simulations in this study have shown. The evolution of the droplet size distribution for
these flows is not captured by a constant mono-dispersed droplet size. Droplet break-up
could unfortunately not be incorporated into the present analysis. It is recommended to
incorporate droplet break-up models into future simulations for poly-dispersed flow. It is
also important to validate these models in order to check whether droplet break-up, in for
instance the vane section, is indeed accurately described.
The turbulence-induced coalescence model is unlikely to predict the correct droplet growth
when the oil volume fraction increases to high values. In the current study the predicted
droplet size in the center of the pipe is not accurate, and probably underpredicted. For
an improved prediction of the droplet size distribution other mechanisms of coalescence
should be included in the modeling. In these models the relation between the coalescence
rate of a given pair of droplet sizes and the oil volume fraction as well as the centrifugal
force should be specified. In addition, turbulent dissipation or the mean velocity and its
gradients should be incorporated in order to provide a time-scale in which the coalescence
must take place. If possible chemical aspects, such as salinity and the presence of surface-
active components should be accounted for as well. Further experimental research is
required to obtain more information on the behavior of very dense emulsions in turbulent
flow subjected to centrifugation. This data is necessary to develop and to validate the
improved coalescence models.
Data on the behavior of the dense emulsions can also be used to refine the existing drag
laws. As comparison to micro-centrifuge experiments have shown that the Ishii-Zuber
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drag correlation overestimates the volume fraction even for relatively simple flow. Large
changes in droplet size and possible phase inversion change the interfacial drag between
the phases in ways not accounted for by the current drag laws. The flooding effect seen
in the numerical flow simulations may be attributed to this incomplete description of the
physics of the flow of the oil-water mixture.
In one of the simulations, a mono-dispersed droplet diameter of 50 µm has been used.
The separation efficiencies for this case are higher than found in the measurements for
the same flow parameters, while the Sauter mean diameter in the experiments is larger
than 50 µm. This indicates that, although the correct estimation of the inlet droplet
size is important, more factors play a role. Turbulent dispersion is currently not included
in the modeling. The motion of the dispersed phase is influenced by the instantaneous
velocity of the continuous phase. While the turbulence modeling accounts for the effect
of the turbulence on the mean velocity field, the turbulent dispersion should account for
the effect of the turbulent fluctuations on the motion of the dispersed phase. The mean
radial velocity can be zero at certain locations, meaning that the in and outward turbulent
fluctuations cancel. However, if a gradient in oil volume fraction is present the turbulent
eddies transport a net flux of oil from a region with a higher oil volume fraction to a
region with a lower oil volume fraction. This mechanism could provide an explanation
of the difference in separation efficiency predicted by the simulations and the efficiency
found in the measurements. The turbulent flow in the separator is anisotropic and this
should be reflected in the turbulent dispersion modeling. It is therefore recommended to
implement such a turbulent dispersion model for these flows in order to investigate its
effect on the separation performance. This analysis should show whether or not turbulent
dispersion enhances the modeling of the real flow.
Turbulent two-phase flow is intrinsically complex and the modeling of such a flow can be
made more accurate by using more sophisticated computational methods. These methods
resolve more details of the physics of the flow rather than model these effects. However,
these methods, such as volume of fluid methods, substantially increase the computational
costs. Simulations employing these methods will lead to computational times that are too
long for these methods to be used in the design process. Therefore, it is recommended to
invest into improving the two-fluid RANS method in order to increase the accuracy of the
predictions for two-phase flow in separators. Nevertheless, the computational times for the
numerical methods used in the present study are already problematic and the results for
two-phase flow show substantial discrepancies with experimental data. Therefore, further
research is necessary before the use of transient numerical simulations is feasible in the
optimization of the design of oil-water separators in an industrial environment.
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APPENDIX A

Design of nose section with cubic Hermite polynomials

The shape of the nose section is expressed as:

r(ξn) = Rin[b1ξ
1/2
n + b2ξ

3/2
n + fn(0)P1(ξn)

+ f ′n(0)P3(ξn) + fn(1)P2(ξn) + f ′n(1)P4(ξn)] (A.1)

Here ξn is the dimensionless coordinate with ξn ∈ [0, 1]

ξn =
xn − xnose

xvanes − xnose
(A.2)

Cubic Hermite polynomials P1 to P4 are given by:

P1(ξn) = (1− ξn)2(1 + 2ξn),

P2(ξn) = 1− P1(ξn),

P3(ξn) = (1− ξn)2ξn,

P4(ξn) = −ξ2
n(1− ξn) (A.3)

The slope of the central body is:

dr(ξn)

dxn
=

Rin
∆xn

[1/2 b1ξ
−1/2
n + 3/2 b2ξ

1/2
n + fn(0)P ′1(ξn)

+ f ′n(0)P ′3(ξn) + fn(1)P ′2(ξn) + f ′n(1)P ′4(ξn)] (A.4)

Here ∆xn = xvanes − xnose = 80 mm. The first derivatives of the cubic Hermite poly-
nomials are given by
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P ′1(ξn) = −6(1− ξn)ξn,

P ′2(ξn) = −P ′1(ξn),

P ′3(ξn) = (1− ξn)(1− 3ξn),

P ′4(ξn) = ξn(−2 + 3ξn) (A.5)

The second derivative follows as:

d2r(ξn)

dx2
n

=
Rin
∆x2

n

[− 1/4 b1ξ
−3/2
n + 3/4 b2ξ

−1/2
n + fn(0)P ′′1 (ξn)

+ f ′n(0)P ′′3 (ξn) + fn(1)P ′′2 (ξn) + f ′n(1)P ′′4 (ξn)] (A.6)

The second derivatives of the cubic Hermite polynomials are given by

P ′′1 (ξn) = −6 + 12ξn,

P ′′2 (ξn) = −P ′′1 (ξn)

P ′′3 (ξn) = −4 + 6ξn,

P ′′4 (ξn) = −2 + 6ξn (A.7)

For r(ξn) the following conditions apply:

r|ξn=0 = 0,

r|ξn=1 = Rin,

dr

dxn

∣∣∣∣
ξn=1

= 0,

d2r

dx2
n

∣∣∣∣
ξn=1

= 0 (A.8)

This leads to
fn(0) =0

b1 + b2 + fn(1) =1

1/2 b1 + 3/2 b2 + f ′n(1) =0

−1/4 b1 + 3/4 b2 + fn(0)(6) + f ′n(0)(2) + fn(1)(−6) + f ′n(1)(4) =0 (A.9)

These equations can be solved for the amplitudes of the Hermite polynomials as:

fn(0) = 0

f ′n(0) = 3− 15/8 b1 − 3/8 b2

fn(1) = 1− b1 − b2
f ′n(1) = −1/2 b1 − 3/2 b2 (A.10)

Substitution of these results with b1 = 0.9 and b2 = 6.0 into the equation for the nose
section leads to the final shape. The constants b1 and b2 are determined by trial and error
in order to obtain a suitable shape.
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APPENDIX B

Design of tail section with quintic Hermite polynomials

The shape of the tail section is expressed as:

r(ξt) = Rin[ft(0)Q1(ξt) + f ′t(0)Q3(ξt) + f ′′t (0)Q5(ξt)

+ ft(1)Q2(ξt) + f ′t(1)Q4(ξt) + f ′′t (1)Q6(ξt)] (B.1)

The dimensionless axial coordinate ξt defined as is

ξt =
xt − xtail

∆xt
=

xt − xtail
xtip − xtail

(B.2)

Here ∆xt = xtip−xtail = 200 mm. Q1 to Q6 are the quintic Hermite polynomials given
by:

Q1(ξt) = (1− ξt)3(1 + 3ξt + 6ξ2
t )

Q2(ξt) = 1−Q1(ξt)

Q3(ξt) = (1− ξt)3ξt(1 + 3ξt)

Q4(ξt) = ξ3
t (1− ξt)(−4 + 3ξt)

Q5(ξt) = 1/2(1− ξt)3ξ2
t

Q6(ξt) = 1/2 ξ3
t (1− ξt)2 (B.3)

The first derivative of the shape function is

dr(ξt)

dxt
=
Rin
∆xt

[ft(0)Q′1(ξt) + f ′t(0)Q′3(ξt) + f ′′t (0)Q′5(ξt)

+ ft(1)Q′2(ξt) + f ′t(1)Q′4(ξt) + f ′′t (1)Q′6(ξt)] (B.4)
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The first derivatives of the quintic Hermite polynomials given by:

Q′1(ξt) = −30(1− ξt)2ξ2
t

Q′2(ξt) = −Q′1(ξt)

Q′3(ξt) = (1− ξt)2(1 + 2ξt − 15ξ2
t )

Q′4(ξt) = ξ2
t (−12 + 28ξt − 15ξ2

t )

Q′5(ξt) = 1/2(1− ξt)2ξt(2− 5ξt)

Q′6(ξt) = 1/2 ξ2
t (1− ξt)(3− 5ξt) (B.5)

And the second derivative of the shape function is

d2r(ξt)

dx2
t

=
Rin
∆x2

t

[ft(0)Q′′1(ξt) + f ′t(0)Q′′3(ξt) + f ′′t (0)Q′′5(ξt)

+ ft(1)Q′′2(ξt) + f ′t(1)Q′′4(ξt) + f ′′t (1)Q′′6(ξt)] (B.6)

The second derivatives of the quintic Hermite polynomials given by:

Q′′1(ξt) = −60(1− ξt)ξt(1− 2ξt)

Q′′2(ξt) = −Q′′1(ξt)

Q′′3(ξt) = 12ξt(1− ξt)(−3 + 5ξt)

Q′′4(ξt) = 12ξt(1− ξt)(−2 + 5ξt)

Q′′5(ξt) = (1− ξt)(1− 8ξt + 10ξ2
t )

Q′′6(ξt) = ξt(3− 12ξt + 10ξ2
t ) (B.7)

The requirements on r(xt) are:

r|ξt=0 = Rin ⇒ ft(0) = 1,

r|ξt=1 = 0 ⇒ ft(1) = 0,
dr

dxt

∣∣∣∣
ξt=0

= 0 ⇒ f ′t(0) = 0,

dr

dxt

∣∣∣∣
ξt=1

= − tanφt ⇒ f ′t(1) = −∆xt
Rin

tanφt,

d2r

dx2
t

∣∣∣∣
ξt=0

= 0 ⇒ f ′′t (0) = 0,

d2r

dx2
t

∣∣∣∣
ξt=1

= 0 ⇒ f ′′t (1) = 0

(B.8)

The angle φt = 10◦. upon substitution in equation B.1 the equation for the shape of the
tail section becomes

r(ξt) = RinQ1(ξt)−∆xt tanφtQ4(ξt) (B.9)
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APPENDIX C

Sensitivity of velocity distribution for swirl angle Sw variation

In section 5.3.2 differences are seen in both ReD and Sw in the comparison of the results
for single and two-phase flow. However, the difference in Sw is small, namely less than
2%. To assess the influence of such a small change in Sw an additional single-phase flow
simulation has been carried out using the vane-less geometry, which is shown in figure
4.36. The flow in this simulation has the same ReD as the single-phase flow case: ReD

= 1.81x105 and the swirl angle Sw of the two-phase flow case: Sw = 6.61, see table C.1.
Figure C.1 shows the radial distribution of the time-averaged axial and azimuthal velocity
distribution on a line through the center of the pipe in the cross-plane z = 0.50 m for
Sw = 6.72 and Sw = 6.61, respectively. As can be seen in the figure, the differences in
the velocity distribution are relatively small compared to the differences seen in figures
5.16 and 5.17. So the velocity distribution appears to be relatively insensitive for small
changes in Sw. The difference in the velocity distributions between the single and two-
phase flow results is therefore mainly caused by the difference in ReD and the separation
of the phases.

αinlet d/D FS ReD Sw

Single-phase flow - - 0.30 1.81x105 6.72
vane-less case - - 0.30 1.81x105 6.61
Two-phase flow 0.25 1.00x10−3 0.30 0.86x105 6.61

Table C.1: Dimensionless variables in comparison of single and two-phase flow.
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(a) Axial velocity

(b) Azimuthal velocity

Figure C.1: Comparison of the radial distribution of the time-averaged axial (top) and azimuthal
(bottom) velocity for single-phase water flow on a line through the center of the pipe in the plane
z = 0.50 m for the full geometry case with Sw = 6.72 (solid) and the vane-less geometry case
with Sw = 6.61 (dashed). FS = 0.30 and ReD = 1.81x105.
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Stellingen 

Behorende bij het proefschrift 

DEVELOPMENT OF A CENTRIFUGAL IN-LINE SEPARATOR FOR OIL-WATER FLOWS 

J. J. Slot 

22 mei 2013 

 

1. In sterk wervelende pijpstromingen treedt een W-vormige radiale 
verdeling van de axiale snelheid op met een annulair terugstroomgebied. 
(Hoofdstuk 4 van dit proefschrift.) 
 

2. Een verandering in de verhouding tussen de azimuthale en axiale snelheid 
bij het genereren van de wervelstroming in de pijp kan bij een verhouding 
die laag genoeg is leiden tot een V-vormige radiale verdeling van de axiale 
snelheid. (Hoofdstuk 4 van dit proefschrift.) 
 

3. Het gebruik van een turbulent dispersie model, dat uitgaat van isotrope 
turbulentie, leidt in de centrifugaal scheider tot zeer sterke, niet-fysische 
radiale diffusie van de disperse fase. (Hoofdstuk 5 van dit proefschrift.) 
 

4. Vanwege de gevoeligheid voor de druppelgrootte van de numerieke 
resultaten voor gedispergeerde twee-fase stromingen, is een goede 
afschatting van de inlaat druppelgrootte van groot belang voor de 
voorspelling van de olie-water scheidingsefficiëntie. (Hoofdstuk 5 van dit 
proefschrift.) 
 

5. Voor het opstellen van een versimpeld en inzichtelijk model van de 
werkelijkheid is het vaak nodig om veel meer fysica en details mee te 
nemen in de analyse van het probleem dan het model doet vermoeden. 
 

6. Vele modellen die worden gebruikt in numerieke simulaties van meerfase 
stromingen zijn ontwikkeld voor gesimplificeerde condities, condities 
welke helaas zelden voorkomen in industriële toepassingen.  
 

7. In industrie-gestuurde promotie-onderzoeken kunnen het enthousiasme 
vanuit de industrie en de wens tot participatie van de universiteit leiden 
tot doelstellingen die onhaalbaar zijn in vier jaar onderzoek. 



 
8. Als de gebruiker van commerciële computerprogramma’s voor numerieke 

stromingsberekeningen geen kennis heeft van de achterliggende 
modellen, kan dat voor de gebruiker verstrekkende gevolgen hebben.   
 

9. Het gedetailleerd en projectmatig plannen van een promotie-onderzoek 
houdt er geen rekening mee dat zowel de uitkomst als het traject daar 
naar toe in grote mate onontgonnen terrein zijn. 
 

10. De scheiding van olie en water in scheidingsvaten, gemodelleerd als een 
één-dimensionaal tijdsafhankelijk probleem, kan worden beschreven door 
middel van de methode van karakteristieken. 


