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Abstract The reactor performance of two novel fluidized

bed membrane reactor configurations for hydrogen produc-

tion with integrated CO2 capture by autothermal reforming

of methane (experimentally investigated in Part 1) have been

compared using a phenomenological reactor model over a

wide range of operating conditions (temperature, pressure,

H2O/CH4 ratio and membrane area). It was found that the

methane combustion configuration (where part of the CH4 is

combusted in situ with pure O2) largely outperforms the

hydrogen combustion concept (oxidative sweeping com-

busting part of the permeated H2) at low H2O/CH4 ratios (\2)

due to in situ steam production, but gives a slightly lower

hydrogen production rate at higher H2O/CH4 ratios due to

dilution with combustion products. The CO selectivity was

always much lower with the methane combustion configu-

ration. Whether the methane combustion or hydrogen

combustion configuration is preferred depends strongly on

the economics associated with the H2O/CH4 ratio.

Keywords Membrane fluidized bed �
Methane steam reforming � Autothermal reforming �
Hydrogen � Membrane reactor

Nomenclature

Ai Arrhenius pre-exponential factor (depends

on reaction)

Ar Archimedes number

AT Area of bed cross section (m2)

Amembrane,n Membrane surface area per cell n (m2)

CSTR Continuously stirred tank reactor

db Bubble diameter (m)

db,avg Average bubble diameter (m)

db,max Maximum bubble diameter (m)

db,0 Initial bubble diameter (m)

dp Particle diameter (m)

Dg Gas diffusity (m2/s)

DT Bed diameter (m)

Eact,i Activation energy for ith reaction (J/mol)

g Gravitational acceleration (=9.81) (m/s2)

hpc Heat transfer coefficient between a

membrane and a gas–solid fluidized bed

gas–solid fluidized bed (W/m2 K)

hf Fluidized bed height (m)

hmf Minimum fluidized bed height (m)

HT ;x
i Enthalpy of component i at temperature T

at position x (J/mol)

SF(Q) Heaviside function of Q

JH2
H2 flux through membrane (mol/m2 s)

kg Thermal conductivity gas mixture (W/m K)

ki Reaction rate constant for ith reaction

(depends on Ai)

kPd Membrane constant (mol/m s Pan)

Kbc Volumetric interchange coefficient between

bubble and cloud phase (s-1)

Kbe Volumetric interchange coefficient between

bubble and emulsion phase (s-1)

Kce Volumetric interchange coefficient between

cloud and emulsion phase (s-1)

Kbe,i,n Bubble-to-emulsion phase mass transfer

coefficient for component I in cell n (s-1)

Keq,i Equilibrium constant for Ith reaction

L/S Load to surface ratio (m3/(h m2))

Mw[i] Molar mass for component i (kg/mol)

Nb Number of CSTRs in the bubble phase

Ne Number of CSTRs in the emulsion phase
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Nu Nusselt number

n Pressure exponent for Pd membrane

nH2;flux H2 flux (mol/s)

nH2;in H2 in (mol/s)

nH2;out H2 out (mol/s)

nc Number of components

nrxns Number of reactions

P Reactor pressure (bar)

P1,2 Product

pi Partial pressure for component i (atm)

Pm,Pd Permeability of Pd membrane (mol/m s Pan)

Pm,Pd0 Pre-exponentional factor for permeability of

Pd membrane (mol/m s Pan)

Q Transfer term accounting for the change in

volume

R Gas constant (=8.3145) (J/mol K)

rj Reaction rate for jth reaction (mol/kgcat s)

T0 Wall temperature of the U-shaped membrane

(K)

T1 Inlet temperature U-shaped membrane (K)

tm,Pd Pd membrane thickness (m)

u0 Superficial gas velocity at inlet (m/s)

usL1,L2 Superficial gas velocity for phase L1 and cell

L2 (m/s)

ub,avg Initial superficial bubble velocity (m/s)

umf Minimum fluidization velocity (m/s)

utot Velocity at bed inlet (m/s)

vj,i Stoichiometric coefficient for jth reaction and

ith component

VL1,L2 Volume for phase L1 and cell L2 (m3)

wL1,L2,L3 Weight fraction for phase L1, component L2

and cell L3

x Fraction

Greek Variables

db Bubble phase fraction

de Emulsion phase fraction

DGi Gibb’s free energy for ith reaction (J/mol)

DHi,ox Heat of adsorption for ith component (J/mol)

DH298 Heat of reaction at 298 K (J/mol)

qg Density of gas (kg/m3)

qp Density of fluidized particles (kg/m3)

ee Emulsion phase porosity

emf Bed voidage at minimum fluidization velocity

lg Viscosity of gas (Pa s)

v Amount of H2 combustion

/
00membrane
i;mol Molar flux component i through the membrane

per cell (mol/m2 s)

/m Mass flow (kg/s)

Subscripts

0 Reactor inlet

b Bubble phase

e Emulsion phase

i Component i

j Number of reaction

n Number of CSTRs for emulsion of bubble phase

1 Introduction

Two novel fluidized bed membrane reactors for ultra-pure

hydrogen production with integrated CO2 capture by

autothermal reforming of methane have been proposed in

Part 1 of this work. In the methane combustion configu-

ration, ultra-pure hydrogen is obtained via perm-selective

Pd-based membranes, while part of the methane fed is

oxidised in situ to generate the energy required for the

methane steam reforming allowing for overall autothermal

operation. Use of pure oxygen, avoids nitrogen dilution

keeping the required reactor volume small and enables

integration of CO2 capture, but requires and expensive

cryogenic distillation unit, which could be circumvented by

integrating the O2/N2 separation inside the reactor by

incorporating oxygen perm-selective (e.g. perovskite type)

membranes. With experiments in a small pilot plant it has

been demonstrated in Part 1 that autothermal methane

reforming with in situ methane combustion can be carried

out very efficiently (i.e. without any mass transfer limita-

tions) in a fluidized bed membrane reactor without any

problems associated with heat management. In the hydro-

gen combustion configuration, part of the permeated

hydrogen is combusted to supply the energy for the

methane steam reforming. In Part 1 the feasibility of the

hydrogen combustion configuration has been experimen-

tally tested and it has been shown that the permeated

hydrogen can be combusted completely inside the Pd-

membrane without additional catalyst and that the gener-

ated energy can be transferred back to the fluidized bed.

Using oxidative sweeping on the permeate side of part of

the perm-selective hydrogen membranes, CO2 capture is

integrated while use of oxygen perm-selective membranes

in a high-temperature bottom section (required to achieve

sufficiently high O2 fluxes) in the methane combustion

configuration is circumvented. For actual application of

these oxygen perm-selective membranes, further develop-

ment on the mechanical and chemical stability and sealing

of these ceramic membranes is essential. However, the

question remains whether the methane combustion con-

figuration would be preferred, should the problems with

oxygen perm-selective membranes be overcome. The

objective of the second part of this work is to compare the

reactor performance of the methane and hydrogen com-

bustion configurations via a modelling study. First, the

reactor model and the underlying assumptions are outlined,
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which is subsequently validated by experiments presented

in Part 1. Then, the model is used to compare the reactor

performance in terms of methane conversion, product

selectivity and hydrogen recovery and the effect of the

operating conditions thereon.

2 Fluidized Bed Membrane Reactor Model

A frequently used phenomenological description of the two-

phase flow phenomena in fluidized bed reactors is based on

the bubble assemblage model, originally proposed by Kato

and Wen [1]. In this one-dimensional model the fluidized

bed is divided into a number of ideally-mixed reactors

(CSTRs), with the same number of CSTRs for the bubble

and emulsion phase where the size of the CSTR is related to

the local bubble size. Based on this model, a one-dimen-

sional two-phase model for a membrane-assisted fluidised

bed reactor has been developed by Deshmukh et al. [2, 3].

Similar types of models have been used by the groups of

Grace and Elnashaie and their co-workers [4–6]. In their

model the number of CSTRs in the cascade and the sizes of

the CSTRs are not directly related to the local bubbles size,

but to the extent of gas back-mixing in each phase, which

should be determined with independent experiments. A

schematic representation of the gas flows between the

compartments of the bubble and emulsion phases is depic-

ted in Fig. 1. The model assumptions are as follows:

• The reactor consists of one (hydrogen combustion

configuration) or two (methane combustion configura-

tion) membrane-assisted fluidized bed sections.

• In each section dead-end and U-shaped (i.e. with sweep

gas) hydrogen perm-selective membranes or oxygen

perm-selective membranes can be integrated.

• Each section consists of two phases, viz. the bubble and

emulsion phase.

• The gas flowing through the emulsion phase is consid-

ered to be completely mixed in each section and at

incipient fluidization conditions.

• The bubble phase gas is assumed to be in plug flow (i.e.

large number of CSTRs), where the bubble size and the

bubble rise velocity changes for each section.

• The heterogeneous reactions (methane combustion,

methane steam reforming and water–gas shift reac-

tions) take place only in the emulsion phase, assuming

that the bubble phase is free of catalyst particles. (Note

that it has been experimentally verified that the

contribution by homogeneous gas phase reactions can

be neglected).

• Gas removed from the fluidised bed via membranes is

assumed to be extracted from both the emulsion phase

and bubble phase, distributed according to the local

bubble fraction. The gas extracted from the emulsion

phase is subsequently instantaneously replenished via

exchange from the bubble phase (to maintain the

emulsion phase at minimum fluidization conditions)

(following [2, 3]).

• The bubble-to-emulsion phase mass transfer coeffi-

cients are assumed constant along the bed height for

each section.

• A uniform temperature is assumed throughout an entire

section of the fluidized bed, assuming no heat losses to

the surroundings (adiabatic conditions) and no heat

transfer limitations between the bubble and emulsion

phase [7, 8].

• Related to the U-shaped hydrogen perm-selective mem-

branes: it is assumed that all the permeated H2 is

combusted inside the membrane (provided that sufficient

O2 is available, as was demonstrated experimentally in

Part 1), that the outlet temperature of the sweep gas is

equal to the uniform temperature in the bed and that the

temperature of the U-shaped membrane equals the bed

temperature.

The overall (bubble and emulsion phase) component

mass conservation equations have been formulated,

accounting for chemical transformations in the emulsion

phase and a net gas production due to the chemical reac-

tions and gas withdrawal (hydrogen) and feeding (oxygen)

via membranes (see Table 1, an explanation of the symbols

used can be found in the nomenclature at the end of the

paper). The overall energy balance equations have been

listed in Table 2, accounting for possible energy exchange

via the sweep gas. These equations are solved for each

CSTR in each section of the membrane fluidized bed

reactor. The degree of back-mixing is represented in terms

of the number of CSTRs in series, where Ne stands for the

number of CSTRs in the emulsion phase and Nb for the

factor of additional CSTRs in the gas phase. If Ne equals 1,

a completely back-mixed emulsion phase is represented.

Empirical correlations for the mass transfer coefficients

and fluidization properties of the fluidized beds have been

taken from [2, 3] and are summarized in Table 3. Although

these correlations were originally obtained for beds without

internals, it is assumed that the fluidized bed reactor with

membranes can be reasonably well described with these

equations. By means of simulations and experimental

validation, Deshmukh and co-workers have shown that the

axial gas phase back-mixing in the emulsion phase is

strongly reduced because of the presence of and perme-

ation through the membranes. Typically, insertion of the

membranes enhances bubble break-up, resulting in

improved bubble-to-emulsion phase mass transfer [2, 3].

The kinetic rate expressions for methane combustion,

methane steam reforming and water–gas shift, summarised
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in Table 4, are taken from [9, 10]. Although these kinetic

rate expressions were developed for a different catalyst

system, their use is justified h.l. since no kinetic limitations

were observed (see Part 1). Selective removal of H2 using

Pd-based membranes has been modelled with a Sievert’s

type flux expression, using experimental data from [11] and

experimental data reported in Part 1 (see Table 4). Pure

component physical data have been taken from [12], while

mixture properties have been computed following Reid

et al. [13].

The overall feed ratios of CH4, H2O and O2 to obtain

overall autothermal operation for both reactor configurations

can be easily determined by combining the methane steam

reforming ? water–gas-shift reaction (1), with methane

combustion (2) and/or hydrogen combustion (3):

Methane steam reforming + water--gas-shift: CH4

þ 2H2O

, CO2 þ 4H2 ð1Þ

Methane combustion: d�ðCH4 þ 2O2 , CO2 þ 2H2OÞ
ð2Þ

Hydrogen combustion: v�ðH2 þ 1=2O2 , H2OÞ ð3Þ

The overall reaction can thus be represented by

Fig. 1 A schematic

representation of the 2-phase

fluidized bed reactor model

(FBMR)
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Table 1 Mass balance equations for each CSTR in each section of the fluidized membrane reactor (Reprinted from ‘Fluidised bed membrane

reactor for ultrapure hydrogen production via methane steam reforming: Experimental demonstration and model validation’, Chem. Eng. Sci., 62,

2989–3007 (2007), with permission from Elsevier)

Total mass balance

us
b;n�1ATqb;n�1 � us

b;nATqb;n þ us
e;n�1ATqe;n�1 � us

e;nATqe;n

þ
Xnc

i¼1

/
00membrane
i;mol Mw;iAmembraneeb;n þ /

00membrane
i;mol Mw;iAmembrane 1� eb;n

� �n o
¼ 0

Bubble phase component mass balancesa

us
b;n�1ATqb;n�1 � us

b;nATqb;n �
Xnc

i¼1

Kbe;i;nVb;nqb;n wb;i;n � we;i;n

� �

þ
Xnc

i¼1

/
00membrane
i;mol Mw;iAmembraneeb;n þ we;i;nSF Qð Þ � wb;i;nSF �Qð Þ

� �
¼ 0

Emulsion phase component mass balancesa

us
e;n�1ATqe;n�1 � us

e;nATqe;n �
Xnc

i¼1

Kbe;i;nVb;nqb;n wb;i;n � we;i;n

� �

�
Xnc

i¼1

/
00membrane
i;mol Mw;iAmembrane 1� eb;n

� �
�

Xnrxn

j¼1

mj;irj

 !
Ve;nqp;n 1� eeð Þ

� we;i;nSF Qð Þ � wb;i;nSF �Qð Þ
� �

¼ 0

Transfer term

Q ¼ us
e;n�1ATqe;n�1 � us

e;nATqe;n �
Xnc

i¼1

/
00membrane
i;mol Amembrane 1� eb;n

� �

þ
Xnc

i¼1

Kbe;i;nVb;nqb;n wb;i;n � we;i;n

� �

where

us
e;nAT ¼ ue;nAT 1� eb;n

� �

us
b;0AT ¼ utotAT eb;0

us
e;0AT ¼ utotAT 1� eb;0

� �

aNote that SFðxÞ ¼
x if x [ 0

0 if x� 0

(

Table 2 Energy balance equations for each CSTR in each section of the fluidized membrane reactor

Energy balance (both concepts)

Xnc

i¼1

H
Tfeed

i us
b;n¼0ATqb;i;n¼0 þ us

e;n¼0ATqe;i;n¼0

� �
�
Xnc

i¼1

HTout
i us

b;n¼NATqb;i;n¼N þ us
e;n¼NATqe;i;n¼N

� �( )

�
Xnc

i¼1

HTout
i /

00membrane
i;mole Mw;iAT eb;n þ /

00membrane
i;mole Mw;iAT 1� eb;n

� �� �( )
þ E ¼ 0

In situ air preheating (concept 1)

Top section

E ¼
Pnc

i¼1

HTair
i /i;mole;inMw;i �

Pnc

i¼1

HTbottom
i /i;mole;outMw;i

� �
þ

Pnc

i¼1

HTbottom
i /i;mole;inMw;i �

Pnc

i¼1

H
Ttop

i /i;mole;outMw;i

� �

Bottom section

E ¼
Pnc

i¼1

HTbottom
i /i;mole;inMw;i �

Pnc

i¼1

H
Ttop

i /i;mole;outMw;i

� �

H2 combustion in the U shape membrane (concept 2)

E ¼
Pnc

i¼1

H
TfeedU

i /i;mole;inMw;i �
Pnc

i¼1

H
Ttop

i /i;mole;outMw;i

� �
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CH4 þ
2dþ 1

2
v

� �

1þ dð Þ O2 þ
2� 2d� vð Þ

1þ dð Þ H2O

, CO2 þ
4� vð Þ
1þ dð ÞH2 ð4Þ

which can be further rearranged into

CH4 þ nO2 þ 2ð1� nÞH2O, CO2 þ 2ð2� nÞH2 ð5Þ

with

n ¼ 2dþ 1
2
vð Þ

1þ dð Þ :

The amount of methane or hydrogen that needs to be

combusted to achieve autothermal conditions relative to the

amount of methane reformed and shifted then follows

easily from:

Methane combustion configuration:

Table 3 Empirical correlations

for the mass transfer coefficients

and fluidization properties

(Reprinted from ‘Development

of a Membrane-Assisted

Fluidized Bed Reactor. 2

Experimental Demonstration

and Modeling for the Partial

Oxidation of Methanol’, Ind.

Eng. Chem. Res., 44 (16),

5966–5976, 2005, with

permission from American

Chemical Society)

Parameter Equation

Archimedes Number
Ar ¼ d3

pqg qp�qgð Þg
l2

g

Minimum fluidization velocity
umf ¼

lg

qgdp

� � ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
27:2ð Þ2þ0:0408Ar

q
� 27:2


 �

Bed voidage at minimum fluidization velocity
emf ¼ 0:586Ar�0:029 qg

qp

� �0:021

Projected tube area for a square bed AT = DT
2

Rise velocity of a single bubble ubr ¼ 0:711 gdbð Þ
1
2

Velocity of rise of swarm of bubbles ub ¼ u0 � umf þ 0:711 gdbð Þ
1
2

Initial bubble diameter (Porous plate distributor) db0 = 0.376(u0 - umf)
2

Maximum bubble diameter db,max = DT

Superficial bubble gas velocity us
b;max
�us

b

us
b;max
�us

b;0
¼ exp 0:55z

hmf DT

� �

Maximum superficial bubble gas velocity us
b;max ¼ u0 � umf

Initial superficial bubble gas velocity us
b;0 ¼ ubr;0db0

where db0 ¼ 1� hmf

hf


 �

Superficial emulsion gas velocity us
e ¼ u0 � us

b

Bubble phase fraction db ¼ us
b

ub

Emulsion phase fraction den ¼ 1� dbn

Volume of emulsion phase in the nth compartment Ve;n ¼ AT
hf

Nb

Volume of bubble in the nth compartment Vb;n ¼ AT
hf

Nb
db;n

Bubble diameter
db ¼ db;max � db;max � db;0

� �
e

�0:3z
DT

� �

Height of bed expansion
hf ¼ hmf

C1

C1 � C2

where;

C1 ¼ 1� ub;0

ub;avg
exp � 0:275

DT


 �

C2 ¼
us

b

ub;avg
1� exp � 0:275

DT


 �� 

Average bubble rise velocity ub;avg ¼ u0 � umf þ 0:711 gdb;avg

� �1
2

Gas exchange coefficient
Kbc ¼ 4:5

umf

dp


 �
þ 5:85

D
1
2
gg

1
4

d
5
4

b

 !

Kce ¼ 6:77
Dgemf ub

d3
b


 �1
2

1

Kbe
¼ 1

Kbc
þ 1

Kce
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v ¼ 0 ) d ¼ n
2� nð Þ

Hydrogen combustion configuration:

d ¼ 0 ) v ¼ 2n

The relative amount of O2 and steam required for

autothermal conditions can be determined with the

following equation:

Xnc

i¼1

mn
i � HT

i ¼ 0 ð6Þ

where mi
n is the stoichiometric coefficient of component i

for a selected composition Hi
T is the enthalpy of component

i for a selected temperature (J/mol)

For a selected temperature, Eq. 6 can be solved for n
using reaction Eq. 5, and consequently d (CH4 combustion

configuration) or v (H2 combustion configuration) can be

calculated. The overall O2/CH4 and H2O/CH4 ratios as

function of the temperature to attain autothermal operation

are given in Fig. 2. For example, it can be seen that for a

reactor temperature of 600 �C, the overall O2/CH4 and

H2O/CH4 ratios are approximately 0.379 and 1.242,

respectively, which results in an overall production of

3.242 mol H2 and 1 mol CO2 per mol CH4. Note that from

an overall energetic viewpoint, the methane combustion

and hydrogen combustion configurations are identical and

that the same maximal H2 yield can be achieved, provided

that complete CH4 and CO conversion can be realized. The

described reactor model is subsequently used to compare

the actual reactor performance as a function of the oper-

ating conditions in terms of the following parameters:

Methane conversion ¼
/CH4;in � /CH4;out

/CH4;in

Hydrogen recovery ¼
/H2;extracted via dead�end membranes

/H2;produced

Hydrogen burned ¼
/H2;extracted via U�shaped membranes

/H2;produced

Hydrogen in the exhaust ¼
/H2;out

/H2;produced

Table 4 The kinetic rate expressions used in the model

Reactions Stoichiometry and reaction rate equations

1. Methane combustion on Pt catalyst [9]
CH4 þ 2O2 , CO2 þ 2H2O r1 ¼

k1a pCH4
pO2ð Þ

1þKOX
CH4

pCH4
þKOX

O2
pO2

� �2 þ
k1b pCH4

pO2ð Þ
1þKOX

CH4
pCH4

þKOX
O2

pO2

� �

2. Methane steam reforming on Ni catalyst [10] CH4 þ H2O, COþ 3H2 r1 ¼
k1 pCH4

pH2O�p3
H2

pCO=Keq;1

� �

p1:596
H2 O

3. Water–gas shift on Ni catalyst [10]
COþ H2O, CO2 þ H2 r2 ¼

k2 pCOpH2O�pH2
pCO2

=Keq;2ð Þ
pH2O

where ki ¼ Ai exp
�Eact;i

RT

� �
, KOX

i ¼ AOX
i exp

�DHOX
i

RT

� �
, Keq;i ¼ exp �DGi

RT

� �

Arrenius parameters, equilibrium constants for SRM and WGS and van’t Hoff parameters for methane combustion [15]

Constant Value Units Constant Value Units

A1a 8.11 9 105 mol/(bar2 kcat s) Eact,1a 86 9 103 J/mol

A1b 6.82 9 102 mol/(bar2 kcat s) Eact,1b 86 9 103 J/mol

A1 2.62 9 105 mol/(bar0.404 kcat s) Eact,1 106.9 9 103 J/mol

A2 2.45 9 102 mol/(bar kcat s) Eact,2 54.5 9 103 J/mol

AOX
CH4

1.26 9 10-1 bar-1 DHOX
CH4

- 27.3 9 103 J/mol

AOX
O2

7.87 9 10-7 mol/(bar2 kcat s) DHOX
O2

- 92.8 9 103 J/mol

Flux of H2 through Pd membranes

JH2
¼ Pm;Pd

tm;Pd
pn

H2 ;f
� pn

H2 ;p

� �
where

Ln Pm;Pd

� �
¼ a1 � T2 þ a2 � T þ a3

n ¼ b1 � T2 þ b2 � T þ b3

a1 ¼ 5:18253� 10�5a2 ¼ �6:47388� 10�2a3 ¼ �7:23505

b1 ¼ �3:90979� 10�6b2 ¼ 4:96376� 10�3b3 ¼ �0:569705

tm;Pd ¼ membranethickness ¼ 4:5� 10�6 m½ �
T ¼ temperature K½ �
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CO selectivity ¼
/CO;out

/CO;out þ /CO2;out

CO2 selectivity ¼
/CO2;out

/CO;out þ /CO2;out

3 Model Validation

The fluidized bed membrane reactor model has already

been validated for the methane combustion configuration in

a previous work [11]. Here, model predictions are com-

pared with experimental data [14] for the hydrogen

combustion concept with hydrogen production via the

dead-end membranes and energy supply via oxidative

sweeping in the U-shaped membranes. For a selected case,

the effect of the degree of gas back-mixing in the bubble

and emulsion phases has been investigated and the results

are summarised in Table 5. The CH4 conversion slightly

increases when increasing the number of CSTRs for the

bubble phase, while assuming the emulsion phase perfectly

mixed. The reason is not the decreased degree of axial

back-mixing in the bubble phase, but is related to a better

representation of the change in bubble size along the bed

height. For higher Nb, the presence of smaller bubbles at

the bottom of the bed is accounted for enhancing the mass

transfer, resulting in increased CH4 conversion [11]. As can

be discerned from Table 5, even when assuming an infinite

number of CSTRs in the bubble phase, the model under-

predicts the experimentally determined CH4 conversion.

The discrepancy is related to the extent of gas back-mixing

in the emulsion phase. Fixing the ratio of the number of

bubble phase CSTRs to the number of emulsion phase

CSTRs (Nb = 3), the degree of back-mixing in the emul-

sion phase has been reduced (Ne increased), which resulted

in a strong increase in the membrane flux through both

types of membranes and corresponding increase in the CH4

conversion. It can be concluded that for Ne [ 6, the pre-

dicted fluxes match reasonably well with the measured

fluxes, indicating that the membrane reactor can be best

described by assuming both the bubble and emulsion

phases in plug flow. Due to the presence of and permeation

through the membranes the fluidized bed membrane reactor

approaches the Holy Grail of chemical reaction engineers:

the isothermal plug flow reactor. With simulations it has

been confirmed that for the conditions investigated (low

relative superficial gas velocities in combination with a

relatively large gas extraction via the membranes) bubble-

to-emulsion phase limitations and kinetic limitations are

negligible. Finally, model predictions (assuming Ne = 6

and Nb = 3) have been compared with experimental data

for two different H2O/CH4 ratios (see Table 6), showing

that the reactor model predicts the measured data reason-

ably well.

4 Comparison of Reactor Configurations

The CH4 conversion, CO selectivity and total H2 produc-

tion rate at overall autothermal conditions have been

compared for the two reactor configurations as a function

Table 5 Comparison between experimental data and MAFB model

prediction. (Hydrogen combustion configuration, T = 500 �C,

p = 3 bar, N2/CH4 = 2, H2O/CH4 = 4 u/umf = 2)

Measured data

CH4 conversion, % 68.4

CO selectivity, % 6.4

H2 flow dead-end, NmL/min 529.83

H2 flow U-shaped membrane, NmL/min 129.85

Total H2 flow/Total H2 production 74.39

MAFB model prediction

Nb 1 3 5 10

Degree of back-mixing in bubble phase Ne = 1 and Nb = variable

CH4 conversion, % 66.16 66.53 66.53 66.53

CO selectivity, % 7.13 7.15 7.15 7.15

H2 flow dead-end, NmL/min 471.18 472.45 472.47 472.47

H2 flow U-shaped membrane,

NmL/min

105.29 105.58 105.58 105.58

Total H2 flow/Total H2 production 72.25 72.11 72.11 72.11

Degree of back-mixing in emulsion phase Nb = 3 and Ne = variable

CH4 conversion, % 66.53 68.65 69.13 69.29

CO selectivity, % 7.15 6.81 6.77 6.76

H2 flow dead-end, NmL/min 472.45 504.89 513.73 516.69

H2 flow U-shaped membrane,

NmL/min

105.58 112.83 114.80 115.46

Total H2 flow/Total H2 production 72.11 73.90 74.44 74.69

Temperature, °C

0 100 200 300 400 500 600 700 800 900 10001100

O
2
/C

H
4 

fe
ed

 r
at

io
, -

0.34

0.35

0.36

0.37

0.38

0.39

0.40

H
2 O

/C
H

4  feed
 ratio

, -

1.20

1.22

1.24

1.26

1.28

1.30

1.32

Fig. 2 Overall feed ratios as a function of temperature to attain

autothermal operation

Top Catal (2008) 51:146–157 153

123



of the load-to-surface ratio (L/S), defined as the volumetric

methane feed flow rate divided by the total Pd membrane

area, for different temperatures in the (top section of the)

fluidized bed (see Table 7). With appropriate load-to-sur-

face ratios virtually complete CH4 conversion and

comparable H2 production rates can be achieved, however,

the CO selectivity is always much lower with the methane

combustion concept for all temperatures investigated. This

difference is related to the fact that in the methane com-

bustion concept, part of the CH4 is converted in situ into

CO2 and H2O (in a bottom section) and that the additional

steam thus produced helps shifting the reforming and

water–gas-shift equilibria, while in the hydrogen combus-

tion configuration the steam is produced inside the

U-shaped Pd membranes and thus not available to shift the

reactions towards the desired products. At an overall feed

ratio of H2O/CH4 of 1.75, the H2O/CH4 in the top section

of the methane combustion configuration actually amounts

to 5, which explains the much lower CO selectivity with

this configuration. For low H2O/CH4 molar feed ratios, the

hydrogen production rate is much higher with the methane

combustion configuration (see Fig. 3), but at higher

H2O/CH4 molar feed ratios, the hydrogen production rate

of the hydrogen combustion configuration strongly

increases and at H2O/CH4 ratios above 2, the hydrogen

combustion configuration even slightly outperforms the

methane combustion configuration. At these higher H2O/

CH4 ratios the adverse dilution effect via direct oxygen

Table 7 CH4 conversion, H2 production and exhaust gas selectivities as a function of the (top section) temperature for the methane and

hydrogen combustion configurations (P = 20 bar, u/umf = 3, O2/CH4 = 0.39)

T (�C) Methane combustion configuration Hydrogen combustion configuration

L/S m3/h m2 Pure H2 NmL/min Bottom T�C L/S m3/h m2 Pure H2 NmL/min Comb H2 NmL/min

550 0.42 18332 1127 0.42 17788 4620

600 0.42 18779 1174 0.42 18950 4640

650 0.42 18872 1212 0.42 19262 4610

700 0.42 18965 1189 0.42 19362 4613

CH4 conversion CO selectivity CO2 selectivity CH4 conversion CO selectivity CO2 selectivity

550 0.99 0.02 0.98 0.98 0.13 0.87

600 1 0.003 0.997 1 0.06 0.94

650 1 0.0002 0.9998 1 0.02 0.98

700 1 5.37 9 10-6 0.999995 1 0.002 0.998
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Fig. 3 Pure hydrogen production and CO selectivity versus H2O/CH4

feed molar ratio

Table 6 Comparison between experimental data and model predic-

tions. (Hydrogen combustion configuration, T = 500 �C, p = 3 bar,

N2/CH4 = 2, u/umf = 2, Ne = 6, Nb = 3)

Measured data MAFB model

H2O/CH4 ratio 3 4 3 4

CH4 conversion, % 57.92 68.36 59.86 69.13

CO selectivity, % 8.21 6.47 7.89 6.77

H2 production, NmL/min 869.39 886.77 860.96 844.34

H2 flow dead-end, NmL/min 525.96 529.83 533.12 513.73

H2 flow U-shaped membrane,

NmL/min

125.86 129.85 119.14 114.80

Total H2 flow/total H2 production 74.97 74.39 75.76 74.44
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addition outweighs the benefits of shifting the reaction

equilibria by the additional steam production.

In the calculations for the methane combustion concept

it has been assumed that pure oxygen either directly via the

feed or via oxygen perm-selective membranes has been fed

to the reaction mixture, which avoids a costly downstream

CO2/N2 separation, but also avoids dilution of the reaction

mixture with N2, which would result in lower hydrogen

partial pressures and hydrogen permeation fluxes. This

effect has been quantified by performing simulations using

air instead of N2, summarized in Table 8. For a typical case

(top section at 650 �C and 2 bar with a H2O/CH4 feed ratio

of 2.48), the required membrane area increases with 27%

(i.e. lower load-to-surface area) to achieve a similar reactor

performance, in terms of H2 production rate, H2 recovery,

CO selectivity and CH4 conversion, when using air instead

of pure oxygen.

In Fig. 4 the required membrane area to obtain complete

methane conversion at a fixed CO selectivity of 0.02 is

shown as a function of the operating pressure and tem-

perature for the hydrogen combustion configuration. An

increase in the reactor pressure has a twofold effect on the

reactor performance: a higher pressure negatively affects

the steam reforming reaction equilibrium, but increases the

driving force for hydrogen permeation through the mem-

branes. From the figure it is clear that the second effect

dominates and the required membrane area strongly

decreases when increasing the reactor pressure up to about

10 bar, after which the effect of the pressure levels off. An

increase in the temperature strongly decreases the required

membrane area due to its positive effect on the endother-

mic steam reforming equilibrium and the strong increase in

hydrogen permeance through the membranes. The operat-

ing temperature is currently, however, limited to about

700 �C for Pd-based membranes in view of membrane

stability/life time. For the methane combustion configura-

tion quite similar effects have been found and are not

shown in this paper.

The required membrane area to achieve (virtually)

complete CH4 conversion and a target CO selectivity (and

hence H2 recovery) is shown in Fig. 5 for the hydrogen

combustion configuration (at 750 �C and 20 bar). The

required membrane area increases with only 33% to reduce

the CO selectivity tenfold from 0.02 to 0.002. However, to

further decrease the CO selectivity, the required membrane

area strongly increases, especially at lower operating

temperatures (see Table 9). To decrease the CO selectivity

from 0.02 to 5 9 10-5 the required membrane area

increases with 120% at 750 �C, while at 650 �C the

required membrane area increases 10-fold! For the meth-

ane combustion configuration similar results were found,

but the CO selectivity is already much lower due to the

in situ steam generation.

Table 8 Hydrogen production, methane conversion and CO selectivity for the methane combustion configuration using air or pure oxygen

(T = 650 �C, p = 2 bar, H2O/CH4 = 2.48, u/umf = 3, O2/CH4 = 0.41)

O2 or air L/S m3/h m2 CH4 conversion CO selectivity Pure H2 production Pure H2 recovery

Air 0.42 0.99999925 0.0030 18908.67 99.85

O2 0.58 0.99999875 0.0030 18910.65 99.85

O2 0.42 1 0.0003 18951.64 99.99
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Finally, the reactor performance in terms of CH4 con-

version, CO selectivity and H2 recovery is plotted as a

function of the load-to-surface ratio (reciprocal to the

required membrane area) in Figs. 6 and 7 for different

temperatures and pressures for the methane combustion

configuration. Figure 6 clearly shows that for each tem-

perature and pressure investigated, complete CH4

conversion can be achieved with a load-to-surface ratio

below 1, while with a load-to-surface ratio above 100 the

equilibrium CH4 conversion is obtained and the extent of

hydrogen extraction via the membranes is too small to

affect the steam reforming equilibrium. With a load-to-

surface ratio below 0.6 complete CH4 conversion, maximal

H2 recovery and minimal CO selectivity can be realized.

However, a good compromise between reactor perfor-

mance and membrane investment costs is probably

achieved with a load-to-surface ratio of 1–6, with which

about 80% H2 recovery and over 90% CH4 conversion is

obtained. However, for this case the CO selectivity might

easily exceed 20%, so that a post-treatment of the retentate

might be necessary. Alternatively, higher H2O/CH4 ratios

could be used. For the hydrogen combustion configuration

the same trends as presented in Figs. 6 and 7 are found with

the exception of a much higher CO selectivity than with the

methane combustion configuration.

5 Conclusions

The reactor performance (CH4 conversion, CO selectivity,

H2 production rate) of two reactor concepts for autothermal

reforming of methane with integrated CO2 capture has

been compared with a phenomenological reactor model,

which was validated with experimental data. The required

load-to-surface ratios (reciprocal to membrane area) have

been determined at different operating conditions (pres-

sure, temperature and H2O/CH4 ratios). It was found that

with low H2O/CH4 ratios (\2) the methane combustion

concept (with pure oxygen, either fed directly or via oxy-

gen perm-selective membranes) largely outperforms the

hydrogen combustion concept (with oxidative sweeping),

due to the in situ steam production. However, at higher

H2O/CH4 ratios the hydrogen production is slightly higher

with the hydrogen combustion configuration, since it
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Fig. 7 CO selectivity and H2 recovery versus L/S. (Methane

combustion configuration, different pressures and temperatures
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Table 9 Membrane area versus the CO selectivity for different

temperatures. (Hydrogen combustion configuration, CH4 conver-

sion = 1, P = 20 bar, H2O/CH4 = 2, u/umf = 3, O2/CH4 = 0.39)

Temperature CO selectivity Membrane area m2

650 0.02 0.238

700 0.02 0.165

750 0.02 0.120

650 0.00005 2.362

700 0.00005 0.696

750 0.00005 0.262
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Fig. 6 CH4 conversion versus L/S. (Methane combustion configura-

tion, different pressures and temperatures H2O/CH4 = 2)
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avoids dilution with combustion products. At the H2O/CH4

ratio required for overall autothermal operation (1.24)

higher CH4 conversions and much lower CO selectivities

can be realized with the methane combustion configuration.

However, whether the methane combustion or hydrogen

combustion configuration is preferred depends strongly on

the economics associated with the H2O/CH4 ratio, i.e. the

costs for steam production/availability of (high pressure)

steam and the catalyst requirements to avoid carbonaceous

deposits. In addition, for the methane combustion config-

uration an additional costly high-temperature bottom

section with oxygen perm-selective membranes is required.
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