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Summary 

A new process design for pervaporatlon 1s described m which a composite membrane, conslstmg 
of a selective hydrophlhc toplayer and a mlcroporous hydrophobic sublayer, IS used [ 1 ] The feed 
mixture IS brought into contact wth the hydrophlhc layer At the permeate side of the membrane 
a permeate-absorbing liquid 1s brought into contact with the porous sublayer The driving force 
for this process IS caused by the thermal gradient that exists between the warm feed side of the 
membrane and the cold permeate side The restnctmg condltlon of this process design 1s that the 
liquid at the downstream side does not penetrate mto the pores of the hydrophobic membrane 

In this design, the equipment generally needed m conventional pervaporatlon processes to pro- 
duce a reduced pa&al pressure at the permeate side and to condense the permeatmg vapour 1s no 
longer necessary 

The performance of the membranes IS comparable to those m a conventional pervaporatlon 
process 

1. Introduction 

Pervaporation is a membrane process where a liquid is in direct contact with 
a dense polymer film (feed side) and in which the permeating product is re- 
moved as a vapour at the other side of this film (permeate side) by applying a 
reduced partial pressure. In most cases this reduced partial pressure is achieved 
either by creating a vacuum or by employing a carrier gas. 

Pervaporation can be used to separate liquids which are difficult to separate 
by distillation such as axeotropic mixtures and mixtures with close boiling 
points. Although some research is being conducted in the field of separations 
of hydrocarbons [2-51, most of the research is concentrated on aqueous/or- 
ganic mixtures [ 5-101. Especially for the dehydration of organic mixtures per- 
vaporation seems to be a promising technique [5-91. Within this field the 
separation of ethanol/water mixtures is the subject on which most of the re- 
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search has been focused [ 6-91. So far, the only commercial application of the 
pervaporation process is the dehydration of organic solvents, especially of al- 
cohols, using PVA membranes [ 11,121. 

The separation potential of pervaporatlon for mixtures of organic compo- 
nents and water as well as for non-aqueous organic mixtures is definitely prom- 
ising in spite of the fact that pervaporation is a relatively complex process 
compared to other membrane processes such as reverse osmosis. Rautenbach 
and Albrecht [ 3,4] state that the specific costs of pervaporation will always be 
high, because the process requires a heat transfer interface, since the evapo- 
ration enthalpy necessary for the phase change of the permeate has to be sup- 
plied, and secondly the modules must be designed for a low pressure drop at 
the permeate side, because the principle of pervaporatlon is very sensitive to 
varying permeate pressures. 

In this paper a new process design using a thermal gradient as the driving 
force is described which minimizes the disadvantages described above. 

2. Background 

Although thermally driven membrane processes are known for more than a 
century, it was less than 10 years ago before one of its representatives, mem- 
brane di.stzUatzoon, became of considerable interest. Membrane hstillation is a 
distillation process in which two aqueous liquids with different temperatures 
are separated by a microporous hydrophobic membrane. In this process the 
pores of the microporous membrane, which are not wetted by the liquid mix- 
tures at the feed side or the permeate side, act as a vapour phase. The vapour 
pressure difference dP,, resulting from the temperature difference LIT across 
the membrane, causes vapour molecules to be transported from the warm feed 
side to the cold permeate side. 

The transport mechanism of membrane distillation involves three steps. 
1 evaporation at the warm feed side of the membrane; 
2. transport of the vapour through the pores of the hydrophobic membrane, 
3. condensation of the vapour at the cold permeate side of the membrane. 

The separation mechanism of membrane distillation is based on the vapour- 
liquid equilibrium. If a solution of an morganic salt in water is used only water 
vapour will pass through the membrane. On the other hand, the selectivity of 
a solution of two (or more) volatile components is determined by the vapour- 
liquid equilibrium. This indicates the limited possibilities of membrane &stil- 
latlon for the treatment of solutions with several volatile components. Mem- 
brane distillation is not a real alternative for distillation, because it offers no 
advantages in difficult separation problems such as axeotropic mixtures. 
Therefore, the mam applications of membrane distillation deal with the pro- 
duction of pure water from aqueous solutions of inorganic material for instance 
the production of boiler feed water [ 131 and the desalination of sea water [ 141. 
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Peruuporutzoon processes are known since the beginning of this century, but 
similar to membrane distillation, the interest in this separation technique is 
of more recent date. The breakthrough for pervaporation came in 1982, when 
the German company GFT patented a composite membrane for the separation 
of aqueous mixtures of ethanol and started to commercialize the pervaporation 
process. 

In a pervaporation process, one side of a non-porous membrane is in direct 
contact with a liquid mixture, whereas the permeated product is removed from 
the other side of the membrane as a vapour. This is effectuated by keeping the 
partial vapour pressure at the permeate side below that of the liquid feed mix- 
ture. Although many different embodiments of pervaporation exist, most of 
them have in common that the reduced partial pressure is achieved by creating 
a vacuum or by employing a carrier gas. 

In vacuum operation only a small pressure loss can be allowed at the per- 
meate side, since an increase in partial downstream pressure directly mflu- 
ences flux and selectivity negatively. Therefore, vacuum operation is regarded 
as critical, since large apparatus volumes are necessary, leakage problems may 
appear, oxygen might diffuse into the apparatus which would lead to oxidation, 
etc. 

Application of a carrier gas downstream does not mvolve the problems of a 
vacuum apparatus. Nevertheless, the use of a carrier gas and a condenser is 
technically very costly and, moreover, because of the lower temperature level 
needed in the condenser, even partial recovery of the heat of evaporation needed 
for pervaporation is usually not possible. 

A reduced partial pressure at the permeate side can also be achieved by a 
temperature difference between feed side and permeate side of the membrane 
In literature this has been described by Aptel et al. in a membrane operation 
called “thmno-peruaporatzon” [ 51. The thermo-pervaporation apparatus es- 
sentially consists of a pervaporation membrane, which separates the hot liquid 
feed at the upstream side and a downstream compartment with a cold wall. 
The liquid permeating through the membrane evaporates, diffuses through the 
downstream compartment and condenses on the cold wall. The condensed per- 
meate is drawn off for storage in a container. The major disadvantage of this 
mode of operation IS the difficulty to maintain the vapour space at the down- 
stream side, resulting mevitably in high module costs. 

Very often it is difficult to assign a certain process to one of the three cate- 
gories described. For instance, the GFT process generates a low partial pres- 
sure by using a vacuum pump; then the pump is switched off and the reduced 
partial pressure is maintained by a condenser situated outszde the membrane 
stack. At regular intervals the pump is switched on to remove inert gases which 
hinder the diffusion of the permeating components. Although this system is 
sometimes called thermo-pervaporation, vacuum operation with a discontin- 
uous use of the vacuum pump is a more accurate description. 
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The transport mechanism of pervaporation essentially involves the follow- 
ing steps: 
1 selective sorption of components of a liquid mixture into the membrane at 

the feed side; 
2 selective diffusion through the membrane; 
3. desorption into a vapour phase at the permeate side. 

In contrast to membrane distillation, the selectivity of the pervaporation 
process is not determined by the vapour-liquid equilibrium of the liquid mix- 
ture, but by the solute-polymer interactions. The selectivity towards a liquid 
mixture IS determined by selective sorption into the membrane and selective 
diffusion through the membrane. Thus pervaporation can be used to separate 
organic liquids which are difficult to separate by distillation. 

3. Description of the thermally driven pervaporation process 

A new process design using a thermal gradient as the driving force has been 
developed. In this design a composite membrane consisting of a dense perm- 
selective hydrophilic toplayer and a hydrophobic microporous sublayer is used 
The warm liquid feed is brought in direct contact with the permselective top- 
layer and the cold permeate-absorbing liquid is brought in direct contact with 
the porous sublayer at the downstream side of the composite membrane (Fig. 
1). 

The ~FWZSJIOF~ mechunzsm of this pervaporation process essentially consists 
of the following five steps: 
1. selective sorption of components of a liquid mixture into the toplayer of the 

membrane at the feed side; 
2. selective diffusion through the toplayer of the membrane; 
3. desorption into a vapour phase at the interface of the selective toplayer and 

the microporous sublayer; 
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Fig 1 Pervaporatlon process usmg a thermal gradient as the dnvmg force 
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4. transport of vapour through the pores of the hydrophobic sublayer of the 
membrane; 

5. condensation of vapour at the downstream side of the membrane. 
In this process the first three steps are identical to the transport mechanism 

in a conventional pervaporation process which makes use of vacuum or carrier 
gas. Furthermore, step 4 and 5 of this mechanism resemble the last two steps 
of a membrane distillation operation. In fact all water selective membranes 
that have been developed for pervaporation processes in general can be used 
as a permselective toplayer m this specific pervaporation process and this spe- 
cific design is that a hydrophobic porous sublayer is necessary. However, hy- 
drophobicity of sublayer is not the factor which determines the feasibility of 
this pervaporation process. The only restriction is that the permeate-absorb- 
ing liquid at the downstream side of the membrane should n&penetrate into 
the pores of the porous sublayer. 

During steady-state operation the permeate-absorbing liquid at the down- 
stream side has the same composition as the permeate. Although it is not nec- 
essary that the permeate-absorbing liquid has the same composition as the 
permeate, it is preferable. Simple calculations show that the selectivity of the 
process alters in such a way that an equilibrium value of the composition of 
the permeate-absorbing liquid is pursued. 

The drzving force for this process is a vapour pressure difference which re- 
sults from the temperature difference across the membrane. In Fig. 2 the tem- 
perature profile and the corresponding vapour pressure profile across the com- 
posite membrane are given schematically. 

The transport of heat from the bulk of the feed solution to the membrane 
surface and from the membrane surface to the bulk of the permeate-absorbing 
liquid are both influenced by among others the temperature level, module pa- 
rameters and especially by the velocity of the flowing liquid. 

The heat needed for the evaporation of the permeate at the interface of the 
non-porous toplayer and the porous sublayer of the membrane has to be sup- 
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plied by the liquid feed. In the same way the heat of condensation is directly 
supplied to the permeate-absorbing liquid. Similar to membrane distillation, 
both evaporation and condensation of the permeating components worsen the 
effect of temperature polarization [ 131. 

Heat transfer by conductance through the porous sublayer has a lower value 
than the heat transfer by conductance through the non-porous toplayer. Be- 
cause of the high porosity of the sublayer (in case of Accurel membranes the 
overall porosity is ca. 80% ), this layer acts as a thermally insulating layer. The 
effect of the heat transfer by conductance can be illustrated by means of a 
resistance model as given in Fig. 3. 

The heat resistance is given as the membrane thickness divided by the ther- 
mal conductivity, &,/&. The heat resistance of the porous sublayer can be 
calculated by means of the following formula: 

(1) 

Knowing that Iz,,, = 0.02 W/m- ’ C and kpp = 0.18 W/m- ’ C it can be calculated 
that ksub has a value of about 0.05 W/m-“C. Comparing this value with the 
value of the thermal conductivity of the swollen toplayer ( hop=0 40-0.45 
W/m- ‘C ) and considering that the sublayer is much thicker than the toplayer, 
it is evident that the heat resistance of the porous sublayer is much higher. For 
example, if the thickness of the porous sublayer is 100 pm and the thickness of 
the toplayer is 10 pm, it can be calculated that the heat resistance of the porous 
sublayer is about 80 times the heat resistance of the swollen toplayer. Because 
no accumulation of heat occurs, the heat flux through the toplayer is equal to 
the heat flux through the sublayer. Therefore, the temperature difference across 
the sublayer IS about 80 times higher than the temperature difference across 
the toplayer. 

This phenomenon is very favourable for the separation mechanism of the 
membrane operation under study In Fig. 2b the partial vapour pressures of 
the components across the membrane are given. These partial vapour pres- 
sures are given by the temperatures of the feed solution and the permeate- 

Fig 3 Heat resxhance model 
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absorbing liquid respectively. Because the transport of the vapour through the 
porous sublayer is much faster than the transport of the liquid through the 
non-porous toplayer, it can be concluded that the vapour leaving the non-po- 
rous toplayer is immediately drawn away and transported through the pores 
of the sublayer. This results in a rather flat vapour pressure profile across the 
porous sublayer, whereas the profile across the toplayer is very steep. 

Comparing the temperature profile and the vapour pressure profile it can be 
concluded that condensation of permeate will not take place inside the pores 
of the sublayer, because the vapour pressure at any point m the porous sublayer 
is lower than the maximum vapour pressure given by the local temperature. 
Furthermore, the flux and selectivity are determined by the vapour pressure 
difference across the toplayer of the membrane. If this vapour pressure differ- 
ence increases, then both flux and selectivity will increase. 

The major advantage of this thermally driven pervaporation process over 
conventional pervaporatlon processes is that the membrane process as a whole 
can be simplified because of the substantially simpler process design. There- 
fore, the equipment costs will be lower. Furthermore, specific advantages of 
this thermally driven pervaporatlon process are that the transfer of latent heat 
of vaporization to the evaporation surface (the membrane) is an integrated 
part of the process, partial recovery of the heat of condensation is possible 
when the process is conducted in counter-current flow and the process is no 
longer sensitive to downstream pressure losses. 

A dzmduantuge of this new mode of pervaporatlon compared to conventional 
pervaporatlon systems is that the permeate-absorbing liquid should not pen- 
etrate into the pores of the porous sublayer. This means that the permeate- 
absorbing liquid must have a surface tension which is higher than a critical 
surface tension for penetration [ 151. In practice, this means that only aqueous 
solutions or solutions of DMSO can be used as a permeate-absorbing liquid if 
polypropylene membranes are used. Furthermore, fluxes are generally lower 
as compared to vacuum pervaporatlon due to the relative high partial pressure 
on the downstream side of the membrane. 

A typical field of application for thermally driven pervaporation is dehydra- 
tion of organic liquids with a low water content. To prevent wetting of the 
porous membrane layer by the permeate, the dense toplayer must have a high 
intrinsic selectivity towards water. Dehydration of mixtures of ethanol/water 
or acetic acid/water are the best known examples of mixtures that can be sep- 
arated by this process. 

4. Experimental 

In our investigations, both flat and capillary hydrophobic microporous pol- 
ypropylene membranes (Accurel, obtained from Enka AG) with an average 
pore size of 0.2 ,um were used as sublayer. The flat membranes have a thickness 
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of about 160 p and the capillary membranes (type R 5/l, inner diameter of 
1.2 mm) have a thickness of about 300 pm. 

Three polymers have been used for the dense toplayer: cellulose acetate 
(Eastman CA 398-3-5 ) , polysulfone (Union Carbide P 3500) and poly (vmyl 
alcohol) (Aldrich, MW = 126,000, degree of saponification: 98% ). CA and PSf 
were dissolved in a suitable solvent of analytical grade. Using method 3 for the 
production of the composite membrane (see below ) , CA was dissolved in DMSO 
(dlmethylsulphoxide). PVA was dissolved in ultrafiltered water. 

In our investigations the following four methods to deposit a selective layer 
onto a microporous membrane have been used: 
1. casting of a polymer solution onto a glass plate and subsequent evaporation 

of the solvent; 
2. casting of a polymer solution onto a glass plate and subsequent coagulation 

in a non-solvent bath; 
3. casting of a polymer solution onto the microporous sublayer directly; 
4. dipcoating (“evaporation-deposition” method [ 161) . 

In the first and second method the remaining homogeneous film is sand- 
wiched with the microporous Accurel membrane to form a bi-layer membrane, 
which is clamped into the pervaporation cell. 

In the third and fourth method a polymer is dissolved m a solvent, which 
does not wet the microporous sublayer. In our investigations DMSO and water 
were used as solvents. In the “evaporation-deposition” method, the polymer 
solution is brought into contact with one side of the microporous membrane 
and a low partial pressure (vacuum or carrier gas) is applied at the other side. 
In this way evaporation of the solvent through the pores of the polymer takes 
place. After a certain time the redundant polymer solution is removed, leaving 
a deposited polymer film on the microporous sublayer. 

The composite membranes were tested using both a conventional pervapor- 
ation cell (Fig. 4) and a cell suitable for thermally driven pervaporation (Fig. 
5). 

In the experiments with flat membranes, the bottom disk of the permeation 

~xporatton apparatus 

stopcock 

o cold trap 

bpermeatbon cell 

t to vacuum pump 

Fig 4 Conventional pervaporatlon apparatus (a) pervaporatlon apparatus, (b 1 permeation cell 
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cell is fitted with porous glass (0.1 m in diameter) to support the membrane. 
A teflon gasket is placed on the membrane before the upper part of the cell is 
matched. The whole unit is tightened by means of a sovirel clamp. A heating 
coil is placed into the upper compartment to adjust a preselected temperature 
and to keep the temperature of the liquid feed constant. A mechanical stirrer 
was used to minimize the effects of temperature and concentration polariza- 
tion. A thermometer is placed in the cell to determine the temperature of the 
liquid feed. 

Capillary membranes were fixed into a glass module with a length of 0.25 m 
and coated on the inside with a dilute PVA solution in water by means of the 
“evaporation-deposition” method. After drying, the module was given a heat 
treatment (30 min at 130’ C ). 

The permeation cell or the module is connected to two cold traps in parallel. 
This makes it possible to take samples at any time without interrupting the 
permeation run. Vacuum at the downstream side is maintained at a pressure 
less than 100 Pa by a Crompton Parkinson vacuum pump. The pressure is 
measured by an Edwards Pirani gauge. 

Permeation experiments were carned out for eight hours. After about three 
hours steady state conditions were reached. A product sample is taken at least 
every hour. 

The apparatus that is used for the thermally driven pervaporation expen- 
ments is given in Fig. 5. In this mode of operation the feed mixture is kept at 
a constant temperature in the reservoir that is placed in thermostat 1. The 
total volume of the feed side is about three litres. Iwakl MD 6-Z magnet pumps 

flux measurement 
I 

8 

cross-flow cell 

I c 

permeate lwp 

thermostat2 

Fig 5 Thermally dnven pervaporatlon apparatus. 
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are used to pump the liquids along the membrane at feed and permeate side 
with a constant crossflow velocity. Temperatures are measured by means of 
thermocouples. The feed mixture is pumped back to the reservoir and reclr- 
culated agam. The depletion of the feed as a result of the flux through the 
membrane is supplied by the feed supply vessel. 

At the permeate side a cooling coil is used mstead of a reservoir, thus leading 
to a total volume at the permeate side of about 300 ml. The flux is measured 
by means of an overflow measurement. During the period that no flux is mea- 
sured the overflow point is connected to the feed supply vessel. In this way the 
depleted ethanol/water mixture is recirculated. 

In the experiments, m which flat membranes were used, a crossflow cell is 
used, the dimensions of the cell at both feed and permeate side being 200 x 50 x 5 
mm (length x widthx depth). The membrane is placed in the cell m such a 
way that the selective layer of the membrane 1s m contact with the feed. In this 
cell the membrane is supported at both sides by a wire-netting with meshes of 
about 5 mm. Because this process is conducted without any pressure differ- 
ence, this construction provides a sufficient support. The crossflow velocity at 
both sides of the membrane is approximately 0.2 m/set. 

In the experiments with capillary membranes the modules were used dl- 
rectly. The feed is pumped through the bore of the capillaries with a crossflow 
velocity of about 0 4 m/set; at the shell side a crossflow velocity of about 0.2 
m/set is maintained. 

In both cases the feed mixture and the permeate mixture are pumped m 
counter-current flow through the pervaporation cell. 

5. Results and discussion 

Although pervaporation experiments with a thermal gradient as a driving 
force provide a good alternative for dehydration of an alcohol rich feed side, 
they are not a “laboratory-friendly” method of pervaporatlon, because the ex- 
periments are very time-consuming. In our experiments, the experimental con- 
ditions were chosen in such a way that the feed concentration hardly changed 
during the experiment and that the permeate concentration was measured as 
a function of time of operation. Once again it must be stated clearly that in 
this mode of pervaporation the concentrated feed is the desired product and 
that our laboratory conditions do not resemble the industrial type of applica- 
tion. If the experiments were performed with a changing feed concentratron, 
the assessment of flux and selectrvity would have been nearly impossible within 
a reasonable time scale. 

With a constant feed concentration and assummg a constant composition 
of the permeatmg vapour, the downstream side of the membrane can be con- 
sidered as a continuous stirred tank reactor [ 171. Consequently, the concen- 
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tration at the downstream side reaches a steady-state value according to the 
following exponential function, 

Ct=C*(l-exp-(J*t/p”)) (2) 

The total permeation yield (expressed by JAt/p) must be about five times the 
permeate volume V to reach the steady-state value C* within 1%. As the per- 
meate volume is about 300 ml, the total permeation yield should be about 1500 
ml. With a flux of J of about 0.1 g/m2-set and a membrane area A of 80 x 10e4 
m’, it takes about 500 hr to reach a steady state value! Therefore, only a few 
experiments were carried out with the pervaporation process using the thermal 
gradients as the driving force. The results are given in Table 1. 

The first experiment was performed with a sandwich-membrane prepared 
by the first method. In this case only one temperature difference has been 
investigated. The flux was 0.033 g/m2-set and the selectivity 2.4. If these re- 
sults are compared with a conventional pervaporation experiment of the same 
membrane (J= 0.095 g/m2-set and a! = 6 0), the thermally driven pervapora- 
tlon process seems rather unattractive. However, it must be realized that the 
conventional pervaporation is carried out at a low pressure at the permeate 
side ( < 100 Pa) and that the thermally driven pervaporation process was car- 
ried out at a low temperature and at a low temperature difference. In large- 
scale applications of the conventional pervaporation process the downstream 
vacuum will be higher (thus giving a lower flux and selectivity) and the feed 

TABLE 1 

Pervaporatlon expenments usmg a thermal gradient 

Exp Prepara- Polymer/ 
nr tlon solvent 

method 

Ethanol Re Re Temp Temp dT Flux J Selectl- Thxkness 
m feed feed perm feed perm (“C) (g/m’-set) vlty selectwe 
(wt%) (“C) (“C) a! layer 

WI 

1 1 CA/acetone 35 680 880 27 0 19 0 80 0033 24 30 
2 2 PSf/DMAc 35 930 1580 375 210 165 0004 100 

coagulated m 
lsopropanol 

3 3 CA/DMSO 35 730 930 29 2 208 84 0055 24 10 
4 35 1000 1160 387 23 3 154 011 35 
5 35 1200 1370 478 25 2 226 017 48 
6 35 1250 1530 486 404 82 0105 22 
7 3 CA/DMSO 35 730 930 29 3 23 5 58 010 19 5 
8 930 1140 375 26 1 114 019 28 
9 700 1440 46 2 294 168 030 40 

10 4 PVA/water 82 560 1030 67 0 22 5 445 0095 65 
11 80 570 1600 670 43 5 235 0070 55 
12 4 PVA/water 82 560 1160 665 22 5 440 0050 105 
13 81 570 1720 680 425 25 5 0042 90 
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temperature and temperature difference of the thermally driven pervaporatlon 
process will be higher (resulting in a higher flux and selectivity). 

In experiment 2 it is demonstrated that besides homogeneous films as the 
selective layer also asymmetric films can be used. In this experiment as asym- 
metric polysulfone membrane is sandwiched with a microporous Accurel mem- 
brane. A separation factor of 10 is achieved with a flux of 0.004 g/m’-sec. 

The effect of the temperature and the temperature difference can be seen d 
experiments 3-6 are compared. If the temperature difference increases both 
flux and selectivity increase (see experiments 3-5). Comparing experiments 3 
and 6 it IS shown that in the latter case the flux is higher because of the higher 
temperature, whereas the selectivity is about the same. Because the vapour 
pressure at the permeate side is higher, the driving force across the selective 
layer is lower. This is analogous to conventional pervaporation experiments 
where both flux and selectivity decrease when the partial vapour pressure at 
the permeate side of the membrane is increased [ 181. 

Comparing experiments 3-6 with experiments 7-9, it can be seen that the 
flux through the membrane is increased by a factor 2 when the thickness of 
the selective layer is reduced by the same factor. It appears that in both cases 
the selectivity is mainly influenced by the temperature difference. These ob- 
servations are an indication that the main resistance for transport through the 
membrane is formed by the selective layer which is in agreement with the 
transport mechanism proposed earlier. 

Some results obtained with the “evaporation-deposition” method are listed 
m Table 1 (experiments 10-13). The phenomena, that were observed for the 
CA membranes, can also be seen for the PVA membranes. 

From these results it can be concluded that the best results are obtained with 
a high feed temperature and a large temperature difference across the mem- 
brane. The temperatures for the thermally driven pervaporation process should 
be in the range of 70-100°C for the feed side and m the range of 20-50°C for 
the permeate side in order to achieve an optimal process performance. 

Comparison of the results of the thermally driven pervaporation with the 
results of the conventional pervaporation, listed in Table 2, shows that both 
flux and selectivity of the latter mode of operation are higher for the CA mem- 
branes. This difference can be explained by the fact that the partial vapour 
pressure at the permeate side in the conventional mode of operation is as low 
as 100 Pa, whereas the vapour pressure in the thermally driven pervaporation 
is determined by the temperature of the permeate. For instance, a solution of 
20 wt.% ethanol m water at 20°C has a vapour pressure of about 4000 Pa; at 
30” C the vapour pressure is about 7500 Pa. The flux and selectivity of a con- 
ventional pervaporation process decreases also when the partial vapour pres- 
sure at the permeate side is raised [ 4,181. For PVA membranes it is observed 
that the flux in the thermally driven pervaporation operation is lower than the 
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TABLE 2 

Conventional pervaporation resulta (downstream pressure < 100 Pa) 

Exp Prepara- 
nr tion 

method 

Polymer/ 
solvent 

Ethanol Re Temp Flux J(g/ Select+ Remarks 
m feed feed feed m2-set) WtY 
(wt%) (“C) (Y 

14 1 CA/acetone 35 500 23 0 0 095 

15 1 CA/DMSO 35 500 23 0 022 
16 4 PVA/water 79 440 500 0 105 
17 79 490 59 0 0 18 
18 79 580 680 0 27 
19 4 PVA/water 81 430 490 004 
20 81 480 59 0 0 065 
21 80 570 670 0 09 

60 (see exp 1) 
70 6=8pm 

45 (same 
35 membrane as 
30 exp lO/ll) 
55 (same 
47 membrane as 
40 exp 12/13) 

flux in the conventional type. The selectivity, however, is higher. These latter 
results cannot be explained directly from the separation mechanism. 

Because the partial vapour pressure at the permeate side in a commercial 
mstallation will be in the range of 103-lo4 Pa, the differences in flux and se- 
lectivity between conventional and thermally driven pervaporation will be- 
come smaller. 

In our investigations the crossflow velocity was chosen in such a way that 
the effect of temperature polarization is kept as low as possible. The effect of 
the crossflow velocity on the flux and the selectivity was measured in mem- 
brane distillation experiments [ 191. From these experiments it appeared that 
an effect of temperature polarization occurred, which was more severe if the 
crossflow velocity was lower. A lower crossflow velocity results in a lower Rey- 
nolds number, thus hindering the heat transfer from the bulk of the solution 
to and from the membrane surface. As a result the temperature at the mem- 
brane surface will be lower at the feed side and higher at the permeate side, 
thus reducing the driving force for pervaporation. 

The crossflow velocity also determines the axial temperature drop (respec- 
tively rise) in the module. In our investigations the temperature difference 
between the mlet and outlet feed (respectively permeate-absorbing liquid) al- 
ways was lower than 1 ‘C. The temperatures that are given in the tables are 
mean temperatures. Although the effect of the temperature drop (respectively 
rise) is not investigated in this study, its effect is very important for the com- 
mercial application of thermally driven pervaporation. Only if a distinct dif- 
ference occurs between inlet and outlet temperature, recovery of most of the 
heat of condensation and heat losses due to conductance is possible when the 
process is conducted in counter-current flow [ 131. 

A phenomenon which should be avoided in membrane distillation is wetting 
of the microporous hydrophobic membrane [ 151. If only some of the pores of 
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the membrane are wetted during membrane distillation, a leak occurs which 
immediately spoils the permeate quality, especially if a high product quality is 
desired (e.g. ultra pure water). 

Wetting of a few pores by the permeate-absorbing liquid does not affect the 
process in case of thermally driven pervaporation. In fact, the only effect is a 
volume reduction of the vapour “compartment” Only if severe wetting of the 
microporous sublayer occurs (e.g. more than 50% of the pores in the micro- 
porous sublayer being wetted), an effect on the flux and selectivity might be 
measured. 

Nevertheless, care should be taken that a maximum allowable concentration 
of the organic component in the permeate-absorbing liquid is not exceeded. 
For ethanol/water mixtures the maximum allowable concentration at the per- 
meate side for Accurel membranes is approximately 40 wt.% ethanol [ 151. 

6. Conclusions 

Thermally driven pervaporation provides a simple and effective mode of 
pervaporation, which is especially suitable for the dehydration of aqueous/ 
organic mixtures. Furthermore, the selective layer must have a high selectivity 
towards water in order to avoid wetting of the porous sublayer by the permeate- 
absorbing liquid. The membranes that were used in our investigation do not 
yet fit the requirements of a commercial application of thermally driven per- 
vaporation and were merely used to demonstrate the possibilities of the pro- 
cess. The performance of the membranes is comparable to those m a conven- 
tional pervaporation process. 
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